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ABSTRACT OF THE DISSERTATION

Scale-up Characteristics of Salinity Gradient Power Technologies
by

Benjamin Jacob Feinberg

Doctor of Philosophy in Civil Engineering
University of California, Los Angeles, 2014

Professor Eric M. V. Hoek, Chair

Salinity gradient power (SGP), the controlled mixing of streams with different salinity, is
a potential route for clean and renewable base-load power generation. The two most popular
forms of SGP production, pressure retarded osmosis (PRO) and reverse electrodialysis (RED),
have received renewed research interest in recent years. While previous modeling work has
focused on the application of simple mathematical models to these processes, in order to
accurately predict process performance on scale-up, robust models must be developed. The
objective and focus of this dissertation is to understand through mathematical modeling the
practical performance that can be achieved in PRO and RED as the technology transitions from
the laboratory scale to full-scale implementation.

First, the thermodynamics of mixing are discussed for both PRO and RED, with the
intrinsic differences highlighted for each process. Using simple thermodynamic models, the
integration of PRO and RED with reverse osmosis (RO) is discussed as a method for reducing

the specific energy consumption (SEC) of seawater desalination. This “osmotic energy
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recovery” (OER) is evaluated in a seawater RO plant that includes state-of-the-art RO
membranes, plant designs, operating conditions, and hydraulic energy recovery (HER)
technology. We assume the use of treated wastewater effluent as the OER dilute feed, which may
not be available in suitable quality or quantity to allow operation of the coupled process. A two-
stage OER configuration could reduce the SEC of seawater RO plants to well below the
theoretical minimum work of separation for state-of- the-art RO-HER configurations with a
breakeven OER capital expenditure (CAPEX) equivalent to 42% of typical RO-HER plant cost
suggesting significant cost savings may also be realized. At present, there is no commercially
viable OER technology; hence, the feasibility of using OER at seawater RO plants remains
speculative, however attractive.

In order to probe scale up characteristics of SGP, a process model has been developed
for PRO accounting for full-scale system losses such as viscous dissipation, external mass
transfer and equipment efficiency. Also, an existing model for RED is adapted to account for
analogous full-scale systems losses. We project practical power densities and process
efficiencies. The projected power density for PRO (using best available membranes) is much
lower than generally predicted by extrapolation of experimental data. For example, a power
density of 5 W/m” extrapolated from laboratory experiments actually yielded negative power at
full-scale. Hydraulic energy recovery device (HER) efficiency doubles the maximum power
density for HER efficiency increase from 90% to 99%. Furthermore, the operating pressure, load
voltage, and crosstflow velocities typically applied in laboratory studies appear much too high to
be practical in full-scale PRO and RED systems. RED systems should be designed with
relatively short lengths compared to PRO. For both processes, energy efficiency does not occur

at thermodynamic equilibrium due to hydraulic losses. Finally, maximum power density appears
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an inadequate parameter for assessing full-scale PRO/RED process feasibility because both
processes could produce the same maximum power density, but different power outputs and
efficiencies with different system sizes.

While there has been a significant amount of laboratory work focused on improving
membrane performance in PRO, there has been little emphasis on developing novel PRO process
configurations that might dramatically improve overall process performance. Here, we introduce
a novel PRO configuration and apply the developed process model in order to evaluate the
performance of the process. This “staged” configuration has the potential to dramatically
improve the performance of PRO with up to 33% higher water flux over the standard PRO
configuration. In this new arrangement, intermodule hydroturbines are placed strategically in
order to modulate the applied pressure over the length of the system. The additional
hydroturbines match the applied pressure to the optimum flux condition over each segment and
substantially increase the total water recovery. The impact on energy efficiency is significant for
some mixing regimes, with seawater-river water and brine-river water mixing corresponding to
efficiency increases from 31% to 44% and 34% to 50%, respectively, versus the standard PRO
configuration. Of course, performance improvements must be considered in light of the increased
capital costs arising from the additional hydroturbines.

Finally, the PRO process model is integrated with cost data in order to determine the
change in energy production cost with system size. Since existing cost correlations from the
literature are often outdated, new correlations have been developed for each plant component by
contacting suppliers and manufacturers. Linking these correlations with power output data,
energy cost has been evaluated under different operating conditions and with membrane

properties. The results suggest that there is still significant room for improvement in membrane
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design in order to further reduce the cost of PRO. Furthermore, from an economic perspective,
brine-river water mixing appears to be a much more promising mixing regime than seawater-

river mixing.
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1 INTRODUCTION



1.1 General introduction

The need for renewable, environmentally benign energy is widely recognized, and hence,
massive efforts are being exerted globally to develop new ’green energy’ sources including:
wind, solar, geothermal, biomass, ocean thermal, wave, and tidal. Interest in renewable energy
stems from both the perceived supply-side risk of the fossil fuels energy supply and the potential
environmental impact of fossil fuel extraction, processing, and use [1]. Furthermore, increasing
awareness of climate change has prompted extensive research into technologies that do not emit
greenhouse gases through combustion. Still, potential drawbacks to many forms of renewable
energy include intermittency (i.e. many technologies provide a variable output and must include
some form of energy storage) and high cost.

Salinity gradient power (SGP) is the power available from mixing two aqueous solutions
of different salinities, such as river water and seawater. The global estimated production
potential for SGP is significant, and has been estimated at 1.4-2.6 TW [2, 3], a value derived
from the mixing of major rivers with seawater. Of course, while it is impossible to practically
recover all of this energy, there has been a significant and focused research effort to develop the
technology to exploit the energy from mixing. In 2009, a Norwegian utility called Statkraft
revealed the first demonstration of a 10kW salinity-gradient power plant [4]. While Statkraft has
since abandoned the SGP program, their work highlights the scale of the development effort.

Importantly, salinity gradient power is not intermittent in nature and has the ability to
function continuously, supplying constant output power. Different techniques exist for the
recovery of energy from the mixing of varied salinity flows. These technologies include reverse
electrodialysis (RED) [4-6], pressure retarded osmosis (PRO) [7, 8], capacitive mixing [9, 10],

and mixing in ion selective nano-channels[11]. Recently, a microbially-assisted RED process has



been developed that simultaneously treats wastewater, produces desalinated water, and generates

electricity[12, 13].

1.2 Background and related research
Much of Sections 1.2 and 1.3 is taken directly or modified from a published journal article for
which I am listed as a co-author. Further details are included in the Acknowledgments section at

the beginning of this dissertation.

1.2.1 Salinity gradient power fundamentals

1.2.1.1 Free energy of mixing

If two solutions with different molecular compositions are brought into contact, they will
spontaneously mix, and the difference in free energy upon mixing of two solutions is the sum of
the chemical potentials of the original, unmixed solutions minus the chemical potential of the
final mixture. Assuming constant pressure and temperature, the free energy of mixing is

(1.1)

AG,, = 2RT(CC A Gl 2 lnwj

c +c,o c +c,o

where R is the universal gas constant, 7" is temperature, /' is volume, ¢ is concentration,
subscripts ¢ and d refer to the concentrated and dilute solutions, respectively, and ¢=V,/V. is
the dilution ratio. This equation implies that more energy is released from the mixing of solutions
that exhibit a larger concentration difference, and that linear changes in concentration do not

result in a linear change in the free energy of mixing.



1.2.1.2 Pressure-retarded osmosis

The two most prominent forms of SGP include pressure-retarded osmosis (PRO) and reverse
electrodialysis (RED). These technologies are theoretically the reverse of two very common
water treatment tecnhnolgoies, reverse osmosis (RO) and electrodialysis (ED) desalination.
Originally developed in the 1970s [14, 15], in PRO water molecules diffuse across a membrane
from a high chemical potential (dilute) solution into a pressurized, low chemical potential
(concentrated) solution. The concentrated solution, which now comprises the original
concentrated solution flow as well as the permeate flow, is passed through a hydroturbine in

order to generate electricity. Figure 1.1 depicts the PRO process as typically envisioned.

Generator

Augmented stream,

Q+Q,

High pressure, high
salinity draw stream, Q

Turbine >

Brackish stream

L )

)

Brackish stream

Low pressure, low
salinity feed stream, 2Q Membrane module

Figure 1.1 Schematic representation of the PRO process.

1.2.1.3 Reverse electrodialysis

In RED, alternating concentrated and dilute streams are separated by ion exchange membranes.
Diffusion of counter-ions across theses ion exchange membranes occurs due to the concentration
difference across each membrane. This ionic flux across membranes is converted into an electron
flux at electrodes, and power is dissipated through an external load. An RED stack consists of

many pairs of low concentration and high concentration flow channel pairs separated by anion



and cation exchange membranes. Figure 1.2 depicts the RED process as it is typically

envisioned.
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Figure 1.2 Schematic representation of the RED process.

1.2.2 Governing equations

1.2.2.1 PRO
The driving force for water flux (osmosis) in PRO is the chemical potential difference across a
semipermeable membrane. Assuming an isothermal system, the water flux is correlated to the

driving force (osmotic pressure difference across the membrane, Ar =2RT (c. —c,)) minus the

applied hydraulic pressure difference (AP), multiplied by the water permeability value for the
membrane itself (4) [14, 15], i.e.
J,=A(Ar—AP). (1.2)
In Eq. 1.2, the applied pressure diminishes the driving force for water flux across the membrane,
hence the terminology pressure retarded osmosis.
In an ideal sense, the power generated from the hydroturbine is the permeate flow
multiplied by the applied pressure. The power density, that is the power generated per unit of

membrane area, is therefore



W =J, AP =A(Am — AP)AP . (1.3)
Note that this power density does not take into account inefficiencies in equipment or viscous
dissipation. Through a simple differentiation of Eq. 1.3 with respect to AP, the maximum power

density achievable can be calculated as

wo=Aar (1.4)
max 4

It is clear from Eq. 1.4 that the maximum power density is a function of only the osmotic
pressure difference between the two solutions and the membrane hydraulic permeability. While
the maximum power density of the process can be most dramatically improved by increasing the
concentration difference between the dilute and concentrated solutions, the membrane
permeability remains a critically important design parameter with significant impact on process

performance.

1.2.2.2 RED

While the goal of both PRO and RED is to recover energy from the mixing of two solutions of
different molecular composition, the operating principle of each is decidedly different. While
PRO is a hydraulic process involving the diffusion of water molecules (J,) across a
semipermeable membrane, RED is an electrochemical process which depends on ion diffusion
(J,) [16]. Still, the governing equations are direct analogues, albeit here the driving force can be
defined as the potential difference across the membranes (AE), instead of the osmotic pressure

difference, as follows

In—= (1.5)



where o is the ion exchange membrane permselectivity (i.e. the relative preference for counter-
ions), and F is the Faraday constant relating electron flux to ion flux. Note that Eq. 1.5 refers to
the total driving force across two membranes and therefore includes a factor of 2 to represent one
“cell pair” accounting for both dilute and concentrated flow channels. Many cell pairs can be
placed in parallel to form a larger stack, and the total potential difference is then multiplied by
the number of cell pairs. The load voltage (AV), analogous to the hydraulic pressure in PRO, is

the product of the ion flux (J,) times the load resistance (R,,,), i.e. AV =R, ,J F . The salt flux

can be determined through

J, = K(AE—AV) (1.6)
where K is the membrane conductivity for salt ions and can be defined as K =1/R, ,F , where
R, 1s the stack resistance. The stack resistance,

h. h
Rsmck = Ruem + Rcem +—+ —* + Relectr()de (1 7)
Kc Kd

is the sum of the anion exchange membrane resistance (R,.), the cation exchange membrane
resistance (R..n), the two channel resistances where h,is the dilute feed channel height, £ is the
concentrated feed channel height, k. the concentrated feed conductivity, and «, the dilute feed
conductivity. As with the potential difference, stack resistance scales with the size of the stack
(i.e. the number of cell pairs). Electrode resistance, Rejecirode, 15 typically assumed to be negligible
for a stack containing a large number of cell pairs. As with PRO, the power density is a simply

the flux multiplied by the load (here voltage instead of pressure),



1
W= R (AE-AV)AV (1.8)

stack

and the maximum power density can be calculated as

2
Woar = 5 Rl AX (1.9)

stack

through a simple differentiation of the power density equation. Note that in Eq. 1.9 we divide by

a factor of 2 to account for the two membranes in one cell pair.

1.2.3 Mass transfer limitations

1.2.3.1 PRO

While increasing the osmotic pressure difference is an easy route to improving power density,
mass transfer limitations such as concentration polarization (CP) lead to decreased mixing
efficiency. While external CP is certainly present in RO and other membrane-based processes,
PRO uniquely exhibits both external and internal CP phenomena. The external CP manifests
itself as ‘dilutive external CP,” whereby water flux across the membrane dilutes the interface
concentration in the concentrated solution, reducing the overall driving force for permeation.
This effect is the opposite to what is observed in RO, where the interface concentration in the

concentrated solution is heightened relative to the bulk concentration.

On the other hand, internal CP occurs due to the diffusion of salt into the dilute solution
from the concentrated solution (‘salt leakage’), as well as accumulation of rejected salt at the

dilute-side membrane interface [17, 18]. The structure of PRO membranes heightens the impact



of internal CP, which were developed using similar methods employed in RO membrane
fabrication. To form these thin film composite (TFC) membranes, a very dense, highly rejecting
polyamide active layer (~100 nm) is grown on a porous, ultrafiltration membrane support (~50
microns). The dense surface layer of the ultrafiltration support membrane precludes rapid
diffusion of accumulated salt at the dilute-side active layer interface into the bulk. Figure 1.3
depicts internal and external CP as they apply to a PRO membrane with the active layer facing

the concentrated solution (draw).
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Figure 1.3 Schematic drawing illustrating internal and external concentration polarization when
an asymmetric membrane is used for pressure retarded osmosis.

Applying film theory, the actual osmotic pressure difference across the membranes can be

defined as [7, 17]

ol 7))
cb’cexp K - ch’dexp 7
AT =2RT(c, ,~c, ,)=2RT (1.10)

B J.S
1+ —| exp| = |—1
J, D




where k is the mass transfer coefficient, B is the salt permeability coefficient, an intrinsic
membrane property, k is the mass transfer coefficient, D is the diffusion coefficient for salt, S is
the structure factor, and subscript b and m refer to the bulk and membrane interface conditions,
respectively. The structure factor is a property of the porous ultrafiltration support of the

membrane, and can be defined as
S=— (1.11)
€

where € , 7 and ¢ are the porosity, tortuosity, and thickness of the support membrane,
respectively. Since the structure factor increases the effective diffusion path length for salt and
water, a significant amount of research work has been conducted in order to reduce this
membrane parameter [18] In film theory as applied in Eq. 1.10, the external mass transfer
coefficient is used to relate bulk concentration to membrane interface concentration. The value of
this coefficient varies depending on channel dimensions and flow conditions, but here we assume
an RO like configuration (spacer filled channel), and use the following correlation [19] which

was developed using a computation fluid dynamics approach

k =0.46(ReSc)"° dB . (1.12)

h

Here Sc is the Schmidt number (the ratio of viscous diffusion to molecular diffusion forces), Re
is the Reynolds number (the ratio of inertial forces to viscous forces), and d, is the flow channel
hydraulic diameter. Reynolds number itself is a function of the fluid velocity, and therefore
increased crossflow velocity will increase the mass transfer coefficient, and decrease the degree

of external concentration polarization. Similarly, reducing the channel hydraulic diameter
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through decreasing the channel height will also improve mixing within the flow channel. Of
course, in a real process, there is a tradeoff between optimization of the mass transfer coefficient

and reduction of viscous dissipation in the flow channel.

1.2.3.2 RED
As with PRO, concentration polarization is a major source of process inefficiency in RED. The
membrane interface concentration can be related to the bulk concentration through

¢, =c,tJ [k, where subscripts b and m refer to the bulk and membrane interface conditions,

respectively. Therefore, the real potential difference, accounting for concentration polarization,

can be written as

O!Rng c,—J, 1k

AE=2 n .
F c,+J, 1k

(1.13)

While losses such as co-ion transport and electro-osmosis have been found to have limited
impact on process efficiency, especially at higher current densities [20], other losses significantly
reduce the power densities achievable in RED. These other effects include spacer effects,
electrode losses, and multivalent ion effects. Spacers are used to maintain constant flow channel
height as well as to limit the impact of concentration polarization by promoting mixing.
However, the presence of spacers in the flow channel also promotes increased viscous
dissipation. Furthermore, spacers can interfere with the transport of ions through the membranes,
reducing the effective surface area for ion diffusion. Previous work has shown that this ‘‘shadow
effect’” can reduce process efficiency by up to 40% [6]. In order to reduce the impact of spacers,

Dlugolecki et al. developed conductive spacers designed to increase the effective area for ion

11



transport [21]. These spacers, created using both an anion-conducting part and a cation-
conducting part, increased power density by nearly 400%.

Electrode losses have been shown to have limited impact on process performance [22].
However, improvement in electrode configuration through the use of segmented electrodes can
significantly improve overall process efficiency. Veerman et al. showed that segmented
electrodes, which allow for different load resistances over the length of the stack, significantly
improve power output in RED [4]. The impact of segmentation on power output increased with
longer resistance time (i.e. greater extent of mixing).

RED laboratory studies typically use single solute solutions in testing stack performance.
Recently, however, a study showed that the multivalent ions in the feed solution can decrease
power output through increased stack resistance [23]. In order to prevent the diffusion of these
multivalent ions against the electrochemical potential gradient, monovalent selective membranes

can be chosen.

1.2.4 Current state-of-the-art

1.2.4.1 PRO

Most of the recent work on PRO has focused on improving membrane technology. This work has
included the development of bespoke laboratory-developed membranes [24-28] as well as the
testing of commercially available RO and forward osmosis (FO) membranes [7, 17, 18, 29, 30].
Experimental efforts have been primarily limited to small, laboratory scale systems, although a
commercial FO spiral-wound module was recently tested in PRO mode [31]. The maximum
power densities reported in the literature as inferred from experimental measurements, using

seawater-equivalent as the concentrated stream, are ~0.5 W/m” in a commercially available
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spiral-wound module (Hydrowell, Hydration Technology Innovations Inc., Albany, Oregon,
USA) [31] 2.7 W/m?* with the same commercial membrane lab-tested [7], and 3.5 W/m? with a
prototype, lab-cast TFC membrane [24].

There has been significant progress made recently in the fabrication of FO membranes.
While these were not specifically tested for PRO operation (e.g., permeation rates under pressur-
ized conditions), their estimated potential performance may be calculated based on the
experimentally determined characteristics, namely, the water and salt permeabilities and the
structure factor of the support. Table 1.1 provides a compilation of FO membranes, their
reported characteristics and projected power densities, calculated using Eq 1.9 and 1.10. Power
calculations were made assuming the concentrated solution is either seawater or seawater RO
brine after 50% recovery (0.55 M and 1.1 M as NacCl, respectively) and that the dilute stream has
a concentration of 0.005 M, representative of river water, or 0.02 M, representative of waste-
water, and the Reynolds number was taken to be 100, which may be considered as a
representative value for operation of spiral-wound membrane modules.

The membrane with the best structure factor reported thus far is a cellulose-acetate phase-
inversion membrane with a thickness of ~35 mm and a structure factor of ~50 mm [28], followed
by ~310 mm reported for a thin-film composite polyamide/polysulfone membrane [25], which
along with its relatively high permeability (~5.3x10"> m s Pa') has the highest projected
performance at 6.1 W/m? and 15.3 W/m? for seawater and RO brine, respectively, serving as the
concentrated solution. The highest reported permeability is ~7x10"2 m s Pa™ [24], also for a
composite membrane, which is about double that of the average commercial seawater RO
membrane. The current generation of prototype membranes, particularly those recently reported

by Tiraferi et al. [25], already achieve the ~5 W/m? power density which has been flagged as the
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target for making PRO economically viable [32]. That being said, this power density is idealized
and is expected to be significantly lower in practice, primarily due to dilution effects and
hydraulic losses, as previously discussed. It is particularly curious to note the lack of a definitive
correlation between the structure factor and estimated power output; this will be discussed
further in the following section.

An important characteristic of any PRO membrane is its ability to withstand the applied
hydraulic pressure in the feed stream. Since a maximum power output is achieved when this
applied pressure is about half the osmotic pressure, it follows that the higher the concentration
difference (larger energy source), the higher the necessary applied pressure for power
maximization. For example, when RO brine (1.1M, twice the concentration of seawater) is
contacted with 0.02M wastewater, the optimum applied pressure would be ~24 bar. It is not clear
whether the currently available membranes, as compiled in Table 1.1, would be able to

mechanically withstand such an applied pressure

1.2.4.2 RED

The reported characteristics of a number of commercially available ion-exchange membranes are
shown in Table 1.2. Most of the commercially available membranes are homogenous, that is,
fabricated solely from the ion-exchange polymer. Lower performance, heterogeneous
membranes are also available, to a much lesser extent; these are fabricated using mixed ratios of
ion-exchange polymer with another, inert, polymeric carrier. While achieving permselectivity
comparable with that of homogeneous membranes, heterogeneous membranes are 3—4 times less

ion-conductive.
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Veerman et al. [20] benchmarked six cation-anion membrane pairs and found that the
Fumasep (FAD and FKD) and Selemion (AMV and CMV) membrane combinations obtained the
highest power density of approximately 1.2 W/m?. This power density was achieved for artificial
river water and seawater with concentrations of 1 g/L and 30 g/L NaCl, respectively. As the
membrane electrical conductivities/resistances were not published, it is difficult to compare the
individual performance of these membranes to those in other studies. Commercial TEX
membranes Neosepta CM-1 (cation exchange) and Selemion AFS (anion exchange) have been
shown to have the lowest electrical area conductivities (reciprocal of the area resistance),
measured to be ~6,000 and ~15,000 S/m?, respectively [33]. An important part of the RED stack,
electrode performance has been shown have a minor impact on stack resistance [22]; therefore,
further investigation into electrode materials is unlikely to result in significant power density
improvements. Electrode segmentation is a novel concept which should certainly be incorporated
into future large-scale optimization of RED stacks [34]. For the most part, RED stacks studied in
the literature have been small-scale systems with limited membrane surface area and cell pairs.
However, Veerman et al. recently developed a 50-cell RED stack in order to demonstrate the
performance of a comparatively large system [4]. This system was able to achieve a power
density of 0.93 W/m?, the highest power density achieved in practice from a sea-river water

salinity-gradient source.
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Table 1.1 Characteristics of commercial and prototype osmotic membranes and their potential
power density.

Membrane Al B> S W, sw" B:ivr:& Ref
Lab Cellulose-Acetate-FO 0.41 0.22 52 0.7 2.7 281
Lab TFC-FO 5.27 091 312 6.1 15.3 [251
Lab TFC-FO 3.22 1.3 492 3.8 10.1 [271
Lab TFC-FO (hollow fiber) 6.2 0.56 595 5.5 8.7 [261
Commercial FO Cellulose 2.2 1.2 625 2.8 7.8 [7.271
Lab TFC-FO 7.1 1.1 670 4.7 6.5 (241
Commercial RO Cellulose- 2 0.6 1000 2.4 5.9 271
Commercial TFC-RO* 1.6 0.8 2200 1.2 2.1 [271

'=(x10"” mPa's™),?=(x10" ms™), *= (x10°m), = without fabric support, * = SW
means seawater, © = dilute stream concentration of 0.02M , i.e. that of treated wastewater
— with units of W/m’
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Table 1.2 Characteristics of commercial ion-exchange membranes and their potential power

density.

Anion Exchange

Membranes Type a 1R sen' W Ref
Neosepta AFN Homogenous 88.9 1.43 1.23 - 1.30 [21]
Selemion APS Homogenous 88.4 1.47 1.23 -1.30 [21]
Fumasep FAD Homogenous 86 1.12 1.16 - 1.24 [35]
Neosepta AMX Homogenous 90.7 0.43 1.02 - 1.22 [35]
Ralex AMH-PES Heterogeneous  89.3 0.13 0.73-1.12 [21]
Cation Exchange

Membranes Type a 1/Rce,,,1 \\Y% Ref
Neosepta CM-1 Homogenous 97.2 0.6 1.12 - 1.30 [35]
Fumasep FKD Homogenous 89.5 0.47 0.99-1.19 [21]
Neosepta CMX Homogenous 99 0.34 1.02 - 1.30 [35]

Ralex CMH-PES Heterogeneous  94.7 0.09 0.73-1.23 [21]

'= (10" S/m?)

1.3 Preliminary results

A sensitivity analysis was conducted in order to identify the role of mass transfer and membrane
permeability on maximum power density. Furthermore, PRO and RED were compared through
maximum power density using current state-of-the-art membranes and membranes with

projected properties.
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1.3.1 Modeling mass transfer limitations in PRO and RED

We begin by examining the limitations imposed by mass transfer, i.e. external and, for PRO,
internal concentration polarization. Recent efforts on improving membrane characteristics for
PRO have focused their attention on the minimization of the support membrane structure factor.
Assuming that there are no external mass transfer limitations, that is, complete mixing of the
streams, Figure 1.4 shows the variation of the power output with membrane water permeability
for different structure factors. Note how, for the representative permeability of current FO
membranes (marked with a vertical dotted line) changing the structure factor has a minor impact

on the power density.
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Figure 1.4 Variation of PRO power density with increasing water permeability, for different
values of the structure factor, S, under complete mixing conditions (no ECP). Also shown is an
ideal power curve, calculated without any mass transfer limitations. The vertical dotted line
marks the water permeability of a commercially available FO membrane. In these calculations,
the salt permeability is set at B = 10" m/s, the concentrated solution is seawater (0.55 M) and the
dilute solution has a concentration of SmM.
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Figure 1.5 Variation of PRO power density with increasing water permeability, for a membrane
with S = 50 microns, showing the effect of external mixing. Also shown is an ideal power curve,
calculated without any mass transfer limitations. The vertical dotted line marks the water
permeability of a commercially available FO membrane. In these calculations, the salt
permeability is set at B = 10" m/s, the concentrated solution is seawater (0.55 M) and the dilute
solution has a concentration of 5 mM.

Only upon a significant increase of the water permeability does the advantage of a smaller
structure factor come into play, reach a maximum and then decline once again as internal
polarization becomes a limiting factor. For the best prototype membrane permeability, a structure
factor greater than 500 mm will limit performance. A similar trend is observed when the effect of
external polarization is considered (Figure 1.5), calculated with a structure factor of 50 mm, the
lowest achieved so far; external mass transfer variations are manifested through the Reynolds

number which embodies any changes made to the flow velocity or channel hydraulic diameter.
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The power production is only weakly limited by external mass transfer; in fact, model
calculations predict that for a low structure factor, the membrane permeability can be increased
by nearly one order of magnitude before external mass transfer would limit the power density. It
must be noted that, as already mentioned, any increase in the operating Reynolds number would
also result in parasitic hydraulic losses which are not accounted for in the model used herein;
such losses must be considered at the module-scale, as they may overwhelm any power gained
by increased mass transfer.

The RED process is much less sensitive to mass transfer and membrane conductivity,
since other resistances in the system, particularly the dilute channel resistance, play a dominant
role in imposing the process limitation. Typical operating conditions reported in the literature are
at a Reynolds number on the order of unity, two orders of magnitude lower than in PRO. Given
currently available membrane parameters and stack design, increased mass transfer offers little to
gain — operating at a higher Reynolds number of 100 would increase the power density by ~35%.
Moreover, if the membrane conductivity were increased by one order of magnitude, the gain in
power density would be a meager 11%. This trend is illustrated in Figure 1.6, where the power
density is plotted against the membrane area conductivity, for different crossflow velocities as
well as a ‘complete mixing’ case. A similar trend is observed when the feed channel height is
varied, as shown in Figure 1.7. An ‘ideal” RED stack would have a highly ion-conductive
membrane and well-mixed streams but would still require a finite channel height for pumping the
dilute solution. The results illustrate that changing the channel height has the greatest impact on
the power density; with currently available membranes, decreasing the channel height three-fold,

from 0.6 mm to 0.2 mm, results in a 2.6-fold increase in the power density.
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Figure 1.6 Variation of RED power density with average membrane area conductivity
illustrating the effect of external mixing. Also shown is an ideal power curve, calculated without
any mass transfer limitations. The vertical dotted and dash-dotted lines mark the conductivity of
commercial heterogeneous and homogeneous membranes, respectively. In these calculations, the
average permselectivity is set at o = 0.95, the channel height is h = 200 microns, the concentrated
solution is seawater (0.55 M) and the dilute solution has a concentration of 5 mM.

1.3.2 Membrane selectivity in PRO and RED

Salt leakage has been viewed as a significant loss mechanism in PRO, primarily due to the fact
that with low salinity feeds the main reason for ICP is salt transport across the membrane from
the draw to the feed. This is intimately tied with the structure factor, which is the main parameter
controlling the severity of ICP. However, when non-ideal feeds are used the main cause for ICP
1s salt accumulation and not salt-leakage. Acknowledging this point warrants the consideration of
a different paradigm for future development of PRO membranes - the goal is to increase water
transport, even if such an increase incurs a concurrent decrease in salt rejection; in other words,

as long as the net outcome is an increased power output, who cares about salt leakage?
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Efficiency set aside, the purpose of PRO is power generation, not separation. This point is
illustrated in Figure 1.8, where the power density is plotted against the membrane permeability,
for varying salt permeabilities and structure factors. As may be seen, there is little to be gained
when the membrane selectivity is higher than that currently available; in fact, if the structure
factor is low (e.g. 150 mm) power output will increase as the membrane permeability is

improved, even at the expense of losing selectivity five-fold. This is a major point to consider in
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Figure 1.7 Variation of RED power density with average membrane area conductivity,
illustrating the effect of the feed channel height, h, under complete mixing. The vertical dotted
and dash-dotted lines mark the conductivity of commercial heterogeneous and homogeneous
membranes, respectively. In these calculations, the average permselectivity is set at a = 0.95, the
concentrated solution is seawater (0.55 M) and the dilute solution has a concentration of 5 mM.

future development of PRO membranes, since experience shows that membrane permeability

usually comes at some penalty in selectivity [36]. Process efficiency will, of course, be reduced
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since salt leakage represents a loss mechanism; however, it would appear that such losses may be
an inevitable consequence of increasing the water permeability. Nevertheless, the power gain
would certainly offset the lowered efficiency.

For RED, the permselectivity plays a comparatively more important role since it does not
induce losses but in effect controls the transport of charge — the power source itself.
Nevertheless, results suggest that this effect is not very significant — increasing the average
permselectivity from the currently available value of 0.95 to unity will increase the power
density by 9%. If improved membrane conductivity would result in reduced permselectivity (the
trade-off between transport resistance and selectivity), these two effects would all but cancel out
any improvement to the achieved power output; for example, upon reducing the permselectivity
to 0.9, an order of magnitude conductivity increase would result in a 3—15% power gain for a

corresponding Reynolds number ranging between ~1-100.
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Figure 1.8 Variation of PRO power density with increasing water perme- ability, for different
salt permeabilities and structure factors. In these calculations, the Reynolds number is set at Re
14 100, the concentrated solution is seawater (0.55 M) and the dilute solution has a
concentration of 5 mM.
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1.3.3 Comparing PRO and RED

Finally, we turn to compare the performance of the two membrane-based processes considered.
This is done based on the simplified models presented and is made for two scenarios; the first
considers process and membrane parameters which are based on the current state-of-the-art as
reported in the recent literature (Figure 1.9); the other considers potential improvements
(Figure 1.10). The parameters used for both scenarios are listed in Table 1.3. The main
improvements to PRO are in the increased water permeability, with an assumed penalty to the
salt rejection, and the decreased structure factor. For RED, an increased conductivity is assumed
without a reduction in permselectivity (e.g. a thinner membrane), and the channel height is
further reduced.

Note that the RED power density contours exhibit an inflection point at low dilute stream
salinity. This is due to the increased resistance of the solution as it approaches the conductivity
of pure water, at which point the concentration gradient required to maintain a constant power
density increases sharply. The point of inflection itself represents the conditions which conspire
to produce the minimum resistance in the dilute channel, through the combined effects of the
channel height and solution conductivity, as given in Eq. 1.7. This is an important point to
consider, as it may be beneficial for the RED process to operate with slightly brackish water as

the dilute stream, resulting in a lowered resistance at reasonable channel heights.
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Figure 1.9 Contours of constant power density characteristic of PRO and RED, as a function of
the salinity gradient, calculated for state-of-the-art process parameters.

The presented calculations suggest that, based on power density, PRO has a better
potential for use as a means for harvesting salinity-gradient energy. This is already true for
commercially available membranes, and with potential possible improvements to the membranes
the gap becomes even greater, in favor of PRO. This is true no matter what salinity gradient is
used as the energy source, in contrast with the conclusions drawn by Post et al [23]. In their
paper from 2007, they provided an insightful comparison of PRO and RED with the conclusion
that RED produces a higher power density for low salinity gradients, such as the sea-river water

pair. The membrane parameters used in the present study are generally better than those used by
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Post et al. [23] for both RED and PRO. Specifically, the commercialization of FO membranes
has already made PRO the more promising option, with a much higher potential for future
improvement. For example, the current state-of-the-art, optimum power density achievable for
PRO for the sea-river water pair is 2.3 W/m” compared with 1.3 W/m? for RED. With projected
improvements, the gap increases to 7.7 W/m® vs. 3.4 W/ m” for the sea-river water pair, while if

RO brine is used the corresponding values become 21.2 W/m? and 5.2 W/m®.
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Figure 1.10 Contours of constant power density characteristic of PRO and RED, as a function of
the salinity gradient, calculated for projected process parameters.
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Table 1.3. Process characteristics used for calculation of power density

PRO L B I

State of the art 2.2 1.2 625
Projected 10 5 150
RED 1R pen’ a E:}Z;l‘fel
State of the art 0.8 0.95 200
Projected 3.5 0.95 100

'=(x10"”mPa's?),?=(x10"ms™"), = (x10°m), * = (10* S/m?)

1.4 Hypothesis and scope of work

1.4.1 Hypothesis

The preliminary research discussed in Section 1.3 suggests that computational models can
inform the design and engineering of SGP processes. In particular, the maximum power density
models demonstrate that RED is fundamentally limited by the dilute channel resistance, and that
improvements in membrane conductivity are likely to have little impact on power density. For
PRO, however, there is significant opportunity for increasing power performance through
membrane enhancements. Water permeability appears to be far more limiting that structure
factor for many prototype PRO membranes discussed in the literature. Furthermore, in
improving PRO water permeability, some degree of salt rejection can be tolerated if structure is
simultaneously decreased.

As noted earlier, previous modeling work on SGP technologies has focused on the

maximum power density produced through PRO or RED. However, maximum power density
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alone is an insufficient metric for designing a large-scale, realistic SGP system. In an idealized
system, maximum power density would occur at the inlet to the flow channel where there exists
the largest difference in concentration between the dilute and concentrated solutions. On the
other hand, energy efficiency theoretically maximizes at infinite module length (where the
driving force approaches zero). In a real system, where viscous dissipation and other
inefficiencies are inevitable, power density and efficiency will likely deviate from these idealized
behaviors. Therefore, in order to evaluate the scale-up of SGP technologies, it is critical to
understand the variation in power density and energy efficiency (and thus, total power output)
with system length. A full-scale process model, which accounts for changes in velocity,
pressure, and concentration along the length of the flow channels can provide a direct,
quantitative indication of these important process metrics.

It is hypothesized that a full-scale process model, incorporating hydraulic losses and
machine inefficiencies, will demonstrate that power densities from PRO and RED are far lower
than existing, maximum power density models predict. In addition, the full-scale process model
will capture total power output and thermodynamic efficiency with changing system size,
allowing for the first time a rigorous comparison with other alternative energy technologies.
Finally, the model will also identify ideal operating conditions that may deviate from those

specified by existing, maximum power density models.

1.4.2 Scope of work

1. Develop a thermodynamic model for each process in order to determine the fundamental

limiting efficiency.
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2. Develop new full-scale, crossflow process model for each process, with the ability to
calculate power density, thermodynamic efficiency, and total power output with changing
system length (or area). Sensitivity analysis will be conducted on model parameters, and
optimization will highlight those operating conditions that maximize performance.

3. Using the full-scale process model, identify novel process configurations that maximize
efficiency and/or power density.

4. Incorporate cost data into the full-scale process model in order to determine capital and

operating expenditure of a SGP plant.

1.4.3 Overview of dissertation

The present dissertation includes 6 Chapters and 2 Appendices. Chapter 1 serves as an
introduction to the work, and includes general background and preliminary work. Research
hypotheses and objectives are also discussed in this chapter.

Chapter 2 presents simple thermodynamic models for PRO and RED. Using these
models, SGP processes are integrated with an existing reverse osmosis model in order to
evaluate the reduction in energy demand of desalination.

Chapter 3 presents full-scale process models for both PRO and RED in order to probe
scale-up characteristics with changing system size and operating conditions. Ideal process
parameters are highlighted.

In Chapter 4, the developed PRO process model is applied to a novel, “staged” PRO
configuration. This configuration is shown to dramatically improve the water flux, and therefore

process efficiency, in PRO.
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Chapter 5 incorporates cost correlations into the PRO process model in order to evaluate
the cost of energy production. Membrane parameters and operating conditions are shown to have
a significant impact on energy cost.

Finally, major conclusions and suggestions for future research are included in Chapter 6.
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2 THERMODYNAMIC ANALYSIS OF SALINITY GRADIENT POWER
AND OSMOTIC ENERGY RECOVERY
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2.1 Introduction

Reverse osmosis (RO) technology now dominates the global market for seawater
desalination, primarily due to its significantly lower energy consumption compared with thermal
technologies. The advance of RO technology is primarily due to improvements in membrane
materials, modules, process components and process designs, which have resulted in significant
reductions of the specific energy consumption (SEC) and cost of water produced. Notably, SEC
has been nearly halved due to high-efficiency hydraulic energy recovery (HER) devices, which
transfer hydraulic energy from the (still) high-pressure brine stream, prior to its discharge, to the
low-pressure incoming feed stream. Including pre-treatment, state of the art installations now
operate with a SEC on the order of 2.5 kWh/m® [1]. From elementary thermodynamics it may be
calculated that the minimum energy required to extract 1m® of freshwater at 50% recovery (i.e.,
from 2 m’ of seawater) is ~1.1 kWh, which implies that a substantial gap still exists between
theory and practice. Certainly, some gap must always exist due to intrinsic irreversibilities and
losses; however, the energy demand of RO still accounts for 40-50% of the cost of water in
seawater desalination [2], clearly suggesting that a break-through reduction in the energy
demand must be sought in order to transform desalination into a more cost-effective, sustainable
source of fresh water.

One such possibility is the partial recovery of the chemical potential of the concentrated
brine — the very same energy spent separating water out of the feed solution — employing an
osmotic energy recovery process. Osmotic energy recovery (OER) involves harvesting the
energy released during the controlled mixing of two solutions with different salt concentrations
(i.e., a salinity gradient). Different techniques exist for the recovery of energy from the mixing of

varied salinity flows. These technologies include reverse electrodialysis (RED) [3-5], pressure
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retarded osmosis (PRO) [6, 7], capacitive mixing [8, 9], and mixing in ion selective nano-
channels [10]. Recently, a microbially-assisted RED process has been developed that
simultaneously treats wastewater, produces desalinated water, and generates electricity [11, 12].

A comparison of the power potential for the two most prominent, membrane-based
salinity gradient technologies, PRO and RED, was recently published, in which the various
technological challenges were outlined, and the most promising avenues for improvement were
identified [13]. Briefly, PRO and RED are theoretically reversed versions of the RO and ED
desalination techniques, respectively. In PRO, water molecules diffuse across a semi-permeable
membrane from a high chemical potential (dilute) feed into a pressurized, low chemical potential
(concentrated) feed. The volume-augmented, concentrated feed is then passed through a
hydroturbine, generating electricity. In RED, ion selective membranes separate alternating
concentrated and dilute feed compartments. The concentration difference between the feeds
encourages the diffusion of anions against the electric field, creating an ionic flux that is
converted into an electron flux at the electrodes. Despite the fact that power densities from these
SGP processes still remain relatively low, improvements in power densities have been forecast in
the literature [13, 14].

The use of seawater RO brine in an RED process has been previously suggested in the
patent literature[ 15]; however, energy recovery from the RO feed was not considered. Recently,
the use of forward osmosis, a membrane based process proposed for desalination application, has
been suggested in the literature in a coupled RO process arrangement [16, 17]. This “osmotic
dilution” reduces the energy demand of RO and, although the use of a SGP technology is briefly
discussed, the authors do not present a quantitative analysis of the energy saving potential of

osmotic energy recovery. During the revision process for this publication, it has come to our
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attention that an insightful study of an RO-RED coupled process has been recently published
[18]. Although the authors do not comprehensively study the thermodynamics of mixing (or the
use of PRO as a mixing technology), their conclusions for the RO-RED coupled process show
that a coupled RO-RED process could reduce the net SEC of seawater RO to below zero
kilowatt-hours per cubic meter of RO permeate.

In this study, we assess the possibility of osmotic energy recovery from both the RO feed
stream and the RO brine. A straightforward thermodynamic analysis is used to evaluate the
potential of PRO and RED processes coupled to a typical seawater RO plant. Here we provide
insight into the way various process parameters affect the optimal SEC for a hybrid RO-HER-
OER plant configuration. It is our intent to theoretically probe the process potential through the
thermodynamically available work produced by each OER technology. Hence, system-specific
losses, e.g., hydraulic losses (pumps, piping, modules etc.), membrane losses and other sources
of inefficiency are ignored. This is based on our contention that, prior to resolving such details, it

is desirable to first establish the motivation for process implementation.

2.2 Theory

2.2.1 Process description

Several potential configurations may be envisioned for integrating osmotic energy
recovery with RO desalination, perhaps the most obvious one being re-mixing the concentrated
brine with seawater. However, the complete mixing of equal volumes of seawater and RO-brine
(at 50% recovery) would theoretically yield ~0.12 kWh/m’. A significantly greater impact is

envisioned when a low-salinity water source is present such as fresh surface water, tertiary
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wastewater or RO concentrate from a wastewater reuse plant or other mildly brackish natural or
industrial waters. The potential for mixing with treated wastewaters of different origins will vary
on a site-by-site basis; however, coordinated site planning could allow for co-location of
wastewater treatment or reuse plants with seawater RO facilities. In such a case, it would
generally be possible to employ OER technology on the RO feed side and the brine outflow,
mixing the low-salinity wastewater either with incoming seawater or the brine, prior to
discharge. The greatest potential energy is obviously contained in the brine-wastewater pair;
however, mixing the seawater-wastewater pair prior to RO has merit beyond the energy of
mixing, as it also significantly reduces the salinity of the RO feed, translating into further
reduction of energy consumption. Hence, the RO-OER process considered in the forgoing
analysis employs two stages of osmotic energy recovery coupled with a HER-equipped seawater
RO process (Figure 2.1 and Table 2.1). The coupled process includes both pre-RO, OER mixing
(OER)) and post-RO, OER mixing (OER,).

Table 2.1 Flow volumes and concentrations at each point in the coupled process (see Figure 2.1
for accompanying graphical representation).

Designation Flow Type Volume Concentration

1 Seawater Veiokri Ce,i,OER]

2 Treated wastewater Vaioer:i = Veioer1/$ Cdi OERI

3 Diluted seawater VeroEr Ce.fOERI
4% Diluted seawater Veroer: ~VeioEri Ce,f.OERI

5 Diluted seawater Vi=VeioEri Cf = CcfOERI
6 Concentrated treated wastewater Varoeri Cd fOERI

7 RO permeate Vy=Veioer1Y Cp

8 RO brine Veioer: = Vi = Veioeri(1-Y)  ¢p = CeioEr?
9 Treated wastewater Vaioerz = Veioer/¢ Cd,i,0ER? = Cd,i,OERI
10 Diluted RO brine Vc,f,'OERz Ce.fOER?

11 Concentrated treated wastewater Varoer2 CdfOER2

* =PRO Only
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Figure 2.1 Schematic representation of the coupled process. Numerical designations correlate to
volumes and concentrations in Table 2.1.

For the sake of comparison, the straightforward dilution of the seawater inflow through
direct mixing with low-salinity sources was also considered as a means by which the energy
demand of RO may be lowered [16]. The direct dilution method, while probably cheaper than
OER, will provide fewer barriers to the transport of emerging contaminants into the RO
permeate, an important consideration for drinking water production from seawater; however, not
all seawater RO plants are designed to produce potable water. Regardless, any OER device
should have a good capacity to keep such cross-contamination to a minimum to ensure the
seawater RO product remains of appropriate quality. In the case of membrane-based OER,
rejection of both pesticides and pharmaceutical compounds was found to exceed 95% in
polyamide-based, thin film composite RO membranes, materials which seem likely to find use in
PROJ[19]. Similarly, ion exchange membranes, used in RED, can be finely tuned for the

separation or concentration of a variety of pharmaceuticals and organic compounds [20]. It is
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unclear as to what degree of cross-contamination would be expected when employing other,
emerging, salinity-gradient energy devices.

As already mentioned above, we are interested in the maximum energy recoverable
through each of these mixing methods. Therefore, we do no consider membrane or module
related inefficiencies, hydraulic losses in pumps/turbine/pipeworks or the possible energy
demands of pre-treatment. For consistency, the volume passed to the RO process is kept constant
regardless of the OER technology chosen (PRO inherently involves significant volumetric
exchanges while in RED this is negligible). This results in the discharging of excess flow from
the PRO process before transfer to the RO system. In a practically applied coupled process it is
likely that the PRO plant would be sized so that the PRO outflow would directly meet the RO
feed supply requirement. This would reduce the capital investiture for the PRO plant but would
result in less overall energy savings due to reduced flow rate (and thus recovered energy)

through the PRO plant.

2.2.2 The free energy of mixing

The energy released during the mixing of two solutions with different molecular
compositions was calculated through a method similar to that described by Yip et al. [21],
although having been modified using basic mathematics, the equation appears here in slightly
different form. Operational and engineering constraints would prevent any OER process from
achieving full mixing, and it is therefore useful to evaluate the energy recovery when the outlet
feeds are not at thermodynamic equilibrium. The model described herein accounts for scenarios

where mixing is less than 100%, whereby the summation of the Gibbs free energy of the two
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solutions before and after ideal mixing (i.e., isothermal conditions and activity coefficients set at

unity) results in[21]
AG=-2RT|V, jc  Inc, +V, ¢, Inc, =V, Inc,—V,c, Inc,| (2.1)
where R is the universal gas constant, 7 is temperature, V is volume, c¢ is concentration, the

subscripts i and f denote before (initial) and after (final) mixing, respectively, and the subscripts

¢ and d refer to the concentrated and dilute solution feeds, respectively.

2.2.3 Mixing by PRO

The reversible work that can be recovered by PRO may be calculated using either the free

energy of mixing, Eq. 2.1, or through the thermodynamic relationship, W = JPdV, where P is

pressure and V is volume. The osmotic pressure (i.e. the pressure required to inhibit osmotic

diffusion) of the concentrated and dilute feeds, =, and =, respectively, can be calculated
through 7, = (RT/ \_/)lnxw, where V is the molar volume of water and x,, is the mole fraction of

water. The maximum reversible work is calculated by setting the external pressure to the internal
pressure within the system, i.e., so that the osmotic pressure difference, A, is set equal to P for

for each infinitesimally small change in volume according to

rev

AV
Wi = [ Amdv (2.2)
0

where AV is the total volume of water transferred between the two solutions. The expression

resulting from the integration of Eq. 2.2, used in subsequent calculations, equates to

W50 =2RT [, V. (V. +AV)+¢, Y, In(V,,+AV)] . (2.3)

rev c,l° C,1
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In PRO, extraction of the energy is facilitated by a hydroturbine, which converts the
kinetic energy of the flowing water to electricity. During the mixing process, the transport of
water across the membrane terminates when thermodynamic equilibrium is reached, i.e., at the
point of equal chemical potentials on either side of the membrane. One such equilibrium
naturally exists when the osmotic pressure difference is equal to zero, i.e. Ax=0. However, in
the currently accepted configuration used for the operation of PRO the incoming high-
concentration feed is pressurized prior to the membrane-mediated mixing process. The reasoning
behind this configuration is based on efficiency considerations (pump and turbine). However, the
pressurization alters the equilibrium point, which now occurs when Azx=AP, the applied
pressure, and therefore limits the extractable energy. It is therefore impossible that a real PRO
process would be able to extract all of the reversible work. Therefore, the available work
extractable from this configuration of a PRO process is the volume “expansion’ work performed
against the constant applied pressure ,

WIRC = APAV (2.4)
This available work will necessarily be considerably lower in magnitude than the reversible
work. Realistically, the actual recoverable work is likely to be even lower than this available

work due to the hydraulic resistance of the semipermeable membrane, frictional losses through

pipework, and hydroturbine and pump inefficiencies. In the present study, however, we ignore
the internal system losses and use W /"’ and W'’ as measures of the intrinsic potential for

energy savings from a coupled process. Feed volumes and concentrations before and after

mixing, for PRO, are listed in Table 2.2.

42



2.2.4 Mixing by RED

The maximum work in a RED process can similarly be calculated either through the free
energy of mixing equation (Eq. 2.1) or the cell potential AG =—-nFAE , where n is the number of
ions transferred, F' the Faraday constant, and AE the zero current cell potential (or electromotive
force). The electromotive force can be calculated from the difference of the individual half-cell
reaction potentials, £, and E,, of the concentrated and dilute solutions, respectively. The half-cell
reaction potentials can be calculated through E, = (RT / z)Inc, , where c; is the concentration of
ions in the given feed and z is the valence of the ions. The maximum reversible work for a given

extent of mixing may be calculated as

(nc,i_n
An An
V..
erfD _ FAE:_Q'R;TJ‘IH&dn:—zRTJ‘IH - dn
Z 0 Cy Z 0 nd,i+n
A (2.5)
|n. . —An
:—2RT Anln d,l( = )_nciln l_ﬂ _ndiln 1+ﬂ
z V“ (nd’i + An) ' n.; , n,;

where An is the total number of salt ions transferred between the two solutions, and the factor of
2 denotes the transport of both sodium and chloride ions.

It 1s important to note that in RED energy is extracted through an external circuit, which,
while completely analogous to a hydraulic network in the dynamic sense, does not have the same
thermodynamic effect — an ideal resistor passing a diffusion-induced current does not alter the
equilibrium properties of the system. One may draw a constant current out of an RED cell, to the
point where concentrations equilibrate. The applied load resistance will reduce the rate of charge
transport, but this current will only cease when the concentrations have equilibrated [18, 22].

Thus, unlike PRO, there is no configurational constraint analogous to a constant applied pressure
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that inherently limits the extent of mixing. Inevitable losses such as the electrical resistance of
the membranes and the feed compartments will ultimately limit the amount of recoverable work.
However, since there is potential to improve these process inefficiencies through future design

improvements, for the purposes of the present study (as with PRO) we ignore these internal

system losses, and here we apply only W% in order to calculate the potential energy savings

from RED. Feed volumes and concentrations before and after mixing, for RED, are listed in

Table 2.2.

2.2.5 RO process equations

The RO process recovery can be determined from the RO feed and brine concentrations

in addition to the concentrated feed concentrations from OFER; and OER) as

Vv c c .
Y:V_P:1__f:1_ c.f OER] 2.6)

f G Ce.i,OER?
where V, is RO permeate volume, V; is RO feed volume, ¢; is RO feed concentration and ¢, is
RO brine concentration. In the coupled scenario, the RO feed concentration is the OER,
concentrated feed effluent (c . opr;, now diluted from the OER process) and the RO brine
concentration is the OER, concentrated feed influent (c,; z¢,). The specific energy consumption

of the RO process can be represented as[23]

T
SECyo = APy =122 (2.7)

where AP, is the RO pump pressure and A 7z, is the inlet osmotic pressure difference between

the RO feed and permeate. The above, which applies when a HER device conversion efficiency

of unity has been assumed, equates to the RO process thermodynamic restriction. The
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thermodynamic restriction corresponds to the necessary RO pump applied pressure to ensure
permeate flux across the entire length of the RO module. That is, increase in the feed
concentration as water diffuses across the membrane results in greater osmotic pressure
difference between the feed and permeate, requiring that the initial applied pressure be sufficient
in order to ensure diffusion at the RO module outlet.

The net SEC of the coupled process is obtained by subtracting the energy generated in the
pre- and post-RO OER stages from the SEC of the HER-assisted RO process, viz.

Worr: _ Work:
Vv \%

p p

SEC,, = SECy, — (2.8)

where the subscripts 1,2, refer to the first and second stage OER, respectively. Calculations for
the coupled process have been carried out considering two possible RO configurations: 1)
constant pressure applied at 770 psi (53 bar, corresponding with the thermodynamic restriction
[23] for a 550 mol/m’ feed at 50% recovery) and RO brine target concentration of 1100 mol/m’,
which effectively varies the RO process recovery depending on the degree of mixing in OER;,
and 2) constant recovery (Y = 0.5) with variable RO pump applied pressure. Most modern RO
facilities operate at ¥ = 0.5 and we have therefore sought to align our modeling results with
actual practice. Note that other non-ideal process losses (hydraulic, mass transfer, dilute channel
resistance, etc.) are not included in this analysis. The dilution ratio, ¢ (i.e. the ratio of the OER
concentrated feed volume to the dilute feed volume), is taken as unity in the current study, and

complete mixing (to thermodynamic equilibrium) is always assumed for the OER; process.
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Table 2.2 Feed volumes and concentrations before and after mixing for an OER process, where
the subscript ¢ indicates the concentrated (seawater) feed, the subscript d indicates the low
salinity (treated wastewater) feed, and the subscript i indicates pre-mixing and subscript f
indicates post-mixing. The number of moles and the volume of water transferred between the
feeds are indicated by An and AV, respectively.

Process V., Vi Cor Cyy
PRO VL,I+ AV Vd,l - AV nc,l/ chf nd)l/ Vdf
RED V. Vi (n.,—An)/ V., (ng;+ An)/ 'V,

2.3 Results and Discussion

2.3.1 Available work

We begin by examining the work that can be extracted by the PRO and RED processes

alone. Figure 2.2 shows the maximum reversible work (W,,,) from each process plotted against

the changing dilute feed (e.g., fresh water or tertiary wastewater) and concentrated feed (e.g.,
seawater RO feed or brine) concentrations. All mixing begins from the same starting feed
concentrations and approaches equilibrium, except where practical constraints may limit the
extent of mixing achieved. Although both processes approach the same equilibrium, the
concentration profiles follow different paths, a consequence of the different relative amounts of
water and salt molecules transferred in the RED and PRO processes, as they approach reversible
equilibrium. In practice this means that if the dilute or concentrated feed is to be used in another

process after mixing, there may be a preferred recovery technology based on the concentration of

the feed at a given extent of mixing.
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Figure 2.2 The change in reversible work produced by the system (W,.,) versus the concentration
of the feed using Eq 2.3 for PRO and Eq 2.4 for RED. For a given amount of reversible work,
the concentrations of the concentrated and dilute feeds are shown for both PRO and RED. All
feeds have the same concentration at the point of maximum reversible work (thermodynamic
equilibrium). Arrows on plot lines indicate direction of increased extent of mixing. Here V.= 1
m3, Vi=1m’ , concentrated feed initial concentration = 550 mol NaCl/m3, dilute feed initial
concentration = 20 mol NaCl/m’ , T=293.15 K.

Figure 2.3 illustrates the available work produced by PRO and RED relative to the RO
feed concentration (diluted effluent from OFER; concentrated feed). Here the OER concentrated
feed extent of mixing corresponds to r,, . =1-[(c,, —c,)/(c.,—c,)], where ¢, is the
concentration associated with reversible equilibrium. As expected, when a constant applied
pressure is applied for PRO, the recoverable work decreases. While the maximum power density
under a constant applied pressure for PRO is indeed achieved at AP= Ax/2, it is clear from the
data that more energy can be recovered at lower extents of mixing, e.g., when AP = Ax/1.5. The
implications of this are important, as less membrane area may be required to operate at lower

extents of mixing, which correlates with reduced capital and operation costs. As already noted,
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the different values of constant applied pressure shift the equilibrium concentrations of the
system. The equilibrium concentration, in turn, corresponds with the maximum extractable
energy for a given applied pressure. This configurational loss is not shared by RED, where the
cell potential is independent of the applied load [4, 14, 22].

Comparing the results for maximum reversible work, the RED process is capable of
achieving greater gross power output at a higher concentrated feed concentration than PRO.

Although this behavior does not reveal the technical feasibility of achieving a degree of mixing

Extent of Mixing (mix.c)

1.0 0.8 0.6 0.4 0.2 0
0.6 L I L I I L I L

Work (kWh)

0 1 I 1 1 1 1 I 1 1 1 1 I 1 1 1 1 I 1 1 1 1 I I.. I- 1
300 350 400 450 500 550
Concentrated feed concentration (c; ), (mole NaCI/mS)
RED PRO
—_— W = - W, ,AP=Amn;/2
PRO PRO
——— Wy, - W, , AP=An;/6

————— WERC AP =Am;/1.5

Figure 2.3 The change in work produced by the system versus the concentration of the OER
concentrated feed for different extents of mixing, for both PRO and RED. Eq. 2.3 and 2.4 were
utilized for PRO while Eq. 2.5 was applied for RED. Here V.= 1 m’, ¥; = 1 m’, concentrated
feed initial concentration = 550 mol NaCl/m3, dilute feed initial concentration = 20 mol
NaCl/m’, T =293.15 K.
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with either process, it does provide insight into the maximum potential of each process at a given
concentration. The RED data also shows that the recoverable work begins to level off as it
approaches its maximum value and this occurs at lower extent of mixing than for PRO.
Therefore, if a practical RED process operates at low efficiency, achieving a higher degree of

mixing may not be economically justified.
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Figure 2.4 Net SEC versus RO feed concentration for PRO and RED facilitated OER, with
either constant pressure (770 psi) or constant recovery (Y = 0.5) RO operation. AP = An;/2 was
used for the available work from PRO-based OER, ¢ = 1, concentrated feed initial concentration
=550 mol NaCl/m’, dilute feed initial concentration = 20 mol NaCl/m’, T = 293.15 K. Eq. 2.4
and 2.5 were used to calculate the recoverable energy from PRO and RED, respectively, while
Eq. 2.6, 2.7, and 2.8 were used for the RO process thermodynamics.
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2.3.2 Net SEC for two-stage OER

It has been shown, by Yip and Elimelech[21], that for ¢ = 1 the recoverable work

1s maximized at a constant applied pressure of AP= Ax/2, Therefore, this pressure was chosen
for all the calculations of PRO-facilitated OER using W /"’ . For the constant pressure scenario

(Figure 2.4) using either PRO- or RED-based OER, increased extent of mixing in OER; (i.e.,
reducing RO feed salinity) has limited impact on SEC, but proportionally increases RO product
water recovery. While there is some osmotic energy recovered, the recoverable energy from the
HER decreases in proportion to the decreased RO brine volume (due to higher RO recovery).
Furthermore, the recoverable energy from OFER; is also reduced (due to lower brine volume). In
contrast, for the constant recovery scenario (also Figure 2.4), the net SEC decreases (net energy
recovered increases) with increased OER; extent of mixing for both PRO and RED based OFER.
At constant recovery, lower salinity RO feeds consume less energy due to reduced feed pressure
requirements, while the higher RO brine flow rate enables greater energy recovery by the OER;
process. In all scenarios, without considering non-ideal process losses (hydraulic, mass transfer,
dilute channel resistance, etc.), RED appears to recover more osmotic energy than PRO over
most RO feed concentrations, although the reversible work cases for RED and PRO achieve the
same energy savings at complete mixing. However, it is important to consider that energy
recovery potential is but one metric by which to compare these processes. Ultimately, the ability
to extract more of the available potential may be offset by efficiency considerations. For
example, capital expenditure is expected to also scale with required membrane area, most
commonly associated with power density. Based upon this metric, PRO has been shown to

outperform RED by an order of magnitude[13]. Therefore, it is not possible to gauge the actual
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preferred technology based on the current results, and they are primarily useful in defining the
potential impact on the overall energy consumption for water production.

Figure 2.5 depicts the change in SEC,,, for constant recovery scenarios (¥ = 0.5) for both
PRO and RED-based OER considering the following options: OER; only, OER; and OER;, OER;
with RO feedwater dilution, and dilution only. Note that OER; process reduces the salinity of RO
feedwater, but at the capital and operating cost of the OER equipment rather than at the much
lower cost of simply blending a lower salinity stream into the RO feedwater (i.e., “dilution’). Of
course the benefit of OER technology is the added water quality barrier to pollutant crossover
from the dilute stream. An important point most be emphasized here, for as the RO process
recovery decreases, the contribution of the OER, stage increases. Therefore, to generate the
lowest net SEC, flow through the OER devices should be maximized relative to permeate
volume, up to a point where the OER, infrastructure is oversized and dominates the capital cost

of the entire desalination plant.
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The combined OFER; and OER; configuration recovered the most energy. It is clear from

the results that the energy recovered by OER; increases with extent of mixing (i.e., declining RO
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Figure 2.5 Net SEC versus RO feed concentration for a coupled process with 1) PRO, using
the available work (top, left), 2) PRO, using the full reversible work (top, right), and 3) RED,
using the full reversible work (bottom). The figure illustrates the contribution of dilution and
individual OER stages, with the hatching indicating the contribution of Stage 1 or Stage 2
OER processes in lowering the net SEC. Note that it is intrinsic for the OER, process that
dilution occurs and a lower salinity feed is passed to the RO process. Y =0.5,¢=1,AP=Arx
/2 for PRO-based OER, concentrated feed initial concentration = 550 mol NaCl/m’, dilute
feed initial concentration = 20 mol NaCl/m’, T = 293 K. Eq. 2.4 and 2.5 were used to
calculate the recoverable energy from PRO and RED, respectively, while Eq. 2.6, 2.7, and 2.8
were used for the RO process thermodynamics.
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feed concentration) while the energy produced from OER; decreases due to a corresponding drop
in RO brine concentration. Our results correspond well with the results of the coupled RO-RED
study which was recently published [18]. The negative SEC,. values output by the model
correspond to net energy production from the coupled process. Positive work can be produced
from the coupled process due to the mixing of greater volume in the OER; process than the
volume from which permeate is being extracted in the RO process. That is, we are mixing more
volume with PRO or RED than the volume we are ‘de-mixing’ through RO, resulting in net
energy production. The results here show slightly greater potential energy savings than the

published article due to the idealized analysis conducted here (i.e. no stack or load resistance).

2.3.3 Economic implications

The energy recoverable by OER could dramatically lower the energy demand and
operating cost of seawater RO plants; such energy savings could reduce one of the most
significant environmental impacts of seawater desalination. Practical barriers to overcome in
developing OER technology include capital, operation, and maintenance costs. Cumulatively,
these costs should be less than the reduced costs of RO electricity consumption for OER
technology to proliferate like HER technology; in other words, the total cost of water is reduced.
Until an actual OER system is built and tested it is difficult to predict the operating costs, so here
we will consider projections of potential OER capital costs. Using published data for the
amortized cost of electricity over the 20-year life of a 100,000 gallon per day (~380 m’/day) RO
facility[24], it is possible to estimate the capital cost available to accommodate OER
infrastructure. As set out in the Desalination Markets 2010 report[24], the cost of electricity was

taken as $0.06 per kWh and the interest rate was set at 6% annually. Our results suggest that
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energy savings provided by RED-facilitated OER could offset 42% of the total RO plant capital
cost, when discounting the capital cost of the OER plant itself (4 = 1, ¢, = 550 mol/m’, ¢, = 20
mol/m’, Y = 0.5). Although the energy savings are significant, it must be acknowledged that
hydraulic and other process losses are likely to decrease the work produced by the OER plant
relative to the reversible work. As the degree of mixing is increased net SEC decreases, but the
additional capital cost increases due to the increase in required OER membrane area.

A review of PRO research suggests the capital cost per unit area of membrane eclipses
the economic value of the theoretical maximum power produced per square meter over a
membrane lifetime of 5 years [25]. It is reasonable to assume that the construction of a
membrane-based OER facility (i.e. PRO/RED) designed for, say, a 100,000 m® per day RO
facility, would have similar requirements of membrane area. High performance RO membranes
are priced at approximately 20 $USD/m” and modern ion exchange membranes can cost upwards
of 200 $USD/m? [26]. These costs are not trivial, with membrane capital costs accounting for
approximately 6% of the total capital cost of an RO facility and membrane replacement
contributing to 7% of operational expenditures[24]. Pumps, pressure vessels, and hydraulic
energy recovery capital costs account for only 11% of total RO facility capital costs, and are
likely to cost less for the individual OER processes due to operation at lower pressure.

Through the calculation of the recoverable energy from mixing concentrated and dilute
waters, it has been possible to provide a rough indication of the available capital for the OER
components of a coupled process. Fouling, hydraulic losses, process inefficiencies and other
mitigating factors are likely to result in much lower energy savings than the ideal case. At
current pricing, OER coupled with RO and HER will be a practical option if OER capital and

maintenance costs do not exceed the economic value of energy savings.
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Nomenclature

c concentration (mol/m®)

Coy equilibrium concentration (mol/m®)

Cp RO brine concentration (mol/m®)

c RO feed concentration (mol/m®)

CF concentration factor

E half-cell potential (V)

AE electromotive force (V)

F Faraday constant (C/mol)

AG free energy of mixing (kWh)

n moles of salt ions (mol)

An moles of salt ions transferred (mol)

AP PRO applied booster pump pressure (Pa)
APy, RO applied pump pressure (Pa)

R Universal gas constant (J/(mol K))

Vi, concentrated feed extent of mixing

SEC,,, net specific energy consumption (kWh/m?)
SECy, RO process specific energy consumption (kWh/m®)
T temperature (K)

Vv volume (m?)

1% molar volume of water

V; RO feed Volume (m?)

v, RO permeate Volume (m?)

AV transferred volume (m°)

wrre PRO reversible work (kWh/mixed volume)
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RED
W

rev

PRO
W

av

Worr i
WOER 2

Greek Symbols

T

Ax
¢

Subscripts
f

i

c

RED reversible work (kWh/mixed volume)

PRO available work (kWh/mixed volume)

OER Stage 1 work (kWh)
OER Stage 2 work (kWh)
mole fraction of water
RO process recovery

valence of salt ions

osmotic pressure (Pa)
osmotic pressure difference (Pa)

dilution ratio

final
initial
concentrated

dilute
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3 DEVELOPMENT OF FULL-SCALE PROCESS MODELS FOR
PRESSURE RETARDED OSMOSIS AND REVERSE
ELECTRODIALYSIS
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3.1 Introduction

Clean, renewable energy may be produced by controllably mixing streams of different salinity
[1, 2]. This is achieved by employing membranes that facilitate selective transport of either
solute or solvent, resulting in different process characteristics with various advantages and
disadvantages. Pressure-retarded osmosis (PRO) and reverse electro-dialysis (RED), the two
most popular salinity gradient power (SGP) technologies, are discussed in detail in the literature
(see, for example, refs [1, 3-8]). While both PRO and RED involve mixing dilute and
concentrated solutions, the energy conversion mechanism achieved via mixing is fundamentally
different. PRO involves the diffusion of water molecules across a semipermeable membrane
from a dilute feed stream into a pressurized concentrated stream, augmenting its volume upon
dilution. The volume-augmented concentrated feed is then passed through a hydro-turbine where
the mechanical energy is converted into electricity. RED involves the diffusion of salt ions
across ion exchange membranes, creating an ionic flux that is converted into an electron flux at
electrodes, and power is harnessed through an applied load in an external circuit.

Previous modeling work on SGP technologies has focused on the maximum power density
produced through PRO or RED. However, maximum power density alone is an insufficient
metric for designing a large-scale, realistic SGP system. Even in an ideal system, maximum
power density will only be achieved at the system inlet where the concentration gradient is
largest, but downstream mixing of the streams inevitably lowering the power density.
Conversely, energy efficiency, defined as the ratio of produced to available energy, is maximized
at the point of complete mixing, which would theoretically occur at the system outlet. However,
complete mixing would require infinite system size (or residence time). Therefore, in order to

evaluate the scale-up of SGP technologies, it is essential to first understand how system-level
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power density and energy efficiency (and therefore total power output) change with module
length (a proxy for system size).

A full-scale process model accounting for changes in velocity, pressure, and concentration
along the length of the flow channels can provide a direct, quantitative indication of these
important process metrics. To the best of our knowledge, a detailed process model has yet to be
published for PRO. For RED, a full-scale process model was already proposed [9]; however, it
was employed for the purpose of comparison with experimental measurements on a small scale
system and was not used to evaluate full-scale performance. Moreover, the model did not
consider external mass transfer, which is significantly impacts performance at low crossflow
velocity [2]. A recent study by Vermaas et al. applied a process model to evaluate changes in
energy recovery and power density over relatively short lengths, but did not account for
membrane resistance, viscous dissipation, or concentration polarization [10]. Furthermore,
detailed comparisons of PRO and RED previously published have considered the maximum
power density achievable, but did not consider how both energy efficiency and average power
density would comparatively scale with system size.

The purpose of this paper is to identify how full-scale performance varies with the main
process parameters. In particular, this is the first time that PRO performance has been evaluated
a full-scale process model. Note that the two processes modeled are envisioned with different
system dimensions and operating principles; hence, comparing PRO and RED is naturally a
difficult task. Therefore, the results presented herein are designed to illustrate the potential of a
full-scale process model and the extension of that model to practical scale-up considerations. The
results are not intended to be a prescriptive statement on which process is technologically

superior. Furthermore, although PRO and RED can be envisioned as multi-stage processes, we
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only consider a single stage (single hydro-turbine and single electrode for PRO and RED,
respectively). Finally, only co-current cases are considered here; cross-current or counter-current

configurations could produce different results.

3.2 Model formulation

In this section, one-dimensional process models are developed for both PRO and RED, in the
spirit of previous efforts to model full-scale reverse osmosis systems [11-14]. In this framework,
cross-sectional variations of velocity and concentration in the flow channels are not explicitly
solved for. Instead, mass transfer correlations are used to account for external concentration
polarization (in the case of PRO, internal concentration polarization is accounted for as well),
and a friction factor is used to account for viscous dissipation. This results in a significant
computational simplification, producing a coupled system of non-linear ordinary, rather than
partial, differential equations. Through employing this flexible approach, operational parameters
can be more rapidly adjusted and evaluated over a wider range as compared with more
computationally intensive approaches such as computational fluid dynamics (CFD). A one-
dimensional model is the first step toward approximating scale-up of salinity gradient energy and
requires much less computational power than more complex modeling techniques. While, over
short lengths CFD can be of great use, over longer system lengths (many meters) it is not
computationally rational to apply two- and three- dimensional approaches. We note that good
correlation between one-dimensional models and experimental data has been reported in the past
for the fouling of reverse osmosis systems [15]. In the present formulation, other inefficiencies
are included, such as co-ion transport and salt leakage, hydraulic losses within the module, and

machine inefficiencies (pumps, hydro-turbine, hydraulic energy recovery device).
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Mass and momentum balances applied to each channel yield the system of governing
ordinary differential equations for transport in each process. Equations 3.1 - 3.3 describe changes
in crossflow velocity u(x), solute concentration c¢(x), and pressure p(x), with position x (module

length) in the dilute and concentrated channels, viz.

Z—”:iziw 3.1)
X

d(uc 2J,

Eix):i - (3.2)
dp__Apu (3.3)
dx 2d, '

where 4 is the PRO or RED module channel height, p is the density of water, d;, is the hydraulic
diameter of the channel, J,, is the water flux across the membrane, J; is the salt flux, and A is the
friction factor coefficient. An exhaustive study was conducted in order to identify useful friction
factor correlations in the literature. Many correlations have been developed for different flow
geometries and Reynolds numbers. Here were apply a friction factor correlation which is
relevant to the range of conditions modeled in this study [16]. The friction factor coefficients

used in determining the hydraulic losses within each channel were calculated through

0)2
Re®:

A=, (3.4)

where o, , m,, and w, are fitting parameters obtained from computational fluid dynamics [16].

For the case of circular spacers with a diameter half the channel height, and 4.5 mm filament
spacing, the values of these parameters are wi= 0.42, wa= 189.29, and ws = 1. Please see the

Supporting Information for more details on our approach to the friction factor correlation.
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Figure 3.1 Graphical representation of a unit “cell” for PRO and RED. Note that initial flow
conditions are denoted by the subscript i, while conditions at a given module length L are
represented by subscript L. PRO involves water flux (J,) and salt flux (J;), while RED
consists of a co-ion transport flux (J.;) and Coulombic flux (J..;) for positive and negative
ions.

A graphical representation of a single PRO or RED membrane “cell” is shown in Figure
3.1. Note that in Eq. 3.1 and 3.2, negative and positive signs signify mass loss/gain, respectively,
occurring in the dilute and concentrated channel. Furthermore, we define the dilution ratio, i.e.,

the ratio of dilute to concentrated channel flow rates, as

d =9 (3.5)
q.

The dilution ratio has a fundamental impact on the energy efficiency achieved during mixing, as
well as the total power extracted. It is distinctly a feature of large-scale implementation and

therefore such effects have not received attention in the laboratory-scale literature.
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3.2.1 Water and salt fluxes

3.2.1.1 PRO

Water flux in PRO is a function of the bulk solute concentrations (and hence, the osmotic
pressure), salt diffusivity D, external mass transfer coefficient k., universal gas constant R,
temperature 7, and membrane permeability to water A, and salt B [5]. In order to account for the
impact of non-ideality in the osmotic pressure, a correction factor must be applied. The actual

osmotic pressure (7, ) and the ideal osmotic pressure (7, ) can be related through the

actual

concentration-dependent osmotic coefficient (¢),

¢ — n’-actual _ (RT /V)lnaw

n-ideal 2 R TC

(3.6)

where the numerator is the actual osmotic pressure and considers the activity of water (a,, ), and
thus non-ideality, and the denominator is the idealized van’t Hoff approximation for osmotic
pressure. Here, V is the molar volume of water and ¢ is the molar concentration of the solution.
Using published reference data [17, 18], it is possible to construct a numerical correlation to
determine the osmotic coefficient of water at a given concentration (i.e. @ = f(c)). Please see the
Supporting Information for further details on the numerical correlation applied in this study. The
membrane interface concentrations (subscript m) for the dilute and concentrated feeds subscripts

(subscripts d and ¢, respectively) are defined as [19]

~J,) B -J,
cc,m=cc,,,exp[ ; j—J—W(cC,m—cd,w[l—exp( ; H 6.7
and
B
cd’m:cd?bexp(']gsj+]—w(cc,m—cd’m)|:exp(‘]’—l;gj—l:| (3.8)
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where c. —c, = d

)

Here, S is the structure factor, dependent on the porosity, tortuosity and thickness of the

(3.9)

membrane support layer, which dictates the severity of salt accumulation within it (internal

concentration polarization). We apply =@2RTc (from Eq. 3.6) to calculate the actual

actual

osmotic pressure difference between the two feeds, with c=¢, , and c=c_, for 7, , and

actual ,

T respectively. Here, the value of the osmotic coefficient is determined from the

actual ,c *

constructed correlation and is calculated for both the concentrated and dilute solution membrane

interface concentrations (¢

c,m?

and ¢, , , respectively). The flux can then be determined through

‘]w = A(Aﬂ’-actual - Ap) (3 1 0)

where AT, ... = T onar.c = Tociar.a» AP = P. — P, and is the applied pressure difference between the

actual —

two feeds, and A is the membrane hydraulic permeability.
The salt flux (or “salt leakage™) is assumed to be purely diffusive and, accounting for

concentration polarization effects, is given by [5]

~J k. . J.SID
J.=B Cfg e . (3.11)
1+ T ( oSID _ e—Jw/k{.)

w

3.2.1.2 RED
The RED salt flux is composed of both a Coulombic (J.,;) and co-ion transport (J.)

components, 1.€. Js = Jeour + Jeir [9]. The Coulombic flux component can be described by
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A —-A
J . — Vmem ‘/load , (3 . 12)
coul Fr

stack

where F is the Faraday constant, AV),,, is the voltage drop across the external load, 7y« 1s the
internal stack resistance incorporating average ion exchange membrane resistance (7em), as well
as dilute (r;), and concentrated (7.) channel resistances. The potential difference across the
membrane, AV,enm, 1s defined as

- mCe
AV _ azRT ll’l ’J/c,m c,m

mem 5
F ’J/d,mcd,m

(3.13)

where a is the average permselectivity, and ., and y,, are the sodium chloride activity

coefficients for the concentrated and dilute solutions, respectively, as a function of membrane
concentration [9]. As with the osmotic coefficient for PRO, here we construct a numerical
correlation relating sodium chloride activity to concentration using data from the literature [17,
18]. Details for the numerical correlation are included in the Supporting Information. The
subscript m refers to the membrane interface concentration and is related to the bulk

concentration (c,) generally via

c, =c, 2L, (3.14)

which accounts for ion accumulation (depletion) at the membrane surface in the dilute
(concentrated) channel. Since J.,,; >> J., we only consider the effect of the Coulombic flux in
concentration polarization. The co-ion flux component is defined as

J. = %(Qm —Cyn) (3.15)

mem
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where the salt diffusion coefficient within the membrane is denoted by D, and the thickness of
the membrane by dmem [9]. We assume negligible net osmotic flux through the ion exchange

membranes due to the competing contributions of osmosis and electro-osmosis [20].

3.2.1.3 External mass transfer

The feed side external mass transfer coefficients were determined using correlations for a
rectangular, spacer filled channel. As with the friction factor coefficient detailed in the earlier
section, an exhaustive review of the available literature was conducted in order to identify the
most useful correlations. Please see the Supporting Information for more details on our approach
to the mass transfer coefficient. The chosen correlations were specifically derived for RO but
here we apply them for both PRO and RED. The mass transfer coefficient, k, can be calculated

via [16],

k. =0.46(ReSc)"* dB (3.16)

h
where Re = udyp/u is the Reynolds number (i.e. the ratio of inertial to viscous forces in a flow),
where u is the dynamic viscosity of the solution, and Sc = w/pD is the Schmidt number (i.e. the

ratio of typical time scales for diffusive momentum and mass transport).

3.2.1.4 Applied pressure and load voltage

In order to produce power in real systems, a hydraulic pressure (for PRO) or load
voltage/resistance (for RED) must be applied. In PRO, the applied pressure corresponds to some
multiple, represented here as (//f) of the total available pressure difference (Am) between the

dilute and concentrated feeds. Here, f is termed the load factor, where the value of fmust be
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greater than unity for the process to operate in PRO mode. The initial osmotic pressure

difference is given by Am,=¢_ ,2RTc,,—¢,,2RTc,, , here using the bulk (and not the

membrane interface) concentration difference between the dilute and concentration feeds. Bulk
concentrations are used since the membrane interface concentrations are a function of the water
flux, and therefore, the membrane properties and geometric proportions of the channel. By using
the bulk concentration, the applied pressure is a property of the solution properties alone.
Likewise, in RED, the load voltage is represented as (//f), taken here relative to the initial

potential  difference  (AE), where the open circuit voltage is given by

AE,= (2RT/F )ln(j/c, vCos |V aCa. b). As with PRO, here bulk concentrations are used instead of

membrane interface concentrations. For both processes, ignoring viscous dissipation, maximum
power density is achieved when the applied pressure difference or load voltage is exactly half of
the available osmotic pressure or open circuit voltage, i.e. Ap = An/2 and AV = AE/2, where Ap
is the difference in hydraulic pressure between the feeds and AV is the applied load voltage [1].
In a large-scale system where pressure and concentration vary with length, the applied pressure
must be adjusted to account for these changing conditions. Hence, for PRO we define the initial
dilute feed pressure as the minimum pressure necessary to overcome hydraulic losses in the
dilute channel and define the initial concentrated feed pressure (which is far in excess of the

dilute feed pressure) to equal

i

f

Pei= tPyi—Par> (3.17)

where Ar;is the initial osmotic pressure difference between the concentrated and dilute solutions,
paiand p,g; are the initial dilute feed applied pressure and the applied pressure of the dilute feed at

some distance L. As noted earlier, for maximum power density in an idealized, constant pressure
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system, f= 2; however, as will be shown, this condition does not necessarily correspond to
maximum power density or energy efficiency in a real system.
For RED, the applied load is not linked with dissipation due to module length as in PRO, and

therefore the applied load is defined as

A‘/load =

AE,
—, 3.18
7 (3.18)

where AFE;is the initial potential difference between the concentrated and dilute channel.

3.2.1.5 Net power and power density
In general, the maximum, reversible power P,., that can be extracted from mixing a dilute feed

and a concentrated feed can be written as

rev

Ca,i Cei
P, =2RT| q,c; In—+q,_ c.In—|, (3.19)
c c

eq eq
where c,, 1s the equilibrium concentration at complete mixing,

Cei +drcd,i (3.20)
cC =——, .
“ 1+d,

In the PRO configuration envisioned here, only the permeate flow is passed through the
hydroturbine while the initial flow is passed through a hydraulic energy recovery (HER) device
where energy is exchanged with the concentrated feed prior to flow through a high pressure
pump. Because the HER device efficiency is greater than the efficiency of the hydroturbine, for
PRO we assume that only the water transported across the membrane is passed through the
hydroturbine, while the remaining flow is passed through a hydraulic energy recovery (HER)

device. The net power generated for a module of a given length, L, can be determined by
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subtracting the contribution of the pumping energy demand for the dilute and concentrated feeds

from the power generated by the hydroturbine, i.e. Py; = Py, - P, where

L
P, =n,bhp, [ ],dx (3.21)
0
and
q.,i 9a.i
Pp: (pc,i_nherpc,L)-i_L(pd,i_pd,L)’ (322)
n, n,

where 7, , 7, and 7. denote the efficiencies of the hydroturbine, pump and, hydraulic energy
recovery device, respectively, and b is the width (hereafter taken as unity). The first term on the
right hand side of Eq. 3.22 is the power necessary to pump the concentrated feed, where the
energy consumption is reduced due to the contribution of the HER) device.

In RED the net power is calculated by determining the power dissipated by the external
load, and subtracting the pumping power demand for the concentrated and dilute feeds, i.e. P, =

Pioaa - Py, where
L
Boad = bFA‘/lnad j ‘]couldx (3 23)
0

and

_ 9eiPei=Pe1)=494,:(Pai = Par)
n,

P

p

(3.24)

The system-level power density, for both PRO and RED, can be calculated by dividing the net

power by the total membrane area,

py=tu (3.25)
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where division by 2 accounts for the fact that there are two membranes in a single unit cell.
Power density is the quantity most frequently used in the literature for comparing RED vs. PRO
process performance. Here we define the total process efficiency as the total generated power (or

work) divided by the theoretical power (or work) available with completely reversible mixing

n = (3.26)

rev

avl N

Note that this value corresponds to the fraction of the reversible work, and not the available
work, that is recovered through mixing [8]. Since the reversible (but not the available) work is

the same for PRO and RED, this approach maintains continuity in the analysis.

3.2.1.6 Solution methodology

The non-linear system of ordinary differential equations [Eq. 3.1, 3.2, and 3.3] and algebraic
constraints [Eq. 3.10, 3.11, 3.12, and 3.15] outlined above for each process, were solved using
the freely-available APMonitor modeling environment [21]. For the present study, state-of-the-
art commercially available membranes were applied in the process modeling, namely, the Oasys
thin film composite (TFC) forward osmosis (FO) membrane was used for PRO, while the
Neosepta AMX-CMX and Fumasep FKD-FAD anion exchange-cation exchange membrane pair
was applied for RED. The dilute feed (treated wastewater or river water) concentration is taken
as 17 mol/m® NaCl while the concentration feed (seawater) concentration is taken as 513 mol/m’.
Table 3.1 lists the values of different process parameters used in the simulations. Unless

otherwise stated, crossflow velocities for both RED and PRO are taken as 0.02 m/s for all
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process simulations. A brief comparison of our modeling results with published experimental
data from a 1 meter long PRO module [22] is included in the Supporting Information.
Unfortunately, we have only been able to conduct this analysis for PRO, since we could not find
any comparable experimental data for RED. Calculations illustrate that the water flux from our
model is in very reasonable agreement with water flux reported from the module size study,
especially at lower applied pressures. We note that discrepancies may inherently present
themselves due to uncertainty in the choice of parameters in the experimental study, as well as

the specific module geometry used.

Table 3.1 Overview of process parameters.

Parameter Value Reference
PRO:

Membrane hydraulic permeability, 4 9.56 x 107> m/(s Pa) [23]
Membrane salt permeability, B 1.31x 107 m/s [23]
Membrane structure factor, S 434 microns [23]
Channel height, / 700 microns

RED:

Average membrane resistance, rcem 2.63x 104 Q/m? [1]
Average permselectivity, o 0.949 [1]
Channel height, / 200 microns

General:

Pump efficiency, 7, 0.89 [24]
Hydroturbine efficiency, #;, 0.90 [24]
HER device efficiency, #ser 0.95 [8]
Solution molar conductivity 0.01287 (S m?)/mol [10]
Temperature, T 293 K

Note that, as the model predicts that mixing will proceed until the driving force is
infinitesimally small, some threshold must be set in order to determine the relative location of

equilibrium. Therefore, J,, = 0 and J,,,; = 0 actually correspond to prescribed values where J,, =
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10° m s and Jeoul =10 mol m™?s™'. These values correspond to approximately 0.1% of the
initial flux for PRO and RED when operating under the conditions listed in Table 3.1 and at

crossflow velocity u = 0.02 m/s and load factor f'= 2.

3.3 Results and Discussion

3.3.1 Properly calculating power density

The commonly accepted method to assess the power density in PRO is to multiply the

experimentally determined flux (i.e. average flux, fw) by the (constant) concentrated feed
applied pressure, i.e. P, = fw p. ;- However, this method grossly overestimates the actual power

density achievable in a PRO module since it ignores the contribution of hydraulic losses and
machine (hydroturbine, pump, and HER device) inefficiencies. In Figure 3.2, the power density
has been calculated using both the commonly published method and through the method
discussed in Eq. 3.25 which incorporates losses. It is clear from the results that there is a
significant impact on the power density from incorporating these losses. Although it is not
surprising that hydraulic losses reduce the achievable power density, there is also an unforeseen
impact due to machine inefficiency. In fact, when operating at a relatively low crossflow velocity
(and correspondingly low hydraulic losses), the efficiency of the hydraulic energy recovery
device becomes the primary contributor to reduced power density. This effect shifts the power
density to negative values at short module length. The reduced power density can be explained
due to the high pressures needed on the concentrated solution side in order to operate near the
optimum power density. For example, although current HER devices can operate at #;., > 0.95,

the energy lost when transferring pressure (energy) to the PRO concentrated feed from the PRO
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Figure 3.2 Change in PRO power density with module length, using different calculation
methods. Note that the commonly accepted method for extrapolating the power density from
experimental data (black line) results in much higher power density than when losses and
inefficiencies are considered. The yellow shaded area represents the region where most power
density measurements are observed in the laboratory due to small-scale experimental design.
All calculations for PRO were made with f =2, and u = 0.02 for both channels.

brine, i.e. (1-#ner)PeL ge.i» 18 still very significant when p,; is large. Further increasing the already
high value of 7, may not be feasible. Note that the size of most laboratory scale PRO
membranes is on the order of centimeters rather than meters, and therefore only power density
near the maximum value is reported. Due to the efficiency considerations shown, a membrane

module of this length will in fact have low or negative power density depending on the efficiency

Since RED does not require a significant applied pressure in order to extract energy, RED

lacks the HER device commonly included in the PRO configuration. Therefore, the change in the
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power density profile at short module length due to HER device inefficiency is not observed for
RED. This distinction is a particularly important difference between PRO and RED. For RED,
power density is maximized at infinitely short module length (see later sections) while for PRO
there exists a maximum power density when module length is appreciably greater than zero. Of
course, since both the actual value of maximum power density and the associated
membrane/module cost are different for each process, this does not imply that either process is
inherently superior. A full scale cost analysis is necessary to determine with which process the

dollar invested per unit energy produced can be maximized.

3.3.2 Change in applied pressure and load

In order to provide a useful indication of the relative process performance at different operating
conditions, the developed model has been used to calculate both power density and efficiency.
Figure 3.3 shows how these metrics change with system length when operating at different load
factors. Power density (which is obtained from the total, system-integrated power divided by the
membrane area), indicates the system-level average productivity of the total available membrane
area. Note that here, it may indeed be treated as an average property, rather than a local one
based on the flux at a given position in the system. In a system that does not account for losses,
power density is maximized for an infinitesimally short system length (where no dilution
occurs), while efficiency is maximized at equilibrium — complete mixing. However, here we can
see that, especially for the case of PRO (Figure 3.3a), power density is not maximized until
approximately 0.5 m of system length. Again, this shift in maximum power density is due to the
inclusion of pump, hydroturbine, and pressure exchanger inefficiencies. These require that a

finite amount of power actually be consumed by the system to overcome inherent losses.
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Figure 3.3 Change in power density and efficiency for PRO (a,b) and RED (c,d), with
variation in load factor and module length. The dashed black line on all plots corresponds to
the module length at which mixing approaches equilibrium (i.e. J,, = 0 for PRO and J.,,;= 0
for RED) for the given set of operational conditions. All simulations conduced at a crossflow
velocity of u = 0.02 m/s for both the concentrated and dilute feed channels.

System-averaged power densities here approach 2.0 W/m” for RED and surpass 2.5 W/m? for
PRO.

While power density and efficiency appear to be maximized at approximately the same load
factor for PRO, this does not occur at f= 2, as predicted theoretically[l, 3, 5]. Rather,
maximization occurs at f= 2.5, meaning that a significantly lower applied pressure is necessary
compared to the ideal case, due to process inefficiencies and dilution. In RED, efficiency is
highest at /' = 3.8 while power density is maximized at /= 2.1, again suggesting there is a

significant gap between the real and idealized cases. The dashed black lines shown on the plots
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in Figure 3.3 represent the module length corresponding to equilibrium for each applied load
factor. For PRO, the maximum value for module length lies at the load factor maximizing

efficiency and power density.

3.3.3 Change in crossflow velocity

The crossflow velocity is an operational parameter that appears to fundamentally impact
process performance. Velocity variation has been modeled in two ways, 1) the dilution ratio has
been set to unity and the concentrated and dilute feed velocities varied together over a selected
range, and 2) the sum of the concentrated and dilute feed velocities has been set constant at 0.04
m/s with the dilution ratio varied. This does not mean that the same flow rates apply for PRO and
RED at a given dilution ratio. Rather, crossflow velocities are the same for PRO and RED, but
due to the different channel heights for each process the flow rates are necessarily different. This
approach was taken in order to capture comparable power densities for both processes. For
example, applying a relatively high flow rate for PRO will produce a relatively higher power
density, but applying the same flow rate for RED may result in unacceptably high viscous
dissipation in the flow channels due to higher crossflow velocity. This is a consequence of the
two processes possessing fundamentally different engineering constraints. Figure 3.4 depicts the
change in power density and efficiency, for PRO and RED with change in velocity at constant
dilution ratio. For PRO (Figure 3.4a-b), it is clear that the power density and efficiency diminish
significantly above 0.1 m/s. This result is particularly interesting since the proposed “standard
method” for testing FO and PRO membranes is at a crossflow velocity of 0.25 m/s [25], and it
appears that such a high crossflow velocity may be impractical in a large-scale implementation

of PRO for energy generation. A similar change in crossflow velocity for RED results in an even
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Figure 3.4 Change in power density and efficiency for PRO (a,b) and RED (c,d), with
variation in crossflow velocity and module length. The dashed black line on all plots
corresponds to the module length at which mixing approaches equilibrium (i.e. J,, = 0 for
PRO and J.,,;= 0 for RED) for the given set of operational conditions. All calculations for
PRO and RED were made with /= 2.

narrower region of preferred operation (Figure 3.4c-d). The smaller channel height in RED

increases the impacts of hydraulic pressure losses on the average power density and efficiency.

3.3.4 Change in dilution ratio

Varying the dilution ratio at a constant total crossflow velocity (u = 0.04 m/s) indicates that
increasing the dilution ratio results in higher efficiency for RED but lower efficiency for PRO
(Figure 3.5). It is also clear from the data that, for PRO, operating near a dilution ratio of unity

leads to maximum system length (i.e. more membrane is necessary to achieve thermodynamic
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equilibrium). For RED, membrane area is maximized at 2 < d < 3. The results incorporate the

thermodynamic effect of changing mixing volumes as well as external mass transfer and

hydraulic pressure loss effects.
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Figure 3.5 Change in power density and efficiency for PRO (a,b) and RED (c,d), with
variation in dilution ratio and module length. The dashed black line on all plots corresponds to
the module length at which mixing approaches equilibrium (i.e. J,, = 0 for PRO and J,,,;= 0
for RED) for the given set of operational conditions. Calculations made with a total crossflow
velocity u = 0.04 m/s, with dilution ratio variation achieved by taking different fractions of
the total velocity. All calculations for PRO and RED were made with /= 2.
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3.3.5 Maximum values

As has been demonstrated above, the process model can be used to determine how important
performance metrics change under different operating conditions. From Figure 3.3 — Figure 3.5,
it is clear that the values for power density and efficiency change with dilution ratio, load factor,
and crossflow velocity. However, in the preceding set of calculations, each of these operating
parameters was varied individually with respect to module length. It is useful to identify how the
maximum values for three performance metrics — power (P,.), power density (P,), and
efficiency (1) — change as operating conditions are changed simultaneously rather than one at a
time. Here, dilution ratio and load factor have been chosen as the variable operating conditions.
In order to conduct the analysis, the maximum value for each performance metric was evaluated
for different system lengths, and the largest value was plotted against the relevant load factor.
Note that, as the load factor necessarily impacts the driving force and equilibrium in each case,
module length is not constant across all scenarios, and is rather a model output, giving a value of
the system size at which a maximum is achieved for either the total power, power density or
efficiency. Figure 3.6 shows how changes in load factor impact the maximum energy efficiency,

power, and power density for several dilution ratios (d, = 0.25,1,4) when all process losses are

incorporated. Dilution ratio variation has been achieved using the method described earlier.
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Figure 3.6 Change in maximum power density (P;), maximum power (P,.), and maximum
efficiency () for PRO (left column) and RED (right column) as the load factor (f) is varied at
different dilution ratios.

While all dilution ratios show roughly similar maximum power density values, the power
output and efficiency vary significantly with dilution ratio. Thus, reporting a maximum power
density value alone is an incomplete measure for judging the performance of an SGP process
since these maximum power densities may correlate with different system size. Furthermore, the

data shows that higher energy efficiency does not necessarily correspond to higher overall power

output. For example, in RED, operating at d, = 4 is more efficient than operating at d_= 1, yet

both scenarios produce roughly the same overall power output. Similar behaviour can be

observed for PRO. In an ideal case, the efficiency will vary only by changing the ratio of the feed
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flow rates and not the magnitude of the flow rates. Accounting for losses, however, introduces
some impact of the actual flow rate magnitude on energy efficiency due to viscous losses and
mass transfer limitations (external concentration polarization). In either case, the power produced
is of course proportional to the mixed volumes. For example, if 10 m’ of river water were mixed
with 40 m’ of seawater, one would still expect greater overall power output than from mixing
0.10 m’ of river water with 0.10 m> of seawater, despite the higher overall efficiency in the latter
case.

Over the range of flow rates modeled, RED displays higher maximum efficiency with
increasing dilution ratio. A larger relative dilute feed flow rate maintains low concentrations and
thus ensures a more sustained potential difference across the membrane. PRO, on the other hand,
does not exhibit a clear trend over the dilution ratios modeled. In theory, a relatively larger
concentrated solution flow rate results in greater sustained osmotic pressure difference between
the two solutions, since each molecule of water crossing the membrane has relatively lessened
dilutive effect. However, in a non-ideal system, increasing the concentrated feed flow rate results
in greater viscous dissipation in the feed channel, decreasing the overall energy efficiency.

Recall that, in an ideal case, power density is maximized at /= 2. As already established
earlier (see Figure 3.3), power density and efficiency are not maximized at this value. However,
while maximum power density peaks at the same load factor for all modeled dilution ratios, this
is not the case for maximum efficiency or maximum power (Figure 3.6). Varying the dilution
ratio necessarily changes the preferred load factor. These effects are shown to be of great

importance and so must be considered when determining an optimum operating regime.
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As noted earlier, maximum membrane area per “cell” (i.e. the system length necessary to
achieve J,, = 0 or J.,; = 0, multiplied by unit width and a factor of two to account for two
membranes), necessarily changes with varying inlet conditions. To determine the maximum
membrane area, one cannot simply divide the total maximum power by the maximum power
density shown in Figure 3.6, since each of these metrics is maximized at a different system size.

Still, it is worthwhile to identify how maximum area changes with dilution ratio and we can

PRO RED
©
$ -+ - | r . _
© - |
< -
® -
2 L
4 6
Load factor Load factor
() ()
— 4=1 ——¢=1/4 p=4

Figure 3.7 Change in maximum membrane area for one “cell” (i.e. the system length
necessary to achieve J,, = 0 or J,,,; = 0, multiplied by unit width and a factor of two to account
for two membranes), for PRO (left column) and RED (right column) as the load factor (f) is
varied at different dilution ratios.

extract this value from the process model. From Figure 3.7, it is clear that maximum membrane
area scales differently with varying dilution ratio for PRO and RED. As noted earlier, these
results are per “cell,” at the same cross flow velocities for PRO and RED, and not at equal flow
rate. For RED, membrane area appears to increase with increasing load factor, irrespective of the
actual dilution ratio. On the other hand, for PRO, maximum membrane area appears to peak at

lower load factors for some dilution ratios. This behavior is a consequence of the way the driving
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force (Arr or AV, ) and retarding force (Ap or AV, ) impact the flux equations differently for

each process.

3.3.6 Cost considerations

Ultimately, the cost to produce a kilowatt-hour of energy and the installed cost (per kW) are the
most important metrics in evaluating energy production, and for designing full-scale membrane
area requirements (here represented by module length). It is also the most useful basis of
comparison between SGP processes and, ultimately, other forms of electricity generation. As
stated earlier, it would not be economically viable to seek complete mixing (i.e., equilibrium)
due to the relatively low productivity of downstream membranes. The most cost-effective system
lengths will lie somewhere between the maximum power density and efficiency.

For a SGP process, total membrane module cost will scale with membrane area. However,
assuming constant crossflow velocity, there is a tradeoff between the cost associated with pump
flow rate requirement (higher for cells in parallel) and pump pressure requirement (higher for
cells in series due to higher pressure drop). With the input of cost correlations for each of the
system components (pumps, membrane modules, HER device, etc.), it is possible to use the
process model to optimize the cost relative to the system power output. That is, one can
determine the location of maximum cost-effectiveness (i.e. the effective length or number of
cells in series) depending on the relative capital costs of different plant components. Operating
costs, which may scale differently than capital costs, can also be considered in the overall cost
optimization. For example, pump capital cost could outweigh membrane capital cost (i.e. in very

short modules), but the operating cost associated with membrane cleaning could be more
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significant than pump maintenance. Of course, the accuracy of such an analysis will depend on
the quality of the cost correlations used for the various plant components.

While it is possible to use seawater RO empirical relationships to estimate costs for PRO and
RED, the classical models do not appear to realistically predict optimized full-scale performance.
Loeb used a different method for his analyses of PRO feasibility [24, 26]. It must be
acknowledged, however, that Loeb did not apply a full-scale process model to determine how
power density changes with system length, and he extrapolated the cost for PRO based on the
cost per cubic meter of permeate volume produced by RO, whereas our work herein suggests that
method may be unsubstantiated. Future work to determine PRO or RED cost should rely on
appropriate full-scale process model results (such as those presented here) as well as updated
empirical correlations for plant component capital cost, operating cost, construction cost, and

other contributing costs.

3.4 Conclusions
A new process model has been formulated for PRO enabling simulation of power density and
process efficiency for full-scale system designs. Here, the modeled scenario corresponds to
ocean water-river water mixing, whereas applications with significantly different salinity
gradients may require different operating conditions to optimize performance. The results
provided herein demonstrates the following.
1) HER device efficiency can significantly impact the power density and energy efficiency
profiles for PRO. An important future research area is the refinement and improvement of

HER devices for the operating pressures likely to be encountered in PRO.
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2) The impact of cross-flow velocity is clear. In particular, PRO studies commonly employ
velocities that (according the results of this study) are likely to consume significant
power output at scale.

3) Load pressures and voltages typically identified as the preferred operating regimes for
PRO and RED are shown here to be non-ideal. Therefore, full-scale implementation of
either process should not rely on predictions from simpler models.

4) Highest energy efficiency does not necessarily occur at thermodynamic equilibrium for
both processes due to viscous dissipation. Furthermore, energy efficiency appears to be
maximum at lower dilution ratios for PRO and higher dilution ratios for RED. Depending
on the relative availability of the dilute or concentrated feed, this could imply a
preference for a particular process.

5) Since membrane area varies significantly with dilution ratio, maximum power density is

an incomplete metric for comparing a process with different operating conditions.

The data presented here demonstrates that the power densities achievable from PRO and
RED are still relatively low, particularly when compared to reported lab-scale measurements.
Ultimately, the most direct method to increase power production (but not necessarily efficiency)
is to increase the concentrated feed salinity. The increased salinity will lead to larger water and
Coulombic fluxes for PRO and RED, respectively, allowing for higher total power output. Still,
operation at higher salinity presents a new set of challenges, such as corrosion, membrane
compaction at higher pressures, and availability of hyper-saline feed waters. Ultimately, a
reduction in the cost of energy production for both PRO and RED will largely depend on a mix
of component cost decrease (specifically membrane cost reduction), optimal engineering design,

and adequate governmental policy support.
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Nomenclature

A Water permeability coefficient, m Pa™' s™!
B Salt permeability coefficient, ms™

b Module width, m

c Concentration, mol m>

Coq Equilibrium concentration, mol m™

D Solute diffusion coefficient in water, m’s’
d, Hydraulic diameter, m

d Dilution ratio

D, Solute diffusion coefficient in membrane, m*s™
AE Open circuit voltage, V

F Faraday constant, C mol”

f Load factor

h Channel height, m

J i Co-ion flux, mol m™s™'

J coul Coulombic flux, mol m™s™

J Salt flux, mol m™s™!

J, Water flux, m s™'

k External mass transfer coefficient, m s!
L Module length, m

p Pressure, Pa
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mem

stack

Sc
Sh

AV

mem

A‘/'loaal

Greek letters
o
o

mem

n
nher
um

Power density, W m™

Power generated through hydroturbine, W
Power generated through external load, W
Net power, W

Pump demand, W

Power from reversible mixing, W
Volumetric flow rate, m’s

Universal gas constant, J mol” K!
Reynolds number
Resistance, Ohm m?

Membrane resistance, Ohm m’
Stack resistance, Ohm m’

Structure parameter, m
Schmidt number
Sherwood number
Absolute temperature, K
Crossflow velocity, m s™

Voltage drop across membrane, V
Voltage drop across external load, V

Distance, m

Permselectivity

Membrane thickness, m
Efficiency

HER-device efficiency
Hydroturbine efficiency

Pump efficiency

Friction factor
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Am

Subscripts
b

Osmotic pressure difference, Pa
Solution density, kg m™
Osmotic coefficient

Friction factor fitting parameter

Bulk
Concentrated
Dilute

Inlet

Outlet

Membrane interface
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4 TOWARD IMPROVING PRESSURE RETARDED OSMOSIS
EFFICIENCY USING A STAGED APPROACH
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4.1 Introduction

Salinity gradient power (SGP) technology could provide continuous, renewable power through
the mixing of feeds with different salinity. Recently, our group developed full-scale process
models for the two most popular SGP technologies, pressure retarded osmosis (PRO) and reverse
electrodialysis (RED) [1]. The developed models are more comprehensive than simpler mixing
models and likely reflect a truer measure of achievable power densities and efficiencies. The
power densities reported by the process model highlight the need for innovative module and flow
design in order to improve the feasibility of SGP. While there has been significant research into
RED module design [2-4], there has been less focus on optimizing PRO process configurations.

A PRO system can be designed, at the extremes, with many short modules in parallel or a
small number of longer modules. Given the same total membrane area in both cases (and the
same flow channel crossflow velocity), the parallel configuration will necessarily require more
total flow into the system. As a result of this higher flow rate, pump, pretreatment, and other
ancillary costs will be greater. This impact is compounded by the fact that many feed streams are
not available in infinite supply (diluted wastewater, brine, etc.). It may, therefore, be prudent to
operate at higher efficiency than otherwise assumed given these considerations. Thus,
maximizing efficiency is a valid and important goal of any research work into PRO.

From previous research [5] we know that, in an ideal system where equal volumes of
dilute and concentrated flow are mixed, efficiency and power density are both maximized at Ap
= An/2, where Ap is the applied pressure difference and Ax is the osmotic pressure difference
between the concentrated and dilute feeds. In a real system, there is some deviation from this
ideal condition [1]. An important point, nevertheless, is that as mixing proceeds in PRO the

concentration (and therefore Am) changes. At points downstream from the module inlet Ap is
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now mismatched from the local ideal operating condition of An/2. The main goal of this study is
to identify an operational configuration wherein this effect can be managed. This so called
staged PRO configuration is depicted in Figure 1 and is designed to improve process efficiency
(and power density) relative to the standard configuration by re-setting the applied pressure at the
inlet of different flow segments. Note that in the modeled scenarios, membrane area is kept
constant between the standard and staged configurations, and an increase in efficiency
necessarily results in an increase in power density. Therefore, only efficiency changes are shown
but power density changes can be assumed by the reader.

Many potential configurations can be envisaged using this intermodule arrangement.
Here, the flow fed into the concentrated feed channel of each downstream segment is the same as
at the entrance to the system. In practice, this means that excess (permeate) flow after each
segment is combined and fed directly to a single excess flow hydroturbine. Note that the
configuration of the turbines as suggested in Figure 4.1 is not a commonly applied design
approach for hydroturbines in power generation. Often, hydroturbines are operated in such a way
as to recover as much energy from the flow as possible. Therefore, the full pressure of the flow is
transferred to kinetic energy in the turbine blades (minus some unavoidable losses), and little
pressure is retained in the flow relative to the inlet pressure. The hydroturbine mode suggested
here instead implies only partial recovery of the pressure. Kinetic energy of the hydroturbine
blades should be managed by increasing rotational resistance of the hydroturbine. Obviously,
research into the feasibility of such a design and the most efficient operational method for
employing such a configuration must still be conducted. For the purposes of this study, the same

operational efficiency was taken for the excess flow and intermodule hydroturbines.
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The aim of the work discussed herein is to identify how a staged flow configuration may
improve PRO efficiency. To accomplish this task, the process model developed in an earlier
paper was modified to suit the configuration of interest. For the purposes of this study,

membrane properties (Oasys TFC membrane) and module geometry were taken from Chapter 3.

Standard Configuration

Segment 2

Segment 3

. Segment 1
Brine
Concentrated

Dilute

Brine

Brine

Segment 1

Brine
Concentrated

Dilute

Brine

Brine

ERD
@ High pressure pump @ Booster pump Hydraulic energy recovery device (I Hydroturbine, excess flow (EF) or intermodule (IM)

Figure 4.1. Graphical representation of a standard configuration (top) and a staged
configuration (bottom) for PRO. Note the staged configuration has intermodule hydroturbines
placed between each segment, which modulate the applied pressure at the inlet to the
following segment. Excess flow (relative to the initial flow rate) from the outlet of each
segment is combined and fed through a final excess flow hydroturbine.

4.2 Model Formulation

The process model applied in this study was previously developed by the co-authors in order to
evaluate scale-up characteristics of salinity gradient power [1]. Briefly, a one-dimensional
process model was applied, accounting for longitudinal changes in concentration, velocity, and
pressure. Algebraic correlations are used to correlate bulk concentrations to the membrane

interface concentrations necessary for calculating water flux. The system of differential and
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algebraic equations is then solved using an appropriate solver (APMonitor) [6]. Since we are
interested in how process performance scales over a large area, this approach is preferable to
more computationally exhaustive 2D and 3D computational fluid dynamics (CFD) techniques.
Note that this type of approach has been successfully applied in the past studies, with good
experimental agreement. Mass and momentum balances applied to each channel yield the system
of governing ordinary differential equations for transport in each process. Eq. 4.1, 4.2, and 4.3
describe changes in crossflow velocity u(x), solute concentration c(x), and pressure p(x), with

position x (module length) in the dilute and concentrated channels, viz.

du _ 20

dz h 4.1)
d(uc) _ iQJS

dx h (4.2)
@ B _)\pu2

dx 2dp, (4.3)

Friction factor coefficients used in determining the hydraulic losses within each channel were
calculated using correlations described in Appendix A. Water flux in PRO is a function of many
parameters, including bulk solute concentrations, salt diffusivity D, external mass transfer
coefficient k., universal gas constant R, temperature 7, and membrane permeability to water A4,
and salt B. Details of the calculation of the water flux in PRO, assuming non-ideality in the
osmotic pressure calculation, as well as the salt flux (or “salt leakage™), which is assumed to be
purely diffusive in PRO, is also discussed in Chapter 3. The total power in PRO can determined
by subtracting the contribution of the pumping energy demand for the dilute and concentrated

feeds from the power generated by the hydroturbine, i.e. P, = P - P, where
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and

qc.i 4a,i
p,= (P, _nherpc,L)-i_nL(pd,i —Pa1)> (4.5)

p p

where 75, , 7, and 7, denote the efficiencies of the hydroturbine, pump and, hydraulic energy
recovery device, respectively, and b is the width (hereafter taken as unity). The first term on the
right hand side of Eq. 4.5 is the power necessary to pump the concentrated feed, where the
energy consumption is reduced due to the contribution of the hydraulic energy recovery device
(HER) device. Here we define the total process efficiency as the total generated power (or work)

divided by the theoretical power (or work) available with completely reversible mixing

n=—te, (4.6)

rev

avl N

Note that this value corresponds to the fraction of the reversible work, and not the available

work, that is recovered through mixing [7].

4.3 Results and Discussion

Figure 4.2 depicts the water flux, pressure and concentration variation along system length for
standard and staged PRO configurations. For the analysis conducted in Figure 4.2, we assume
three segments of equal length (0.5 m each) for both cases. Note that for the standard
configuration this arrangement is considered to be functionally the same as a single, 1.5 m long

segment, and the length of each segment has been chosen in order to demonstrate most clearly
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Figure 4.2 The change in water flux (top), pressure difference (middle) , and concentration
(bottom) with total system length for the standard (dashed line) and staged (solid line)
configurations. This output corresponds to the scenario depicted in Fig.l1, with pressure
modulated at the entrance to each segment for the staged configuration. Note how water flux
increases dramatically at the entrance to downstream segments (0.5 m and 1.0 m). The
modelled scenario is for brine (1026 mol/m?) and river water (17 mol/m?) mixing.

the differences between the staged and standard configurations. The length of each segment is
not meant to correspond to a specific module length currently available on the commercial

market. It is clear from Figure 4.2 that, as expected, water flux for the standard configuration at
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is highest at the module inlet where the thermodynamic driving force is greatest between the
concentrated and dilute feeds. For the staged configuration, we note that the water flux is

increased versus the standard configuration at the inlet to Segments 2 and 3.

The increased flux in the staged configuration is a direct consequence of the diminished
pressure difference between the concentrated and dilute feeds. For the standard configuration, the
pressure difference between the concentrated and dilute feeds remains relatively constant along
the system length due to the relatively small pressure change from viscous dissipation. With
respect to concentration change using the standard configuration, most of the concentration
change occurs over the first third of the total system length due to the lower overall productivity
of later segments. However, with staging the outlet concentration difference between the two

feeds is diminished versus the standard configuration case, indicating increased overall mixing.

Figure 4.3 shows the change in efficiency with the number of PRO stages for two
different crossflow velocities and three mixing scenarios (seawater-river water, brine-river water,
brine-seawater). The results are also depicted for three total system lengths (1m, 2m, and 3m) in
order to evaluate the impact of staging with increased overall mixing. Staged PRO appears to
offer significantly improved efficiency over the standard configuration for brine-river water and
seawater-river water mixing at lower crossflow velocities, with efficiency increases from 31% to
44% and 34% to 50%, respectively, versus the standard PRO configuration. It is also clear,
however, that the bulk of the efficiency improvement is achieved using just a single additional
hydroturbine. Thus, improved efficiency may be possible with only a marginal increase in capital

cost.
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Figure 4.3 Change in PRO efficiency for three different mixing regimes and two crossflow
velocities, The three colored lines on each subplot correspond to different total system length

for staged PRO.

For other mixing scenarios, staged PRO does not appear to offer improved efficiency,
and in some cases, staging actually results in decreased efficiency with increasing number of
segments. Irrespective of crossflow velocity, brine-seawater mixing does not demonstrate an
improvement in performance with segmentation. Since the initial thermodynamic driving force is
lower in this case, decreasing the pressure difference between the concentrated and dilute feeds
does not serve to radically improve the overall flux, particularly in light of the increased overall
machine inefficiency from the additional hydroturbine. Similarly, the higher velocity case (u =

0.2 m/s) for all mixing scenarios results in either the same or decreasing efficiency with staging.
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As the number of PRO stages increases, greater energy is lost in the higher velocity case than if a

lower velocity is applied.

Finally, we must acknowledge the PRO process cost that will necessarily increase due to
additional hydroturbine capital cost. However, if we take RO as an analogy, we know that pumps
account for only around 7% of the total capital cost of the plant [8]. Furthermore, amortized
capital cost itself accounts for just 56% of the total operating cost ($/m’) of an RO plant
(neglecting the contribution of electrical electricity demand, since PRO is net positive power).
This further decreases the relative contribution of the pumps to the total cost. It is possible that
hydroturbines will be valued at the same price as the pumps, however there is evidence to
suggest hydroturbines may actually scale lower in price [4]. Additional hydroturbines, therefore,
are not likely to shift the installed cost much, but may lead to significantly greater power
generation. Ultimately, it seems prudent to invest in the staged configuration if the goal is to

reduce the cost of electricity production ($/kWh).

4.4 Conclusion

In order to improve the overall efficiency of the PRO process, a novel process configuration has
been suggested in this study. Using a comprehensive process model for PRO developed in a prior
study, we have shown that the efficiency of PRO can be dramatically improved using a relatively
simple modification to the standard configuration. However, in some cases the impact of staging
actually resulted in efficiency decreases due to compounding machine inefficiency and low
mixing potential. Ultimately, the rationale for introducing staging will depend on criteria

pertaining to the specific site and mixing regime. In future work, the optimization of staging with
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respect to segment length, crossflow velocity, turbine efficiency, and other operational

parameters can be investigated.
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5 COST ANALYSIS FOR PRESSURE RETARDED OSMOSIS
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5.1 Introduction

In previous chapters, we highlighted the potential performance from standalone and
hybrid salinity gradient power technologies. However, in order to access the feasibility of
a process, and thus, the practical potential for full-scale deployment of the technology,
cost data must be incorporated into the analysis. In order to assess the competitiveness of
SGP against other power generation processes, the cost of energy generation (i.e. the
dollar sum required to produce a given amount of energy) can be calculated using cost
correlation equations. Ultimately, using the cost data, one can determine the ideal system
size, which may be distinct from points of optimum power density or efficiency.

Numerous cost correlations appear in the literature, including those from a recently
published paper on a hybrid PRO/RO process [1]. Using this method, pumps,
hydroturbines, and pressure exchangers are priced based on the design flow rate and
pressure required for each component. However, due to the age of the correlations
present in the literature, it is important to also develop new empirical relationships based
on more current costing data. Correlations for plant components were developed by
contacting manufacturers, suppliers, and engineering firms.

In this chapter, literature correlations (ECs) and developed correlations (DCs) are
applied in order to determine the cost of energy produced by PRO. The cost of individual
plant components is profiled for different operational scenarios. Furthermore, the impact

of future improvements in membrane performance on energy cost is evaluated.
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5.2 Methodology

5.2.1 Determining capital cost

The total cost of a plant is the sum of the capital cost (CAP EX) and operation cost (OP EX) over
the lifetime of the facility. PRO is likely to share some similar equipment such as high-pressure
pumps and pre-treatment with RO. However, certain plant components, such as the membrane
modules, may scale differently for PRO. Here, we have based our analysis on the capital cost
calculations for a seawater reverse osmosis (RO) facility as presented in the literature, as well as
newer correlations developed using more current data.

The total CAP EX (CCy) is defined by

c,=cc,+cc,,, +cc, +cc, +cCc,, +CC, +CC,,, (5.1)

pump
where CC,. 1s the pre-treatment and seawater intake cost, CCpy, 1s the high pressure pump
capital cost, CCj,,is the hydraulic energy recovery device cost, CCy, is the hydroturbine cost,
CCem 1s the membrane module cost, CC,, is the pressure vessel cost, and CCyyer 15 other
indirect costs and construction costs. In order to calculate the plant pump capital cost (CCpump),
empirical relationships were used as cited in the literature [1, 2] or formulated from manufacturer
or supplier pricing information. High-pressure pump cost, as defined by the LCs, is dependent on
both the flow rate and the required fluid pressure. In order to meet the total flow and pressure
demand, a combination of pumps from the three classes listed below may be required,
393,000 +10,710p for q =450 m>/h

81(pq)°* for 200 m*/h < q < 450 m*/h (5.2)
52(pq) for <200 m’/h

cc

pump, LC =
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where p is the applied pump pressure (in bars) and ¢ is the flow rate under pressure (in m’/h),
and subscript LC denotes that the value applies only to the literature correlations. Eq. 5.2 is
presented in 1995 dollars, and therefore must be corrected to 2013 values by multiplying by the
inflation factor (1.53). The DCs, which were compiled based on total pump load (power

demand) rather than specific pressure or flow rate requirements, are defined as

0.4744P° +606.76 P + 663998 for P > 550 kW
-0.617P* +1576.58 P+ 350323 for 350 kW < P <550 kW (5.3)
~1.7084P° + 2546 4 P+ 36648 for P <350 kW

cc

pump ,DC =

where P is the product of the pump pressure and flow rate required. In determining the
hydroturbine capital cost (CCy,), it was not possible to find appropriate literature correlations
since hydroturbines are not used in RO. Therefore, the empirical relationships used for the high-
pressure pumps were also applied for the hydroturbines due to assumed construction similarity

(i.e.CC, pc =CC,,,, pc)- It was possible, however, to procure information from suppliers for a
DC for hydroturbine cost as follows

CC,, pe =0.0009P* +204.9P* + 127049 (5.4)

where P is the load (i.e. the product of the pressure and flow rate passed through the

hydroturbine). The LC cost of the hydraulic energy recovery device (HER, or ERD) is [1, 3],

CC,,, 1c =19802.4(g,,,,.)"" (5.5)

where ¢, 15 the flow passed through the hydraulic energy recovery device in m’/h. Eq. 5.5 is

presented in 2006 dollars, and therefore must be corrected to 2013 values by multiplying by the

inflation factor (1.16). The DC cost is calculated at CC,,,. , =614gq,,, ., and is based on the

provided cost for an Energy Recovery PX-300 unit with a capacity of 55 m*/h. The LC and DC

membrane module cost is calculated through
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(5.6)

mem mem

CC =m x(area)x( plant life j

membrane life

which is a modified form of the equation appearing in the literature [1, 4], and where m,,,, is the

per area membrane cost ($/m?). In the LC case, the literature assumes My = $13.05/m?,
however this value must be multiplied by 1.27 in order to account for inflation. For the DC case,
membrane cost has been identified for two cases with different operating pressures. At pressures
below 27.5 bar, we assume the use of brackish water RO membranes with m,,, = $13.4/m’,
while at higher pressures seawater RO membranes are assumed to be necessary with m,,, =
$19.6/m>. Here, we have assumed a plant life of 20 years and a membrane life of 5 years. An
additional contribution of the pressure vessel, which can be calculated (as a function of the

membrane area) by

CC, =m, X (area) (5.7)
Eq. 5.7 is modified from an equation appearing in the literature [1], where m,, is the per
membrane area pressure vessel cost and m,, = $6.06/m* for the LC. The LC value must be

multiplied by 1.08 to account for inflation from 2008 figures. As in the case of the membrane

module, the DC pressure vessel cost varies based on operating pressure with m,, = $6.00/m’
below 27.5 bar and m,, = $8.50/m” at higher pressures. In accordance with the literature [2], the

site development indirect costs (CCyper) have been assumed to be an additional 41% of the
equipment capital costs. Note that, although pre-treatment and intake costs for the dilute and
concentrated feed have been identified in the literature [1, 2, 5], the large variability and site
specific nature of pre-treatment make it difficult to include here. For example, pre-treatment
costs may be significantly lower in PRO than RO due to lower pressure operation. This may

seem, in light of the inclusion of CC,;.-to be nonsensical. However, since indirect costs are
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simply a multiple of total equipment cost, its inclusion simply shifts all values to higher cost but

does not change the location of minimum cost.

5.2.2 Determining operating cost

Based on a cost-breakdown for reverse osmosis desalination [6], operating costs (parts and labor)
were taken as 41% of the total annual cost (ATC). To arrive at this value, we have neglected the
contribution of the pump electricity cost to the operating cost since these processes, unlike RO,

are power generating rather than power consuming.

5.2.3 Calculating total cost of energy production

The total energy produced is simply the power produced by the facility multiplied by the lifetime
of the plant. To account for downtime and maintenance of the plant, a utilization rate (7,) of 0.90
has been assumed. The annual total cost (ATC) is calculated from the annual capital cost (ACC)
and annual operating cost (AOC) [2]. The ACC is determined by multiplying the total capital

cost by the capital charge (7.., assumed here to be 8%), i.e. ACC =r, .CC, ,. The ATC is defined

tot *

by [2]
ATC = ACC + AOC, where AOC =1.14ATC (5.8)

The present value of the ATC is

Py - ATC [ +1)"=1]
ATC i(i+1)"

=14.87ATC (5.9)

where i is the discount rate (assumed here to be 3% per annum) and » is the plant lifetime.

Therefore, the energy cost (in $/kWh) equals
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P VATC

Energy cost ($/kWh) =
r,XP,_ Xn

(5.10)

where P, is the net power. The energy cost serves as a useful basis of comparison for different
operational scenarios. For example, in theory, different crossflow velocities may yield the same
energy costs at different system lengths. This does not mean that the power produced in each
case is the same. In one case, the system may produce 500 W and in another, 1000 W, but the
energy cost in both cases may be $0.30/kWh. If the number of cells is doubled in the 500 W case
to match the power achieved in the 1000 W, the energy cost is still the same since both energy
and cost are calculated in the same way.

All simulations assume the same number of “cells,” with crossflow velocity (i.e. flow rate)
and system length varying between the four cases. The number of cells (n = 12,400) corresponds
to approximately 150,000 m’/d brine discharge from a 300,000 m*/day seawater RO plant, when
operating the process at a cross flow velocity at 0.2 m/s. This arrangement assumes another
150,000 m’/d of river water or treated wastewater is also available for mixing. Here, “feed”
refers to the dilute solution and “draw” refers to the concentrated solution.

In all cases, the membrane properties are taken from the Oasys TFC membrane (as
described in Chapter 3), unless otherwise noted. In order to simplify the analysis, membrane
water permeability (4) and structure factor (S) are varied but membrane salt permeability (B) is
held constant. Note that the energy cost values discussed in this chapter are the breakeven

energy costs which correspond to a zero profit/loss scenario.
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5.3 Results and Discussion

Figure 5.1 shows the change in the capital cost of individual plant components for the
literature-based empirical correlations (LCs) as well as the developed correlations (DCs)
from this study, based on two different system lengths (2 m and 5 m) and at two different
crossflow velocities (a) 0.02 m/s and (b) 0.2 m/s. From comparing (a) and (b), it is clear
that a higher crossflow velocity across the membrane modules results in significant
changes to the cost of some plant components. Pump, hydroturbine, and energy recovery
device (ERD) cost change dramatically with operation at a higher crossflow velocity.
Since higher velocity corresponds to higher flow rate, more and larger pumps,
hydroturbines, and ERDs are necessary to accommodate the increased load. Despite the
higher overall cost for the higher velocity case, the cost per kilowatt hour may scale
differently than the change in capital cost due to the differences in power generated using
different crossflow velocities. Note also that membrane module and pressure vessel cost
change little with crossflow velocity. This is because a system of a certain length will
have a fixed cost for these components, regardless of the hydraulics within the system
itself. At a given crossflow velocity, longer systems have higher membrane cost and
pressure vessel cost, but very similar pump cost and ERD cost to the lower velocity case.
In practice, there seems to be little impact of channel viscous dissipation in increasing the

pump size (and cost) requirement.
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Figure 5.1 The cost of different plant components for two different crossflow velocities, (a) 0.02
m/s (top) and (b) 0.2 m/s (bottom), for two different system lengths (2 m and 5 m) when mixing
RO brine with river water over a system length. Note the large change in pump, hydroturbine,
and ERD device cost with higher crossflow velocity (i.e. flow rate).

When comparing the results for the LCs and DCs, it is clear that the biggest
difference is in cost of the feed pump. This difference results from the way in which
pump cost is calculated using each method. For the LCs, there is a base cost for each large

pump, with additional cost arising from increased pressure demand (that is,

CC . =393,000+10,710p,forq=450 m’/h). The DCs calculate pump cost solely on the

pump
power required, i.e. the product of the pump pressure demand and pump flow rate

demand. This results in a significant disparity in pump cost due to the very low pressure
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required for the feed pump. The draw pump, on the other hand, does not exhibit such a
pronounced difference using the two methods since the high pressure demand leads to
high pump costs in both cases.

The cost of the ERD is significantly higher using the LCs. ERD cost will vary
based on the type of technology employed as well as the device efficiency. Improvement
in ERD performance over the last few decades has substantially reduced the cost of these
devices. Still, the DCs applied in this study must be refined in order to fully capture the

wide array of ERD models available.
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Figure 5.2 The change in cost along the system length for different membrane water (hydraulic)
permeabilities, accounting for just the equipment cost, the equipment cost with indirect costs,
and equipment cost with indirect costs, operating costs, and the capital charge and discounting
over the life of the plant. The calculation is conducted for the Oasys TFC membrane (S = 434
microns, B=1.3 x 107 ms™") at a crossflow velocity of u = 0.2 m/s, for brine-river water mixing.

Figure 5.2 shows how incorporating indirect cost and operating costs with capital charge
significantly increases the cost of energy for the given mixing conditions (concentrated
feed: 1026 mol/m’, dilute feed: 17 mol/m’, crossflow velocity = 0.2 m/s). At longer
system lengths, where costs appear to be lowest, improvement in membrane water
permeability beyond the current Oasys TFC value (4 = 9.56 x 102 ms™ Pa™) correlates

with little equipment cost reduction. However, when incorporating additional costs,
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improvement in water permeability has a clear impact. This effect is observed because
any difference in equipment cost will be amplified once other costs are incorporated.
Figure 5.3 shows how changes in membrane water permeability (4) and structure
factor (S) impact the minimum energy cost ($/kWh) for two different crossflow velocities
and two different mixing regimes (brine-river water and seswater-river water). Here,
minimum energy cost correlates to the lowest (positive) value for energy cost achieved
over a total system length of 5 m. For different combinations of structure factor and
permeability, this minimum value will occur at different system length. The modeling
results show that, for both mixing regimes, a higher crossflow velocity (u = 0.2 m/s) leads
to lower overall minimum energy cost. However, in the case of seawater-river water
mixing, a low minimum energy cost can only be achieved at very low structure factor and
high membrane hydraulic permeability. Therefore, if we assume the use of the current
state-of-the-art Oasys TFC membrane, operating at the lower crossflow velocity (u = 0.02
m/s) is more practical than the higher crossflow velocity (u = 0.2 m/s). The same is true
for brine-river water mixing, however it appears that minor improvement in membrane
parameters will favor the higher velocity case. As expected, brine-river water mixing

appears to be much more favorable than eawater-river water mixing.
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Figure 5.3 The minimum cost of energy ($/kWh) for four different mixing scenarios. The white
mark on each plot denotes the properties of the Oasys TFC membrane. Note how a higher
crossflow velocity corresponds a much faster increase in cost with increasing structure factor.

In Figure 5.4, the location for minimum energy cost along the module length is shown for
brine-river water mixing at two different crossflow velocities. Note how the crossflow
velocity significantly changes the location of minimum energy cost. A lower crossflow
velocity correlates to a longer residence time, and thus, increased mixing over shorter
lengths than a higher velocity case. While a higher velocity may lead to lower overall

energy cost, it could require much more total membrane area.
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Figure 5.4 The change in the location of minimum energy cost along the system length for
brine-river water mixing at two different crossflow velocities.

5.4 Conclusions

The work discussed in this chapter serves as a useful guide to the development of PRO.
The most significant drivers of PRO plant cost have been highlighted, with draw
(concentrated solution) pump cost representing the single largest contributor to the total
capital cost. As system length increases, membrane cost becomes more contributory to
the overall capital cost. As expected, brine-river water mixing corresponds to much more
favorable economics than seawater-river water mixing. Change in velocity has a
significant impact on energy cost, particularly for seawater-river water mixing, and
reduction in membrane structure factor yields noticeably lower cost for all mixing
scenarios. In light of the significant cost increases from incorporating operating costs,
improvements in membrane water permeability are important for lowering energy cost.
The correlations used in this study are only an approximation of PRO cost. In actual

practice, many more factors must be considered than those accounted for in this work. For
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example, it has been shown that municipal and industrial application of RO can have
significantly different costs depending on the relevant standards and codes. Furthermore,
although the model discussed here accounts for varied cost based on the load through different
plant components, some economics of scale may be neglected in this analysis. Thus, it is
important to view these results within the appropriate context, and to continue to improve the
model as new costing data, and costing methods, become available. Ultimately, the cost of PRO
relative to other energy technologies, such as solar and wind, is the most important criterion in

determining the feasibility of large-scale implementation of PRO.
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6.1 Conclusions and Future Work

In Chapter 1, an overview of SGP technology was provided, and the research hypothesis
and objectives were outlined. Governing equations, mass transfer limitations, and current state-
of-the-art technology were discussed in detail. Furthermore, a parametric study was conducted
using the existing maximum power density models for PRO and RED in order to identify areas
of potential improvement. The results of the study identified that module design, as opposed to
membrane improvement, would result in the most meaningful enhancement in RED power
density. For PRO, increased membrane water permeability correlated with significantly
improved process. While maintaining salt rejection is an important consideration, a decrease in
rejection can be tolerated if the membrane structure factor is concurrently reduced. Ultimately,
although the power density models used in the study provided important insight, it was
determined that a more robust analysis would be necessary to fully evaluate process
performance.

Chapter 2 discussed both general thermodynamics of salinity gradient power as well as
the potential for reduction in reverse osmosis specific energy consumption using osmotic energy
recovery. In osmotic energy recovery, PRO or RED is placed before and/or after the desalination
step. When placed before RO, PRO and RED serve to reduce the RO feed salinity, thus lowering
the energy demand for desalination. Post-RO stage PRO or RED recovers energy from the
mixing of high salinity brine with a lower salinity solution such as treated wastewater. The
potential for energy savings using osmotic energy recovery is significant, with a coupled process
possibly reducing the demand of seawater desalination to below the theoretical minimum for RO.
However, since the analysis was purely thermodynamic, all losses (other than those that are

configurational in nature) were ignored.
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In Chapter 3, full-scale process models were developed for both PRO and RED to identify
preferred operating conditions. The models provide an indication of the change in important
process metrics such as power density and efficiency with system size. Importantly, energy
recovery device efficiency was shown to limit PRO power density at full-scale, and lab-scale
PRO cross-flow velocities were non-optimal for full-scale deployment. For both PRO and RED,
optimal load factors identified in other literature were shown to be non-ideal for maximizing
process performance. The developed models serve as valuable tools for process designers in
scaling up salinity gradient power technologies in the future.

Chapter 4 applied the process model developed in the third chapter to a novel PRO
process configuration. In this configuration, inter-module hydroturbines are placed between
module segments in order to improve process performance. In effect, the pressure over the length
of the system is modulated in order to increase the driving force across downstream segments.
This staged configuration was shown to have significantly improved performance over the
standard PRO configuration. In fact, staged PRO resulted in 47% higher efficiency than standard
PRO for brine-river water mixing.

In Chapter 5, through the integration of process models with cost data, we have provided
a simple analysis of PRO economics. Of course, as with all modeling work, the results are only
an approximation of the real-world application of the technology. Developed cost correlations
give dramatically different cost estimates than cost correlations derived from the academic
literature. Using these correlations, the variation in energy cost with solution concentration and
crossflow velocity has been highlighted. There appears to be value in improving both the
membrane permeability and membrane structure factor in order to realize lower energy cost,

however after some degree of improvement there is little benefit.
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This work has focused on the power densities, efficiencies, and energy costs that can be
theoretically achieved in PRO. Although we do produce a brief comparison with experimental
data for PRO in 126, future work should seek to validate the results discussed here over a wider
range of operating conditions, as well as for the RED process. Furthermore, the novel process
configuration discussed Chapter 4 requires further investigation into the feasibility of the
hydroturbine arrangement. As new module designs are proposed, modification of the existing
model could serve as a useful tool for researchers and process designers.

While this work emphasizes how operating conditions contribute significantly to process
performance, membrane and module improvement is also an extremely important research goal.
In particular, improvement in PRO membrane water permeability and structure factor can be
drive process cost much lower. Nevertheless, as shown in Chapter 5, at some point further
improvement in some membrane properties has little impact on process performance. Membrane
parameters not discussed here, such as chemical and physical stability, will also need to be

further refined and developed if PRO and RED are to be economy viable.
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A.1 Chapter 3 supporting information

A.1.1 Model validation

It is inherently difficult to compare the model results with data from other published reports
because existing laboratory data is on a relatively small scale. That is, there is no literature data
for a large-scale system (many meters) and thus we cannot compare our results in full. Although
industrial companies such as Statkraft have developed pilot scale implementations of PRO, the
performance data is not publicly available. Furthermore, available data for a 50-cell RED stack
still constitutes a short system and does not approach the size of a full-scale implementation of
RED [1].

For PRO, however, there does exist a recent publication reporting experiments on a 1
meter long PRO module [2]. Since there are some inherent geometrical differences between our
modeled scenario and the experimental work (e.g., details of the spiral wound, U-shaped dilute
feed path), a direct comparison between the two works is difficult. However, a comparison of the
data is an extremely useful exercise, providing a general indication if model predictions are
within a reasonable range of the experimental measurements.

In order to simulate the PRO module described in the literature by Kim et al, module
geometry and membrane properties were taken from the paper directly or extrapolated from
provided data. Table A.1 lists the parameters used as input for the PRO model. The mass
transfer correlation was taken from the literature, as outlined in the next section, however the
pressure drop correlation used here was taken specifically for the Tricot permeate spacer used for
the experimental PRO study. Since the PRO module comprises a U-shaped flow path for the
dilute solution, the dilute solution crossflow velocity must be modified in order to account for the

longer path length versus our simpler, plate-and-frame model. Therefore, the dilute solution
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crossflow velocity (0.02 m s™) is divided by a factor of 2.45, since a single leaf is 0.725 m in
width and the flow path comprises approximately two leaf widths and one leaf length. Of course,
this approach is a rough approximation as there are inherent differences in mixing since our
model assumes co-current mixing while the U-shaped path is a combination of co-current and
cross-current mixing.

Figure A.1 shows the change in water flux with different trans-membrane pressure
difference. The data shows that the water flux data from our model corresponds very well with
the experimental data at lower applied pressures. In fact, the experimental data shows slightly
higher water flux than the modeled data at the lowest pressure (0.3 bar) This disparity is likely
the result of different flux resulting along the initial leg of the U-shaped flow channel due to the
cross-current rather than co-current arrangement here. Interestingly, the difference between the
modeling results and reported experimental data appears to become greater with increasing
applied pressure. This behavior likely arises from the “shadow effect” discussed in the literature
for PRO modules operating at higher pressure [2]. In effect, the high concentration solution
pressure deforms the dilute solution channel dimensions, reducing the effective area for osmotic

flux. Such effects cannot be accounted for in the process model presented here.
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Table A.1 List of parameters for model validation.

Parameter Value Units Given or Extrapolated?
Membrane hydraulic permeability (4) 222x 10" ms!Pa’ Extrapolated
Membrane salt permeability (B) 6.67 x 107 ms’ Extrapolated
Concentrated (draw) channel height 800 microns Given
Dilute (feed) channel height 400 microns Given
Total membrane area 29 m’ Given
Module length 1 m Given
No. of leaves 20 Given
Width of each leaf 0.725 m Extrapolated
Concentrated (draw) crossflow velocity 0.032 ms’ Extrapolated
Dilute (feed) crossflow velocity 0.020 ms’ Extrapolated
Concentrated (draw) NaCl concentration 597 mol m” Given
Dilute (feed) NaCl concentration 1 mol m” Given
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Figure A.1 Change in water flux with applied pressure difference for the model developed in
this study and the experimental data for a 1 meter long PRO module.
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A.1.2 Viscous dissipation — correlation for pressure drop

Many correlations, both empirically derived and produced from CFD modeling, have been
proposed for viscous dissipation (i.e. pressure drop) in osmotic processes. These correlations,
however, necessarily predict different dissipation depending on flow channel geometry and
crossflow velocity. Some correlations (particularly those that are empirically derived) apply only
over a certain range of Reynolds number. Thus, in formulating the process model used in this
study, the selection of an appropriate correlation was thoughtfully considered.

Figure A.2 depicts the impact of pressure drop per unit length (Ap/L) versus the flow
Reynolds number. The correlations extracted from a CFD study for reverse osmosis by Guillen
et al [3] are shown for three different cases of spacer filament diameter to channel height, and
apply for 10 < Re < 400. Schock and Miquel (S+M) [4] presented numerous correlations for use
in reverse osmosis, including a smooth channel (turbulent) and channels with different permeate
and feed spacers (laminar). These correlations were empirically derived for approximately 100 <
Re < 1000 for the FilmTec feed spacer, and approximately 10 < Re < 100 for the FilmTec
permeate spacer. Finally, Koutsou et al [5] conducted a three dimensional CFD study, with
experimental validation, for different spacer filament spacing (L/D) and flow orientations ().
The two cases correspond to the highest and lowest pressure drop cases in nine potential flow
arrangements, and the authors showed good agreement with Schock and Miquel, with application
over a slightly smaller range of Reynold numbers (40 < Re <400).

It is clear that the case of turbulrnt flow in a smooth channel should not apply to the
laminar flow regime modeled in this paper. Furthermore, the Koutsou case with large filament
spacing (L/D = 12) may not be applicable here. For all other cases, there is very good agreement

over the range of Reynolds numbers examined, particularly at Re > 100. Given the wider range
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of applicability of the Guillen correlations at lower Reynolds number, and the similarity between

the Guillen, Schock and Miquel, and Koutsou correlations at higher Reynolds numbers, the

middle range Guillen case (i.e. d/h. = 0.5) was chosen for the purposes of this study.

10%¢

Ap/L (Pam™)

1 —O— Guillen, d¢/h, = 0.2 ---4— S+M, FilmTec feed spacer
| ---O0— Quillen, di/h, =0.5 — & — S+M, FilmTec permeate spacer
—0~- Guillen, d¢h, =0.7 - - Koutsou, L/D =12, =90
—A—  S+M, smooth channel —¢— Koutsou, L/D =6, =120
10 100 1000
Re

Figure A.2 Change in pressure drop scaled by system length (Ap/L) versus Reynolds number
using different viscous dissipation correlations. For the Guillen correlations, dr is the diameter of
the spacer filament and /4. 1is the channel height. For Koutsou et al, L/D is the ratio of the
modeled area length to the filament diameter, and  denoted flow orientation.

A.1.3 Mass transfer coefficient

Mass transfer correlations have been applied in order to determine the mass transfer coefficient

(k) in the concentrated feed channel. As in the case of viscous dissipation, numerous correlations

exist in the literature [3, 4]. Here we have evaluated the change in mass transfer coefficient with

changing Reynolds number for three different cases (Figure A.3). We see that, as in the case of

viscous dissipation, the Schock and Miquel and Guillen cases converge somewhat at higher

131



Reynolds number. Also, as with pressure drop, we do not consider the smooth channel
(turbulent) regime to be an accurate representation of the flow conditions here. Since the Guillen

correlation has greater applicability at lower Reynolds number, we apply it for the purposes of

this study.
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Figure A.3 Change in mass transfer coeffcient (k) with Reynolds number using different mass
transfer correlations.

A.1.4 Accounting for non-ideality

As outlined in the main text, using published experimental data for the change in osmotic
coefficient of water with concentration [6, 7], it is possible to construct a correlation to link with
the existing mass transport model in order to account for non-ideality in the PRO osmotic

pressure.
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Figure A.4 Change in osmotic coefficient (@) with concentration.

Figure A.4 depicts a sixth-order polynomial fit for the experimental data, where there is good

agreement between the fit and the literature values (R* = 983). The exact correlation applied is

¢ =0.98244-0.0010176¢ +6.6073x107°¢c*
—2.078x107%¢* +3.3387x107"¢* (A.1)
—2.6244 %107 +8.0018 x 1078 ¢°

and applies over the salinity range 1 mol/m’< ¢ <1000 mol/m’. Although this range accounts for
all mixing scenarios modeled in this paper, different correlations must be applied for salinities
outside this range. We can then calculate the osmotic pressure of each feed using the membrane
interface concentrations as described in the main text. Similarly, for RED, we account for non-

ideality through the use of salt activity coefficients. The exact correlation applied is

y =0.94248 —0.0026202¢ +1.1404 x 107 ¢

(A.2)
—23622x107%¢*+2.2483x107" ¢* =7.9339x107 ¢?
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Figure A.5 Change in NaCl salt activity (y) with concentration.
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