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Multiphase Reactor Modeling for Zinc Chloride
Catalyzed Coal Liquefaction

Peter James Joyce

Energy and Environment
Lawrence Berkeley Laboratory
and Department of Chemical Engineering
University of California
Berkeley, California 94720

ABSTRACT

A generalized reactor design is presented for a low-
temperature coal-conversion method, where coal is slurried in an 83 wt%
zinc chloride methanol melt and allowed to react at moderate conditions
of 275°C and 600 psi hydrogen. The hydrogen being sparged countercur-
rently at five levels. In the reactor, the slurried melt f1ows.downward
in plug flow on the order of 1 foot per minute:through a distance of
15 feet,

Model-1iguid mass-transfer studies have been undertaken to
examine specific effects of zinc chloride in a viscous medium, in
order to determine the rate-limiting step in the overall hydrogen
absorption rate. The absorption rate can be expressed in terms of
a resistance-in-series model. These experiments, interpreted in terms
of existing well established correlations involving especially the
effects of viscosity, have shown that the use of zinc chloride introduces
no new effects and that the chemical reaction rate of the coal particle

is controlling.






1. Introduction

The need to develop new coal Tigquefaction technology in the United
States is manifested in two unrelated problems pertaining to the present
energy picture. They are the escalating cost of our foreign oi?ysuppiy
and the poor thermal efficiency obtained from state-of-the-art coal’
liquefaction processes. The supply and cost of imported petroleum
products are unpredictable--a fact acutely borne out by recent political
upheavals in the Middle East, and by the 1973 and 1979 quantUm Jumps
in OPEC 01l prices demonstrating that the selling price of crude bears
little relation to the cost of production,

A typical coal liquefaction plant during the 1990's will process
25,000 tons of coal per day (C2) in order to recover 75,000 barrels of
0il., The enormity of the investment and the lead time reguirement dic-
tate that all potential processes be carefully scrutinized now so as to
insure that the most economic process is employed to deliver coal-
~derived liquids to the domestic market.

A. Coal Liguefaction Qverview

None of the three high temperature coal 1iquéfaction processes,
listed in Table I-1, are ready for commercial implementation. The farth-
est along is the Exxon Donor Solvent process, which will be employed in
a 250 ton/day §i1ot plant scheduled to go on stream in 1981 (El)e Hydro-
gen is added to ruptured coal fragments through a tetralin-rich donor
solvent, After having donated its excess hydrogen, the tetralin is
recycled to a unit where it is rehydrogenated by a catalyst. Hydro-
carbon Research Institute is working on the H-Coal coal liquefaction

process, where coal is slurried in "anthracene 0il1" (recycle solvent)



and treated with hydrogen while in contact with a solid catalyst, cobalt
molybdate (H1).

Keeping the coal in a simpler reacting scheme differentiates the
Solvent Refined Coal (SRC-I and SRC-II) processes from the previously
mentioned ones (A3). Here the coal is dissolved in a hot recycle solvent
and heated to reaction temperature. A solid product low in sulfur con-
tent is obtained from SRC-I. SRC-II differs in that it mixes part of
the liquid product stream with the recycle solvent. This results in
higher liquid yields.

Severe operating conditions, unfortunately, characterize all of
these processes. This Timits the amount of recoverable energy from coal,
and adds to the the unit cost of the final product. An improvement over
these temperatures and pressures would have a profound positive impact

on the process economics.

Table I-1. Operating conditions of present coal liquefaction processes.

Process Temperature Pressure
oC psi

Exxon Donor Solvent 400-480 1500-2500

H-Coal 450 2800

Soiveni and Refined
Coal, I and Il 4490 2000-3000




B. InCl,-Catalyzed Coal Liquefaction

1. High Yield Batch-Reactor Results

Coal conversion at relatively mild temperatures, 275069 and
moderate hydrogen pressure, 500 psi, has been demonstrated by Holten
(H5) and reported by Shinn (58;59) at Berkeley. Within 30 minutes
a 50% conversion of coal occurs to oil and "asphaltenes® with another
40% converted to pyridine-soluble "preasphaltenes”. The main advantage
of this technique is that it selectively cleaves ether (carbon-oxygen)
and aliphatic (carbon-carbon) bonds which crosé?ink the coal structure.
The product from this treatment is expected to lend itself to upgrading

to Tiquid petroleum products by current refining technology.

2. ZnCTZ/MeOH Coal Liguefaction Process Design

A possible process design based on the low temperature coal
conversion scheme is shown in Figure I-1., Raw coal is blended into
a slurry with ZnC12 and methanol at 175°C and 1 atm, pumped to 35
atm, heated t0‘2750C, and fed continuously to the top of a plug f?ow;
reactor in which it is contacted countercurrently with a mixture of
recycled and fresh hydrogen that is sparged in at several levels along
the height of the reactor.

The reactor is divided into two reaction zones of 275°C and 325°C.
It is believed that the higher final reaction temperature will complete
the conversion of preasphaltenes to liquid products. Initial coal
conversion is iargeiyAdue to the breaking of ether linkages, while
complete conversion also requires breaking C-C and perhaps C~N linkages.
The higher temperature is needed to obtain a reasonably constant rate

of hydrogen uptake and coal conversion. Between the two reactor zones



the gas leaving the 325°C section may be scrubbed to remove HZO which

has a significant vapor pressure under these conditions (H5). The cross-
hatched patterns in the reactor sections represent internals installed

- to break up the flow of melt and increase the interfacial area for hydro-
gen absorption. Within the feactef they are arranged in a stacked pat-
tern with each succeeding tray turned at a 90° angle to the previous one,
This type of reactor internal is not unlike the turbogrid distillation
tray introduced by Shell Development Company (T2).

From the reactor the solubilized coal, unreacted coal, ash and
ZnClz/MeOH melt may then move by gravity into an extraction column where
‘ceuntercurfent flows of recycle solvent extracts the bulk of the reaction
p%oducta (If the product self-separates, extraction may not be needed.)
The melt then proceeds downward to a settler where phase separation takes
place, allowing a slip stream of ZnCTZ melt to be removed with the ash,
purified, and recycled; the main ZﬁCL2 layer (containing some incompletely
reacted coal) to be directly recycled; and the organic layer to be
returned to the extraction stream or combined with the extract.

Plug flow of slurried melt has been chosen for the conceptual
design, because it should give shorter residence times, better process
control, and fewer mechanical problems than stirred vessels singly or
in series. In the work of Shinn and Vermeulen, hydrogen contacting was
not a problem, because stirriﬂg_provided the needed interfacial area.
However, in the proposed contacting scheme, limitations on the chemical
reaction rate could arise from a slower rate of mass transfer in the
slurried melt. This concern has made it neceséary to carry out experi-

ments to assess the flow behavior and the mass transfer rates.
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Figure I-1. Conceptual Low Temperature Coal Conversion Process Design.



- C. Project Objectives

In summary there are three goals of this study. The first is to
evaluate fhe design of a.propOSed coal liquefaction reactor commensurate
with the uniqué reaction conditions of the low-temperature melt-catalyzed
process. The second is to carry out experimental measurements in a
“cold model" of a reactor section that will yield representative design
data applicable to a three phase coal-liquefaction slurry reactor employing
a ZnC12 melt. For exact anlysis the data will need to be corrected for
temperature, pressure, gas composition, and melt-slurry viscosity not
known precisely at reaction conditions, being a function of conversion
and temperature. An upper bound on viscosity will be assumed, so that
its effect can be allowed for. Other variables studied include gas
flow rate, the configuration of the reactor internals, solids loading,
and sparger design. Finally, this study can be used as a guide for
systematic research for slurry reactors in general and coal liquefaction
reactors in particular. The literature is lacking in many areas with
respect to two and three phase systems and a research attack method
for the design engineer is warranted. Thus, by starting with a two
phase system and increasing the complexity by adding solids, and then
again by having a chemical reaction, a fundamental understanding of
a slurry reactor will emerge.

Like any other initial design, the present study will make it possi-
ble to identify further areas of research needed in the development of

these new coal liquefaction conditions.



IT. Slurry Reactors

A.  Studies Related to Commercial Coal Liquefaction

Among the three currently projected liquefaction processes mentioned
above, the Exxon development has included the use of design data from a
room temperature model, leading to estimates of hydrogen consumption rate
which is based partly on a correlation from Calderbank (Cl). In compar-
ing this rate with the chemical reaction rate, the Exxon investigators
noted that mass transfer could conceivably offer an additional resistance,
However, the correlation makes no allowances for the presence of solids
which has been shown by Joosten (J2) to decrease the volumetric mass
transfer'coefficient in a slurry of po?yprcpy1ene beads. Misic (M5)
reports that at the same particle size in a carbon slurry the presence
of solids had no effect. It is important to note that Joosten used a
stirred gas-liquid contactor while Misic employed a Pyrex gas washing
bottle for his experiments, and that both are well removed from a bubble
column slurry reactor,

A study on contacting in the Synthoil coal liquefaction process,
which is not now under active development, was done by Javdani et al
(J1)., Here the slurried coal was rgported to behave Tike a homogeneous
Newtonian Tiquid; the coal particles being less than 177 um in diameter
and their specific gravity 161Agm/cm39 Their data showed that the
gas-phase holdup decreases with increasing coal concentrations.

A fundamental analysis of actual run data for coal liquefaction
has been reported by Wen (W2). He proposed a first-order dependence
of the coal dissolution rate and hydrogen absorption rate on unreacted

coal, based on information from the SRC, Synthoiig'and H-Coal processes,



and found that the coal-dissolution rate constant for coal Tiquefaction
in "creolite oil" at 450°C is proportional to the square root of the
hydrogen partial pressure, implying a combination of intraparticle mass
transfer and chemical reaction,

Wen (W3) also determined an overall absorption coefficient that
takes into consideration the effect of mass transfer. Fundamentally the
problem was set up correctly in choosing a driving force from the gas
phase to the bulk liquid. However, it was assumed erronecusly that the
driving force was constant, i.e. that the equilibrium back pressure of
H2 in the liquid did not change as a function of position within the
reactor. If the coal concentration can be assumed to be in excess and
the hydrogen pressure in the gas phase is in equilibrium with the liquid,
i.e. the mass transfer rate is large, then the absorption coefficient
reported is in essence the chemical reaction rate constant at the coal
particle surface. The differential equation relating the change in
hydrogen partial pressure with time should show that what is being
measured is the change in equilibrium pressure with time. This develop-
ment assumes the liquid-solid mass transfer coefficient is negligible
in comparison., For the H-Coal process Kgga was found by Wen to be
11 x 1035 gmoTe/hracm3~atm at 450°C. The activation energy of 27.6
kcal/gmole is another indication that the rate is partly chemical rate
controlled. The activation energy reported by Shinn at 800 psig and

275°C is also 28 kcal/gmole but such agreement is probably a coincidence.



B.  Experimental 3 Phase Reacting Systems

Among the more relevant three-phase reactor studies, Sherwood and
Farkas (56) carried out experimental hydrbgenatioh runs in a bubble-
column slurry reactor for three different reactants-- methyl styrene,
ethylene, and cyclohexene. By measuring the reaction rate for é varying
weight fraction of solids, they were able to show that the liguid-solid
mass-transfer resistance was greater than the chemical reaction rate, a
valuable result with respect to apparatus design.

Much experimental work has been done on slurry reactors with respect
to removal of sulfur dioxide from air (S1, G2, K5). Sada et al. (S1)
extended the mathematical model of Uchida et al. (Ul) to 502 removal
from flue gas, taking into account the slow second order chemical reac-
tion rate. Goto and Smith (G2) compared a continuous stirred-tank
slurry reactor and a trickle-bed reactor for their ability to remove

SO In this mathematical model they relaxed the assumption of plug

9
f?ow of gas bubbles, and solved the differential equations for the well-
mixed case. Experimental results showed that per unit weight of carbon
catalyst the slurry reactor removed more SO2 than the trickle-bed reactor,
through the use of smaller particles. Their slurry-reactor data were
obtained from an earlier study by Komiyama (K5), who had shown that
the rate-controlling step was the adsorption of oxygen on the carbon
particles,

Other experimental studies of a three-phase slurry reactor were
done by Juvekar and Sharma (J3) on iﬁe absorption of carbon dioxide in

a lime slurry, and by Niyama and Smith (N1) on the abéorptioﬂ of nitric

oxide in an activated carbon slurry.
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C. Two and Three Phase Nonreacting Systems

In designing a 3 phase reactor the most important parameters with
respect to mass transfer are melt viscosity, surface tension, particle
size, liguid-solid density ratio, and solids concentration. At a con-
stant superficial gas velocity they have the strongest effect on the
turbulence attainable within the reactor and hence the rate of mass
transfer,

The complexity of contacting systems increases in going from é
two-phase gas-1iguid bubble column to a three-phase system containing
added solids, and increases again in allowing a chemical reaction to
take place in the three-phase system, The investigations of the simpler
systems is highly significant for understanding the complex interactions
of variables in the slurry reactor., In particular, two-phase gas-liquid
flow systems have been widely studied, so much so that a literature
review up to 1966 by Gouse (G3) covered more than 5,000 references,

Slurry reactor research should start with a fundamental
understanding of the gas-1iquid system being used and then build in
complexity with the physical effects of the solids and chemical reaction.
In each slurry reactor development the experimental and theoretical
research is then compared against the literature and integrated into
the next design step. A conceptué1 picture of this research approach
is shown in Figure II-1, Table II-1 Tists the variables whose effects
must be understood during each level of the design development. In
the technical literature the effects of the two-phase variables are
well established. However, for bubble columns the effects of small

particles, surface tension, surfactants, etc. are dealt with sparingly
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for three-phase systems and not at all for slurry reactors. Thus,

while certain regimés of three-phase reactors have been studied in
detail, the need for a grass roots approach, to this author's knowledge,
has not been addressed,

The most extensive and useful studies of mass-transfer in a two-
phase gas-Tiquid contactor was reported by Yokita and Ashida (Y1, Al,
A2). They have studied the gas-Tiquid mass transfer rate as a function
of gas and Wiquid properties and hydrodynamic conditions within the
column, using a sulfite-oxidation technique and the Tiquid being charged
in a batch mode., They report volumetric and true liquid-side coeffici-
ents as a function of superficial gas velocity, using liguid viscosity,
column diameter, bubble diameter, and surface tension as correlating
parameters. Their experimental results showed that

1. Even at low superficial gas rates, the Tiquid can be

~ considered to be well mixed locally,

2. Gas phase resistance is negligible; changing from oxygen

to air had no effect on the volumetric mass-transfer co-
efficient.

3. Gas phase holdup and volumetric mass-transfer coefficient

remain unchanged over an order of magnitude increase in gas-
inlet orifice diameter, for orifice flowrates between 1.75

-3 and 1,40 x 102 cm3/se

x 10
4, Gas density has negligible effect with respect to holdup.
5. The liquid film coefficient, k?s is inversely proportional

to the one-half power of bubble diameter.
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Table 1I-1. Variables whose effects must be considered in the compiete
design of a slurry reactor. ‘

INDEPENDENT VARIABLES

1. System Physical Properties

Gas-Liquid

Melt Viscosity, Surface Tension, Diffusivity, Surfactants, Gas
Composition, Henry's Law Constant

Gas-Liguid-Solid

Sturry Viscosity, Particle Size, Solids Concentration, Liquid-
Solid Density Ratio

Slurry Reactor

Chemical Reaction

2. Hydrodynamic and Operating Variables
Temperature, Pressure, Gas and Slurry Flowrates, Reactor Internals,
Sparger Design, Column Diameter
DEPENDENT VARIABLES

Bubble Size, Phase Holdups, Phase Circulation, Absolute and
Relative Mass Transfer Rates, Overall Conversion, Pressure Drop
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Yokita and Ashida took photographs of bubble swarms, and presented
a correlation for the average bubble size as a function of superficial
gas velocity and of liquid physical properties. This average bubble
size can be used with holdup data to determine the interfacial area
available for mass transfer,

Towell et al. (T1) in a mass-transfer study of very large columns
concluded through tracer tests that the liquid phase is locally well
mixed and the gas-phase is in plug flow. They determined three distinct
regions for holdup within the column. First, very close to the sparger
there is jetting action of the gas. Next, in an extended middle region
of the column, coalescence and breakup rates balance each other and the
holdup is larger. Third, near the surfce, bubbles coalesce, and the
holdup is again smaller,

Bhavaraju et al. (Bl) stress the existence of an area of lean holdup
near the sparger in a gas-liquid contactor. They develop a potential-
flow model for liquid circulation pattern near each individual orifice
in a sparger, to predict at what height above the orifice thebiiquid
becomes turbulent and produces a greater holdup. Beéause spargers are
scaled up by increasing the number of orifices, the changeover occurs
at a fixed height and is not proportional to the equipment scale.

Mashelkar (M2) found that the values of kja and holdup are not
dependent on the liquid flowrate for moderate superficial liquid veloci-
ties. However, he found that the liquid was not completely mixed and
correlated his data and Towell's using an axial diffusion model that

brought the two into close agreement.
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In several studies the effect of column diameter on gas holdup has
been found to be negligible for columns larger than 7.5 cm (H6, E2, M2).
The effect of viscosity on volumetric mass tranéfer coefficient is com-
plex; increasing the viscosity increases the interfacial areas available
for transfer (S5), but decreases the liquid mass-transfer coefficient
due to decreased diffusivity, and terminal velocity.

Calderbank (Cl) states that in aerated mixing vessels the mass
“transfer coefficient is independent of bubble size and depends only on
the physical properties of the system. He presents correlations for
two bubble sizes and identifies a transition regime between “"small" and
"large" bubbles. The small bubbles, on the order of 1 mm behave like
rigid spheres. He also notes that the relative velocity between solids
and liquid is retarded as in boundary layer theory and does not use
particle size as one of the correlating parameters.

Hughmark (H6) presents correlations for single gas bubbles and for
bubble swarms. He u§es the same form of the equation in both cases but
changes the coefficient on the correction term from Stokes Law where
the Sherwood number is 2., This correction says that mass transfer for
bubble swarms is less than that for single bubbles at the same diam-
eter, bubble rise velocity and liquid physical properties. This is
contrary to the belief that liquid turbulence, which would be increased
with bubble swarms, increases mass transfer.

Higbie (H3) was the first to derive an expression for the liquid
side mass transfer coefficient by solving the unsteady state differential

equation for mass transfer into a semi-infinite medium. The contact
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time he used was the time it takes a bubble to rise one bubble diameter
or the rise velocity divided by the bubble's diameter.

Table I1-2 presents correlations obtained by these authors for
liguid-phase mass-transfer coefficients.

The most extensive work in a three-phase gas-liquid-solid system
was done by Kim et al. (K2, K3, K4). They obtained phase holdup data
in a three phase system for a wide range of superficial gas velocities,
particle sized, and liquid properties. Their data Jed to the following
conclusions.

1. The steady state bed volume decreased upon gas injection,

owing to the formation of solid-free liquid wakes behind
the bubbles.,

2. Particle size does not seem to affect bubble size, in contrast

with other investigators.

3. With small-diameter particles (1 mm or less) three phase beds

exhibit a narrower bubble-size distribution than two-phase beds.

4, Increasing particle size increases gas holdup, decreases bed

expansion, and axial mixing. The holdup effect is due to smaller
bubble rise velocity and smaller bubble diameter.

5. Gas holdup was not a’strcng function of liquid rate.

6. At low gas rates the influence of solids on bed hydrodynamics

is small,

7. At high gas flowrates and correspondingly large bubble sizes

(5 cm), the influence of liquid viscosity on bubble character-

istics for all particle sizes (1 to 6 mm) is relatively small.



Table 11-2

Correlations For Liquid Phase Mass Transfer Coefficients
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8. At high liquid viscosity, gés holdup is higher in a three phase
bed than in a two phase bed.

9. In a three phase system, bubble size and rise velocity increase
with increasing superficial gaé velocity,

Kim makes a case for discarding the well known equation for gas

holdup in a three phase system

Eg = Ug/vb where Ug is superficial gas velocity |

and  eq is fractional gas holdup

This equation assumes equal-volume uniformly spaced bubbles rising at
uniform velocity. This, he says, is not true due to the establishment
of preferred paths by the three phases within the column. He suggests
this as an area of further research.

Darton and Harrison (D1) confirm Kim's contention of a bed contrac-
tion with gas injection and correlate their data in terms of the ratio
of liquid wake volume to bubble volume.

Sharma et al. (S5) report that the presence of solids affected
coalescence, causing a smaller bubble size and larger interfacial area.
He also found that solids interfere with interfacial turbulence, so that
the resulting decreased interfacial mobility decreased the Tiquid mass.
transfer coefficient. Thus the combined effect is not as great as either
one alone on the volumetric mass-transfer coefficient.

Rigby et al. (R4) obtained data on bubble sizes and rise velocity in
three-phase beds using an electrosensitivity probe. The probe consisted
of two 0.5 mm diameter chromel alumel electrodes which were aligned verti-

cally 0.85 cm apart. It was housed in a glass assembly and could be
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positioned anywhere within the bed. A voltage drop fluctuating between
0 and 1 volt occurred between the wall electrode (consisting of copper
strips cemented to the wall) as the circuit between the two was opened
and closed. They varied liquid and gas superficial ve?ocity and particle
size. The liquid and gas were in cocurrent flow and the solids were
loaded in the batch phase. Their data show that
1. Radial distribution of bubbles for a three-phase system is
- similar to that of a two phase system.
2. Bubble size increases with height above the distributor as
well as with decreasing liquid rate or increasing gas rate.
3. Bubble coalescence is less frequent in three phasevbeds than
in two phase beds.
Rugby et al. (R4) also present a correlation of bubble velocity as
a function of gas flow rate, bubble length, and bed porosity, the latter
being defined as the sum of gas and liquid holdup in a three-phase bed.
Razumov et al. (RS) present correlations of liquid holdup for four
different particle sizes as a function of liquid and gas superficial
velocities. |

D.  Slurry Reactor Theory

1. General

Sturry reactors have been an area of considerable theoretical
investigation. Govidaro (G3) solved the basic differential equations
for the transient response of a bubble-column slurry reactor to a step -
change in gas or Tliquid concentration. The chemical reaction was first
order and irreversible and was assumed to take place on the particle

surface.
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Ramachandran and Smith (R2) were interested in the relative
magnitude of the various coefficients and their impact on performance.
They were able to identify the effects of first-order kinetics, rever-
sible adsorption at the particle surface, gas-liquid and liquid-solid
mass-transfer coefficients, and intraparticle diffusion. Their method of
measurement was the system response to a step or pulse input.

Uchida and Wen (Ul, U2) present a clear description of the overall
absorption rates as a function of three criteria:

1. Where is the reaction plane located? Does the assumedly
instantaneous reaction occur in the gas-liquid or liquid-
solid film?

2. Does solid dissolution in the gas-liquid film enhance

“the absorption rate?

3. Is the liquid phase saturated with the dissolving solid
phase?

The results were apb?ied to the rate of limestone dissolution
in a sulfur dioxide scrubber.

2. Application to ZnClo/MeOH System

The following is a series-resistance approach for predicting
the rate of hydrogen consumption in a through-flow coal-liquefaction
reactor using the lTow-temperature melt-catalyzed reaction conditions.
The rate expression to be developed is based on four assumptions,
1. The liquid phase is locally well mixed, so that there
is no resistence in the bulk Tiquid.
2. Coal particles dissolving in the ligquid film do not enhance

the absorption rate (see Appendix B).
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3. The chemical reaction rate is first-order in hydrogen
and unreacted coal.
4. IﬁtrapartiCTQ diffusion is included in the apparent chemical
rate.
The assumption that the reaction is first-order in hydrogen comes from
earlier kineticvstudies of coal liquefaction in ZnCTZ media (G6, S11) as
well as from Shinn. A representative plot from Shinn (59) of pressure
drop vs. time, corrected for competing reactions, is given in Appendix E;
assumption 4 can be inferred from these data.
| The rate of hydrogen absorption can be expressed in terms of
four distinct resistances and their associated coefficients. Thus at
any horizontal cross-section within the reactor the volumetric rate of

hydrogen consumption, R, can be expressed as (S4)

Rate expression . Regime of Transfer
R = kg2 (cgaclg) Bulk gas to gas-liquid interface
kia (Cy1-Cy) Gas-1iquid inierface to bulk liquid
kgap (C1-Cs) Bulk-Tiquid to coal particle surface
kp  Cg Chemical reaction inside particles

A schematic diagram of these resistances is shown in Figure 1I-2.
If the gas at the gas-liquid interface is in equiiibrium with the Tiquid
at the interface, and hydrogen solubility is assumed Tow, then Henry's

Taw holds

Cig = HCi1 and Cq = HC4"
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The rate of hydrogen consumption in 1b moles per unit volume of
melt coal slurry can be expressed in terms of a global coefficient and

the equilibrium liquid-phase hydrogen COﬂCEﬁtTatiéﬁ as

R = Kolg"

and

1 = 1+ 1 <+ 1 + 1
‘Rag Hkga k"]a ‘kg ap Erﬁ

It is necessary, then, to measure experimentally, or to calculate
from existing correlations, all of the above coefficients in order to
ascertain which resistance is controlling. A room-temperature experi-
mental model without reaction was developed to obtain k1aa The informa-
tion so obtained can be adjusted for temperature and pressure for
ultimate use in the final designg

The injection of hydrogen at five discrete levels along this
reactor makes it necessary to carry out a material balance on each sta-
tion. In order to gﬁzé any one section, three assumptions are made

1. The liquid is well mixed.

2. The gas rises in plug flow.

3. An average coal concentration can be assumed in any one
section so that the chemical rate constant is first-order
in hydrogen.

The major desigh consideration is the amount of hydrogen required
to react with unit mass of coal or unit mass of slurry. Excess hydrogen
is fed to each reactor section, but the maximum coal convesion that

occurs within any one section is 25%. For each section an average value
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of unconverted coal is assumed to apply. If Ky for the section is calcu-
lated for the average interfacial area in the section, the reaction rate
in the section becomes effectively zero-order, for constant hydrogen

pressure.
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I1I. Materials and Equipment

Table III-1 Tists the components and physical properties of the
liquids employed to model the behavior of the ZﬂC?Z/CoaT melt used 1in
the Berkeley process. At 250°C the melt has an assumed viscosity of
0.6 cp (Appendix A). According to Einstein's formula for solids influ-
ence on viscosity, the addition of 30 wt% small coal particles should
increase that viscosity to around 10 cp. By increasing the viscosity
by another order of magnitude, its effect can be completely bracketed.

A.  Status Equilibrium Apparatus

Figure I11I-1 depicts the equipment flowsheet used to obtain mass-
transfer coefficients for the n-propanol system and gas holdup ?or these
liquids. The apparatus could be operated in one of two modes, depending
on whether equilibrium or mass-transfer data were desired. In either
case, nitrogen was fed th%ough rbtameters to the column under study and
passed through heated lines to the gas chromatograph. A vent valve
close to the chromatograph and a 6-port flow-through gas sample valve
enabled the gas flowrate in the 1/8-inch transfer lines to be kept as
high as possible. Also, a time interval equal to 3.5 retention times
was allowed between samples. These two precautions ensured that the gas
being analyzed was the same as that in the column. The mass-transfer
column was fed with a Fischer and Porter model 1/2-G17-10/83 rotameter,
and the equilibrium column with a Dwyer Instruments type-190975 rota-
meter. In all equilibrium runs the flowrate was constant at 1000 cm3/min.
The transfer lines, gas sample valve, and sample loop were all heated to

750C to ensure that no condensation occurred.
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Liquids Used to Model ZnCEZ/MQOH Melt

Table I1I-1

Viscosity, cp

Surface Tension, dynes/cm.

Density gms/cm3

Component
ZmCﬁz
J20
Gﬁycer@ﬂa

n—Pr@panoih

WeL

30.7
18.7
47.5

3.0

84
57
1.46
Mole¥

12.3
56.8
28.2

2.7

WeE

38.7
36.0
20.8

3.0

22
76
1.37
Mole®

78.1
8.8
2.0

We %

20.0
80.0

64
1.2
Mole¥

3.2
96.8

a Matheson-Colemen-Bell Technical Grade

b dJd. T. Baker Reagent Grade

L2



The gas chromatograph (Model A-90) and accompanying gas sample
valve were manufactured by Varian Instruments. The operating conditions
and column employed are described in Table I1I-2. In order to reduce
end effects, which presumably led to the observed attainment of equili-
brium within the column, it was necessary to weld the inlet valve to the
bottom f?ahgee This kept liquid from dripping down the feed line which

appeared to cause significant mass transfer outside the column.

Table 111-2. Operating conditions for gas chromatograph for n-propanol

experiments.
Column Packing Chromosorb 104
Column Dimensions 6 ft by 0.25 inch diam.
Carrier Gas _ He?ium~@ 75 cc/min
Qven Temperature ' _ 195%
Detector Temperature 205°¢
Injector Temperature 150°C
Filament Current 200 ma

At the top liquid surface, end effects were minimized by installing
a gas-collecting cone, shown in Figure III-2, that allowed NZ bubbles to
be collected below the liquid level. This reduced splashing and dead
volume effects, both of which could also cause extraneous mass transfer.
The cone consists of an inverted glass funnel with a rubber stopper that
admitted the sample line. A union close to the stopper enabled the

height of the cone to be adjusted, along with the liquid level. Tight
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Figure III-2. Gas collecting cone.
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connections from the cone through the top of the column completed the
sample train to the heated transfer lines and the gas chromatograph.
The vent valve on the top flange was opened slightly to keep the pressure
from building to the point where Tiquid would be forced into the sample
line.

Figure I11-3 shows a gas sparger used in the gas holdup experiments.
It consists of thin parallel disks, bottom fitted with a 3/8-inch inter-
nal pipe thread, fitting a nipple welded to the bottom flange. Use of
a 3/8-inch orifice in certain runs simply indicates that sparger-less
operation is being used.

Figures 111-4 and I11-5 show top and side views of a 1/4-inch and
a 1/2-inch rod tray that were considered as internal packings suitable
for use with a slurry. They will maintain uniform slurry flow and gas
flow throughout any column cross section, and may possibly increase the
interfacial area available for mass transfer. The rings were cut from
Sa%nch Plexiglas pipe and turned on a lathe to fit snugly into the column,
Saw footh cuts were then made in them to provide for installation of
evenly spaced rods. When the rod-trays were stacked in the column each
tray was turned 906 to the adjacent one so that alternating trays had

parallel rods,
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XBL7910=3869

Figure III-3. Gas Sparger (6-5mm Orifices)
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Figure I1I-5, 1/2-inch rod tray.
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B. Helium Transient Response Apparatus

Figure I11-6 depicts the equipment flowsheet used to obtain mass-
transfer coefficients for desorption of helium from water and the two
model Tiquids.

The Tiquid under investigation was saturated with helium for one-
half hour at é gas flowrate of 0.441 ftB/min and atmospheric pressure,
The transfer lines through to the sample loop also held pure h2lium
at one atmosphere of pressure. Before the start of an experiment
the feed lines were competely purged of helium by nitrogen, using
a valve arrangement designed for this purpose. This also eliminated
any dead volume helium that might seep back into the nitrogen feed
stream. At the start of an experiment, a stopwatch was started and
zero time was recorded on the strip chart. A sample stream was sent
through traps to remove impurities. A plastic tube 3/4-inch in inside
diameter and 6 inches long filled with Drierite between glass wool
plugs was used for the water vapor trap. To trap impurities from
the model liquids, a plastic tube 3/4-inch in -inside diameter and
10 inches long, half full of Drierite (upstream) and half with crushed
4A and 13A molecular sieves that had been heated previously to 450°¢
for 4 hours in an oven and cooled in a vacuum dessicator. Knowing
the sample flow rate and dead volume downstream from the column permits
calculation of a lag time that must be subtracted from the zero time
recorded on the strip chart in order to get the true start of an experiment.

GasAf1ows continuously through the sample Toop and is periodically
injected into the thermal conductivity cell (about every 15 sec in

a 5 minute experiment) by de-energizing a solenoid valve. The empty
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Figure 11I-6. Helium transient response apparatus.
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1/8-1inch column (about 1 ft long) downstream from the sample Toop
delivered a sample in about 4 seconds. After a peak had come out and
been recorded on a stripchart Model 385 by Linear Co., the solenoid
would be energized so that the sample loop could be filled again.
The collector and refereﬁce cell flowrates were 58 and 42 cc/min.,
respectively. The thermal-conductivity cell was operated at 1oo°Fg
to dampen the effect of room temperature changes. The strip chart
was operated at 0.1 ém/s for most of the experiments.

The effect of gas velocity in the orifice, as well as orifice size,
was investigated by the spargef designs shown in Figures I1I-7 and III-8.
In the interests of brevity two other spargers of orifice diameter 1 mm
are not shown. They reéemb?e Figure II1-8 except for orifice size and
spacing. One had a centered orifice; the other had two additional

orifices, one being a 3-inch bolt circle.
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IV, Coal Liquefaction Reactor Design

A, ZnC1,/MeOH Coal Liquefaction Reactor Material Balances

1. Hydrogen and Coal

If the coal-liquefaction is sparged only at the bottom, this
may lead to a large throughput and ?afge holdup will occur near the bot-
tom, while a hydrogen deficient operation may still arise near the top
due to hydrogen ccnsumptioﬁe Coalescence of the remaining gas bubbles,
into very large fast ris%ng or small bubble entrainments in the downward
flowing melt may lead to unwanted char formation in the upper hydrogen-
deficient zone,

Such imbalance of hydrogen flow can be avoided by multiple feed-
ing of hydrogen at discrete levels along the reactor Yength, uniformly
over each cross-section, The basis for the amount of hydrogen fed to
each section, in this case is

1. A certain percent of coal conversion (up to 25%) occurs
within each section.

2. The minimum rétio of hydrogen needed per atom of carbon
converted is 1:4. Also, up to half the hydrogen consumed
goes into producing water.

Much of the coal conversion (S8) occurs through the splitting

of ether linkages by the reaction:

R-0-R + 2H, = ZRH + H,0

2 2

In sub-bituminous coals there is about one oxygen atom for each eight
carbon atoms, and apparently up to 75% of the oxygens are ether-like

(H2).
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2 cross-section of coal melt column under

Calculations for a 1 ft
commercial conditions can be found in Appendix F. The total hydrogen
feed is taken to be about 60% in excess. One third of this excess (that
is, 20% of stoichiometric) is to be fed into the coal melt prior to heat-
up and entry into the reactor, so that any reaction occurring then will
form the desired liquefaction products and not char,

Figure IV-1 shows a schematic diagram of the reactor with streams
labeled for hydrogen, coal, and liquid and gas phase water. The latter,
as a reaction product, is labeled as a separate stream for conceptual
purposes only and is treated in the next section.

Table 1V-1 lists the flowrates for hydrogen and coal entering,
and reacting in, each section (numbered from the top), along with the
superficial gas velocity entering and leaving each stage (an important
hydrodynamic variable with respect to design).

It is projected that the top two reactor sections will be operated
at 275°C, and the bottom three at 325°C. Compared with 250°C operation
in Shinn's study, the residence time for conversion will be reduced
substantially. At low conversion, coal reactivity is high due to
reaction of ether linkages. At higher conversions most of the ether
bonds have reacted. Higher temperatures are then needed to drive the
reaction to completion.

2. Water

If the moles of oxygen reacted from ether-like bonds results
in equivalent water production, an inventory of the water content
in the gas and liquid phases is warranted. Above 17 wt% of methanol

in the ZnC]Z/methano1 melt the activity of the melt decreases (S8).
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Figure 1V-1. ZnCl,/MeOH coal liquefaction reactor schematic diagram.



Table [V-1

Intermediate Hydrogen flowrates, Coal Conversion and Superficial Gas Velocities

2

For The Conceptual Liquefaction Reactor, Basis: 1 ft° of Reactor Area

Stage Coal Conversion % Hz Feedrate Hz Reacting Linear Gas Velocity
Tbmolies/min tomoles/min Entering Leaving
meters/min
1 0-2% 0.147 0.061 0.53 0.33
2 26-50 0.147 0.061 0.49 0.29
3 51-75 0.147 0.061 0.49 0.27
4 76-90 0.123 0.036 0.36 0.23

5 91-99 0.123 0.023 0.22 0.14

Ay




Mole for mole, water is believed to have a similar effect, so that
steps may be needed for its removal.

Figure IV-1 indicates the intermediate flows of streams for water
in the gas and liquid phases for two cases, If gas-phase scrubbing for
water removal is desired, the gas stream labeled yé should be with-
drawn from the top of ihe uppermost 325% section. It is believed this
will give optimum water removal for a single step. The high partial
pressure at the higher temperature makeé the gas a "sink" for water from
the Tower lying sections. If this water is not removed, it largely
condenses into the melt in Section 2.

The partial pressure of water in any stage n can be represented

Pn = f(T,ww)

with P, the water partial pressure, T the temperature, and Wy, the effec-
tive weight fraction of water, as reported by Holten (H5) and shown in
Figure VI-Al, The combined effect of water and of 17 wt% methanol

dissolved in the melt is taken into account by assuming:
Wy = 0.085 + W,

where Wy represents the weight fraction of water in any stage. This re-
lation assumes that the bonding capacity of methanol and water are equal
on a molar basis, and that the methanol is bound more tightly than water,

The gas-phase water flowrate was then calculated from the relation
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Pn

e
n-1 Ptot = Pn 1

where Fp = Average hydrogen flowrate, lbmole/min., and Pigot = Total
reactor pressure, psi.
The calculation is iterative, starting by assuming a liquid water

flowrate leaving the bdttem stage, calculating Py, Yp-1, and Xp from
Xn = Xn+el * Ypol = Yn - G

where Gp is the moles of water generated by the amount of chemical
reaction occurring in the section.

Table 1V-2 shows the intermediate partial pressure and water
liquid weight-percent for the scrubbing and non-scrubbing cases.
Scrubbing reduces the maximum water weight-percent in the melt from
6.8 to 2.3%, and also removes 77.6% of the total water formed while
84.6% remains without scrubbing. For these reasons a strong case
can be made to include the scrubber in the final design,

B. Experimental Study and Data Interpretation

Experiments were performed to obtain the gas holdup and liquid mass
transfer coefficients for three liquids used to model the ZnCly catalyzed
process.

1. Gas Holdup

The determination of the interfacial area, a, available for mass

transfer can be obtained from the relation
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Table IV-2

Intermediate Partial Pressures and Weight Fraction for Water
In Scrubbing and non-Scrubbing Systems

With Water Scrubbing Without Water Scrubbing

Partial Pressure | Partial Pressure
‘Stage Water Wt% psi Water Wi% psi
1 1.54 90 1.76 90
2 1.84 _ 90 6.68 125
3 2.18 240 5.93 330
4 - 0.93 240 5.22 295
5 1.12 240 4.06 275
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a = 6eg/dy | (1)

Here dp is the average bubble diameter (which will be discussed later),
and €q is the holdup or volume fraction of gas in a unit volume of slurry
mixture. It can be determined experimentally for an empty column from

the relation
eg = (L-Lo)/L (2)

where L is the total liquid height and Ly is the settled height or, for

a column with internals of volume I,
€g = (L-Lg)S/(LS-1)

where S is the superficial cross-sectional area. The main correlating
parameters influencing holdup are the liquid physical properties and the
superficial gas yelccﬁty Uge

Superficial velocities and mass velocities needed for hydrogen
at elevated pressure lie in the range of accessible values for air at
atmospheric pressure. Figure IV-2 to IV-4 show holdup data in the 6-inch
column (ranging from O to 20 vol.%) for tap water and for 22-cp and 84-cp
zinc chloride solutions. For an open column, at all three viscosities,
the orifice gives less holdup than the sparger., With the sparger, the
trays with 1/4-inch spacing tend slightly to increase the holdup, while
those with 1/2-inch spacing either lower it or have no effect. While
in operation, the viscous liquids took on a murky appearance due to the

formation of very small bubbles. Obtaining accurate froth-height
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measurements was difficult due to a wildly fluctuating interface, the
worst occurring with the orifice,

It was thought that inclusion of internals might increase the
area available for mass transfer by continually breaking up the flow of
gas. Except for the trays with 1/4-inch spacing, the effect of increas-
ing viscosity is to decrease turbulence and bubble break-up and thus
decrease the holdup. These observations suggest strongly that the bubble
size does not change much from the sparger to the 1/4-inch trays. If
it is assumed that the bubbles passing through the 1/4-inch rings are
1/4-inch in diameter, the changes in holdup in going from 1/4-inch to
1/2-inch spacing or to the open column can be used to estimate the rela-
~tive bubble sizes, interfacial area per unit volume, and rates of mass
transfer,

The holdups presented here assume uniformity everywhere above
the plane of introduction of gas into the column, The data are not
reliable enough to give an estimate of the height at which the holdup
changes from a lean value (in the vicinity of the sparger) to a value
that is consistent with the major portion of the column. However, the
interfacial areas calculated from these holdups will be lower than the
true area above the sparger, and thus will present a conservative
estimate for design.

2. Liquid Mass-Transfer Coefficients

Two experimental techniques were employed in our effort to
obtain mass transfer coefficients for the model liquids. The first,
which proved unsuccessful, used n-propanol as a transferred component

into the gas phase in a static equilibrium apparatus. It was found
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that despite numerous steps to reduce the mass-transfer rate, the
gas phase was always essentially in equilibrium with the liquid.
A discussion of these results is given in Appendix G.

The second technique employed involved saturating the liquids
with helium and measuring the transient response (V1). These experiments
proved successful, and have paved the way for future two-phase and three-
phase mass transfer research in bubble columns. The mathematics presented
here follow the outline originally presented by Schaftlein et al. (S3)
and was actua?iy employed in a study of a three»phaée stirred tank by
Joosten et al. (J2).

The liquids are saturated with helium, and a step change is
made to a feed of pure nitrogen. The desorption of helium with time is
measured by sending pulsed samples (at 15-second intervals) to a thermal
cénductivity detector, Qsing‘a pure nitrogen reference. The detector
measures a stream of helium in nitrogen, decreasing in helium content
with time, that can be used to deduce a mass-transfer coefficient.

The gas-phase helium concentration is a function of position
and time. An unsteady-state material balance yields

aC ' C aC
9 g
g Vp 37t Kqa O m = eg g (4)

Experimental data for water and the viscous melts show that

aCq/ ot
e 0,025
acg/a(z/vb) (5)
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so that the time derivative can be ignored. A physical interpretation
would be that in the time it takes a bubble to rise one column length,
the concentration change at the top surface is 2.5% of that bubble's
soluble content.

Boundary conditions for pseudo-steady state at zero time are
@z =0 ngo

Integration yields

(6)

The liquid is considered to be well mixed, and hence the liquid
concentration is a function of time only. At zero time, with atmospheric

operation

= s 9
HC,(0) = = Cg 7

At any time the gas phase concentration at the liquid surface

is related to the liquid concentration by

(8)
. ket
* vp €g H (9)
An Overall Mass balance on the helium column yields
dCy :
agltol) = ¥y =g (10)
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Substituting from equation 8, Ci(t) into equation 10 yields

g « -
Cq Vi

Cg(O,L) = C§I1 - exn(~u)%

Then integrating equation 11 with this boundary condition yields

If one assumes that for gas-liquid columns

q = UgS = Eg Vb S
and '
then equation 12 becomes

Eﬂiﬁi&l = | 1 - exp(-a) exp

The use of equation 13 for three phase systems is a point
tion (K2) because of solids entrainment in bubble wakes. Thus

three phase system one must use equation 13.

(13)

(16)

of conten-

for a

A material balance on the dead volume above the liquid surface

becomes

dCy
qergy b 7 Gttt
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where T4 is the dead-volume time constant (V4/q). Cp, the helium con-
centration leaving the dead volume, is assumed the same as that at the
detector, where it will have sustained an additional short time lag.
Substituting the partial pressure Py at the recorder for Cp and using
the boundary condition that at time zero the partial pressure is 1 atm

of helium, the solution of equation 17 is

t t - -0
Prlt) - Celt) exp(-t) + L-—e°
1 atm Cgo 1 - MTd
Eexp(-MTdE) - exa(»%)j (18)
where
t = t/ g (19)
14 = Vd/q | (20)

v - K?aél s@e““} (21)

At sufficiently large T, exp (-T) decays effectively to zero, and

equation 18 becomes

o -
& exp (=-Mt,t
1atn 1 - M, P (-Mgt) (22)
because l-exp(-a) for small o approaches o itself. This section of

a semilog plot of Py (or peak height based on a calibration standard)
versus t will yjeld a straight line with a slope of -MTy and an inter-
cept at zero time of a/(1-M14). For helium in water, the Henry's Law

constant, bubble rise velocity, and kyja at these velocities are well
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known, so that the intercept calculated from the decay slope by the
mathematical model can be compared with the one obtained directly from

~ experiments (which confirms the model). Due to the small value of o,

the term (1-e~®)/a lies between 0.99 and 1.00 and
M~ k,a ' - (23)

Experiments were carried out with water to calibrate the system,
taking advantage of published values of the Henry's Law constant (P1),
bubble rise velocity (Y2), and gas holdup mentioned earlier. Thus, match-
ing experimental and model zero-time partial pressures can be compared,
as shown in Table IV-3.
| Runs 11-15 show excellent repeatability of the liquid resistance
term, and the needed absence of any effect of liquid height or dead
volume time constant. The agreement between the experimental and
model partial pressures of helium at zero time gives only qualitative
confirmation of the model. When they agree closely (as in runs 11,

13 and 31), the published vé?ue of the Henry'é Law constant of 91.3 ‘

is well below the value calculated by the relations

n (23)
C? = V?
t .
n(t)dt
_0 (24)
n= T
Pty v, 3
n(t) = r(Ri t Vt = q x (Time of experiment)



Mass-Transfer Coefficients and Experimental/Model Intercepts

for Helium Desorption from Water

Table IV-3

U L Td tyg Zero-Time Intercept k]a, 5-1 Henry's Law  Sparger
Run WNo. met?min. Atm. Constant, H Holes/Diameter
Exp. Model
cmdgas/em3
Viquid
11 0.571 44 14.7 0.074 0.0069 0.0072 0.022 121 6-5mm
12 0.657 25 30.6 0.083 0.0068 0.0106 0.023 77 6-5mm
13 0.657 35 20.1 0.083 0.0060 0.0064 0.020 104 6-Smm
14 0.657 49 6.8 0.083 0.0094 0.0071 0.023 149 6~ Smm
15 0.657 25 30.1 0.083 0.0072 0.0102 0.023 81 6-Smm
29 0.294 50 15.6 0.035 0.0113 0.0051 0.0087 * 8- 2mm
30 0.536 50 8.5 0.056 0.0094 0.0074 0.0183 * 8-2mm
31 0.0727 48 6.3 0.085 0.0105 0.0102 0.329 132 8- 2mm
32 0.882 48 6.9 0.095 0.0083 0.0135 0.043 235 8- 2mm

*Not available

99
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In runs 12 and 15, the literature value is above the experimentally
estimated value. Since runs 12 and 15 were made with a low }iquid
level, it is @OSSibie that the solution was not fully saturated with
helium in all the other runs. Such a starting condition has no effect
on k]ae

Figure 1V-5 shows kja for water, plotted as a function of superficial
gas velocity Ug for the data of Table IV-3. Data are plotted for

20 wt% ZﬂC?Z in water which show no real difference from pure water,
There is good agreement between these data and those of Akﬁta and
Yoshida (Al) thaﬁ are plotted on the same figure. They measured k3a

by absorbing oxygen with sulfite oxidation at 30°C in a 6-inch column.
If one makes tﬁe standard assumption of a one half power dependence
of‘k1a on diffusivity then the values of k?a for oxygen can be increased
by 73% in order to be compared with helium. When this is done the

two lines are in good agreement and any errors can be explained by

the difference in the analytic methods from which kia is obtained.

Obtaining mass transfer data for the viscous liquids proved difficult.
This was due to the difficulty in trapping out impurities from technical
grade glycerol or ZﬂC?Z that interfered with the helium peak at the
detector. Mass spectrometer analysis showed the presence of chiorine
(MW=71) and a hydrocarbon peak (MW=44) presumably propane as well

as CH radicals which lends credence to the propane possibility.

3
Traps consisting of dry ice in acetone and liquid nitrogen failed to
remove them. However, a trap filled with mixed 4 A and 13 A crushed
molecular sieves, prepared by treating at 450°C for four hours, gave

a fair but imperfect removal. The resulting scatter in the plots
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Figure IV-5. kya vs. gas velocity for helium desorption from water,
20 wt% ZnClp in water, Yokita and Ashida's Data for
sulfite oxidation.
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of partial pressure vs. time constant, from which each kia value
is obtained, carries through the ensuring plots. Obtaining k1a from
water data proved easy in comparison, due to the complete removal
of water by drierite. Figure IV-6 shows mass-transfer data for the
model Tiquids. The data show that the effect of the 1/4-inch rod
trays is negligible which is consistent with the holdup data. The
effect of viscosity on k]a is a -0.50 power dependence for the 20
cp liquid and a -0.55 power for 84 cp liquid. Thése results can be
discussed with respect to other researchers correlations in order
to establish the effect of ZnC?ZQ
The effect of viscosity on holdup at these low gas flowrates
has beeh'shown to be negligible for the 20 cp liquid and to have a
slight effect on the 84 cp liquid. Since viscosity is known to have
an effect on the terminal rise velocity of gas bubbles a value of -0.05
power was chosen for the effect and hence a +0.05 power dependence
was chosen for gas holdup. Hiss et al (H4) report that diffusivity
varies with viscosity to the 0.67 power while the dependence of bubble
size on viscosity has been shown to be to the 0.1 power (B3). With
these assumptions the effect of k1a can be shown for other researchers
correlations as well as the present work. This is shown in Table 1V-4.
These results show that the effect of ZnC’I2 in a viscous medium
is well within that reported in the Titerature for viscous liquids
alone. This is also consistent with the mass-transfer data for 20
wt% ZnC‘I2 in pure water where it was shown that the ZnCTZ had no effect,
This does not, however, show the effect of surface tension which could

be much lower than that of the model liquids (64 to 77 dynes cm).
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Figure IV-6. kja vs. gas velocity for model Tiquids in bubble column
and with 1/4-inch rod trays.
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Table IV-4
Comparison with other Researchers' Correlations for the

Effect of Viscosity on Liquid-Side Mass-Transfer Coefficients, k1a

Investigator kja Power Dependence

on Viscosity

Calderbank -0.55
Hughmark | -0.50
Higbie ' -0.48
Akita -0.43

Present Work ' -0.50
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Figure IV-7 shows the effect of the number of orifices and orifice
diameter on kja in helium desorption from water. At a constant super-
ficial gas velocity a sﬁng1e orifice sparger with a diameter of lmm
increases k1a by 25% over a 3 orifice sparger with the same diameter.

A gas jet was observed at the 1-lmm orifice that is considered to be

the cause of the increased mass transfer rates. The dashed Tine in

the figure is the same solid line used in Figure IV-5 where the other
water data is plotted. Thus these results show that by adding orifices
of Imm diameter or increasing the diameter to 2mm (or 5mm in the case of

Yokita and Ashida) will have no effect on the mass-transfer coefficients,
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Figure IV-7. kja vs. gas velocity for lmm orifice and 3-1mm orifices
for helium desorption from water.
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Conclusions and Recommendations

The absorption of hydrogen in a three-phase coal liquefaction
reaction can be represented by a resistaﬁceainssefies model.,
Repeatable mass-transfer data for two-phase and three-phase systems
can be obtained using a transient-response method. This method,
with refinements, could be applied directly to a coal liquefaction
reactor to yield quantitative mass-transfer coefficients and semi-
guantitative Henry's Law constants.

Static.equi1ibrium experiments, using a highly soluble 1iquid
(n-propanol) as a transferred component, result in gas saturation
and thus cannot be used to obtain mass-transfer coefficients

in the apparatus depicted in Figure III-1.

The effect of rod-tray internals with respect to mass-transfer

and gas holdup is negligible (which does not invalidate their
use).

The effect of ch12 in water and in a viscous medium (glycerol)

is negligible with respect to mass-transfer and gas holdup for
Tigquids with surface tensions in the vicinity of that for water.
Water build-up in the gas phase of the reactor should be com-
pensated for by diverting the gas to a water scrubber system
partway through the reactor, in order to keep the catalytic activity
of the ZﬂC?Z/MeOH melt at a maximum, |

It is assumed that the effects of small particles and much Tower
surface tensions in the reactor will decrease the mass-transfer
rate by no more than one order of magnitude. However, even this

much reduction will only represent 25% of the projected overall
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absorption rate. Thus, for practical purposes, the chemical
reaction rate can be assumed to be controlling.

Finally, the notion that a slurry reactor can be fundamentally
understood bybfi11ing in "holes" in the literature is summarily
rejected. To achieve usable results, comprehensive study of

the system variables is needed.

It is recommended that:

1.

Experimental and theoretical %eactor research for slurry reactors
in general and coal liquefaction reactors in particular should
start from a gas-liquid bubble column, and using existing knowledge
as a guide, build up in complexity in order to understand the
interactions of design variables.

The transient response system should be improved (i.e. by continuous
gas sampling) to ensure that the zero-time intercept and Henry's
Law constants (which poorly agree with published values) are
correct. |

The effects of low surface tension and particle size (10 to 100
microns) should be studied in bubble columns, and these results
integrated into the general development.

Rod trays should be retained in the reaction design, although

they have no effect with respect to mass transfer and gas hold

up, because they serve to keep the s?urrykin plug flow.

A better viscous medium should be chosen or a better gasssémpie
stream developed, in ordef to eliminate the organic-chemical

impurities in obtaining mass-transfer data for ZnC12 melts.
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More work should be done in determining the gas and liquid/slurry
compositions as a function of reaction coordinate for the ZnC?Z/MeOH
system,

Experiments should be undertaken to determine the coal particle

size as a result of breakup for the ZnC12/MeOH system.

Experiments should be run with the transient response method and

the sulfite oxidation (or other) technique simultaneously, in

order to bring into focus any regimes where the two measuring

techniques disagree.
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VI APPENDIX
Appendix A
Melt Viscosity vs. Temperature
Continuous measurements of melt viscosity vs. temperature over
the range of 359 to 112°C were taken employing a Brookfield Model LVT
viscometer and a mercury bulb thermometer, with a 83 wt% melt of ZnC12
in ZnCTZ/MeOH in a1l 1it, beaker open to the atmoshere and heated on
a hot p?ate; The vapor pressure of methanol, assumed to be 5 psi, at
110°C by analogy to water (Fig. VI-Al), is so low that ailowihg it to
vaporize du}ing experimentation should not cause the melt to concentrate
in ZnC]2 to any appreciable degree,
The Arrhenius-type behavior of melt viscosity vs. temperature

in the form

U = B exp (-AE/RT)

is shown in Figure VI-A2 and gives an activation energy of 11.4 kcal/gmole,

Extrapolation yields melt viscosity of 0.6 cp at 275°C.
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Appendix B
Criteria for Series Resistance in the Absorption Rate of Hydrogen
In the three-phase reacting systems discussed in the literature,

two phenomena must be addressed with respect to rate expressions for
the reacting species: the solid dissolution rate, and the particle
size in relation to the concentration boundary layer of gaseous reactant
around the gas bubbles. The solid dissolution rate refers to the
process whereby a solid species enters the liquid phase to react with
dissolved gas.. In the coal liquefaction process discussed here, it
is assumed that no reactive coal species survive above the surface
of the coal, so that the rate can be expressed in terms of a surface
concentration of hydrogen. The concentration boundary layer, identified
also as the liquid film thickness, represents that distance in which
the concentration of gas at the gas-bubble surface decreases to that

of the bulk liquid

§ = D/kj
Ramachandran (R1) states that for solids in the liquid film to be

important,

dp < 0.16
where dp is the particle diameter.
The presence of solids has the effect of decreasing the hydrogen
back pressure in the bulk liquid and increasing the liquid mass-transfer
coefficient k,. Table VI-Bl Tists ky, calculated from various authors'

1
correlations at the conditions that are likely to be encountered.
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Table VI-B1
Gas-Liquid Mass-Transfer Coefficients For Hydrogen In ZnCTZ/
MeOH at 275°C, 600 psi, Uy = 1 meter/min,

Author, Reference ki’ cm/s

Akita (A1) - 2.2 x 1072
Higbie (H2) 2.3 x 1073
Calderbank (C1) 4.9 x 1072
Hughmark* (H5) 1,93 x 1073

*Considered to be erroneously low
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An estimate of hydrogen diffusivity can be made from the data
of Gubbins et al. (G5), who measured the diffusivity of hydrogen in
KC1, MgC]Zs an MgSOl1 solutions as a function of temperature and con-
centration. Assuming ZnC“l2 can be modeled from MgCTZ and that the
activation energy obtained at 45°C can be extrapolated to 2750C9 inde-
pendent of concentration, the diffusivity of hydrogen in the melt is

4.7 x 107°

cm/s. From this with the smallest beljevable value of

ky (Akita's or Higbie's), the film thickness becomes 2.1 x 10"3 cm.
An order-of-magnitude error in diffusivity would only increase the
film thickness to 6.72 x 10-3 cm. through a 0.5 power dependence of
k1 on diffusivity. Coal particles are known to break up in a ligque-
faction reaction, and could decrease in size an order of magnitude
to 5 microns. At a gas hold up 0.15, the actual volume of slurry in
the film is 0.3% of the total (1 cm. bubble diameter). Thus, while
the criteria for significant enhancement of mass transfer in the gas
film could be met (with a severe error in diffusivity), its effect

on the rate of absorption is negligible, and the assumption of no

reaction in the liquid film is valid.
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Appendix C
Hydrogen Solubility

The only published correlation for the solubility of noble gases
in molten salts, which also provide a model for hydrogen was obtained
from Watson et al. (Wl). They equate the free energy of solution
of the gas to the free energy of formation of holes which were assumed
to be of the same size as the gas molecules. fhe free energy obtained
would apply for a continuous fluid having the same surface tension
(o) as the solvent. Correcting for changes in surface tension, they
obtain an expression for the distribution between the gas and dissolved

phase:

c 2
L exp(l8:gerte) 1
9

where r represents the atomic radius of hydrogen,

“Table IV C1 compares Henry's Law constants for Hydrogen in different
systems from various investigators for possible coal liquefaction
conditions as well as for helium and hydrogen in water, At these

pressures
H' = RT V H

Table VI-C1 shows that an estimate of Henry's Law constant, good
to within 25% can be obtained from this information. These values

are not far removed from the solubility of hydrogen in organic solvents.
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Table VI-C1

Henry's Law Constants for Hydrogen in Different Systems Compared

to

Helium in Water

H
System (Atm/Mole Fraction) Reference
268°C, Hydrogen-Tetralin 1,173 510
200°C, Hydrogen-Benzene 1,130 B2
,BOC, Hydrogen-n Hexane 1,195 B2
27506, Hydrogen-Molten Salt 2,104 Wl
(Surface Tension = 75 dynes/cm)
Ibid, Surface Tension = 40
(dynes/cm) 2,104 W1
25°¢, Hydrogen in Water 1,070 Pl
?50CS Heliunm in Water 17,500 | P1
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Appendix D
Liguid-Solid Mass Transfer
Satterfield (S2) recommends Brian's et al. (B3) correlation for

liguid-solid mass transfer to small particles in a slurry:

k. d

52 (4.0 + 1.21 Npex)1/?

where ks% represents a liquid-solid mass transfer coefficient calculated
*

at the terminal settling velocity of the particle, and NPe is the

Peclet number calculated for these conditions. The true coefficient

is higher and empirically Brian found

Hughmark (H7) presents the data of many investigators in the
form of six correlations, each of which conforms to a specific regime
of Reynolds and Schmidt numbers. His Reynolds number contains the
slip velocity, or terminal settling velocity.

Although the closest correlation is in a regime lower than ours
because Tiquid-liquid diffusivity is higher than gas-liquid diffusivity,
the calculations of the liquid-solid resistance for these researchers‘
show good agreement for 0.2 mm and 1.0 mm particles. These results
are shown in Table VI D1. The liquid-solid resistance term is ksa

p

where a_ = 6m .
P o
p
Other correlations, not presented, are based on an assumed average

power input per unit volume of slurry in an agitated tank. Applying



76

Table VI-D1

Liquid-Solid Mass Transfer Coefficients for Hydrogen to 1 mm

and 200 u particles

ks ksap
- Particle Size cm/s s-1 Reference
1 mm 5.2 x 1073 0.14 B3
200 u 1.3 x 10 0.17
1 mm 7.9 x 1073 0.21 H7
200 u 2.9 x 10 0.38
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this principle to a bubble column is not warranted due to dissimilar

geometries.
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Appendix E
Chemical Rate Constant
Figure VI E1 shows pressure-time data from Shinn (run 72) made
at 800 psi and 250°%C., If it is assumed that the coal liquefaction
reaction is first order in hydrogen and first order in unreacted carbon
then a rate expression can be written for the disappearance of hydrogen

with time,

dCH2

gt - k! CH2 Ccarbon

By assuming a consumption ratio of 4:1 for carbon to hydrogen
as discussed earlier and knowledge of the Henry's Law constant (1.173
atm/mole fraction (S10)) allows for evaluation k',

If water from the breaking of ether bonds enters the gas phase
then it wi?] affect the total pressure. Two k's were calculated assuming
either all or none of the water influenced the pressure reading.

These values are in pressure units 9.24 x 10-5 (atm-min)-1 and 3.05

x 05 x 10-5 (atm-min)-1, the latter being for no water influence.

It was also assumed that the 210 1bs. of pressure rise was due to
volatiles from the coal aﬁd not hydrogen. It is believed that the
Tower value isvthe truer one in light of the material balance calcula-
tions and lower HZO vapor pressure at 250°C.,

The maximum chemical reaction rate occurs at the coal feed point.
When it is calculated using the larger of the k' values the result is
1.28 x 10-3 atm/s. Thus the maximum value of k' (assuming no mass-

transfer resistance) is 1.28 x 10’3/5,
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In fhe actual liquefaction reactor, the hydrogen pressure is
constant and the rate expression becomes pseudo first order. When
this expression is integrated, with the TOWer k' from Shinn's data
and the molar ratio of carbon hydrogen in the feed is changed from
10.1 to 20.3 (33 wt% coal in the liquefaction reaction) the residence
time becomes 25 minutes due to the constant hydrogen pressure and
hence higher rate. This residence time is based on 250°¢C aﬂd‘EOO psi
hydrogen., If the~procéss improvements discussed earlier are adopted,
then the combined effects of higher temperature'(27SOC in the top two
sections and 325°C in the bottom three) and gas scrubbing for water
removal (to keep the catalytic activity of the melt as high as possible)

should decrease this residence time to 15 minutes.
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Appendix F
Hydrogen Requirement for the Coal Slurry Reactor
Calculations are shown here for the molar carbon throughput,

minimum and 60% excess hydrogen, and maximum superficial gas velocity

for 1 ftB/min coal slurry flow in a reactor of 1 ftz cross-section,
Carbon
Fi 1b

FE Sturry x 124.7 o x 0.3 o293l

Ibmole Carbon _ 1.96 Thmole

X T7Tb Carbon T Carbon

Hydrogen

lbmole Ibmole Hydrogen . 5 o _ 1bmole
1.96 min Carbon x Z ThmoTe Carbon 1.6 =0.78 min

At 600 psi and 275°C the maximum superficial gas velocity in
any one section is obtained from adding hydrogen sparged to the left

over from the previous section and

3
_ 1 0.78 1bmoles ft -atm
Ug max = Etffgm (0.3) + 093E ——— X 0.730 ;g;;?;tbg
0
987 R 1 . meters
X QGSS atm X ftz x =3048 = 0695 m,‘n
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Appendix G
Gas-Ligquid Mass Transfer from n-Propanol
The model liquids were purposely augmented with n=propanol in
order to determine the mass transfer coefficients. The mass transfer
.data were reduced by using well known theory (S7). In terms of an
overall driving force, for a nitrogen/n-propanol bubble rising in the
column, the vapor phase concentration and mass transfer rates are
Vp Mo g p(yxay) = 0 (1)
z 0g

where

and

In terms of a bubble of equivalent spherical diameter, Vb/a becomes

equal to db/65 and Equation 1 rearranges to

Y 6L
=0

The term before the integral represents the height of an overall

gas-phase mass-transfer unit HO while the term under the integral

93
is the number of overall gas-phase mass transfer units Noga A plot

of L vs. N, yields a Tine whose é?ope is the average value of'HO

9 g’
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Terms to account for the influence of the rate of mass transfer for
water on that for n-propanol, or vice versa, were found not to be
needed.

The molar gas phase concentrations, Yp ad Yp* were reduced from
the raw chromatographic data as area fractions and the molar responds
factors suggested by McNair (M3). The equilibrium mole fractions for
water in n-propanol, Yp*s were determined on two occasions in the 8 ft.
high by 2 inches diameter columns each using three separate sample
injections. The average of these injectiohs are shown in Table IV GI,
When these mole fractions are compared at the same temperature by
making a vapor-pressure correction and assuming Raoult's Law, they
agree to within 3.2% for water and 2.6% for n-propanol, Experimental
proof that these data were the true equilibrium-vapor mole fractions
was provided by changing the liquid height in the equilibrium column
and finding that it had no effect on the resulting Yp*'se

Table VI G2 Tists the mole fractions of n-propanol and water
found in the model reactor as a function of height. When the vapor
preésure correction is employed the overall number of gas-phase mass-

transfer units can be calculated from

Y @
oL )
Nog = - ()
vieo PP

using a trapezoidal approximation method.
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A plot of height vs. N__ is shown in Figure VI Gl. The water

0g
peaks in the chromatograms were subject to tailing, and hence cannot

be exactly correct,

The bubble size emanating from the 3/8" orifice under the same
low gas flowrate, and liquid physical properties can be obtained from
the photographic data of Quigley (Ql) et al. to be 2.91 cm. The rise
velocity of bubbles with Reynolds numbers greater than 1 was found to

be 38 cm/s from Mendelsohns' correlation (M4). With this information

5

ch from Figure VI-G1 was found to be 3.96 x 10~ gmo1e/cm2ssmatm. A

gas-phase mass-transfer coefficient kg calculated from the data of

Geddes (G1) was found to be Tow enough to be considered, 1.21 x 10®4

gmo?s/cmzwseatm, From Equation 3 k, was found to be 5.74 x 107% cm

and k1a becbmes 1.2 x 10”3 s“le

the penetration theory, using the diffusivity of n-propanol in water
4

If k] were calculated according to
with a correction for viscosity, the result would be 28 x 107" ecm/s.
Thus the measured result is 20% of that predicted by theory.

Errors in using other people's data on dissimilar systems could
account for some of the discrepancy and there probably were errors in-
troduced by mixing in the gas collection cone. However, it is believed
that the temperature correction was so large that-thé calculation of
Nog vs. ht resulted in a straight line that had little to do with the
~mass transfer taking place and that the ki obtained is completely
erroneous. It is believed that the results obtained in this mass
transfer apparatus were in equilibrium with its surrounding liquid

due the Tow value of the Henry's Law constant which is in the numerator .

of the resistance term for gas-liquid mass transfer.
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Table VI-G1
Equilibrium Mole Fractions of Water and n-Propanol

Above 84cp Model Liquid

Temperature Mole Fraction Vapor Pressure
C vTorr
Water
25 0.01864 23.8
29.5 0.02505 30.9
n-Propanot
25 0.00929 19.7

29.5 0.01277 26.4




Mole Fraction, N
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Table IV-G2

0g°

for Water and n-Propanol vs,

Height for 3/8 Inch Orifice and Gas Flowrate of 0.078 ftB/mine

Run No. Tgmp9 Ht. Mole Fraction Mole Fraction
C cm. HZO n-Propano!l
1 27 14 0.01629 0.00752
26 29 0.01756 0.00869
2 23 14 0.01365 0.00583
24 22.5 0.01705 0.00674
23 29 0.01700 0.00717
Adjusted From Temperature to 259
Nog Nog
HZO n-Propanol
1 25 14 0.01448  1.4356 0.00660 1.1899
25 29 0.01655  2.0458 0.00813 1.9755
2 25 14 0.01539 1.6272 0.00633 1.1125
25 22.5 0.01801 - 2.8844 0.00720 1.4380
25 29 0.01917 0.00818 2.0150




Liquid height (cm)
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Figure VI-G1. Liquid height Ly vs. Nog for n-propanol.



88

Notatibn
bubble interfacial area per unit volume of liquid (or slurry
for 3 phase systems, cmz/cm3
constant for empirical viscbsity correlating, gm/cm-s
particle interfacial area per unit volume of siurrysrcmz/

gas phase concentration, gmo?e/cm3

gas phase concentration at gas-liquid interface, gmo'le/cm3

Tiquid phase concentration, gmo?e/cm3
imaginary 1iquid phase concentration that would be in equilibrium
with the gas, gmcﬂe/cm3
helium concentration in gas at 1 atm partiai pressure, gmole/cm
coal feed rate from stage n, lbmole/min

helium concentration at the recorder, gmo‘le/cm3
bubble diameter, cm

particle diameter, cm

column diémeters em

diffusivity, cmz/s

activation energy for viscosity, kcal/gmole
average hydrogen molar flowrate, lbmole/min

fractional conversion of coal, dimensionless

water generated by chemical reaction in stage n, lbmole
min

gravitational acceleration, 980 cm/s2
hydrogen entering stage n from nth stage, lbmole/min
Henry's Law constant, concentration ratio of dissolved gas

in equilibrium between the gas and liquid phases, dimensionless
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Henry's Law constant, atm/mole-fraction liquid

height of an overall gas phase mass transfer unit, cm.

hydrogen sparged to stage n of 1iquefactibn reactor, Tbmole/min
internals volume, cm3

equilibrium line slope, dimensionless

second order coal conversion rate constant, cm3 or

gmoTe-min

=1
(atm-min) ~

gas side mass transfer coefficient mole  and
cm=s-atm
Tiquid side mass transfer coefficient cm/s

overall gas phase mass transfer coefficient gmoie/cmzwswatm
global rate coefficient for hydrogen absorption, 5"1

1st order chemical reaction rate constant, s”’1
liquid solid mass transfer coefficient cm/s
liquid solid mass transfer coefficient, calculated at particle
terminal velocity, cm/s

Liquid froth height, cm

settled liquid froth height, cm

weight fraction of solids, dimensionless

kla(lvema)/ag dimensionless

no. of gmoles charged to bubble column at the start of an
experiment

no. gmoles of n-propanol in the gas phase

Schmidt No. u/p db

Bubble Reynolds No. 95YbP

u

hydrogen pressure in Shinn's autoclave, psi
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water partial pressure in stage n, psi
Total liquefaction reactor pressure, psi
helium partial pressure at the fecordgrg atm

volumetric gas flowrate cm3/s

gas constant 82 cmBnatm/oK»gmo1e

atomic radius, angstroms

column cross sectional area

time, seconds

dimensionless time

Temperature, %

Superficial column gas velocity m/min

molar volume of dissolved gas, gmo1e/cm3

total gas volume passed through bubble column during an exberiment9

Cm3

bubble volume, cm3

dead volume of gas above Tiquid in bubble column, cm3
liquid volume in column, cm3

bubble rise velocity, cm/s

particle terminal velocity

water weight fraction in ZnCi2 melt in stage n from Holton,
dimensionless

water weight fraction in stage n, dimensionless

water 1iquid molar flowrate from stage n, lbmole/min

water stream sent to scrubber, lbmole/min

water gaseous molar flowrate to stage n, lbmole/min

mole fraction of n-propanol, dimensionless
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equilibrium mole fraction of n-propanol, dimensionless

vertical column height, cm

Section 1V,
defined by equation 9, dimensionless
Tigquid film thickness, cm
volume fraction of gas based on ligquid or slurry, dimensionless
surface tension, dynes/cm
gas phase dead volume time constant, Ug/q S
molal density of melt, gmole/gm
density, gm/cmS; density difference between gas and liquid
effectiveness factor, dimensionless
viscosity gm ; c continuous phase

cm=3 v
kinematic viscosity of Tliquid, cm/s
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