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ABSTRACT OF THE DISSERTATION 
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Process Intensification (PI) was borne out of a desire to meet ever stringent demands placed 

on the chemical process industry. These demands, expressed in terms of process objectives, 

include but are not limited to, reductions in waste generation, carbon emissions, utility 

consumption and capital and operating costs. PI also encompasses increases in energy efficiency 

and transition to green and sustainable chemical production. Meeting these objectives requires the 

application of unique techniques to identify and incorporate possible PI improvements in process 

design. 

This dissertation features the application of several PI tools to various processes in the 

chemical process industry. In Chapter 1, the Energetic Self Sufficiency (ESS) tool is applied to the 

coproduction of Acetic acid and Hydrogen with no CO2 emissions. This PI tool is employed to 

other coproduction targets: Formic acid and Hydrogen (Chapter 2) and Dimethyl Ether and 

Hydrogen (Chapter 3). Next, the Atom Species Attainable Region (ASAR) concept is formally 

defined and applied to an equilibrium mixture of carbon monoxide, CO, carbon dioxide, CO2, 
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hydrogen, H2, methanol, CH3OH, dimethyl ether, DME and water, H2O. In this chapter (Chapter 

4), the atom-mol fraction space is explored for regions that maximize DME production while 

minimizing CH3OH formation. In Chapter 5, an updated technoeconomic analysis (TEA) of a 

commercial scale Integrated Gasification Combined Cycle (IGCC) power plant featuring 

intensified equipment, in the form of Membrane Reactors (MRs) and Adsorptive Reactors (ARs), 

is presented showing the benefits of the technology. In Chapter 6, the Infinite Dimensional State 

Space (IDEAS) conceptual framework is applied to an isobaric reactive distillation network 

featuring Vapor-Liquid Equilibrium (VLE), Vapor-Liquid-Liquid Equilibrium (VLLE), and 

Liquid-Liquid Equilibrium (LLE) flashes for the synthesis of Isopropyl Acetate.  
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CHAPTER 1 

 

Coproduction of Acetic Acid and Hydrogen/Power from Natural Gas with Zero Carbon 

Dioxide Emissions 

1.1 Abstract 

 

A process plant flowsheet that co-produces acetic acid and hydrogen/power from natural 

gas with zero carbon dioxide emissions is developed. Two cases are explored: the production of 

acetic acid and hydrogen (case 1) and the production of acetic acid and power (case 2). This is 

realized by the selection of an appropriate reaction cluster whose sum results in the overall reaction 

that co-produces acetic acid and hydrogen/power. The concept of energetic self -sufficiency is 

introduced, and it imposes constraints on the system defined in terms of the ratio of oxygen feed 

to acetic acid produced. Heat and power integration of the converged flowsheet reveals an 

operating range for each case that guarantees energetic self-sufficiency. Operating points are 

chosen to conduct a preliminary economic analysis and a carbon dioxide cost and performance 

metric calculation to quantify profitability and carbon capture potential of the overall process. 

1.2 Introduction 

 

Acetic acid is used as a chemical intermediate in the production of other useful chemicals, 

such as vinyl acetate, whose derivatives are raw materials for the manufacture of adhesives, 

coatings, textile finishes, cement additives, packaging film and laminated safety glass for 

automotive and architectural applications. Acetic acid is also used to manufacture acetic anhydride 

and cellulose acetate, which are also raw materials in the production of coatings, cellulose plastics, 

aspirin, acetaminophen, cigarette filter tows and filament yarn. Finally, acetic acid is also a process 

solvent used in the production of purified terephthalic acid from which polyester fiber, film and 
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resin are made1-3. Because of its wide range of applications, the global demand of acetic acid was 

valued at 12.1 million metric tons in 2014 and it is expected to reach 16.2 million metric tons per 

year by 2020 with a compound annual growth rate of 4.9%4. The global market is also expected to 

reach USD 12.2 billion per year by 20205. 

Acetic acid has been produced in a wide variety of ways through biological and chemical 

processes. The biological production of acetic acid involves the traditional and historical “two-

step vinegar” process; the first step involves the breakdown of glucose to ethanol and carbon 

dioxide, while the second step involves the oxidation of ethanol to acetic acid and water. The first 

step is accomplished using an anaerobic yeast, such as Saccharomyces cerevisiae at 300 K with 

yield of about 90%, while the second step is facilitated by aerobic bacteria, typically Acetobacter 

aceti at 300 – 310 K with a yield of about 85%1. The chemical production of acetic acid includes 

processes such as hydrocarbon oxidation, synthesis gas-based synthesis routes, and alcohol 

carbonylation. A brief description of the various chemical processes employed in the production 

of acetic acid is provided next. 

One of the older acetic acid production methods involves hydrocarbon oxidation. Vapor-

phase oxidation of ethylene first yields acetaldehyde (Wacker Process), and subsequently further 

oxidation, in the presence of manganese acetate catalyst, yields acetic acid; this process occurs at 

pressure ranges of 0.3 – 1 MPa and temperature ranges of 60 – 80°C. This route was plagued by 

high feedstock costs and a very corrosive catalyst system. Therefore, despite the high yields of 

acetic acid (90%) and relatively low capital cost, many plants operating with this technology have 

been shut down over the last 20 years1-3. Other olefins that have been explored as feedstocks 

include propylene, butenes, and higher olefins, but these processes have not been commercialized  

because of unfavorable economics1. The direct oxidation of saturated hydrocarbons, such as 
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ethane, propane, butane and higher paraffins, to acetic acid has also been reported in the literature 

(patent and otherwise)1-3. Among these works, the liquid-phase oxidation of butane has received 

the most attention, as commercial plants utilizing this process have become operational. This 

process yields a myriad of by-products such as methyl ethyl ketone, ethyl acetate, methyl vinyl 

ketone, formic acid, and propionic acid, depending on reaction conditions and catalyst choice1. 

Synthesis gas is commonly derived from coal, oil, and natural gas resources. Synthesis gas 

routes to acetic acid include dimethyl ether (DME) carbonylation and methyl formate 

isomerization, with both DME and methyl formate generated from syngas feedstock. Acetic acid 

is also produced via methane carbonylation, where the positive change in Gibbs free energy 

condition of this reaction is overcome by high pressure (HP) or strong acid conditions. This process 

suffers from low yields of acetic acid, low conversion of methane, and it produces copious amounts 

of by-products3. Acetic acid has also been reported to be produced directly from methane and 

carbon dioxide in the presence of oxygen over a vanadium-palladium-aluminum oxide catalyst6. 

The carbonylation of alcohols is the current state-of-the-art (SOTA) acetic acid commercial 

production route. One of the main technologies in this space is BP’s Cativa process, which carries 

out methanol carbonylation using an Iridium-based catalyst with an iodide as catalyst promoter. In 

this process, methanol and carbon monoxide are converted to acetic acid over a homogeneous 

iridium-based catalyst system. The iridium-based Cativa process offers significant advantages 

over the earlier but similar rhodium-based Monsanto process, as it boasts reduced water levels, 

reduced by-product formation, low organic iodide impurities and low cost2, 7-10. 

Hydrogen, like acetic acid, has a lot of uses. It is used to produce ammonia for the fertilizer 

industry, in the refining industry for hydrocracking and hydroprocessing, as fuel for propellants in 

the aerospace industry and for power generation in fuel cells for automotive and stationary 
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applications. Hydrogen, when used as fuel, produces no greenhouse gas or environmental 

pollutants such as carbon dioxide, soot or particulates. It also boasts higher power generation 

efficiencies than most fossil fuels, when used in fuel cell and turbine combustion applications.  It 

is also used for the hydrogenation of fats, as a reducing agent in iron metallurgy and in metal 

processing. When combined with carbon monoxide as syngas, it finds even more uses in the 

chemical industry. These include but are not limited to methanol and higher alcohol synthesis, 

hydrocarbon synthesis via the Fisher-Tropsch process, formic acid and acetic acid synthesis, glycol 

synthesis and aldehyde formation via hydroformylation11. Industrially, hydrogen is produced 

mostly from natural gas, oil and coal through steam methane reforming (SMR), hydroprocessing 

(in crude oil refining) and gasification, respectively. 

As discussed above, natural gas is used as raw material for both acetic acid, and hydrogen 

production. It is a readily available low-cost commodity, whose 2016 annual U.S. production was 

26.459 trillion cubic feet12. Processes converting natural gas to chemicals (such as acetic acid and 

hydrogen) or to power, generate carbon dioxide emissions, whose geological sequestration has 

given rise to carbon capture systems. These typically involve carbon dioxide adsorption in solid 

sorbents, or absorption in liquids (often amine-based). A review of such capture technologies, in 

the context of hydrogen production from coal/oil/natural gas, can be found in Ref. 13. 

In this work, the primary motivation for the co-production of hydrogen with acetic acid is 

to demonstrate the technical feasibility, using currently available technologies, and subsequently 

the financial benefits, of transforming a carbon and hydrogen containing feedstock, such as natural 

gas (methane), into hydrogen, without generating carbon dioxide emissions. Indeed, it is shown 

that the redirection of all the carbon contained in the natural gas into a saleable chemical like acetic 

acid, is possible by interconnecting in a novel manner, currently available technologies; and 
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economically desirable, as it improves the economics of hydrogen production. In the past, a 

process has been described producing acetic acid via partial oxidation of methane and methanol 

carbonylation, with the products of the partial oxidation reactor fed directly into the methanol 

carbonylation reactor. Nevertheless, this process generates carbon dioxide as a byproduct 14. The 

work put forward here differs from this earlier work in that it not only sets forth a process to 

produce acetic acid from natural gas but does so by coproducing hydrogen and simultaneously 

eliminating carbon dioxide emissions. The proposed process involves the novel integration of 

hydrogen and acetic acid production in a modular, cost effective and environmentally friendly 

manner and is based entirely on well-known, commercially available technologies. 

This work and associated conceptual methodology builds on research presented in Ref. 15, 

that focuses on the co-production of hydrogen with a valuable carbon-containing chemical, formic 

acid, from natural gas. This work explores another valuable carbon-containing chemical, acetic 

acid, alongside the coproduction of hydrogen. Two case scenarios are explored: the coproduction 

of acetic acid and hydrogen, and the coproduction of acetic acid and power. The two cases are 

inter-related, as the hydrogen generated in the first case is considered to be readily converted to 

power in the second case, using either a hydrogen combustion turbine or a hydrogen fuel cell. 

The remainder of the manuscript is structured in the following format: first, an overall 

reaction for the considered process is proposed, and a thermodynamic analysis is carried out to 

identify thermodynamic limitations imposed on the system to achieve energetic self -sufficiency 

(ESS), as defined in Ref. 15, for an open system. Next, a reaction scheme (cluster) whose sum 

results in the proposed overall reaction is determined. Having established the necessary and 

sufficient conditions for ESS, a flowsheet is developed that accomplishes the desired result of 

coproduction of acetic acid and hydrogen. Following the generation of a successful flowsheet, a 
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detailed heat and power integration is carried out on the flowsheet to determine an exact value of 

a defined intrinsic variable (ratio of oxygen feed to acetic acid) corresponding to an ESS process. 

A preliminary economic analysis, and a carbon dioxide cost and  performance metric calculation 

as defined in Ref. 16, is then performed on the proposed product(s) and system to quantify the 

profitability and carbon capture potential of the overall process. 

1.3 Thermodynamic and ESS Constraints on Proposed System 

 

The constraints on the system are defined in the context of thermodynamics and ESS. The 

overall reaction for the conversion of natural gas (methane) to acetic (ethanoic) acid, and hydrogen, 

with oxygen as a co-feed, and water as either a co-feed or a co-product, is: 

( )4 2 2 3 22 2(1 ) 2(2 ) 1CH X O X H O CH COOH X H R+ + − → + −  

where X  is the molar flow ratio of oxygen to acetic acid. From the stoichiometry of (R1), it is 

trivial to establish the following equivalent relations: for hydrogen production, 2X  ;  for oxygen 

consumption,  0X  ; and for water production, 1X  . Therefore, a necessary and sufficient 

condition for hydrogen production and oxygen consumption is 0 2X  . We now briefly review 

the concept of ESS for an open system as defined in Ref. 15. 

Definition: Let   be a steady-state open system with inlets in IS , outlets in OS , no heat 

transferred from the surroundings to the system, heat possibly transferred from the system to the 

surroundings 0 0Q  , at the uniform surroundings temperature 0T , and the system’s net shaft work 

to be non-positive , 0
W

s j

j S

W


 . Such a system is called energetically self-sufficient. 

Mathematically, it is stated as: 
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where CS   and ES  are the sets of all chemical species and chemical elements respectively 

comprising the system, ,j kv  is the stoichiometric coefficient of the constituent element k  in the 

formation reaction of the jth chemical species, ,i jx  is the mass fraction of the jth chemical species 

in the ith stream,  iH  and iS  are the specific mass enthalpy, and entropy respectively of the ith 

stream at its temperature and pressure conditions iT  and iP ; and GS  is the total rate of entropy 

generation due to irreversibilities both within the system’s control volume and in the heat transfer 

across temperature differences between the control volume and its surroundings15. The term, 

0 GT S LW = , is also known as the “rate of lost work” for a system producing work and the term,  

0i i iH T S B−  = , is also known as the “thermodynamic availability”17. 

However, if 0i I OT T i S S=    , then 0i i i I OH T S G i S S−  =    , where iG  is the 

specific Gibbs free energy of the ith stream at the temperature and pressure conditions 0T  and iP  

I Oi S S   . That is, i iB G= , if iH  and iS  are evaluated at 0T . From eqn. (1), a necessary 

condition for ESS is: 
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The above inequalities are consistent with heat flowing from the system to the surroundings 

and work being generated by the system. This is because the availability flow rate of the inlet 

streams is greater than that of the outlet streams. 

Considering that  0 0i i I OT T P P i S S=  =    , the above necessary conditions 

become: 

( )

( ) ( ) ( )
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To further quantify the aforementioned ESS conditions (both the necessary ones and the 

necessary and sufficient ones), a balanced, overall chemical reaction is considered for the system 

as follows: 

0
C

j j

j S

C


= ; 

where 0j   for the system products, 0j   for the system reactants, and jC  designate the system 

species. Then the equation
1 1 1 1

I O

ij i ij i C

i S i Sj jj j

x m x m j S
M M  

=     holds, which leads to the 

following definition of a normalized molar flow rate for the system:  

1 1 1 1

I O

ij i ij i C

i S i Sj jj j

x m x m j S
M M


  

= =     
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Then the molar flow rate for each species is
j Cj S    . 

Proposition. (a) Consider that each of the system’s inlet and outlet streams consists of only 

one of the overall reaction’s reactants and products respectively. 

Then the above necessary and sufficient, and necessary conditions for ESS become respectively 

( )

0
0 0

,

0 0

0, 0

0

C

W

C

G G
j j

j S

s j

j S G
j j j

j S

Q S S
T s T

W
S

T h T s
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= + −  
  






;
( )0

0

0

C

C

j j

j S

j j j

j S

h

h T s









 
 
 

−  
 




 

(b) Consider that the system’s inlet and outlet streams are ideal mixtures. In addition, consider that

 i i I OT T P P i S S=  =    . Then the necessary and sufficient, and necessary conditions for 

ESS become identical to those listed in part a. above. The proof of the above proposition is detailed 

in Supporting Information Appendix A. 

Application of the above proposition requires thermodynamic information which is 

obtained using two approaches. The first employs standard state properties and ideal gas and 

mixture assumptions, while the second employs an equation of state for the mixture, as employed 

in a commercial simulator like UNISIMTM. 

Table 1.1 lists the standard state molar enthalpy, Gibbs molar free energy and molar 

entropy values for all species18,19 and the molar enthalpy, Gibbs molar free energy and molar 

entropy values from UNISIM, using the Peng-Robinson (PR) equation of state for all species 

except for acetic acid whose values are calculated using the UNIFAC VLE liquid activity model. 

By substituting these values into the necessary conditions and the necessary and sufficient 
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conditions of the above proposition, the aforementioned ESS constraints are determined for two 

case scenarios: the coproduction of acetic acid and hydrogen, (case 1), and the coproduction of 

acetic acid, hydrogen, and power (case 2). 

Table 1. 1: Molar Enthalpies, Gibbs Free Energies, and Entropies of Formation of various 

Chemical Species at 100 kPa, 298 K 

Species Standard 
state 

values 
0

,f ih

(kJ/mol) 

UNISIM 

ih  

(kJ/mol) 

Standard 
state values 

0

is      

(kJ/mol K) 

UNISIM 

is  

(kJ/mol K) 

Standard 
state values 

0

,f ig

(kJ/mol) 

CH4 (g) -74.520 -74.92 0.186 0.184 -50.460 

H2O (l) -285.830 -286.20 0.070 0.054 -237.129 

CH3COOH (l)  -484.500 -460.60 0.160 0.071 -389.900 

CO (g) -110.525 -110.60 0.198 0.159 -137.169 

CO2 (g) -393.509 -393.80 0.214 0.173 -394.359 

H2 (g)  0 -0.0044 0.131 0.123 - 

O2 (g) 0 -0.0138 0.205 0.1451 - 

 

The schematic for case 1 is shown in Figure 1.1, while the schematic for case 2 is shown 

in Figure 1.2. For case 1, and for a CH3COOH outlet molar flow rate of 1 mol/s, the ESS 

constraints are summarized in the sets of equations and inequalities presented in (4) (for the 

standard state) and (5) (for the equation of state) respectively. The first three constraints ensure 

oxygen consumption, hydrogen production, and nonnegative entropy generation respectively. The 

fourth constraint ensures that the enthalpy necessary condition (3) is satisfied, while the fifth and 

sixth constraints ensure heat removal and work generation respectively. For heat flow and work 

output from the system to the surroundings, 0Q  and sW  must be negative. The derivation of Eqn. 

(5) is shown in Supporting Information Appendix A. 
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Figure 1. 1: Schematic of process for coproduction of acetic acid and hydrogen from 

natural gas 

 

Figure 1. 2: Schematic of process coproducing acetic acid and power from natural gas 
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Comparison of (4) and (5) above indicates a minimal deviation from ideality. Nevertheless, 

the equation of state-based constraints (5) is employed in Figure 1.3, to identify the ESS feasible 

region in 
GS

X


−  space, for case 1. As shown in Figure 1.3, the heat removal constraint, 

3.532 0.307GS
X


 − + , is irrelevant to the determination of the ESS feasible region in 

GS
X


−  

space. 

 

Figure 1. 3: ESS feasible region in 
GS

X


−  space for Case 1 
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The above analysis is repeated for case 2 which employs the following two reaction cluster:  

( )

( ) ( ) ( )

( )

4 2 2 3 2

2 2 2

4 2 2 3 2

2 2(1 ) 2(2 ) 1

4 2 (2 ) 4 2 2
2

2 2 ( 2) 3
2

CH X O X H O CH COOH X H R

Y
X Y H X O X Y H O R

Y
CH O Y H O CH COOH Y H R

+ + − → + −

− − + − − → − −

 
+ − + − → + 
 

 

For case 2, and for a CH3COOH outlet molar flow rate of 1 mol/s, the ESS constraints are 

summarized in the sets of equations and inequalities presented in (6) (for the standard state) and 

(7) (for the equation of state) respectively. The first two constraints ensure oxygen consumption, 

and hydrogen production for subsystem  . The third constraint ensures nonnegative entropy 

generation for the whole system. The fourth and fifth constraints ensures heat and work removal 

from the overall subsystem. The sixth constraint ensures hydrogen feed to the hydrogen 

combustion subsystem while the seventh constraint ensures hydrogen production from the overall 

system. The derivation of Eqn. (7) is shown in Supporting Information Appendix A. 
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It should be noted that for case 2, the ESS conditions are imposed on the overall system 

and not on the individual subsystems.  

The inequalities (7) are illustrated in Figure 1.4, and identify the ESS feasible region in 
GS

X


−  

space for case 2. As shown in Figure 1.4, one boundary of the feasible region is dependent on Y

and case 2 reduces to case 1 when ( )2 2Y X= − .  

 

Figure 1. 4: ESS feasible region in 
GS

X


−  space for Case 2 
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1.4 Realization of Proposed Acetic Acid and Hydrogen Coproduction Process 

 

As stated earlier, in this work a novel chemical process is developed that actualizes reaction 

(R1), also shown below. Since no single step process exists for the realization of (R1), its 

realization is sought through the creation of a reaction cluster20-23, also frequently referred to as a 

Solvay cluster, whose overall reaction (i.e., the stoichiometric sum of all cluster reactions) is the 

desired reaction (R1). Such a novel reaction cluster is proposed below. The cluster reactions are 

shown in Figure 1.5.  

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )
( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

4 2 2

4 2 2

4 2 2 2

2 2 2

2 3

3 3

4 2 2 3

2
1.5 2 4

3

1 3 5
3

1 2 4 6
3

1 7
3

2 8

9

2 2 1

g g g g

g g g g

g g g g

g g g g

g g g

g g l

g g g

X
CH O CO H O R

X
CH H O CO H R

X
CH H O CO H R

X
CO H CO H O R

CO H CH OH R

CO CH OH CH COOH R

CH X O X H O CH

   + → +    

   − + +    

   − + +    

   − + +    

+ →

+ →

+ + −
( ) ( ) ( ) ( )22 2 1
l g

COOH X H R+ −

 

Figure 1. 5: Reaction cluster generating acetic acid and hydrogen from natural gas 

 

The reaction cluster consists of the incomplete combustion of methane (R4), Steam 

Methane Reforming (SMR), (R5) and (R6), Reverse Water Gas Shift reaction (RWGS), (R7), 

methanol synthesis from syngas, (R8), and acetic acid synthesis through methanol carbonylation, 

(R9).  

The above-described reaction cluster leads to the conceptual design of a process that 

realizes the overall reaction (R1), while utilizing well established technologies. The resulting 
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process can be organized into six subsystems that are described below. The stream information of 

the proposed process flowsheet, subdivided into subsystems, is given in Supporting Information 

Appendix B. 

IC of methane subsystem 

The IC subsystem is shown in Figure 1.6. Pure oxygen is mixed with a fresh methane feed 

and the mixture is brought to the operating conditions of the combustion reactor at 0.1 MPa, 1273 

K. The supply of oxygen is controlled such that the only products of combustion are carbon 

monoxide, CO, and water, H2O. The gaseous product from the IC reactor is cooled to 311 K and 

flashed to remove water. The high purity CO is then compressed to 2.69 MPa and mixed with CO 

exiting the carbon dioxide adsorption unit. The incomplete combustion of methane serves not only 

as a CO generator, but also as an energy source for the highly endothermic SMR subsystem, which 

is described next. 

 

Figure 1. 6: IC subsystem 

 

SMR subsystem 

Fresh methane feed and water are fed into this subsystem at atmospheric conditions and 

brought up to a pressure of 2.69 MPa (using compressor and pumping operations respectively), 
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and subsequently to a temperature of 1262 K, values which are consistent with typical SMR 

operating conditions (1.5 – 3.0 MPa, 900 K – 1273 K)13,24,25. The SMR feed consists of excess 

steam, generated from recycled water. The feed to the reactor consists of a steam/methane ratio of 

3.5. The excess steam in the SMR reactor feed serves to reduce carbon formation15,26-28 and ensures 

a high conversion of methane. At these operating conditions, the conversion of methane is about 

99% and the SMR product consists of hydrogen, steam, carbon monoxide and carbon dioxide. The 

product is cooled to 311 K, flashed to remove water, and sent to a hydrogen membrane separator 

to separate hydrogen. The behavior of the SMR unit can be captured by considering that two 

reforming reactions take place ((R5), (R6) shown below).  

( )

( )

4 2 2

4 2 2 2

3 5

2 4 6

CH H O CO H R

CH H O CO H R

+ +

+ +
 

The Water Gas Shift (WGS) reaction, ((R10) shown below), is often considered to also 

take place within the SMR unit.  

( )2 2 2 10CO H O CO H R+ +  

However, at equilibrium, the WGS reaction is linearly dependent on the two 

aforementioned reforming reactions, and thus need not be considered. Given that SMR units are 

typically operated in practice near equilibrium conditions, the SMR unit in this work is modeled 

using a Gibbs equilibrium reactor, whose outlet consists of CH4, H2O, H2, CO2 and  CO, and can 

be captured by (R5), and (R6). The SMR subsystem is shown in Figure 1.7.  
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Figure 1. 7: SMR subsystem 

RWGS subsystem 

To attain zero carbon dioxide emissions, a means of reducing CO2 must be incorporated 

into the overall system. The RWGS reaction, (R7), is utilized to convert CO2 to CO needed to 

produce methanol and acetic acid. This subsystem is shown in Figure 1.8. Pure H2 at 2.69 MPa is 

used as flush gas to remove CO2 from the CO2 adsorption unit (subsystem 4), resulting into an 

adsorption unit outlet consisting of H2 and CO2 at 2.69 MPa, 523 K. The mixture is heated to 1173 

K29-31 and fed to the RWGS reactor. The RWGS forward reaction is limited by the amount of 

hydrogen available because of the competing demand of hydrogen for sale/power generation and 

methanol synthesis. From a thermodynamics standpoint, the RWGS reaction is favored at high 

temperatures. In addition, high temperatures limit methane formation, via the methanation 

reaction, (R11) or the Sabatier reaction, (R12) respectively. It has been noted that at temperatures 

above 973 K, no or very little methane can be formed 29 and above 1173 K, the danger of coke 

formation is eliminated30.  
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( )2 4 23 11CO H CH H O R+ +  

( )2 2 4 24 2 12CO H CH H O R+ +  

The gaseous product of the RWGS reactor is cooled to 311 K, flashed to remove water, 

and mixed with the hydrogen-lean mixture exiting the hydrogen membrane separator unit 

containing mostly CO and CO2. The commingled stream is heated to 523 K and fed to the CO2 

adsorption unit for CO2 separation. 

 

Figure 1. 8: RWGS subsystem 

 
Gaseous separation subsystem (H2 membrane separator and CO2 Adsorption unit) 

The cooled SMR reactor product at 2.69 MPa, 311 K after flashing is sent to a hydrogen 

palladium membrane separator to separate hydrogen32. During operation, hydrogen permeates 

through the palladium membrane and is evacuated with saturated steam at 1.4 MPa. The steam 

flow rate is adjusted so that an equimolar amount of steam and hydrogen exits the membrane 

separator. The steam-hydrogen permeate is cooled to 311 K and flashed to remove and recycle 

water yielding a 99% pure hydrogen stream. The hydrogen membrane separator is modelled as a 

95% efficient component splitter with two exit streams: a steam-hydrogen mixture leaving at 1.4 

MPa, 470 K and a mixture of CO, CO2 and small amounts of H2 leaving at 2.69 MPa, 311 K. The 
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highly pure hydrogen stream is split to serve as feed for the methanol synthesis subsystem and the 

RWGS reactor subsystem, while excess hydrogen is made available either as a saleable product 

(at atmospheric conditions) or as fuel for power generation in a hydrogen combustion turbine 

subsystem. 

The H2-lean retentate from the hydrogen membrane separator is sent to a CO2 adsorption 

unit operated at 2.69 MPa and 523 K, and using as adsorbent layered double hydroxides (LDH) 

(often also referred to as hydrotalcites), a class of anionic and basic clays33,34. CO2 adsorption 

forms part of the novel Hybrid Adsorbent Membrane Reactor (HAMR) system outlined in Ref. 33 

in experiments utilizing the Water Gas Shift (WGS) reaction. This adsorption unit is employed 

here as it permits the high temperature adsorption of CO2, thus reducing the amount of heat needed 

to raise the temperature of the reactants to the reaction temperature of the RWGS reaction. Pure 

hydrogen is used as sweep gas to remove the adsorbed CO2 from the LDH, as a H2, CO2 mixture 

is needed as feed for the RWGS reactor. The adsorption process is deemed adiabatic and isothermal 

with steady-state application. Two streams exit the CO2 adsorption unit: A CO rich (95%) stream 

at 2.69 MPa and 523 K, and a mixture of H2 and CO2 at the same conditions. The CO stream is 

split to service the methanol synthesis and acetic acid synthesis (methanol carbonylation) reactors, 

while the H2 and CO2 mixture acts as feed for the RWGS reactor. The gaseous separation 

subsystem is shown in Figure 1.9. 
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Figure 1. 9: Gaseous separation subsytem 

 

Methanol Synthesis Subsystem 

Methanol is produced from H2 and CO at pressure ranges of 3.5 – 10.0 MPa and 

temperature ranges of 473 K – 573 K35-39. The methanol subsystem is shown in Figure 1.10. CO 

from the CO2 adsorption unit is mixed with hydrogen from the H2 membrane separator and the 

mixture is compressed to the operating pressure, 5 MPa, and cooled to the operating temperature, 

523 K, of the methanol synthesis reactor. The feed to the methanol synthesis reactor is then 

constituted by mixing the aforementioned stream with recycled syngas from the methanol 

synthesis reactor. The syngas is converted to methanol using a CuO/ZnO/Al2O3 catalyst at a per 

pass CO conversion of 35% at these operating conditions40-41. It has been noted in literature that 

CO2 plays a part in methanol synthesis and as such CO2 forms part of the feed with typical CO2 

feed concentrations ranging from 3 – 8 mole percent37,39,42,43. For model simplicity, however, CO2 

is not included in the methanol reactor feed and methanol is considered generated only from CO 

and H2. This assumption is justified in that we account for more carbon dioxide within the process, 
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in terms of equipment sizing and capital cost, than necessary. Hydrocarbons may also be formed 

because of the direct hydrogenation of carbon monoxide43, but this too is not considered in the 

model. From a practical standpoint, any hydrocarbon formed can be routed to the burner and 

consumed to produce CO, H2O and energy. However, increased costs resulting from additional 

equipment would have to be taken into consideration. Gaseous methanol product is cooled to 308 

K to separate methanol from unreacted syngas. The liquid methanol is throttled and reheated to 4 

MPa, 473 K, to match the operating conditions of the acetic acid synthesis reactor. 

 

Figure 1. 10: Methanol synthesis subsytem 

 

Acetic Acid Synthesis (Methanol Carbonylation) Subsystem 

In this subsystem, acetic acid is produced via methanol carbonylation using the industrial 

Cativa process which utilizes an iridium catalyst with hydrogen iodide as a promoter (Figure 1.11). 

Typical methanol carbonylation reactions are carried out in operating conditions of 3 – 6 MPa and 

423 K – 493 K2 7 8. There is an abundance of literature on the reaction mechanism, chemistry and 

kinetics of the reaction including the reported advantages of this process over the similar but older 

BASF and Monsanto processes. The carbonylation process is very complex and forms a host of 
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by-products, primarily propionic acid with varying amounts of methyl iodide, methyl acetate, 

acetaldehyde and water depending on the reaction conditions and catalyst system in use3,9. One of 

the proposed mechanisms in which this reaction is thought to occur entails the formation of methyl 

iodide from methanol, (R13), the carbonylation of methyl iodide to give acetyl iodide, (R14), and 

the hydrolysis of acetyl iodide to recover HI and yield acetic acid (R15), all in the presence of 

iridium metal complexes which actively participate to give the overall reaction (R9)9,10,44. 
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For model simplicity, only the major reactions involved in the production of acetic acid is 

considered and as such the simplified reaction scheme of (R13), (R14) and (R15) is utilized. The 

acetic acid reactor is modeled as a 90% CO conversion reactor with the appropriate reactions 

specified. The catalyst complexities are thought of as being captured by the hydrogen iodide (HI) 

component in the model and will be referred to as the catalyst component of the reaction.  

Methanol from the methanol synthesis subsystem is mixed with pure CO from the CO2 

adsorption unit at 4 MPa, 473 K and fed alongside an iridium/HI catalyst, to the acetic acid 

synthesis (methanol carbonylation) reactor. Methanol reacts with hydrogen iodide to give methyl 

iodide and water in equimolar amounts. This mixture reacts with CO to produce acetic acid and 

HI. At the operating conditions, the reactor liquid effluent comprises of a stream rich in acetic acid 

with HI and H2O impurities, while the vapor product consists of a stream rich in HI but lean in 

acetic acid. The vapor product stream is recycled to the entrance of the reactor while the liquid 

product stream is throttled to 0.65 MPa and fed to a distillation column for acetic acid separation. 
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The feed to the distillation column is an acetic acid rich stream at 0.65 MPa, 424 K. The light end 

stream recovers 99.9% of the catalyst at 0.65 MPa, 306 K. This stream is compressed and cooled 

to 4 MPa, 473 K and recycled to the reactor entrance. The heavy end of the distillation column 

yields a 96% pure acetic acid at 461 K, which when throttled to 100 kPa and cooled to room 

temperature, exits the flowsheet as a saleable product. A 99.9% purity of acetic acid can be 

achieved from the distillation column, but this is an energy and cost intensive venture.  

 

Figure 1. 11: Acetic acid subsystem 

 

1.5 Hydrogen Combustion Turbine Subsystem Thermodynamic Analysis 

 

As mentioned earlier, one possible way to generate power from this process, without 

generating carbon dioxide emissions, is to combust some or even all of the produced hydrogen in 

a combustion turbine. The generated power is first used to meet the flowsheet’s power 

consumption needs, and the excess power, if any, is made available as commodity to be sold for 

profit. In this section, the hydrogen’s power generation potential is quantified using a 

thermodynamic analysis of a hydrogen combustion turbine subsystem. A subsystem schematic is 
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shown in Figure 1.12. It is considered that pure hydrogen and oxygen enter separately the 

subsystem boundary, and are completely transformed to water according to the combustion 

reaction (R16): 

( ) ( ) ( ) ( )2 2 2

1
16

2

g g g
H O H O R+ →  

 

Figure 1. 12: Hydrogen Combustion turbine subsytem 

 

The subsystem is considered to operate at steady state, with no accumulation of mass or 

energy, and to have its outlet at standard conditions, 0P  = 100 kPa and 0T  = 298 K, while its inlets 

depend on the conditions of the hydrogen producing flowsheet considered. The subsystem is 

energetically self-sufficient,15, and is allowed to provide heat (and of course work) to its 

surroundings. Both an ideal and a real hydrogen combustion turbine subsystem are considered, 

with identical inlet and outlet characteristics, and the former leading to no entropy generation. The 

work (power) generation rates of the two-aforementioned real and ideal subsystems are related 

through a combustion turbine subsystem efficiency. Typical values range between 67 - 77% 

depending on the internal power cycle employed45. The resulting thermodynamic model is 

presented below: 
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We define the efficiency of the hydrogen combustion turbine subsystem as
real

ideal

W

W
 . This 

is consistent with the thermodynamic efficiency definition in Ref. 17.  This then yields: 
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Hydrogen exits subsystem  , and enters the hydrogen turbine combustion subsystem at 

1.4 MPa, 311 K. The power generated by the hydrogen combustion subsystem is calculated per 

unit molar flow rate of hydrogen using the UNISIM values of the appropriate species listed in 

Table 1.2. The values are calculated by UNISIM using the PR equation of state. An exit condition 

of 100 kPa, 298 K is imposed on the system. The subscripts 1, 2, 3 denote hydrogen, oxygen, and 

water respectively. The amount of work and heat generated by this ideal subsystem can then be 

calculated from (8) with the results shown in (9). 
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Table 1. 2: Specific Molar Enthalpies and Entropies of Hydrogen, Oxygen, and Water at 

1.4 MPa, 311 K 

 Specific Molar 

Enthalpy ih   kJ mol  

Specific Molar Entropy 

is  ( )kJ mol K    

Hydrogen, H2 (g)  0.3655 0.1023 

Oxygen, O2 (g) 0.2544 0.1241 

Water, H2O (l) -286.2 0.0537 
 

 

1.6 Flow Sheet Simulation of Reaction Cluster Realization 

 

The converged simulation of the complete flowsheet of the proposed process is accomplished  

by putting together the various subsystems to achieve the production of acetic acid and 

hydrogen/power with zero net carbon dioxide emissions. The simulation of the proposed flowsheet 

is carried out using the software UniSim Design R443. The PR equation of state is used to simulate 
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the IC, SMR, and RWGS sections of the flowsheet, while for the methanol and acetic acid 

synthesis sections, the UNIFAC VLE liquid activity model and ideal gas model is used for the 

liquid and vapor phase respectively46. The input streams of the flowsheet consist only of methane, 

oxygen, and water (as appropriate) at 100 kPa, 298 K and the output streams consist of acetic acid, 

hydrogen and water (as appropriate) at the same conditions. A Gibbs free energy minimization 

reactor is used to represent the IC, SMR and RWGS reactors, while the methanol and acetic acid 

synthesis reactors are modeled using a conversion reactor. A simplified block flow diagram of the 

overall process is shown in Figure 1.13. The converged flowsheet (Supporting Information Figure 

S1), which is a combination of the subsystems of Figures 1.6 – 1.11, as well as its accompanying 

stream tables (Supporting Information Appendix B) is given as supplementary material.  

 

Figure 1. 13: Block flow diagram of the acetic acid and hydrogen coproduction process 
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The following assumptions are utilized in the development of the process flowsheet: 

1. All input feeds to the flowsheet consist of pure components.  

2. Pressure losses are neglected in heat exchange devices (heaters and coolers) utilized for 

heating and cooling operations. 

3. All turbine/expanders and pump/compressors are of the centrifugal type with adiabatic 

efficiencies fixed at 75%47,48. 

From a thermodynamics and ESS point of view, the following inequality must hold for the 

overall reaction considered: 0.482 2X  . A value of 0.482X =  is used as the initial operating 

point and the process is repeated for different values of X  that satisfy the above inequality. 

 

1.7 Heat and Power Integration of Proposed Flow Sheet for the Coproduction of Acetic 

Acid and Hydrogen/Power 

 

The converged flowsheet producing acetic acid and hydrogen/power from methane (fed at 

a 2 kmol/h rate) can now be heat and power integrated, so as to accurately assess when ESS is 

attainable for the proposed reaction cluster realization. The two cases are again considered: the co-

production of acetic acid and hydrogen, Case 1, and the co-production of acetic acid and power, 

0Y = , Case 2. The heat and power integration process closely follows that outlined in Refs. 49 

and 50. This globally optimal thermodynamic heat and power integration approach seeks to 

determine the minimum total hot/cold/electric utility cost necessary to achieve the desired energy 

changes associated with given process streams with known flow rates, inlet and outlet temperatures 

and utility (hot/cold) streams with known inlet and outlet temperatures49. Both streams with 

sensible and latent heat supply/demand requirements are considered. To ensure compliance with 
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ESS, only a cold utility at 298 K is allowed. The work/cold utility cost ratio is 29/105, while the 

downward (hot stream) and upward (cold stream) minimum approach temperatures are 5 K. The 

heat and power integration process is repeated for converged flow sheets corresponding to both 

case 1, and case 2 (Y = 0), and to different values of the oxygen/acetic acid molar ratio, X  in the 

range 0 2X  .  

Figure 1.14 shows a plot of net work of the process with respect to X  for both case 1, and 

case 2 (Y = 0). For case 1, ESS occurs when 1.295 2X  , while for case 2 (Y = 0), ESS occurs 

when 0 2X  . If a 100% efficiency is employed in the analysis, the ESS point for case 1 

becomes 1.238 2X  , while for case 2 (Y = 0), ESS still occurs for 0 2X  . 

The work generation resulting from each heat and power integration study, is obtained 

considering that the abstract heat engine/pump operations employed are isentropic. The hydrogen 

combustion turbine subsystem is also considered to be 100% efficient. Thus, to properly access 

real power generation/consumption, the heat and power integration and hydrogen combustion 

turbine work numbers are adjusted to reflect a common efficiency used throughout the study of 

75%47,48. 

From Figure 1.14, it is easy to identify that the power generated by the case 1 design 

increases, i.e., becomes more negative as X  increases. On the other hand, the power generated by 

the case 2, Y = 0 design increases, i.e., becomes more negative, for 0 1.2X  , and decreases, 

i.e., becomes less negative, for 1.2 2X  .  
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Figure 1. 14: Net power generation versus X for Cases 1 and 2 (Y = 0) (per 2 kmol/h 

methane feed) 

Two design points, 1.238X =  and 0.482X =  are selected to demonstrate the economic 

potential of the proposed process. The selected operating points for case 1 and case 2 (Y = 0) are 

shown on the GX S−  space in Figure 1.15.  
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Figure 1. 15: Case 1, Case 2 (Y = 0) designs in energetic self-sufficiency feasible region in 

(X, SG) space 

Figure 1.16 shows the temperature-entropy (T-S) diagram of the heat and power integrated 

flowsheet at 1.238X = . At this operating point, the process requires three heat engines and two 

heat pumps to satisfy the energy requirements of the flowsheet. Figure 1.17 shows the temperature-

entropy (T-S) diagram of the heat and power integrated flowsheet at 0.482X = . At this operating 

point, the process requires three heat engines and two heat pumps to satisfy the energy 

requirements of the flowsheet. Comparison of the two diagrams demonstrates that the heat 

pumping region is much more substantive in temperature span in the latter design. This is 

consistent with the much higher power consumption within the proposed subsystem   for the 

0.482X =  design, as compared to the small power generation of subsystem   for the  1.238X =  

design. In contrast, when subsystem   is combined with the hydrogen combustion turbine 

subsystem, the overall systems total power generation is higher for the 0.482X =  as compared to 

the 1.238X =  design. This is attributable to the large power generation in the hydrogen 
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combustion turbine subsystem for the 0.482X =  as compared to the 1.238X =  design, due to the 

significantly higher amount of hydrogen generated in the former design. 

 

Figure 1. 16: Temperature-Entropy (T-S) diagram of the Heat Engine/Pump Network at X 

= 1.238 
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Figure 1. 17: Temperature-Entropy (T-S) diagram of the Heat Engine/Pump Network at X 

= 0.482 

1.8 Economic Analysis and Profitability 

A preliminary economic analysis is carried out on the proposed natural gas to acetic acid 

and hydrogen/power process. For comparison purposes, a preliminary economic analysis of a 

natural gas combustion, Carnot engine subsystem is also carried out. For the proposed process, 

Case 1 is analyzed at an oxygen/acetic acid molar ratio of 1.238 and case 2 (Y = 0) is analyzed at 

an oxygen/acetic acid molar ratio of 0.482. The overall reactions for both cases respectively are: 

( ) ( ) ( ) ( ) ( ) ( )4 2 3 2 22 1.238 1.524 0.476 17
g g aq g l

CH O CH COOH H H O R+ → + +  

( ) ( ) ( ) ( ) ( )4 2 3 22 2 2 18
g g aq l

CH O CH COOH H O R+ → +  

In the heat and power integration analysis of the previous section, the abstract heat engine/pump 

operations are considered isentropic, while the specific turbine/compressor/pumping operations 
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employed in the flowsheet feature 75% adiabatic efficiencies. Isentropic work generation 

operations are also employed in the hydrogen combustion turbine subsystem, and in the Carnot 

engine subsystem of the natural gas combustion system used for comparison purposes. Thus, to 

properly assess the real work generation/consumption of these abstract operations, especially for 

economic purposes, an efficiency of 75% is imposed on all work values obtained using an 

isentropic ideal operation assumption (i.e., heat and power integration of proposed process 

subsystem; hydrogen combustion turbine subsystem; natural gas combustion/Carnot engine 

alternative design). 

The cost of the oxygen supplied to the presented flowsheets can be estimated by 

quantifying the energy cost associated with the generation of high purity oxygen through air 

separation. This is reflected in the economic analysis, by considering the work of oxygen 

separation which is 48,000 kJ per kmol of oxygen produced51. All other power consumption 

(pumps, compressors, etc.) is reflected in the flowsheet’s net power generation calculations. For 

the analysis, the cost of natural gas is 0.298 ($/kg)13, electricity, 0.105 ($/kWh)13, acetic acid is 0.5 

($/kg)52, and hydrogen is 3.64 ($/kg)15. 

Operating Cost Analysis 

Case 1: Acetic Acid and Hydrogen. For case 1, Table 1.3 gives the overall profit margin 

accruable from the process. The operating costs include natural gas (methane) purchases and 

power consumption for oxygen separation. The operating revenue includes the sale of acetic acid 

and hydrogen. The profit margin amounts to $30.348/h per 32.08 kg/h feed of methane, translating 

to $0.946/h per 1 kg/h of methane feed. 
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Table 1. 3: Operating Cost Analysis of Process coproducing Acetic Acid and Hydrogen 

(Case 1) at an Oxygen/Acetic Acid Molar Ratio of 1.238 

  Unit 

Cost 

Unit Net 

Amount 

Consumed 

Unit Total Unit 

Expenditure       

Natural Gas 0.298 ($/kg) 32.08 kg/h   9.560 ($/h) 

O2 Production 

Power 
Consumption 

0.105 ($/kWh) 

 

16.50 kW   1.733 ($/h) 

Total expenditure 11.292 ($/h) 

 Unit 

Cost 

Unit Net 

Amount 

Produced 

Unit Total Unit 

Acetic acid 0.5 ($/kg) 60.05 kg/h 30.025 ($/h) 

Hydrogen 3.64 ($/kg) 3.191 kg/h 11.615 ($/h) 

Total revenue  41.640 ($/h) 

Profit margin  30.348 ($/h) 
 

 

Case 2: Acetic Acid and Power generation. Similarly, the economic analysis for case 2 (Y 

= 0) is presented in Table 1.4. The operating costs are identical to case 1, while the operating 

revenues include acetic acid and net power sales. The profit margin for this scenario amounts to 

$22.66/h per 32.08 kg/h feed of methane, which translates to a profit of $0.706/h per 1 kg/h of 

methane feed. 

Table 1. 4: Operating Cost Analysis of Process coproducing Acetic Acid and Power (Case 2, 

Y = 0) at an Oxygen/Acetic Acid Molar Ratio of 0.482 

  Unit 

Cost 

Unit Net 

Amount 

Consumed 

Unit Total Unit 

Expenditure       

Natural Gas 0.298 ($/kg) 32.08 kg/h   9.560 ($/h) 



37 
 

O2 Production 
Power 
Consumption 

0.105 ($/kWh) 
 

26.66 kW   2.799 ($/h) 

Total expenditure 12.359 ($/h) 

 Unit 

Cost 

Unit Net 

Amount 

Produced 

Unit Total Unit 

Acetic acid 0.5 ($/kg) 60.05 kg/h 30.025 ($/h) 

Hydrogen 0.105 ($/kWh) 47.56 kg/h 4.994 ($/h) 

Total revenue  35.019 ($/h) 

Profit margin  22.660 ($/h) 

 

The above suggests that the operating profit for the case 1 design is 34% higher than the 

operating profit for the (case 2, Y = 0) design. For both cases, the greatest revenue stream comes 

from the sale of acetic acid, making apparent the economic importance of eliminating carbon 

dioxide emissions by redirecting the contained carbon into a saleable product.  

It is instructive to compare these operating profits to a conventional Natural Gas Combined 

Cycle (NGCC) power plant consuming natural gas and generating power (R19) by first considering 

an ideal Carnot cycle, and then imposing an 75% adiabatic efficiency. The Carnot cycle is operated 

between a hot utility of 1273 K and a cold utility of 298 K, values which correspond to the 

temperatures employed in the acetic acid process subsystem’s IC reaction and cold utility, 

respectively. The resulting Carnot efficiency is 76.6%, which is then further reduced to 57.5% by 

imposing a 75% efficiency on the Carnot cycle’s turbine/pump operations. From eqn. (10), the 

power produced by the NGCC plant is 285.22 kW. The operating cost of this NGCC plant includes 

natural gas (methane) purchases while the revenue includes the sale of power produced. This yields 

a profit of $20.39/h per 32.08 kg/h feed of methane or $0.636/h per 1 kg/h methane feed. When 

carbon capture is incorporated in the NGCC power plant, a typical efficiency penalty of 14.7% for 

90% carbon capture is incurred52. This results in an efficiency of 49% and a profit of $15.96/h per 
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32.08 kg/h feed of methane or $0.498/h per 1 kg/h methane feed. If the efficiency penalty for 

carbon capture is 8%, as stated in Ref. 53, the efficiency for the NGCC baseline case becomes 

52.9% and a profit of $18.02/h per 32.08 kg/h feed of methane or $0.562/h per 1 kg/h methane 

feed is achieved. 

( ) ( ) ( ) ( ) ( ) ( )4 2 2 2 42 2 298 55,665.6 / 19
g g g l o

rCH O CO H O h kJ kg CH R+ → +  = −   

( )  4 4

32.08
298 55,665.6 / / 496.04

3600

o

rh kJ kg CH kg s CH kW = −  = −  

( )   ( )( ) 0.575 496.04 285.22 10net NGCCW kW= − = −  

The operating profits of case 1 and case 2 (Y = 0) are higher by 90% and 42% respectively 

than the operating profit of a NGCC power plant with 90% carbon capture. With a lower carbon 

capture efficiency penalty of 8%, the operating profits of case 1 and case 2 (Y = 0) are higher by 

68% and 26% respectively, compared to the operating profit of a NGCC power plant with 90% 

carbon capture. 

Capital Cost Analysis 

A capital cost analysis is presented in this section to give a preliminary estimate of the 

capital cost for the construction of the proposed acetic acid plant. A typical NGCC power plant as 

reported in Refs. 54 and 55 with key data summarized in Table 1.5, is used as a basis of comparison 

and for the costing of some major equipment utilized in the acetic acid process. 

Table 1. 5: Baseline NGCC Power Plant Basic Data 

 Operating Conditions Amount 

NGCC Natural Gas feed flowrate 70,663 kg/h * 

Net Power Output 473.57 MWe 
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Total amount of CO2 captured via a 
90% carbon capture scenario 

182, 203 kg/hr 

Capital Cost $ 715, 450, 

000.00 

*For simplicity of comparison, it has been assumed here that the natural gas consists entirely of 

methane 

For equal comparison, the acetic acid plant, at an oxygen/acetic acid molar ratio of 0.482, 

must receive the same amount of natural gas feed as the NGCC plant. A new converged flowsheet 

reflecting this new natural gas feed flow rate is developed and the major equipment list for the 

process as well as the total cost estimate is shown in Table 1.6. Cost is based on 2011-dollar basis 

and the final cost is scaled using the Nelson-Farrer (NF) Refinery Construction Index. 

Table 1. 6: Capital Cost Estimate – Major Equipment List and Associated Cost at X = 

0.482 

Equipment Unit Name Total Capacity for cost 
estimate 

Total Cost Notes 

Compressors CH4 compressors 15, 960 kW $ 18, 153, 814.85  
 
 

a, b 
 

CO compressors 4, 520 kW $ 19, 398, 439.69 

H2 compressor 3, 434 kW $   8, 098, 466.56 

Syngas Compressor (for 
Methanol Synthesis) 

6, 166 kW $ 10, 893, 277.89 

Distillation Column 
Recycle Compressor 

1, 137 kW $   4, 878, 315.16 

Sub-Total   $ 61, 422, 314.15 

 

Pumps SMR feedwater Pump 99.54 m3/h; 95 kW       $ 105, 072.22 a, b 
Recycled water Pump 24.48 m3/h; 23 kW         $ 52, 679.13 

Sub-Total        $ 157, 751.35 
 

Turbines Hydrogen Expander 6, 744 kW $ 3, 514, 990.01  
a, b 

Hydrogen Combustion 
turbine 

351, 466 kW  $ 44, 600, 005.86 

 Sub-Total  $ 48, 114, 995.87 
 

Separators IC Product  375, 849 kg shell mass    $ 2, 831, 485.79  
Syngas Flash 612, 014 kg shell mass    $ 3, 793, 698.22 
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RWGS Flash 16, 519, 241 kg shell mass  $ 27, 403, 121.40 a, b, c, 
d 

 
H2 + H2O Flash 612, 014 kg shell mass    $ 3, 793, 698.22 

Sub-Total  $ 37, 822, 003.63 
 

Reactors Incomplete Combustion 
Reactor 

45, 070 kg/h feed flow rate $ 4, 077, 784.96 d, e 

Steam Methane 
Reformer 

301, 100 kg/h feed flow rate  $ 71, 807, 190.45 d, f 

RWGS Reactor 1, 595, 000 kg/h feed flow 
rate 

 $ 34, 653, 587.18 d, e 

Methanol Synthesis 
Reactor 

233, 300 kg/h feed   $ 4, 029, 939091 d, g 

Acetic Acid Reactor 24, 898, 750 kg/h feed flow 
rate 

 $ 66, 413, 468.91 d, g 

Sub-Total $ 180, 981, 970.59 
 

Distillation 
Column 

Distillation Column 3, 384, 553.55 kg shell mass $ 17, 218, 830.53 a, b, d, 
h 

Sub-Total   $ 17, 218, 830.53 

 
Pressure 
Swing 
Adsorbers, 
H2 Separator 
and CO2 
Adsorption 
Unit 

Air Separation PSA 604, 227 kg/hr air feed flow 
rate 

$ 240, 521, 448.80 d, i 

H2 Membrane Separator 147, 500 kg/hr feed flow rate   $ 99, 619, 084.01 d, j 
CO2 Adsorption Unit 1, 700, 000 kg/hr feed flow 

rate 
$ 398, 000, 993.21 d, k 

Sub-Total $ 738, 141, 526.02 

 

Heat 
Exchangers 

Heat Exchangers 5, 557 m2 total area; 202.38 
MW (heat and power 
integration) 

  $ 83, 002, 463.09 b, l 

Sub-Total  $ 83, 002, 463.09 

 

Generic costs Accessory Electric Plant Net power output of 104.16 
MWe at X = 0.482 

$ 22, 101, 558.00 d, m 
Instrumentation and 
Control 

 $ 7, 321, 224.00 

Improvements to site  $ 4, 456, 974.00 
Building and Structures  $ 4, 843, 296.00 

Sub-Total   $ 38, 723,052.00 
 

Grand Total $ 1, 205, 584, 907.23 

 
 

Notes  

a) Cost-of-equipment is based on preliminary cost estimate procedures found in Ref. 47. 
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b) The factored estimation methodology56 is used to arrive at a total cost estimate with 

distributive factors for bulk materials based on the cost of equipment.  

c) The shell mass is calculated using the vessel sizing utility of UNISIM. 

d) Final cost estimate is determined using the six-tenths factor rule48. 

e) Cost is based on the WGSR reactor feed flow rate and cost of the WGSR reactor as 

specified in Refs. 54 and 55. 

f) Cost is based on SMR reactor feed flowrate and cost of the SMR specified in Ref. 13. 

g) Cost is based on HP methanol reactor feed flowrate and the cost of the HP methanol 

synthesis reactor specified in Ref. 41. 

h) Size of tray sections is estimated using the tray sizing utility of UNISIM. Valve tray cost 

is included in final cost. 

i) Cost is based on air PSA feed flowrate and cost of the air separation unit specified in Refs. 

54 and 55. 

j) Cost is based on hydrogen PSA feed flowrate and the cost of the H2-PSA specified in Ref. 

13. 

k) Cost is based on syngas feed flowrate to a typical amine-based CO2 capture system and the 

reported cost of the system as specified in Ref. 13. 

l) The heat exchange area is estimated using principles found in Refs. 57 and 58. The cost 

estimate also includes the energy requirement of any heat pump/engine, which is 

determined from heat and power integration analysis of the flowsheet49.  

m) Cost is based on net power produced and the cost of the various modules specified in Refs. 

54 and 55. 
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1.8 Discussion and Conclusions 

 

A novel process for the coproduction of acetic acid and hydrogen/power from natural gas 

with zero carbon dioxide emissions was developed. Two cases were explored – the co-production 

of acetic acid and hydrogen (Case 1) and the co-production of acetic acid and power (Case 2). In 

addition to zero carbon dioxide emissions, the novel designs proposed in this work are always 

energetically self-sufficient for case 2 (Y = 0) and for case 1 within the range 1.295 2X  . 

Operating points of 1.238X =  and 0.482X =  are chosen to demonstrate the economic potential 

of the proposed process for case 1 and case 2 (Y = 0) respectively. The energy requirements of the 

flow sheet for both cases are each met by 3 heat engines and 2 heat pumps. A preliminary economic 

analysis reveals an increase in the operating profit by 90% (Case 1) and 42% (Case 2, Y = 0) 

respectively, compared to a typical natural gas combined cycle (NGCC) power plant (with 90% 

carbon capture) fed with the same amount of natural gas. With improved carbon capture techniques 

for NGCC amine systems, the proposed process is still profitable by 68% (Case 1) and 26% (Case 

2, Y = 0) respectively. 

To assess the carbon capture potential and other metrics of the proposed plant, a cost and 

performance metric calculation, defined in Ref. 16, is carried out on the plant. The acetic acid plant 

is assessed on CO2 utilization efficiency, CO2 utilization potential, CO2 utilization intensity and 

Product marketability. The calculations are based on the maximum amount of CO2 obtainable from 

the natural gas (methane) feed to the process and this is adjudged to stem from the complete 

combustion of natural gas in a typical NGCC power plant (Table 5). The acetic acid process 

produces as valuable products, 131,500 kg/h (1.152 million tons/year) of acetic acid and 6,729 

kg/h (0.059 million tons/year) of hydrogen (case 1) or 104.16 MW net power (case 2). 

a) CO2 Utilization Efficiency 
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( ) 2
2

2

% 100
tonnesCO utilized

CO Utilization Efficiency
tonnesCO fed to process

= 

 

( )2

1.77 /
% 100 100%

1.77 /

milliontonnes yr
CO Utilization Efficiency

milliontonnes yr
=  =

 

The acetic acid plant has a CO2 utilization efficiency of 100% as it generates no carbon dioxide 

emissions. This is more than the 90% CO2 capture (utilization) efficiency currently obtainable from 

current SOTA carbon capture techniques13,54,59.  

b) CO2 Utilization Potential 

The world market demand of acetic acid  is 12.1 million tons per year (2014 basis)4. 

Considering that this worldwide production originates from natural gas using the proposed process, 

suggests a worldwide natural gas consumption of 6.4 million tons per year (17.75 million tons per 

year CO2). The amount of CO2 available from a reference single typical NGCC power plant is 

182,203 kg/h (1.596 million tons per year)54. 

2
2

2

/

/

tonnes yr CO utilized to meet market demand
CO Utilization Potential

tonnes yr CO available from a reference plant
=

 

2

17.75
100% 1,112%

1.596
CO Utilization Potential =  =   

c) CO2 Utilization Intensity 

The potential amount of CO2 utilized is the amount that would have been generated from the 

consumption of natural gas, which is 1.467 million tons per year CO2 per million ton of acetic acid 

produced. 
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( ) 2
2

/
% 100

tonnes yr CO utilized
CO Utilization Intensity

tonnes product produced
= 

 

( )2

1.467
% 100 146.7%

1
CO Utilization Intensity =  =  

d) Product Marketability  

The cost to make a ton of acetic acid and the corresponding amount of hydrogen is calculated 

from the total operating cost of Case 1 to be $188/ton of acetic acid (Table 3). The revenues that 

can be obtained from sales of acetic acid and hydrogen are $ 500/ton52 and $ 3, 640/ton15 

respectively. 

( )
$

% 100
$

cost to make a tonneof desired product
Product Marketability

per tonne market valueof desired product
= 

 

( )
$188

% 100 4.54%
$4,140

Product Marketability =  =  

In summary, the proposed process is beneficial at many levels. It redirects the carbon contained in 

the natural gas feed, which would normally be emitted as carbon dioxide into the atmosphere, into 

a saleable product, namely acetic acid, whose sales improve overall plant economics. The proposed 

process is also energetically self-sufficient for a wide range of the molar ratio X  of oxygen to 

acetic acid (1.295 2X   for case 1 and 0 2X   for case 2, Y = 0). A preliminary economic 

analysis indicates that the proposed process features 90% (Case 1) and 42% (Case 2, Y = 0) 

respectively higher operating profits than those of a NGCC power plant with 90% carbon capture. 

It also features a payback period of 2 and 3 years for case 1 (X = 1.238) and case 2 (X = 0.482, Y 

= 0) respectively, which is comparable to the 2.5 years payback period for a conventional NGCC 

plant. 
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1.9 Notation 

 

jC : Species j  

jg : Molar Gibbs free energy of pure species j (kJ/mol)  

iG : Specific mass Gibbs free energy of stream i (kJ/kg)  

jh : Molar enthalpy of pure species j (kJ/mol) 

iH : Specific mass enthalpy of stream i (kJ/kg) 

im : Mass flow rate of stream i (kg/s) 

jM : Molecular weight of species j (kg j/mol) 

n : Normalized system molar flow rate (mol/s) 

0P : Reference pressure (kPa) 

jQ : Rate of heat entering the system at temperature , jT  (kW) 

realQ : Rate of heat entering/leaving the hydrogen combustion system at temperature surrT  (kW) 

js : Molar entropy of pure species j ( )kJ mol K  

iS : Specific mass entropy of stream i ( )kJ kg K  

genS : Rate of entropy generation in hydrogen combustion subsystem ( )kJ K s  

CS : Index set of components (species) present in at least one material stream 
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ES : Index set of constituent elements 

GS : Rate of entropy generation ( )kJ K s  

IS : Index set of inlet material streams 

OS : Index set of outlet material streams 

wS : Index set of work rates entering (consumed by) and exiting (produced by) the system 

0T : Reference temperature (K) 

surrT : Reference temperature of surrounding for the hydrogen combustion subsystem (K) 

, jT : Temperature at , j  surroundings region (K) 

,s jW : Rate of shaft work consumed by the j-th source in the system (kW) 

sW : Rate of shaft work entering (consumed by) the system (kW) 

realW : Rate of shaft work entering/leaving the hydrogen combustion system (kW) 

,i jx : Mass fraction of j-th species in stream i (kg j /kg) 

X : Oxygen to acetic acid molar ratio 

Y : Hydrogen to acetic acid molar ratio for case 2 

Greek Letters: 

0

,f ig : Standard state Gibbs free energy of formation of the i-th species (kJ/mol) 
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sG : Rate of Gibbs free energy change of system (kJ/s) 

0

,f ih : Standard state enthalpy of formation of the i-th species (kJ/mol) 

0

rh : Standard state enthalpy of reaction (kJ/mol) 

sH : Rate of enthalpy change of system (kJ/s) 

0

,f is : Standard state entropy of formation of the i-th species ( )kJ mol K  

j : Stoichiometric coefficient of species j in overall reaction 

,j k : Stoichiometric coefficient of element k in the j-th species 

 : Open, well delimited system or control volume 

 : Efficiency of hydrogen combustion subsystem 

 : Normalized molar flow rate for a balanced, overall chemical reaction system 
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1.10 Appendix A 

 

Proof of Proposition and determination of ESS for cases 1 and 2 

Proof of Proposition 

a. Since each of the system’s inlet and outlet streams consists of only one of the overall reaction’s 

reactants and products respectively, it then holds: 

 Then 

( )0

;

;

O I C

O I C

O I C

i i i i j j

i S i S j S

i i i i j j

i S i S j S

i i i i j j j

i S i S j S

H m H m h

S m S m s

B m B m h T s

 

 

 

  

  

  

− =

− =

− = −

  

  

  

 

Where ,j jh s  are the j-th pure species molar enthalpy and entropy respectively. In addition, the 

balanced overall reaction automatically ensures total, and atom balances. Therefore, the ESS 

necessary and sufficient conditions become: 

( )

0 0 0

, 0 0

0; 0

0

C

W C

j j G G

j S

s j G j j j

j S j S

Q T s T S S

W T S h T s

 

 



 

 =  −   
 

 
=  + −  

 



 
( )

0
0 0

,

0 0

0; 0

0

C

W

C

G
j j G

j S

s j

j S G
j j j

j S

Q S
T s T S

W
S

T h T s


 


 







 
=  −    

  
 
 

=  + −  
  






  

Similarly, the ESS necessary conditions become 
( )0

0

0

C

C

j j

j S

j j j

j S

h

h T s









 
 
 

−  
 




 

b. Since the system’s inlet and outlet streams are ideal mixtures, it then holds: 
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( ) ( ), , ,

0 0, ,
C C C

i j i j i j

i i j i i i j i i i i i i j j i I O

j S j S j Sj j j

x x x
H m h m S m s m B m H T S m h T s m i S S

M M M  

= = = − = −       

Then 

( ) ( )

, ,

, ,

, ,

0 0

;

;

O I O C I C

O I O C I C

O I O C

i j i j

i i i i j i j i

i S i S i S j S i S j Sj j

i j i j

i i i i j i j i

i S i S i S j S i S j Sj j

i j i j

i i i i j j i j j i

i S i S i S j S j Sj j

x x
H m H m h m h m

M M

x x
S m S m s m s m

M M

x x
B m B m h T s m h T s m

M M

     

     

    

− = −

− = −

− = − − −

    

    

   
I Ci S



 

In the above relations, the molar enthalpies jh , and the molar entropies js  depend on the i-th 

stream’s temperature iT , and pressure iP . Considering that  i i I OT T P P i S S=  =     yields 

( )

, ,

, ,

0

, ,

;

;

O I C O I

O I C O I

O I C O I

j

i i i i i j i i j i

i S i S j S i S i Sj

j

i i i i i j i i j i

i S i S j S i S i Sj

j j

i i i i i j i i j i

i S i S j S i S i Sj

h
H m H m x m x m

M

s
S m S m x m x m

M

h T s
B m B m x m x m

M

    

    

    

 
− = − 

 

 
− = − 

 

−  
− = − 

 

    

    

    

 

However, based on the definition of the system’s overall reaction it holds 

, ,

O I

i j i i j i j j C

i S i S

x m x m M j S 
 

− =     

Since the balanced overall reaction automatically ensures total, and atom balances, the ESS 

necessary and sufficient conditions, and the ESS necessary conditions become respectively: 
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( )

0
0 0

,

0 0

0, 0

0

C

W

C

G G
j j

j S

s j

j S G
j j j

j S

Q S S
T s T

W
S

T h T s


  


 







 
= −    

  
 
 

= + −  
  






,
( )0

0

. . .
0

C

C

j j

j S

j j j

j S

h

h T s









 
 

  
−  

 




 

We now apply the above conditions to the overall reactions of the two cases considered. 

Case 1: Co-production of Acetic acid and Hydrogen 

The overall reaction is: ( )4 2 2 3 22 2(1 ) 2(2 ) 1CH X O X H O CH COOH X H R+ + − → + −  

Thus
3CH COOH = , ( ) ( )

4 2 2 3 2
2; ; 2 1 ; 1; 2 2CH O H O CH COOH HX X X    = − = − = − − = = −  , 

4 4 2 2 2 2 3 3 2 2

C

j j CH CH O O H O H O CH COOH CH COOH H H

j S

s s s s s s     


= + + + + , 

( )
( ) ( ) ( )

( ) ( )
4 4 4 2 2 2 2 2 2

3 3 3 2 2 2

0 0 0

0

0 0C

CH CH CH O O O H O H O H O

j j j

j S
CH COOH CH COOH CH COOH H H H

h T s h T s h T s
h T s

h T s h T s

  


 

 − + − + −
 − =
 + − + −
 

  , and 

4 4 2 2 2 2 3 3 2 2

C

j j CH CH O O H O H O CH COOH CH COOH H H

j S

h h h h h h     


= + + + + ;  

Then using values from Table 1 makes the ESS necessary and sufficient conditions: 

( )

0
0 0

,

0 0

0; 0

0; 0

C

W

C

G G
j j

j S

s j

j S G G
j j j

j S

Q S S
T s T

W
S S

T h T s


  


  







 
=  −    

  
 

 
=  + −   
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0

,

25.926 84.36 298 0; 0

298 235.26 487.83 0; 0W

G G

s j

j S G G

Q S S
X

W
S S

X

  

  



 
= − −   

 
 

 
= + −   

 


 ( )

3.532 0.307

1

0.611 0.482

G

G

S
X

A
S

X





 
 − + 

 
 
  +
  

  

Similarly, the ESS necessary conditions become:  

( )0

0
572.38 261.62

487.83 235.260

C

C

j j

j S

j j j

j S

h
X

Xh T s









 
   

    
−    

 




( )

0.457
2

0.482

X
A

X

 
 

 
 

Combining (A1), (A2) with the conditions guaranteeing oxygen consumption, 0X  , and 

hydrogen production, 2X  , yields: ( )

0 2; 0

3.532 0.307 3

0.611 0.482

G

G

G

S
X

S
X A

S
X







 
   

 
 

 − + 
 
 

 + 
 

 

Case 2: Co-production of Acetic acid and Power 

The overall system’s overall reaction (with inlets and outlets to the subsystems distinguished from 

one another) is:  

( )4 2 2 2 3 2 22 (2 ) 2(1 ) 4 2
2

Y
CH X O X O X H O CH COOH Y H X Y H O+ + − − + − → + + − −  

Thus
3CH COOH = , 

( ) ( ) ( ) ( )

( ) ( )

4 2 2 2

3 2 2

2; ; 2 ; 2 1 ;
2

1; ; 4 2 ;

CH O O HT H O

CH COOH H H O HT

Y
X X X

Y X Y

   

  

 

  
= − = − = − − − = − −  

  
 = = = − −
 

 , 
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( ) ( ) ( ) ( ) ( ) ( )

( ) ( )

4 4 2 2 2 2 2 2

3 3 2 2 2 2C

CH CH O O O HT O HT H O H O

j j

j S CH COOH CH COOH H H H O HT H O HT

s s s s
s

s s s

   


  

   



+ + +  
=  

+ + +  
 , and 

( )

( ) ( ) ( )( ) ( ) ( ) ( )( ) ( )

( ) ( )( ) ( ) ( )

( ) ( ) ( )( ) ( )

4 4 4 2 2 2 2 2 2

3 3 32 2 2

2 2 2 2 2 2

0 0 0

0 0 0

0 0

C

CH CH CH O O O O HT O HT O HT

j j j CH COOH CH COOH CH COOHH O H O H O
j S

H H H H O HT H O HT H O HT

h T s h T s h T s

h T s h T s h T s

h T s h T s

  

  

 

  

  


 − + − + −
 
 

− = + − + −
 
 
+ − + −  

   

Then using values from Table 1 (for methane, oxygen at P0 = 100 kPa, and acetic acid) and Table 

2 (for hydrogen and oxygen at P = 1.4 MPa), makes the ESS necessary and sufficient conditions 

for the overall system:  

( )

0 0

,

0 0

0; 0

0; 0

C

W

C

G G
j j

j S

s j

j S G G
j j j

j S

S SQ
T s T

W
S S

T h T s


  


  







 
=  −    

  
 

 
=  + −   

  






 

0

,
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G G
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j S G G

Q S S
X Y

W
S S

X Y

  

  



 
= − − + −   

 
 

 
= + + −   

 


 

( )
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4

45.662 37.89 115.45; 0

G G

G G

S S
X Y

A
S S

X Y

 

 

 
 − + −  

 
 
  − − + 
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Combining (A4), with the conditions guaranteeing oxygen consumption, 0X  , hydrogen 

production, 2X   and 0Y  , and hydrogen feed to the combustion subsystem, 4 2 0X Y− −   

yields: ( )

0 2; 0

47.62 6.238 20.82; 0
5

45.662 37.89 115.45; 0

0.5 ; 0

G

G G

G G

S
X

S S
X Y

A

S S
X Y

X Y Y



 

 

 
   

 
 

 − + −  
 
 
  − − + 
 
  − +  

 

Eqn. (A5) is the same as Eqn. (7) 
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1.11 Appendix B 

 

Stream Tables of the various subsystems 

INCOMPLETE COMBUSTION (IC) SUBSYSTEM 

Stream Name O2 

Fresh 

CH4 for 

Burner 

Burner 

Feed 

Burner 

Vap 

Burner 

Flash 

Inlet 

Burner 

water 

out 

Burner 

flash 

vap 

HP-CO 
CO-

PSA 

Vapour Fraction  1 1 1 1 0.3576 0 1 1 1 

Temperature (K) 298 298 1273 1284 311 311 311 527.6 523 

Pressure (MPa) 0.1 0.1 0.1 0.1 0.1 0.1 0.1 2.69 2.69 

Molar Flow (kmol/h) 0.482 0.3213 0.8033 0.9639 0.9639 0.6193 0.3447 0.3447 1.698 

Mass Flow (kg/h) 15.42 5.155 20.58 20.58 20.58 11.16 9.422 9.422 46.68 

Mole Fraction           

Comp Mole Frac (Methane)  0.0000 1.0000 0.4000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0117 

Comp Mole Frac (H2O)  0.0000 0.0000 0.0000 0.6666 0.6666 1.0000 0.0677 0.0677 0.0384 

Comp Mole Frac (Hydrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (CO2)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (CO)  0.0000 0.0000 0.0000 0.3333 0.3333 0.0000 0.9322 0.9322 0.9499 

Comp Mole Frac (Oxygen)  1.0000 0.0000 0.6000 0.0001 0.0001 0.0000 0.0001 0.0001 0.0000 

Comp Mole Frac (Nitrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Argon)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Methanol)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (AceticAcid)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (HI)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 
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STEAM METHANE REFORMING (SMR) SUBSYSTEM 

Stream Name 

Fresh 

CH4 

SMR-1 

Fresh 

H2O 

for 

SMR-1 

CH4 

SMR-1 

Heater 

out 

Hot 

steam-

1 

H2O-3 

RC 

SMR 

Feed-1 

SMR 

Vap-1 

Crude 

Syngas 

Cooler 

out 

H2O 

out 

Syngas

+CO2 

Vapour Fraction  1 0 1 1 1 1 1 0.6502 0 1 

Temperature (K) 298 298 1262 1262 1262 1261 1273 311 311 311 

Pressure (MPa) 0.1 0.1 2.69 2.69 2.69 2.69 2.69 2.69 2.69 2.69 

Molar Flow (kmol/h) 1.679 2.518 1.679 2.518 3.619 7.816 11.13 11.13 3.894 7.24 

Mass Flow (kg/h) 26.93 45.36 26.93 45.36 65.21 137.5 137.5 137.5 70.16 67.34 

Mole Fraction            

Comp Mole Frac (Methane)  1.0000 0.0000 1.0000 0.0000 0.0000 0.2148 0.0018 0.0018 0.0000 0.0027 

Comp Mole Frac (H2O)  0.0000 1.0000 0.0000 1.0000 0.9999 0.7852 0.3515 0.3515 0.9999 0.0027 

Comp Mole Frac (Hydrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.4977 0.4977 0.0000 0.7654 

Comp Mole Frac (CO2)  0.0000 0.0000 0.0000 0.0000 0.0001 0.0000 0.0507 0.0507 0.0001 0.0780 

Comp Mole Frac (CO)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0983 0.0983 0.0000 0.1511 

Comp Mole Frac (Oxygen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Nitrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Argon)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Methanol)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (AceticAcid)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (HI)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 
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REVERSE WATER GAS SHIFT (RWGS) SUBSYSTEM 

Stream Name 
H2 for 
RWGS 

CO2+H
2 

RWGS 
Feed-1 

RWGS 
Vap-1 

Cool 

RWGS-

1 

Water-
2 

RWGS 
Prod 

CO+C

O2+H

2 

To 

CO2 

Ads 

Ads 
Feed 

Vapour Fraction  1 1 1 1 0.9757 0 1 1 1 1 

Temperature (K) 397.7 523 1162 1173 311 311 311 311 310.4 523 

Pressure (MPa) 2.69 2.69 2.69 2.69 2.69 2.69 2.69 2.69 2.69 2.69 

Molar Flow (kmol/h) 0.2538 18.83 18.77 18.77 18.77 0.4556 18.31 1.956 20.27 20.52 

Mass Flow (kg/h) 0.5315 805.6 803.6 803.6 803.6 8.221 795.4 56.37 851.8 852.3 

Mole Fraction            

Comp Mole Frac (Methane)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0101 0.0010 0.0010 

Comp Mole Frac (H2O)  0.0049 0.0000 0.0000 0.0277 0.0277 0.9988 0.0035 0.0000 0.0032 0.0032 

Comp Mole Frac (Hydrogen)  0.9951 0.0289 0.0284 0.0008 0.0008 0.0000 0.0008 0.1417 0.0144 0.0265 

Comp Mole Frac (CO2)  0.0000 0.9711 0.9716 0.9439 0.9439 0.0012 0.9674 0.2887 0.9019 0.8907 

Comp Mole Frac (CO)  0.0000 0.0000 0.0000 0.0277 0.0277 0.0000 0.0283 0.5595 0.0796 0.0786 

Comp Mole Frac (Oxygen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Nitrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Argon)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Methanol)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac 
(AceticAcid)  

0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (HI)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 
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GASEOUS SEPARATION SUBSYSTEM 

Stream Name 
Flush 

H2O 

H2+H2

O 

H2+H2

O-1 

RC 

Flush 

H2O 

Total 

H2 

CO+C

O2+H2 

H2 for 

Meth 

Syn 

H2 for 

RWGS 

Atmos 

H2 

Ads 

Feed 

Vapour Fraction  1 1 0.4905 0 1 1 1 1 1 1 

Temperature (K) 470 470 311 311 311 311 397.7 397.7 298 523 

Pressure (MPa) 1.4 1.4 1.4 1.4 1.4 2.69 2.69 2.69 0.1 2.69 

Molar Flow (kmol/h) 5.5 10.78 10.78 5.494 5.29 1.956 2 0.2538 3.036 20.52 

Mass Flow (kg/h) 99.08 110.1 110.1 98.98 11.08 56.37 4.188 0.5315 6.357 852.3 

Mole Fraction            

Comp Mole Frac (Methane)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0101 0.0000 0.0000 0.0000 0.0010 

Comp Mole Frac (H2O)  1.0000 0.5119 0.5119 1.0000 0.0049 0.0000 0.0049 0.0049 0.0049 0.0032 

Comp Mole Frac 
(Hydrogen)  

0.0000 0.4881 0.4881 0.0000 0.9951 0.1417 0.9951 0.9951 0.9951 0.0265 

Comp Mole Frac (CO2)  0.0000 0.0000 0.0000 0.0000 0.0000 0.2887 0.0000 0.0000 0.0000 0.8907 

Comp Mole Frac (CO)  0.0000 0.0000 0.0000 0.0000 0.0000 0.5595 0.0000 0.0000 0.0000 0.0786 

Comp Mole Frac (Oxygen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Nitrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Argon)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac 
(Methanol)  

0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac 
(AceticAcid)  

0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (HI)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 
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Stream Name 
CO-
PSA 

CO2+H2 

Vapour Fraction  1 1 

Temperature (K) 523 523 

Pressure (MPa) 2.69 2.69 

Molar Flow (kmol/h) 1.698 18.83 

Mass Flow (kg/h) 46.68 805.6 

Mole Fraction    

Comp Mole Frac (Methane)  0.0117 0.0000 

Comp Mole Frac (H2O)  0.0384 0.0000 

Comp Mole Frac (Hydrogen)  0.0000 0.0289 

Comp Mole Frac (CO2)  0.0000 0.9711 

Comp Mole Frac (CO)  0.9499 0.0000 

Comp Mole Frac (Oxygen)  0.0000 0.0000 

Comp Mole Frac (Nitrogen)  0.0000 0.0000 

Comp Mole Frac (Argon)  0.0000 0.0000 

Comp Mole Frac (Methanol)  0.0000 0.0000 

Comp Mole Frac 
(AceticAcid)  

0.0000 0.0000 

Comp Mole Frac (HI)  0.0000 0.0000 
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METHANOL SYNTHESIS SUBSYSTEM 

Stream Name 

H2 for 

Meth 

Syn 

CO for 

Meth 

Syn 

Meth 

Plant 

Inlet 

RC 

Syngas-

1 

Meth 

Plant 

Feed 

Meth 

Rxn 

Prod 

Cool 

meth 

syngas 

Syngas 
Crude 

Methanol 

Meth 

Carbo 

Vapour Fraction  1 1 1 1 1 1 0.9136 1 0 0.3676 

Temperature (K) 397.7 523.8 512 512 512 523.1 308 308 308 473.1 

Pressure (MPa) 2.69 2.69 5 5 5 5 5 5 5 4 

Molar Flow (kmol/h) 2 1.021 3.021 10.69 13.59 11.7 11.7 10.69 1.01 1.01 

Mass Flow (kg/h) 4.188 28.05 32.24 77.73 109.1 109.1 109.1 77.73 31.38 31.38 

Mole Fraction            

Comp Mole Frac (Methane)  0.0000 0.0097 0.0033 0.0577 0.0457 0.0531 0.0531 0.0577 0.0048 0.0048 

Comp Mole Frac (H2O)  0.0049 0.0433 0.0179 0.0001 0.0038 0.0045 0.0045 0.0001 0.0510 0.0510 

Comp Mole Frac (Hydrogen)  0.9951 0.0000 0.6587 0.7721 0.7469 0.7059 0.7059 0.7721 0.0056 0.0056 

Comp Mole Frac (CO2)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (CO)  0.0000 0.9469 0.3201 0.1641 0.1989 0.1502 0.1502 0.1641 0.0026 0.0026 

Comp Mole Frac (Oxygen)  0.0000 0.0000 0.0000 0.0008 0.0006 0.0007 0.0007 0.0008 0.0001 0.0001 

Comp Mole Frac (Nitrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Argon)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Methanol)  0.0000 0.0000 0.0000 0.0052 0.0040 0.0856 0.0856 0.0052 0.9359 0.9359 

Comp Mole Frac (AceticAcid)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (HI)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 
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ACETIC ACID SUBSYSTEM 

Stream Name 
Meth 

Carbo 

CO 

Feed 
RC HI 

Meth 

Carbo 

Feed 

AA+HI 
AA Rxn 

prod 

Dist 

Col 

feed 

HI+CO 

Pure 

Acetic 

Acid 

Atm 

Acetic 

acid 

Vapour Fraction  0.3676 1 1 0.9961 0 1 0.272 1 0 0 

Temperature (K) 473.1 473.1 473.1 472.6 473.1 473.1 424.1 306.1 461.4 298 

Pressure (MPa) 4 4 4 4 4 4 0.65 0.65 0.65 0.1 

Molar Flow (kmol/h) 1.01 1.021 0.2591 149.1 1.304 148.1 1.306 0.2591 1.047 1.047 

Mass Flow (kg/h) 31.38 28.05 31.55 1.56E+04 92.44 1.55E+04 92.57 31.55 61.02 61.02 

Mole Fraction            

Comp Mole Frac (Methane)  0.0048 0.0097 0.0033 0.0093 0.0007 0.0094 0.0007 0.0033 0.0000 0.0000 

Comp Mole Frac (H2O)  0.0510 0.0433 0.0000 0.0131 0.0339 0.0132 0.0339 0.0000 0.0422 0.0422 

Comp Mole Frac (Hydrogen)  0.0056 0.0000 0.0075 0.0054 0.0015 0.0055 0.0015 0.0075 0.0000 0.0000 

Comp Mole Frac (CO2)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (CO)  0.0026 0.9469 0.0478 0.0941 0.0095 0.0948 0.0095 0.0478 0.0000 0.0000 

Comp Mole Frac (Oxygen)  0.0001 0.0000 0.0003 0.0005 0.0001 0.0005 0.0001 0.0003 0.0000 0.0000 

Comp Mole Frac (Nitrogen)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Argon)  0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Methanol)  0.9359 0.0000 0.0000 0.0063 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Comp Mole Frac (Acetic Acid)  0.0000 0.0000 0.0000 0.1531 0.7678 0.1538 0.7678 0.0000 0.9578 0.9578 

Comp Mole Frac (HI)  0.0000 0.0000 0.9411 0.7182 0.1867 0.7229 0.1867 0.9411 0.0000 0.0000 
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Figure S1: Converged Flowsheet of the Acetic Acid and Hydrogen coproduction process 
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CHAPTER 2 

Hydrogen/formic acid production from natural gas with zero carbon dioxide emissions 

2.1 Abstract 

 

Presented in this work is a novel process flowsheet that co-produces hydrogen and formic 

acid from natural gas, without emitting any carbon dioxide. This is achieved by employing a 

reaction cluster that involves commercially available technologies, such as combustion, dry 

reforming, water-gas shift reaction, pressure-swing adsorption, and formic acid production via 

methyl formate hydrolysis. Thermodynamic and energetic self-sufficiency analysis imposes 

operating limits on the proposed process, within which a feasible flowsheet is developed. Heat and 

power integration analysis reveals that heat engine and heat pump subnetworks are sufficient to 

meet the flowsheet’s energy requirements without violating energetic self-sufficiency constraints. 

Operating cost analysis reveals a revenue to cost ratio of 8.8, when the system’s operating point is 

chosen to maximize hydrogen production. 

2.2 Introduction 

 

The use of oil derived gasoline as fuel for light vehicle-based transportation has resulted 

over the years in two problematic issues: Poor air quality in large cities and increased emissions 

of carbon dioxide into the earth’s atmosphere. The American Lung Association (American Lung 

Association, 2007) suggests that an estimated 136 million Americans – nearly 46% of the U.S. 

population – live in 251 counties with unhealthful levels of both ozone and particle pollution. 

According to the Earth System Research Laboratory (Pieter, 2017), the average concentration of 

CO2 in the earth’s atmosphere has increased from 316 ppm in 1960 to 346 ppm in 1985 and 406 

ppm in 2017. 
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The use of hydrogen powered fuel cell vehicles has been proposed as an avenue for our 

society to address the aforementioned issues. Hydrogen is abundant in nature, although only in a 

combined state (e.g. water, hydrocarbons, carbohydrates) (Scholz, 1993). Its recovery from these 

natural resources requires the addition of energy (Spath and Mann, 2001). Hydrogen can be 

produced using a variety of energy resources (coal, oil, gas, biofuel, biomass, nuclear, solar, 

geothermal, wind, tidal power, wave power, hydro power, etc.) thus multiplying many-fold the 

availability of energy resources for transportation. Water is the only product of hydrogen’s 

oxidation in an automotive fuel cell, and thus its use would completely address air quality issues 

in cities. Finally, hydrogen’s production from renewable energy would not lead to carbon dioxide 

emissions to the atmosphere. The above, combined with the increased efficiency of hydrogen fuel 

cell vehicles over conventional gasoline vehicles, speak well as to the likelihood of adapting 

hydrogen as the next transportation energy carrier (Ramage and Agrawal, 2004). Although most 

renewable energy sources (solar, wind, geothermal, tidal power, wave power, hydro power) can 

be used to generate hydrogen using water electrolysis and thus generate no carbon dioxide 

emissions, such use would at the same time deprive our society of this electricity for its other 

needs. On the other hand, the prospect of carbon dioxide emissions has eliminated, in the mind of 

policy makers and environmentalists, the possibility of employing fossil fuels for the production 

of H2, leading to the term “black hydrogen”. The thesis of this work is that hydrogen produced 

from a fossil fuel, such as natural gas, need not be “black”, but rather “green”, in both an 

environmental and economic sense. 

In 2006, Posada & Manousiouthakis (Posada and Manousiouthakis, 2006) developed a 

process flowsheet that proposed producing hydrogen and dry ice to be sequestrated at the bottom 

of the ocean; and in our previous work (Pena Lopez and Manousiouthakis, 2011), we put forward 
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the position that “hydrogen can be produced from fossil fuels without generation of carbon dioxide 

emissions”. This was done by generating a process flowsheet co-producing hydrogen and formic 

acid, through a combination of steam methane reforming, combustion and formic acid production 

from carbon dioxide and hydrogen.  

In this work, we build upon (Pena Lopez and Manousiouthakis, 2011) by proposing the co-

production of hydrogen and formic acid with the use of commercially established technologies: 

dry reforming, combustion, water-gas shift and formic acid from methyl formate hydrolysis. The 

reactions at the heart of these technologies constitute a reaction cluster, whose realization is a novel 

process flowsheet with commercially proven subsystems. Heat and power integration techniques, 

such as was utilized in (Posada and Manousiouthakis, 2005), are then used to quantify the energy 

demands/production of this flowsheet, and to identify how heat engines and heat pumps can yield 

an energetically self-sufficient process, as defined in (Pena Lopez and Manousiouthakis, 2011), 

where no external heat or power is needed to meet the process energy needs.   

The valuable carbon-containing product featured in this work is formic acid, which 

“absorbs” a molecule of carbon dioxide per molecule of hydrogen. Formic acid is a product with 

a global production of 640,000 metric tons/year. Its primary uses are leather treatment, 

preservative for silage, additive for rubber production, and as a thawing agent for icy surfaces. 

Finland is the world’s leader in formic acid production, as represented by BASF and Kemira-

Leonard. The commercial production of formic acid is typically carried out through hydrolysis of 

methyl formate followed by liquid-liquid extraction to purify the formic acid produced. 
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2.3 Energetic Self-sufficiency and process reaction cluster 

 

A process is energetically self-sufficient, if its operation does not require external heat and 

power input (Pena Lopez and Manousiouthakis, 2011). Based on the principles of 

thermodynamics, the energetic self-sufficiency limits of a process flowsheet can be determined by 

carrying out energy and entropy balances as defined in Ref. (Pena Lopez and Manousiouthakis, 

2011). An open well delimited system, that can potentially release heat 
0 0Q   to the environment 

at the environmental temperature 0T , is said to be energetically self-sufficient when the inequalities 

listed below are satisfied. 
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A set of necessary conditions for energetic self-sufficiency originating from (1) is: 
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If the inlets and outlets of a process are at the environmental temperature 
0T , i.e. 

0i I OT T i S S=    , then 
0i i iH T S G−  = , if  

iH , 
iS , and 

iG  are respectively the system’s 

specific enthalpy, entropy, and Gibbs free energy at 0 298.15T K= . The concept of energetic self-

sufficiency can now be applied to the proposed formic acid and hydrogen co-production process. 

The overall production of formic acid from natural gas can be represented by the following overall 

reaction: 

( )4 2 2 2

3
1 ( )

2
CH O H O HCOOH H

−  
+ +  − → +  
 

     (3) 

This overall reaction (3) is parameterized by  , whose range is defined above by the 

requirement that oxygen should be consumed ( 3  ), and below by the requirement that 

hydrogen should be produced ( 0  ). For small values of  (i.e., 0 1   ), this overall reaction 

consumes significant amounts of oxygen, produces small amounts of hydrogen, produces water, 

and generates significant amounts of energy. For larger values of  (i.e., 1 3   ), this overall 

reaction consumes smaller amounts of oxygen, produces larger amounts of hydrogen, consumes 

water, and either generates smaller amounts of energy, or even becomes an energy consumer.  

Carrying out a thermodynamic analysis of energetic self-sufficiency for the 

aforementioned process requires evaluation of the inlet and outlet streams’ specific mass 

enthalpies and Gibbs free energies. To this end, all streams are considered to be pure, except for 

the air feed stream which is considered as an ideal gas mixture. All streams are also considered to 

be ideal gases, to enter and leave the system at 0 298.15T K=  and 0 1 .P bar= The only exception 

is hydrogen, which is delivered at 354.6P bar= , which is a typical storage pressure for hydrogen-
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fueled vehicles. The necessary conditions for energetic self-sufficiency are then calculated using 

eqn. (4) below.  

( )

( ) ( ) ( )
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0 0 0

0

0

I O

I O I O

s i i i i
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s i i i i i i i i i i
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The dependence of these two conditions on the aforementioned parameter  is shown in 

Figure 2.1.  

 

Figure 2. 1: Energetic Self-Sufficiency necessary conditions for overall reaction (3) using 

equations of (4) 

As can be seen from Figure 1, the formic acid – hydrogen co-production system can only 

be energetically self-sufficient if   is less than or equal to 2.23. Of course, this is only a necessary 

condition and the creation of an energetically self-sufficient flowsheet realizing reaction (3) may 

impose more stringent requirements on  . 
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No known process exists for the co-production of hydrogen and formic acid in a single 

step, as suggested by overall reaction (3). Nevertheless, its realization can be pursued through a 

suitable reaction cluster (also often referred to as thermochemical cycle, or Solvay cluster), whose 

individual steps are thermodynamically feasible ((Andress et al., 2009; Holiastos and 

Manousiouthakis, 1998; Andress and Martin, 2010; Rudd et al., 1973; May and Rudd, 1976; 

Rotstein et al., 1982). Such a reaction cluster, employing commercially available technologies such 

as combustion (5), dry reforming (6), water-gas shift (7), and formic acid production via methyl 

formate formation (8) and subsequent hydrolysis (9), is shown in Figure. 2.2. 

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )
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−   + → +    
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 −   + → +    

+ →

+ → +

− 
+ +  − → +  
 

 

Figure 2. 2: Reaction cluster for hydrogen and formic acid coproduction 

A preliminary assessment of the external heating need of this cluster can be obtained 

through a 2nd law based thermodynamic analysis based on pinch inequalities ((Holiastos and 

Manousiouthakis, 2002; Linnhoff and Hindmarsh, 1983; Linnhoff, 1993). This analysis can 

provide approximate estimates for the range of the parameter   leading to heating self-

sufficiency. These estimates are not only based on the overall reaction and associated system inputs 

and outputs, but also account for the reaction cluster realizing the overall reaction, and the 
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associated operating temperatures for each cluster reaction. These estimates can be obtained prior 

to the construction of a detailed process flowsheet realizing the proposed cluster, by considering 

that sensible heat effects can be ignored (as they can be approximately met through appropriate 

heat integration), reactions are carried out to completion, and product separation is largely attained 

through work and not heat consumption. 

The approximate pinch analysis is carried out for the cluster using a minimum approach 

temperature min 5T K = . Parameterized by  , and starting from the reaction with the highest 

temperature (combustion at 1273 K), heat balances are carried out to ensure that heat is either 

utilized at the temperature that it is available at, or is cascaded downward from a high temperature 

to a lower temperature. Thus, net heat availability is assessed at every reaction operating 

temperature and pressure level, namely combustion reaction (P = 1 bar, T = 1273 K, exothermic), 

dry reforming reaction (P = 1 bar, T = 1073 K, endothermic), water-gas shift (WGS) two stage 

reactions (P = 21.3 bar (both), T = 623 K and T = 423 K, both exothermic), methyl formate 

synthesis (P = 170 bar, T = 353 K, exothermic), and formic acid synthesis (P = 9 bar, T = 393 K, 

exothermic). The WGS reaction heat load is considered to be available at T = 623 K since only 

small amounts of CO are converted to CO2 in the low temperature WGS process. The heat loads 

for each reaction are calculated using UNISIM at their respective reaction temperatures and are 

listed in Table 2.1.   

Table 2. 1: Cluster reaction operating conditions and heat loads 

S/N Cluster reactions Pressure (bar) Temperature (K) ( )H kJ mol  Notes 

1 Combustion 1 1273 - 802.8 1 

2 Dry Reforming 1 1073 + 260.7 1 

3 Water Gas Shift 21.3 623 -38.45 1 
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4 Methyl formate 

synthesis 

170 353 -29.51 2 

5 Formic acid synthesis 9 393 - 1.889 2 
 

Notes 

1. Values calculated via UNISIM using the Peng-Robinson equation of state 

2. Values calculated via UNISIM using the van Laar liquid activity coefficient model with 

the Kabadi Danner model for the vapor phase. 

The aforementioned approximate pinch analysis then yields the following optimization 

problem: 

( )

( )

( ) ( )

( ) ( ) ( )

( ) ( ) ( )

( ) ( ) ( )

,

1

1 2

1 2 3

1 2 3 4

1 2 3 4 5

min

. .

0
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0.25 3 0.25 1 0
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+ −  
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+ −  − +  +  −  +  

+ −  − +  +  −  +  +  

+ ( ) ( ) ( )1 2 3 4 50.25 1 0.5 1 0CUH H H H H Q

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

−  − +  +  −  +  +  =   

       (10) 

Close examination of the structure of the above optimization problem’s inequalities 

suggests that the second, fifth, sixth and seventh inequalities can be ignored without affecting 

optimality. (10) is then equivalent to: 
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         (11) 

The solution to equation (11) is derived analytically by evaluating various cases. To this 

end, the following quantities are evaluated using the heat of reaction values from Table 1: 

1 2 1 2 3

1 2 1 2 3

3 3 2
2.02; 2.10

2

H H H H H

H H H H H

 −   −  − 
= =

 +   +  − 
.  

Case 1: 0 1;     It then holds 
1 2 3

1 2 3

3 2
0 1 2.10

2

H H H

H H H

 −  − 
    =

 +  − 
, which in turn 

implies

( ) ( ) ( ) ( ) ( )1 2 1 2 30.25 3 0.25 1 0.25 3 0.25 1 0.5 1 0H H H H H−   − +    −   − +   +  −  

. Then ( ) 0  =  

Case 2: 
1 2

1 2

3
1 2.02;

H H

H H

 − 
   =

 + 
 This implies

( ) ( ) ( ) ( ) ( )1 2 3 1 20.25 3 0.25 1 0.5 1 0.25 3 0.25 1 0H H H H H−   − +   +  −   −   − +   

. Then ( ) 0  =  

Case 3: 
1 2 1 2 3

1 2 1 2 3

3 3 2
2.02 2.10 3;

2

H H H H H

H H H H H

 −   −  − 
=    = 

 +   +  − 
 This implies

( ) ( ) ( ) ( ) ( )1 2 3 1 20.25 3 0.25 1 0.5 1 0 0.25 3 0.25 1H H H H H−   − +   +  −    −   − +  

. Then ( ) ( ) ( ) 1 2 1 20.25 3H H H H   =   +  −  −    
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Case 4: 1 2 1 2 3

1 2 1 2 3

3 3 2
2.02 2.10 3;

2

H H H H H

H H H H H

 −   −  − 
=  =   

 +   +  − 
 This implies

( ) ( ) ( ) ( ) ( )1 2 3 1 20 0.25 3 0.25 1 0.5 1 0.25 3 0.25 1H H H H H −   − +   +  −   −   − +  

. Then ( ) ( ) ( ) 1 2 1 20.25 3H H H H   =   +  −  −  
 

In summary, 

( )

( ) ( )

1 2

1 2

1 2

1 2 1 2

1 2

3
0; 0 2.02

3
0.25 3 ; 2.02 3

H H

H H

H H
H H H H

H H



  − 
   = 

 +  
 =  

 −     +  −  −  =      +  

       (12) 

Equation (12) above suggests that, based on the outlined approximate pinch analysis, the 

hydrogen and formic acid co-production process can only be energetically self-sufficient, if the 

molar ratio  of hydrogen produced to methane feed is greater than 0 and less than 2.02, i.e. 

0 2.02   . Thus, the approximate pinch analysis of the reaction cluster proposed for the 

realization of the overall reaction reduces the upper limit of   from 2.23 to 2.02. This is because 

it takes into account the operating temperatures and associated heat loads of the cluster’s 

constitutive reactions, while the earlier upper bound was obtained based only on the inlet -outlet 

thermodynamic properties of the overall system.  

2.4 A realization of the proposed hydrogen-formic acid production method 

 

Next, a process flowsheet is described that realizes the proposed reaction cluster using 

commercially available processes. This overall hydrogen-formic acid co-production process can 

be partitioned into six subsystems: 
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1. Combustion subsystem: This system contains an air separation PSA system, a burner and a 

water separator.  

2. Dry reforming subsystem: This contains the preheating devices and the dry reforming reactor. 

3. H2/CO PSA subsystem: This subsystem processes the stream coming from the dry reforming 

reactor, through a dehumidifier, hydrogen PSA, carbon monoxide PSA and three 

pressurization systems. Carbon monoxide is purified and pressurized for its use downstream, 

while hydrogen is purified and pressurized for its final delivery. 

4. Water-gas shift subsystem: This subsystem contains the water-gas shift reactor which utilizes 

fresh water and carbon monoxide from the H2/CO PSA subsystem to produce hydrogen and 

carbon dioxide. 

5. Methyl formate subsystem: This subsystem comprises the methyl formate reactor and dual 

pressure methyl formate/methanol purifier. 

6. Formic acid subsystem: This subsystem contains the formic acid reactor, double azeotrope 

separator, excess water separator and dual pressure formic acid purifier. 

A schematic of the overall process is shown in Figure 2.3. 

 

Figure 2. 3: Process flowsheet realizing proposed reaction cluster 
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2.4.1 Combustion subsystem 

 

Pure oxygen for the combustion subsystem is separated from air via the system described 

in (Pena Lopez and Manousiouthakis, 2011). Air enters a two-stage PSA unit at atmospheric 

conditions (P = 1 bar, T = 298 K) and pure oxygen exits at the same conditions. The removal of 

nitrogen is accomplished in the first stage via a zeolite packed PSA unit and argon in the second 

stage via a carbon molecular sieve (CMS) adsorbent ((Armond et al., 1980; Richter et al., 1986; 

Santos et al., 2007; Hayashi et al., 1996; Jee et al., 2005; Ruthven et al., 1994; Vansant and  

Dewolfs, 1989). The air-PSA unit consumes 48,000 kJ per kmol of oxygen produced (Ruthven et 

al., 1994). This work requirement is accounted for in the heat and power integration analysis that 

follows. 

Purified oxygen at 1 bar, 298 K is mixed with fresh methane, recycled water, waste from 

the H2/CO PSA and a recycle stream from the formic acid and methyl formate subsystems. The 

mixture, which contains 11% steam as diluent, is heated to 1223 K and fed into the combustion 

reactor which operates at 1273 K and 1 bar. The combustor effluent is a high-quality hot stream 

that contributes to the satisfaction of the flowsheet’s energetic needs (e.g. satisfaction of the 

reformer’s endothermic load). The combustor exit stream is partially condensed and distilled via 

a flash separator to separate the carbon dioxide and water. The water stream is partially recycled 

to the entrance of the reactor, while the rest is directed to the formic acid subsystem. The carbon 

dioxide-rich stream is directed to the dry reforming subsystem.  

2.4.2 Dry reforming subsystem 

 

The dry reforming reaction is a highly endothermic reaction that produces syngas (H2/CO) 

from methane and carbon dioxide (Eqn. (13)), as shown below. 
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( ) ( ) ( ) ( )

4 2 22 2g g g gCH CO CO H+ +         (13)  

It is typically carried out, using Ni/Ce-based catalysts, at temperatures ranging from 873-

1273 K (Verykios, 2003; Guo et al., 2004; Laosiripojana and Assabumrungrat, 2005). In this work, 

the reactor is operated at 1073 K and 1 bar to achieve high conversion. As a result, its operation 

creates a large, high temperature, endothermic heat load for the overall process flowsheet, which 

represents a significant contribution to the overall system’s hot utility use. The dry reformer’s feed 

is the vapor product of a flash separator, whose feed is a mixture of recycled carbon dioxide-rich 

streams and natural gas, and liquid product is water that is sent to the combustion subsystem to 

form part of the diluent for the combustion reactor. The resulting dry reformer feed possesses a 

CH4/CO2 molar ratio equal to 1.1. At the given conditions, the equilibrium conversion of carbon 

dioxide in the dry reformer is 96.6%, generating a stream containing primarily hydrogen and 

carbon monoxide and some carbon dioxide, methane and water, that is directed to the H2/CO PSA.  

2.4.3 H2/CO PSA subsystem 

 

The structure of the H2 and CO separation subsystem is largely based on (Krishnamurthy, 

1992). The exit of the dry reformer is passed through a dryer operating at room temperature, and 

containing desiccant material such as alumina, silica or zeolite. The dryer removes 99.99% of the 

water contained in its feed, and its dried H2/CO-rich stream exit is pressurized through 4 equal-

ratio compressors to 20 atm. The compressed mixture is then passed through a H2 PSA, which 

delivers 80% of its fed hydrogen as a pure product, at 99.999+ % purity, and 20 atm. This pure 

hydrogen product is subsequently further compressed to a delivery pressure of 354.6 bar through 

a 4-compressor pressure train. The H2 PSA’s adsorbent material typically consists of molecular 

carbon sieve/activated carbon or 5A zeolite sieves, and exhibits greater affinity for carbon dioxide, 

methane and carbon monoxide than for hydrogen. Once the H2 PSA’s bed is deemed to be near 
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saturation, it is depressurized, until reaching a pressure of 1.7 bar, thus resulting into a carbon 

monoxide-rich stream that is sent to the carbon monoxide PSA. The H2 PSA continues to be 

depressurized until atmospheric pressure, and it is purged with hydrogen to generate a waste gas 

purge stream, which is mixed with a waste gas stream from the CO PSA. This mixture is recycled 

to the dry reformer subsystem. The carbon monoxide-rich stream is pressurized up to 3 bar and is 

then passed through a CO PSA containing an adsorbent having greater affinity for carbon 

monoxide than for hydrogen, carbon dioxide and methane. Such suitable adsorption materials are 

copper exchanged substrates (copper exchanged Y-type aluminosilicate zeolite molecular sieves, 

copper exchanged alumina, copper exchanged activated carbon, and their combinations). The non-

adsorbed stream is compressed and mixed with the waste gas of the H2 PSA. During its desorption 

phase, the CO PSA unit is depressurized to 1 bar to withdraw a high purity CO stream that is 

compressed, via a 4-compressor train, to 21.3 bar (equal to the operating pressure of the water-gas 

shift reactor) and directed to the water-gas shift subsystem. The remaining carbon monoxide is 

further pressurized to 170 bar (the operating pressure of the methyl formate reactor) and sent to 

the methyl formate subsystem. 

2.4.4 Water-gas shift subsystem 

 

The reaction cluster employed for the realization of the overall reaction, utilizes the water-gas shift 

(WGS) reaction shown below (Eqn. 14), to increase the overall system’s hydrogen production, and 

thus complement the hydrogen produced by the dry reforming process.  

( ) ( ) ( ) ( )

2 2 2

g g g gCO H O CO H+ +                 (14) 

  

This reaction is typically carried out under catalytic conditions and the materials are Ni-, Cu-, Au- 

and Zn-based (Li et al., 2000; Andreeva et al., 2002). For industrial applications such as the 

production of ammonia, the water-gas shift reaction is carried out in two separate stages with two 
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types of catalysts. One is a high-temperature (573 to 773 K) shift catalyst based on iron oxide 

promoted with chromium oxide, while the other is a low-temperature (423 to 573 K) shift catalyst 

composed of copper, zinc oxide and alumina (Li et al., 2000; Rhodes et al., 1995).  

The water-gas shift subsystem utilizes fresh feed water and carbon monoxide produced 

from the dry reforming subsystem and purified in the CO PSA. The mixture is heated to 623 K 

and fed to the high-temperature WGS reactor. The exit is cooled to 423 K and fed to the low-

temperature WGS reactor. The exit, consisting primarily of carbon dioxide and hydrogen, is 

depressurized to 1 bar and sent to the dry reformer subsystem. 

2.4.5 Methyl formate subsystem 

 

Methyl formate is produced via carbonylation of liquid methanol with carbon monoxide, 

in the presence of a basic catalyst, as shown below (Eqn. (15)).  

( ) ( ) ( )

3 3

g l lCO CH OH HCOOCH+      (15) 

   

The carbon monoxide is received from the H2/CO PSA at 170 bar, mixed with streams 

containing unreacted methanol and methanol recovered from the formic acid subsystem, heated to 

353 K, and fed to the methyl formate reactor. This reaction was first described by BASF in 1925 

(Reutemann and Kieczka, 2000). The reaction (Eqn. (15)) is favored at high pressures and low 

temperatures. The catalysts proposed for this process include sodium methoxide and potassium 

methoxide. High reaction conversion occurs at operating pressures ranging from 10 bar to 170 bar. 

The exit of the reactor, consisting of unreacted carbon monoxide, methyl formate and methanol, 

is fed to a flash separator, whose gaseous product is recycled to the methyl formate reactor, while 

its liquid product is mixed with a methyl formate/methanol azeotropic stream being recycled from 

the formic acid subsystem. The resulting mixture is depressurized to 0.5 bar, heated up to 307 K 
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and fed to a distillation column, whose bottom product is a methanol-rich stream at 320 K, while 

its top product is pure methyl formate (99%) at 287 K. The bottom methanol-rich stream is 

recycled to the methyl formate reactor, while the top pure methyl formate stream is sent to the 

formic acid subsystem. The methyl formate subsystem is shown in Fig. 4 below. 

 

Figure 2. 4: Methyl formate subsystem 

 

2.4.6 Formic acid subsystem 

 

Formic acid is produced via autocatalytic hydrolysis of methyl formate (Eqn. (16)), as 

shown below. 

( ) ( ) ( ) ( )

3 2 3

l l l lHCOOCH H O CH OH HCOOH+ +  (16) 

  

This subsystem’s methyl formate feed is received from the formate generation subsystem, 

while its water feed consists of fresh and recycled water. The operating conditions were chosen to 

match the Kemira-Leonard Process (393 K and 9 bar) (Reutemann and Kieczka, 2000). The 

inherent equilibrium conversion limitations of (16) require the use of a large excess of either 
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methyl formate or water. The latter option is employed, and a water to methyl formate ratio of 5 

to 6 has been found to be suitable. The thermodynamic behavior of mixtures containing the 

reactants and products of (Eqn. (16)), includes the existence of two binary azeotropes: methyl 

formate/methanol and water/formic acid. Nevertheless, the composition of the mixture exiting the 

Kemira-Leonard reactor is such that a separation system can be devised that delivers pure formic 

acid as a product, and additional streams that can be recycled to other subsystems of the overall 

flowsheet.  

The high purity methyl formate, from the methyl formate subsystem, is pressurized to 9 

bar and mixed with fresh water and recycled water from the combustion subsystem. The resulting 

mixture, featuring a water to methyl formate ratio of 5.1 as suggested in the literature (Reutemann 

and Kieczka, 2000),  is heated to 393 K and fed to the formic acid reactor. This reactor’s exit is 

depressurized to 1 bar, cooled down, and fed to a distillation column, whose top product is a 

methanol-methyl formate azeotropic mixture at 317 K, while its bottom product is an aqueous 

mixture at 373 K. The top product is recycled to the methyl formate subsystem as mentioned above, 

while the bottom product is sent to a water recovery column, where pure water is removed as a top 

product at 373 K, while the bottom product is a formic acid (55% molar) - water mixture that is 

fed to a dual-pressure distillation sequence for formic acid purification.  

The aforementioned formic acid-water bottom product is mixed with a formic acid-water 

azeotropic mixture, emanating from the bottom of the low-pressure column of the dual pressure 

distillation system. The resulting stream is pressurized to 12 bar, and fed to the first, high pressure, 

distillation column of the dual pressure distillation system. This column’s top product is a water-

rich stream at 458 K that is recycled to the water recovery column, while the column’s bottom 

product is a formic acid-water azeotropic mixture at 482 K, that is throttled to 0.5 bar. This stream 
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is mixed with a portion of the final product pure formic acid stream, so as to move the resulting 

stream’s formic acid content above the low-pressure azeotropic composition. This stream is then 

fed to the low-pressure column of the dual pressure distillation system, where it is separated into 

a top pure formic acid product (99%), and a bottom product that is fed to the high-pressure column, 

as stated above. The formic acid subsystem is shown in Figure 2.5 below. 

 

Figure 2. 5: Formic acid subsystem 

2.5 Simulation and heat/power integration of proposed process realization 

 

The aforementioned subsystems are composed into an overall process flowsheet, which is 

presented in Figure 2.6. The flowsheet takes as material inputs, natural gas (methane), water and 

oxygen at 1 bar and 298 K, and produces hydrogen at 354.6 bar and 298 K and high purity formic 

acid (99.9%) at 1 bar and 298 K. The proposed process flowsheet is simulated using the software 

UniSim Design®. The flowsheet’s energetic behavior is assessed through heat and power 

integration analysis, carried out using UCLA in-house software. This analysis implements the 

theory set forth in Ref. (Posada and Manousiouthakis, 2005; Holiastos and Manousiouthakis, 

2002), and identifies the flowsheet’s minimum hot/cold/electric utility cost. To ensure energetic 
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self-sufficiency, only cold utilities are allowed. Heat engines and heat pumps are also utilized in 

the analysis. Cold utility is available at 298 K and the work/cold utility cost ratio is 25 to 2, with 

the minimum approach temperature fixed at 5 K (Pena Lopez and Manousiouthakis, 2011).  

The necessary conditions for energetic self-sufficiency, and the approximate pinch analysis 

presented earlier, suggest respectively that 2.23  , and 2.02   for the overall process to be 

energetically self-sufficient. However, depending on the particulars of any particular realizing 

flowsheet, the rate of entropy generation may vary from design to design, depending on the value 

of  . Thus, first an overall process design is chosen corresponding to 2 = . Carrying out the 

aforementioned heat and power integration analysis, suggests that this design is not energetically 

self-sufficient. This process is repeated for decreasing values of  , until the subsequent heat and 

power integration analysis identifies the flowsheet to be self-sufficient. This turns out to be the 

case for 1.03 = , which results into the flowsheet presented in Figure 2.6.  This flowsheet 

maximizes hydrogen production, while being energetically self-sufficient.  

The simulation of the identified flowsheet employs the Peng-Robinson-Stryjek-Vera 

equation of state for all subsystems, except for the formic acid plant in which the van Laar liquid 

activity coefficient model coupled with the Kabadi-Danner model for the vapor phase is utilized 

(Honeywell, 2008). The van Laar, Kabadi-Danner model combination captures to a large extent 

the methyl formate/methanol and water/formic acid azeotropic vapor-liquid equilibrium behavior. 

The dry reformer and combustor are represented by Gibbs free energy minimization reactors and 

the water-gas shift, methyl formate, and formic acid reactors are represented as equilibrium 

reactors for the corresponding reaction. No pressure losses are considered for the heat exchange 

devices (heaters and coolers), while the compressors work at 75% adiabatic efficiency.  
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The natural gas entering the flowsheet services both the dry reforming and combustion 

subsystems with the split ratio defined in terms of the molar ratio   of hydrogen produced to 

natural gas fed. When   increases, the natural gas flow to the dry reforming subsystem increases, 

while a lower value of   generates more energy, by increasing the amount of methane flowing 

through the combustion subsystem.  

 

Figure 2. 6: Overall process simulation in UniSim® Design 
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2.6 Results and Discussion 

 

Several iterations were carried out to determine the maximum   hydrogen/methane molar 

ratio for which the overall flowsheet is energetically self-sufficient. As starting point for these 

iterations, a flowsheet was employed corresponding to 2.02 = , as identified by the 

aforementioned approximate pinch analysis. The detailed heat and power integration analysis, with 

no hot utility available, indicates that this flowsheet is not energetically self-sufficient due to work 

consumption. This procedure is repeated for lower values of   until the total work (work 

generated from heat and power integration plus work demand of the flowsheet) is less than or equal 

to zero. This evolutionary process is captured in Figure 2.7, where the flowsheet’s total work 

consumption ( )0W   is plotted as a function of  . This suggests that the above process becomes 

energetically self-sufficient for values of 1.03  . 

 

Figure 2. 7: Total Work dependence on   
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The temperature-entropy change diagram generated by the heat and power integration 

analysis for the 1.03 =  design is shown in Figure 2.8a. It indicates that the flowsheet requires 

the operation of two heat engines and two heat pumps to satisfy its energy requirements. The hot 

and cold composite curves on the temperature-entropy diagram intersect each other at 300 K, 333 

K and 485 K delineating the heat engine and heat pump operating regions. The flowsheet’s overall 

enthalpy balance is presented in the temperature-enthalpy diagram shown in Figure 2.8b, which 

also illustrates the work generated by the heat exchange/engine/pump network, which is then used 

to meet the work needs of the flowsheet’s work consuming operations.  
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Figure 2. 8: (a) Temperature-Entropy Change Diagram for 1.03 =  Design; b) 

Temperature-Enthalpy Change Diagram for 1.03 =  Design 
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To establish the superior economic potential of this flowsheet, a brief rudimentary 

operating cost analysis is carried out for the energetically self-sufficient 1.03 =  design and the 

energetically deficient 2.02 =  design. The economic potential of both cases is assessed by 

examining its raw material cost and saleable product revenue. The raw material related operating 

costs of both flow-sheets consist mainly of natural gas at 5.23 $/(10ft)3 (Energy Information 

Administration, 2011) (i.e. 0.282 $/kg of CH4), electricity consumption for oxygen separation at 

0.105 $/kWh (Rath, 2010), and water at 0.000285 $/kg (Rath, 2010), while the revenue obtained 

by the plant’s two main products is 0.70 $/kg formic acid (ICIS, 2003; ICIS, 2006), and 3.64 $/kg 

hydrogen (Energy Information Administration, 2011). The power consumption for oxygen 

production is based on the air-PSA value of 48,000 kJ per kmol of oxygen produced (Ruthven et 

al., 1994), while the work requirement for the energetically deficient case is calculated from Figure 

2.7 for the selected hydrogen/methane molar ratio,  . All other values are calculated based on the 

overall reaction of the co-production process. 

As shown in Table 2.2, for the energetically self-sufficient 1.03 =  design, a revenue of 

$32.221/h (or 7.12 times the natural gas cost) is obtained from formic acid sales alone (i.e. when 

hydrogen is given for free) and a revenue of $39.778/h (or 8.79 times the natural gas cost) is 

obtained from the sale of both formic acid and hydrogen.  

Table 2. 2: Operating cost analysis of process co-producing formic acid and hydrogen at an 

energetically self-sufficient hydrogen/methane molar ratio of 1.03. 

  Unit 
Cost 

Unit Unit Cost Ref. Net 
Amount 

Consumed 

Unit Total Unit 

EXPENDITURE 

Natural Gas 0.282 ($/kg) (Energy 
Information 

16.043 kg/h 4.524 ($/h) 
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Administration, 
2011) 

O2 Production 
Power 
Consumption 

0.105 ($/kWh)  (Rath, 2010)  13.134 kW 1.379 ($/h) 

Water 0.0002
85 

($/kg) (Rath, 2010)   0.541 kg/h 0.00015 ($/h) 

Total Expenditure: 5.903 ($/h) 

REVENUE 

Formic acid 0.70 ($/kg) (ICIS, 2003; 
ICIS, 2006) 

46.030 kg/h 32.221 ($/h) 

Hydrogen 3.64 ($/kg) (Energy 
Information 

Administration, 
2011) 

  2.076 kg/h  7.557 ($/h) 

Total Revenue: 39.778 ($/h) 

Profit Margin: 33.875 ($/h) 

 

Similarly in Table 2.3, for the energetically deficient 2.02 =  design, a revenue of 

$32.221/h (or 7.12 times the natural gas cost) is obtained from formic acid sales alone (i.e. when 

hydrogen is given for free) and a revenue of $47.043/h (or 10.40 times the natural gas cost) is 

obtained from the sale of both formic acid and hydrogen. The net profit of the 1.03 =  and 

2.02 =  designs is $33.875/h and $41.826/h respectively, representing a 23.47% increase as the 

process moves from being energetically self-sufficient at 1.03 =  to being energetically deficient 

at 2.02 = . The 2.02 =  design is largely profitable because only a small amount of work 

(0.0167 kW) is required from the surroundings to drive the process. However, as can be seen from 

both Tables 2.2 and 2.3, both designs demonstrate economic attractiveness of the co-production 

process. 
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Table 2. 3: Operating cost analysis of process co-producing formic acid and hydrogen at an 

energetically deficient hydrogen/methane molar ratio of 2.02 

  Unit Cost Unit Unit Cost Ref. Net 
Amount 

Consumed 

Unit Total Unit 

EXPENDITURE 

Natural Gas 0.282 ($/kg) (Energy 
Information 

Administration, 
2011) 

16.043 kg/h 4.524 ($/h) 

O2 Production 
Power 
Consumption 

0.105 ($/kWh)  (Rath, 2010)   6.534 kW 0.686 ($/h) 

Work requirement 
from surrounding 

0.105 ($/kWh)  (Rath, 2010)   0.0167 kW 0.00175 ($/h) 

Water 0.000285 ($/kg) (Rath, 2010)  18.380 kg/h 0.00524 ($/h) 

Total Expenditure: 5.217 ($/h) 

REVENUE 

Formic acid 0.70 ($/kg) (ICIS, 2003; 
ICIS, 2006) 

46.030 kg/h 32.221 ($/h) 

Hydrogen 3.64 ($/kg) (Energy 
Information 

Administration, 
2011) 

  4.072 kg/h 14.822 ($/h) 

Total Revenue: 47.043 ($/h) 

Profit Margin: 41.826 ($/h) 

2.7 Conclusions 

 

An energetically self-sufficient process for the production of hydrogen and formic acid 

from natural gas is developed. To accomplish this goal, an overall reaction for the process is first 

proposed, which is parametrized in terms of the molar ratio  of hydrogen produced to natural gas 

consumed. Subsequently, this overall reaction is realized by a reaction cluster employing 

commercially available reaction processes, such as natural gas combustion, dry reforming, water 

gas shift reaction, methyl formate synthesis, and subsequent hydrolysis to generate formic acid. 

The resulting reactive subsystems are combined with separative subsystems that are also 
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commercially available, such as pressure swing adsorption, distillation, and flash separation, to 

help form an overall process flowsheet. A detailed simulation of this overall flowsheet is then 

carried out, within the software environment UniSim Design® R443.  Heat and power integration 

analysis of the overall process leads to the conclusion that energetic self -sufficiency can be 

ascertained for a process with maximum hydrogen production of 1.03 moles of H2, and 1 mole of 

formic acid per mole of CH4. This same heat and power integration analysis reveals the need for 

2 heat engine and 2 heat pump subnetworks to make the flowsheet energetically self -sufficient. An 

operating cost analysis suggests a revenue value of 712% times the cost of natural gas, when only 

formic acid is sold (hydrogen is given off for free), and a revenue value of 878% times the cost of 

natural gas when hydrogen is sold alongside formic acid at commercial prices. These revenue 

values become 712% and 1040% times the cost of natural gas if the process is operated at an 

energetically deficient hydrogen/methane molar ratio of 2.02. At this operating point, the net profit 

is 23.47% higher than that for the 1.03 = design case. These returns do not include any carbon 

emission reduction credits associated with the fact that the process does not generate any carbon 

dioxide emissions. 
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CHAPTER 3 

 

Coproduction of dimethyl-ether and hydrogen/power from natural gas with no carbon 

dioxide emissions 

3.1 Abstract 

 

A novel, energy integrated process is presented that co-produces dimethyl-ether and 

hydrogen from natural gas, emits no carbon dioxide, and employs commercially available 

technologies. The principal technologies employed in the process network include incomplete 

combustion, steam methane reforming (SMR), and DME production from CO/CO2 and H2. 

Thermodynamic analysis, in the context of energetic self-sufficiency, identifies operating limits 

on the proposed process in terms of the molar flow ratio of oxygen consumed to DME produced. 

A suitable reaction cluster using the principal technologies is identified and used to produce a 

feasible process flowsheet. The flowsheet is heat and power integrated to identify suitable 

energetically self-sufficient operating points, upon which a preliminary operating cost analysis is 

carried out using current market prices for natural gas, DME, hydrogen, water and electricity. 

3.2 Introduction 

 

 Dimethyl ether (DME) is a nontoxic, noncarcinogenic, environmentally friendly 

(Ptasinski, 2016), carbon containing chemical with multiple uses. It has been touted as a potential 

replacement for diesel fuel, because of its high cetane number, clean burning with low particulate, 

toxic gas, and carbon dioxide emissions, and its safe handling as a liquid  (Azizi et al., 2014). 

Because it shares similar properties with Liquified Petroleum Gas (LPG) it can be used with 

existing LPG infrastructure for transportation and storage (Ladera et al., 2012). DME is also used 

in the production of dimethyl sulfate (a methylating agent, and aerosol propellant  (Müller and 
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Hübsch, 2012)), as a pesticide, polishing agent, antirust agent, and household cooking fuel (Azizi 

et al., 2014), (Larson and Yang, 2004) and as an enhanced oil recovery agent in advanced water 

flooding techniques for enhanced petroleum production (Ratnakar et al., 2016), (Ratnakar et al., 

2017). Because of its potential uses, the demand for DME has been rising steadily over the years. 

In 2020, the global DME market size was estimated to lie between $4 – $7.72 billion, and is 

expected to grow with a Compound Annual Growth Rate (CAGR) of between 9.6% - 16.8% from 

2021 – 2031 (Global Market Insights, 2021; Business Insights, 2021; Transparency Market 

Research, 2021; Verified Market Research, 2022; Dimethyl, 2020). 

 DME has been produced in a variety of ways. Historically, DME was obtained as a 

byproduct in the high-pressure production of methanol with a yield of about 3 – 5 wt. % DME 

(Müller and Hübsch, 2012). With the replacement of the high-pressure methanol synthesis process 

by a low pressure one, DME production technology was developed and centered on a two-step 

process, the first step being methanol synthesis from syngas, and the second, methanol dehydration 

to DME. This two-step process is the current state-of-the-art (SOTA) commercial production 

method of DME and typically occurs in the gas phase. The methanol synthesis step is carried under 

the pressure-temperature range of 3,500 – 10,000 kPa and 473 – 573 K and the reaction is catalyzed 

by Cu/ZnO/Al2O3 based catalyst or Pd-based catalysts (Somiari and Manousiouthakis, 2018; 

Hankin and Shah, 2017; Álvarez et al., 2017). The syngas feedstock for methanol synthesis can be 

fossil fuel derived (coal, natural gas) or bio-derived. In recent times however, there has been 

increased focus on producing methanol from feedstock generated from sustainable or renewable 

sources, such as captured CO2 from industrial sources and hydrogen produced from renewable 

energy or electrolysis (Hankin and Shah, 2017; Álvarez et al., 2017; Leonzio, 2018; Brunetti et 

al., 2020). The methanol dehydration step to yield DME is catalyzed by solid-acid catalysts, such 
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as gamma alumina, zeolites and heteropolyacids, with the reaction taking place in the pressure-

temperature range of 1,000 – 2,000 kPa and 493 – 623 K respectively (Ptasinski, 2016), (Brunetti 

et al., 2020; Bakhtyari and Rahimpour, 2018; Catizzone et al., 2018; Peinado et al., 2020). 

Methanol/DME synthesis has been carried out in adiabatic fixed bed, slurry phase, fluidized bed, 

liquid phase, membrane and micro reactors, as well as in catalytic distillation and dividing wall 

columns (Azizi et al., 2014), (Leonzio, 2018), (Bakhtyari and Rahimpour, 2018), (Mondal and 

Yadav, 2019a; Bîldea et al., 2017; Hosseininejad et al., 2012; Li and Tsotsis, 2019; Zebarjad et al., 

2019; Cybulski, 1994; Lee and Sardesai, 2005; Tozar and Avci, 2020; Kiss and Suszwalak, 2012a; 

Kiss and Suszwalak, 2012b). 

 The combination of both DME synthesis steps into a single step has gained significant 

interest over the years because of several advantages which include high syngas conversion to 

DME, high DME yield, simple reactor design and lower production costs (Hankin and Shah, 2017), 

(Brunetti et al., 2020), (Lerner et al., 2018; Mondal and Yadav, 2019b; Mota et al., 2021). The 

one-step process is carried out in a single reactor with bifunctional catalysts that catalyze both the 

methanol synthesis and methanol dehydration reactions (Álvarez et al., 2017), (Brunetti et al., 

2020), (Catizzone et al., 2018), (Mondal and Yadav, 2019b), (Mota et al., 2021). The main 

drawbacks of the single step process include temperature control to avoid runaway reactions, high 

energy consumption, and DME separation from methanol and CO2 (Azizi et al., 2014), (Hankin 

and Shah, 2017), (Mondal and Yadav, 2019b). 

 To mitigate the effect of environmental carbon dioxide (CO2) emissions, CO2 is 

increasingly used as feed in chemical production. In DME production, several studies have 

investigated the effect of high CO2 content in syngas feedstock and they found that increasing the 

CO2/CO ratio past the range 2 – 3, as well as increasing reaction temperature both decrease DME 
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yield and selectivity while increasing pressure has the opposite effect  (Falco, 2016; Ateka et al., 

2017; Pontzen et al., 2011). 

 An additional strategy to reduce CO2 atmospheric emissions is to employ hydrogen as a 

potential replacement for fossil fuels, because of its wide availability (e.g. in existing refineries), 

continuous or on-demand (rather than intermittent) production, and power generating oxidation 

with no CO2 emissions. At present, hydrogen is produced mostly from methane (natural gas or 

biogas) via Steam Methane Reforming (SMR), and from coal via coal gasification (Rath, 2010). 

In both cases, hydrogen is produced alongside carbon dioxide. Significant efforts are being 

undertaken, to prevent these carbon dioxide emissions, through carbon capture sequestration 

and/or utilization and storage (CCS, CCUS) strategies (James et al., 2019), (Pichardo et al., 2020). 

Over the last decade, our group has demonstrated that existing technologies can be used to more 

economically transform methane into hydrogen, and at the same time generate no CO2 emissions. 

In particular, we have demonstrated the economically superior, methane based, energetically self-

sufficient (Pena Lopez and Manousiouthakis, 2011), coproduction of formic acid/hydrogen (Pena 

Lopez and Manousiouthakis, 2011; Pena Lopez et al., 2018) and acetic acid/hydrogen (Somiari 

and Manousiouthakis, 2018), with no CO2 emissions. Currently, hydrogen produced from 

renewable energy resources (with CCS/CCU if they are carbonaceous, such as is the case of 

biogas) is termed “green hydrogen”, while hydrogen produced from non-renewable energy 

resources (with CCS/CCU) is termed “blue hydrogen”. Employing the above terminology, our 

aforementioned works (Pena Lopez and Manousiouthakis, 2011; Pena Lopez et al., 2018) represent 

“green hydrogen” and “blue hydrogen” production methods from “biogas” and “natural gas” 

respectively.  
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 In this work, we study the methane-based coproduction of DME and hydrogen (power) 

with no CO2 emissions, in an energetically self-sufficient manner. There have been other literature 

studies of DME/electricity coproduction but these focus on a “once-through” syngas pass through 

the DME reactor, with unreacted syngas burned to produce electricity with/without CO2 capture 

(Bin et al., 2008; Liu and Larson, 2014), or they involve a co-feed of natural gas and coal for the 

coproduction process with CO2 emissions (Zhou et al., 2008). These studies differ from this work 

in that the DME/hydrogen coproduction process is carried out in an energetically self-sufficient 

manner, using commercially available technologies, with power generation by hydrogen 

combustion. This eliminates the potential for carbon dioxide emissions and the need for separate 

carbon capture infrastructure.  

 A rudimentary life cycle analysis of the proposed process suggests that it is carbon 

negative, if the carbon-containing product (DME) is not combusted as fuel, but rather it is used in 

ways not involving combustion, as noted above (e.g., as an aerosol propellant, polishing agent, 

pesticide etc.). It is widely considered in carbon cycle models (Choi and  Manousiouthakis, 2020) 

that the rate of transformation of carbon-containing products to atmospheric CO2 is negligible, 

compared to the combustion of carbon-containing fuels. Therefore, if DME’s non-combustion end 

use is prioritized, this ensures carbon negativity of the proposed process. On the other hand, DME 

combustion releases the same amount of CO2 as the amount that would have been released if the 

methane fed to the process would have instead been directly combusted. Thus, in conclusion, the 

proposed process/product is carbon negative or at least, carbon neutral. 

 The outline of this work is as follows: the energetic self-sufficiency (ESS) concept is 

revisited and applied to an overall reaction for the DME/hydrogen coproduction process. 

Following this, a reaction cluster whose sum gives the overall reaction, is introduced and a process 
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flowsheet is developed. The converged flowsheet is then heat/power integrated and suitable 

operating points of the cluster are identified. Finally, a preliminary operating cost analysis is 

carried out to determine the profitability of the energy-integrated DME/hydrogen process and this 

is compared to a Natural Gas Combined Cycle (NGCC) power plant operating on the same natural 

gas feed as the coproduction process. 

3.3 Method 

 

 A thermodynamic analysis (section 3) of the DME/hydrogen coproduction process is 

carried out to identify constraints on the system as a result of the imposition of energetic self -

sufficiency constraints. Upon identification of a suitable reaction cluster, a process simulation is 

carried out to better approximate practical realities of the coproduction process. The process 

simulation is done using Honeywell’s UNISIM R470 process simulator, with assumptions and 

conditions for each of the cluster’s reactions listed in section 4. 

3.4 Energetic self-sufficiency (ESS) constraints on DME/H2 coproduction process 

 

 An overall reaction for a process that coproduces dimethyl ether (DME) and hydrogen from 

natural gas (methane), oxygen and water is: 

( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )4 2 2 3 3 22 1 2 2 1 1
g g l g g

CH X O X H O CH OCH X H R+ + − → + −  

where X  is the molar flow ratio of oxygen to DME product. From reaction (R1), it can be deduced 

that 0X   for oxygen consumption and X   for hydrogen production. Next, we identify 

fundamental limitations on reaction (R1) on the basis of energetic self-sufficiency (ESS) (Somiari 

and Manousiouthakis, 2018; Pena Lopez and Manousiouthakis, 2011). 

For a general process represented by a balanced, overall chemical reaction 
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where ,j jh s  are the molar enthalpies and molar entropies of the species participating in the overall 

chemical reaction (1), at the appropriate process inlet and outlet stream pressure and temperature 

conditions (which are considered to be 100 kPa and 298 K). 

 In applying the ESS conditions (2), (3) to reaction (R1) in this work, it is considered that 

the process inlet and outlet streams are pure species, at the standard state (100 kPa, ideal gas or 

pure liquid as indicated) and at a temperature of 298 K, thus leading to the use of the standard 

molar enthalpies and standard molar entropies 
0 0,j jh s  of the species participating in reaction (R1) 

in (2), (3). Table 3.1 lists the standard molar enthalpies and standard molar entropies (Haynes, 

2014) at 298 K, and the molar enthalpies and molar entropies (Pichardo et al., 2020) at 100 kPa, 

298 K, for all species participating in reaction (R1), and in the constitutive reactions of its cluster. 
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Table 3. 1: Standard Molar enthalpies, Molar enthalpies, Standard Molar entropies, and 

Molar entropies of various chemical species at 100 kPa, 298 K (James et al., 2019), 

(Pichardo et al., 2020) 

Species Standard state 

molar 

enthalpy 
0

jh  (kJ/mol) 

Molar enthalpy jh  

(UNISIM) 

(kJ/mol) 

Standard 

state molar 

entropy 
0

js   (kJ/mol 

K) 

Molar entropy 

(UNISIM) 

js  (kJ/mol K) 

CH4 (g) -74.60 -74.92 0.1863 0.1836 

O2 (g) 0 -0.0138 0.2052 0.1451 

H2O (l) -285.80 -284.9 0.070 0.0065 

CH3OCH3 (g)  -184.10 -184.3 0.2664 0.1556 

H2 (g)  0 -0.0044 0.1307 0.1231 

CO (g) -110.50 -110.6 0.1977 0.1592 

CO2 (g) -393.5 -393.8 0.2138 0.1725 

 

 The ESS constraints (eqns. (2) and (3)) will be applied to two case studies: the 

coproduction of DME and hydrogen (case 1), as shown in Figure 3.1 and the coproduction of 

DME, hydrogen and power (case 2), as shown in Figure 3.2. In case 2, power generation is 

accomplished by the combustion of hydrogen in a hydrogen combustion turbine. 

 

Figure 3. 1: Energetic self-sufficiency (ESS) coproduction process for DME and Hydrogen 

(case 1) from natural gas, oxygen and water 
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Figure 3. 2: Energetic self-sufficiency (ESS) coproduction process for DME, hydrogen and 

power (case 2) from natural gas, oxygen and water 

When the ESS constraints are applied to reaction (R1), (case 1), the following holds: 

( ) ( ) 
4 2 2 3 3 2

2;  ;  1 2 ; 1; 2 1CH O H O CH OCH HX X X    = − = − = − − = = −    

( )

3.0618 0.2609;

0.6283 0.4755;

0.4389; 4

0.4755;

0
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S
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X

S







 
 − + 

 
 

 + 
  

 
 
 
 

 
 
  

 

When eqn. (4) is combined with the necessary and sufficient condition for oxygen 

consumption, ( 0X  ), and hydrogen production ( 1X  ), the following holds: 
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( )

0.6283 0.4755;

1; 5

0

G

G

S
X

X

S





 
 + 

  
 

 
 
  

 

The derivations of eqns. (4) - (5) are detailed in Appendix A. Eqn. (5) gives the overall 

ESS conditions on reaction (R1) when oxygen feed consumption and hydrogen production have 

been taken into account. The overall ESS feasible region, defined by eqn. (5), is bounded by work 

generation (first constraint), hydrogen production (second constraint), and nonnegative entropy 

generation (third constraint). The ESS feasible region in GS
X


−  space is shown in Figure 3.3. 

 

Figure 3. 3: ESS feasible region in GS
X


−  space for the coproduction of DME and 

hydrogen from natural gas, oxygen and water (case 1). 

For the coproduction of DME, hydrogen and power (case 2), the following reaction cluster 

is employed (Figure 3.2): 
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When the ESS constraints are applied to reaction (R3), (case 2), the following holds: 

( ) ( ) ( ) ( )

( )

4 22 2

3 3 2 2

2;  ; 1 0.5 ;  1 2 ;

1; ; 2 2 ;

CH OO H O

CH OCH H H O

X X Y X

Y X Y
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When eqn. (6) is combined with the necessary and sufficient condition for oxygen 

consumption, ( 0X  ), hydrogen production,  ( 1X   and 0Y  ), and hydrogen feed to the 

hydrogen combustion turbine ( 2 2 0X Y− −  ), the following holds: 
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1.2567 1.0490;

0 1;
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The derivations of eqns. (6) - (7) are detailed in Appendix B. Eqn. (7) gives the ESS 

conditions imposed on the overall system of case 2, and not on any individual subsystem. The 

overall ESS feasible region, defined by eqn. (7), is bounded by work generation of the overall 

system, which is dependent on Y  (first constraint), oxygen consumption in first subsystem   

(second constraint), hydrogen production from first subsystem   (third constraint), hydrogen 

production from overall system (fourth constraint), hydrogen consumption in the hydrogen 

combustion turbine (fifth constraint) and nonnegative entropy generation (sixth constraint). The 

ESS feasible region in GS
X


−  space is shown in Figure 3.4 for different values of 

( ): 0 2 1Y Y X  −  and case 2 reduces to case 1 when ( )2 1Y X= −  . The ESS feasible region in 

GS
Y


−  space is shown in Figure 3.5.  

 

Figure 3. 4: ESS feasible region in GS
X


−  space for the coproduction of DME, hydrogen 

and power from natural gas, oxygen and water (case 2) 
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Figure 3. 5: ESS feasible region in GS
Y


−  space for the coproduction of DME, hydrogen 

and power from natural gas, oxygen and water (case 2). 

 

3.5 Flowsheet Realization of the DME-H2/power co-production process 

 

 Because the overall reaction (R1) for the co-production of DME and hydrogen from natural 

gas, oxygen and water cannot be realized in a single step, a series of reactions known as reaction 

cluster or Solvay cluster (Rudd et al., 1973; May and Rudd, 1976; Holiastos and Manousiouthakis, 

1998) is chosen whose sum is the overall reaction (R1). The cluster chosen for the coproduction 

process consists of the following industrial reactions: Incomplete combustion (IC) of natural gas, 

(R4), Steam Methane Reforming (SMR), (R5 and R6), Water Gas Shift (WGS) reaction (WGS), 

(R7), and DME synthesis from carbon dioxide and carbon monoxide respectively (R8 and R9). 

The realization of the coproduction process is organized into the following subsystems: Incomplete 

combustion (IC) subsystem; Steam Methane Reforming (SMR) subsystem; Gaseous Separation 

(GS) subsystem; Water Gas Shift (WGS) subsystem and DME Synthesis subsystem. 
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+ + − → + −

 

 

 The overall coproduction process is achieved by putting together the various subsystems 

consisting of the reactions (R4) – (R9), and a Gaseous Separation (GS) subsystem. The simulation 

of a proposed flowsheet for the co-production process is carried out using the software UNISIM 

Design R470 (Honeywell, 2019), using a Gibbs free energy minimization reactor model to capture 

the exit compositions of the IC, SMR, and WGS reactors, and a multi-reaction equilibrium DME 

reactor model, considering that the reactor outlets are in chemical and phase equilibrium at the 

preselected reactor temperatures and pressures. In carrying out the above equilibrium calculations, 

the IC, SMR and WGS subsystems are modeled using the Peng-Robinson (PR) equation of state 

(EOS) while the DME synthesis subsystem is modeled using the UNIQUAC activity coefficient 

model for the liquid phase and the Soave-Redlich-Kwong (SRK) EOS for the vapor phase. The 

Gaseous Separation (GS) subsystem, that contains a membrane for hydrogen separation, models 

the hydrogen separator as a 95% efficient component splitter (Somiari and Manousiouthakis, 

2018). 

 In the flowsheet development, the following assumptions have been employed: 

1. All flowsheet inputs are pure. 
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2. There are no pressure losses associated with heating and cooling operations. 

3. All turbomachinery (pumps, compressors, turbines/expanders) have a 75% adiabatic efficiency. 

4. All side reactions are negligible. 

 The IC, SMR and GS subsystems are the same as those described in previous work 

(Somiari and Manousiouthakis, 2018). They are briefly presented here for completeness. The other 

subsystems are described in greater detail. 

3.5.1.  Incomplete Combustion (IC) Subsystem 

 

 Pure oxygen from a typical Air Separation Unit (ASU) and methane, both at atmospheric 

conditions (100 kPa, 298 K) make up the inlet streams to the IC subsystem. The mixture is 

preheated to 400 K and fed to the IC reactor. The amount of oxygen fed to the system is adjusted 

such that the combustion yields only carbon monoxide, CO and water vapor, H2O. The hot gaseous 

product at 1273 K is cooled to 311 K and flashed to remove free water. The CO gas stream is first 

compressed to 2,690 kPa and then split to service the WGS and DME subsystems. The split ratio 

is dependent on the amount of CO needed for DME synthesis. The water generated from this 

subsystem is pumped and heated to 2,690 kPa and 1253 K, and fed to the SMR subsystem to meet 

the SMR excess steam requirement. The IC subsystem is shown in Figure 3.6. 



115 
 

 

Figure 3. 6: Incomplete Combustion subsysten 

3.5.2. Steam Methane Reforming (SMR) Subsystem 

 

 The SMR subsystem, shown in Figure 3.7, generates hydrogen, H2 for the entire 

coproduction process. The SMR reaction takes place at operating conditions of 2,690 kPa and 1262 

K and a H2O/CH4 feed ratio greater than 3. The choice of the relatively high operating pressure is 

based on the downstream operating pressure of the gaseous separation subsystem. Although the 

SMR is disfavored at high operating pressures, the effect on the process is negligible because the 

SMR is operated with excess steam leading to methane conversions well over 98%. The excess 

steam also ensures a reduction of carbon formation (Somiari and Manousiouthakis, 2018). 

Methane and water at 100 kPa and 298 K are compressed and pumped respectively to 2,690 kPa, 

and both are heated to 1253 K. These streams are commingled with recycled water from the IC 

and DME subsystems that have been conditioned to the operating pressure and temperature of the 

SMR reactor. The mixture, having a H2O/CH4 of about 3.5, is fed to the SMR reactor where 

reactions (R5) and (R6) occur. The product stream from the reactor contains H2, unreacted H2O, 

CO and CO2. The product stream is cooled to 311 K, flashed to remove the water, and then fed to 

the gaseous separation subsystem to separate H2 as well as CO2.  
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Figure 3. 7: Steam Methane Reforming (SMR) Subsystem 

3.5.3. Gaseous Separation (GS) Subsystem 

 

 The GS subsystem is used for hydrogen and CO2 separation. It consists of a H2-membrane 

separator and a CO2 adsorption unit. Hydrogen separation occurs when H2 in syngas from the SMR 

subsystem at 2,690 kPa and 311 K, permeates through a palladium membrane in the separator. 

This permeate is evacuated using saturated steam at 1,400 kPa. The sweep steam flow rate is 

adjusted so that it evacuates all hydrogen in the membrane resulting in a H2O-H2 mixture that is 

cooled to 311 K and flashed to recover water. The recovered water is reheated to generate steam 

for the sweep process. After water removal, the resulting stream is a 99% pure H2 stream at 1,400 

kPa, 311 K (Somiari and Manousiouthakis, 2018). This H2-rich stream exits the flowsheet, but not 

before being split to serve the DME synthesis subsystem. The stream exiting the H2-membrane 

separator (retentate) consists mostly of CO and CO2. This stream is heated to 523 K and fed to the 
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CO2 adsorption unit. Hydrogen separation via the membrane is modeled as a 95% efficient 

component splitter13. The GS subsystem is shown in Figure 3.8. 

 The CO2 adsorption unit adsorbs CO2 using hydrotalcites. The adsorbed CO2 is also 

removed using saturated steam at 1,400 kPa resulting in a H2O-CO2 mixture. This mixture is 

cooled to 311 K and flashed to recover water, which is reheated to generate steam for the sweep 

process. After water removal, the resulting stream is a 99% pure CO2 stream at 1,400 kPa, 311 K 

(Somiari and Manousiouthakis, 2018). This stream is fed to the DME subsystem for DME 

synthesis. After CO2 removal from the adsorption unit, the effluent is a CO-rich stream at 2,690 

kPa and 523 K. This CO-rich stream is mixed with the pure CO stream from the IC subsystem and 

the resulting mixture is split to serve the WGS subsystem. The split ratio is dependent on the 

presence or lack thereof, of CO in the DME synthesis feed stream. 

 

Figure 3. 8: Gaseous Separation (GS) Subsystem 
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3.5.4. Water Gas Shift (WGS) Subsystem 

 

 The WGS reaction, which involves the exothermic conversion of CO with H2O to CO2 and 

H2 is one of the considered cluster’s constitutive reactions, (R7), with coefficient (
2

2
3

X
W Z+ −

). 

( ) ( ) ( ) ( ) ( )2 2 2

2
2 7

3
g g g g

X
W Z CO H O CO H R

   + − + +    
 

 If 
2

2 0
3

X
W Z+ −   then (R7) is the exothermic WGS, while if 

2
2 0

3

X
W Z+ −   (R7) is 

the endothermic Reverse Water Gas Shift (RWGS), while (R7) is eliminated from the original 

cluster if 
2

2 0
3

X
W Z+ − = . 

 The exothermic WGS occurs at both high and low temperatures, with low temperatures 

favoring higher conversions and high temperatures favoring faster thermal equilibrium (LeValley 

et al., 2014; Rhodes et al., 1995). The high temperature shift (HTS) reaction usually occurs in the 

573 – 873 K range and features catalysts that usually have Fe and Cr oxides, while the low 

temperature shift (LTS) reaction usually occurs in the 473 – 573 K range and features catalysts 

that have Cu, Zn, and Al oxides (LeValley et al., 2014; Chen et al., 2008; Mendes et al., 2010). 

Typical operating pressures for the WGS reaction range from 1,000 – 5,500 kPa (James et al., 

2019; Rhodes et al., 1995; Mendes et al., 2010) and a high CO conversion is achieved for a 

minimum H2O/CO ratio of two (James et al., 2019).   

 For the co-production process, the WGS reaction is used to adjust the amount of CO in the 

DME synthesis feed. The impact that the CO/ CO2 ratio in the DME synthesis reactor inlet has on 

the reactor’s outlet is analyzed in some detail in section 3.5.5 below. For the case where the DME 
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synthesis feed consists of only CO2, all CO from the GS subsystem is converted to CO2 via the 

WGS reaction. If some CO is required in the DME feed, then only a portion of CO is fed to the 

WGS subsystem for conversion to CO2. The WGS subsystem feed is CO from the GS subsystem 

and fresh or recycled water. The feed streams are conditioned by compression/pumping and 

cooling/heating to 2,690 kPa and 550 K. This is fed to the WGS reactor which yields a product 

consisting of equimolar amounts of CO2 and H2, and excess steam. The product mixture is cooled 

to 311 K and flashed to remove the excess water and the dry mixture containing mostly CO2 and 

H2 is sent to the DME synthesis section. The WGS subsystem is shown in Figure 3.9. 

 

Figure 3. 9: Water Gas Shift (WGS) Subsystem 

3.5.5. Dimethyl Ether (DME) Synthesis Subsystem 

 

 The DME synthesis subsystem consists of the DME reactor and purification systems that 

produce DME. Industrially, DME is produced via the two-step process of methanol synthesis and 

methanol dehydration respectively. The methanol synthesis from syngas usually occurs at pressure 

ranges of 3,500 – 10,000 kPa and temperature ranges of 473 – 573 K (Somiari and 

Manousiouthakis, 2018)  while the DME synthesis from methanol typically takes place at pressure 
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ranges of 3,000 – 7,000 kPa and temperature ranges of 523 – 673 K (Ptasinski, 2016), (Bakhtyari 

and Rahimpour, 2018).  

 In direct DME synthesis (Ptasinski, 2016; Bakhtyari and Rahimpour, 2018; Dadgar et al., 

2016; Sánchez-Contador et al., 2018), a feedstock containing CO, CO2 and H2, undergoes an 

overall reaction that is the sum of reactions (R8) and (R9) in the aforementioned reaction cluster, 

and is considered to actually comprise of a reaction cluster involving CH3OH, as follows: 

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )

2 3
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2 2 3 11

2 12
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g g g g g

Z CO H CH OH R

Z CO H CH OH H O R

CH OH CH OCH H O R

Z CO Z CO Z H CH OCH Z H O R

 +
 

 − + +
 

 +
 

+ − + − + −
 

 As stated earlier, the CO/ CO2 ratio of the DME synthesis reactor feed is altered by the 

WGS reaction subsystem, while the DME synthesis reactor’s outlets are considered to be in 

chemical and phase equilibrium, using the UNIQUAC activity coefficient model for the liquid 

phase and the Soave-Redlich-Kwong (SRK) EOS for the vapor phase. The equilibrium one-pass 

CO conversion and DME selectivity for the DME synthesis reactor (considered to involve 

reactions (R10), (R11) and (R12)) is plotted as a function of Z in Figures 3.10 and 3.11 

respectively. From both figures, it is clearly advantageous to operate at a higher Z for increased 

CO conversion, DME selectivity and heat generation within the DME reactor. On the other hand, 

high Z values may necessitate operating the WGS subsystem in an RWGS mode to increase the 

amount of CO in the DME feed, thus creating the need for additional high temperature energy 

availability, since the RWGS is endothermic and requires a high operating temperature. The heat 
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and power integration analysis presented in Section 3.6 below is therefore needed to assess the 

energetic characteristics of the process for the selected value of Z. 

 

Figure 3. 10: Equilibrium CO conversion, heat of DME synthesis reaction vs. Z (5,000 kPa, 

500 K). 

 

Figure 3. 11: DME over CH3OH Selectivity vs. Z for DME synthesis (5,000 kPa, 500 K) 
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 For the whole DME subsystem, the feed mixture, containing CO, CO2 and H2 from the GS 

and WGS subsystems, is compressed to 5,000 kPa, cooled to 500 K and mixed with recycled 

methanol and unreacted gases at the same conditions. The resulting feed stream is fed to the DME 

reactor and the reaction generates a product stream containing mostly unreacted syngas, DME and 

water. The product stream is cooled to 311 K and flashed to remove water, as well as recycle the 

unreacted syngas. The liquid stream containing mostly DME, methanol and water is throttled to 

1,000 kPa, flashed to remove any entrained gas, and sent to the DME distillation column. The 

entrained gas mixture removed at 1,000 kPa is compressed to 5,000 kPa and recycled to the DME 

reactor. The top product from the DME column consists of a 97% pure DME stream at 316 K and 

this stream is heated and expanded to atmospheric conditions (100 kPa, 298 K) where it exits the 

flowsheet. The bottom product of the DME column consists of a H2O-methanol mixture at 421 K. 

This mixture is throttled to 100 kPa and fed to a methanol recovery column to recover methanol. 

The top product from the methanol recovery column consists of a 99% pure methanol stream at 

340 K and this stream is compressed to 5,000 kPa, cooled to 500 K, and fed to the DME reactor 

with fresh syngas feed. The bottom product from the methanol recovery column consists of 99% 

pure water at 373 K. This stream is pumped and heated to the operating conditions of the SMR 

reactor as it forms part of the excess steam requirement of the SMR reactor. The DME synthesis 

subsystem is shown in Figure 3.12. 
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Figure 3. 12: Dimethyl Ether (DME) Synthesis Subsystem 

3.5.6.  Hydrogen Combustion (Power Production) Subsystem 

 

 For the case where power is produced alongside DME (case 2), a portion of the hydrogen 

produced in the previous cluster is burned in a combustion turbine to produce power. A schematic 

of the hydrogen combustion subsystem is shown in Figure 3.13 and is the same as that found in 

previous work (Somiari and Manousiouthakis, 2018), that is, hydrogen and oxygen are fed to the 

combustion turbine subsystem at 1,400 kPa, 311 K and water exits at atmospheric conditions of 

100 kPa and 298 K. The results are presented below. 
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Figure 3. 13: Hydrogen Combustion Subsystem for power production 
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  is the thermodynamic efficiency. 

3.6 Heat and power integration of DME-H2/power coproduction flowsheet 

 

 A converged flowsheet of the entire process, Figure 3.14, is generated by putting together 

the various subsystems described above for the case 
2

2 0
3

X
W Z+ − = . The developed flowsheet 

is evaluated on the basis of ESS constraints on the process for the coproduction of DME/hydrogen 

(case 1) and the coproduction of DME/power (case 2). Also, for case 2, maximum power 

generation (i.e. 0Y = ) is the desired objective. The heat and power integration methodology 

utilized for the process flowsheet have been developed (Holiastos and Manousiouthakis, 2002; 

Posada and Manousiouthakis, 2005). For the ESS conditions to apply, only cold utility at 298 K is 

used and the work/cold utility cost ratio is pegged at 29/105, with downward (hot stream) and 



125 
 

upward (cold stream) minimum approach temperatures fixed at 5 K (Somiari and 

Manousiouthakis, 2018). A 75% efficiency is employed for the hydrogen combustion turbine 

subsystem. 

 

Figure 3. 14: Process flowsheet of the DME and Hydrogen coproduction process 

 

 For the energy integrated flowsheet, the net power production of the co-production process 

with respect to X  is shown in Figure 3.15 for cases 1 and 2 ( 0Y = ). From Figure 3.15, it can be 

seen that as X  increases, the net power production increases (becomes more negative) for case 1 

in the range 0.5 1X   , and decreases (becomes less negative) for case 2 ( 0Y = ) in the range 

0 1X   . 
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Figure 3. 15: Net power production for cases 1 and 2 ( 0Y = ) as a function of X  . 

 

 Based on the above, two operating points are selected as the basis for conducting a 

preliminary operating cost analysis of the process. The chosen point is 0.52X =  and 0X =  for 

cases 1 and 2 respectively. For these operating points, the temperature-entropy diagrams are shown 

in Figures 3.16 and 3.17, with both flowsheets requiring three heat engines and two heat pumps to 

fulfill their energy requirements. The heat pump region of 0X =  is larger than that of 0.52X =  

as a result of the higher power consumption of the 0X =  case. This region will be eliminated 

when power production in the hydrogen combustion turbine is factored in, as is the case at 0X =

. 

-300

-250

-200

-150

-100

-50

0

50

100

150

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1

N
e
t 

P
o

w
e
r 

[k
J/

s
]

X (mol O2/ mol DME) [-]

Case 1

Case 2



127 
 

 

Figure 3. 16: Temperature-Entropy diagram of the heat engine/pump network at 0.52X =  

 

Figure 3. 17: Temperature-Entropy diagram of the heat engine/pump network at 0X = . 
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3.7 Operating cost analysis 

 

An operating cost analysis is carried out for the selected operating points of  0.52X =  and 

0X =  for case 1 and case 2  ( 0Y = ) respectively. At these operating points, the overall reaction 

for cases 1 and case 2 ( 0Y = ) is: 

( ) ( ) ( ) ( ) ( ) ( )4 2 3 3 2 22 0.52 0.96 0.04 14
g g g g l

CH O CH OCH H H O R+ → + +  

( ) ( ) ( ) ( ) ( )4 2 3 3 22 15
g g g l

CH O CH OCH H O R+ → +  

For the operating cost analysis, the cost of oxygen is calculated based on the oxygen work 

of separation of 48,000 kJ/kmol (Ruthven et al., 1994). The cost of natural gas is 4.19 ($/GJ) 

(James et al., 2019), which translates to about 0.219 ($/kg), electricity, 0.113 ($/kWh) (U.S. Energy 

Information Administration, 2022), hydrogen, 2.27 ($/kg) (U.S. Department of Energy, 2020) and 

DME, 3,870 (RMB/ton) (CEIC Data, 2022), which corresponds to 0.608 ($/kg).  

Case 1: DME and Hydrogen ( )0.52X =  

Table 3.2 shows the operational cost analysis for Case 1. Natural gas feed and electricity 

usage for oxygen separation from air are included in the operating cost, while the revenue comes 

from the sale of DME and hydrogen. The operating profit from this case amounts to $88.506/h 

($0.766/h) per 115.5 kg/h (1 kg/h) feed of natural gas (methane). 

Table 3. 2: Operating cost analysis of process co-producing DME and hydrogen (Case 1) at 

an oxygen/DME molar ratio of 0.52 

  Unit 

Cost 

Unit Net 

Amount 

Unit Total Unit 

EXPENDITURE 

Natural Gas 0.219 ($/kg) 115.5 kg/h 25.295 ($/h) 
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O2 Production Power 

Consumption 

0.113 ($/kWh) 

 

24.96 kW 2.820 ($/h) 

Total Expenditure: 28.115 ($/h) 

REVENUE 

DME 0.608 ($/kg) 165.8 kg/h 100.806 ($/h) 

Hydrogen 2.27 ($/kg) 6.967 kg/h 15.815 ($/h) 

Total Revenue: 116.621 ($/h) 

Profit Margin: 88.506 ($/h) 

 
Case 2: DME and Power   

The operating cost analysis of case 2 is shown in Table 3.3. The operating costs include 

natural gas feed and power consumption for oxygen separation from air, while the revenue consists 

of the sale of DME and power. The operating profit from this case amounts to $97.586/h ($0.845/h) 

per 115.5 kg/h (1 kg/h) feed of natural gas (methane). 

Table 3. 3: Operating cost analysis of process co-producing DME and power (Case 2) at an 

oxygen/DME molar ratio of 0 

  Unit 

Cost 

Unit Net 

Amount 

Unit Total Unit 

EXPENDITURE 

Natural Gas 0.219 ($/kg) 115.5 kg/h 25.295 ($/h) 

O2 Production Power 

Consumption 

0.113 ($/kWh) 

 

48 kW 5.424 ($/h) 

Total Expenditure: 30.719 ($/h) 

REVENUE 

DME 0.608 ($/kg) 165.8 kg/h 100.806 ($/h) 

Net Power produced 0.113 ($/kWh)  243.35 kW 27.499 ($/h) 

       

Total Revenue: 128.305 ($/h) 

Profit Margin: 97.586 ($/h) 
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From Tables 3.2 and 3.3, the sale of DME and power (case 2) is about 10% more profitable 

than the sale of DME and hydrogen (case 1), with the greatest income stream coming from the sale 

of DME in both cases.  

As in previous work (Somiari and Manousiouthakis, 2018), the coproduction process is 

compared with a standalone baseline NGCC power plant, (R16), consuming the same amount of 

natural gas as the co-production process. For the analysis, the NGCC power plant is thought to 

operate on a Carnot cycle between hot and cold utilities at 1273 K and 298 K, the temperature 

limits of the co-production process flowsheet. All assumptions of the NGCC plant, which include 

an adiabatic efficiency of 75% and a carbon capture efficiency penalty, that ranges from 8 - 15% 

(for 90% carbon capture), are the same as those described in previous work (Somiari and 

Manousiouthakis, 2018). The power generation analysis is shown below and the resulting 

operating cost analysis of the baseline NGCC plant is shown in Table 3.4. From Table 3.4, the 

operating profit for a 15% (8%) carbon capture efficiency penalty for a standalone NGCC power 

plant amounts to $51.221/h ($59.269/h) per 115.5 kg/h feed of natural gas. This translates to 

$0.443/h ($0.513/h) per 1 kg/h feed of natural gas (methane). In other words, for a NGCC power 

plant operating on a 15% (8%) carbon capture efficiency penalty, the case 1 design is 72.9% 

(49.3%) more profitable, and the case 2 design is 90.7% (64.7%) more profitable than the NGCC 

power plant. This profitability results largely from the sale of DME.  

( ) ( ) ( ) ( ) ( )0

4 2 2 2 42 2 890.5 16rg g g g
CH O CO H O h kJ mol CH R+ → +  = −  

( )

15% .

8% .

1273 298
0.75 0.85 0.488;

1273
8

1273 298
0.75 0.92 0.528

1273

Pen H C
C eff cc

H

Pen H C
C eff cc

H

T T

T

T T

T

  

  

− − 
= =   = 

 
 

− − = =   =
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( )

( )
( )

15% . 4

4

8% . 4

4

0.488 2 890.5 869.128 ;

9

0.528 2 890.5 940.368 ;

Pen

NGCC

Pen

NGCC

mol CH kJ
W kW

s mol CH

mol CH kJ
W kW

s mol CH

 
=  − = − 

 
 
 =  − = −
  

 

 

Table 3. 4: Operating cost analysis of baseline NGCC power plant consuming the same 

amount of natural gas as the coproduction process 

  Unit 

Cost 

Unit Net 

Amount 

Unit Total Unit 

EXPENDITURE 

Natural Gas 0.219 ($/kg) 115.5 kg/h 25.295 ($/h) 

O2 Production Power 

Consumption 

0.113 ($/kWh) 

 

192 kW 21.696 ($/h) 

Total Expenditure: 46.991 ($/h) 

REVENUE 

Net Power produced 

(15% Pen.) 

 

0.113 

 

($/kWh)  

869.13 kW 98.212  

($/h) 

Net Power produced 

(8% Pen.) 

940.37 kW 106.26 

Profit Margin (15% Pen.): 51.221 ($/h) 

Profit Margin: (8% Pen.): 59.269 ($/h) 

 

A comparative operating cost analysis of other energetically self-sufficient coproduction 

processes is informative at this point. The overall coproduction process of formic acid/hydrogen 

(Pena Lopez et al., 2018) (R17) and the acetic acid/hydrogen (Somiari and Manousiouthakis, 2018) 

(R18) are both energetically self-sufficient at 0 1.03     and 1.238 2    respectively. At 

1.03 =   and  = , and using current prices of commodities as in Table 3.2, with formic acid 

and acetic acid prices given as $877/ton (Chem Analyst, 1242) and $1,450/ton (Chem Analyst, 

2022) respectively, the overall profit margins of the formic acid/H2 and acetic acid/H2 

coproduction process is $2.50/h and  $2.65/h per 1 kg/h of CH4 feed respectively.  
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( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )4 2 2 21.5 0.5 1 17
g g l l g

CH O H O HCOOH H R+ −  +  − → +   

 

( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )4 2 2 3 22 2 1 2 2 18
g g l g g

CH O H O CH COOH H R  + + − → + −  

 

3.8 Conclusions 

 

A process has been presented for the coproduction of DME and hydrogen (case 1) and 

DME and power (case 2) from natural gas, oxygen and water with no carbon dioxide emissions. 

The coproduction process was examined under the thermodynamic concept of energetic self-

sufficiency (ESS), which identified fundamental limitations on the molar flow ratio of oxygen 

feed/DME product, X . A flowsheet realization of the overall coproduction process was achieved 

by a reaction cluster consisting of Incomplete combustion (IC), Steam Methane Reforming (SMR), 

and DME production from syngas. The converged and energy-integrated flowsheet was 

energetically self-sufficient at 0.52X =  (case 1) and 0X =  (case 2 ( )0Y = ). These operating 

points are 72.9% (case 1) and 90.7% (case 2 ( )0Y = ) more profitable than a NGCC power plant 

operating with the same amount of natural gas feed. When compared with each other, case 2 

( )0Y =  is about 10% more profitable than case 1. Using the same analysis, the DME/H2, formic 

acid/H2 and acetic acid/H2 coproduction process have operating profit margins of $0.766/h, 

$2.50/h and $2.65/h respectively. In summary, the coproduction process is energetically self -

sufficient, emits no carbon dioxide and boasts superior operating profits when compared to a 

standalone NGCC power plant. 
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3.10 Appendix A: Energetic self-sufficiency calculations 

 

Case 1: Coproduction of DME and hydrogen 

The proposed overall reaction for the coproduction of DME and hydrogen is: 

( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )4 2 2 3 3 22 1 2 2 1 1
g g l g g

CH X O X H O CH OCH X H R+ + − → + −  

For which the following applies: 

( ) ( ) 
4 2 2 3 3 2

2;  ;  1 2 ; 1; 2 1CH O H O CH OCH HX X X    = − = − = − − = = −   

When eqns. (2) and (3) is applied to reaction (R1), the following applies: 
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( )

( ) ( ) ( )

( ) ( )

4 4 2 2 2 2 3 3 3 3 2 2

4 4 4 2 2 2 2 2 2

3 3 3 3 3 3 2 2 2

4 4 2 2 2 2 3 3

0 0

0 0 0

0

0 0

0;

0;

G
CH CH O O H O H O CH OCH CH OCH H H

CH CH CH O O O H O H O H O
G

CH OCH CH OCH CH OCH H H H

CH CH O O H O H O CH OCH C

S
T s s s s s T

h T s h T s h T sS
T

h T s h T s

h h h h

    


  

  

   

+ + + + −  

 − + − + −
 + 
 + − + −
 

+ + + +( )

( ) ( ) ( )

( ) ( )

( )
3 3 2 2

4 4 4 2 2 2 2 2 2

3 3 3 3 3 3 2 2 2

0 0 0

0 0

0; 1

0;

0

H OCH H H

CH CH CH O O O H O H O H O

CH OCH CH OCH CH OCH H H H

G

h A

h T s h T s h T s

h T s h T s

S



  

 



 
 
 
 
 
 
 
 

+  
 
 − + − + − 
  
  + − + −
  
 

 
 

 

Substituting the values of j  from above, ,j jh s  from Table 3.1, and setting 
0 298T K= , the ESS 

conditions, after algebraic manipulation reduce to: 

0.0852 0.3266 ;

298 225.5104 474.2732 ;

250.9 571.6 ;

225.5104 474.2732 ;

0

G

G

G

S
X

S
X

X

X

S







 
− +  
 
 

+  
  

  
 
 
 

 
 
  

( )

3.0618 0.2609;

0.6283 0.4755;

0.4389; 2

0.4755;

0

G

G

G

S
X

S
X

X A

X

S







 
 − + 

 
 

 + 
  

 
 
 
 

 
 
  

 

Eqn. (A2) is the same as eqn. (4). 

When eqn. (A2) is combined with the necessary and sufficient condition for oxygen consumption, 

( 0X  ), and hydrogen production ( 1X  ), the following holds: 
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3.0618 0.2609;

0.6283 0.4755;

0.4389;

0.4755;

0;

1;

0

G

G

G

S
X

S
X

X

X

X

X

S







 
 − + 

 
 

 + 
 

 
 

  
 
 

 
 
 
 
 
 

0.6283 0.4755;

0.4755;

1;

0

G

G

S
X

X

X

S





 
 + 

 
 

 
 

 
  
 

( )

0.6283 0.4755;

1; 3

0

G

G

S
X

X A

S





 
 + 

  
 

 
 
  

 

Eqn. (A3) is the same as eqn. (5). 

 

Case 2: Coproduction of DME, hydrogen and power 

The proposed overall reaction for the coproduction of DME, hydrogen and power, with 

separated inlets and outlets to the subsystems is: 

( ) ( ) ( )( ) ( ) ( ) ( ) ( )( )

( )

( ) ( )

( ) ( )

( )

3 3

4 2 2 2 2

2

2 1 0.5 1 2 3

2 2

g

g g g l g

l

CH OCH

CH X O X Y O X H O Y H R

X Y H O

 

 
 
 + + − − + − → +
 
+ − − 
 

 

For which the following applies: 

( ) ( ) ( ) ( )

( )

4 22 2

3 3 2 2

2;  ; 1 0.5 ;  1 2 ;

1; ; 2 2 ;

CH OO H O

CH OCH H H O

X X Y X

Y X Y

   

  

 
= − = − = − − − = − −  

 
= = = − −  
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When the ESS conditions, defined by eqns. (2) and (3), is imposed on reaction (R3), and 

when the values of 
j , ,j jh s  are substituted, the ESS conditions reduce to eqn. (A4) when 

0 298T K= . 

0.1633 0.2414;

237.1366 298 248.7628;

285.80 320.70;

237.1366 248.7628;

0

G

G

G

S
Y

S
Y

Y

Y

S







 
 + 

 
 

 − + 
  

  
 
 
 

 
 
  

( )

6.1237 1.4783;

1.2567 1.0490;

1.1221; 4

1.0490;

0

G

G

G

S
Y

S
Y

Y A

Y

S







 
 + 

 
 

 − + 
  

 
 
 
 

 
 
  

 

Eqn. (A4) is the same as eqn. (6). 

When eqn. (A4) is combined with the necessary and sufficient condition for oxygen consumption, 

( 0X  ), hydrogen production, ( 1X   and 0Y  ), and hydrogen feed to the hydrogen combustion 

turbine ( 2 2 0X Y− −  ), the following holds: 

6.1237 1.4783;

1.2567 1.0490;

1.1221;

1.0490;

0;

1;

0;

2 2 0;

0

G

G

G

S
Y

S
Y

Y

Y

X

X

Y

X Y

S







 
 + 

 
 

 − + 
 

 
 
  

  
 
 

 
 

− − 
 
 

 
 
  

6.1237 1.4783;

1.2567 1.0490;

1.0490;

0;

1;

0;

2 2 ;

0

G

G

G

S
Y

S
Y

Y

X

X

Y

Y X

S







 
 + 

 
 

 − + 
 

 
 

  
 
 

 
  −
 
 

 
 

( )

1.2567 1.0490;

0 1;

0 5

2 2 ;

0

G

G

S
Y

X

Y A

Y X

S





 
 − + 

 
  

 
 

  −
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Eqn. (A5) is the same as eqn. (7). Eqn. (A5) is evaluated for various cases of ( ): 0 2 1Y Y X  −  

Case 2a: ( 0Y = )  

0 1.2567 1.0490;

0 1;

0 2 2 ;

0;

0

G

G

S

X

X

Y

S





 
 − + 

 
  

 
 −  

 =
 
 

 
 

1.2567 1.0490;

0 1;

1

0;

0

G

G

S

X

X

Y

S





 
 

 
  

 
  

 =
 
 

 
 

( )

0 0.8347

0 1; 6

0

GS

X A

Y



 
  

  
  

 =
 
  

 

Case 2b: ( ( )0.5 1Y X= − )  

( )

( )

0.5 0.5 1.2567 1.0490;

0 1;

0.5 1 2 2 ;

0.5 1 ;

0

G

G

S
X

X

X X

Y X

S





 
−  − + 

 
  
 

−  −  
 

= − 
 
 
 

( )

1.2567 0.5490 0.5 ;

0 1;

1;

0.5 1 ;

0

G

G

S
X

X

X

Y X

S





 
−  

 
  
 

  
 = −
 
 

 
 

 

( )
( )

2.5134 1.098;

0 1;
7

0.5 1 ;

0

G

G

S
X

X
A

Y X

S





 
 − 

 
  

 
= − 

 
 
 

 

Case 2c: ( ( )1Y X= − )  
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1 1.2567 1.0490;

0 1;

1 2 2 ;

1 ;

0

G

G

S
X

X

X X

Y X

S





 
−  − + 

 
  

 
−  −  

 = −
 
 

 
 

1.2567 0.0490 ;

0 1;

1

1 ;

0

G

G

S
X

X

X

Y X

S





 
−  

 
  

 
  

 = −
 
 

 
 

 

( )

1.2567 0.0490;

0 1;
8

1 ;

0

G

G

S
X

X
A

Y X

S





 
 − 

 
  

 
= − 

 
  
 

 

Case 2d: ( ( )1.5 1Y X= − )  

( )

1.5 1.5 1.2567 1.0490;

0 1;

1.5 1.5 2 2 ;

1.5 1

0

G

G

S
X

X

X X

Y X

S





 
−  − + 

 
  
 

−  −  
 = −
 
 

 
 

 

( )

0.451 1.2567 1.5 ;

0 1;

1

1.5 1

0

G

G

S
X

X

X

Y X

S





 
+  

 
  
 

  
 = −
 
 

 
 

 

( )
( )

0.8378 0.30;

0 1;
9

1.5 1

0

G

G

S
X

X
A

Y X

S





 
 + 

 
  

 
= − 

 
 
 

 

Case 2e: ( ( )2 1Y X= − )  
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( )

2 2 1.2567 1.0490;

0 1;

2 1 ;

0

G

G

S
X

X

Y X

S





 
−  − + 

 
  

 
= − 

 
 
 

( )

0.951 1.2567 2 ;

0 1;

2 1 ;

0

G

G

S
X

X

Y X

S





 
 − + 

 
  

 
= − 

 
 
 

 

( )
( )

0.6284 0.4755;

0 1;
10

2 1 ;

0

G

G

S
X

X
A

Y X

S





 
 + 

 
  

 
= − 

 
 
 

 

Eqns. (A6) – (A10) are used to plot Figure 3.4. Eqn. (A10) is the same as eqn. (A3) because case 

2 reduces to case 1 when ( )2 1Y X= − . 

3.11 Notation 

 

jC : Species j  

jh : Molar enthalpy of pure species j  (kJ/mol) 

0

jh : Standard state molar enthalpy of jth species (kJ/mol) 

0P : Reference pressure (kPa) 

iP : Inlet pressure of species i (kPa) 

0Q : Rate of heat entering/leaving the system at temperature 0T  (kW) 

realQ : Rate of heat entering/leaving the hydrogen combustion system at temperature surrT  (kW) 

idealQ : Ideal heat rate entering/leaving the hydrogen combustion system at temperature surrT  (kW) 

js : Molar entropy of pure species j ( )kJ mol K  
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0

js : Standard state molar entropy of jth species ( )kJ mol K  

CS : Index set of components (species) present in at least one material stream 

GS : Rate of entropy generation ( )kJ K s  

0T : Reference temperature (K) 

iT : Inlet temperature of species i (K) 

HT : Temperature of hot utility for Carnot cycle analysis (K) 

CT : Temperature of cold utility for Carnot cycle analysis (K) 

sW : Rate of shaft work entering (consumed) or leaving (produced) by the system (kW) 

realW : Rate of shaft work leaving the hydrogen combustion system (kW) 

idealW : Ideal shaft work rate leaving the hydrogen combustion system (kW) 

% .j Pen

NGCCW : Power generated in a Natural Gas Combined Cycle (NGCC) power plant with j% carbon 

capture penalty (kW) 

X : Oxygen to DME molar flow ratio 

Y : Hydrogen to DME molar flow ratio for DME and hydrogen/power production (case 2) 

 

Greek Letters: 

0

rh : Standard heat of reaction (kJ/mol) 

j : Stoichiometric coefficient of species j in overall reaction 

 : Open, well delimited system or control volume 

 : Efficiency of hydrogen combustion subsystem 

% .j Pen

C : Modified Carnot efficiency with j% carbon capture penalty 

CC : Efficiency of carbon capture system 

eff : Adiabatic efficiency of NGCC plant turbomachinery 
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 : Normalized molar flow rate for a balanced, overall chemical reaction system 
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CHAPTER 4 

Chemical-Phase Equilibrium of CO-CO2-H2-CH3OH-DME-H2O Mixtures in C-H-O Atom-

Mol Fraction Space Using Gibbs Free Energy Minimization 

4.1 Abstract 

 

This work employs Gibbs free energy minimization to carry out reaction and phase 

equilibrium analysis for a CO-CO2-H2-CH3OH-DME-H2O mixture, in a manner that enables a 

compact representation of the mixture’s feed composition in terms of the feed’s C-H-O atom-mol 

fractions. The concept of the Atom Species Attainable Region (ASAR) is formally defined, and 

propositions are developed that identify ASAR in C-H-O atom-mol fraction space for feed 

compositions consisting of either all six or four of the six aforementioned species. Then, Gibbs 

free energy minimization is carried out for a broad collection of ASAR points and a wide range of 

temperatures and pressures, aiming to identify conditions favoring DME production. The results 

of this comprehensive equilibrium analysis are then presented, and conclusions are drawn. 

4.2 Introduction 

 

The concentration of carbon dioxide (CO2) in the atmosphere has been increasing since the 

industrial revolution. As of 2019, it has surpassed 400 parts per million (ppm)1 and this pattern is 

expected to continue, and to reach 1000 ppm by 21002. The Intergovernmental Panel on Climate 

Change (IPCC) suggests that increased atmospheric carbon dioxide concentrations contribute to 

an increase in the earth’s temperature3. Due to the increased CO2 atmospheric concentrations, 

extensive research is being conducted to reduce CO2 emissions to the atmosphere. One research 

direction focuses on utilizing CO2 as a carbon source to produce carbon containing high value 

chemicals such as formic acid4, methane5,6, methanol7 and dimethyl ether8 (DME). Dimethyl Ether 
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(DME) has attracted much attention as an alternative to liquefied petroleum gas (LPG) and a fuel 

in the diesel engines, given its high cetane number, low soot emissions and physical properties9,10. 

Commercially, DME is synthesized in a two-step process. In the first step, synthesis gas is 

converted to methanol, typically over Cu/ZnO/Al2O3 catalyst at 35-100 bar and 200-300oC11-14. In 

the second step, methanol is dehydrated to DME over solid acid catalyst such as γ-Al2O3 at a 

pressure of 10-20 bar and temperature of 220-350oC13. Recently, there has been renewed interest 

in a single step process for DME synthesis from synthesis gas. This typically takes place over a 

bifunctional catalyst and the methanol synthesis and methanol dehydration reactions occur in the 

same reactor13-14. This single step process is preferred given its low thermodynamic limitations. 

However, because the reaction is highly exothermic, effective temperature control is critical to 

prevent runaway reactions14. Even though the single step process is thermodynamically favorable, 

it is not fully commercialized due to the lack of highly selective catalysts that can operate at high 

pressures, high temperatures and are robust to the presence of water. This has prompted further 

research in bifunctional catalyst development15-17, and in related thermodynamic studies 

supportive of future reaction kinetics, and process design/optimization efforts. 

 Several thermodynamic studies involving the Gibbs free energy minimization approach 

have been carried out for the DME production process. These studies, coupled with sensitivity 

analysis, provide preliminary results on process objectives such as conversion, yield, and 

selectivity, and assess the impact of process parameters on process objectives. The Gibbs free 

energy minimization approach is favored because it requires no foreknowledge of the reaction 

scheme involved, but only knowledge of the species present and the reaction conditions. Chen et 

al18 utilized Gibbs free energy minimization method to study the thermodynamics of both the 

single step and two step methods of DME synthesis from syngas and CO2. The group reported that 
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single step synthesis has lower thermodynamic limitations and high CO2 conversion and DME 

selectivity18. Shen et al19 studied the thermodynamic equilibrium of CO2 hydrogenation to 

methanol and DME and the effect of temperature, pressure and feed composition on CO2 

equilibrium conversion, methanol yield and DME yield19. Their study showed that CO2 

hydrogenation to DME has a higher equilibrium product yield.  Stangeland et al20 showed that 

product condensation can enhance CO2 conversion, without adversely affecting product 

selectivity20. These DME synthesis equilibrium studies often incorporate the impact of different 

feed compositions on the obtained equilibrium products. Although this is feasible for mixtures 

involving a small number of species, thermodynamic analysis may be problematic for mixtures 

with a high number of species, as a thorough sensitivity analysis to feed composition is more 

difficult to carry out. To overcome this difficulty for mixtures with a significant number of species 

(such as the six species mixture involved in this study), there is a need for a thermodynamic 

equilibrium analysis approach that employs a more compact representation of the considered 

mixture’s feed composition.  

 The use of compact representations to address reactor analysis and design problems has a 

long tradition in chemical engineering.  Gavalas21 and Horn22 “introduced the invariant manifold21 

and the attainable region (AR)22 concepts, as the sets of all points in concentration space that are 

attainable through reaction21 and through reaction and mixing22 from a given feed point.”. This 

latter AR concept has been applied to reactors23,24, reactive separators25 reactor design26, general 

process networks27, reactor networks within the Infinite DimEnsionAl State-space (IDEAS) 

framework28-31, and the direct synthesis of DME from syngas32. In the above spirit of developing 

compact representations to address reactor analysis and design problems, in this work, we address 

the need to carry out reaction and phase equilibrium analysis using a compact representation of 
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the considered mixture’s feed composition, by minimizing the total Gibbs free energy of the 

system subject to atomic conservation, which is expressed in terms of the feed’s atom-mol 

fractions, which are then required to belong to an attainable region (AR). This AR concept refers 

to all possible atom-mol fractions that can be attained from predetermined list of species, and is 

distinct from the aforementioned AR efforts22-32, which refer to the set of all reactor network outlet 

species concentrations attainable from a given feed, and will thus be referred to as the Atom 

Species Attainable Region (ASAR), as it only requires knowledge of all species that can possibly 

comprise the considered system (the reactor inlet). Previously, we introduced and quantified this 

ASAR concept so as to effectively carry out Gibbs free energy minimization-based reaction/phase 

equilibrium analysis for a CH4-CO-CO2-H2O-H2-C mixture33. In this work, the ASAR concept is 

formally defined next, and subsequently employed to efficiently carry out equilibrium analysis for 

a CO-CO2-H2-CH3OH-DME-H2O mixture. 

4.3 Definition of Atom Species Attainable Region (ASAR) in Atom-Mol Fraction space 

for mixtures of known species 

In the International System of Units (SI), a mol refers to 6.02214076×1023 elementary 

entities, such as atoms, molecules, ions, or electrons34. Consider a system containing a list of 

species  1,i NC=  with an associated list of elements, each of which is present in at least one of 

the species  1,j NE= . For the considered system, let 
'th

i

i element s atom mol
a

total atom mol

 −
 

− 
, 

'th

j

j species mol
F

total atom mol

 
 

− 
, and ,

'

'

th

i j th

i element s atom mol

j species mol


 −
 
 

 denote the ith element’s atom-mol 

fraction , the jth species’ mol per total atom-mol of the system, and the number of atoms (or atom-

mol) of element i in a molecule (or mol) of species j respectively. It clearly holds: 
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Therefore, the ASAR narrative definition is: 

Definition. The ASAR for a system that is known to contain a predetermined list of species is the 

set of all possible system atom-mol fractions that can be attained by considering all possible system 

compositions, in mol per total atom-mol, over the predetermined list of species. Though the ASAR 

is typically defined as a subset of NE , it can also be defined as a subset of 1NE− , by substituting 

one of the element atom-mol fractions. 

Thus, the Atom Species Attainable Region (ASAR) can also be defined as: 
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The above ASAR definitions enable the development of compact representations for 

efficient reactor analysis/design based on reaction/phase equilibrium. Once the ASAR is quantified 

in atom mol-fraction space, Gibbs free energy minimization is carried out for a broad collection of 

ASAR points and a wide range of temperatures and pressures. This is possible, since the Gibbs 

free energy minimization problem features the same minimum for any of the infinite number of 

inlet compositions that correspond to the same ASAR point. Thus, the low-dimensional parameter 

space in which the ASAR belongs can be explored in a numerically efficient manner so as to 

identify desirable atom-mol fraction combinations and temperature/pressure conditions. Next, 

propositions are presented rigorously quantifying the set of all atom-mol fraction combinations 

that can be attained using the CO-CO2-H2-CH3OH-DME-H2O species list and a reduced list of 

species that do not include CH3OH and DME. The results of this comprehensive equilibrium 

analysis are then presented, and conclusions are drawn. 

4.4 Construction of Atom Species Attainable Region (ASAR) in Atom-Mol Fraction space 

for CO-CO2-H2-CH3OH-DME-H2O mixtures 

 Chemical-phase equilibrium studies carried out using the Gibbs free energy minimization 

conceptual framework, make clear that knowledge of a list of participating species, of the total 

atom-mol normalized atom-mol amounts of each element entering the system, and of the 

temperature, and pressure, completely determines the total atom-mol normalized mol amount of 

each considered species that is present at equilibrium. Knowledge of the mol amount of each 

species entering the system is not needed, thus significantly reducing the extent of parametric 

studies that need to be carried out to capture a mixture’s equilibrium behavior. Given however that 

only the considered species are allowed to contribute to the total atom-mol normalized atom-mol 
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amounts of each element entering the system, it is then necessary to identify the region in atom-

mol fraction space that can be attained using all possible feed mixture compositions.  

 In this work, a six-component mixture is considered, consisting of the following species 

and elements {(1) CO; (2) CO2; (3) H2; (4) CH3OH; (5) CH3OCH3; (6) H2O}, {(1) C; (2) H; (3) 

O}, then the following proposition holds: 

Proposition 1. Consider the linear variety in the atom-mol fraction space 

( ) 3, , , 1C H O C H Oa a a a a a + + =  for the six-component mixture {(1) CO; (2) CO2; (3) H2; (4) 

CH3OH; (5) CH3OCH3; (6) H2O}. 

Substituting 1C H Oa a a= − −  enables quantification of the mixture’s atom species attainable region 

(ASAR) in the reduced atom-mol fraction space ( ) 2,H Oa a   as: 

3
2 1 0;

2

3 1 0;

7
6 3 0;

2

3
3 2 0;

2

1 0;

0; 0;

H O

H O

H O

H O

H O

H O

a a

a a

a a

a a

a a

a a

 
− − +  
 
− − +  
 
− − +  
 
 

+ −  
 
 + − 
 
−  −  

         ( )1  

The ASAR, given by the above set of inequalities, is represented graphically in Figure 1 

below. The ASAR (hatched region) is a polygon in ( ),H Oa a  space with vertices (0, 0.5), (0, 

0.667), (0.667, 0.333), (1, 0) and (0.667, 0.111). The ASAR shown in Figure 4.1 will subsequently 

be explored to identify regions in ( ),H Oa a  space that meet specific process objectives related to 

DME synthesis. 
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Figure 4. 1: ASAR in atom-mol fraction space of {CO, CO2, H2, CH3OH, CH3OCH3, H2O} 

mixture 

An important consideration in this work is DME production. Thus, it is of interest to 

quantify the ASAR for feeds not involving the presence of DME. Further, from an atom content 

viewpoint, methanol can be viewed as a combination of CO and H2. Thus, it is desirable to quantify 

the ASAR for a {CO, CO2, H2, H2O} mixture. To this end the following proposition holds: 

Proposition 2. The ASAR region in the reduced atom-mol fraction space, ( ) 2,H Oa a 

, with 1C H Oa a a= − − , for the four-component mixture {(1) CO; (2) CO2; (3) H2; (6) H2O} is: 
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The ASAR sub-region given by the above set of inequalities, is represented graphically in 

Figure 4.2 below, with the following vertices in ( ),H Oa a space: (0, 0.5), (0, 0.667), (0.667, 0.333), 

and (1, 0). The bottom shaded region (hatch pattern) constitutes the region in atom-mol space that 

cannot be accessed in the absence of DME in the reactor inlet. The ASAR sub-region shown in 

Figure 4.2 will subsequently be explored to identify regions in ( ),H Oa a  space that meet specific 

process objectives related to DME synthesis. The proofs of both propositions are detailed in the 

Supporting Information. 

 
Figure 4. 2: ASAR in atom-mol fraction space of {CO, CO2, H2, H2O} mixture 
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4.5 Thermodynamic Studies of DME Synthesis using Total Gibbs Free Energy 

Minimization in Atom-Mol Fraction Space 

 In this work, the total Gibbs free energy minimization method is employed to identify 

the equilibrium liquid and vapor compositions of the species, CO, CO2, H2, CH3OH, CH3OCH3, 

H2O, as functions of inlet atom-mol fractions at various temperatures and pressures. Justification 

of the system’s chemical and phase equilibrium stems from the fact that experimental results of 

DME synthesis from syngas (CO, CO2, H2) approached those predicted at equilibrium for CO 

conversion and product selectivity35. It has also been shown that thermodynamic calculations 

based on the Gibbs minimization method produced results that closely matched experimental data 

for systems containing syngas such as the reverse water gas shift reaction36. For the predicted 

phases of suitable points in the ASAR, thermodynamic stability is checked by simulating those 

points using UniSim Design R470 software37,38. UniSim Design R470 carries out phase stability 

calculations based on Michelson’s implementation of the Gibbs’ tangent-plane distance criterion 

for phase stability39,40. For simplicity, coke formation is not considered in this thermodynamic 

analysis. However, from an experimental point of view, coke formation is attenuated by a high 

hydrogen partial pressure41, moderate acidity of the catalyst42, and the presence of water in the 

reaction medium43-45. As such, it follows that ASAR points formed from high hydrogen and water 

feed contents will reduce coke formation. 

The general total Gibbs free energy minimization problem46 at a constant temperature and 

pressure is presented below. 
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following relation holds: ( ) 
( ) ( )

( ) ( ) ( )
( )

,

, 1,1
1 1

ˆ
, , ln

kNP NCNC NP
k k jo

j T j j o
j k

k j j

f
G T P n a F G T RT

f=
= =

  
= +       

 , where 

1

NE

T i

i

a a
=

 , i
i

T

a
a

a
, ( )

( )k

k j

j

T

n
F

a
. Then the above optimization problem’s optimum satisfies: 

 ( )  ( )1 1
, , , ,

NE NE

i T ii i
T P a a T P a 

= =
 , where the latter is defined as: 
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    ( )3  

Solution of the above Gibbs minimization problem requires a thermodynamic model to 

determine the fugacity of each species in each phase. The fugacities of species j in the vapor and 

liquid phases are evaluated using the gamma/phi (  ) thermodynamic model. The fugacity, ˆ V

jf

, of species j in the vapor mixture is computed using its fugacity coefficient ˆ
j , while the fugacity 

ˆ L

jf  of species j in the liquid mixture is computed using its activity coefficient j . The necessary 

optimality conditions of eqn. (3) require the equality of these fugacities, giving rise to the 

conditions below:  

 ( )
 ( ) ( )

1

1

ˆ ˆ 1, ,

ˆ ˆ , , 1, ,

ˆ , 1, ,

V L

j j

NC
V

j j j j j

NC
L sat

j j j j jj

f f j NC

f y T P y P j NC

f x T x P T j NC





=

=

 
=  = 

  
=  = 

 
 =  =
  

           ( )4  

In this work the modified Soave−Redlich−Kwong (SRK) method is used to model the 

vapor phase, as it has been experimentally validated by van Bennekom et al.47 at a pressure of 200 

bar, which is higher than the maximum pressure of 80 bar investigated in this work. The model 

employs interaction coefficients, listed in Table 4.1, to correct for non-ideal effects of the mixture. 
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The UNIFAC activity model is used for the liquid phase, and the Gibbs minimization studies were 

carried out using the RGibbs reactor module and the database of physical properties in the Aspen 

plus software. 

Table 4. 1: Binary interaction parameters (kij) for SRK EOS47 

 i 

j 

 CO CO2 CH3OH H2 H2O 

CO - 0.1164 -0.37 -0.0007 -0.474 

CO2 0.1164 - 0.1 0.1164 0.3 

CH3OH -0.37 0.1 - -0.125 -0.075 

H2 -0.0007 0.1164 -0.125 - -0.745 

H2O -0.474 0.3 -0.075 -0.745 - 

 

Solution of the above optimization problem is carried out for various reactor inlet atom-

mol fractions, and reactor outlet temperatures and pressures. Given that the reactor inlet 

temperature and pressure are unimportant, a gas phase inlet can be considered without loss of 

generality. For each feasible considered ( ), , ,H Oa a T P combination, the reactor feed is chosen as: 

( )

( ) ( )

( ) ( )

( ) ( )

2

2

2 2

2 2

3
1 3 2

2 1 2
max min2

1
0

2

3
3 2

2

1

2

1
2 1

2

H O
gH O

H

H

g g

CO H O H

g g

H O H H

g g

CO H O H

a a
a a

F

a

F a a F

F a F

F a a F

  
− − +   − − +     

   
    

 
 

= − − + − 
 
 

= − 
 
 

= + − +  

     ( )5  
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Equilibrium analysis is carried out at temperature-pressure combinations of

( )  100,200,300oT C   and ( )  10,40,80P bar  , and the obtained results are presented in the 

form of outlet vapor and liquid species molar flows per total atom-mol, 
( )k

jF . 

4.6 Results and Discussion 

 

Figure 4.3 presents iso-
Oa  lines of mole over total atom-mol normalized ratios of the ith 

species for 
Oa  values ranging from 0.3 to 0.5, and T(oC) = 100 and P = 10 bar. The majority of 

the species appear in the vapor phase with the exception of H2O. In the vapor phase, CO2 increases 

while DME and CH3OH decrease. DME and CO2 production exhibit the same trends of steadily 

increasing until a peak value is reached, followed by a decrease in the vapor phase. The atom-mol 

normalized DME amount in the vapor phase, 
( )V

DMEF , reaches its maximum values of 0.072, 0.05 

and 0.033, at ( ),H Oa a = (0.435, 0.304), (0.3, 0.4) and (0.2, 0.5) respectively, while that of CO2, 

( )

2

V

COF , reaches its maximum values of 0.23, 0.15 and 0.12 at ( ),H Oa a = (0.2, 0.3), (0.3, 0.4) and 

(0.45, 0.5) respectively. When DME production is at its maximum in the vapor phase, a very small 

amount of CH3OH and CO are produced. Over 50% of carbon and most of the hydrogen atoms 

fed to the system are contained in DME, whereas 40% of carbon atoms go to CO2 production. In 

the liquid phase, DME, CH3OH, CO2 and H2O production increase linearly while CO decreases 

reaching near zero as Ha  increases. At the maximum Ha , Ha  = 0.6, the production of CH3OH 

surpasses the DME production.  



163 
 

 

Figure 4. 3: 
( )V

jF   (dashed, left),  
( )L

jF   (solid, right) iso- Oa  lines as Ha  functions, T = 100oC, 

P = 10 bar 

More species appear in the liquid phase as P is increased from 10 bar to 40 bar, while 

maintaining the temperature at 100°C (Figure 4.4). The aforementioned CH3OH, H2, vapor 

production trends, and DME, CO2 vapor, and liquid production trends remain intact. At ( ),H Oa a

= (0.4, 0.3), DME forms solely in the vapor phase accompanied with CO2 and CO formation, with 

( ) ( )

2

V V

DME COF F=  = 0.0667, 
( )V

COF = 0.1, and 
( )

3

V

CH OHF  = 0. When Ha  is increased to 0.435, there is almost 

no CO formation and DME and CO2 formation increases to 
( )V

DMEF = 0.0724 and 
( )

2

V

COF  = 0.1158, 

respectively. CH3OH forms mostly in the liquid phase and its production is more than doubled 

compared to 100oC and 10 bar. Thus, the operating points 
  

a
H

,a
O

,T , P( ) = (0.435, 0.304, 100oC, 

40 bar) is promising for DME production without methanol and CO formation. At this operating 

condition, no separation is required for DME and methanol as CO2 and DME are the only products. 

Also, according to proposition 2 and eqn. (5), a feed mixture that generates the feasible points of 
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Ha = 0.435, 
Oa = 0.304, and 

Ca = 0.261 is given in eqn. (6). 

3

1 3

6 3

2 3

0.1745 0.2175

0.4355

0.2175

0.1745

0.435, 0.304, 0.261H O C

F

F F

F F

F F

a a a

  
 

= −
 
 

= − 
 = − +
 
 = = = 

        ( )6  

As the pressure is increased to 80 bar, a similar pattern occurs where most of the product 

forms mostly in the liquid phase with the exception of CO and H2O.  

 

Figure 4. 4: 
( )V

jF  (dashed, left), 
( )L

jF  (solid, right) iso- Oa   lines as Ha  functions, T = 100oC, 

P = 40 bar 

As the temperature is increased from 100°C to 200°C at P = 10 bar, all the species appear 

exclusively in the vapor phase as presented in Figure 4.5. The maximum 
( )V

DMEF  = 0.064 occurs at 

( ),H Oa a = (0.4, 0.3), which features a lower Ha  value than the one where the maximum 
( )V

DMEF  
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occurs at ( ),H Oa a  = (0.435, 0.304) for 100°C and 10 bar. When DME  production is at its 

maximum, CO formation is barely observed and carbon and hydrogen atoms are directed to DME 

of 43% and 96% respectively. CH3OH exhibits a similar trend with a maximum of 
( )

3

V

CH OHF   = 

0.0034 at ( ),H Oa a  = (0.5, 0.3). As Ha  increases at a fixed Oa , CO decreases reaching zero while 

H2O increases. At a lower Oa , the effect of increasing Ha  has a lower impact on CO2 formation. 

 

Figure 4. 5: 
( )V

jF   (dashed, left) iso- Oa  lines as  Ha  functions, T = 200oC, P = 10 bar 

Figure 4.6 shows that as the pressure is increased to 40 bar at a constant temperature of 

200°C, small amounts of CH3OH and H2O start to appear in the liquid phase at a higher Ha , Ha  = 

0.5. Also, increasing the pressure has little effect on DME  production, while it more than doubles 

the production of CH3OH. The maximum 
( )V

DMEF  = 0.069, is observed at ( ),H Oa a  = (0.435, 0.304) 

with a negligible amount of CH3OH, CO, and H2O. At this point, carbon and hydrogen atom 

utilization of 52% and 94%, respectively, is observed with respect to DME formation, which 
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makes this operating point appealing given that it is in range of commercial processes without any 

methanol formation11-14. As the pressure is increased to 80 bar, more species start to appear in the 

liquid phase without any significant improvement of DME  production, while overall CH3OH 

production significantly increases and a considerate amount of CH3OH forms in the liquid phase.  

 

Figure 4. 6: 
( )V

jF   (dashed, left),  
( )L

jF  (solid, right) iso- Oa   lines as 
Ha   functions, T = 

200oC, P = 40 bar 

Figure 4.7 shows that as the temperature increases from 200°C to 300°C at P = 10 bar, 

there is a significant decrease in DME formation with the maximum 
( )V

DMEF  = 0.02 at ( ),H Oa a  = 

(0.4, 0.3), At this point, only 13% carbon and 30% hydrogen atom utilization is directed to the 

DME product, with the majority of carbon going into CO formation. As for CH3OH production, 

the maximum 
( )

3

V

CH OHF  = 0.001, occurs at ( ),H Oa a  = (0.435, 0.304) compared to its occurrence at 

( ),H Oa a  = (0.5, 0.3) at 200°C and 10 bar. As Ha  decreases, more CO forms for all Oa  values. 
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Figure 4. 7:  
 
F

j

V( )
 (dashed, left) iso-

 
F

j

V( )
 lines as  

Ha  functions, T = 300oC, P = 10 bar 

As the pressure is increased to 40 bar at a constant temperature of 300°C, the overall 

production of DME and CH3OH increases. The maximum 
( )V

DMEF  = 0.052 occurs at ( ),H Oa a  = (0.4, 

0.3) and decreases for larger  Ha  values, as shown in Figure 4.8, whereas for CH3OH, the 

maximum 
( )

3

V

CH OHF  = 0.0047 is achieved at ( ),H Oa a  = (0.5, 0.3). CO and H2O exhibit a similar 

trend at 300°C and 10 bar, namely that more CO is produced at a lower Ha  and more water is 

produced at a higher Ha  for all Oa . As the pressure is increased to 80 bar, all of the species have 

a similar trend where DME and CH3OH production increases to 
( )V

DMEF  = 0.06 and 
( )

3

V

CH OHF  = 0.0075 

at ( ),H Oa a  = (0.4, 0.3).   
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Figure 4. 8: 
( )V

jF   (dashed, left) iso-
Oa  lines as 

Ha   functions, T = 300oC, P = 40 bar 

Since low 
Oa  is beneficial for DME production, lower 

Oa  values were tested. For 
Oa  = 

0.17 and 
Ha  = 0.67, which are near the edge of the ASAR, and T = 100oC, P = 40 bar, DME and 

water make up over 90% of the products in the liquid phase with 
( )L

DMEF  = 0.0779, 
( )

2

L

H OF  =  0.0779 

and 
( )

3

L

CH OHF  = 0.0108. In the vapor phase, there is a negligible amount of DME and hydrogen 

production with 
( )V

DMEF = 2.56E-05 and 
( )

2

V

HF = 2.87E-05. Table 4.2 shows the mole fractions of the 

six species (CO, CO2, H2, CH3OH, CH3OCH3 and H2O) at the most promising ( ),H Oa a  for each 

temperature and pressure, ( )  100,200,300oT C   and ( )  10,40,80P bar  , where DME 

production is maximized and CH3OH production is minimized. At Oa  = 0.304 and Ha  = 0.435, 

DME and CO2 production counts for over 90% of the products at all temperatures and pressures. 

When Ha  decreases to Ha = 0.4, DME and CO2 production are almost the same, while CO 

production counts for over 40%, of the most produced product, at all temperatures and pressures.  
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Table 4. 2: Mole fractions of the six species at different operating points in ( ), , ,H Oa a T P  space 

T (oC) P (bar) Ha  Oa   
CO2 CO H2 H2O CH3OH CH3OCH3 

100 

10 0.435 0.304 

ix
 0 0 0 0 0 0 

 0.606 0.008 0.007 0.0002 0.0001 0.378 

40 

0.4 0.3 

ix
 

0 0 0 0 0 0 

 0.286 0.429 2.7E-06 9.0E-10 1.9E-06 0.286 

0.435 0.304 

ix
 

0 0 0 0 0 0 

 0.612 0.003 0.002 0.0001 0.0008 0.382 

0.67 0.17 

ix
 

5.8E-05 4.3E-08 8.5E-07 0.468 0.065 0.467 

 0.0001 9.3E-07 0.510 0.024 0.010 0.455 

80 0.435 0.304 

ix
 

0.615 0.0008 3.9E-10 5.4E-05 0.0007 0.384 

 0 0 0 0 0 0 

200 

10 0.4 0.3 

ix
 0 0 0 0 0 0 

 0.265 0.441 0.028 7.34-05 0.0008 0.265 

40 0.435 0.304 

ix
 

0 0 0 0 0 0 

 0.554 0.053 0.043 0.002 0.005 0.341 

80 0.435 0.304 

ix
 0 0 0 0 0 0 

 0.578 0.032 0.022 0.002 0.006 0.358 

300 

10 0.4 0.3 

ix
 0 0 0 0 0 0 

 0.048 0.571 0.329 0.0007 0.002 0.048 

40 0.4 0.3 

ix
 0 0 0 0 0 0 

 0.181 0.493 0.138 0.001 0.005 0.182 

80 0.4 0.3 

ix
 0 0 0 0 0 0 

 0.234 0.461 0.064 0.001 0.005 0.235 

iy

iy

iy

iy

iy

iy

iy

iy

iy

iy

iy
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4.7 Conclusions 

 

Gibbs free energy minimization based equilibrium studies of a six-species (CO, CO2, H2, 

CH3OH, CH3OCH3 and H2O), three-atom (C, H, O) mixture have been carried out for various inlet 

hydrogen and oxygen atom-mol fractions ( ),H Oa a , for the temperature and pressure ranges,  

( )  100,200,300oT C   and ( )  10,40,80P bar  . The obtained results are expressed in terms of 

vapor and liquid molar moles of product species per total atom-mol in each phase k,  
( )k

jF , and 

identify promising operating points in ( ), , ,H Oa a T P  space for DME production. The following 

operating points in ASAR are promising for DME production: 

1. ( ), , ,H Oa a T P  = (0.4, 0.3, 100oC, 40 bar), which features equimolar DME and CO2 product 

formation (
( ) ( )

2

V V

DME COF F=  = 0.0667) in the vapor phase. 

2. ( ), , ,H Oa a T P  = (0.435, 0.304, 100oC, 40 bar), which features higher DME (
( )V

DMEF  =  

0.0724) and CO2 (
( )

2

V

COF  = 0.1158) values in the vapor phase, and  

3. ( ), , ,H Oa a T P = (0.435, 0.304, 200oC, 40 bar), which features a CO2 and DME production 

in the vapor phase with 
( )

2

V

COF  = 0.112 and 
( )V

DMEF = 0.069. 

The third operating point is more realistic for an industrial process since it is in the range of 

commercial operating conditions of 35-100 bar and 200-300oC11-14. For such a process, CO2 will 

need to be separated and recycled to prevent CO2 emissions. 
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4.8 Supporting Information 

 
Proposition 1 

Consider the linear variety in the atom-mol fraction space 

( ) 3, , , 1C H O C H Oa a a a a a + + =  for the six-component mixture: {(1) CO; (2) CO2; (3) H2; (4) 

CH3OH; (5) CH3OCH3; (6) H2O}. 

Substituting 1C H Oa a a= − − , enables quantification of the mixture’s atom species attainable 

region (ASAR) in the reduced atom-mol fraction space ( ) 2,H Oa a   as: 
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Proposition 2 

The ASAR region in the reduced atom-mol fraction space, ( ) 2,H Oa a  , with 

1C H Oa a a= − − , for the four-component mixture {(1) CO; (2) CO2; (3) H2; (6) H2O} is: 
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Proof. 
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4.9 Nomenclature 

 

ia  [i atom-mol/s] = i-th atom-mol flow rate 

Ta  [total atom-mol/s] = Total atom-mol flow rate 

ia  [i atom-mol/total atom-mol] = i-th atom-mol fraction (ith atom-mol over total atom-mol present 

in system) 

Ca  [C atom-mol/total atom-mol] = Carbon atom-mol fraction (carbon atom-mol over total atom-

mol present in system) 

Ha  [C atom-mol/total atom-mol] = Hydrogen atom-mol fraction (hydrogen atom-mol over total 

atom-mol present in system) 

Oa  [C atom-mol/total atom-mol] = Oxygen atom-mol fraction (oxygen atom-mol over total atom-

mol present in system) 

( )ˆ k

jf  [bar] = Fugacity of species j in phase k 

ˆ o

jf  [bar] = Standard fugacity of pure species j in its standard state at temperature T 

( )ˆ V

jf [bar] = Fugacity of species j in the vapor phase 

( )ˆ L

jf [bar] = Fugacity of species j in the liquid phase 

( )k

jF  [mol j/total atom-mol] = Moles of species j per total atom-mol in phase k of the system 

jF  [mol j/total atom-mol] = Moles of species j per total atom-mol of the system 
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( ) 
( ) ( )

,

, 1,1
, ,

NC NP
k

p
p k

G T P n
=

 
 
 

 [kJ/s] = Total Gibbs free energy of the system 

( )o

jG T  [kJ/mol j] = Molar Gibbs free energy of pure species j in its standard state at temp. T 

( )k

jn  [mol j/s] = Molar flow rate of species j in phase k 

P [bar] = Pressure 

( )sat

jP T  [bar] = Saturated vapor pressure of species j 

R [kJ/(mol.K)] = Universal Gas Constant 

T [K] = Temperature 

jx  = Mole fraction of species j in the liquid phase 

jy  = Mole fraction of species j in the vapor phase 

Greek letters 

( )k

j  [kJ/mol] = Chemical potential of species j in phase k 

,i j  [i atom-mol / species j mol] = Number of atoms of element i in a molecule of species j 

  ( )1

ˆ , ,
NC

j j j
T P y

=
 = Fugacity coefficient of species j in the vapor phase 

 ( )1
,

NC

j j j
T x

=
 = Activity coefficient of species j in the liquid phase 

 ( )1
, ,

NE

i i
T P a

=
 [kJ/s] = Total Gibbs free energy optimum value 
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 ( )1
, ,

NE

i i
T P a

=
 = Total Gibbs free energy optimum value per total atom-mol 

  = Feasible region for all mol per total atom-mol quantities in NC  

Abbreviations 

NC = number of components 

NE = number of elements 

NP = number of phases 
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CHAPTER 5 

Technoeconomic Analysis (TEA) of an Integrated Gasification Combined Cycle (IGCC) 

power plant featuring updated Membrane Reactor/Adsorptive Reactor (MR-AR) 

characteristics. 

5.1 Abstract 

 

 An updated TEA of an Integrated Gasification Combined Cycle (IGCC) power plant 

featuring membrane and adsorptive reactors (MR-AR IGCC plant) is presented. Previous TEA 

results of the MR-AR IGCC plant featured MR and AR operating parameters based on lab scale 

studies of the technology. However, experimental data collected during the MR-AR technology 

scale up from a lab scale to a bench scale revealed insights and updates to predictive models and 

operating parameters. These new results warrant an updated TEA to better quantify the 

intensification potential of the technology, as well as potential cost benefits not captured in 

previous studies. The updated MR-AR IGCC’s Levelized Cost of Electricity (LCOE) is compared 

to a baseline IGCC plant that features 90% CO2 capture. 

5.2 Introduction 

 

 The desire to reduce greenhouse gases and their negative impacts on the climate has driven 

research and development in carbon capture, utilization, and storage (CCUS). As such, CCUS has 

been embraced by the chemical process industry to reduce its carbon-based emissions, especially 

carbon dioxide, CO2. 

 Before CO2 can be stored or sequestered, it must first be captured. However, the cost of 

retrofitting carbon capture units in existing plants is prohibitive leading to research into 
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new/intensified technologies aiming to drive down this cost. One of such technologies is the 

membrane reactor (MR) and adsorptive reactor (AR).  

 The MRs and ARs feature an intensified solution to traditional WGS reactors employed 

for converting CO to CO2 in pre-combustion CO2 capture. This is because the MRs and ARs, when 

used in tandem, feature the simultaneous removal of H2 and CO2 as opposed to traditional 

standalone reaction and separation vessels in series. This technology offers a potential reduction 

in the cost of incorporating carbon capture in standard chemical and power plants. 

 This chapter focuses on the MR-AR technology developed by Media and Process 

Technology (M&PT) and University of Southern California (USC)1-6. Extensive studies of 

MPT/USC MR-AR technology have led to the development of UCLA in-house complex 

multiscale models for MRs and ARs to predict their performance under various operating 

conditions and technology levels. These conditions include temperature, pressure, catalyst loading, 

adsorbent loading, permeate and regenerating medium flow rate7-10. This technology has been 

studied at both the lab scale and the bench scale technology levels. 

 The lab scale studies of the MR-AR technology inspired TEA studies with MR reactors 

alone11 and with MR-AR reactors in series12. The lab-scale inspired TEAs featured low MR CO 

conversion and optimistic AR adsorption capacity based on simplified isothermal AR operation. 

Featuring MRs alone, when compared to the baseline, MR-IGCC plant featured 2.21% more 

power, a 14% decrease in capital cost and a 55% increase in operating cost11. The MR-AR IGCC 

plant, when compared to the baseline plant, featured a 9% increase in net power production, a 16% 

decrease in capital cost and no increase in operating cost. This translates to a cost of electricity 

(COE) of 113.1 $/MWh compared to $135.4 $/MWh of the baseline case12.  
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 To boost the economic performance of both lab-scale TEA cases, N2 is replaced with steam 

as the combustion turbine’s diluent medium. Although this leads to an increase in operating costs, 

the sale of the available N2 from the plant’s Air Separation Unit (ASU) more than offset this 

increase. This N2-sale economic opportunity was explored in the lab-scale based TEA studies and 

it was found to meet the DOE’s target of 30% reduction in COE of the baseline plant11-12.   

 As noted earlier, the technology scale-up and resulting experimental validation of the 

predictive multiscale model necessitates an updated TEA of the technology. The rest of this work 

is arranged as follows: First, a brief summary of key details of the experimental system is 

presented. Next, key system and model assumptions for the TEA are presented, followed by a brief 

description of the baseline case. Next, a more detailed MR-AR background is presented as well as 

the MR-AR IGCC plant with differences between the plant and the baseline plant highlighted. 

Following that, a TEA analysis is carried out on the MR-AR IGCC plant and the results are 

compared to the baseline case. 

5.3 MR-AR Bench-scale experiment summary 

 

 Following the success of the lab-scale studies, the MR-AR technology developed by 

M&PT/USC was scaled up to a bench-scale level.  

 The MR design parameters of bench-scale unit was to allow for a syngas feed flowrate of 

1 – 5 scfm, at a temperature range of 523 K, and a pressure range of 10 – 25 bar. The MR-AR unit 

received syngas from a research gasifier at the University of Kentucky’s Center for Applied Energy 

Research (CAER) center. This contrasts with the simulated feed syngas of the lab-scale studies. 

The MRs consists of bundles that contained 7 – 15 tubes, each 482.6 mm long, with 3.5 mm ID 

and 5.7 mm OD. The MRs were packed with Clariant catalyst for the WGS reaction. 
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 For AR studies, the AR feed temperature was 523 K during adsorption and 673 K during 

regeneration with steam as the regenerating medium. The ARs consists of several beds (2 or 3) in 

series with each bed 5’ long, with 2.5” ID.  Each AR bed had a catalyst, adsorbent and inert pellet 

loading of 232g, 1,638g and 3,260g respectively. 

 Data generated during the experimental tests of the bench scale system were used to 

revalidate the in-house UCLA multiscale models that predict the system performance such as CO 

conversion, MR sweep flow rate, AR regeneration flow rate, AR exit  temperature and AR 

adsorption and regeneration operation time.  

 Based on the experimental results, the MR CO conversion is fixed at 50% with the 

remaining CO converted in the AR to the desired overall MR-AR conversion. This influences 

equipment sizing and related cost estimation. 

5.4 Key System and Model Assumptions 

 

 The baseline case is case B5B (GEP Radiant IGCC with CO2 capture), found in the 

reference document “Cost and Performance Baseline for Fossil Energy Plants – Volume 1: 

Bituminous Coal (IGCC) to Electricity. September 24, 2019”13. In carrying out the MR-AR IGCC 

plant performance evaluation, information is drawn from NETL Quality Guidelines documents: 

“Performing a Techno-economic Analysis for Power Generation Plants14”, “Capital Cost Scaling 

Methodology15” and “Cost Estimation Methodology for NETL Assessment of Power Plant 

Performance16”. 

 A basis summary of both the baseline case (case B5B of the reference document) and the 

MR-AR IGCC plant is presented in Table 5.1. A detailed process flowsheet was developed using 

UNISIM (HoneywellTM) process simulation software for the baseline case (case B5B) and the 
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MR-AR IGCC plant. The process flowsheets were used to generate material and energy balances 

that formed the design basis for sizing and costing various equipment in subsystems that differed 

from the baseline case. The equipment list and material balances were also used for generating 

capital and operating cost estimates. The site characteristics, coal characteristics, and 

environmental targets for the MR-AR plant are the same as those of the baseline plant. The 

capacity factor for the MR-AR IGCC plant is 80 percent. 

Table 5. 1: Comparison between the baseline IGCC and the MR-AR IGCC plant 

Case B5B MR-AR IGCC 

Gasifier Pressure, MPa (psia) 5.6 (815) 

O2:Coal Ratio, kg O2/kg As-Received 
coal 

0.76 

Carbon conversion, % 98 

Syngas HHV at Gasifier Outlet, 
kJ/Nm3 (Btu/scf)A 

8,960 (240) 

Steam Cycle, MPa/ oC/ oC (psig/ oF/ 
oF) 

12.4/535/535 (1,800/996/996) 

Condenser pressure, mmHg (in. Hg) 51 (2.0) 

Combustion Turbine 2x State-of-the-Art 2008 F-class 
 (232 MW output each) 

Gasifier Technology GEP Radiant 

Oxidant 95 vol% Oxygen 

Coal Illinois No. 6 

Coal Slurry Solids Content, % 63 

COS Hydrolysis Occurs in WGS 

WGS Yes 

H2S Separation Selexol 1st Stage 

Sulfur Removal, % ~100.0 

Sulfur Recovery Claus Plant with Tail Gas Recycle to Selexol/ 
Elemental Sulfur 

Particulate Control Water Quench, Scrubber, and AGR Absorber 

Chloride Control Venturi Scrubber, Vacuum Flash, Brine Concentrator, 
Crystallizer 

Mercury Control Carbon Bed 
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NOX Control MNQC (LNB) and N2 
dilution 

MNQC (LNB) and N2 

/steam dilution 

CO2 Separation Selexol 2nd Stage Adsorptive Reactor (AR) 

Overall carbon capture 90.0% 96.0% 

CO2 Sequestration Off-site Saline Formation 

ASyngas measurement is reflected before syngas quench 

 

5.5 Process Description of the Baseline case, B5B 

 

A brief process description is presented for the various subsystems of the baseline IGCC 

plant. A detailed description of the baseline’s subsystems is found in the reference document13. 

5.5.1 Coal Preparation and Feed Systems 

 

The coal receiving and storage system receives, prepares, and stores coal delivered to the 

plant. The coal is modeled based on the detailed coal specification of Exhibit 2-4 of the reference 

document13. Crushed coal is mixed with process/slag recovery water generating slurry with a dry 

solid concentration of 63 percent. The coal slurry is sent to the gasifier for syngas production.  

5.5.2 Gasifier and Raw Gas Cooling 

 

The feed to the gasifier is coal slurry and 95% pure O2, and quench water. The gasifier 

operates at 5.6 MPa and 1,316oC and generates hot syngas. The hot syngas is water quenched to 

288oC and saturated syngas, with a composition of 25% CO, 10% CO2, 24% H2, 39% H2O and 

small amounts of Ar, CH4, H2S, and N2, exits the syngas quench chamber. The carbon conversion 

in the gasifier is 98%. The quenched syngas from the gasifier is sent to the syngas scrubber for 

HCl and PM removal. 

5.5.3 Syngas Scrubber and WGS 
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The syngas scrubber removes HCl through absorption into an alkali solution of water and 

NaOH. Raw syngas containing HCl is brought into contact with cooling water containing NaOH. 

The HCl reacts with NaOH to generate NaCl which is removed in the sour water exit stream of the 

scrubber. This stream is sent to the process water treatment (ZLD) system but not before a portion 

of this stream is recycled to the scrubber to maintain a 5,000 ppmw chloride concentration in the 

blowdown stream. The cooled syngas from the scrubber is fed to the WGS reactors for CO 

conversion to CO2 for pre-combustion CO2 capture. 

Prior to the first WGS reactors, steam is added such that the WGS exit steam to dry gas 

ratio is approximately 0.25 to prevent carbon deposition and deactivation of the catalyst13. The 

product of the first WGS reactor is cooled to 253oC and fed to the second WGS reactor. 

Intercooling between the WGS reactors is used to raise process steam. The total CO conversion of 

the WGS reactors is 93%.  

COS hydrolysis occurs in the WGS reactors as the WGS catalyst also promotes COS 

hydrolysis reaction.  

5.5.4 Low Temperature Heat Recovery (LTHR) and NH3 Wash Unit 

 

The exit stream of the second WGS reactor is cooled in LTHR exchangers and syngas 

coolers to 29oC.  The cooled syngas is fed to the NH3 wash unit after condensed water is removed 

in a cooling water KO drum. 

The NH3 wash unit removes NH3 from the gas stream to prevent its accumulation in the 

downstream processing units. NH3 is removed via absorption in water in a countercurrent flow 

configuration with syngas flowing upward and water flowing downward as a fine mist spray. 
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5.5.5 Process Water Treatment (ZLD) 

 

The process water treatment unit consists of a LP flash, vacuum flash, brine concentrator 

and crystallizer. The blowdown stream from the syngas scrubber is sent to the ZLD where it is 

flashed in a LP (0.5 MPa) and vacuum flash (0.05 MPa). The vapor products from the LP and 

vacuum flashes are first cooled to 46oC, by preheating syngas heading to the CT, and then further 

cooled to 29oC using cooling water. The cooled streams are sent to an overhead flash at 0.2 MPa, 

with the sour gas effluent compressed to 0.4 MPa and sent to the SRU for incineration. The 

recovered water from the overhead flash is sent to the process water drum for distribution to meet 

various process needs. 

The liquid effluent from the vacuum flash is mixed with a small sulfuric acid solution and 

fed to the brine concentrator. Sulfuric acid is added to maintain brine properties, to prevent fouling 

and corrosion, and to remove NaOH in the form of Na2SO4 in the salt cake. The brine concentrator 

evaporates sufficient water to produce an effluent stream containing approximately 250,000 TDS. 

This stream is sent to the crystallizer for more evaporation to yield a super-saturated effluent 

solution. A portion of the super-saturated solution is sent to the centrifuge and filter press where 

the dissolved solids are removed as a salt cake. The vapor product of the brine concentrator and 

crystallizer is condensed and recycled to either the syngas scrubber or process water drum for 

distribution to other subsystems.  

5.5.6 Mercury Removal and AGR (Dual-stage Selexol) Unit 

 

Syngas exiting the NH3 wash unit at 28oC, is reheated to 37oC, and fed to the mercury 

removal beds. Mercury is removed from the syngas via sulfur-impregnated carbon beds prior to 

the AGR. The beds remove about 97 percent of the mercury in the syngas.  
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The AGR is a dual-stage Selexol process that removes H2S in the first stage and CO2 in the 

second stage. After mercury removal, the syngas is mixed with tail gas from the Claus plant and 

sent to the dual-stage Selexol unit. Four streams exit the dual-stage Selexol unit: clean gas 

containing about 91% H2, 3% CO, 3% CO2 with small amounts of Ar, N2 and CH4; a HP CO2 

stream; a LP CO2 stream and an acid gas. The clean gas is sent to the CT for combustion; the acid 

gas is sent to the Claus plant for sulfur removal; the HP and LP CO2 streams are sent to the CO2 

compression unit for compression and dehydration in readiness for sequestration.  

5.5.7 Claus Unit 

 

The Claus unit converts H2S to elemental sulfur which is subsequently removed from the 

plant. The acid gas from the AGR is fed to the Claus unit alongside sour gas from the sour water 

drum and oxidant from the ASU unit. The tail gas from the Claus plant is hydrogenated to convert 

all sulfur species to H2S, and the resulting stream is compressed and cooled for water recovery. 

The dry tail gas is mixed with syngas from the mercury removal unit and this mixed stream form 

part of the feed to the AGR unit. The H2S per-pass conversion of the Claus plant is 99.1%.  

5.5.8 Power Block 

 

Clean H2 rich gas from the AGR is reheated, expanded, and diluted with HP and LP N2 

from the ASU. The diluted H2 rich gas enters the CT burner with compressed air from the CT 

compressor. The combustion product is fed to the CT at a firing temperature of 1,343oC to produce 

gross power of 464 MWe. The CT exhaust gas enters the HRSG at 566oC and generates steam for 

a 12.4 MPa/535°C (main)/535°C (reheat) steam cycle. The ST generates a gross power of 274 

MWe. The exhaust gas leaving the HRSG is discharged through the plant stack.  

5.5.9 CO2 Compression and Drying 
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The AGR produces CO2 at two pressure levels, LP and HP CO2 streams. The LP stream is 

compressed with intercooling to the pressure of the HP CO2 stream. Both streams are combined 

and compressed, with intercooling, to an intermediate pressure of 2.51 MPa. At this pressure, the 

CO2 stream is dehydrated in a TEG dryer. The exit stream from the dryer is further compressed 

with intercooling to the final pressure and temperature of 15.27 MPa and 30oC for sequestration.  

5.5.10 Elevated Pressure Air Separation Unit (ASU) 

 

The ASU generates 95% pure O2 for the gasifier and the SRU (Claus plant). The ASU also 

generates 99% pure LP and HP N2 for CT feed dilution purposes. 

For validation purposes and to demonstrate the reliability of the simulation method, the 

baseline case B5B was recreated in UNISIM. The PFD and relevant stream tables of the baseline 

simulation are presented in Figure 5.1 and Table 5.2. 
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Figure 5. 1: PFD of the UNISIM simulation of the baseline case, case B5B 
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Table 5. 2: Stream tables of the UNISIM simulation of the baseline case, case B5B 

  
Air to ASU 

(1) 
Claus 

Oxidant (2) 
ASU vent 

to stack (3) 

Gasifier 
Oxidant 

(4) 

HP N2 
Diluent 

(5) 

LP N2 
Diluent 

(6) 

Slurry 
water (7) 

As-
received 
Coal (8) 

Slag (9) 

V-L mole fraction                 

Ar 0.0092 0.0343 0.0411 0.0343 0.0000 0.0000 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO2 0.0003 0.0000 0.0069 0.0000 0.0000 0.0000 0.0004 0.0000 0.0000 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2O 0.0099 0.0000 0.2282 0.0000 0.0000 0.0000 0.9904 0.0000 0.0000 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0001 0.0000 0.0000 

N2 0.7732 0.0156 0.7238 0.0156 0.9968 0.9968 0.0000 0.0000 0.0000 

NH3 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0091 0.0000 0.0000 

O2 0.2074 0.9501 0.0000 0.9501 0.0032 0.0032 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 0.0000 0.0000 

                    

Molar Flow (kmol/hr) 25,722 69 1,111 5,471 8,787 10,233 4,991 12,964 413 

Mass Flow (kg/hr) 742,215 2,229 29,261 176,225 246,262 286,793 89,923 218,897 24,017 

Temperature (C) 15 27 29 27 196 196 148 15 1,315 

Pressure (MPa) 0.10 0.86 0.45 6.48 3.24 2.69 5.79 0.10 5.62 

Enthalpy (kJ/kg) -97.48 -0.98 -2,566.23 -16.31 178.01 178.38 -15,237.99 -3,493.15 -15,660.93 
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Raw water 

(10) 
Quench 

water (12) 

Raw 
Syngas to 
Scrubber 

(13) 

Shift 
Steam 

(14) 

NaOH 
(15) 

H2SO4 
(16) 

WGS 
Prod (17) 

Blowdown 
to ZLD 

(18) 

ZLD 
condensate 

(19) 

V-L mole fraction                   

Ar 0.0000 0.0000 0.0058 0.0000 0.0000 0.0000 0.0055 0.0000 0.0000 

CH4 0.0000 0.0000 0.0008 0.0000 0.0000 0.0000 0.0007 0.0000 0.0000 

CO 0.0000 0.0000 0.2522 0.0000 0.0000 0.0000 0.0136 0.0004 0.0000 

CO2 0.0000 0.0005 0.0988 0.0000 0.0000 0.0000 0.3191 0.0009 0.0000 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.2381 0.0000 0.0000 0.0000 0.4513 0.0005 0.0000 

H2O 0.9999 0.9902 0.3901 1.0000 0.6895 0.1000 0.1968 0.9940 0.9997 

HCl 0.0000 0.0000 0.0003 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0001 0.0050 0.0000 0.0000 0.0000 0.0048 0.0001 0.0000 

N2 0.0000 0.0000 0.0062 0.0000 0.0000 0.0000 0.0059 0.0000 0.0000 

NH3 0.0000 0.0092 0.0027 0.0000 0.0000 0.0000 0.0025 0.0015 0.0003 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0001 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0024 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.3105 0.0000 0.0000 0.0002 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 0.1000 1.0000 1.0000 1.0000 

                    

Molar Flow (kmol/hr) 1,880 9,651 32,455 4,428 30 0 34,228 3,601 915 

Mass Flow (kg/hr) 33,870 173,919 634,945 79,778 755 13 666,648 65,313 16,485 

Temperature (C) 15 188 232 288 16 15 225 201 88 

Pressure (MPa) 0.10 6.33 5.47 5.33 6.30 0.13 4.79 5.32 0.13 

Enthalpy (kJ/kg) -15,925.81 -15,046.27 -7,948.07 -13,046.70 -10,125.48 -9,980.89 -8,658.36 -14,924.36 -15,610.91 
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Wash Eff 

and KO (20) 

To Hg 
removal 

(21) 

Raw 
Water (22) 

Stream 
(23)+(24) 

Clean Gas 
(26) 

Acid gas 
(27) 

TG to 
AGR (28) 

Sulfur 
(29) 

TGTU KO 
(30) 

V-L mole fraction                   

Ar 0.0000 0.0069 0.0000 0.0000 0.0112 0.0001 0.0082 0.0000 0.0000 

CH4 0.0000 0.0009 0.0000 0.0000 0.0014 0.0001 0.0001 0.0000 0.0000 

CO 0.0000 0.0170 0.0000 0.0000 0.0272 0.0008 0.0060 0.0000 0.0000 

CO2 0.0018 0.3966 0.0000 0.0001 0.0376 0.5246 0.8129 0.0000 0.0004 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.5642 0.0000 0.0000 0.9105 0.0119 0.1560 0.0000 0.0000 

H2O 0.9895 0.0013 0.9999 0.9979 0.0003 0.0164 0.0028 0.0000 0.9996 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0002 0.0058 0.0000 0.0001 0.0000 0.4462 0.0098 0.0000 0.0000 

N2 0.0000 0.0073 0.0000 0.0000 0.0119 0.0000 0.0041 0.0000 0.0000 

NH3 0.0085 0.0000 0.0000 0.0019 0.0000 0.0000 0.0000 0.0000 0.0000 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0001 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 0.0000 1.0000 

                    

Molar Flow (kmol/hr) 9,920 27,377 3,118 2,645 16,920 365 295 162 176 

Mass Flow (kg/hr) 179,132 541,634 56,179 47,663 85,586 14,115 10,942 5,188 3,178 

Temperature (C) 31 28 15 70 18 27 38 184 39 

Pressure (MPa) 0.45 4.36 0.10 0.13 3.96 0.18 4.21 0.12 0.11 

Enthalpy (kJ/kg) -15,739.13 -8,030.90 -15,925.81 -15,668.88 -3,600.48 -5,685.00 -8,695.43 -2,030.96 -15,821.28 
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Stream 

(31) 
Air (34) 

Stack gas 
(37) 

MP CO2 
(38) 

LP CO2 
(39) 

CO2 
Dryer vent 

(42) 

CO2 prod 
(43) 

To Claus 
Gasifier 

Feed 

V-L mole fraction                  

Ar 0.0003 0.0092 0.0090 0.0001 0.0000 0.0369 0.0000 0.0021 0.0000 

CH4 0.0000 0.0000 0.0000 0.0002 0.0001 0.0000 0.0002 0.0001 0.0000 

CO 0.0273 0.0000 0.0000 0.0009 0.0001 0.0000 0.0007 0.2253 0.0000 

CO2 0.8869 0.0003 0.0083 0.9853 0.9985 0.0305 0.9907 0.4198 0.0001 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0397 0.0000 0.0000 0.0103 0.0008 0.0212 0.0077 0.2765 0.0000 

H2O 0.0110 0.0099 0.1207 0.0031 0.0005 0.9114 0.0006 0.0172 0.2753 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0311 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0523 0.0000 

N2 0.0011 0.7732 0.7548 0.0001 0.0000 0.0000 0.0001 0.0036 0.0000 

NH3 0.0027 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0030 0.0025 

O2 0.0000 0.2074 0.1072 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 0.2780 

                    

Molar Flow (kmol/hr) 54 110,259 139,398 7,572 2,814 21 10,365 7 17,955 

Mass Flow (kg/hr) 2,242 3,181,588 3,829,864 329,186 123,685 396 452,476 181 308,820 

Temperature (C) 37 15 129 -3 -11 29 30 90 94 

Pressure (MPa) 0.45 0.10 0.10 0.55 0.12 2.50 15.27 0.45 5.62 

Enthalpy (kJ/kg) -8,621.58 -97.48 -1,068.60 -8,977.72 -8,980.20 -14,138.64 -9,188.02 -6,990.22 -6,910.27 
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  SG Claus 
FG to 
stack 

Stream (19) 
N2 to 

CT 
To quench 

(12) 
To slurry 

(7) 

V-L mole fraction             

Ar 0.0000 0.0087 0.0000 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO 0.0003 0.0000 0.0000 0.0000 0.0000 0.0000 

CO2 0.9505 0.0083 0.0000 0.0000 0.0012 0.0012 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0074 0.0000 0.0000 0.0000 0.0000 0.0000 

H2O 0.0102 0.1197 0.9997 0.0000 0.9925 0.9925 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0282 0.0000 0.0000 0.0000 0.0001 0.0001 

N2 0.0007 0.7551 0.0000 0.9968 0.0000 0.0000 

NH3 0.0027 0.0000 0.0003 0.0000 0.0061 0.0061 

O2 0.0000 0.1081 0.0000 0.0032 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

              

Molar Flow (kmol/hr) 48 138,267 915 19,020 9,638 4,983 

Mass Flow (kg/hr) 2,061 3,800,208 16,485 533,055 173,919 89,923 

Temperature (C) 31 132 88 196 188 148 

Pressure (MPa) 0.45 0.10 0.13 2.69 6.34 5.79 

Enthalpy (kJ/kg) -8,764.54 -1,055.71 -15,610.91 178.21 -15,065.76 -15,254.61 
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5.6 MR-AR Background 

 

 The MRs employed in the MR-AR IGCC plant are produced Media and Process 

Technology Inc. (M&PT). It consists of a set of bundles, with each bundle containing multiple 

CMS membrane tubes, open at both ends to accommodate permeate sweep. The membrane 

bundles are contained in a pressure vessel and for this set-up, steam is used as the sweep medium. 

The H2 product of the WGSR permeates through the membrane tubes and is removed using sweep 

steam. The H2/steam permeate mixture from all the membrane tubes in the MRs collectively form 

the MR permeate stream. A detailed description of the MR and its operating conditions can be 

found in ref. 2-4,6,12 and the governing MR model equations are derived and presented in ref.7. 

Depending on membrane permeability and steam differential partial pressure in the MR reject and 

permeate side, steam may permeate through the membrane from the permeate (H2 removal) side 

to the reject (WGSR) side. In this case, steam is constantly replenished in the reject side thus 

improving CO conversion.  

 Upon exiting the MR, the retentate (reject) stream is fed to the AR with/without makeup 

steam depending on the amount of steam in the reject stream. The AR is packed with catalyst and 

adsorbent pellets, with the catalyst promoting the WGSR and the adsorbent selectively capturing 

CO2. The adsorption process is dynamic, as adsorbent capacity is finite. Therefore, for continuous 

operation, several AR vessels are utilized, where at any time, some of them are in adsorption mode 

and the others are in desorption mode. During desorption, steam is used as a sweep medium to 

remove adsorbed CO2. A detailed description of the AR and its operating conditions can be found 

in ref. 3 and the governing AR model equations are derived and presented in ref. 8. 

 For equal and continuous operation of the dynamic AR unit, a minimum number of AR 

vessels are needed at any time, with half of them in parallel adsorption mode and the other half in 
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parallel desorption mode. The total number of vessels will depend on flow conditions and vessel 

size. In this operation mode, feasible continuous AR operation has been shown to occur for a range 

of space times (in the order of 1000 s) for equal duration adsorption/desorption times, and that 

long-term periodic behavior is attained following four equal-duration cycles of 

adsorption/desorption8. The AR feed temperature and regeneration steam feed conditions at which 

equal adsorption/desorption times occur have also been established for continuous, cyclic 

operation with long term periodic behavior9.  

 The combined MR-AR system in this TEA can deliver an overall CO conversion of >96%. 

When used together in series, a design variable is the extent of the WGSR (CO conversion) in the 

MRs and ARs. If most of the WGSR occurs in the MRs, then a large amount of high-purity H2 is 

recoverable, but a large membrane area is required. On the other hand, if most of the WGSR takes 

place in the AR, a lower purity hydrogen stream is achieved, and bigger AR vessels are employed 

(with more adsorbent required) to accommodate increased syngas flows. From a design point of 

view, the extent of reaction in the MR and AR will ultimately depend on process parameters (e.g., 

temperature and pressure), H2 purity, membrane area, catalyst and adsorbent cost, and downstream 

equipment consideration. The governing equations of the combined MR-AR system applied to 

WGSR are derived and detailed in ref. 10.  

 Based on experimental test results of a bench-scale system of MRs and ARs operating in 

series with live syngas from a gasifier, the existing multiscale models were updated and 

revalidated. These updated models were used to predict MR-AR performance metrics such as CO 

conversion, MR sweep flow rate, AR regeneration flow rate, AR temperature and AR adsorption 

and regeneration time. 
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5.7 Process Description of the MR-AR IGCC Plant 

 

 In this section, the MR-AR IGCC plant process is described. The process descriptions for 

the Coal preparation and feed systems, Gasifier, LTHR and NH3 wash unit, Process water 

treatment (ZLD), Claus unit, Power block and ASU are the same as those of the baseline case, case 

B5B. Major differences occur in the WGS section (which is replaced with the MR-AR system), 

the dual-stage Selexol unit (which is replaced with a single stage Selexol unit) and power block 

(which features steam dilution as opposed to N2 dilution). Detailed descriptions of the MR-AR 

IGCC plant are presented below. The PFD and relevant stream tables of the MR-AR IGCC plant 

are shown in Figure 5.2 and Table 5.3. 

5.7.1 Coal Preparation and Feed Systems 

 

 No difference from the baseline case.   

5.7.2 Gasifier  

 
 No difference from the baseline case.   

5.7.3 Syngas Scrubber and MR-AR system 

 
 Syngas scrubber is the same as in the baseline case. 

 The syngas exiting the scrubber at 5.32 MPa and 200oC is fed directly into the MRs where 

the WGSR and COS hydrolysis take place on the retentate side. Additional steam does not need to 

be added to the MR feed stream if the MR retentate H2O/dry gas ratio is > 0.25. As noted earlier, 

this is to prevent carbon deposition and deactivation of the catalyst13. As the WGSR progresses, 

H2 permeates through the membrane and is removed via sweep steam at 4.60 MPa and 268oC. The 

permeate stream, consisting of H2 and H2O is cooled to 40oC, and flashed to recover the pure H2 

stream. The recycled water is pumped to 4.60 MPa, reheated to 268oC and fed to the permeate side 



208 
 

for reuse as MR sweep. Based on the experimental studies, it is known that there is considerable 

steam counter permeation from the permeate side to the retentate side. This steam counter 

permeation increases the H2O/CO ratio of the MR retentate stream which is fed to the AR. Due to 

these considerations, as well as on the experimental CO conversion data, the MR CO conversion 

is set at 50%. The highly pure H2 stream is mixed with H2-rich exit stream from the AR and the 

combined stream is cooled in the LTHR, before it is fed to the NH3 wash unit.   

 The AR contains catalyst and adsorbent pellets that promote the WGSR and CO2 adsorption 

respectively. During reaction-adsorption, H2 is generated and CO2 is adsorbed, and the H2-rich AR 

exit stream is combined with the H2 permeate stream from the MR. The adsorbent is regenerated 

using steam at 340oC and the resulting CO2-H2O stream is cooled to recover the regeneration water. 

The recovered water is pumped and reheated to 46 MPa and 340oC, and this is recycled for reuse 

as the AR regenerating medium.  
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Figure 5. 2: PFD of the UNISIM simulation of the MR-AR IGCC plant 
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Table 5. 3: Stream tables of the UNISIM simulation of the MR-AR IGCC plant 

  
Air to ASU 

(1) 
Claus 

Oxidant (2) 
ASU vent 

to stack (3) 

Gasifier 
Oxidant 

(4) 

HP N2 
Diluent 

(5) 

LP N2 
Diluent 

(6) 

Slurry 
water (7) 

As-
received 
Coal (8) 

V-L mole fraction                 

Ar 0.0092 0.0343 0.0411 0.0343 0.0000 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO2 0.0003 0.0000 0.0069 0.0000 0.0000 0.0000 0.0004 0.0000 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2O 0.0099 0.0000 0.2282 0.0000 0.0000 0.0000 0.9904 0.0000 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0001 0.0000 

N2 0.7732 0.0156 0.7238 0.0156 0.9968 0.9968 0.0000 0.0000 

NH3 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0091 0.0000 

O2 0.2074 0.9501 0.0000 0.9501 0.0032 0.0032 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 0.0000 

                  

Molar Flow (kmol/hr) 25,722 69 1,111 5,471 8,787 10,233 4,991 12,964 

Mass Flow (kg/hr) 742,215 2,229 29,261 176,225 246,262 286,793 89,923 218,897 

Temperature (C) 288 300 302 300 469 469 421 288 

Pressure (MPa) 0.10 0.86 0.45 6.48 3.24 2.69 5.79 0.10 

Enthalpy (kJ/kg) -97.48 -0.98 -2,566.23 -16.31 178.01 178.38 -15,237.99 -3,493.15 
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  Slag (9) 
Raw water 

(10) 
Quench 

water (12) 

Raw 
Syngas to 
Scrubber 

(13) 

MR-AR 
steam 

NaOH 
(15) 

H2SO4 
(16) 

Scrubber 
exit 

Blowdown 
to ZLD 

(18) 

V-L mole fraction                   

Ar 0.0000 0.0000 0.0000 0.0058 0.0000 0.0000 0.0000 0.0063 0.0000 

CH4 0.0000 0.0000 0.0000 0.0008 0.0000 0.0000 0.0000 0.0009 0.0000 

CO 0.0000 0.0000 0.0000 0.2522 0.0000 0.0000 0.0000 0.2757 0.0004 

CO2 0.0000 0.0000 0.0005 0.0988 0.0000 0.0000 0.0000 0.1078 0.0009 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.0000 0.2381 0.0000 0.0000 0.0000 0.2602 0.0005 

H2O 0.0000 0.9999 0.9902 0.3901 1.0000 0.6895 0.1000 0.3340 0.9940 

HCl 0.0000 0.0000 0.0000 0.0003 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0001 0.0050 0.0000 0.0000 0.0000 0.0055 0.0001 

N2 0.0000 0.0000 0.0000 0.0062 0.0000 0.0000 0.0000 0.0067 0.0000 

NH3 0.0000 0.0000 0.0092 0.0027 0.0000 0.0000 0.0000 0.0028 0.0015 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0001 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0025 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.3105 0.0000 0.0000 0.0002 

Total 0.0000 1.0000 1.0000 1.0000 1.0000 1.0000 0.1000 1.0000 1.0000 

                    

Molar Flow (kmol/hr) 413 0 9,651 32,455 7,544 30 0 29,690 3,710 

Mass Flow (kg/hr) 24,017 0 173,919 634,945 135,906 755 13 584,898 67,285 

Temperature (C) 1,588 288 461 505 561 289 288 473 473 

Pressure (MPa) 5.62 0.10 6.33 5.47 5.33 6.30 0.13 5.32 5.32 

Enthalpy (kJ/kg) -15,660.93 -15,925.81 -15,046.27 -7,948.07 -13,046.70 -10,125.48 -9,980.89 -7,570.32 -14,925.25 
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ZLD 

condensate 
(19) 

Wash Eff 
and KO 

(20) 

To Hg 
removal 

(21) 

Raw Water 
(22) 

Stream 
(23)+(24) 

Clean 
Gas (26) 

Acid gas 
(27) 

TG to 
AGR 
(28) 

Sulfur 
(29) 

V-L mole fraction                   

Ar 0.0000 0.0000 0.0112 0.0000 0.0000 0.0112 0.0000 0.0082 0.0000 

CH4 0.0000 0.0000 0.0015 0.0000 0.0000 0.0015 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0145 0.0000 0.0000 0.0143 0.0000 0.0053 0.0000 

CO2 0.0000 0.0002 0.0114 0.0000 0.0001 0.0113 0.0901 0.1379 0.0000 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.9392 0.0000 0.0000 0.9257 0.0000 0.1176 0.0000 

H2O 0.9997 0.9927 0.0008 0.9999 0.9979 0.0004 0.0171 0.0025 0.0000 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0005 0.0094 0.0000 0.0001 0.0000 0.3930 0.0189 0.0000 

N2 0.0000 0.0000 0.0120 0.0000 0.0000 0.0355 0.4967 0.7096 0.0000 

NH3 0.0003 0.0066 0.0000 0.0000 0.0019 0.0000 0.0000 0.0000 0.0000 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0031 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0001 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 0.0000 

                    

Molar Flow (kmol/hr) 915 12,716 16,685 3,118 2,753 16,964 411 290 157 

Mass Flow (kg/hr) 16,485 229,177 65,818 56,179 49,598 71,931 13,029 7,918 5,021 

Temperature (C) 361 304 296 288 343 291 300 311 457 

Pressure (MPa) 0.13 0.45 4.36 0.10 0.13 3.96 3.96 4.21 0.12 

Enthalpy (kJ/kg) -15,611.16 -15,774.85 -1,689.46 -15,925.81 -15,667.95 -1,526.03 -1,548.95 -2,042.21 -2,031.02 
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TGTU 

KO (30) 
Stream 

(31) 
Air (34) 

Stack gas 
(37) 

CO2 
Dryer vent 

(42) 

CO2 
prod (43) 

To Claus 
Gasifier 

Feed 
SG Claus 

V-L mole fraction                   

Ar 0.0000 0.0019 0.0092 0.0106 0.0000 0.0000 0.0021 0.0000 0.0005 

CH4 0.0000 0.0001 0.0000 0.0000 0.0000 0.0000 0.0001 0.0000 0.0000 

CO 0.0000 0.2019 0.0000 0.0000 0.0000 0.0000 0.2248 0.0000 0.0142 

CO2 0.0002 0.3860 0.0003 0.0043 0.0237 0.9992 0.4207 0.0001 0.1010 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.3256 0.0000 0.0000 0.0000 0.0000 0.2759 0.0000 0.7330 

H2O 0.9997 0.0164 0.0099 0.1223 0.9763 0.0008 0.0172 0.2753 0.0098 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0001 0.0565 0.0000 0.0000 0.0000 0.0000 0.0525 0.0000 0.0894 

N2 0.0000 0.0087 0.7732 0.7366 0.0000 0.0000 0.0036 0.0000 0.0501 

NH3 0.0000 0.0029 0.0000 0.0000 0.0000 0.0000 0.0030 0.0025 0.0020 

O2 0.0000 0.0000 0.2074 0.1262 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 0.2780 1.0000 

                    

Molar Flow (kmol/hr) 180 8 110,259 117,648 28 10,961 7 17,955 1 

Mass Flow (kg/hr) 3,235 195 3,181,588 3,233,909 526 482,136 186 308,820 9 

Temperature (C) 313 303 288 323 303 303 303 367 304 

Pressure (MPa) 0.11 0.24 0.10 0.10 2.50 15.27 0.24 5.62 0.45 

Enthalpy (kJ/kg) -15,818.15 -6,931.03 -97.48 -1,115.00 -15,488.84 -9,197.91 -7,066.38 -6,910.27 -4,132.22 
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FG to 
stack 

Stream (19) N2 To quench To slurry 
MR-AR 

exit 
Pure CO2 

WGS 
steam 

To MR-AR 

V-L mole fraction                   

Ar 0.0103 0.0000 0.0000 0.0000 0.0000 0.0071 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 0.0010 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0000 0.0000 0.0000 0.0092 0.0000 0.0000 0.0000 

CO2 0.0042 0.0000 0.0000 0.0002 0.0002 0.0073 0.9967 0.0000 0.0002 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.0000 0.0000 0.0000 0.5962 0.0000 0.0000 0.0000 

H2O 0.1211 0.9997 0.0000 0.9946 0.9946 0.3621 0.0033 1.0000 0.9946 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0004 0.0004 0.0062 0.0000 0.0000 0.0004 

N2 0.7369 0.0000 0.9968 0.0000 0.0000 0.0076 0.0000 0.0000 0.0000 

NH3 0.0000 0.0003 0.0000 0.0048 0.0048 0.0032 0.0000 0.0000 0.0048 

O2 0.1274 0.0000 0.0032 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                    

Molar Flow (kmol/hr) 116,509 915 18,618 9,651 4,990 26,283 10,989 4,428 3,748 

Mass Flow (kg/hr) 3,204,123 16,485 521,784 173,919 89,923 238,825 482,662 79,779 67,542 

Temperature (C) 323 361 469 461 421 545 313 561 561 

Pressure (MPa) 0.10 0.13 2.69 6.34 5.79 4.62 4.58 5.32 5.32 

Enthalpy (kJ/kg) -1,099.38 -15,611.16 178.22 -15,089.97 -15,278.79 -9,298.73 -8,989.41 -13,046.60 -12,985.22 
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To process 

drum-1 
Bal HP 

N2 
N2 to 
AGR 

MR-AR 
water-1 

H2O 
discharge 

V-L mole fraction           

Ar 0.0000 0.0000 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0000 0.0000 0.0000 

CO2 0.0000 0.0000 0.0000 0.0002 0.0002 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.0000 0.0000 0.0000 

H2O 1.0000 0.0000 0.0000 0.9946 0.9946 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0004 0.0004 

N2 0.0000 0.9968 0.9968 0.0000 0.0000 

NH3 0.0000 0.0000 0.0000 0.0048 0.0048 

O2 0.0000 0.0032 0.0032 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 

            

Molar Flow (kmol/hr) 2,741 8,385 402 3,116 632 

Mass Flow (kg/hr) 49,375 234,991 11,271 56,154 11,388 

Temperature (C) 323 469 469 561 561 

Pressure (MPa) 0.10 3.24 3.24 5.32 5.32 

Enthalpy (kJ/kg) -15,779.72 178.01 178.01 -12,985.22 -12,985.22 
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 The resulting highly pure CO2 stream is sent to the CO2 compression unit for compression 

and dehydration in readiness for sequestration. The MP CO2 stream reduces the CO2 

compression’s power requirement since the CO2 is at a much higher pressure compared to the 

baseline case. The MR-AR subsection and corresponding stream tables are shown in Figure 5.3 

and Table 5.4 respectively. 

 

Figure 5. 3: MR-AR of the MR-AR IGCC plant 

 

5.7.4 LTHR and NH3 Wash Unit 

 
No difference from the baseline case.   

5.7.5 Process Water Treatment (ZLD) 

 
No difference from the baseline case.   
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5.7.6 Mercury removal and Single-stage Selexol (AGR) Unit 

 
No difference from the baseline case.   

The AGR of the MR-AR plant consists of a single-stage Selexol unit for H2S removal only. 

The tail gas from the Claus plant, the MR-AR exit gas stream and some N2 from the ASU (as a 

stripping medium) make up the feed to the AGR. When H2S is removed, the resulting clean, H2 

rich (91% pure H2) is sent to the CT for power generation, while the acid gas is sent to the Claus 

plant for sulfur removal. The single-stage Selexol (AGR) system of the MR-AR plant and stream 

table is shown is Figure 5.4 and Table 5.5 respectively. 

 

Figure 5. 4: Single-stage Selexol (AGR) unit of the MR-AR IGCC plant 

 

5.7.7 Claus Unit 

 
No difference from the baseline case.   

5.7.8 Power Block 
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Clean gas stream from the single-stage Selexol is heated to 241oC before expansion in a 

turbine. The clean syngas expansion yields 3.0 MWe of power. The syngas exiting the expansion 

turbine is diluted with steam before it is fed to the CT for power generation. The steam diluent 

amount is such that the CT firing temperature is kept below 1,343oC. The CT generates 464 MWe 

of power, the same as the baseline case. Also, the HRSG and ST sections of the power block are 

the same as the baseline case. The syngas expansion and CT block, as well as the corresponding 

stream table, of the MR-AR flowsheet is shown in Figure 5.6 and Table 5.7 respectively. 

 

 

Figure 5. 5: Syngas expansion and CT section of the MR-AR IGCC plant 
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5.7.9 CO2 Compression and Drying 

 

High purity CO2 from the MR-AR block at 4.58 MPa and 40oC is dehydrated using TEG, 

after which it is compressed and cooled to 15.27 MPa and 30oC. Because the CO2 is at a higher 

pressure than the baseline case, the CO2 compression power requirement is less than the baseline 

case. The CO2 compression and drying section is shown in Figure 5.6 and the corresponding stream 

table is shown in Table 5.7.  

 

Figure 5. 6: CO2 compression and drying section of MR-AR IGCC plant 

5.7.10 Elevated Pressure Air Separation Unit (ASU) 

 
No difference from the baseline case.   
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Table 5. 4: MR-AR stream table of the MR-AR IGCC plant 

  
Scrubber 

exit 
MR-AR 

steam 
MR Prod N/A MR Feed 

MR 
Permeate 

MR 
Retentate 

MR sweep 

V-L mole fraction                 

Ar 0.0063 0.0000 0.0063 0.0063 0.0063 0.0000 0.0063 0.0000 

CH4 0.0009 0.0000 0.0009 0.0009 0.0009 0.0000 0.0008 0.0000 

CO 0.2757 0.0000 0.1384 0.1384 0.2757 0.0033 0.1346 0.0000 

CO2 0.1078 0.0000 0.2451 0.2451 0.1078 0.0052 0.2393 0.0003 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.2602 0.0000 0.3975 0.3975 0.2602 0.2369 0.1550 0.0001 

H2O 0.3340 1.0000 0.1967 0.1967 0.3340 0.7546 0.4490 0.9996 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0055 0.0000 0.0055 0.0055 0.0055 0.0000 0.0055 0.0000 

N2 0.0067 0.0000 0.0067 0.0067 0.0067 0.0000 0.0067 0.0000 

NH3 0.0028 0.0000 0.0028 0.0028 0.0028 0.0000 0.0028 0.0000 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                  

Molar Flow (kmol/hr) 29,690 7,544 29,690 0 29,690 30,353 29,780 22,899 

Mass Flow (kg/hr) 584,898 135,906 584,898 0 584,898 436,891 696,579 412,667 

Temperature (C) 200 288 347 347 200 264 202 268 

Pressure (MPa) 5.32 5.33 5.32 5.32 5.32 4.50 4.65 4.60 

Enthalpy (kJ/kg) -7,570.32 -13,046.70 -7,570.28 -7,570.28 -7,570.32 -12,377.03 -9,245.35 -13,070.20 
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  MR mix AR Feed AR Prod N/A-2 AR sweep 
CO2 

adsorbed 
AR exit 
stream 

Cool regen 
stream 

V-L mole fraction                 

Ar 0.0031 0.0063 0.0063 0.0063 0.0000 0.0000 0.0100 0.0000 

CH4 0.0004 0.0008 0.0008 0.0008 0.0000 0.0000 0.0013 0.0000 

CO 0.0683 0.1346 0.0047 0.0047 0.0000 0.0000 0.0075 0.0000 

CO2 0.1211 0.2393 0.3692 0.3692 0.0138 1.0000 0.0022 0.0697 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.1963 0.1550 0.2848 0.2848 0.0000 0.0000 0.4505 0.0000 

H2O 0.6033 0.4490 0.3191 0.3191 0.9862 0.0000 0.5047 0.9303 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0027 0.0055 0.0055 0.0055 0.0000 0.0000 0.0087 0.0000 

N2 0.0033 0.0067 0.0067 0.0067 0.0000 0.0000 0.0106 0.0000 

NH3 0.0014 0.0028 0.0028 0.0028 0.0000 0.0000 0.0044 0.0000 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                  

Molar Flow (kmol/hr) 60,133 29,780 29,780 0 182,419 10,952 18,829 193,370 

Mass Flow (kg/hr) 1,133,471 696,579 696,579 0 3,351,838 481,977 214,602 3,833,815 

Temperature (C) 300 340 462 462 340 350 350 40 

Pressure (MPa) 4.60 4.65 4.65 4.65 4.60 4.62 4.62 4.58 

Enthalpy (kJ/kg) -10,229.30 -8,873.85 -8,873.78 -8,873.78 -12,761.76 -8,640.98 -10,026.84 -14,769.86 
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  CO2 exit 
Rcy AR 

sweep 
H2O 

Cool MR 
perm 

Pump exit 
Rcy AR 

sweep 
Rcy MR 

water 
MR-H2 

MR rcy 
pump exit 

V-L mole fraction                 

Ar 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0033 0.0000 0.0000 0.0000 0.0135 0.0000 

CO2 0.9967 0.0138 0.0052 0.0138 0.0138 0.0003 0.0202 0.0003 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.2369 0.0000 0.0000 0.0001 0.9642 0.0001 

H2O 0.0033 0.9862 0.7546 0.9862 0.9862 0.9996 0.0020 0.9996 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

N2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NH3 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                  

Molar Flow (kmol/hr) 10,989 182,381 30,353 182,381 182,381 22,899 7,455 22,899 

Mass Flow (kg/hr) 482,662 3,351,153 436,891 3,351,153 3,351,153 412,668 24,223 412,668 

Temperature (C) 40 40 40 40 340 40 40 40 

Pressure (MPa) 4.58 4.58 4.45 4.60 4.60 4.40 4.40 4.65 

Enthalpy (kJ/kg) -8,989.41 -15,602.41 -15,100.09 -15,602.38 -12,761.76 -15,814.29 -2,932.87 -15,813.99 
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Rcy MR 

sweep reheat 
MR-AR 

stream 
MR-AR exit Pure CO2 MP MR-H2 

MU perm 
sweep 

Hot AR inlet 
AR regen 

exit stream 

V-L mole fraction                 

Ar 0.0000 0.0071 0.0071 0.0000 0.0000 0.0000 0.0063 0.0000 

CH4 0.0000 0.0010 0.0010 0.0000 0.0000 0.0000 0.0008 0.0000 

CO 0.0000 0.0092 0.0092 0.0000 0.0135 0.0000 0.1346 0.0000 

CO2 0.0003 0.0073 0.0073 0.9967 0.0202 0.0000 0.2393 0.0697 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0001 0.5962 0.5962 0.0000 0.9642 0.0000 0.1550 0.0000 

H2O 0.9996 0.3621 0.3621 0.0033 0.0020 1.0000 0.4490 0.9303 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0062 0.0062 0.0000 0.0000 0.0000 0.0055 0.0000 

N2 0.0000 0.0076 0.0076 0.0000 0.0000 0.0000 0.0067 0.0000 

NH3 0.0000 0.0032 0.0032 0.0000 0.0000 0.0000 0.0028 0.0000 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                  

Molar Flow (kmol/hr) 22,899 26,283 26,283 10,989 7,455 7,544 29,780 193,370 

Mass Flow (kg/hr) 412,668 238,825 238,825 482,662 24,223 135,906 696,579 3,833,815 

Temperature (C) 268 272 272 40 49 288 340 338 

Pressure (MPa) 4.60 4.62 4.62 4.58 4.79 5.33 4.65 4.60 

Enthalpy (kJ/kg) -13,070.19 -9,298.73 -9,298.73 -8,989.41 -2,848.16 -13,046.70 -8,873.85 -12,247.86 
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Table 5. 5: AGR stream table of the MR-AR IGCC plant 

  
To Hg 

removal 
(21) 

To AGR 
(25) 

Warm 
Syn to 

AGR 

Acid gas 
(27) 

Clean 
Gas (26) 

TG to 
AGR 
(28) 

Clean gas Acid gas 
N2 to 
AGR 

V-L mole fraction                   

Ar 0.0112 0.0109 0.0112 0.0000 0.0112 0.0082 0.0112 0.0000 0.0000 

CH4 0.0015 0.0015 0.0015 0.0000 0.0015 0.0000 0.0015 0.0000 0.0000 

CO 0.0145 0.0140 0.0145 0.0000 0.0143 0.0053 0.0143 0.0000 0.0000 

CO2 0.0114 0.0133 0.0114 0.0901 0.0113 0.1379 0.0114 0.0901 0.0000 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.9392 0.9037 0.9392 0.0000 0.9257 0.1176 0.9257 0.0000 0.0000 

H2O 0.0008 0.0008 0.0008 0.0171 0.0004 0.0025 0.0004 0.0171 0.0000 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0094 0.0093 0.0094 0.3930 0.0000 0.0189 0.0000 0.3930 0.0000 

N2 0.0120 0.0464 0.0120 0.4967 0.0355 0.7096 0.0355 0.4967 0.9968 

NH3 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

O2 0.0000 0.0001 0.0000 0.0031 0.0000 0.0000 0.0000 0.0031 0.0032 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                    

Molar Flow (kmol/hr) 16,685 17,376 16,685 411 16,964 290 16,965 411 402 

Mass Flow (kg/hr) 65,818 85,008 65,818 13,029 71,931 7,918 71,978 13,029 11,271 

Temperature (C) 23 40 37 27 18 38 18 27 196 

Pressure (MPa) 4.36 3.24 4.27 3.96 3.96 4.21 3.96 3.96 3.24 

Enthalpy (kJ/kg) -1,689.46 -1,397.53 -1,589.79 -1,548.95 -1,526.03 -2,042.21 -1,530.91 -1,548.95 178.01 
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Table 5. 6: Power block stream table of the MR-AR IGCC plant 

  
Clean Gas 

(26) 
Hot 

syngas 
Air (34) Comp. air 

Syngas 
to CT 

(33) 
Air to CT 

To 
combustion 

Comb 
Prod 

Flue gas 
(35) 

V-L mole fraction                   

Ar 0.0112 0.0112 0.0092 0.0092 0.0112 0.0092 0.0084 0.0089 0.0089 

CH4 0.0015 0.0015 0.0000 0.0000 0.0015 0.0000 0.0002 0.0000 0.0000 

CO 0.0143 0.0143 0.0000 0.0000 0.0143 0.0000 0.0017 0.0000 0.0000 

CO2 0.0113 0.0113 0.0003 0.0003 0.0113 0.0003 0.0016 0.0036 0.0036 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.9257 0.9257 0.0000 0.0000 0.9257 0.0000 0.1091 0.0000 0.0000 

H2O 0.0004 0.0004 0.0099 0.0099 0.0004 0.0099 0.1240 0.2471 0.2471 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

N2 0.0355 0.0355 0.7732 0.7732 0.0355 0.7732 0.5963 0.6313 0.6313 

NH3 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

O2 0.0000 0.0000 0.2074 0.2074 0.0000 0.2074 0.1588 0.1091 0.1091 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                    

Molar Flow (kmol/hr) 16,964 16,964 110,259 110,259 16,964 110,259 143,973 135,999 135,999 

Mass Flow (kg/hr) 71,931 71,931 3,181,588 3,181,588 71,931 3,181,581 3,555,267 3,555,252 3,555,252 

Temperature (C) 18 241 15 433 219 433 387 1,206 615 

Pressure (MPa) 3.96 3.81 0.10 1.77 3.17 1.77 1.77 1.77 0.10 

Enthalpy (kJ/kg) -1,526.03 -6.04 -97.48 342.24 -156.07 342.24 -799.20 -799.20 -1,613.23 
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Air 

loss 
Cool flue 

gas 
FG to 
stack 

H2O-CT 
H2O 

pump 
exit 

Dry FG 
Rcy H2O 

dilution 
Diluent 

H2O 
Rcy 

diluent 

To 
process 
drum-1 

V-L mole fraction                     

Ar 0.0092 0.0089 0.0103 0.0000 0.0000 0.0103 0.0000 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO2 0.0003 0.0036 0.0042 0.0000 0.0000 0.0042 0.0000 0.0000 0.0000 0.0000 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2O 0.0099 0.2471 0.1211 1.0000 1.0000 0.1211 1.0000 1.0000 1.0000 1.0000 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

N2 0.7732 0.6313 0.7369 0.0000 0.0000 0.7369 0.0000 0.0000 0.0000 0.0000 

NH3 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

O2 0.2074 0.1091 0.1274 0.0000 0.0000 0.1274 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                      

Molar Flow 
(kmol/hr) 0 135,999 116,509 16,750 16,750 116,509 19,491 16,750 16,750 2,741 

Mass Flow (kg/hr) 8 3,555,252 3,204,123 301,755 301,755 3,204,123 351,130 301,755 301,755 49,375 

Temperature (C) 433 50 50 288 50 50 50 50 50 50 

Pressure (MPa) 1.77 0.10 0.10 3.10 3.10 0.10 0.10 0.10 0.10 0.10 

Enthalpy (kJ/kg) 342.24 -2,549.27 -1,099.38 
-

12,987.32 
-

15,776.06 -1,099.38 
-

15,779.72 
-

15,779.72 
-

15,779.72 
-

15,779.72 
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Table 5. 7: CO2 compression and drying stream table of the MR-AR IGCC plant 

  
CO2 vent 

gas 
Stg 8 out CO2 prod 

CO2 prod 
(43) 

CO2 
Dryer vent 

(42) 

Stream 
(41) 

To dryer Pure CO2 

V-L mole fraction                 

Ar 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CH4 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

CO2 0.0237 0.9992 0.9992 0.9992 0.0237 0.9992 0.9967 0.9967 

COS 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2O 0.9763 0.0008 0.0008 0.0008 0.9763 0.0008 0.0033 0.0033 

HCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

H2S 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

N2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NH3 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

O2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

SO2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaCl 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

NaOH 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 

                  

Molar Flow (kmol/hr) 28 10,961 10,961 10,961 28 10,961 10,989 10,989 

Mass Flow (kg/hr) 526 482,136 482,136 482,136 526 482,136 482,662 482,662 

Temperature (C) 29 149 30 30 29 29 40 40 

Pressure (MPa) 2.50 15.27 15.27 15.27 2.50 4.27 4.58 4.58 

Enthalpy (kJ/kg) -15,488.84 -8,916.79 -9,197.91 -9,197.91 -15,488.84 -8,994.18 -8,989.41 -8,989.41 
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5.8 MR-AR IGCC plant – Performance Results 

 

 The MR-AR IGCC plant modeling basis was presented in Table 5.1. The MR-AR IGCC 

plant produces a net output of 586 MW at a net plant efficiency of 35.5 percent (HHV basis). 

Overall performance for the entire plant is summarized in Table 5.8. 

 Table 5.9 provides a detailed breakdown of the auxiliary power requirements. The ASU 

accounts for nearly 74 percent of the auxiliary load between the MAC, N2 compressor, O2 

compressor, and ASU auxiliaries. The single-stage Selexol process and CO2 compression account 

for an additional 8 percent of the auxiliary power load. The BFW pumps and cooling water system 

(circulating water pumps and cooling tower fan) compose over 7 percent of the load with all other 

systems together constituting the remaining 11 percent of the auxiliary load. 

Table 5. 8: MR-AR IGCC plant performance summary 

Performance Summary 

 Case B5B MR-AR 

Combustion Turbine Power, MWe 464 464 

Sweet Gas Expander, MWe 3 3 

Steam Turbine Power, MWe 274 274 

Total Gross Power, MWe 741 741 

Air Separation Unit Main Air Compressor, kWe 71,280 71,280 

Air Separation Unit Booster Compressor, kWe 5,610 5,610 

Nitrogen Compressors, kWe 36,580 36,580 

CO2 Compression, kWe 31,670 9,327 

Acid Gas Removal, kWe 11,550 2,950 

Balance of Plant, kWe 28,080 28,977 

Total Auxiliaries, MWe 185 155 

Net Power, MWe 556 586 

HHV Net Plant Efficiency (%) 33.7% 35.5% 

HHV Net Plant Heat Rate, kJ/kWh (Btu/kWh) 10,675 (10,118) 10,131 (9,603) 

HHV Cold Gas Efficiency, % 79.0% 79.0% 

HHV Combustion Turbine Efficiency, % 36.4% 36.4% 
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LHV Net Plant Efficiency (%) 35.0% 36.8% 

LHV Net Plant Heat Rate, kJ/kWh (Btu/kWh) 10,296 (9,759) 9,772 (9,262) 

LHV Cold Gas Efficiency, % 75.7% 75.7% 

LHV Combustion Turbine Efficiency, % 42.8% 42.8% 

Steam Turbine Cycle Efficiency, % 43.1% 43.1% 

Steam Turbine Heat Rate, kJ/kWh (Btu/kWh) 8,356 (7,920) 8,356 (7,920) 

Condenser Duty, GJ/hr (MMBtu/hr) 1,555 (1,474) 1,555 (1,474) 

AGR Cooling Duty, GJ/hr (MMBtu/hr) 147 (140) 147 (140) 

As-Received Coal Feed, kg/hr (lb/hr) 
218,895 

(482,580) 
218,895 

(482,580) 

HHV Thermal Input, kWt 1,649,926 1,649,926 

LHV Thermal Input, kWt 1,591,374 1,591,374 

Raw Water Withdrawal, (m3/min)/MWnet 

(gpm/MWnet) 
0.037 (9.9) 0.034 (9.0) 

Raw Water Consumption, (m3/min)/MWnet 
(gpm/MWnet) 

0.030 (7.9) 0.026 (6.9) 

O2:As-Received Coal 0.760 0.760 

 

Table 5. 9: MR AR IGCC plant power summary 

Power Summary 

 Case B5B MR-AR 

Combustion Turbine Power, MWe 464 464 

Sweet Gas Expander, MWe 3 3 

Steam Turbine Power, MWe 274 274 

Total Gross Power, MWe 741 741 

Auxiliary Load Summary 

Acid Gas Removal, kWe 11,550 2,950 

Air Separation Unit Auxiliaries, kWe 1,000 1,000 

Air Separation Unit Main Air Compressor, kWe 71,280 71,280 

Air Separation Unit Booster Compressor, kWe 5,610 5,610 

Ammonia Wash Pumps, kWe 90 90 

Circulating Water Pumps, kWe 4,850 4,850 

Claus Plant TG Recycle Compressor, kWe 1,080 1,080 

Claus Plant/TGTU Auxiliaries, kWe 250 250 

CO2 Compression, kWe 31,670 9,327 

Coal Dryer Air Compressor, kWe 0 0 
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Coal Handling, kWe 470 470 

Coal Milling, kWe 2,250 2,250 

Combustion Turbine Auxiliaries, kWe 1,000 1,000 

Condensate Pumps, kWe 270 270 

Cooling Tower Fans, kWe 2,510 2,510 

Feedwater Pumps, kWe 3,840 3,840 

Gasifier Water Pump, kWe 0 0 

Ground Water Pumps, kWe 500 500 

H2 Permeate Compressor, kWe 0 572 

Miscellaneous Balance of PlantA, kWe 3,000 3,000 

MR-AR recycle water pumps, kWe 0 57 

N2 Compressors, kWe 36,580 36,580 

N2 Humidification/CT steam dilution pump, kWe 0 277 

O2 Pump, kWe 480 480 

Quench Water Pump, kWe 400 400 

Shift Steam Pump, kWe 210 202 

Slag Handling, kWe 1,150 1,150 

Slag Reclaim Water Recycle Pump, kWe 0 0 

Slurry Water Pump, kWe 190 190 

Sour Gas Compressors, kWe 0 0 

Sour Water Recycle Pumps, kWe 10 10 

Steam Turbine Auxiliaries, kWe 200 200 

Syngas Recycle Compressor, kWe 0 0 

Syngas Scrubber Pumps, kWe 140 140 

Process Water Treatment Auxiliaries, kWe 1,320 1,320 

Transformer Losses, kWe 2,870 2,870 

Total Auxiliaries, MWe 185 155 

Net Power, MWe 556 586 

Aincludes plant control systems, lighting, HVAC and miscellaneous low voltage loads 

 

5.8.1 Environmental Performance 

 

A summary of the plant air emissions for the MR-AR IGCC plant is presented in Table 

5.10.   
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Table 5. 10: MR-AR air emissions 

 kg/GJ (lb/MMBtu) Tonne/year (ton/year)A kg/MWh (lb/MWh)B 

SO2 0.000 (0.000) 0 (0) 0.000 (0.000) 

NOX 0.021 (0.048) 858 (945) 0.165 (0.364) 

Particulate 0.003 (0.007) 127 (140) 0.024 (0.054) 

Hg 1.70E-7 (3.95E-7) 0.007 (0.008) 1.36E-6 (3.00E-6) 

HCl 0.000 (0.000) 0.00 (0.00) 0.000 (0.000) 

CO2 4 (7) 154,905 (170,754) 30 (66) 

CO2
C - - 38 (83) 

ACalculations based on an 80 percent capacity factor 
BEmissions are based on gross power except where otherwise noted  
CCO2 emissions based on net power instead of gross power 

 

The low level of SO2 emissions is achieved by capturing the sulfur in the gas by the single-

stage Selexol AGR process. The H2S-laden gas from the Selexol process is sent to the Claus plant 

to produce elemental sulfur and the Claus plant tail gas is hydrogenated to convert all sulfur species 

to H2S and then recycled to the single-stage Selexol process.  

NOX emissions are limited by N2/steam dilution. NH3 in the syngas is removed in the NH3 

wash column process condensate prior to the AGR process. This lowers NOX emissions as well. 

Particulate discharge to the atmosphere is limited via syngas quenching, in addition to the syngas 

scrubber and gas washing effect of the AGR absorber. 97% of the mercury is captured from the 

syngas by dual activated carbon beds. 

The overall carbon removal of the MR-AR system is 96 percent. The carbon balance for 

the MR-AR IGCC plant is shown in Table 5.11. The carbon input consists of carbon in the air and 

carbon in coal. Carbon leaves the plant as unburned carbon in the slag, captured CO2 product, and 

CO2 in the stack gas (includes the ASU vent gas). The overall carbon capture efficiency is 

calculated using the formula: 
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( ) ( )
13,287

1 *100 1 * 100 96%
308,796 6,152

Carbon in Stack

Total Carbon In Carbon in Slag

     
− = − =       − −    

 

Table 5. 11: MR-AR carbon balance 

Carbon In Carbon Out 

 kg/hr (lb/hr)  kg/hr (lb/hr) 

Coal 139,534 (307,620) Stack Gas 6,027 (13,287) 

Air (CO2) 534 (1,176) CO2 Product 134,040 (295,507) 

  Slag 2,791 (6,152) 

Total 140,067 (308,796) Total 140,067 (308,796) 

 

Table 5.12 shows the sulfur balance for the MR-AR IGCC plant. Sulfur input comes from 

the coal and sulfur output includes recovered sulfur in the Claus plant and in the CO2 product. 

Table 5. 12: MR-AR sulfur balance 

Sulfur In Sulfur Out 

 kg/hr (lb/hr)  kg/hr (lb/hr) 

Coal 5,486 (12,095) Stack Gas - 

  CO2 Product 1 (2) 

  Elemental Sulfur 5,486 (12,094) 

Total 5,486 (12,095) Total 5,486 (12,095) 

 

Table 5.13 shows the overall water balance for the plant.  

Table 5. 13: MR-AR water balance 

Water Use 

Water 

Demand 

Internal 

Recycle 

Raw Water 

Withdrawal 

Process 

Water 

Discharge 

Raw Water 

Consumption 

m3/min 

(gpm) 

m3/min 

(gpm) 

m3/min 

(gpm) 

m3/min 

(gpm) 

m3/min 

(gpm) 

Slag Handling 0.52 (138) 0.52 (138) - - - 

Slurry Water 1.50 (396) 1.50 (396) - - - 

Gasifier Water - - - - - 

Quench 2.90 (767) 2.90 (767) - - - 

HCl Scrubber 2.69 (712) 2.69 (712) - - - 

NH3 Scrubber 0.94 (248) 0.00 (0) 0.94 (248) - 0.94 (248) 
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Gasifier Steam - - - - - 

Condenser 

Makeup 
0.21 (55) - 0.21 (55) - 0.21 (55) 

BFW Makeup 0.21 (55) - 0.21 (55) - 0.21 (55) 

Gasifier Steam - - - - - 

MR Shift 

Steam 
- - - - - 

MR Sweep 
steam 

9.01 (2,380) 9.01 (2,380) - - - 

AR Shift 
Steam 

- - - - - 

AR Regen 
steam 

54.00 
(14,265) 

54.00 
(14,265) 

- - - 

CT steam 
dilution 

4.96 (1,310) 4.96 (1,310) - - - 

Process Drum - - - 0.19 (50) -0.19 (-50) 

Cooling 

Tower 

18.90 

(4,992) 
0.23 (62) 

18.66 

(4,930) 

4.25 

(1,123) 
14.41 (3,808) 

BFW 
Blowdown 

- 0.21 (55) -0.21 (-55) - -0.21 (-55) 

ASU Knockout - 0.02 (6) -0.02 (-6) - -0.02 (-6) 

Total 
95.63 

(25,263) 

75.81 

(20,027) 

19.82 

(5,236) 

4.44 

(1,173) 
15.38 (4,063) 

 

5.9 Major Equipment List 

 

The MR-AR parametric details and the MR species permeances for the MR-AR plant are 

shown in Tables 5.14 and 5.15 respectively, and the design conditions of the major equipment of 

syngas clean-up, which contains the MR-ARs, are presented in Table 5.16. All other major plant 

equipment is the same as the baseline case. A 10 percent and 21 percent contingency has been 

applied for flows and heat duties, and on pump and fans respectively. 
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Table 5. 14: MR-AR parametric details 

Description Value 

Membrane Reactor (MR) 

TiD  (MR Membrane tube inner diameter) 3.5 mm 

ToD  (MR Membrane tube outer diameter) 5.7 mm 

TL  (MR Membrane tube length) 1 m 

BiD (MR Bundle inner diameter) 98.55 mm 

BoD (MR Bundle outer diameter) 101.6 mm 

BL (MR Bundle length) 1 m 

ViD (MR Vessel inner diameter) 4.27 m 

VoD (MR Vessel outer diameter) 4.28 m 

VL (MR Length of vessel) 6 m 

tbN (MR tubes in bundle) 85 

c

bvN (MR bundles in vessel cross-section) 3,100 

l

bvN (MR bundles in vessel length) 6 

Adsorptive Reactor (AR) 

ARiD (AR Vessel inner diameter) 5.20 m 

ARoD (AR Vessel outer diameter) 5.21 m 

ARL (AR Length of vessel) 8 m 

ARN (AR Vessels) 30 

 

Table 5. 15: Species permeances for Membrane Reactor 

Species/ 

Unit 
H2 H2O CO CO2 CH4 N2 

( )3

2

m STP

m h bar
 0.84 0.28 0.0073 0.0145 0.00168 0.016 

2

mol

m h bar
 37.52 12.51 0.3263 0.6468 0.07504 0.7147 
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GPU* 311.11 103.70 2.705 5.364 0.6222 5.9259 

*1 GPU = 0.0027   
( )3

2

m STP

m h bar
 = 0.1206 

2

mol

m h bar
 

Table 5. 16: MR-AR IGCC plant major equipment list (syngas cleanup) 

Equip. 

No. 

Description Type Design Condition Operating 

Qty. 

1 Mercury Adsorber 1 

Same as baseline case B5B 2 Mercury Adsorber 2 

3 Sulfur Plant 

4a 
Membrane Reactors 
(MR) 

CMS 
Membranes 

209 kg/hr (461 lb/hr) to each 

3,100 bundles @ 300 
bundles/vesssel; 201oC 

(394oF), 5.32 MPa (772 psia) 

11  

4b 
Adsorptive Reactors 
(AR) 

Packed 
vessel 

51,083 kg/hr (112,619 lb/hr) 
to each 15 no. vessel; 340oC 
(396oF), 4.65 MPa (674 psia) 

15 

(Adsorption) 
15 

(Desorption) 

5 
MR-AR Heat 
Recovery Exchangers 

Shell and 
Tube 

MR 1: Heat Duty: 1,217 GJ/hr (1,154 
MMBtu/hr) 

MR 2: Heat Duty: 1,158 GJ/hr (1,097 

MMBtu/hr) 
AR 1: Heat Duty: 9,942 GJ/hr (9,423 

MMBtu/hr) 
AR 2: Heat Duty: 10,213 GJ/hr (9,680 

MMBtu/hr) 

6 
Acid Gas Removal 
Plant 

Single-
stage 

Selexol 

44,220 kg/hr (111,448 lb/hr), 
40oC (104oF), 3.24 MPa (470 

psia) 
2 

7 
Hydrogenation 

Reactor 

Same as baseline case B5B 

8 
Tail-Gas Recycle 
Compressor 

10 CO2 Dryer 

11 CO2 Compressor 

12 CO2 Aftercooler 
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5.10 MR-AR Plant – Cost Estimating 

 

The cost estimation was performed for the MR-AR case by replicating the baseline case 

analysis and accounting for modifications. Table 5.17 shows a detailed capital cost breakdown of 

the MR-AR IGCC plant; Table 5.18 shows the owner’s costs, TOC and TASC; Table 5.19 shows 

the initial and annual O&M costs; Table 5.20 – 5.22 shows the LCOE breakdown for various case 

scenarios and Table 5.23 shows the cost of captured CO2. 

The capital cost estimation methodology follows the description of Section 2.7 and Section 

3.4.11 of the reference document13. This includes engineering and construction management cost 

of 15% of BEC, and process contingencies of 14% on gasifiers and syngas coolers, 20% for the 

Selexol unit, 5% for mercury removal, 10% for CTG and 5% for instrumentation and control. A 

process contingency of 20% was used for the MR-AR unit. 

The catalyst used for the MR-AR IGCC plant is Haldoe-Topsoe, with a density of about 

40 lb/ft3 (640 kg/m3) and a cost of $480/ft3 ($16,951/m3 or $12/lb), same as in the baseline case. 

The hydrotalcite adsorbent used in the AR is priced at $1.2/lb. The M&PT membranes are priced 

at $1,200/m2 surface area of membrane required. The membranes have a 10-year life span. The 

MR-AR pressure vessels and H2 permeate compression costs were taken from Peters et. al17 and 

updated to 2018 dollars using Chemical Engineering Plant Cost Index (CEPCI) cost indices. MR-

AR contingency costs are 23% of Bare Erected Cost (BEC). A 10% cost increase was implemented 

on the instrumentation and control cost section of the MR-AR IGCC with respect to the baseline. 

The scaled major units of the MR-AR IGCC plant are the Single-stage Selexol unit and the 

CO2 compression and drying system. The cost-scaling equation used is:  



237 
 

Exp
SP

SC RC
RP

 
=  

  , 

where: Exp – Exponent; RC – Reference Cost; RP – Reference Parameter; SC – Scaled Cost; SP– 

Scaling Parameter. The exponent factor for the various systems were taken from one of the 

reference document15. 

In both the baseline and the MR-AR IGCC plant designs, the ASU supplies only O2 to the 

gasifier and Claus plant. However, the ASU can be modified to produce saleable products 

alongside the production of the required O2, which in turn affects the plant’s overall COE. For the 

MR-AR IGCC plant, two separate scenarios, the sale of either N2 or Ar, is considered. N2 can be 

sold for approximately $30/ton18,19 wholesale. In the absence of a local market for N2 however, the 

ASU can be modified to produce high purity Ar. According to Worley, the necessary modifications 

would result in a 20% increase in the ASU capital cost, and a 7% increase in the fixed operating 

costs. Worley estimates a reasonable bulk price of Argon to fall within $1.0/kg - $1.5/kg range 

(Worley personal communication). 

A sensitivity analysis (section 5.11) was performed on membrane lifespan for the 

membranes in the MRs and the N2 sale price showing its effect on the total COE.  

The estimated TPC of the MR-AR IGCC plant featuring CO2 capture is $4,467/kW. 

Process contingency represents 5.5 percent of the TPC, and project contingency represents 14.6 

percent.  
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Table 5. 17: MR-AR IGCC plant Capital Cost Breakdown 

Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  
Bare 

Erected 

Cost 

Eng'g 

CM 

H.O. & 

Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  1 Coal & Sorbent Handling  

1.1 
Coal Receive and 

Unload 
$990  $0  $477  $0  $1,467  $220  $0  $337  $2,024  $3  

1.2 
Coal Stackout  & 

Reclaim 
$3,237  $0  $774  $0  $4,011  $602  $0  $923  $5,535  $9  

1.3 
Coal Conveyors & 

Yd Crush 
$30,879  $0  $7,860  $0  $38,739  $5,811  $0  $8,910  $53,460  $91  

1.4 Other Coal Handling $4,810  $0  $1,082  $0  $5,892  $884  $0  $1,355  $8,131  $14  

1.9 
Coal & Sorbent 

Handling 
Foundations 

$0  $87  $226  $0  $313  $47  $0  $72  $432  $1  

  Subtotal  $39,916  $87  $10,419  $0  $50,422  $7,563  $0  $11,597  $69,582  $119  

  2 Coal & Sorbent Prep & Feed  

2.1 
Coal Crushing & 

Drying 
$2,400  $145  $345  $0  $2,890  $434  $0  $665  $3,988  $7  

2.2 
Prepared Coal 

Storage & Feed 
$7,372  $1,771  $1,142  $0  $10,285  $1,543  $0  $2,366  $14,193  $24  

2.3 
Slurry Coal 

Injection System 
$7,228  $0  $3,151  $0  $10,379  $1,557  $0  $2,386  $14,322  $24  

2.4 
Miscellaneous Coal 

Preparation and 
Feed 

$728  $532  $1,567  $0  $2,827  $424  $0  $650  $3,901  $7  

2.9 
Coal & Sorbent 

Feed Foundation  
$0  $1,771  $1,520  $0  $3,291  $494  $0  $757  $4,542  $8  

  Subtotal  $17,728  $4,219  $7,725  $0  $29,672  $4,451  $0  $6,824  $40,946  $70  
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Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  Bare 

Erected 

Cost 

Eng'g 

CM 

H.O. & 
Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  3 Feedwater & Miscellaneous BOP Systems  

3.1 Feedwater System  $1,999  $3,426  $1,713  $0  $7,138  $1,071  $0  $1,642  $9,850  $17  

3.2 
Water Makeup & 

Pretreating 
$5,513  $551  $3,124  $0  $9,188  $1,378  $0  $3,170  $13,736  $23  

3.3 
Other Feedwater 

Subsystems 
$1,033  $339  $322  $0  $1,694  $254  $0  $390  $2,338  $4  

3.4 
Service Water 

Systems 
$1,648  $3,145  $10,185  $0  $14,978  $2,247  $0  $5,167  $22,392  $38  

3.5 
Other Boiler Plant 

Systems 
$268  $97  $243  $0  $608  $91  $0  $140  $839  $1  

3.6 
Natural Gas 

Pipeline and Start-
Up System 

$7,253  $312  $234  $0  $7,799  $1,170  $0  $1,794  $10,763  $18  

3.7 
Waste Water 

Treatment 
Equipment 

$7,564  $0  $4,636  $0  $12,200  $1,830  $0  $4,209  $18,239  $31  

3.8 
Vacuum Flash, 

Brine Concentrator, 
& Crystallizer 

$25,856  $0  $16,016  $0  $41,872  $6,281  $0  $14,446  $62,599  $107  

3.9 
Miscellaneous 

Plant Equipment 
$15,444  $2,026  $7,849  $0  $25,319  $3,798  $0  $8,735  $37,852  $65  

  Subtotal  $66,578  $9,896  $44,322  $0  $120,796  $18,119  $0  $39,692  $178,608  $305  
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Case: MR-AR 

MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, 
net) 

586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  Bare 

Erected 

Cost 

Eng'g 
CM 

H.O. & 

Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  4 Gasifier, ASU & Accessories  

4.1 
Gasifier and 

Auxiliaries 
(GEP) 

$513,580  $0  $282,918  $0  $796,498  $119,475  $111,510  $154,123  $1,181,606  $2,016  

4.2 Syngas Cooler w/4.1 w/4.1 w/4.1 $0  $0  $0  $0  $0  $0  $0  

4.3 
Air Separation 
Unit/Oxidant 
Compression 

$58,131  $0  $22,085  $0  $80,216  $12,032  $0  $13,837  $106,086  $181  

4.5 
Miscellaneous 

Gasification 
Equipment 

$3,913  $0  $2,156  $0  $6,069  $910  $0  $1,047  $8,026  $14  

4.6 

Low 
Temperature 

Heat 
Recovery & 

Flue Gas 
Saturation 

$45,018  $0  $17,103  $0  $62,121  $9,318  $0  $14,288  $85,727  $146  

4.7 
Flare Stack 

System 
$1,932  $0  $341  $0  $2,273  $341  $0  $392  $3,006  $5  

4.8 
Black Water 

and Sour Gas 
Section 

w/4.1 w/4.1 w/4.1 $0  $0  $0  $0  $0  $0  $0  

4.15 
Major 

Component 
Rigging 

$218  $0  $120  $0  $338  $51  $0  $58  $447  $1  

4.16 
Gasification 
Foundations 

$0  $407  $355  $0  $762  $114  $0  $219  $1,095  $2  

  Subtotal  $622,792  $407  $325,078  $0  $948,277  $142,242  $111,510  $183,964  $1,385,993  $2,365  
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Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Materi

al Cost 

Labor  Bare 

Erected 

Cost 

Eng'g 

CM 

H.O. & 
Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  5 Syngas cleanup 

5.1 Single Stage Selexol $5,158  $0  $4,347  $0 $9,505  $1,426  $1,901  $2,566  $15,398  $26  

5.2 Sulfur Removal w/5.1 w/5.1 w/5.1 $0  $0  $0  $0  $0  $0  $0  

5.3 
Elemental Sulfur 

Plant 
$48,681  $9,489  $62,377  $0  $120,547  $18,082  $0  $27,726  $166,355  $284  

5.4 
Carbon Dioxide 

(CO2) Compression & 
Drying 

$11,117  $1,668  $4,815  $0  $17,599  $2,640  $0  $4,048  $24,287  $41  

5.5 
Carbon Dioxide 

(CO2) Compressor 
Aftercooler 

$481  $76  $206 $0  $763  $114  $0  $176  $1,053  $2  

5.6 
Mercury Removal 

(Carbon Bed) 
$283  $0  $214  $0  $497  $75  $25  $119  $715  $1  

5.7 
Membrane Bundles 

for Membrane 
Reactors (MR) 

$33,973 $0  w/equip $0  $33,973  $5,096  $6,795  $7,814  $53,677  $92  

5.8 
MR-AR reactor 

vessels 
$7,889 $0  $3,156  $0  $11,045  $1,657  $2,209  $2,540  $17,451  $30  

5.9 
MR-AR Flash 

separators 
$4,737 $0  $1,895  $0  $6,631  $995  $1,326  $1,525  $10,477  $18  

5.10 
MR/AR recycle 

sweep/regen pumps 
$6,553 $0  $492  $0  $7,045  $1,057  $0  $1,620  $9,722  $17  

5.11 Perm H2 compression $1,525 $229 $660 $0  $2,413  $362  $0  $555  $3,331  $6  

5.12 
MR-AR Heat 

Exchange Network 
$51,293  $0  w/equip $0  $51,293  $7,694  $10,259  $11,797  $81,043  $138  

5.13 
Blowback Gas 

Systems 
$675  $379  $212  $0  $1,266  $190  $0  $218  $1,674  $3  

5.14 Fuel Gas Piping $0  $958  $627  $0  $1,585  $238  $0  $365  $2,187  $4  
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5.15 
Gas Cleanup 
Foundations 

$0  $227  153 $0  $380  $57  $0  $131  $568  $1  

  Subtotal  $172,365  
$13,02

5  
$79,153  $0  $264,543  $39,681  $22,514  $61,200  $387,938  $662  

 

Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  Bare 

Erected 

Cost 

Eng'g 

CM 

H.O. & 
Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  6 Combustion Turbine & Accessories 

6.1 
Combustion Turbine 

Generator 
$76,557  $0  $5,425  $0  $81,982  $12,297  $8,198  $15,372  $117,849  $201  

6.2 Syngas Expander $2,132  $0  $293  $0  $2,425  $364  $0  $418  $3,207  $5  

6.3 
Combustion Turbine 

Accessories 
$2,687  $0  $164  $0  $2,851  $428  $0  $491  $3,770  $6  

6.4 
Compressed Air 

Piping 
$0  $510  $333  $0  $843  $126  $0  $194  $1,163  $2  

6.5 
Combustion Turbine  

Foundations 
$0  $216  $250  $0  $466  $70  $0  $161  $697  $1  

6.6 
CT steam dilution 

feed pumps 
$957  $0  $72  $0  $1,029  $154  $0  $237  $1,420  $2  

6.7 KO vessel $5,996  $0  $2,399  $0  $8,395  $1,259  $1,679  $1,931  $13,264  $23  

  Subtotal  $88,329  $726  $8,935  $0  $97,991  $14,699  $9,877  $18,803  $141,370  $241  
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Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  Bare 

Erected 

Cost 

Eng'g 

CM 

H.O. & 
Fee 

Contingencies  
Total Plant 

Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  7 HRSG, Ducting, & Stack 

7.1 
Heat Recovery 

Steam Generator 
$33,953  $0  $6,574  $0  $40,527  $6,079  $0  $6,991  $53,597  $91  

7.2 
Heat Recovery 

Steam Generator 
Accessories 

$12,123  $0  $2,347  $0  $14,470  $2,171  $0  $2,496  $19,137  $33  

7.3 Ductwork $0  $1,091  $765  $0  $1,856  $278  $0  $427  $2,561  $4  

7.4 Stack $9,277  $0  $3,462  $0  $12,739  $1,911  $0  $2,197  $16,847  $29  

7.5 

Heat Recovery 
Steam Generator, 

Ductwork & Stack 
Foundations 

$0  $231  $232  $0  $463  $69  $0  $160  $693  $1  

  Subtotal  $55,353  $1,322  $13,380  $0  $70,055  $10,508  $0  $12,271  $92,835  $158  

  8 Steam Turbine and Accessories 

8.1 
Steam Turbine 

Generator & 
Accessories 

$37,092  $0  $5,757  $0  $42,849  $6,427  $0  $7,391  $56,668  $97  

8.2 
Steam Turbine Plant 

Auxiliaries 
$1,802  $0  $4,103  $0  $5,905  $886  $0  $1,019  $7,809  $13  

8.3 
Condenser & 

Auxilliaries 
$7,207  $0  $4,092  $0  $11,299  $1,695  $0  $1,949  $14,943  $25  

8.4 Steam Piping $6,720  $0  $2,914  $0  $9,634  $1,445  $0  $2,770  $13,849  $24  

8.5 
Turbine Generator 

Foundations 
$0  $281  $496  $0  $777  $117  $0  $268  $1,162  $2  

  Subtotal  $52,821  $281  $17,362  $0  $70,464  $10,570  $0  $13,397  $94,431  $161  
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Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  Bare 

Erected 

Cost 

Eng'g 

CM 

H.O. & 
Fee 

Contingencies  
Total Plant 

Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  9 Cooling Water System 

9.1 Cooling Towers $12,044  $0  $3,648  $0  $15,692  $2,354  $0  $2,707  $20,753  $35  

9.2 
Circulating Water 

Pumps 
$1,566  $0  $117  $0  $1,683  $252  $0  $290  $2,226  $4  

9.3 
Circulating Water 

System Auxilliaries 
$10,734  $0  $1,533  $0  $12,267  $1,840  $0  $2,116  $16,223  $28  

9.4 
Circulating Water 

Piping  
$0  $6,039  $5,468  $0  $11,507  $1,726  $0  $2,647  $15,880  $27  

9.5 
Make-up Water 

System 
$657  $0  $903  $0  $1,560  $234  $0  $359  $2,153  $4  

9.6 
Component Cooling 

Water System 
$219  $262  $180  $0  $661  $99  $0  $152  $912  $2  

9.7 
Circulating Water 

System Foundations 
$0  $498  $885  $0  $1,383  $207  $0  $477  $2,067  $4  

  Subtotal  $25,220  $6,799  $12,734  $0  $44,753  $6,713  $0  $8,748  $60,214  $103  

  10 Slag Recovery & Handling 

10.1 
Slag Dewatering & 

Cooling 
$2,093  $0  $1,025  $0  $3,118  $468  $0  $538  $4,124  $7  

10.2 
Gasifier Ash 

Depressurization 
$1,186  $0  $581  $0  $1,767  $265  $0  $305  $2,337  $4  

10.3 
Cleanup Ash 

Depressurization 
$533  $0  $261  $0  $794  $119  $0  $137  $1,050  $2  

10.6 Ash Storage Silos $1,182  $0  $1,276  $0  $2,458  $369  $0  $424  $3,251  $6  

10.7 
Ash Transport & 
Feed Equipment 

$455  $0  $106  $0  $561  $84  $0  $97  $742  $1  

10.8 
Miscellaneous Ash 

handling Equipment 
$65  $80  $24  $0  $169  $25  $0  $29  $224  $0  
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10.9 
Ash/Sorbent 
Foundation 

$0  $467  $607  $0  $1,074  $161  $0  $371  $1,606  $3  

  Subtotal  $5,514  $547  $3,880  $0  $9,941  $1,491  $0  $1,900  $13,332  $23  

Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  
Bare 

Erected 
Cost 

Eng'g 

CM 

H.O. & 

Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  11 Accessory Electric Plant 

11.1 Generator Equipment $2,702  $0  $2,038  $0  $4,740  $711  $0  $818  $6,269  $11  

11.2 
Station Service 

Equipment  
$4,244  $0  $364  $0  $4,608  $691  $0  $795  $6,094  $10  

11.3 
Switchgear & Motor 

Control 
$25,609  $0  $4,443  $0  $30,052  $4,508  $0  $5,183  $39,743  $68  

11.4 
Conduit & Cable 

Tray 
$0  $113  $327  $0  $440  $66  $0  $127  $633  $1  

11.5 Wire & Cable $0  $1,554  $2,778  $0  $4,332  $650  $0  $1,245  $6,227  $11  

11.6 
Protective 

Equipment 
$241  $0  $837  $0  $1,078  $162  $0  $186  $1,426  $2  

11.7 Standby Equipment $852  $0  $786  $0  $1,638  $246  $0  $283  $2,166  $4  

11.8 
Main Power 

Transformers 
$6,422  $0  $131  $0  $6,553  $983  $0  $1,130  $8,666  $15  

11.9 
Electrical 

Foundations 
$0  $74  $188  $0  $262  $40  $0  $91  $392  $1  

  Subtotal  $40,070  $1,741  $11,892  $0  $53,703  $8,056  $0  $9,858  $71,616  $122  
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Case: MR-AR 
MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, net) 586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  Bare 

Erected 

Cost 

Eng'g 

CM 

H.O. & 
Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  12 Instrumentation & Control 

12.1 
IGCC Control 

Equipment 
$642  $0  $353  $0  $995  $149  $0  $172  $1,316  $2  

12.2 
CT Control 
Equipment 

$686  $0  $49  $0  $735  $110  $0  $127  $972  $2  

12.3 
ST Control 
Equipment 

$633  $0  $98  $0  $731  $110  $0  $126  $967  $2  

12.4 
Other Major 

Component Control 
Equipment 

$1,225  $0  $835  $0  $2,060  $309  $103  $371  $2,843  $5  

12.5 
Signal Processing 

Equipment 
$950  $0  $31  $0  $981  $147  $0  $169  $1,297  $2  

12.6 
Control Boards, 
Panels & Racks 

$276  $0  $180  $0  $456  $68  $23  $109  $656  $1  

12.7 
Distributed Control 
System Equipment 

$9,974  $0  $326  $0  $10,300  $1,545  $515  $1,854  $14,214  $24  

12.8 
Instrument Wiring 

& Tubing 
$496  $397  $1,588  $0  $2,481  $372  $124  $744  $3,722  $6  

12.9 
Other 

Instrumentation and 
Controls Equipment 

$1,113  $0  $552  $0  $1,665  $250  $83  $300  $2,298  $4  

12.10 
MR-AR control 

costs 
$1,600  $40  $401  $0  $2,040  $306  $102  $368  $2,816  $5  

  Subtotal  $17,595  $437  $4,413  $0  $22,444  $3,367  $950  $4,339  $31,101  $53  

  13 Improvements to Site 

13.1 Site Preparation $0  $423  $9,633  $0  $10,056  $1,508  $0  $3,469  $15,033  $26  

13.2 Site Improvements $0  $1,914  $2,706  $0  $4,620  $693  $0  $1,594  $6,907  $12  
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13.3 Site Facilities $2,988  $0  $3,354  $0  $6,342  $951  $0  $2,188  $9,481  $16  

  Subtotal  $2,988  $2,337  $15,693  $0  $21,018  $3,153  $0  $7,251  $31,421  $54  

Case: MR-AR 

MR-AR IGCC w/CO2 

Estimate Type:  Conceptual  

 Plant Size (MW, 

net) 
586 Cost Base:  Dec 2018 

Item 

no. 
Description  

Equipment 

Cost 

Material 

Cost 

Labor  
Bare 

Erected 
Cost 

Eng'g 

CM 

H.O. & 

Fee 

Contingencies  Total Plant Cost  

Direct  Indirect  Process  Project  $/1,000  $/kW  

  14 Buildings & Structures 

14.1 
Combustion 

Turbine Area 
$0  $314  $177  $0  $491  $74  $0  $85  $650  $1  

14.2 
Steam Turbine 

Building 
$0  $2,769  $3,944  $0  $6,713  $1,007  $0  $1,158  $8,878  $15  

14.3 
Administration 

Building 
$0  $884  $640  $0  $1,524  $229  $0  $263  $2,015  $3  

14.4 
Circulation 

Water 
Pumphouse 

$0  $147  $78  $0  $225  $34  $0  $39  $298  $1  

14.5 
Water 

Treatment 
Buildings 

$0  $371  $362  $0  $733  $110  $0  $126  $969  $2  

14.6 Machine Shop $0  $488  $334  $0  $822  $123  $0  $142  $1,087  $2  

14.7 Warehouse $0  $381  $245  $0  $626  $94  $0  $108  $828  $1  

14.8 
Other 

Buildings & 
Structures 

$0  $279  $217  $0  $496  $74  $0  $86  $656  $1  

14.9 
Wate Treating 

Building & 
Structures 

$0  $765  $1,463  $0  $2,228  $334  $0  $384  $2,947  $5  

  Subtotal  $0  $6,398  $7,460  $0  $13,858  $2,079  $0  $2,391  $18,328  $31  

  Total $1,207,268  $48,222  $562,446  $0  $1,817,937  $272,691 $144,851  $382,235  $2,617,714  $4,467  
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Table 5. 18: MR-AR owner’s costs 

Description $/1,000 $/kW 

Pre-Production Costs 

6 Months All Labor $23,792  $41 

1 Month Maintenance Materials $5,922  $10 

1 Month Non-Fuel Consumables $1,597  $3 

1 Month Waste Disposal $784  $1 

25% of 1 Months Fuel Cost at 100% CF $2,288  $4 

2% of TPC $52,354  $89 

Total $86,739  $148 

Inventory Capital 

60-day supply of fuel and consumables at 
100% CF 

$21,021  $36 

0.5% of TPC (spare parts) $13,089  $22 

Total $34,109  $58 

Other Costs 

Initial Cost for Catalyst and Chemicals $23,460 $40 

Land $900 $2 

Other Owner's Costs $392,657 $670 

Financing Costs $70,678 $121 

Total Overnight Costs (TOC) $3,226,257 $5,506 

TASC Multiplier (IOU, 35 year) 1.154   

Total As-Spent Cost (TASC) $3,724,429  $6,356 
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Table 5. 19: MR-AR initial and annual operating and maintenance costs 

Case MR-AR MR-AR IGCC w/CO2 Cost Base: Dec 2018 

Plant Size (MW, 

net) 
586 

Heat rate-net 

(Btu/kWh): 
10,118 

Capacity 

Factor (%): 
80 

Operating and Maintenance Labor 

Operating Labor 
Operating Labor Requirements per 

Shift 

Operating Labor 
Rate (base): 

  38.50 $/hour 
Skilled 

Operator: 
2.0 

Operating Labor 
Burden: 

  30.00 % of base Operator: 11.0 

Labor O-H Charge 
Rate: 

  25.00 % of labor Foreman: 1.0 

        
Lab Techs, 

etc.: 
3.0 

        Total 17.0 

Fixed Operating Costs 

          Annual Cost 

          ($) 
($/kW-

net) 

Annual Operating 
Labor: 

        $7,453,446 $12.719 

Maintenance Labor:         $30,614,140 $52.243 

Administrative & 
Support Labor: 

        $9,516,897 $16.240 

Property Taxes and 
Insurance: 

        $58,312,648 $99.510 

Total         $105,897,131 $180.712 

Variable Operating Costs 

          ($) 
($/MWh-

net) 

Maintenance 
Material: 

        $56,854,832 $13.84445 

Consumables 

  
Initial 

Fill 

Per 

Day 
Per Unit Initial Fill     

Water (gal/1000): 0    5,851  $1.90  $0  $3,246,135 $0.79045 

Makeup and Waste 
Water Treatment 
Chemicals (ton): 

0 11.8 $550.00  $0  $1,898,578 $0.46231 

Sulfur-Impregnated 
Activated Carbon 

(ton): 
           78  0.107 $12,000.00  $939,432  $375,773 $0.09150 

Water Gas Shift 
(WGS) Catalyst 

(ft3): 
    6,816  10.7 $480.00  $3,271,680  $1,498,313 $0.36485 
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Adsorbent (lb): 9,048,660  56.0 $1.20  $10,858,392  $19,622 $0.00478 

Membrane packs 
(m2): 

 w/equip  n/a $1,200.00  $0  $3,397,253 $0.82725 

Selexol Solution 
(gal): 

 220,807  41.0 $38.00  $8,390,684  $454,782 $0.11074 

Sodium Hydroxide 
(50 wt%, ton): 

0.00 20.0 $600.00  $0  $3,498,833 $0.85198 

Sulfuric acid (98 
wt%, ton): 

0.00 0.353 $210.00  $0  $21,643 $0.00527 

Claus Catalyst (ft3): w/equip. 2.00 $48.00  $0  $28,053 $0.00683 

Triethylene Glycol 
(gal): 

w/equip. 452 $6.80  $0  $896,534 $0.21831 

Subtotal:       $23,460,188  $15,335,519 $3.73428 

Waste Disposal 

Sulfur-Impregnated 
Activated Carbon 

(ton): 
0 0.107 $80.00  $0  $2,505 $0.00061 

WGS Catalyst (ft3): 0 10.7 $2.50  $0  $7,804 $0.00190 

Adsorbent (lb): 0 56 $0.04  $0  $654 $0.00016 

Membrane packs 
(m2): 

0 0.0 $0.00  $0  $0 $0.00000 

Selexol Solution 
(gal): 

0 41.0 $0.35  $0  $4,190 $0.00102 

Claus Catalyst (ft3): 0 2.00 $2.50  $0  $1,461 $0.00036 

Crystallizer Solids 
(ton): 

0 37.6 $38.00  $0  $416,756 $0.10148 

Slag (ton): 0 635 $38.00  $0  $7,050,036 $1.71672 

Triethylene Glycol 
(gal): 

0 452 $0.35  $0  $46,145 $0.01124 

Subtotal:       $0  $7,529,551 $1.83349 

By-Products 

Sulfur (tons): 0 145.00 $0.00  $0  $0 $0.00000 

Subtotal:       $0  $0 $0.00000 

Variable Operating 

Costs Total: 
      $23,460,188  $79,719,902 $19.4122  

Fuel Cost 

Illionois Number 6 
(ton): 

0    5,791  $51.96  $0  $87,859,022 $21.39413 

Total:       $0  $87,859,022 $21.39413 
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Table 5. 20: MR-AR plant LCOE breakdown 

  MR-AR Baseline 

Net Power Production (MWe) 586 556 

Component 
Value, 

$/MWh 
Percentage 

Value, 

$/MWh 
Percentage 

Capital 64.1 46% 75.2 49% 

Fixed 25.8 19% 27.2 18% 

Variable 19.4 14% 19.3 13% 

Fuel 21.4 15% 22.5 15% 

Total (Excluding T&S) 130.7 N/A 144.2 N/A 

CO2 T&S 8.2 6% 8.1 5% 

Total (Including T&S) 138.9 N/A 152.3 N/A 

In the MR-AR IGCC plant, steam is used to reduce the CT firing temperature, therefore N2 

is available as a saleable product. As a result, the N2 compression power requirement (36.58 MWe) 

can be eliminated. The elimination of the N2 compression power requirement results in a net power 

production of 623 MWe. The ASU produces 588 ton/h of 99.6% pure N2, of which 576 ton/h is 

available for sale at $30/ton18,19. The remainder is used as a stripping medium in the AGR (single 

stage Selexol) unit. If N2 sale is not possible (e.g., in the absence of a local market for N2), N2 can 

be used for CT firing temperature dilution and N2 compression costs are reintroduced. The LCOE 

breakdown for N2 sales with/without N2 compression is shown in Table 5.21. If N2 is compressed 

but not sold, then the plant’s LCOE is that shown in Table 5.20. 

Table 5. 21: MR-AR plant LCOE breakdown with N2 sale @ $30/ton, with/without N2 

compression 

  MR-AR Baseline 

With N2 compression 

Net Power Production 

(MWe) 
586 556 

Component 
Value, 

$/MWh 
Percentage 

Value, 

$/MWh 
Percentage 
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Capital 64.1 59% 75.2 49% 

Fixed 25.8 24% 27.2 18% 

Variable 19.4 18% 19.3 13% 

Fuel 21.4 20% 22.5 15% 

N2 sales @ $30/ton (with 
N2 compression) 

-29.5 -27% N/A N/A 

Total (Excluding T&S) 

[with N2 compression] 
101.2 N/A 144.2 N/A 

CO2 T&S 8.2 8% 8.1 5% 

Total (Including T&S) 

[with N2 compression] 
109.5 N/A 152.3 N/A 

Without N2 compression 

Net Power Production 

(MWe) 
623 N/A 

Capital 60.4 59% N/A N/A 

Fixed 24.3 24% N/A N/A 

Variable 18.3 18% N/A N/A 

Fuel 20.1 20% N/A N/A 

N2 sales @ $30/ton (no 
N2 compression) 

-27.8 -27% N/A N/A 

Total (Excluding T&S) 

[no N2 compression] 
95.3 N/A N/A N/A 

CO2 T&S 7.7 8% N/A N/A 

Total (Including T&S) 

[no N2 compression] 
103.0 N/A N/A N/A 

 

 Another alternative is to incorporate another high-purity separation unit in the ASU that 

can deliver high-purity Ar. The process can generate approximately 10,000 kg/h of Ar. According 

to information provided by Worley, Ar can be sold at a price of 1.0 - 1.5 $/kg.  At this price range, 

the plant would generate an additional $70,080,000 - $105,120,000 of revenue per year. However, 

modifying the ASU to separate high-purity Ar would incur increased capital and fixed operating 

costs. Modifying the ASU in such a manner would result in a 20% increase in ASU capital cost 

and a 7% increase in ASU fixed operating cost (Communication with Worley). 

Increasing the capital cost of the ASU by 20% adds an additional $21,217,200 to the capital 

cost, which translates to $0.3659/MWh ($0.3441/MWh) for a net MR-AR power production of 
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586 MWe (623 MWe). It is difficult to ascertain exactly how much of the current fixed operating 

cost is attributed to the ASU as the NETL baseline document1 does not provide a unit-by-unit 

breakdown. However, if we assume the most extreme case, in which all the fixed operating cost is 

due to the ASU, then the maximum increase to the fixed operating cost is $7,412,800, which 

translates to $1.808/MWh ($1.701/MWh) for a net MR-AR power production of 586 MWe (623 

MWe). The resulting COE for this case, which accounts for Ar sales at 1.5 $/kg is shown in Table 

5.22. 

The CO2 capture costs are shown in Table 5.23 for the various scenarios of the MR-AR 

IGCC plant. 

Table 5. 22: MR-AR plant LCOE breakdown with Ar sales @ $1.5/kg, with/without N2 

compression, and a 20% and 7% increase in ASU capital cost and fixed operating cost 

respectively. 

 MR-AR Baseline 

With N2 compression 

Net Power Production (MWe) 586 556 

Component 
Value, 

$/MWh 
Percentage 

Value, 

$/MWh 
Percentage 

Capital 64.5 56% 75.2 49% 

Fixed 27.6 24% 27.2 18% 

Variable 19.4 17% 19.3 13% 

Fuel 21.4 19% 22.5 15% 

Ar sales @ $1.5/kg (with N2 compression) -25.6 -22% N/A N/A 

Total (Excluding T&S) [with N2 

compression] 
107.3 N/A 144.2 N/A 

CO2 T&S 8.2 7% 8.1 5% 

Total (Including T&S) [with N2 

compression] 
115.5 N/A 152.3 N/A 

Without N2 compression 

Net Power Production (MWe) 623 N/A 

Capital 60.7 56% N/A N/A 
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Fixed 26.0 24% N/A N/A 

Variable 18.3 17% N/A N/A 

Fuel 20.1 19% N/A N/A 

Ar sales @ $1.5/kg (no N2 compression) -24.1 -22% N/A N/A 

Total (Excluding T&S) [no N2 

compression] 
101.0 N/A N/A N/A 

CO2 T&S 7.7 7% N/A N/A 

Total (Including T&S) [no N2 

compression] 
108.7 N/A N/A N/A 

 

Table 5. 23: CO2 Capture Cost 

  
Net 

Power 

LCOE 

(excluding 

T&S) 

CO2 

captured 

Cost of 

CO2 

captured 

Plant MW $/MWh tonne/MWh $/tonne 

Reference non-capture plant COE* 650 64.4 - - 

Baseline IGCC Plant COE (case 
B5B) 

556 144.2 0.814 98.06 

MR-AR IGCC Plant (with N2 

Compression) 
585 130.7 0.823 80.60 

MR-AR IGCC Plant with N2 sales 
@ $30/ton (with N2 Compression) 

586 101.2 0.823 44.76 

MR-AR IGCC Plant with N2 sales 

@ $30/ton (with no N2 
Compression) 

623 95.3 0.774 39.87 

MR-AR IGCC Plant with Ar sales 
@ $1.5/kg (with N2 Compression) 

586 107.3 0.823 52.12 

MR-AR IGCC Plant with Ar sales 

@ $1.5/kg (with no N2 
Compression) 

623 101.0 0.774 47.24 

*The reference non-capture plant for the purpose of calculating the cost of CO2 captured is 

supercritical pulverized coal (SCPC) plant without capture (case B12A)1,2 

 

5.11 Sensitivity Analysis 

 

A sensitivity analysis was carried out on two critical technology parameters affecting the 

COE in the TEA: the membrane lifespan and the sale price of N2 from the ASU. The membrane 

lifespan assumed for the TEA presented above is 10 years, according to MP&T, a membrane 
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manufacturing company, and partners on the project. As can be seen from Table 5.24, the 

sensitivity analysis details the cost of membrane replacement for a lifespan ranging from 2 - 10 

years. A 5-year lifespan would increase the LCOE of the plant by 0.63% (0.60%), while a 2-year 

lifespan would increase the LCOE by 2.53% (2.40%), compared to a 10-year lifespan for 586 

MWe (623 MWe) net power production. 

Table 5. 24:Sensitivity analysis for Membrane Reactor lifespan 

Sensitivity Analysis - Membrane Reactor Lifespan 

With N2 Compression 

Plant Size (MW, net) 586 
Heat rate-net 

(Btu/kWh): 
10,118 

Capacity 

Factor (%): 
80 

Variable Operating Costs 

          ($) 
($/MWh-

net) 

  
Initial 

Fill 

Per 

Day 
Per Unit 

Initial 

Fill 
    

Sum of variable operating 
cost (except membrane packs) 

N/A  N/A  N/A N/A $76,322,649 $18.58496 

Membrane packs (m2) - 10 
year: 

w/equip  n/a  $1,200.00  $0  $3,397,253 $0.82725 

Membrane packs (m2) - 5 
year: 

w/equip  n/a  
$1,200.00  

$0  $6,794,506 $1.65450 

Membrane packs (m2) - 2 
year: 

w/equip  n/a  
$1,200.00  

$0  $16,986,264 $4.13624 

Variable Operating Costs 

Total - 10 year: 
        $79,719,902  $19.4122  

Variable Operating Costs 

Total - 5 year: 
        $83,117,155  $20.2395  

Variable Operating Costs 

Total - 2 year: 
        $93,308,913  $22.7212  

Total COE (excluding T&S)             

Total COE: 10 year MR 

Lifespan 
          130.7 

Total COE: 5 year MR 

Lifespan 
          131.5 

Total COE: 2 year MR 

Lifespan 
          134.0 

No N2 Compression 

Plant Size (MW, net) 623 
Heat rate-net 

(Btu/kWh): 
10,118 

Capacity 

Factor (%): 
80 
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          ($) 
($/MWh-

net) 

  
Initial 

Fill 

Per 

Day 
Per Unit 

Initial 

Fill 
    

Sum of variable operating 
cost (except membrane packs) 

N/A  N/A  N/A N/A $76,322,649 $17.49300 

Membrane packs (m2) - 10 
year: 

w/equip  n/a  $1,200.00  $0  $3,397,253 $0.77864 

Membrane packs (m2) - 5 
year: 

w/equip  n/a  
$1,200.00  

$0  $6,794,506 $1.55729 

Membrane packs (m2) - 2 
year: 

w/equip  n/a  
$1,200.00  

$0  $16,986,264 $3.89322 

Variable Operating Costs 

Total - 10 year: 
        $79,719,902 $18.2716  

Variable Operating Costs 

Total - 5 year: 
        $83,117,155  $19.0503  

Variable Operating Costs 

Total - 2 year: 
        $93,308,913  $21.3862  

Total COE (excluding T&S)             

Total COE: 10 year MR 

Lifespan 
          129.6 

Total COE: 5 year MR 
Lifespan 

          130.4 

Total COE: 2 year MR 
Lifespan 

          132.7 

 

 The ASU produces 588 ton/h of pure N2, of which 576 ton/h could be sold at about 

$30/ton18,19. However, the cost of semi-pure (99%) bulk Nitrogen has been quoted at 

approximately $414/ton by different N2 providers such as Praxair and West Air Gas. This value 

accounts for transportation, storage, and delivery costs12. Table 5.25 details the sensitivity analysis 

carried out for N2 sale prices varying from $1/ton to $414/ton. If N2 is sold at $1/ton, this would 

make the MR-AR design’s LCOE to be 10.04% (15.32%) lower than the baseline LCOE for a net 

power production of 586 MWe (623 MWe). A N2 sale price of $414/ton would result in negative 

LCOE. 
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Table 5. 25: Sensitivity analysis for N2 sale price 

  MR-AR Baseline 

With N2 compression 

Net Power Production (MWe) 586 556 

Component 
Value, 

$/MWh 

Value, 

$/MWh 

Capital 64.1 75.2 

Fixed 25.8 27.2 

Variable 19.4 19.3 

Fuel 21.4 22.5 

Total (Excluding T&S) 130.7 144.2 

N2 sales @ $1/ton -1.0 N/A 

N2 sales @ $414/ton -406.9 N/A 

Total (Excluding T&S) with N2 sales @$1/ton 129.7 N/A 

Total (Excluding T&S) with N2 sales @$414/ton -276.2 N/A 

Without N2 compression 

Net Power Production (MWe) 623 556 

Component 
Value, 

$/MWh 

Value, 

$/MWh 

Capital 60.4 75.2 

Fixed 24.3 27.2 

Variable 18.3 19.3 

Fuel 20.1 22.5 

Total (Excluding T&S) 123.0 144.2 

N2 sales @ $1/ton -0.9 N/A 

N2 sales @ $414/ton -383.0 N/A 

Total (Excluding T&S) with N2 sales @$1/ton 122.1 N/A 

Total (Excluding T&S) with N2 sales @$414/ton -260.0 N/A 

 

5.12 Conclusions 

 

A detailed TEA of an MR-AR IGCC plant has been presented in this report. When 

compared to the baseline IGCC plant, (case B5B), the MR-AR plant with N2 sales at $30/ton (no 

N2 compression) achieves a higher carbon capture rate (96% vs. 90%), a higher net power 

production (623 MWe vs. 556 MWe), lower CO2 capture costs (39.9 $/tonne vs. 98.1 $/tonne) and 
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lower LCOE (95.3 $/MWh vs.144.2 $/MWh). A summary of key performance indices for all cases 

is presented in Table 5.26.  
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Table 5. 26: Overall performance comparison of the baseline and MR-AR IGCC plant 

  
Case B5B 

(Baseline) 

MR-AR 

with N2 

compression 

MR-AR (N2 

sale @ 

$30/ton, no 

N2 

compression) 

MR-AR (N2 

sale @ 

$30/ton, N2 

compression) 

MR-AR (Ar 

sale @ 

$1.5/kg, no 

N2 

compression) 

MR-AR (Ar 

sale @ 

$1.5/kg, N2 

compression) 

Target 

Carbon 
capture 

90% 96% 96% 96% 96% 96% N/A 

CO2 purity 99.5% 99.9% 99.9% 99.9% 99.9% 99.9% 95.0% 

Net power 
production 

(MWe) 

556 586 623 586 623 586 N/A 

LCOE 
(excluding 

T&S), $/MWh 

144.2 130.7 95.3 101.2 101.0 107.3 100.9 

CO2 captured 
cost, $/tonne 

98.1 84.7 41.3 46.5 49.2 54.4 N/A 
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5.13 Notation 

 

AGR Acid gas removal 

AR  Adsorptive reactor 

Ar Argon 

ASU Air separation unit 

BEC Bare erected cost 

BFW Boiler feed water 

CCS  Carbon capture and sequestration 

CF Capacity factor 

CH4 Methane 

CMS Carbon molecular sieve 

CO Carbon monoxide 

CO2 Carbon dioxide 

COE Cost of electricity 

COS Carbonyl sulfide 

CT Combustion turbine 

CTG Combustion turbine-generator 

DOE Department of Energy 

GEP General Electric Power 

GPU Gas permeation unit 

H2 Hydrogen 

H2O Water/Steam 

H2S Hydrogen sulfide 

Hcl Hydrochloric acid 

Hg Mercury 

HHV High heating value 

HP High pressure 
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HRSG Heat recovery steam generator 

HSS Heat stable salt 

IGCC Integrated gasification combined cycle 

IP  Intermediate pressure 

KO Knockout 

LCOE Levelized cost of electricity 

LHV Lower heating value 

LNB Low NOX burner 

LP Low pressure 

LTHR Low temperature heat recovery 

MAC Main air compressor 

MNQC Multi nozzle quiet combustor 

MPa Megapascal 

MR Membrane reactor 

MW Megawatt 

MWe Megawatt electric 

MWh Megawatt-hour 

N2 Nitrogen 

NaCl Sodium chloride 

NaOH Sodium hydroxide 

NETL National Energy Technology Laboratory 

NH3 Ammonia 

NOx Oxides of nitrogen 

O2 Oxygen 

PFD Process flow diagram 

ppmvd Parts per million volume, dry 

ppmw Parts per million weight 
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SO2 Sulfur dioxide 

SGS  Sour gas shift 

SRU Sulfur recovery unit 

ST Steam turbine 

T&S Transportation and storage 

TASC Total As-Spent Cost 

TDS Total dissolved solids 

TEA Technoeconomic analysis 

TEG Triethylene glycol 

TG Tail gas 

TGTU Tail gas treatment unit 

TOC Total Overnight Cost 

TPC Total Plant Cost 

tpd Ton per day 

WGS Water gas shift 

WGSR Water gas shift reaction 

ZLD Zero liquid discharge 

$/kW Dollars per kilowatt 
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CHAPTER 6 

 

Synthesis of Globally Optimum Reactive Distillation Networks: Application to Quaternary 

Azeotropic Mixtures 

6.1 Abstract 

 

 The Infinite DimensionAl State-Space (IDEAS) conceptual framework is applied to the 

synthesis of Reactive Distillation (RD) networks featuring Isopropyl Acetate (IPAc) production 

from Acetic acid and Isopropanol. The RD network contains Vapor-Liquid Equilibrium (VLE), 

Vapor-Liquid-Liquid Equilibrium (VLLE) and Liquid-Liquid Equilibrium (LLE) flashes, with 

each flash containing varying liquid holdup, and kinetic reactions occurring in the liquid phase. 

The resulting Infinite Linear Program (ILP) of the network is solved for two objective functions: 

the maximization of IPAc purity in the RD distillate stream and the minimization of total network 

vapor flow rate. The ILP solution, approximated by a converging series of optimum solutions of 

finite linear programs of increasing size, delivers a distillate maximum IPAc purity of 96%, and a 

minimum total network vapor flow rate of 98.8 kmol/h for a network feed flow rate of 100 kmol/h 

of Acetic acid and 100 kmol/h of Isopropanol only. 

6.2 Introduction 

 

 Reactive Distillation (RD), the combination of reaction and distillation operations, is a 

success story of Process Intensification (PI). RD offers numerous advantages over traditional 

reaction/separation processes, some of which include reduced capital cost, increased  reactant 

conversion, improved product selectivity, azeotropic separation, elimination of hot spots, and 

prevention of the formation of undesired products1–3. As such, RD is useful for equilibrium limited 

reactions like esterification, transesterification, etherification, hydrolysis, alkylation, and 



267 
 

acetylation2,3. In recent times, classical RD techniques have been further intensified by combining 

it with other PI techniques. Kiss et. al2 in a recent review of RD technologies discussed some of 

these intensified RD processes which include Reactive dividing-wall columns (R-DWC), Reactive 

or catalytic cyclic distillation (CCD), Reactive heat-integrated distillation column (R-HIDiC), 

Reactive HiGee distillation (R-HiGee), Membrane-assisted reactive distillation (M-RD), 

Microwave-assisted reactive distillation and Ultrasound-assisted reactive distillation (US-RD). 

Others include Pressure-swing RD (PSRD), Reactive distillation-pervaporation coupled process 

(RD-PV) and entrainer enhanced reactive distillation (ERD)3. RD has some potential drawbacks 

such as reduced flexibility because of integration with various process units, volatility constraints, 

operating window constraints, presence of reactive azeotropes and possible occurrence of multiple 

steady states4,5. One of the best-known applications of RD is in esterification reactions and so in 

this work, we focus on the global optimization of RD networks with application to the synthesis 

of Isopropyl Acetate (IPAc).   

 IPAc, like other acetate esters, are important solvents and they are used to produce 

varnishes, ink, synthetic resins, and adhesive agents6,7. IPAc is produced by the esterification 

reaction of acetic acid (AA) and isopropanol (IPOH), with water (H2O) as a byproduct alongside 

IPAc. For this quaternary system, three binary minimum boiling azeotropes (IPAc/H2O, 

IPOH/IPAc, IPOH/H2O)8, a ternary minimum boiling azeotrope (IPOH/IPAc/H2O)8, and a 

quaternary reactive azeotrope (AA/IPOH/IPAc/H2O)9–11 exist for the system. Although the 

quaternary system is amenable to RD, the presence of these azeotropes makes IPAc separation 

difficult. Therefore, it has been reported that a conventional RD column is incapable of prod ucing 

pure IPAc12–15.  
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 Because of this difficulty, the recovery of high purity IPAc is only possible via downstream 

processing of the RD distillate stream. For the IPAc system, the presence of a large liquid -liquid 

(LL) envelope necessitates the employment of a “type II process configuration” as described by 

Tang et. al16. This process configuration involves placing a decanter between the RD column and 

a stripping column. The decanter separates the two liquid phases and removes the water-rich 

(aqueous) phase, while the stripping column purifies the IPAc product. The IPAc purity of the RD 

distillate affects downstream processing (and by extension, process economics) as it determines 

the size (cost) of separation equipment. Therefore, it is desirable to maximize the IPAc purity in 

the distillate stream of the RD column. 

 Different IPAc purity values of RD distillate streams have been reported in literature for 

various RD column and operating configurations: 59.95%, for a type II RD configuration with a 

decanter6; 58%, for a double-feed hybrid column with a reactive middle section and non-reactive 

rectifying and stripping sections12, and 76.36%, for a thermally coupled RD design17. Prior to 

downstream processing, higher IPAc purities are typically obtained using entrainers. For example, 

an IPAc purity of 51.96% was reported for a side-draw RD process with n-Butyl Acetate (n-BuAc) 

entrainer7; 85.97%, for a semibatch RD column with an acetic acid entrainer18, and 99.5% for a 

RD process with a dimethyl sulfoxide (DMSO) entrainer14. The careful selection of a suitable 

entrainer for RD systems is crucial for entrainer-assisted RD systems since entrainers affect 

product purity and energy consumption14.  

 In this work, we seek to determine the maximum IPAc purity obtainable from a RD 

distillate stream (prior to downstream processing) without the inclusion of an entrainer, and 

without thermal coupling. We also seek to determine the minimum total vapor flowrate in the 

network, which is a corollary for the network’s cost. In previous studies, it was noted that an IPAc 
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purity of 94% is the maximum possible for a quaternary system (with no entrainer) of Acetic Acid 

(AA), Isopropanol (IPOH), Isopropyl Acetate (IPAc) and Water (H2O), featuring a VLE 

thermodynamic model only19. This was identified using a global optimization-based approach to 

process synthesis called Infinite DimEnsionAl State space (IDEAS) conceptual framework. 

 The IDEAS conceptual framework was first introduced by Wilson and Manousiouthakis20 

as an extension of the State Space (SS) approach21 to overcome the computational complexity 

associated with global solution of non-linear programming (NLP) and mixed-integer nonlinear 

programming (MINLP) problems arising from superstructure-based process network synthesis 

formulations22. The IDEAS approach does not require a-priori a network structure, leads to the 

formulation of infinite convex (linear) programs whose local solutions are guaranteed to be 

globally optimal20, and establishes that chemical process nonlinearities need not be manifested 

during flowsheet optimization, but rather can be fully accounted for prior to optimization23. As 

summarized in Pichardo et al23, the IDEAS approach has been applied to multicomponent Mass 

Exchange Networks (MEN)20, complex distillation network synthesis24–26, power cycle 

synthesis27, reactor network synthesis28,29, reactive distillation network synthesis30,31, separation 

network synthesis32, attainable region construction33–36, attainable region construction of batch 

reactor networks37, azeotropic distillation network38, and in energetically intensified hydrogen 

production23. 

 One of the challenges of the IDEAS conceptual framework is that large LP programs are 

generated when global optimality is sought. This is because an infinite number of process model 

units must be added to the network to ensure solution convergence. This presents computational 

challenges in solving the LPs. The Column Generation (CG) procedure is one way of solving large-

scale LPs and it involves the breakdown of the master LP to a reduced one (Restricted Master 
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Problem, RMP). For each solution iteration, the RMP is solved by adding variables (columns) to 

it until a stop criterion is reached19,39,40. The CG technique for solving large-scale LPs allows for 

an intensive search in regions of high IPAc purity (i.e., regions with fine discretization). 

 In this paper, we identify the maximum IPAc purity obtainable in the AA/IPOH/IPAc/H2O 

quaternary mixture featuring a VLE, VLLE and LLE thermodynamic model in the RD network. 

This differs from previous studies in that the network contains the VLE, VLLE and LLE flashes 

which can contribute to the optimum solution. The inclusion of a second liquid phase, via the 

VLLE and LLE models, adds a degree of complexity (and much larger LPs) for the same operating 

conditions and warrants the inclusion of the CG procedure.  

 This work follows the following outline: First, the general VLE/VLLE/LLE reactive 

separator model is presented for the RD process. Next, the IDEAS formulation of the 

VLE/VLLE/LLE system is presented followed by a brief overview of the CG solution procedure 

for the large-scale LP. Finally, the IDEAS conceptual formulation is applied to the IPAc synthesis 

problem and conclusions are drawn. 

6.3 Reactive Flash Separator Model 

 

The VLE/VLLE/LLE reactive flash separator model, shown in Figure 6.1, is a modified 

version of the model described in da Cruz et al.31. In this model, an isothermal and isobaric reactive 

flash separator with two liquid phases is considered, with reaction occurring in both liquid phases, 

and vapor and liquid exit streams in equilibrium with each other. The reaction in each liquid phase 

is dependent on the reactive holdup, 1L
H  and 2LH .  
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Figure 6. 1: General Reactive Flash separator model for VLE/VLLE/LLE system 

The component balance for the reactive flash separator model is given in eqn. (1): 
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When either 1L
H  or 2LH  is zero, the reactive holdup in that liquid phase is zero and no 

reaction occurs in that liquid phase. When both 1L
H  and 2LH  is zero, the system acts as a VLLE 
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separator only. If 1L
H  and 2LH  is zero, and one of the liquid phases is nonexistent ( 2LF = 0), the 

system is a VLE system. If 1L
H  and 2LH  is zero, and the vapor phase does not exist ( VF = 0), the 

system is an LLE system. 

The Gamma-Phi model is employed for the general VLE/VLLE/LLE system to relate the 

liquid phases and vapor mole fractions of the exit streams, as shown in eqn. (2): 
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The generation rate of the thk  component in eqn. (1) is given by a rate equation of the form: 

( ) ( )
( )

( )

,

, 1,2

1,2 1,2

,

,

k prod

m m m

k reactant

m m m m

L L L

k k k
m

k productsL L L L

k f k k k
m m

k reactants eq

a x

R k T a x
K T







=



= =


   
        = −     

    


       ( )3  

The activity coefficient of the thk component, ( ),k k ka x , is a function of the liquid mole fraction 

and is given by eqn. (4): 

( )  ( )11,2
1,2

, ,m m m m m m
n
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==

=

  =     
             ( )4  

 The m = 1,2 subscript notation of eqns. (3) and (4) denote the first and second liquid phases 

of the VLLE/LLE systems respectively. To completely solve the VLE/VLLE/LLE equilibrium 

models, a suitable thermodynamic model must be chosen to determine the fugacity coefficient of 
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the vapor phase,  ( )1
, ,

n
V

k k
k

y T P
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, activity coefficients of the liquid phases, 
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=

 
 
 

, and saturated vapor pressure, ( )sat

kP T , of each component in the 

mixture. Having described the reactive separator model, the IDEAS mathematical formulation can 

now be put forward for a network containing an infinite number of VLE, VLLE and LLE reactive 

separators. 

 

6.4 IDEAS Mathematical Formulation of the VLE/VLLE/LLE System 

 

The IDEAS network, Figure 6.2, consists of a process operator (OP) and a distribution 

network (DN). The OP contains an infinite number of reactive separator units while the DN is 

where all possible mixing and splitting operations occur31. For this work, we stick to the 

nomenclature used in da Cruz et. al31, where the DN inlet is identified as I, the DN outlet as O, the 

process inlet as P, liquid process outlets as 1L , 2L , vapor process outlet as V, and flows as XYF  

indicating a flow originating from flash Y and heading to flash X. 

Because the system consists of VLE, VLLE and LLE flashes, the IDEAS network therefore 

contains 3 OPs with each OP containing VLE, VLLE and LLE flashes respectively. Following the 

derivation procedure set out in da Cruz et. al31,  the resulting Infinite Linear Program (ILP) 

formulation of the IDEAS VLE/VLLE/LLE network is summarized below in eqns. (5) – (13).  
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Figure 6. 2: IDEAS conceptual framework representation of the VLE/VLLE/LLE system 
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The objective function contains a cost vector, Tc , and the vector, F . The cost vector 

encapsulates various optimizable objectives while the vector, F  contains the flows in the DN31. 

The derivations leading to eqns. (5) – (13) is given in the Appendix. 
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For conceptual design purposes, we include constraints on the total network liquid and 

vapor molar flowrate, total reactive holdup in the network, and reactant conversion of the system. 

The total liquid molar flowrate in the network is given by: 

( ) ( ) ( ) ( ) ( )1 21 2, ,
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            ( )14  

Substituting the values of ( )AL

AF i , ( )1BL

BF i , ( )2 BL

BF i , ( )1CL

CF i , ( )2CL

CF i , into eqn. (14) 

(see Appendix), the total liquid molar flowrate is: 
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The total vapor molar flowrate in the network is given by: 
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Substituting the values of ( )AV

AF i , ( )BV

BF i , into eqn. (16) (see Appendix), the total 

vapor molar flowrate is: 
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Similarly, the total reactive holdup in the network is given by: 
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The upper bounds on the total liquid and vapor molar flowrate in the network is given by 

eqns. (19) and (20) respectively. 

 , , , , ,P L tot P L tot ubF F     ( )19  

 , , , , ,P V tot P V tot ubF F                    

( )20  

The conversion constraint is defined with respect to one of the reactant species, m = AA or 

IPOH: 
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Substituting the values of ( )I

mF j , ( )O

mF i , into eqn. (21) (see Appendix), the conversion 

constraint reduces to eqns. (22) and (23). 
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The ILP formulation for the VLLE system consists of eqns. (5) – (23) coupled with the 

nonnegativity condition of all variables, i.e.  
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6.5 Infinite Linear Program Solution Procedure of the VLE/VLLE/LLE System 

 

As noted in da Cruz et. al31, the ILP’s solution can be approximated by a converging series 

of optimum solutions of finite linear programs of increasing size. That is, for a set of G  reactive 

flash separators ( ) ( ) ( ): 1 2G G G G    , the resulting LP can be solved   times to form a 
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non-increasing sequence of optimal values, ( ) ( ) ( ): 1 2       , that converges to the 

ILP’s infimum as  → 31. 

Although the ILP cannot be solved, an approximate solution can be achieved by ensuring 

that    is large enough. The size of the resulting finite LP is dependent on the number of DN inlets, 

M , the number of DN outlets, N , the number of species present, n , and the total number of 

reactive flash separators in each OP, 1G , 2G , and 3G . The number of constraints, CN , and 

variables, VN , is determined by eqns. (24) and (25) respectively.  

( ) ( )1 2 3 2 1 7CN M n G G G N n= + + + + + +    ( )24  

( ) ( ) ( ) ( )

( )

1 2 3 1 1 2 2 3 3

1 2 1 3 2 3 1 2 3 1 2 3

2 1 3 1 2 1

5 4 5 2 3 2 2 2 3

VN MN M G G G G G G G G G

G G G G G G N G G G G G G M N

 = + + + + − + − + − 
 
+ + + + + + + + + + + +  

  ( )25  

For the network, if no VLE flashes are present, 1 0G = ; if no VLLE flashes are present, 

2 0G = ; if no LLE flashes are present, 3 0G = . The number of variables eqn. (25) shows that as 

1G , 2G , and 3G  increases, the LP becomes large. The solution technique employed for large LP 

problems is the Column Generation (CG) procedure. 

The application of the CG procedure to the solution of a ILP within an IDEAS network has 

been employed in our previous study19. We present a summary of the CG procedure for 

completeness. Consider a master LP (primal) and its dual written in the forms of eqns. (26) and 

(27) respectively:  
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If 2x  in the master primal is set to zero, then the restricted or reduced primal and dual 

become: 
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 For optimal solutions 
* *

1 ,0
T

x x =    and *  of the reduced primal and reduced dual 

respectively, the following holds: 
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Now if 2 2

TA c   is satisfied, then    is a feasible solution of the master dual, d , and as 

such, d d = . Therefore, 
* *

1 ,0
T

x x =    and *  are both optimal solutions of the master primal, p

, and master dual, d , respectively. On the other hand, if 2 2

TA c   is not satisfied, then    is not 

a feasible solution for d  and the optimal solution of p  is not identified. In this scenario, some 

2x  variables are removed and included in 1x , and the resulting reduced primal, p , and dual, d

, are solved to determine new values of 
* *

1 ,0
T

x x =    and *  for which the condition 2 2

TA c   

is checked. This process is continued iteratively until 2 2

TA c   is satisfied. The selection of 2x  

variables to include in 1x  when 2 2

TA c   is not satisfied is determined by the value of 

2 2

TA c = − . Only those 2x  elements that meet the condition,   −  (  is a threshold value), 

will be included in the new reduced primal for which *x  and *  is sought. Each successive 

iteration features smaller values of  . We now apply the IDEAS conceptual framework to the 

IPAc synthesis problem. 

6.6 Synthesis of Globally Optimum RD Networks: Application to Isopropyl Acetate 

Production 

 

 IPAc is produced from the esterification of Acetic Acid (AA) and Isopropanol (IPOH) 

according to eqn. (31). As noted earlier, the quaternary system has three binary minimum boiling 

azeotropes (IPAc/H2O, IPOH/IPAc, IPOH/H2O), a ternary minimum boiling azeotrope 

(IPOH/IPAc/H2O), and a quaternary reactive azeotrope (AA/IPOH/IPAc/H2O).  
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( ) ( ) ( ) ( )2

3 3 7 3 3 7 2
H OAA IPOH IPAc

CH COOH C H OH CH COOC H H O+ +               ( )31   

To effectively capture the behavior of the quaternary system, a suitable thermodynamic 

model must be selected. The Non-Random Two Liquid (NRTL) model, eqn. (32), is chosen to 

capture the non-idealities of the liquid phases by estimation of their activity coefficients, 

 ( )1
1,2

,m m
n

L L

k k
k

m

x T
=

=

 
 
 

. The NRTL binary interaction parameters of the various species of the 

mixture are shown in Table 6.141. The m = 1,2 subscript notation of eqn. (32) denotes the first and 

second liquid phases in the determination of the activity coefficient of each species. 
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  ( )32  

 

Table 6. 1: NRTL binary interaction parameters for AA (1), IPOH (2), IPAc (3), H2O (4)41 

 j = 1 (AA) j = 2 (IPOH) j = 3 (IPAc) j = 4 (H2O) 

ija      

i = AA (1) 0.0 -281.4482 141.0082 -219.7238 

i = IPOH (2) 81.3926 0.0 269.9609 39.8541 

i = IPAc (3) 154.7885 140.0972 0.0 1165.709 

i = H2O (4) 842.6081 1655.255 1270.2036 0.0 

ij      

i = AA (1) 0.0 0.3048 0.3014 0.2997 



286 
 

i = IPOH (2) 0.3048 0.0 0.3009 0.3255 

i = IPAc (3) 0.3014 0.3009 0.0 0.33 

i = H2O (4) 0.2997 0.3255 0.33 0.0 

All 0ijb = . 

 

The saturated vapor pressure of each species of the system is calculated using Antoine’s 

equation, eqn. (33), with coefficients listed in Table 6.241 for T in K and P in Pa. 

( )
( )( )

2,

1,

3,

ln ; 1, ,4
ksat

k k

k

A
P i A k

T i A
= +  =

+
       ( )33  

 

Table 6. 2: Antoine coefficients for AA (1), IPOH (2), IPAc (3), H2O (4)41 

 

 k = 1 (AA) k = 2 (IPOH) k = 3 (IPAc) k = 4 (H2O) 

1,kA  23.3618 25.3358 21.7798 23.4776 

2,kA  −4457.83 −4628.96 −3307.73 −3984.92 

3,kA  −14.699 −20.514 −39.485 −39.724 

 

In each reactive flash separator, the vapor and liquid exit streams are in equilibrium and 

the vapor phase is assumed to behave ideally. The ideal behavior ensures that the fugacity 

coefficient,  ( )1
, ,

n
V

k k
k

y T P
=

, is unity. 

The dimerization of acetic acid ( 1k = ) in the vapor phase is included in the VLLE model 

using eqns. (34) - (36). Eqn. (34) is the dimerization constant of acetic acid41, and eqns. (35) and 

(36) are expressions of the partial pressures of the monomers and dimers respectively according 

to the chemical theory model42,43.  

( ) ( )10

3,166
log 12.5454 ;DK T K

T
= − +    ( )34  
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1, 1,D D MP K T P=    ( )36  

The total partial pressure of acetic acid in the vapor phase is then: 

( )  ( ) ( )1 1 1 2

1 1, 1, 1 1 1 1 1,
1
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n
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M D k D M
k

P P P y P x P T x T K T P 
=
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The rate of reaction of this system is determined by the Langmuir-Hinshelwood/Hougen-

Watson (LHHW) model (eqn. 38)10,15,17, with the assumption that catmol H kg+
= 0.0046.  The 

activity, ia , is determined by eqn. (4).  
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a a
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K
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=

=

 
−     =  

 + + + +

  
=  −   

   

=

=
2

0.2396; 0.147; 0.5079;IPOH IPAc H OK K

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

= = = 

 ( )38  

The m = 1,2 subscript notation of eqn. (38) denotes the first and second liquid phases of 

the VLLE/LLE system. To express the rate of reaction in terms of liquid holdup, it is assumed that 

the solid catalyst has a density of 770 kg/m3 and occupies 50% of the tray holdup6,17. Therefore, 

the generation rate of species k in eqn. (1) is determined by eqn. (39). 
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1,2 1,2

m mL L v

k k cat cat
m m

R R  
= =

 =    ( )39  

For the VLE system, by specifying the total isobaric pressure, P , and outlet mole fraction 

of the liquid phase,  1

1

n
L

k
k

x
=

, the vapor phase mole fraction,  
1

n
V

k
k

y
=

, and bubble-point temperature, 

T , is found iteratively until the summation condition, 
1

1
n

V

k

k

y
=

= , is satisfied.  

For the VLLE system, the same VLE procedure is followed to determine the vapor phase 

mole fraction,  
1

n
V

k
k

y
=

, and bubble-point temperature, T , by specifying the total pressure, P, and 

outlet mole fraction of the liquid phase,  1

1

n
L

k
k

x
=

. Having determined the corresponding  
1

n
V

k
k

y
=

 

and T  for  1

1

n
L

k
k

x
=

, the fugacity equality criterion, eqn. (2), is used to determine if a second liquid 

phase exists. If a non-trivial solution is found at these conditions, a second liquid phase exists with 

composition,  2

1

n
L

k
k

x
=

, in equilibrium with  1

1

n
L

k
k

x
=

 and   
1

n
V

k
k

y
=

 at temperature T .  If no solution 

exists, then a second liquid phase is not present, and the system is a VLE one with  1

1

n
L

k
k

x
=

 in 

equilibrium with  
1

n
V

k
k

y
=

 at temperature T .  

For the LLE system, a different approach is implemented. First, a temperature, T  , is 

specified alongside the first liquid phase mole fraction,  1

1

n
L

k
k

x
=

. Next, the activity,  1

1

n
L

j
j

a
=

, of the 

first liquid phase is calculated at T  . Then using the fugacity (activity) equality criterion of the 

liquid phases, a second liquid phase,  2

1

n
L

k
k

x
=

, is calculated that satisfies the condition LLEP P  at 
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T  . LLEP  is the bubble pressure of the liquid-liquid system and is calculated according to eqn. (40). 

A discretization of 5 K is used for T  .  

  ( ) ( )  ( ) ( )1 1 1 2 2 2

1 1
1 1

, ,
n n

n n
L L L L L Lsat sat

LLE k k k k k k k k
k k

k k

P x x T P T x x T P T 
= =

= =

      =   =  
      

       ( )40  

The total number of reactive flashes in each OP, 1G , 2G , and 3G , depends on the 

discretization of the liquid phase outlet composition space,  1

1

n
L

k
k

x
=

 and  2

1

n
L

k
k

x
=

, with smaller 

discretization generating a larger number of flashes that satisfy the VLE/VLLE/LLE conditions 

above. Each reactive flash unit contains unique process information that completely defines it. For 

the VLE/VLLE/LLE system, the process information includes the outlet compositions of the first 

and second liquid phases respectively,  1

1

n
L

k
k

x
=

, and  2

1

n
L

k
k

x
=

, the vapor phase outlet composition, 

 
1

n
V

k
k

y
=

, the first and second liquid phase reaction rate respectively, 1L

kR and 2L

kR , mean molecular 

weights of the first and second liquid phases respectively, 1LM  and 2LM , mean molecular weight 

of the vapor phase, VM , and temperature, T. 

The VLE thermodynamic model predicts the existence of the system’s azeotropes and 

shows agreement with experimental data as shown in Table 6.3. We now apply the thermodynamic 

model to IPAc synthesis within the IDEAS framework. 

Table 6. 3: Model prediction/Experimental data of the azeotropes of the quaternary system 

 

Species 
Experiment 

composition8 

Experiment 

temp. (oC)8  

Model predicted 

composition 

Model 

temp. (oC) 

IPOH/IPAc 0.6508 /0.3492 80.1 0.6583 /0.3416 81.15 

IPOH/H2O 0.6875 /0.3125 82.5 0.6791 /0.3209 80.45 
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IPAc/H2O 0.5982 /0.4018 76.6 0.6018 /0.3982 76.65 

IPOH/IPAc/H2O 
0.1377 /0.4938 

/0.3855 
75.5 

0.1324 /0.4973 

/0.3703 
76.65 

 

The IDEAS quaternary ( 4n = )  RD network has two inlets, 2M = , and two outlets, 2N =

. The network inlets consist of pure acetic acid and pure isopropanol, with equal feed flow rates of 

100 kmol/h respectively. Two objective functions are solved in this work: a) the maximization of 

IPAc purity, eqn. (41) and the minimization of the total network vapor flow rate, eqn. (42). 

( )

( )1

1

max

O

IPAc

O

i

F i

F i


=

  
=  
  

             ( )41  

 , ,

2 min P V totF 

( ) ( ) ( )

( ) ( ) ( )

( ) ( )

1 1 1 1 2

31 2 2 1

32 2 2

1 1 1 1 1 1

1 1 1 1 1 1

1 1 1 1

, , ,

min , , ,

, ,

A A A B A

A A A A B

C A B A B

A C B B A
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B B B C

G G G G GN
OV P V P V

A A A B A

i j i j i j

GG G G GN
P V OV P V

C A B A B

i j i j i j

GG G G
P VP V

B B C B

i j i j

F j i F j i F j i

F j i F j i F j i

F j i F j i

= = = = = =

= = = = = =

= = = =


+ +



+ + +

+ +


  

  

 







 
 
 
 



   ( )42  

For the first objective function, eqn. (41), the IPAc outlet composition range for the first 

DN outlet stream is 0.25 – 1.00, while that of the second DN outlet stream is 0 – 1.00. By this 

specification, the first DN outlet stream is the IPAc rich stream (distillate stream) while the second 

is the IPAc lean stream. The total system pressure is fixed at 1 bar, and the upper bounds of the 

network’s total liquid and vapor molar flow rate is 10,000 kmol/h and 10,000 kmol/h respectively. 

For the second objective function, eqn. (42), the IPAc outlet composition range for the first DN 

outlet stream is 0.95 – 1.00, while that of the second DN outlet stream is 0 – 1.00. The upper 

bounds of the network’s total liquid and vapor molar flow rate is still 10,000 kmol/h and 10,000 

kmol/h. 
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The overall LP for the quaternary problem is summarized in eqn. (43) 

( )

( )

( ) ( )

( ) ( )

( ) ( )

, ,

1

max min

s.t. 

Eqns. 5 13 ;

Eqns. 17 20 ;

Eqns. 22 23 ;

0

O

IPAc P V tot

O

i

F i
or F

F i

All variables

=

 
 
 
 
 
 

− 
 

− 
 −
 
  

                 ( )43  

As noted earlier, the number of reactive flashes in the IDEAS process operators (OPs), is 

determined by the discretization of the liquid phase outlet composition space. To ensure global 

optimality, each LP iteration is solved with a finer discretization. To hasten convergence, the 

composition space is divided into two, with finer discretization used for regions close to the pure 

IPAc point. Table 6.4 gives the number of LP constraints and variables based on discretization 

according to eqn. (44). 

( )

1 1

11

1

2

, : 0 1 1
. ;

2: 0 0.9

1
. : 0.9 1

2

L L

AA IPOH

nL

IPAc

L

IPAc n

x x
Discret I

x

Discret II x

  −
=    −  

 
− = 

 

            ( )44  

Table 6. 4: Number of variables and constraints of IDEAS-LP per discretization of the 

first liquid phase mole fraction space 

No. of 

species 

Discret. 

I 

n1 

Discret. 

II 

n2 

No. of 

VLE 

flashes  

1G  

No. of 

VLLE 

flashes 

2G  

No. of 

LLE 

flashes 

3G  

No. of 

Constraint 

Eqn. (24) 

Num. of 

variables 

Eqn. (25) 

4 2 3 21 - - 113 998 
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3 4 122 - - 517 30,389 

4 5 

823 - - 3,321 1,358,784 

823 3 - 3,333 1,371,177 

823 3 30 3,453 1,472,367 

4.5 5.5 

2,310 - - 9,269 10,683,761 

2,310 5 - 9,289 10,741,621 

2,310 5 120 9,769 11,882,941 

 

6.7 Results and Discussion 

 

The optimization problem, eqn. (43), is solved for IPAc purity maximization and total 

network vapor flow rate minimization, based on discretization of the liquid phase mole fraction 

according to eqn. (44). Table 6.5 and Table 6.6 give the feed and product specification, and the 

solution of the IPAc maximization problem respectively. 

Table 6. 5: Specification of the IDEAS-based IPAc production problem 

Inlet Conditions 

Operating pressure (bar) 1 

Inlet molar fractions  

Acetic Acid (Flow 1) 1.00 

Isopropanol (Flow 2) 1.00 

Outlet Conditions 

Total Outlet flow (Flow 1) (kmol/h) 100 

Total Outlet flow (Flow 2) (kmol/h) 100 

Purity target (lower-upper bounds)  

Outlet Flow 1  

Acetic Acid (AA) 0.00 – 1.00 

Isopropanol (IPOH) 0.00 – 1.00 

Isopropyl Acetate (IPAc) 0.25 – 1.00 
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Water (H2O) 0.00 – 1.00 

Outlet Flow 2  

Acetic Acid (AA) 0.00 – 1.00 

Isopropanol (IPOH) 0.00 – 1.00 

Isopropyl Acetate (IPAc) 0.00 – 1.00 

Water (H2O) 0.25 – 1.00 

Total Network Flowrate Upper Bounds 

Liquid flowrate upper bound (kmol/h) 10,000 

Vapor flowrate upper bound (kmol/h) 10,000 

 
 

Table 6. 6: Solution of the IPAc purity maximization problem 

No. of 

species 

Size I 

n1 

Size II 

n2 

No. of 

VLE 

flashes  

1G  

No. of 

VLLE 

flashes 

2G  

No. of 

LLE 

flashes 

3G  

Max 

IPAc in 

Outlet 1 

Htot 

(m3) 

4 

2 3 21 - - 0.7500 112.0 

3 4 122 - - 0.8750 277.0 

4 5 

823 - - 0.9375 408.1 

823 3 - 0.9375 412.7 

823 3 30 0.9375 333.1 

4.5 5.5 

2,310 - - 0.9558 471.2 

2,310 5 - 0.9558 557.4 

2,310 5 120 0.9558 503.8 

4.7 5.7 3,292 - - 0.9615 467.5 

 

 

An observation from Table 6.6 is that the maximum IPAc purity doesn’t change with the 

inclusion of VLLE and LLE flashes, but rather is dependent on the number of VLE flashes in the 

network. As expected, the maximum IPAc purity increases with smaller discretization of the liquid 
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mole fraction (i.e., more network flashes). From Table 6.6, an IPAc purity of 96.15% is obtainable 

in a 3,292 VLE-only network. A higher purity can be obtained but solving the resulting large LP 

becomes computationally intensive. 

Also, as expected, the total reactive holdup in the network increases as the number of 

flashes increases, but the increase is less when the network contains VLE, VLLE and LLE flashes, 

as opposed to when the network contains only VLE and VLLE. In cases that contain two liquid 

phases (i.e., that contain VLLE and LLE flashes), the optimum solution prescribes reaction in only 

one of the liquid phases, thus the system acts as an extension of the VLE model with increased 

liquid separation.  

Since the maximum IPAc purity does not depend on the inclusion of VLE and VLLE 

flashes in the network, the minimization of the total network vapor flow rate is examined for the 

(Size 1, Size 2) = (4,5) discretization only. Similar trends will occur at higher discretization. For 

this discretization, the maximum IPAc purity is 93.75%. Therefore, for the minimization problem, 

the IPAc purity in DN outlet 1 is set to 93%, a value slightly lower than the maximum IPAc purity 

value. The solution of the minimization problem is presented in Table 6.7. From Table 6.7, the 

minimum network vapor flow rate ranges from 1,311 – 1,511 kmol/h, for a network containing 

only VLE and VLLE flashes. However, when LLE flashes are introduced, the minimum total 

network vapor flow rate becomes 328.7 kmol/h. At higher discretization, (Size 1, Size 2) = 

(4.5,5.5), for a network containing VLE VLLE and LLE flashes, the minimum network vapor flow 

rate is 98.8 kmol/h.  
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Table 6. 7: Solution of the IPAc network vapor flowrate minimization at 93% IPAc purity 

No. of 

species 

Size I 

n1 

Size II 

n2 

No. of 

VLE 

flashes  

1G  

No. of 

VLLE 

flashes 

2G  

No. of 

LLE 

flashes 

3G  

Min FPV  

(kmol/h) 

Htot 

(m3) 

4 4 5 

823 - - 1,511 259.8 

823 3 - 1,311 260.8 

823 3 30 328.7 133.2 

4 4.5 5.5 2,310 5 120 98.8 179.9 

 

6.8 Conclusion 

 

 A network containing VLE, VLLE, and LLE reactive flashes is synthesized to produce 

IPAc from AA and IPOH. Two objectives are sought: a) the maximization of the IPAc purity in 

the distillate stream of the network, and b) the minimization of the network flowrate at a fixed 

IPAc purity. An IPAc purity of 96% is obtainable from a VLE-only network of 3,292 reactive 

flashes. Higher purities are obtained when the number of VLE flashes increase, as opposed to 

VLLE and LLE flashes. At a fixed IPAc purity of 93% in the distillate stream, a minimum network 

vapor flow rate of 98.8 kmol/h is obtainable for a VLE-VLLE-LLE network.  
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6.9 Nomenclature 

 
Thermodynamic Variables: 

ka    Activity of the 
thk species 

,ij ija b    NRTL thermodynamic model constants 

,j kA    Antoine equation thj  parameter of the 
thk species 

( ) P

kf i kmol h  Molar flow rate of 
thk species entering the ith unit 

( ) 3H i m     Reactive holdup of the 
thi  reactive flash separator unit in the OP 

iK    Adsorption equilibrium constant of ith species 

( )eqK T   Reaction equilibrium constant 

( ) ( )f catk T kmol kg h    Forward reaction rate constant in terms of catalyst mass 

( ) ( )3

fk T kmol m h  
 

 Forward reaction rate constant in terms of liquid holdup 

( )LM j  Molecular weight of the liquid stream of the thj  reactive flash separator unit  

( )VM j  Molecular weight of the vapor stream of the thj  reactive flash separator unit 

 P kPa  Reactive flash separator pressure  

( ) sat

kP T kPa  
thk  species saturated vapor pressure 

 T K   Reactive flash separator temperature 

( )L

kx i   
thk  species equilibrium liquid composition leaving the 

thi unit 

( )V

ky i   
thk species equilibrium vapor composition leaving the 

thi unit 
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 ( )1
, ,

n
V

k l
l

y T P
=

 
thk  species non-ideal fugacity coefficient 

 ( )1
,

n
L

k l
l

x T
=

 
thk  species non-ideal liquid activity coefficient 

( ) ( )k catR i kmol kg h    Generation rate of the 
thk species in the ith unit in terms of catalyst mass 

( ) ( )3

kR i kmol m h  
 

 Generation rate of the 
thk species in the ith unit in terms of liquid holdup 

3

cat cat catkg m     Solid catalyst density 

3 3v

cat cat traym m     Solid catalyst volume fraction 

IDEAS Variables: 

( )IF j   thj  DN inlet stream

 

( )OF i   
thi  DN outlet stream 

( )LF i   
thi  OP liquid outlet 

( )VF i   
thi  OP vapor outlet 

( ),OIF i j  
thj DN inlet stream to thi  DN outlet 

( ),AP IF i j  thi  OP A inlet stream from 
thj DN network inlet 

( ),BP IF i j  thi  OP B inlet stream from 
thj DN network inlet 

( ),CP I
F i j  thi  OP C inlet stream from 

thj DN network inlet 

( ),AOLF i j  thi  DN outlet stream from 
thj OP A liquid outlet 
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( )1 ,BOLF i j  thi  DN outlet stream from 
thj OP B liquid 1 outlet 

( )2 ,BOLF i j  thi  DN outlet stream from 
thj OP B liquid 2 outlet 

( )1 ,COL
F i j  thi  DN outlet stream from 

thj OP C liquid 1 outlet 

( )2 ,COL
F i j  thi  DN outlet stream from 

thj OP C liquid 2 outlet 

, ,P L totF  Total network liquid flowrate 

, ,P V totF  Total network vapor flowrate 

( ),AOVF i j  thi  DN outlet stream from 
thj OP A vapor outlet 

( ),BOVF i j  thi  DN outlet stream from 
thj OP B vapor outlet 

( ),X YP LF i j  thi  OP X inlet stream from 
thj OP Y liquid outlet 

( ),X YP VF i j  thi  OP X inlet stream from 
thj OP Y vapor outlet 

( )I

kz j   thk species, 
thj  DN inlet stream composition 

( )O

kz i   thk species, thi DN outlet stream composition 

( )( )
l

O

kz i  thk species, thi DN outlet stream composition vector, lower bound 

( )( )
u

O

kz i  thk species, thi DN outlet stream composition vector, upper bound 

kX   thk species overall conversion 

l

kX   thk species overall conversion, lower bound 



299 
 

u

kX   thk species overall conversion, upper bound 

G1  Total number of reactive flashes in the OP A 

G2  Total number of reactive flashes in the OP B 

G3  Total number of reactive flashes in the OP C 

M  Number of IDEAS network inlets 

N  Number of IDEAS network outlets 
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6.10 Appendix 

 

Splitting balance at DN Inlet 

( ) ( ) ( ) ( )

( )

1 1 1

1

, , ,

; 1,...,

, 0

A B

A B

C

C

N
P I P II OI

A B

i i i

P I

C

i

F j F i j F i j F i j

j M

F i j

 

= = =



=

 
− − − 

 
 = 

 − =
 
 

  



          ( )1A         

Mixing balance at DN Outlet 

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1

1 22

1 1 1 1

1 1 1 1
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, , , , 0
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i N

F i j F i j F i j F i j

  

= = = =

   

= = = =

 
− − − − 

 
 = 

 − − − − =
 
 

   

   

      ( )2A  

Component balance at OP A Inlet 

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1 1

2 2

1 1 2 2

1 1

1 1

1 1
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A A A A A
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x j F i j x j F i j
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1,...,
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k n
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         ( )3A  

Component balance at OP B Inlet 

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1 1

2 2

1 1 2 2

1 1

1 1
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B B A B A

A
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B B B B B B
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C B C C B C
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M
P P I L P LI

k B k B k A B A

j j

V P V L P L

k A B A k B B B

j j

L P L V P V

k B B B k B B B

j j

L P L L P L

k C B C k C B C

j j

f i z j F i j x j F i j

y j F i j x j F i j

x j F i j y j F i j

x j F i j x j F i j
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    ( )4A  

Component balance at OP C Inlet 
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( ) ( ) ( ) ( ) ( )
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 ( )5A  

Total molar flow at OP A Inlet 
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  ( )6A  

Total molar flow at OP B Inlet 
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  ( )7A  

Total molar flow at OP B Inlet 
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  ( )8A  

For the liquid and vapor flow entering DN 
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N
L OL P L P L

A A A A B A

j j j

A

P L

C A

j

F i F j i F j i F j i

i

F j i

 

= = =



=

 
− − − 

 
 =  

 − =
 
 

  


                ( )9A  

( ) ( ) ( ) ( )

( )

1 1 1 1

1

1 1 1

1

, , ,

; 1,...,

, 0

B B A B B B

A B

C B

C

N
L OL P L P L

B B A B B B

j j j

B

P L

C B

j

F i F j i F j i F j i

i

F j i

 

= = =



=

 
− − − 

 
 =  

 − =
 
 

  


   

( )10A  

( ) ( ) ( ) ( )

( )

2 2 2 2

2

1 1 1

1

, , ,

; 1,...,

, 0

B B A B B B

A B

C B

C

N
L OL P L P L

B B A B B B

j j j

B

P L

C B

j

F i F j i F j i F j i

i

F j i

 

= = =



=

 
− − − 

 
 =  

 − =
 
 

  


 ( )11A  

( ) ( ) ( ) ( )

( )

1 1 1 1

1

1 1 1

1

, , ,

; 1,...,

, 0

C C A C B C

A B

C C

C

N
L OL P L P L

C C A C B C

j j j

C

P L

C C

j

F i F j i F j i F j i

i

F j i

 

= = =



=

 
− − − 

 
 =  

 − =
 
 

  


 ( )12A  

( ) ( ) ( ) ( )

( )

2 2 2 2

2

1 1 1

1

, , ,

; 1,...,

, 0

C C A C B C

A B

C C

C

N
L OL P L P L

C C A C B C

j j j

C

P L

C C

j

F i F j i F j i F j i

i

F j i

 

= = =



=

 
− − − 

 
 =  

 − =
 
 

  


 ( )13A  

( ) ( ) ( ) ( )

( )

1 1 1

1

, , ,

; 1,...,

, 0

A A A A B A

A B

C A

C

N
V OV P V P V

A A A A B A

j j j

A

P V

C A

j

F i F j i F j i F j i

i

F j i

 

= = =



=

 
− − − 

 
 =  

 − =
 
 

  


  ( )14A  

( ) ( ) ( ) ( )

( )

1 1 1

1

, , ,

; 1,...,

, 0

B B A B B B

A B

C B

C

N
V OV P V P V

B B A B B B

j j j

B

P V

C B

j

F i F j i F j i F j i

i

F j i

 

= = =



=

 
− − − 

 
 =  

 − =
 
 

  


  ( )15A  
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Lower and upper bound constraints on DN Outlets 

( )( )

( ) ( ) ( )

( ) ( )

( )

( ) ( )

( )( )

1 2

1 2

1 1 1

1 1

1

1 1

, , ,

, ,

; 1,...,

,

, ,

A A

A A

B B

B B

B

B

C C

C C

M
OL OVOI

A A

j j j

OL OL

B B
l uj jO O

OV

B

j

OL OL

C C

j j

F i j F i j F i j

F i j F i j

F i F i i N

F i j

F i j F i j

 

= = =

 

= =



=

 

= =

  
+ +  

  
  

+ +  
  

   =  
  +
  
  
  + +    

  

 



 

       ( )16A  

This reduces to: 

( ) ( ) ( )

( ) ( ) ( )

( ) ( )

( )( )1 2

1 2

1 1 1

1 1 1

1 1

, , ,

, , , 0 ; 1,...,

, ,

A A

A A

B B B

B B B

C C

C C

M
OL OVOI

A A

j j j

l
OL OL OV O

B B B

j j j

OL OL

C C

j j

F i j F i j F i j

F i j F i j F i j F i i N

F i j F i j

 

= = =

  

= = =

 

= =

  
+ +  

  
   
 + + + −   = 
  
  
  + +
    

  

  

 

  ( )17A  

( ) ( ) ( )

( ) ( ) ( )

( ) ( )

( )( )1 2

1 2

1 1 1

1 1 1

1 1

, , ,

, , , 0 ; 1,...,

, ,

A A

A A

B B B

B B B

C C

C C

M
OL OVOI

A A

j j j

u
OL OL OV O

B B B

j j j

OL OL

C C

j j

F i j F i j F i j

F i j F i j F i j F i i N

F i j F i j

 

= = =

  

= = =

 

= =

  
+ +  

  
   
 + + + −   = 
  
  
  + +
    

  

  

 

  ( )18A   

Component balances at DN outputs, including lower and bounds on product mole fraction: 
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( )( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

1 1

2 2

1 1

2 2

1

1

1

1

1

1

1

1

,

,

,

,

,

,

,

,

A A

A

A A

A

B B

B

B B

B

B B

B

C C

C

C C

C

M
I OI

k

j

L OL

k A A

j

V OV

k A A

j

L OL

k B B
l jO O

k

L OL

k B B

j

V OV

k B B

j

L OL

k C C

j

L OL

k C C

j

z j F i j

x j F i j

y j F i j

x j F i j

z i F i

x j F i j

y j F i j

x j F i j

x j F i j

=



=



=



=



=



=



=



=





+


+


+


 
+



+


+

+


















( )( ) ( ) ; 1,...,
u

O O

kz i F i i N

 
 
 
 
 
 
 
 
 
 
 
  

  = 
 
 
 
 
 
 
 

  
  
  
  
   

  ( )19A   

Substituting eqn. (A2) in (A19), reduces to: 

( )( ) ( )( ) ( ) ( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1 1

2 2

1 1

1

1

1

1

, ,

,

,

,

,

A A

A

A A

A

B B

B

B B

B

B B

B

M
l l

L OLO I OI O

k k k k A A

j j

l
V OVO

k k A A

j

l
L OLO

k k B B

j

l
L OLO

k k B B

j

l
V OVO

k k B B

j

O

k

z i z j F i j z i x j F i j

z i y j F i j

z i x j F i j

z i x j F i j

z i y j F i j

z



= =



=



=



=



=

   − + −
      

 + −
  

 + −
  

 + −
  

 + −
  

+

 









( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1 1

2 2

1

1

1,...,

1,...,

,

, 0

C C

C

C C

C

l
L OL

k C C

j

l
L OLO

k k C C

j

i N

k n

i x j F i j

z i x j F i j



=



=

 
 
 
 
 
 
 
 
 
 

 = 
 

 = 
 
 
 
 

  −
   

 
  + − 
    





  ( )20A  
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( )( ) ( )( ) ( ) ( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1 1

2 2

1 1

1

1

1

1

, ,

,

,

,

,

A A

A

A A

A

B B

B

B B

B

B B

B

M
u u

L OLO I OI O

k k k k A A

j j

u
V OVO

k k A A

j

u
L OLO

k k B B

j

u
L OLO

k k B B

j

u
V OVO

k k B B

j

O

k

z i z j F i j z i x j F i j

z i y j F i j

z i x j F i j

z i x j F i j

z i y j F i j

z



= =



=



=



=



=

   − + −
      

 + −
  

 + −
  

 + −
  

 + −
  

+

 









( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1 1

2 2

1

1

1,...,
;

1,...,

,

, 0

C C

C

C C

C

u
L OL

k C C

j

u
L OLO

k k C C

j

i N

k n

i x j F i j

z i x j F i j



=



=

 
 
 
 
 
 
 
 
 
 

 = 
 

 = 
 
 
 
 

  −
   

 
  + − 
    





     

( )21A  

Reactive flash balances for VLE, OP A 

( ) ( )  ( ) ( ) ( ) ( )

( ) ( )

1
, 1,...,

;
1,...,

0

A A A A A A

A A

n
P L L L L L

k A k A j A k A A Aj

V V

k A A

f i R i x T P H i x i F i i

k n
y i F i

=

 + −  =  
 

 = − = 

  ( )22A  

Substituting eqns. (A3), (A9), (A14) in eqn. (A22) 
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( )  ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( )

1 1 2 2

1
1

1

1

1 1

, ,

, ,

, ,

, ,

A A A A

A A A A A A

A

A A

A A A A A A

A

A A

B A B B A B

B B

B A

M
n

L L L P II

k A j A k A
j

j

L P L L P L

k A A A k A A A

j
j i

V P V V P V

k A A A k A A A

j
j i

L P L L P L

k B A B k B A B

j j

V P V

k B

R i x T P H i z j F i j

x j F i j x i F j i

y j F i j y i F j i

x j F i j x j F i j

y j F

=
=



=




=


 

= =

 +

 + − 

 + − 

+ +

+







 

( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1 1 2 2

1

1 1

1 1

1 1

1 1

,

, ,

, ,

, ,

, , 0

B

B

C A C C A C

C C

A B A A B A

B B

C A C AA A

C C

A A A A

A B

j

L P L L P L

k C A C k C A C

j j

L P L V P V

k A B A k A B A

j j

P L P VL V

k A C A k A C A

j j

N N
L OL V OV

k A A k A A

j j

i j

x j F i j x j F i j

x i F j i y i F j i

x i F j i y i F j i

x i F j i y i F j i



=

 

= =

 

= =

 

= =

= =







+ +

− −

− −

− − =



 

 

 

 

1,...,
;

1,...,

Ai

k n

 
 
 
  
  
  
  
  
  
  
  
  
  
  
  =  
  

 =  
  
  
  
  
  
  
  
  
  
  
  
  
  
  

 ( )23A  

Reactive flash balances for VLLE, OP B 

( ) ( )  ( ) ( )

( )  ( ) ( )

( ) ( ) ( ) ( ) ( ) ( )

1 1 1

2 2 2

1 1 2 2

1

1

,

1,...,
, , ;

1,...,

0

B B B B

B B B

B B B B B B

n
P L L L

k B k B j B
j

n BL L L

k B j B
j

L L L L V V

k B B k B B k B B

f i R i x T P H i

i
R i x T P H i

k n

x i F i x i F i y i F i

=

=

 +
 
   =  

+ 
 = 

 − − − =
  

      ( )24A  

Substituting eqns. (A4), (A10), (A11), and (A15) in eqn. (A24) 
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( )  ( ) ( ) ( )  ( ) ( )

( ) ( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( )

1 1 1 2 2 2

1 1 1 1

2 2 2

1 1

1 1 1

1

, , ,

, , ,

, ,

,

B B B B B B

B A B A A B A

A A

B B B B B B

B

B B

B B B B

n n
L L L L L L

k B j B k B j B
j j

M
P I L P L V P VI

k B k A B A k A B A

j j j

L P L L P L

k B B B k B B B

j
j i

L P L L P

k B B B k B

R i x T P H i R i x T P H i

z j F i j x j F i j y j F i j

x j F i j x i F j i

x j F i j x i F

= =

 

= = =



=


 +

+ + +

 + − 

+ −

  



( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( ) ( )

( )

2

1 1 2 2

1 1 2 2

1

1

1

1 1

1 1 1

,

, ,

, ,

, , ,

B B

B

B B

B B B B B B

B

C B C C B C

C C

B A B B A B B A B

A A A

B

L

B B

j
j i

V P V V P V

k B B B k B B B

j

L P L L P L

k C B C k C B C

j j

L P L L P L V P V

k B A B k B A B k B A B

j j j

L

k B

j i

y j F i j y i F j i

x j F i j x j F i j

x i F j i x i F j i y i F j i

x i F



=




=

 

= =

  

= = =

 
 

 + − 

+ +

− − −

−





 

  

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( ) ( )

1 22

1 1 2 2

1 1 1

1 1 1

1,.
;

, , ,

, , , 0

C B C B C BB B

C C C

B B B B B B

B

P L P L P VL V

C B k B C B k B C B

j j j

N N N
L OL L OL V OV

k B B k B B k B B

j j j

i

j i x i F j i y i F j i

x i F j i x i F j i y i F j i

  

= = =

= = =

 
 
 
 
 
 
 
 
 
 
 
 
 
   = 
 
 
 
 
 
 
 
 
 
 − −
 
 
 
− − − = 
  

  

  

..,

1,...,k n

 
 
 
 
 
 
 
 
 
 
 
 
 
  
 

 = 
 
 
 
 
 
 
 
 
 
 
 
 
  

 

( )25A  

Reactive flash balances for LLE, OP C 

( ) ( )  ( ) ( )

( )  ( ) ( ) ( ) ( )

( ) ( )

1 1 1

2 2 2 1 1

2 2

1

1

,

1,...,
, , ;

1,...,

0

C C C C

C C C C C

C C

n
P L L L

k C k C j C
j

n
CL L L L L

k C j C k C C
j

L L

k C C

f i R i x T P H i

i
R i x T P H i x i F i

k n

x i F i

=

=

 +
 
   =  

+ − 
 = 

 − =
  

 ( )26A  

Substituting eqns. (A5), (A12) and (A13) into eqn. (A26): 
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( )  ( ) ( ) ( )  ( ) ( )

( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( ) ( )

( )

1 1 1 2 2 2

1 21 2

1

1 1

1

1 1

1 1 1

, , ,

,

, ,

, , ,

C C C C C C

C

C A C AA A

A A

C B C B C BB B B

B B B

C

n n
L L L L L L

k C j C k C j C
j j

M
P II

k C

j

P L P VL V

k A C A k A C A

j j

P L P L P VL L V

k B C B k B C B k B C B

j j j

L P

k C

R i x T P H i R i x T P H i

z j F i j

x j F i j y j F i j

x j F i j x j F i j y j F i j

x j F

= =

=

 

= =

  

= = =

 +

+ +

+ + +

+



 

  

( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( )

1 1 1

2 2 2 2

1 1 1 1

2 2 2 2

1 1

1

1

1 1

1 1

, ,

, ,

, ,

, ,

C C C C C

C

C C C C C C

C

C A C C B C

A B

C A C C B C

A B

C C

L L P L

C C k C C C

j

L P L L P L

k C C C k C C C

j

L P L L P L

k C A C k C B C

j j

L P L L P L

k C A C k C B C

j j

L OL

k C

i j x i F j i

x j F i j x i F j i

x i F j i x i F j i

x i F j i x i F j i

x i F j



=



=

 

= =

 

= =

 − 

 + − 

− −

− −

−





 

 

( ) ( ) ( )2 2

1 1

1,...,
;

1,...,

, , 0C C

C

N N
L OL

C k C C

j j

i

k n

i x i F j i
= =

  
  
  
  
  
  
  
  
  
  
  
  
  

 =   
  

 =  
  
  
  
  
  
  
  
  
  
  
  

− =  
  
 

( )27A  

The total liquid molar flowrate in the network is given by: 

( ) ( ) ( ) ( ) ( )1 21 2, ,

1 1 1 1 1

C CA B B

A B B C C

L LL L LP L tot

A B B C C

i i i i i

F F i F i F i F i F i
    

= = = = =

  
= + + + + 

  
    

                       ( )28A  

Substituting eqns. (A9) – (A13) in (A28) 
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( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( )

11 1 1

2

, ,

1 1 1 1 1 1 1 1

1 1 1 1 1 1 1 1

, , , ,

, , , ,

,

C AA A A B A

A A A A B A C

C BB A B B B

B B A B B B C

B

N
P LOL P L P LP L tot

A A A B A C A

i j i j i j i j

N
P LOL P L P L

B A B B B C B

i j i j i j i j

OL

B

F F j i F j i F j i F j i

F j i F j i F j i F j i

F j i

      

= = = = = = = =

      

= = = = = = = =

= + + +

+ + + +

+

   

   

( ) ( ) ( )

( ) ( ) ( ) ( )

( )

22 2

1 1 1 1

2

1 1 1 1 1 1 1 1

1 1 1 1 1 1 1 1

1 1

, , ,

, , , ,

,

C BA B B B

B B A B B B C

C A C B C C C

C C A C B C C

C

C

N
P LP L P L

A B B B C B

i j i j i j i j

N
OL P L P L P L

C A C B C C C

i j i j i j i j

N
OL P

C

i j

F j i F j i F j i

F j i F j i F j i F j i

F j i F

      

= = = = = = = =

      

= = = = = = = =



= =

+ + +

+ + + +

+ +

   

   

 ( ) ( ) ( )2 2 2

1 1 1 1 1 1

, , ,A C B C C C

C A C B C C

L P L P L

A C B C C C

i j i j i j

j i F j i F j i
     

= = = = = =

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 + +
  

  

( )29A  

The total vapor molar flowrate in the network is given by: 

( ) ( ), ,

1 1

A B

A B

V VP V tot

A B

i i

F F i F i
 

= =

  
= + 

  
                ( )30A  

Substituting eqns. (A14) – (A15) in (A30), 

( ) ( ) ( )

( ) ( ) ( ) ( )

( )

, ,

1 1 1 1 1 1

1 1 1 1 1 1 1 1

1 1

, , ,

, , , ,

,

A A A B A

A A A A B

C A B A B B B

A C B B A B B

C B

B C

N
OV P V P VP V tot

A A A B A

i j i j i j

N
P V OV P V P V

C A B A B B B

i j i j i j i j

P V

C B

i j

F F j i F j i F j i

F j i F j i F j i F j i

F j i

    

= = = = = =

      

= = = = = = = =

 

= =

 
= + + 



+ + + + 


+


  

   











          ( )31A  

Upper bounds on total flowrate: 

 , , , , ,P L tot P L tot ubF F        ( )32A  

 , , , , ,P V tot P V tot ubF F    ( )33A  

 

Total reactive holdup in network 

( ) ( ) ( ) ( ) ( )1 21 2

1 1 1 1 1

C CA B B

A B B C C

L LL L Ltot

A B B C C

i i i i i

H H i H i H i H i H i
    

= = = = =

  
= + + + + 

  
       ( )34A  

The conversion constraint is defined with respect to one of the reactant species, m = AA or IPOH: 



310 
 

 l u

m m mX X X  

( ) ( )

( )

1 1

1

M N
I O

m m

j il u

m mM
I

m

j

F j F i

X X

F j

= =

=

  
−  

     
  
    

 


 

( ) ( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( )

1 1

2 2

1 1

1 1 1 1 1

1 1 1 1

1 1 1 1

1 1

, ,

, ,

, ,

,

A A

A

A A B B

A B

B B B B

B B

C C

C

M N M N
L OLI I I OI

m m m A A

j i j i j

N N
V OV L OL

m A A m B B

i j i j

N N
L OL V OV

m B B m B B

i j i j

N
L OL

m C C

i jl

m

z j F j z j F i j x j F i j

y j F i j x j F i j

x j F i j y j F i j

x j F i j
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Which reduces to eqns. (A35) and (A36) as follows: 
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Balance on inlet and outlet streams 
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