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ABSTRACT OF THE DISSERTATION 

 

Implementation of ion exchange processes on industrial waste streams for CO2 mineralization 

by  

Steven Juan Bustillos 

Doctor of Philosophy in Chemical Engineering 

University of California, Los Angeles, 2023 

Professor Dante A. Simonetti, Chair 

 

 

Sequestration of CO2 within stable mineral carbonates (e.g., CaCO3) represents an attractive 

emission reduction strategy as it offers a leakage-free alternative to geological storage of CO2 in 

an environmentally benign form. However, the pH of aqueous streams equilibrated with gaseous 

streams containing CO2 (pH < 4) are typically lower than that which is required for carbonate 

precipitation (pH > 8). Traditionally, alkalinity is provided by a stoichiometric reagent (e.g., 

NaOH) which renders these processes environmentally hazardous and economically unfeasible. 

This work investigates the use of regenerable ion-exchange materials to induce alkalinity in CO2-

saturated aqueous solutions such that the pH shift required for mineralization occurs without the 

need for stoichiometric reagents. Na+-H+ exchange isotherms (at [H+] = 10-8-10-1 M) and rates 

were measured for 13X and 4A zeolites and TP-207 and TP-260 organic exchange resins in batch 

equilibrium and fixed-bed exchange experiments, respectively. At solutions equilibrated with CO2 

at 1.0 atm (pH = 3.9), H+ exchange capacities for the materials were similar (1.7-2.4 mmol H+/g 
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material) and resulted in pH increases from 3.9 to greater than 8.0. Multi-component mixtures 

using Ca2+ and Mg2+ cations (at 10-3-10-1 M) in CO2-saturated water were used to probe 

competitive ion exchange. The presence of divalent cations in solution inhibited H+ exchange, 

reducing capacities to as low as 0.2 mmol H+/g for both resins and zeolites. Dynamic H+ exchange 

capacities in fixed-bed ion exchange columns were similar-to equilibrium values for resins (~1.5 

mmol/g) and zeolites (~0.8 mmol/g) using inlet solutions that were equilibrated with gaseous 

streams of CO2 at 1.0 atm. For the four ion exchange materials studied (e.g., ion exchange resins 

and synthetic zeolites), quasi-chemical linear driving-force approximations that are in first order 

in solid-phase capacity, effectively model contaminant breakthrough curves. Experimentally 

determined rate parameters reflect those determined from pore diffusion with pellets: 0.091 s-1 for 

R-1, 0.06 s-1 for R-2, 0.04 s-1 for Z-1, and 0.025 s-1 for Z-2, particles larger than 500 µm. Predictive 

H+ titration capacities for these ion exchange materials were within 5% difference of 

experimentally determined H+ titration capacities: 0.81 mmol H+ g-1 of R-1, 0.68 mmol H+ g-1 of 

R-2, 0.26 mmol H+ g-1 of Z-1, and 0.18 mmol H+ g-1 of Z-2 for pCO2 = 0.12 atm equilibrated inlet 

streams. These studies demonstrate that linear driving-force approximations can model 

experimentally determined H+ removal parameters. Additionally, experimental calcite 

precipitation from mixing the alkaline CO3
2--rich water solution obtained from the ion-exchange 

column with a synthetic liquid waste stream solution achieved thermodynamic maximum yields.  

 

Geochemical and process modeling software was used to identify thermodynamically optimum 

conditions and to quantify the energy intensity and CO2 reduction potential of a process that 

sequesters CO2 (dissolved in wastewater) as solid calcium carbonate (CaCO3). CaCO3 yields are 

maximized when initial calcium to CO2 ratios in the aqueous phase are 1:1. The energy intensity 
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for the ion exchange process (0.22 – 2.10 Megawatt-hour per tonne of CO2 removed (MWh/t-

CO2)) is dependent upon the concentration of CO2 in the gas phase (i.e., 5-50 vol%) and the 

produced water composition, with nanofiltration and reverse osmosis steps used to recover 

magnesium and sodium ions contributing the largest energy requirements (0.07 – 0.80 MWh per 

t-CO2 removed). Energy consumption was minimized under conditions where CaCO3 yields were 

maximized for all produced water compositions and CO2 concentrations. The ratio of net CO2 to 

gross CO2 removal for the process ranged from 0.05 to 0.90, indicating a net CO2 reduction across 

all conditions studied.  

 

Furthermore, this ion exchange process was scaled up to treat 300 L of produced water brine (oil- 

and gas-associated wastewater) per day for CO2 mineralization. Produced water brines are optimal 

for this process because these brines are (Mg2+, Ca2+)-rich, suitable for CO2 mineralization, and 

Na+-rich, optimal for regeneration of the spent ion exchange solids used to induce a pH swing. 

Proton titration capacities were quantified for aqueous streams in equilibrium with gas streams at 

various concentrations of CO2 (pCO2 = 0.03 – 0.20 atm; 0.10 – 0.81 mmol H+ per g ion exchange 

solid) and at various flow rates (0.5 – 2.0 L min-1; in equilibrium with 0.12 atm gas phase CO2; 

0.65 mmol H+ per g ion exchange solid). Utilizing inlet CO2 concentration at 0.12 atm, 0.5 – 3.5 g 

CaCO3 per L produced water was precipitated, resulting in energy intensities between 30 – 65 

kWh per tonne of CO2 sequestered from pumping and effluent mixing. The energy intensity of the 

process was dependent on volume ratios of the higher alkaline, ion-exchanged CO2 stream and 

alkaline cation-rich produced water used to precipitate CaCO3. Thermodynamic simulations for 

precipitated CaCO3 formation were validated through this system, with calcite as the primary 

precipitated CaCO3 phase (>97%) and 3% FeO solids from produced water. A life cycle 
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assessment was performed to analyze the net carbon emissions of the technology for two produced 

water compositions in equilibrium with gas streams at various CO2 partial pressures (pCO2 = 0.03 

– 0.20 atm) which indicated a net CO2 reduction for pCO2 ≥ 0.12 atm (-0.06 to -0.39 kg CO2e per 

kg precipitated CaCO3) utilizing calcium-rich brines. The results from this study indicate the ion 

exchange process can be used to provide alkalinity for the precipitation of carbonate solids for 

most of the CO2 concentrations, thereby opening a pathway toward sustainable and economic 

mineralization processes.  
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Chapter 1  Introduction and background 

 

1.1.  Motivation 

1.1.1. Introduction to CO2 capture technologies 

Carbon dioxide (CO2) is the primary greenhouse gas emitted by human activities1. According to 

the International Energy Agency, global CO2 emissions from energy combustion and industrial 

processes reached a new maximum at 36.8 Gt CO2 in 20222, in which approximately 50% of these 

emissions (18.5 Gt CO2) have been generated during the primary energy consumption of oil and 

gas in the transportation and industrial sectors3. The United States contributed approximately 17% 

(6.3 Gt CO2) to total global CO2 emissions, where approximately 1.4 Gt CO2 and 1.8 Gt CO2 were 

from industrial and transportation sectors4. High oil and gas demands consequentially result in the 

generation of large volumes of produced water (brine co-produced during the extraction of oil and 

gas), approximately 24 billion barrels of produced water5 yearly in the United States leading to 

increased levels of brine waste and CO2 emissions (0.5 – 13.5 kg CO2 equivalent per m3 produced 

water processed)6. 

Post-combustion capture of CO2 (e.g., from power plants using amine-based processes7–9) and 

storage in geological formations (CCS) is the current state-of-the-art for CO2 emissions mitigation. 

Decades of process optimization10–12 and large theoretical storage capacities in the U.S.13–15 make 

amine-based CCS processes particularly effective for large point source emitters (e.g., fossil fuel 

fired power plants16,17,18). However, large energy demands (>0.36 MWh per ton CO2 captured for 

streams with less than 12% CO2
17,19), high capital costs of large amine plants17,20,21, and high 
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operating expenses (e.g., for pipeline transportation and for storage site monitoring) are barriers 

for the use of amine-based processes in the oil and gas sector where emissions are more dilute 

and/or distributed (e.g., less than 3% CO2 in flare gases from refineries, petrochemical plants, and 

natural gas wells22–24). Thus, the low carbon future envisioned to combat climate change will 

require new technologies for CO2 emissions mitigation from primary energy users and during oil 

and gas recovery. 

Sequestration of CO2 as a solid carbonate (i.e., mineralization) is an alternative emission mitigation 

strategy opposed to post-combustion capture of CO2. CO2 is captured as a stable carbonate solid 

(usually in the form of calcium or magnesium carbonates) via chemical reaction with Ca/Mg ions 

in alkaline aqueous solutions.25,26 Mineralization-based CO2 capture and storage involve 

inherently lower energy processes because the CO2 capture and storage occur without requiring a 

separate removal/concentration step (i.e., absorption from a vapor phase). These processes also 

exploit the favorable thermodynamics of carbonate precipitation reactions ( G = -1129.1 kJ/mol 

for calcite precipitation). By avoiding the CO2 capture steps, mineralization-based approaches can 

be applied across a wide range of CO2 concentrations (i.e., atmospheric concentrations to 100 vol. 

% CO2) and temperatures (i.e., ambient to ~90°C) without increasing energy requirements (i.e., 

associated with large heat duties for thermal swing amine-based processes15). These processes are 

also insensitive to the impurities in CO2-containing streams (e.g., hydrocarbons and H2S). Thus, 

mineralization approaches represent an attractive alternative to CCS for CO2 emission mitigation 

in the oil and gas sector because reduced process complexity and broad operating conditions enable 

modularity with few unit operations (i.e., process intensification) and flexibility in fulfilling carbon 

management goals across diverse locations and settings without the need for transport 

infrastructure (e.g., pipelines, compression stations, etc.).   
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CO2 mineralization (e.g., as calcium carbonate) occurs via the following reaction: 

𝐶𝑎2+(𝑎𝑞) +  𝐶𝑂3
2− (𝑎𝑞) → 𝐶𝑎𝐶𝑂3(𝑠)        (1)   

The speciation reactions that describe the CO2–H2O system are written as: 

𝐶𝑂2 (𝑔) + 𝐻2𝑂 ⇌  𝐶𝑂2 (𝑎𝑞) + 𝐻2𝑂 ⇌   𝐻2𝐶𝑂3 (𝑎𝑞)     (2) 

𝐻2𝐶𝑂3 (𝑎𝑞)  ⇌  𝐻+(𝑎𝑞) +  𝐻𝐶𝑂3
− (𝑎𝑞)       (3) 

𝐻𝐶𝑂3
− (𝑎𝑞)  ⇌  𝐻+(𝑎𝑞) +  𝐶𝑂3

2− (𝑎𝑞)                   (4) 

In general, the concentration of CO3
2- anions (and thus, the extent of carbonate precipitation) 

depends on pH (e.g., in water, CO3
2- is the dominant carbon species at pH > 10.3327,28), so the 

mineralization strategy described above requires sources of Ca/Mg ions and alkalinity. 

Approximately 22 billion barrels of liquid-waste water, known as produced water (PW), is 

produced during oil and gas extraction yearly.29–32 The vast majority of PW is injected for disposal, 

resulting in only 0.6% of PW utilized for beneficial reuse.29,31,32 After separation of organic 

components, PW is rich in primarily Na+, Ca2+, Mg2+ and Cl- ions (0.050 M – 3.0 M).33 These high 

cation concentrations make PW viable sources of cations for mineralization processes. However, 

these streams are typically produced at 4 < pH < 7 (with bicarbonate, HCO3
-, as the predominant 

species)33. The addition of caustic soda (NaOH) to increase the pH of these streams would render 

mineralization processes uneconomical because of the costs and hazards of using NaOH. Previous 

studies have explored the use of alkaline solid wastes (i.e., combustion fly ashes and slags)34–37, 

however, this still involves the use of a stoichiometric reagent whose production occurs in much 

lower abundance (130 million tons per year)37,38 compared to CO2 emissions from oil and gas 

processes (2.9 billion tons per year).  
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1.2. Scope and Organization 

 

1.2.1. CO2 mineralization via ion exchange processes 

 

In this work, the use of ion exchange (IEX) processes as an alternative method to induce alkalinity 

for the precipitation of CaCO3 using wastewater streams is investigated. Exposing CO2-saturated 

solutions (pH = 3.9) to regenerable IEX materials can produce solutions with pH > 10.0, thereby 

creating favorable conditions for CO2-mineralization reactions. Ion exchange occurs between an 

electrolyte solution and similarly charged ions immobilized in an IEX material through a 

stoichiometric, reversible IEX reaction. Previous research has shown the reversible exchange of 

H+ and Na+ ions in a solution using clay minerals.39–41 

This work aims to identify commercially available IEX materials capable of shifting the pH of 

CO2-saturated solutions for subsequent precipitation as carbonates. Commercially available WAC 

resins (TP-207, TP-260) and synthetic zeolites (Type 4A, Type 13X) were selected to quantify 

exchange capacities and kinetic exchange parameters. These resins and synthetic zeolites were 

selected because of their weakly acidic functional groups and low Si/Al ratios (1.0 for Type 4A 

and 1.24 for Type 13X), respectively. IEX was studied across a range of H+ concentrations from 

HCl and CO2 batch solutions to determine the effect of proton and anion concentrations on the 

exchange capacities of these materials. Equilibrium IEX isotherms were developed for materials 

and compared with competitive ions to determine the process design and configuration. IEX 

kinetic constants and capacities are quantified using simple linear driving force (LDF) models for 

dynamic IEX experiments performed by column exchange. Materials were regenerated to quantify 
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working capacities and kinetics. Furthermore, CO2 mineralization was performed using simulated 

PW streams as the source for calcium ions29,30,33,42 and the effluent solution compositions from the 

IEX columns. Geochemical modelling to rapidly estimate the propensity of formation of minerals 

in solution (e.g, CaCO3) was performed using Gibbs Energy Minimization (GEM) software.43,44 

Furthermore, this work seeks to quantify the emissions mitigation impact of our process by using 

thermodynamic and process simulations to determine energy consumptions and calcium carbonate 

yields for various produced water and CO2 waste streams. Herein, we demonstrate that 

implementing this process for CO2 mineralization results in net negative carbon emissions for the 

various produced water compositions studied. Energy requirements and costs of the process 

significantly decrease when utilizing higher CO2 flue gas concentrations. To better understand how 

this process operates using real-world brines of variable chemistries, two produced water sources 

from the United States are tested: the Niobrara mixed-shale and chalk play in the Denver-Julesburg 

Basin and the Utica-Point Pleasant mixed shale and limestone play in the Appalachian Basin. A 

life cycle assessment (LCA) methodology is employed to analyze the life cycle or net carbon 

emissions of the technology. The work presented herein demonstrates these processes by 

identifying suitable materials and process parameters and by presenting possible strategies for 

integration with various processes related to the oil and gas sector.  
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Chapter 2  Experimental Materials and Methods 

 

2.1.1. Solutions preparation and solids characterization 

 

Sodium chloride (NaCl, >99.0%), calcium chloride dihydrate (CaCl2∙2 H2O, >99.0%), calcium 

sulfate dihydrate (CaSO4∙2 H2O, >99.0%), ferric chloride hexahydrate (FeCl3∙6 H2O, >99.0%), 

potassium chloride (KCl, >99.0%) and magnesium chloride hexahydrate (MgCl2∙6 H2O, >99.0%) 

were all purchased from Fisher Chemicals. 70% (w/w) nitric acid (HNO3) and 12.5% (w/w) 

hydrochloric acid (HCl) solutions were purchased from Sigma Aldrich. High purity carbon dioxide 

(CO2, 99.99%, Airgas) cylinders were used as the source for the preparation of CO2-saturated 

solutions. All chemicals were used as received unless otherwise stated. Commercially available 

synthetic zeolites (4A and 13X; 8–12 mesh; Fisher Chemicals) and sodium-form chelating cation 

exchange resins (Lewatit TP 207 (iminodiacetate functional groups) and Lewatit TP 260 

(aminomethyl phosphonate functional groups); Sigma Aldrich) were used for IEX experiments. 

Cation exchange resins were preconditioned using 2 N HCl (Sigma Aldrich), 1 N NaOH (Sigma 

Aldrich), and washed with ultra-pure water (Milli-Q, resistance of 18.2 MΩ cm-1) to remove any 

contaminants and ensure resins are Na+-form at saturation.45  

 

Chemical analysis of ion-exchange materials (Table 1) was performed by electron dispersion 

spectroscopy (EDS; Nova 230 model) with a 10 kV accelerating voltage and a working distance 

of 5 mm.  

Table 1. Chemical composition of ion exchange materials obtained by EDS (Nova 230 model with 

a 10 kV accelerating voltage and a working distance of 5 mm). 
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Sample Material Na 

(mol %) 

C 

(mol %) 

N 

(mol %) 

O 

(mol %) 

Si 

(mol %) 

Al 

(mol %) 

R-1 TP 207 12.3±1.00 63.0±1.52 2.93±0.69 21.9±1.2 N.D. N.D. 

R-2 TP 260 10.3±1.10 56.9±1.15 3.76±0.52 24.9±1.1 N.D. N.D. 

Z-1 4A 14.1±1.10 N.D. N.D. 59.6±1.2 10.9±1.30 14.5±1.10 

Z-2 13X 13.8±0.30 N.D. N.D. 58.9±1.1 12.6±1.50 13.8±1.20 

 

Brunauer-Emmett-Teller (BET) surface areas were calculated from N2 adsorption-desorption 

isotherms, measured at 77 K with a Micrometrics ASAP 2020 Plus I system. Before measurements, 

samples were degassed at 1 × 10-3 Torr, and 573 K. Pore size distributions were calculated from 

the adsorption branches of the isotherms using the Barrett-Joyner-Halenda (BJH) model. Bulk 

porosities and densities were measured using helium pycnometry (AccuPyc II 1340, Micrometrics) 

after drying the materials at 65°C for three hours. Additionally, particle size distributions were 

measured using static light scattering (SLS; LS13-320, Beckman Coulter Static Light Scattering) 

with water and sonication being used to ensure particle dispersion. A summary of material 

properties is shown in Table 2. 

 

Table 2. Textural Properties of the ion exchange materials used in this study 
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Sample 

number 

Ideal CECa 

(mmol/g) 

Bulk 

porosityc 

(%) 

Densityc 

(g/cm3) 

Particle 

size 

(mm)d 

d50 

Surface 

Areae 

(m2/g)  

Pore Sizef 

(Å)  

Z-1  N/A 33 1.91 ± 

0.01 

1.60 ± 0.5 448 ±1.4 52.0 ±1.4 

Z-2 N/A 39 1.85 ± 

0.01 

2.31 ± 0.18 244 ±1.8 128 ±1.3 

R-1b
 1.9 26 1.34 ± 

0.01 

0.59 ± 0.04 6.1 ±1.4 197 ±1.2 

R-2b 1.6 31 1.45 ± 

0.01 

0.61± 0.05 13.9 ±1.7 284 ±1.1 

aManufacturer-specified cation exchange capacity (CEC), bMinimum H-form exchange capacity: 

based off industrial scale cation exchange using H-form resins, cBased on He-pycnometery, dBased 

on SLS method, eBased on BET, fBased on BJH method 

 

2.2. Experimental design for CO2 mineralization via ion exchange processes 

2.2.1. Batch equilibrium ion- exchange experiments 

 

Single component IEX experiments using HCl and CO2-saturated solutions (pCO2 = 1.0 atm, pH 

= 3.9) were performed to determine Na+-H+ exchange isotherms. Aqueous solutions with 0.001, 
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0.010, 0.1, 0.25 and 0.5 M of HCl were prepared by diluting 12.5% (w/w) HCl with ultra-pure 

water (18.2 MΩ cm-1). CO2-saturated solutions were prepared by bubbling CO2 into ultra-pure 

water at 25°C, where [CO2] = 0.0334 M according to Henry’s law (KH = 30 L atm mol-1), resulting 

in a saturation pH of 3.9.46 CO2 was bubbled until a stable pH of 3.9 was read using a pH electrode 

(Thermo Scientific Orion Versa Star). All experiments were performed using a solid/liquid ratio 

of 0.003 g/mL and at 25°C unless otherwise stated. All batch equilibrium experiments were 

performed using tightly sealed conical centrifuge tubes of equal dimensions and shaken 

continuously using a Corning LSE orbital shaker for four days. Solutions from all batch 

equilibrium experiments were sampled at 5, 10, 30, 60, 100, 180 and 240 minutes, and every 24 

hours afterward for cation concentration analysis by inductively coupled plasma – optical emission 

spectroscopy (ICP-OES; Avio 200 ICP Optical Emission Spectrometer, Perkin Elmer) to ensure 

equilibrium was achieved. Samples were filtered through a 0.2-micron Corning filter and diluted 

in 5% (w/w) HNO3 (prepared by diluting 70% HNO3 in ultra-pure water).  

Equilibrium was established when cation concentrations in solution were invariant with time. 

Equilibrium exchange capacities (EC; mmol/g) were calculated by 

𝐸𝐶 =  
(𝐶0−𝐶𝑓)∙𝑉

𝑊
  (6) 

where 𝐶𝑓 and 𝐶𝑜 are final and initial cation concentrations in solution, respectively, 𝑉 is the 

solution volume, and 𝑊 is the mass of solid.  

Competitive IEX was performed using solutions containing CO2-CaCl2 compositions. Saturated 

CO2 in solution (pCO2 = 1.0 atm) was fixed while CaCl2 concentrations were varied from 0.001 to 

1 M.  
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2.2.2. Fixed-bed ion exchange experiments 

 

An IEX column apparatus was constructed to study the dynamic ion exchange performance for the 

IEX materials. A schematic of the apparatus is shown in Figure 1. Liquid feed was introduced into 

a glass tube (3.5 cm inner diameter) using a BioLogic LP peristaltic pump. Fixed beds of IEX 

material (performed using bed volumes of 134.7 cm3 [14 cm height] unless otherwise stated) were 

held in place using quartz wool.  

 

Figure 1. Experimental schematic of the ion-exchange column used in this study. 

 

The effect of inlet CO2 concentrations on the H+ exchange was performed using TP-207 (134.7 

cm3; 14 cm height; 40 ccm) at the following CO2 inlet concentrations: 1.0 atm/pH 3.9, 0.5 atm/pH 

4.1, 0.25 atm/pH 4.2 and 0.1.0 atm/pH 4.4 until the effluent pH (or cation concentration) was 

equivalent to that of the inlet. Effluent samples were collected at intervals of 5 minutes during the 
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first hour and 30 minutes thereafter. Collected effluent samples were analyzed using a pH meter 

and ICP-OES. The breakthrough curves developed are presented as the normalized effluent H+ 

concentration (eq. 7) as a function of the number of normalized bed volumes (NBV) processed 

(eq. 8). NBV is defined as liquid flowrate, Q (mL/min) divided by IEX material bed volume (BV; 

cm3) multiplied by time, t (min). 

Normalized Effluent Concentration =  
𝐶𝑒𝑓𝑓𝑙𝑢𝑒𝑛𝑡

𝐶𝑖𝑛𝑙𝑒𝑡
 (7) 

     𝑁𝐵𝑉 =  
𝑄∙𝑡

𝐵𝑉
                                                     (8) 

Fixed-bed IEX regeneration experiments (12.4 cm3; 1.5 cm inner diameter and 7 cm bed length; 

40 ccm) were performed using an inlet CO2-saturated solution (pCO2 = 1.0 atm, pH 3.9) to exhaust 

the column to the saturation limit and subsequently regenerated using an inlet solution composed 

of 0.7 M NaCl at pH 9.9 (representative of the solution composition following mineralization in 

this process). Three cycles were performed for each IEX material used in this study. 

 

2.2.3. Analytical models for dynamic ion exchange experiments 

 

Mathematical models that relate the properties of the material and the experimental conditions to 

the concentration-time profiles in the effluent of a fixed bed (i.e., a breakthrough curve) were used 

to quantify the rate and maximum exchange capacity from dynamic IEX experiments. Combining 

the partial differential equation that arises from the mass balance on the cation in a fixed bed with 

an ordinary differential equation that represents a linear exchange rate leads to a simple, two 

parameter equation (the exchange rate parameter (kK) and the maximum exchange capacity (𝑞𝑠)) 
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that describes the breakthrough curve. These parameters can be regressed from breakthrough curve 

data using nonlinear least squares fitting.47 

The rate parameter (kK) reflects resistance to exchange at three length scales: (1) diffusion of 

cations in the bulk liquid phase to the solid surface, (2) diffusion within solid phase pores, and (3) 

ion exchange at the anionic site. Diffusion resistances can be determined from known engineering 

correlations (see SI1,2), and these resistances can be summed in series (similar to electrical 

resistances) according to Equation (10)48:  

1

𝑘𝐾
=

𝑅𝑝

3𝑘𝑓
+

𝑅𝑝
2

15𝜀𝑝𝐷𝑝
+

1

𝑘𝑒𝑥
 (10) 

where Rp is the radius of the ion exchanger particles, Dp is the effective diffusivity of the incoming 

cation inside the pores of the solids, kf  is the mass transfer coefficient for fluid film mass, kex rate 

of exchange at the anionic site, and ɛp is the porosity of the solid particles. The distribution 

parameter (K) is the ratio of the concentration of the cation in the solid phase to that in the fluid 

phase at equilibrium. 

2.2.4. CO2 mineralization using simulated produced water and ion exchange solutions 

 

CO2 mineralization experiments were performed using the effluents collected from dynamic IEX 

experiments described in Section 2.2.2.2. Simulated produced water samples (see Table 3 for 

compositions) were mixed with IEX effluents at varying volume ratios within a 1 L beaker, and 

solid precipitates were collected after 6 hours. Volume ratios, 𝑉𝑅, are defined as:  

 𝑉𝑅  =
𝑉𝑃𝑊

(𝑉𝑃𝑊 + 𝑉𝐼𝐸𝑋)⁄  (11) 
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where 𝑉𝐼𝐸𝑋 represents the volume of IEX solution of the effluent stream from the IEX column and 

𝑉𝑃𝑊 represents the volume of simulated PW.  

Table 3. Simulated produced water composition from the United States Geological Survey 

database46 

Salt concentration [mol/L] 

CaCl2 CaSO4 FeCl2 KCl MgCl2 NaCl 

0.10 0.01 0.00044 0.0001 0.056 1.48 

 

The IEX effluent and produced water solutions were continuously stirred for 4 hours to ensure the 

CO2 mineralization reaction had occurred.  After precipitation, two separate samples of the 

supernatant were analyzed via ICP-OES and pH measurements. Both samples were filtered 

through a 0.2-micron Corning filter and the ICP-OES sample was diluted in 5% (w/w) HNO3 

(prepared by diluting 70% HNO3 in ultra-pure water). The solid was collected from the solution 

via vacuum filtration and dried at 60°C for 24 hours prior to analysis. Powder X-ray diffraction 

(XRD) patterns of the precipitated phases were obtained on an X-Ray diffractometer (Panalytical 

X’Pert Pro X-ray Powder Diffractometer) using Cu Kα radiation of 1.5410 Å to identify the phases 

in the precipitated solids. Scanning electron microscopy (SEM; Nova 230; 5 kV accelerating 

voltage and a working distance of 5 mm) and EDS was used to quantify elemental composition at 

the surface of the solids. 

2.2.5. Thermodynamic Modeling of precipitated products 
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he activities and speciation of aqueous components were calculated using GEMSelektor, version 

3.4, which includes a native GEM (Gibbs energy minimization) solver,43,44 a built-in NAGRA-PSI 

‘Kernel’, and the slop98.dat and Cemdata18 thermodynamic databases.49–52 Thermodynamic data 

for nesquehonite (MgCO3.3H2O),53  hydromagnesite (Mg5(CO3)4(OH)2·4H2O) 54, dolomite 

((Ca0.5Mg0.5)CO3),
54 monohydrocalcite (CaCO3.H2O),53 and an iron-calcium carbonate solid-

solution model ((Ca,Fe)CO3)
55 were included in the simulations. Thermodynamic data for 

metastable nesquehonite and hydromagnesite were included as potential magnesium carbonate 

phases, opposed to ‘natural’ mineral thermodynamic data to represent the short-term precipitation 

time. The dolomite phase was chosen to represent partial calcium replacement by magnesium 

within CaCO3. The (Ca,Fe)CO3 non-ideal solution model was developed in a CaO-MgO-FeOOH-

CO2 system to represent iron (II) replacement within the CaCO3 structure in the presence of 

magnesium.55  

The activity of any relevant ion species is described within GEMS using the Truesdell-Jones 

modification of the extended Debye-Hückel equation that is applicable for ionic strengths (𝐼, 

mol/L) less than 2 mol/L (see Equation 12)56: 

 

log 𝛾𝑖 =
−𝐴𝑧𝑖

2√𝐼

1 + �̇�𝐵√𝐼
+ 𝑏𝛾𝐼 + log

𝑋𝑗𝑤

𝑋𝑤
 

(12) 

where, 𝛾𝑖 and 𝑧𝑖 are the activity coefficient and charge of the 𝑖𝑡ℎ aqueous species respectively, 𝐴 

and 𝐵 are temperature- and pressure-dependent coefficients, 𝐼 is the molar ionic strength, 𝑋𝑗𝑤 is 

the molar quantity of water, and 𝑋𝑤 is the total molar amount of the aqueous phase. A common 

ion size parameter, �̇� (3.72 Å) and short-range interaction parameter, 𝑏𝛾 (0.064 kgmol-1), are used 
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as constants for the NaCl background electrolyte.56 NaCl was selected as the dominant electrolyte 

throughout this study to simulate the IEX product solution compositions and pH shown in Table 3 

because of constantly larger NaCl concentration in solution. Solution compositions in the 

simulations used the VR ratios as described by Equation 11 using the solutions shown in Table 3.  

 

2.3.  Linear driving force approximations as predictive models for fixed-bed ion exchange 

reactors for CO2mineralization 

 

2.3.1. Fixed-bed ion exchange experiments for kinetic modeling of ion exchange rate 

parameters 

 

High-purity carbon dioxide (CO2, 99.99%, Airgas) and high purity nitrogen (N2, 99.99%, Airgas) 

were used as a source for the preparation of solutions equilibrated at various partial pressures of 

CO2. An ion exchange column apparatus was constructed to study the dynamic ion exchange 

performance for the ion exchange materials (schematic of the apparatus is shown in Figure 3). 

Liquid feed was introduced using a NE-9000 peristaltic dispensing pump, Fixed beds of ion 

exchange material were performed at bed volumes 134 – 604 cm3 by varying bed inner diameters 

and bed heights to maintain a liquid residence time of 10 minutes. Ion exchange solids were held 

in place using quartz wool. Deionized water (temperature at 20°C) is bubbled using a gas mixture 

of N2 and CO2 (10 to 50 SLPM) to create an aqueous stream equilibrated with CO2 at a partial 

pressure of 0.12 atm (pH 4.36 or [CO2] = 0.0042 M in accordance with Henry’s Law; KH = 30 L 

atm mol-1). Equilibrium at the desired CO2 concentration was determined when a stable pH 
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measurement was achieved at the expected pH with respect to Henry’s Law. Flow-rate studies 

using an inlet CO2-saturated solutions (pCO2 = 0.12 atm; pH 4.36) were performed at 20, 40, and 

60 cm3 min-1 until the effluent pH (or cation concentration) was equivalent to that of the inlet. The 

breakthrough curves developed are presented as the normalized effluent H+ concentration 

(Equation 7) as a function of the number of normalized bed volumes (NBV) processed (Equation 

8). The fixed-bed H+ exchange capacities (CECH) are quantified using the following equation: 

CECH = 
[H]in−[H]out

m
        (13) 

Where [H]in is the total moles of H+
 fed into the reactor and [H]out is the total moles of H+ out of 

the reactor, divided by the mass of ion exchange solid used (m). Simple linear driving force 

approximation models are applied to these breakthrough curves to quantify ion exchange rate 

parameters as discussed in Section 2.2.3. 

 

2.4.  Process Simulations for CO2 mineralization via ion exchange processes 

 

2.4.1. Thermodynamic simulations to identify conditions that maximize CaCO3 yields 

 

Produced water compositions for different regions in the United States were identified using the 

USGS database.33,57 Statistical analyses  were performed to quantify the mean concentrations of 

produced waters found in four different locations spanning the United States: Mid-continental rift, 

Pacific Coast, Appalachian region, and the Gulf Coast. Concentrations for each element ranged 

from 5.0 – 330 mmol/L Ca, 0.1 – 170 mmol/L Mg, 100 – 2600 mmol/L Na, 0.01 – 4.0 mmol/L Fe, 
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0.1 – 80 mmol/L K, and 0.1 – 30 mmol/L SO4. Additionally, the pH of the mean compositions 

ranges from pH 6.0 – 6.8 calculated from the charge balance of the given compositions, 

representative of the typical pH found in produced water streams. Mean compositions of produced 

water found in those regions and used for thermodynamic and process simulations are shown in 

Table 4. 

 

Table 4. Produced water compositions from United States Geological Survey (USGS) database.  

Geological 

Location 

Composition 

I.D. 

CaCl2 

(mM) 

MgCl2 

(mM) 

NaCl 

(mM) 

FeCl2 

(mM) 

KCl 

(mM) 

CaSO4 

(mM) 

pH 

Mid-

continental 

 

A 141 24.9 1206 0.63 6.5 0.81 

 

6.2 

Pacific Coast B 70.3 20.0 1544 1.1 7.5 8.11 6.0 

Appalachians C 166 17.0 1069 0.22 8.2 1.0 6.4 

Gulf Coast D 148 23.0 1077 0.11 1.1 0.23 6.8 

 

The mid-continental rift, which extends from Kansas to Michigan, is characterized by high Ca, 

high Mg, and ionic strengths ranging from 0.1 to 1.9 mol/L. The Pacific Coast, which extends from 

Washington to California, is characterized by low Ca, high Na, high Fe, and ionic strengths ranging 

from 0.1 to 2.2 mol/L. The Appalachians, which extends from Alabama to Maine, is characterized 

by high Ca, low Fe and ionic strengths ranging from 0.3 to 2.4 mol/L. The Gulf Coast, which 

extends from Texas to Florida, is characterized by high Ca, low Fe and ionic strengths ranging 

from 0.4 to 2.1 mol/L. 

 



18 

 

2.4.2. Aspen Plus® Process Modeling  

 

Aspen Plus® was used as the main simulator to provide necessary chemical units from its library. 

eRNTL was selected as the thermodynamic property method.58 The property method explicitly 

accounts for the solution chemistry, and considers dissociations of H2O, NaOH, CaCl2, MgCl2, 

FeCl2, KCl and speciation of CO2 in water. The following APV732 property databanks were used: 

ASPENPCD, AQUEOUS, SOLIDS, INRGANIC, and PURGE26. Process model design to 

produce CaCO3 via CO2 mineralization through ion exchange processes is shown in Figure 2.  

 

 

Figure 2. ASPEN Plus process flow diagram for CO2 mineralization via ion exchange 

processes. CO2-rich flue gas is fed into contact with streams of alkaline ion exchange solution 

(IEX) and calcium-rich produced water (PW) compositions. The stream is fed through a 

crystallizer for mineralization. Precipitated solids are separated via crossflow filtration (filter), 

where the effluent stream is treated via nanofiltration (NF) and reverse osmosis (RO). 
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A carbon capture plant that treats 24 metric tonnes of dry pre-treated flue gas (e.g., NOx and SOx 

depleted) containing 5 – 50% (v/v) CO2 and 50 – 95% (v/v) N2, per day is considered. These flue 

gas CO2 concentrations are representative from various industries as previously discussed. A flue 

gas flow rate of 1.7 metric tonne/h was chosen to ensure carbon was available to precipitate 

products. The CO2-rich flue gas is fed into contact with an alkaline ion exchange stream and 

calcium-rich produced water stream. NaOH is used to simulate the ion exchange stream (0.003 – 

0.067 mol/L). Furthermore, NaOH was used in previous CO2 mineralization experiments to adjust 

the pH of CO2-rich solutions and in previous thermodynamic calculations to simulate expected 

solution compositions following ion exchange.59 An alkaline stream containing NaOH 

(representative of  the ion exchange effluent stream compositions) and a produced water stream 

using compositions according to Table 2 were used for CO2 mineralization. Inlet flow rates for 

each stream were adjusted (1 – 60 m3/h) to match the volume ratio requirement (equation 5) 

quantified for maximum CaCO3 precipitation from GEMS thermodynamic simulations. The 

precipitated solid is separated via crossflow filtration, where the remaining effluent stream is 

treated via nanofiltration (150 – 350 kPa) and reverse osmosis (350 – 600 kPa) for complete cation 

removal. These operating pressures were selected to overcome the respective osmotic pressure of 

each stream following mineralization. nanofiltration rejection coefficients for divalent cations and 

reverse osmosis rejection coefficients for monovalent cations were assumed to be 0.9560,61 and 

0.99,62,63 respectively, as they were representative of common rejection coefficients observed in 

these types of filtration membranes. The energy consumptions for each step of the process and 

total net CO2 emissions for the process were quantified.   
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2.5.  Pilot plant demonstration and life cycle assessment of ion exchange processes for CO2 

mineralization using industrial waste streams 

 

2.5.1. Materials and sample characterization 

 

Sodium chloride (NaCl, >99.0%) and sodium hydroxide pellets (NaOH, >97.0%), were purchased 

from Fisher Chemicals. 70% nitric acid (HNO3) and 12.5% hydrochloric acid (HCl) solutions were 

purchased from Sigma Aldrich. High-purity carbon dioxide (CO2, 99.99%, Airgas) and high purity 

nitrogen (N2, 99.99%, Airgas) were used as a source for the preparation of solutions equilibrated 

at various partial pressures of CO2. All chemicals were used as received unless otherwise stated. 

Commercially available sodium-form chelating cation exchange resin Lewatit TP-207 

(iminodiacetate functional group) was used for the fixed-bed ion exchange experiments.  

Two produced water samples were collected by the U.S. Geological Survey from the Niobrara 

Formation (Denver-Julesburg Basin) in CO, USA and Utica-Point Pleasant Formation 

(Appalachian Basin; herein referred to as Utica) in OH, USA. Samples were collected from 

separator tanks on well pads. Aliquots of each sample were neither filtered nor acidified to 

represent real-world produced water characteristics (e.g., high Fe, hydrocarbons, and total 

suspended solids content) that may complicate treatment.64 Samples were used for CO2 

mineralization experiments, where compositions of these streams are shown in Table 5. 

Table 5. Utica Point Pleasant and Niobrara produced water compositions used in 

this study for CO2 mineralization. 
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Cation Utica Point 

Pleasant 

(mmol/L) 

Niobrara 

(mmol/L) 

Ca 761 6.7 

Mg 121 1.9 

Fe 1.7 0.4 

Na 2495 396 

K 17.5 0.88 

Sr 31.8 0.51 

Ba 0.36 0.33 

 

Cation concentrations for Utica Point Pleasant and Niobrara samples were analyzed via 

inductively coupled plasma – optical emission spectroscopy (ICP-OES; Avio 200 ICP Opitical 

Emission Spectrometer, Perkin Elmer). Samples were filtered through a 0.2 micron corning filter 

and diluted in 5% (w/w) HNO3 (prepared by diluting 70% HNO3 in ultra-pure water). Powder X-

Ray diffraction (XRD) patterns of the precipitated solids were obtained on an X-Ray 

diffractometer (Panalytical X’Pert Pro X-Ray Powder Diffractometer) using Cu Kα radiation of 

1.5410 Å and used to identify the mineral phases present in the of the precipitated solids. The 

morphology and microchemistry of the precipitated solids were also evaluated using Hitachi 

SU5000 field emission scanning electron microscope (FE-SEM) fitted with an Oxford Ultimax 

100 mm2 energy dispersive spectroscopy silicon drift detector. Samples were mounted on a 

carbon sticky tab, coated in 10 nm of carbon, and examined using a 15 KeV accelerating voltage, 

5nA of beam current, and a working distance of ~11 mm. 
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Thermogravimetric analysis (TGA) was performed on a simultaneous thermal analyzer (STA 

6000 Perkin Elmer) with a Pyris data acquisition interface to measure the mass carbonate 

precipitated of the precipitated solids. The powder samples were heated under ultrahigh purity N2 

purge at a heating rate of 10°C min-1 from 50°C – 975°C. Qualitative elemental characterization 

and scanning electron imaging (SEM) was performed with an electron dispersion 

spectrophotometer (EDS; Nova 230 model) with a 10 kV accelerating voltage and a working 

distance of 5 mm.  

 

2.5.2. Pilot plant demonstration for CO2 mineralization 
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Figure 3. Process flow scheme for the ion exchange demonstration build to treat 300 L of 

produced water per day. Carbon dioxide rich water (pH 4.25 to 4.66) is directed into fixed-bed 

reactor and collected before being fed into the precipitation reactor where it is well mixed with a 

produced water stream. Precipitated solids are removed and collected in a filter bag housing unit 

and analyzed. 

 

 

A 2 L PVC fixed-bed reactor (1.5 in internal diameter, 72 in height) containing TP-207 resin was 

constructed and held in place by installing mesh size 50 screens at both ends of the reactor to 

treat 300 L of produced water per day for CO2 mineralization, as shown in Figure 3. Deionized 

water (temperature at 20°C) is bubbled using a gas mixture of N2 and CO2 (10 to 50 SLPM) to 

create an aqueous stream equilibrated with CO2 at a partial pressure of 0.03 – 0.20 atm (pH 4.25 

to pH 4.66 or [CO2] = 0.001 - 0.0068 M in accordance with Henry’s Law; KH = 30 L atm mol-1). 

Equilibrium at the desired CO2 concentration was determined when a stable pH measurement 

was achieved at the expected pH with respect to Henry’s Law. The CO2-rich stream is fed to a 

fixed-bed reactor containing ion exchange resin at varying inlet flow rates of 0.5 – 2.0 L min-1 

using a gear pump. The carbonate-rich effluent stream is mixed with a fixed volume of Utica 

Point Pleasant Formation produced water. An overhead mixer is installed in the precipitation 

tank to ensure turbulent mixing for precipitation (e.g., 750 RPM resulting in Reynolds Number = 

49,000). The slurry containing precipitated CaCO3 is then fed through a filter bag housing (solid 

separator; 3 µm filter bags) where the precipitated CaCO3 and any other precipitated solids are 

separated from the solution. A synthetic regenerate stream in accordance with effluent 
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compositions obtained from thermodynamic simulations (~0.5 M NaCl; pH 9 – 11 dependent on 

volume ratio used) was used to regenerate the fixed-bed reactor.  

 

2.5.3. Fixed-bed ion exchange experiments cycling experiments for CO2 mineralization 

 

Cycling of the ion exchange process was performed using inlet pCO2 = 0.12 atm (pH 4.34) at a 

fixed inlet flow rate = 1.0 L min-1 until a breakthrough pH 9.5 was attained. Regeneration of the 

ion exchange reactor was performed using background 0.5 M NaCl concentrations at pH 9, pH 

10, pH 11 and pH 12. The ion exchange resin was regenerated 9 times to demonstrate the 

number of cycles required to successfully treat 300 L of produced water in 24 hours of operation. 

CO2 mineralization experiments were performed using effluent collected from the breakthrough 

ion exchange cycling experiments using Utica Point Pleasant produced water. The carbonate-rich 

effluent from the fixed-bed reactor was mixed with the produced water at varying volume ratios 

in the precipitation tank according to the volume ratio (Equation 11). The IEX solution and 

produced water were stirred for one hour to maximize CaCO3 precipitation. Filtered effluent 

solutions concentrations were analyzed via inductively coupled plasma – optical emission 

spectroscopy as previously described. The solids were further analyzed XRD and SEM/EDS as 

previously described.   

 

2.5.4. Energy intensity of the pilot plant for CO2 mineralization 

 



25 

 

Energy calculations were performed on the process, to account for mixing, pumping, and solid 

separation from the process and to show the impact this process can have on CO2 sequestration 

and utilization. 

The hydraulic power used by the pump was found from equation 1465  

Ph = q ∗ h ∗
ρ

367
      (14) 

Where q is flow, g is the acceleration of gravity, h is the differential head, and ρ is the density of 

the liquid. 

The shaft power used by the pump was found from equation 1565 

Ps = Ph/η       (15) 

Where Ps is shaft power, Ph is the hydraulic power and η is pump efficiency. The power 

associated with the mixer was calculated using the following equation.66 

Pm = Np ∗ n3 ∗ d5 ∗ g ∗ Re     (16) 

Where Pmis the mixing power, Npis the impeller power number, n is the impeller rotational 

speed, d is the impeller diameter, g is the specific gravity of the fluid and Re is the Reynolds 

number of the system.    

 

2.5.5. Life cycle assessment 
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2.5.5.1.Goal and System Boundary 

 

A life cycle assessment (LCA) was conducted in this study to exclusively detail greenhouse gas 

emissions based on ISO 1404067 and ISO 1404468(p140). The function of the product system was 

to produce precipitated CaCO3 via an ion exchange process in the United States in different 

scenarios and the reference flow of the functional unit (FU) was 1.0 kg of precipitated CaCO3, 

which is an established measurement basis in the scientific and technical literature69,70. The 

modeling approach adopted was the attributional LCA and the product system extended from 

cradle to precipitated CaCO3 plant gate, because the use and end-of-use of processes for the 

product will not differ for the manufacturing technologies. The main goal of this study is to 

investigate the environmental life cycle impacts of CaCO3 precipitation recovered from utilizing 

produced water streams. Yield data from treating 300 L of produced water per day is scaled up in 

the geographical context of the United States (e.g., different regions/sources of produced water 

from the Appalachian and Denver-Julesburg Basins, different grid-electricity sources for the 

process, and varying pCO2) to determine the impacts of different produced water streams.  

The system boundaries span from raw material procurement to the actual precipitated CaCO3 

manufacturing process as shown in Figure 4. For traditional precipitated CaCO3 production, the 

boundary includes limestone mining, while in the case of the ion exchange system the solid raw 

materials are considered to be a waste stream that would be formed, whether or not utilized in 

precipitated calcium carbonate manufacturing. The system boundary for the precipitation of 

CaCO3 in Figure 4 adopts a “cradle-to-gate” approach in which it only includes raw material 

acquisition and manufacturing processes and excludes transportation to distribution site, use and 

end-of-life (EOL) stages.  Thus, the ion exchange system boundary is not extended to 



27 

 

steelmaking processes or to limestone mining, but instead it considers the avoided waste material 

streams (CO2 and produced water/brine).  

 

Figure 4. System boundaries (dashed lines) for traditional precipitated CaCO3 production 

(red) and for precipitated CaCO3 production via the ion exchange process (purple). The 

traditional precipitated CaCO3 process involves the mining and calcination of limestone to 

CaO, where CO2 gas emitted from this step is used as the source for carbonate precipitation 

(brown). The ion exchange process utilizes CO2 from flue gas from power plants and brine 

generated from oil production as the primary sources for carbonate precipitation and a dilute 

acidic brine  is generated from the ion exchange regeneration step (yellow). 

 

Additionally, emissions from the manufacturing of the ion exchange solid used is not considered 

due to its extensive regeneration capacity (>99%) as discussed in this study. The system is 
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extended to include membrane filtration treatment steps of the process for the cycling of the ion 

exchange process at appropriate water recovery ratios. Make-up water is added back into the 

system to account for water losses from the effluent treatment steps.   

 

2.5.5.2.Allocation and scenarios description 

 

This study investigates the pilot-scale production of precipitated CaCO3 using the best and 

worst-case scenarios of the process, defined by varying energy-intensive processes, such as the 

processing of deionized water and effluent brine for cycling the process for the two produced 

waters investigated in this study. The scenarios to produce 1 kg precipitated CaCO3 are described 

in Table 6. 

Table 6. Summary of the main parameters used in the assessed emissions(?) scenarios for the 

production of 1 kg precipitated calcium carbonate 

Item S1 S2 S3 S4 S5 S6 S7 S8 S9 

Input  

Carbon 

Source 

 

3% 

 

12% 

 

20% 

 

12% 

 

12% 

 

12% 

 

12% 

 

12% 

 

12% 

Produced 

water 

Utica  

  

Niobrara Utica 

 

Electricity 

(USA) 

Average  

 

Coal Natural 

Gas 

Renewable Easter Western 
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Output Total Utilization (%) 

Dilute 

Acidic 

Brine 

 

0 

 

0 

 

0 

 

0 

 

0 

 

0 

 

0 

 

0 

 

0 

 

Nine scenarios for production of calcium carbonate via the ion exchange process were assessed 

as follows: 

• S1 – S3 describe the utilization of CO2 from flue gas at 3 – 20 vol% CO2 utilizing the 

Utica produced water and the average electricity input for the United States 

accounting for all types of electricity sources. 

• S4 describes the utilization of CO2 from flue gas at 12 vol% CO2 utilizing the 

Niobrara produced water and the average electricity input for the United States 

• S5 – S9 describe the utilization of CO2 from flue gas at 12 vol% CO2 utilizing the 

Utica produced water and various sources of electricity inputs for the United States 

For each scenario, calculated electricity inputs from the pilot plant were input for the 

precipitation of CaCO3 (e.g., pumping, agitation). A deionized water recovery of 88% is 

calculated based on traditional nanofiltration and reverse osmosis water recovery rates for brines 

of similar compositions following mineralization71,72. Makeup deionized water is fed back into 

the system to account for water-reductions from generation of regeneration streams.  

2.5.5.3.Life cycle inventory and impact assessment 
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The life cycle inventory (LCI) was collected using different sources of data provided in the 

following sections. LCI was mainly obtained from the ecoinvent v3.8 and the NETL CO2U 

openLCA LCI version 2 databases using the cut-off allocation library found in SimaPro 9.1 

software. This LCA study uses the updated ReCiPe 2016 midpoint (H) method available in 

SimaPro 9.1 software to compare the ion exchange process to the traditional precipitated CaCO3 

process. The midpoint method consists of 18 environmental indicators, including global warming, 

fine particulate matter formation, human carcinogenic toxicity, water consumption, etc. The 

ReCiPe method is used in this study as it is based on the global average data. Contribution analysis 

is performed for the precipitated CaCO3 to identify the hotspots only using the global warming 

indicator. The comparisons between precipitate CaCO3 production processes is performed using 

the ReCiPe global warming indicator, which is calculated based on the Global Warming Potential 

(GWP) IPCC 2007 indicator for a time frame of 100 years. 
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Chapter 3  Ion exchange for CO2 mineralization studies  

 

3.1.1. Batch equilibrium ion-exchange experiments 

3.1.1.1. Introduction 

 

IEX technology is commonly used to purify solutions by removing the dissolved ions by 

electrostatic sorption into IEX materials of various physical forms.73,74 All zeolites can serve as 

IEX materials because of their specific structural features. However, for practical applications, 

high-alumina zeolites, or zeolites with Si/Al ratios in the range of 1 - 5,75 are preferred for IEX 

applications because of the large number of acid sites.76 IEX and selectivity in zeolites are mainly 

affected by the properties of the exchangeable cations, the concentration of the solution, the 

presence of other cations and the characteristics of the zeolite such as channels and Si/Al ratios.77 

Type A and Type X zeolites have high affinities for proton exchange in solutions of pH 3.9 – 7 

because of their small Si/Al ratios,78 making them suitable materials for a pH swing process. IEX 

resins contain functionalized ionizable groups placed along their polymer-backbone chains and are 

classified depending on the functional group into weakly (WAC) and strongly (SAC) acidic 

materials. The high H+ affinity of WAC resins makes it advantageous to use instead of SAC resins 

because they can be regenerated using weakly acidic feeds. The pKa of the functional groups on 

WAC resins are generally greater than 2, whereas SAC resins generally require concentrated acids 

(pH < 2) because of the functional group’s smaller pKa values.79–83 
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Exposing CO2-saturated solutions (pH = 3.9) to regenerable IEX materials can shift the pH to 

>10.0, thereby creating favorable conditions for CO2-mineralization reactions. Ion exchange 

occurs between an electrolyte solution and similarly charged ions immobilized in an IEX material 

through a stoichiometric, reversible IEX reaction. Previous research has shown the reversible 

exchange of H+ and Na+ ions in a solution using clay minerals.39–41 H+-Na+ ion exchange is 

described by equation (17):  

H+ +  RNa ↔  RH + Na+         (17) 

where RNa/H is the IEX material in either sodium or proton form and H+ and Na+ are ions in 

solution. Protons in solution are introduced by dissolving CO2 (pCO2 = 1.0 atm; pH 3.9) into water 

according to Equations (2-4). As protons are removed from the solution via ion exchange, the 

equilibria of reactions 2-4 shifts toward the formation of CO3
2-

 ions.84 The resulting solution after 

IEX is an alkaline, CO3
2--rich solution that can be used for CaCO3 precipitation without the 

addition of caustic soda. The regeneration energy requirement for CO2 capture using solid IEX 

materials is significantly lower than that of dry solid adsorbent and aqueous amine-based processes 

due to the absence of heat requirement since the process uses a concentrated sodium chloride waste 

stream to regenerate the materials (as described in this work).18 

 

3.1.1.2. Non-competitive H+ and Na+ uptake from DI water 

 

To demonstrate the feasibility of pH shift using TP-207 (R-1), TP-260 (R-2), 4A (Z-1), and 13X 

(Z-2), increasing amounts of these materials were added to 20 mL of CO2-saturated DI water 

(pCO2 = 1.0 atm; pH = 3.9). 13X and 4A exhibited maximum pH increases to 8.8 and 9.8, 
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respectively, at solid loading ratios of 0.15 g/g, while the two organic resins increased the solution 

pH to ~11 at ratios of 0.35 (Figure 5a) within 48 hours. To further quantify the maximum H+ 

exchange (i.e., non-competitive) at equilibrium pH values similar to those for a CO2-saturated 

solution (pH ~ 4), H+-Na+ exchange isotherms (Figure 5b) were collected for the resins and zeolites 

in DI water. Exchange isotherms were the same using HCl and CO2-saturated solutions, indicating 

that there is negligible counter ion (i.e., Cl−, HCO3
− or CO3

2−) effect. H+ exchange capacities at 

solution equilibrium concentrations of 10−4 M H+ (pH ~ 3.9, similar-to CO2-saturated water) range 

from 1.7–2.4 mmol H+ (g material)-1 (circled in Figure 5b), with the organic resins exhibiting 

higher uptake capacities than the zeolites under more acidic solutions (pH < 4; [H+] > 10-4 M). 

These data demonstrate the ability of these ion exchange materials to sufficiently shift the pH of 

aqueous solutions to conditions that favor carbonate precipitation (i.e., pH from 3.9 to >10) via 

compact flow processes (i.e., 50 g of material required to increase the pH of 1 L of water from 4 

to 10; described in more detail in Section 2.3.2). 

 

  

(a) (b) 
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Figure 5. (a) Changes in the pH of saturated CO2 solutions (pCO2 = 1.0 atm; initial pH = 3.9) 

using various amounts of IEX materials (i.e., 0.010 – 10 grams of IEX material were added to 

20 mL of the CO2-saturated solution). (b) H+ exchange isotherms for organic IEX resins and 

zeolites in DI water. Batch exchange experiments were conducted using HCl (closed symbols) 

and CO2 (open symbols) as a source of H+ ions. HCl isotherms were developed by varying 

HCl concentrations from 0.001 to 1 M. CO2 isotherms were developed by varying mass load at 

fixed volume of carbonated water at initial pCO2 = 1.0 atm. Circled area represents the 

equilibrium H+ capacities at 10-4 M H+ (pH ~ 3.9, similar to CO2 saturated water). 

 

3.1.1.3.Competitive exchange between H+ and Ca2+ 

 

Industrial produced water typically contains a variety of ions (in particular, Ca and Mg at 0.1 M 

and 0.05 M respectively33). The organic cation exchange resins used in this study have a high 

affinity for divalent cations because of the chelating-like functional groups, as they are commonly 

used for water hardness removal (i.e. removal of Ca and Mg ions from water).85 Similarly, the 

zeolites used in this study readily exchange cationic species (e.g., exchange of Na+ with Ca2+ leads 

to the formation of zeolite Type 5A from 4A).86 Thus, these affinities for divalent cations may 

hinder Na+ and H+ uptake when using a produced water feed for the pH shift process, so binary 

component IEX isotherms were generated (Figure 6a-b) using 0.01 – 1 M CaCl2 solutions with 

fixed initial HCl (1 M for resins, 0.1 M for zeolites to avoid dissolution) or CO2 (equilibration with 

pCO2 = 1.0 atm, pH = 3.9) concentrations to quantify the effect of Ca2+ exchange on H+ uptake 

capacity. As shown in Figure 6a-b, H+ uptake decreased (and final pH decreased) with increasing 

equilibrium calcium concentrations for all materials. These results indicate that a pH swing process 
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using the materials studied herein requires pH shift of a Ca/Mg depleted stream with subsequent 

mixing with PW in a separate precipitation reactor (as described subsequently in Section 2.2.4).   

 

 

 

 

(a) (b) 

Figure 6. H+ capacity as a function of equilibrium calcium concentrations (0.001 M 

– 1.0 M CaCl2) in solution in (a) 1 mol/L HCl for resins, 0.1 mol/L HCl for zeolites, 

and (b) aqueous solutions equilibrated with pCO2 = 1.0 atm (initial pH = 3.9) using 

a solid/liquid ratio of 0.003 g/mL. 

 

3.1.2. Fixed-bed ion-exchange experiments 

 

3.1.2.1.Effect of inlet concentration on H+ uptake capacities 

CO2 concentrations by volume from point sources are about 3% for natural gas-fired power plants, 

12% for coal-fired power plants and iron and steel mills, 20% for cement plants, and >90% from 

ammonia, ethanol, and hydrogen plants87. An increase in inlet concentrations for IEX processes 

lead to higher uptake capacities and faster breakthrough time because of the large concentration 

gradient produced.88  Therefore, breakthrough curves at varying inlet CO2 concentrations (0.10, 
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0.25 , 0.50, and 1.0 atm CO2) were collected for R-1 IEX resin (the IEX material with the highest 

H+ uptake capacity) to probe this effect under flowing conditions. 

Breakthrough curves were collected for R-1 at CO2 concentrations from 0.10 to 1.0 atm (10% - 

100%) to quantify its effect on saturation capacities and breakthrough time using an inlet flow rate 

of 40 ccm and a bed volume of 134.7 cm3. The breakthrough time decreased as CO2 influent 

concentration increased from 0.10 to 1.0 atm and H+ uptake capacities decreased with decreasing 

inlet CO2 concentrations, as shown in Figure 7a and 7b. The maximum uptake capacity was 

achieved using an initial CO2 concentration of 1.0 atm at 1.33 mmol/g with minimal changes to 

the kinetic rate parameter kK (~0.050 s-1). The driving force for ion exchange is the concentration 

difference between the solute on the sorbent and the solute in the solution.89–91 A high 

concentration difference provides a high driving force for the ion exchange process, which may 

explain why higher H+ uptake capacities were obtained using larger CO2 inlet concentrations. 

Additionally, at larger inlet CO2 concentrations, binding sites are rapidly filled with sorbate H+ 

which results in a decrease in breakthrough time. Maximizing H+ uptake capacities across all 

concentrations can be performed by increasing bed-depth. 

  

(a) (b) 
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Figure 7. (a) H+ uptake capacities (mmol/g) and regressed rate parameter, kK, (s-1) and (b) 

effect of influent CO2 concentration breakthrough curve for H+ exchange reaction for R-1 at 

varying CO2 inlet concentrations using a bed volume of 134.7 cm3 and an inlet flow rate of 40 

cm3 min-1. 

 

3.1.2.2. Regeneration and cycling of IEX materials 

Cycle-to-cycle stability of IEX materials were studied via successive H+-Na+ exchange cycles, as 

shown in Figure 8 (at BV of 12.4 cm3, flow rate of 40 ccm, H+ exchange pH = 3.9, and Na+ 

exchange inlet concentrations of 0.7 M NaCl/pH 9.9). Regeneration for all IEX materials was 

achieved within 100 normalized bed volumes for each cycle, when the effluent pH was equivalent 

to the inlet pH. Breakthrough curves for all three cycles for each IEX material are shown in Figure 

8. The breakthrough time for each material was almost constant for each of their respective cycles, 

resulting in identical H+ uptake capacities and rate parameter kK values (Table 7).  

  

(a) (b) 
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(c) (d) 

Figure 8. Breakthrough curves for the H+ exchange reaction for three cycles after 

regenerating with an inlet composition of 0.7 M NaCl at a pH 9.9. Breakthrough curves 

developed using inlet flow rates of 40 ccm and pCO2 = 1.0 atm for (a) R-1, (b) R-2, (c) Z-

1 and (d) Z-2. Dashed lines represent Bohart-Adams model predictions for breakthrough 

curves. 

 

Table 7. Regressed rate parameters using an pCO2 = 1 atm inlet concentrations for cycled 

experiments 

Material ID Cycle H+ Uptake 

Capacities 

(mmol/g) 

kK (s-1) 

R-1 

 

1 1.21 0.059±0.003 

2 1.20 0.060±0.005 

 3 1.20 0.058±0.002 
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R-2 

 

1 1.15 0.021±0.004 

2 1.14 0.021±0.002 

 3 1.15 0.021±0.003 

Z-1 

 

1 0.72 0.035±0.005 

2 0.73 0.034±0.003 

 3 0.72 0.035±0.001 

Z-2 

 

1 0.67 0.028±0.003 

2 0.67 0.028±0.003 

 3 0.69 0.030±0.002 

 

The four IEX materials studied displayed similar H+ uptake capacities after 3 cycles using a 

regenerant feed composed of 0.7 M NaCl at a pH 9.9, which is representative of the solution 

following the mineralization step of this process (discussed in section 2.3.4). Regeneration time 

for the IEX resins can be reduced using higher pH solutions as is done industrially with caustic 

soda.79,80,82 More cycles will be necessary to identify the point at which the IEX materials begin to 

reduce in H+ uptake capacities. 
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3.1.3. CO2 mineralization of simulated PW and IEX solutions 

Simulated CO3
2--rich water with the same Na+ and CO3

2- concentrations as the IEX columns was 

mixed with simulated produced water solutions at varying volumetric ratios, VR (equation 11). As 

previously shown R-1 displayed a larger pH swing, with a final solution pH 11.1, compared to the 

other IEX materials. Therefore, thermodynamic simulations were performed to predict phase 

formation and calcite yield using R-1 compositions as a function of different volume fractions 

(VR), shown in Figure 9a.  

   

(a) (b) (c) 

Figure 9. (a) Simulated phase formation and purity of calcite in alkaline conditions; (b) 

CaCO3 formation and (c) purity of calcite formed as a function of varying volume fractions for 

the four ion exchange solutions studied. The dashed lines for zeolitic materials represent 

aragonite phase formation. 

As shown in Figure 9a, CaCO3 formation changes with varying volume ratio due to increasing 

[Ca]:[CO2] ratio in solution. CaCO3 formation is maximized when the [Ca]:[CO2] ratio was 1:1, 

which occurs at a VR of 0.23. R-1 solutions produce the largest quantities of CaCO3 and highest 

purities of calcite as shown in Figures 9b and 9c, respectively, because of the higher initial pH.  
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For zeolitic solutions, aragonite formation is dominant between volume ratios of 0.2 to 0.6 because 

large [Ca]/[Fe] ratios are required to favor calcite formation55, with goethite as the primary 

contaminant. The reduction of the initial pH reduces goethite formation which decreases the 

[Ca]/[Fe] in solution to a point where it enters the miscibility gap of the (Fe,Ca)CO3 solid solution 

model used.55 The FeCO3 end-member forms preferentially but at low quantities which causes 

aragonite to form in place of calcite. CaCO3 precipitation decreases at VR > 0.25 for ion exchange 

materials because of the lower initial pH and reduction of aqueous CO2, reducing the activity of 

CO3
2- in solution.  

To validate the thermodynamic simulations, experiments were performed using R-1 solutions 

because of the larger predicted mass and purity of CaCO3 precipitated. The dominant phase formed 

from volume fractions 0.2-0.6 was calcite with goethite as the primary contaminant as shown in 

the XRD patterns (Figure 10a). At VR = 0.1, monohydrocalcite (MHC) was the primary phase that 

formed during mineralization as it requires a solution containing [Mg]/[Ca] > 0.2 and [CO2]/[Ca] 

> 1 to form.92–94 When VR = 0.1, the [Mg]/[Ca] and [CO2]/[Ca] were 0.44 and 2.54, respectively, 

which are within the parameters required for MHC formation. At VR > 0.18, the [CO2]/[Ca] < 1.0 

thus, MHC did not form after this point.  
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S7 

 

(a) (b) 

Figure 10. (a) XRD diffraction patterns identifying present phases over varying volume ratios. 

c = calcite, g = goethite and m = monohydrocalcite; (b) SEM image of calcite synthesizes at a 

volume fraction of 0.7. 

The SEM image (Figure 10(b)) of calcite precipitated at VR = 0.3 displays the stable rhombohedral 

structure expected of calcite formation.95 The rhombohedral structure was observed for VR values 

of 0.2 - 0.6. EDS analysis at the surface was performed to quantify CaCO3 purity. As shown in 

Table 8, experimental results are consistent with thermodynamic simulations performed for across 

the volume fractions studied. 

Table 8. Mass fraction of calcite, goethite and magnesium within the mineralization 

samples as determined from SEM-EDS. 
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 CaCO3 (calcite)  

(mass %) 

Goethite  

(mass %) 

Magnesium  

(mass %) 

VR EDS Simulated EDS Simulated EDS Simulated 

0.1 97.1 89.9 0.2 0.2 2.7 9.9 

0.2 99.0 97.7 0.8 0.7 0.2 1.6 

0.3 98.9 99.0 1.0 0.7 0.1 0.3 

0.5 97.9 98.4 1.8 1.6 0.3 0.0 

0.6 97.2 96.5 2.5 2.4 0.3 0.0 

 

The experimental data and simulated mass balances showed good agreement. Simulated goethite 

was within 0.3 mass % of the experimental values throughout. Within the range 0.2 < VR < 0.6, 

simulated calcite was within 2 mass % of the experimental values. Significant CaCO3 differences 

was observed for VR = 0.1 because simulations predicted 9.9 mass % of potential CaMgCO3 phase 

formation. CaMgCO3 phases were not detected in XRD patterns across all volume ratios leading 

to differences in the mass of magnesium detected and simulated, implying either the small 

magnesium content is not detectable by XRD or the magnesium is adsorbed at the surface of the 

solid.  

The precipitated mass of calcite increased and decreased, shown in Figure 11a, following the molar 

ratios of [Ca]:[CO3
2-], where < 5% difference between simulated and experimental values were 

observed. The pH was observed to decrease as the VR increased as shown in Figure 11b, because 
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of the increasing dilution of the alkaline IEX solution by produced water. The pH buffering effect 

of carbonate ions is observed up to VR = 0.43, where pH = 9.6. A significant drop in pH may be 

the result of increased goethite formation in the system, consuming additional [OH-] provided by 

the IEX column. Additionally, simulated pH values were in good agreement with the experimental 

results as they were within 0.1 - 0.3 pH units. Concentrations of cations increased as the PW ratio 

increased, shown in Figure 11c. However, calcium concentrations observed a postponed rise due 

to calcite formation. Iron concentrations do not increase significantly until VR = 0.46. The available 

iron at VR < 0.46 was converted into goethite resulting in [Fe] < 2.3 x 10-6 mmol/L. When VR > 

0.46, the iron concentration rose rapidly due to decreasing [OH-] as the alkalinity provided by the 

IEX solution decreased. The accurate thermodynamic predictions shown from the experimental 

results and simulations are significant as they can further be used to predict phase formations and 

CaCO3 yields for the IEX process using different compositions of PW or of other brine 

compositions (e.g. desalination brine discharge). CaCO3 yields will be significantly affected by 

total Ca2+ concentrations, whereas purities will significantly be affected by total Mg2+ and Fe2+/3+ 

concentrations as the results have shown. 

   

(a) (b) (c) 
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Figure 11. (a) Yield of precipitated calcite, (b) final pH of solution after precipitation and (c) 

cation concentrations in solution following precipitation as a function of volume ratios. The 

‘filled’ circle represent experimental data and the dotted lines represent simulation results. 

 

3.1.4. CO2 mineralization process design 

The results from these studies indicate that ion exchange processes can be used as an alternative 

to the addition of stoichiometric bases to induce alkalinity for the precipitation of CaCO3. A 

process flow diagram for the industrial scale setup is shown in Figure 12. CO2 from flue gas (pCO2 

= 0.12 atm) is combined with fresh water to provide H+ in solution (pH 4.4) that is used as the inlet 

solution for the IEX columns. Minor acidic impurities in the flue gas (e.g., sulfur) are not expected 

to substantially impact the process performance (e.g., H+ exchange capacities). The carbonate-rich 

effluent of the columns (pH > 10) is mixed with the calcium-rich produced water in a precipitation 

reaction to produce CaCO3. Following separation of the solids, the remaining solution undergoes 

a nanofiltration step for the removal of the remaining divalent cations in solution that would inhibit 

regeneration of the IEX columns (e.g., Ca2+, Mg2+ and Fe2+/3+ cations preferably exchanging at the 

exchanging sites instead of Na+ cations). Performance studies of nanofiltration membranes are 

required to quantify the compositions of these cations following this step as they may decrease 

IEX performance (e.g., regeneration capacities and cycles). A reverse osmosis step is implemented 

for the continuous production of fresh water that is used in the first step of the IEX process and for 

simultaneous concentration of sodium cations in solution used for regeneration of IEX columns. 

The pH in both retentate and permeate streams of the reverse-osmosis step would have to be 

monitored as this can effect regeneration time and CO2 absorption. The retentate is transferred to 

the IEX columns for regeneration, where a larger pH would result in a faster regeneration time. 
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The permeate is utilized for the initial carbonation step, where a larger pH would result in larger 

CO2 absorption, inducing a change in VR where CaCO3 yields are maximized. The cycling and 

regeneration efficiency of these IEX materials discussed earlier make this a viable alternative 

process for CO2 mineralization at standard temperature and pressure.  

 

 

Figure 12.  Process flow diagram for industrial scale setup of ion exchange for CO2 

mineralization. 
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Chapter 4  Linear driving force approximations as predictive models for fixed-bed 

ion exchange reactors for CO2 mineralization 

4.1. Introduction 

 

Bustillos et. al., have previously demonstrated a regenerable pH swing process (Figure 12)96,97 that 

relies on ion exchange to attain favorable conditions for CO2 mineralization. This process shifts 

the pH of CO2-containing aqueous streams from an initial pH 4 to pH > 10, without the need for 

caustic soda addition. CO2 from flue gas (pCO2 = 0.03 – 0.20 atm or pH 4.1 – 4.34) is equilibrated 

with water to produce an aqueous stream saturated with dissolved inorganic carbon species, as 

described in equations 2 – 4, where dissolved inorganic carbon concentrations are dictated by 

Henry’s Law and the thermodynamics of CO2 speciation in water.98  Using commercially available 

ion exchange materials, the reversible exchange of Na+ and H+ in solution is described by Equation 

17.99,100 Bustillos e. al.96,97 demonstrated the use of weakly acidic cation exchange resins  (e.g., 

Na-form with iminodiacetic acid functional groups) and synthetic zeolites (e.g., Type 4A and Type 

13X) for producing this pH swing: H+ is removed from the solution while Na+ is released into 

solution forming aqueous sodium bicarbonate streams in accordance with Equations 2-4, shifting 

the equilibrium pH from an initial pH 3.9 to a final pH 11.1. The ion exchange solids can be 

regenerated using Na-rich brines (e.g., brines containing 0.05 - 3.0 M Na+)101,102 following 

depletion of divalent cations that can inhibit Na-exchange capacities due to competitive 

behaviors.96,99 The proposed process depicted in Figure 12: (1) introduces acidity by bubbling CO2 

in deionized water; (2) implementation of H+ - Na+ exchange reactions through fixed-bed reactors 

containing ion exchange solids to produce a carbonate-rich effluent stream for mineralization; (3) 

induce carbonate precipitation by mixing with a Ca2+/Mg2+-rich brine; (4) separation of 
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precipitated solids and treatment of the remaining effluent via nanofiltration and reverse osmosis. 

This final step simultaneously removes divalent cations that can limit regeneration of ion exchange 

solids (e.g., divalent cation concentrations less than 0.001 M), produces a Na-rich (e.g., 

concentrations greater than 0.1 M) regeneration stream and produces a fresh water stream and to 

be cycled within the process.96,97  

To optimize the use of these ion exchange solids in an industrial setting, the modelling of the fixed-

bed reactor in which the ion exchange reaction takes place becomes an important task. In this 

process, the contact between the H+ in CO2 saturated solutions and the solid ion exchange phase 

can be studied at three scales: the bed scale, the pellet scale, and the grain scale.103 The H+ in 

solution flows through the packed fixed-bed reactor  of granular medium whose properties change 

in space and time upon progression of the process. The H+ travels from the bulk of the flowing 

liquid to the surface of the ion exchange solid and diffuses through layers of product phase and 

pores of fresh materials to reach ion exchange sites available for reaction.104 Mathematically 

simple linear driving force models to describe the system in terms of the ion exchange solid H+ 

titration capacity (mmol H+ g-1 solid) and the kinetic sorption rate parameter. These models provide 

quantitative approximation for ion exchange systems when the equilibrium constant is sufficiently 

large.105 Linear driving force models are used to predict H+ titration capacities and sorption rate 

parameters at varying operating conditions for four commercially available ion exchange solids: 

weakly acidic resins TP-207, TP-260 and synthetic zeolites Type 4A and Type 4X. The 

concentration-time profiles for H+ exchange in the reactor effluent were analyzed using Bohart-

Adams model, a quasi-chemical model derived by Bohart and Adams. A range of process 

conditions (e.g., ion exchange pellet size, contact time) were varied to probe their effects on the 

parameters of the models as well as to determine the apparent rates of reaction and diffusion 



49 

 

occurring at the molecular scale. 

 

4.2. Effects of reactor parameters and ion exchange solid size on H+ titration capacity and ion 

exchange rates 

 

Fixed-bed H+ exchange experiments were conducted to determine the impact of transport 

phenomena on exchange capacities and to quantify ion exchange rates so that ion exchange 

reactors can be sized for various process conditions (e.g., various inlet pH and liquid contact 

times). The performance of the fixed-bed columns was quantified using linear driving force models 

described in Section 2.2.3. Flow rate is a key parameter to evaluate the efficiency of ion exchange 

materials in a continuous process because contact time and column hydrodynamics (e.g., Reynolds 

number) can impact ion exchange capacities.106–109 Breakthrough tests were performed at a fixed 

bed volume with increasing inlet flow rates (e.g., Re = 0.25 – 19.4) to quantify the effect on H+ 

titration capacities (Figure 13) and ion exchange rate parameters (Figure 14b).   
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Figure 13. Effect of varying Reynolds number on fixed-bed H+ titration 

capacities of the four ion exchange solids a fixed inlet pCO2 = 0.12 atm. Column 

heights and diameters were varied to maintain equivalent 10 minute contact 

times at each Reynolds number. 

 

Experimental H+ titration capacities were quantified when the outlet H+ concentration was 

equivalent to 95% of the inlet H+ concentration. As shown in Figure 13, increasing the Reynolds 

number (e.g., larger flow rate and minimized effects of laminar flow) results in similar H+ titration 

capacities, equivalent previously quantified equilibrium capacities in Bustillos, et. al.,96,97 for the 

four ion exchange solids at 10-minute contact times. The equilibrium H+ titration capacities 

achieved at pCO2 = 0.12 atm are: 0.81 mmol H+ g-1 of R-1, 0.68 mmol H+ g-1 of R-2, 0.26 mmol 

H+ g-1 of Z-1, and 0.18 mmol H+ g-1 of Z-2. Additionally, the second order linear driving force 

model was used to quantify the rate parameter, kK. Breakthrough curves at Re = 19.4 are shown 

in Figure 14a, with Bohart-Adams model applied (dashed lines) and used to predict the H+ titration 

capacity (Table 9) and quantify the ion exchange rate parameter at increasing Reynold numbers 

(Figure 14b). 

 

 

Table 9. Experimental and predicted H+ titration capacities of fixed-bed reactors operated at 

increasing Reynolds numbers and an inlet pCO2 = 0.12 atm. 
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Ion Exchange 

Material 

 

Reynolds Number 

Experimental H+ 

Titration Capacity 

(mmol/g) 

Bohart-Adams 

Predicted H+ 

Titration Capacity 

(mmol/g) 

 

 

 

R-1 

0.25 0.86 0.91 

0.74 0.88 0.90 

2.69 0.84 0.89 

12.92 0.82 0.90 

15.04 0.81 0.88 

19.4 0.81 0.87 

 

 

 

R-2 

0.25 0.66 0.71 

0.74 0.66 0.70 

2.69 0.67 0.72 

12.92 0.64 0.69 

15.04 0.64 0.68 

19.4 0.63 0.67 

 

 

 

Z-1 

0.25 0.21 0.20 

0.74 0.22 0.26 

2.69 0.26 0.33 

12.92 0.27 0.36 

15.04 0.31 0.34 

19.4 0.30 0.35 
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Z-2 

0.25 0.10 0.18 

0.74 0.11 0.19 

2.69 0.10 0.18 

12.92 0.13 0.21 

15.04 0.16 0.19 

19.4 0.16 0.16 

 

 

  

(a) (b) 

Figure 14. (a) Breakthrough curves for H+ exchange at a fixed bed volume of 134 

cm3, fixed inlet pCO2 = 0.12 atm and fixed Re 19.4. Dashed lines represent 

Bohart-Adams model fitting with (b) regressed rate parameters shown as a 

function of increased Re number.  

 

Increasing the Re at the inlet of the system and over the particle led to an increase in kK for all ion 

exchange materials. The regressed rate parameter increased from 0.02 – 0.091 s-1 for R-1, 0.018 – 
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0.06 s-1 for R-2, 0.015 – 0.04 s-1 for Z-1, and 0.012 – 0.025 s-1 for Z-2 at Reynolds numbers ranging 

from 0.25 – 19.4. Increase of these rate parameters for all ion exchange materials demonstrates 

that the overall system kinetics is dominated by external mass transfer in the column.110–114 Under 

convective mixing, the ion-exchange rate increases as the mixing speed increases (e.g., inlet liquid 

flow rate in this case), and the resistance of the boundary layer that surrounds the ion exchange 

materials weakens.115 When diffusion is the rate-limiting step, then the rate-limiting diffusion 

process may not be within the micropores themselves but, instead, limited by transport via a near 

static-boundary layer that is inserted between the external solution and the crystalline surface.116 

This process is described as film or boundary-layer diffusion. However, shown in Figure 14b, 

minimal changes to the rate parameter kK are observed at Re > 3 for all ion exchange materials: 

0.091 s-1 for R-1, 0.06 s-1 for R-2, 0.04 s-1 for Z-1, and 0.025 s-1 for Z-2. These minimal changes 

in rate parameters indicate decreased influence of film diffusion limitations. At this point, k 

represents intraparticle diffusion rates that define the kinetics of the ion exchange process and can 

be used for scale-up design depending on the type of material used.  

To describe the changes in saturation capacities and model fit with pellet size, the H+ exchange 

process must be deconvoluted at the pellet and grain scale. The sorbent synthetic pellet or ion 

exchange bead is a porous agglomerate comprising packed nonporous grains. The effect of particle 

diameter size on the inverse ion exchange rate parameters, 1/kK (Equation 10), for each ion 

exchange solid at Re 19.4, where minimal changes to the rate parameter are observed for each 

material, to further demonstrate intraparticle diffusion rate limitation effects on the ion exchange 

process.  
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Figure 15. Overall rate resistance, 1/kK, from Bohart-Adams regressed rate parameter at 

various ion exchange particle sizes for fixed bed volume and Re 19.4 at an inlet pCO2 = 0.12 

atm. 

 

As shown in Figure 15, the inverse rate parameter increases and is proportional to the square of 

the ion exchange pellet’s diameter for an inlet pCO2 = 0.12 atm stream at Re 19.4. For large pellets 

(e.g., >500 µm) the outer surface of the pellet reacts instantaneously with H+ in solution but the 

propagation of the reactant front through the pellet is limited by high pore-diffusion resistance, Rp, 

which is proportional to the square of the pellet’s diameter (Equation 10).117 The propagation of 

the ion exchange reaction follows a nucleation process where the rate increases as nuclei connect 

(e.g., within 100 – 200 normalized bed volumes for each ion exchange material). After this regime, 

H+
 layer accumulates which results in restricted access to unreacted core grains due to the high 

solid-diffusion resistance (e.g., incomplete conversion of individual grains) and decrease in the 

porosity of the pellet due to pore clogging and collapsing (e.g., incomplete conversion through 
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pellet volume). This combined effect is captured by the Bohart-Adams model through the 

inflection point of the breakthrough curves (Figure 14a). These results show the ion exchange 

process is limited by intraparticle diffusion at Re > 3, in which scale up design should be operated 

at these increased convective mixing conditions.  
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Chapter 5  Process simulations reveal CO2 removal potential of the proposed ion 

exchange process 

5.1. Introduction 

Generating energy and clean water inexpensively at abundant rates has been the primary driver for 

the technological advancement of humans. However, harvesting the necessary fossil fuel resources 

has produced (and continues to produce) billions of metric tonnes (t) of waste in the form of CO2-

containing gaseous effluents and saline wastewater. In 2019, >6 billion tonnes of CO2 were being 

emitted from the combustion of fossil fuels for power generation (2.5 billion t CO2), industrial 

processes (2.1 billion t CO2), and transportation (1.9 billion t CO2),
118 while 22 billion barrels of 

liquid-waste water (known as produced water ) was produced during oil and gas extraction.29–32 

Furthermore, the production of freshwater via sea- and river-water desalination has begun to 

increase (e.g., current global reverse osmosis capacities of 99.9 million cubic meters per day119) to 

combat increasing global freshwater scarcity,61,62,120,121 leading to increasing levels of saline brine 

waste and CO2 emissions [0.4 – 6.7 kg CO2 equivalent per m3 of water processed].122 

An attractive strategy to simultaneously limit brine discharge and CO2 emissions involves reacting 

aqueous streams containing Ca and Mg cations with CO2-containing gaseous streams to produce 

stable solids (usually in the form of calcium or magnesium carbonates) via mineralization 

reactions.26,123 Mineralization-based CO2 mitigation processes (1) avoid separation, concentration, 

and storage steps (e.g., steps in the post-combustion capture of CO2 from power plants using 

amine-based processes7,8,9), (2) exploit favorable reaction thermodynamics (e.g., ΔG = -1129.1 

kJ/mol for calcite precipitation) and (3) are insensitive to the impurities in CO2-containing streams 

(e.g., hydrocarbons and H2S). Therefore, these approaches involve reduced process complexity 

(compared to traditional thermal swing amine-based processes15) and can be applied across a wide 
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range of operating conditions without substantial increases in energy requirements and without the 

need for as-yet-developed CO2 storage and monitoring infrastructure. 

Produced water and reverse osmosis brines are rich in Na+, Ca2+, Mg2+ and Cl- ions (0.050 M – 3.0 

M).33 These high cation concentrations make these streams viable sources of cations for 

mineralization processes. However, these streams are typically produced at 4 < pH < 7 (with 

bicarbonate, HCO3
-, as the predominant dissolved carbon species)33, and alkalinity (i.e., OH- ions) 

needs to be supplied to drive the formation of carbonate ions (CO3
2-) ions that facilitate 

spontaneous precipitation reactions according to Equations 18-20 (e.g., in water, CO3
2- is the 

dominant carbon species at pH > 10.327,28):  

𝐻2𝐶𝑂3 (𝑎𝑞)  ⇌  𝐻+(𝑎𝑞) +  𝐻𝐶𝑂3
− (𝑎𝑞)       (18) 

𝐻𝐶𝑂3
− (𝑎𝑞)  ⇌  𝐻+(𝑎𝑞) +  𝐶𝑂3

2− (𝑎𝑞)                   (19) 

𝐶𝑎2+(𝑎𝑞) +  𝐶𝑂3
2− (𝑎𝑞) → 𝐶𝑎𝐶𝑂3(𝑠)        (20a) 

𝑀𝑔2+(𝑎𝑞) + 𝐶𝑂3
2− (𝑎𝑞) → 𝑀𝑔𝐶𝑂3(𝑠)        (20b)   

We have previously demonstrated a regenerable pH-swing process (Figure 1)59 that utilizes 

commercially available ion exchange materials to shift the pH of CO2-containing aqueous streams 

from 4 to ~11, thereby avoiding the need for expensive additives such as caustic soda (NaOH). In 

this process, protons in solution are introduced by dissolving CO2 from flue gas (pCO2 = 0.05 – 

0.50 atm) according to Equations 18 – 19 in water.   The pH of this aqueous stream is increased 

from pH 3.9 - 4.5 (depending on the concentration of CO2 in the gaseous stream) to pH > 10 using 

an ion exchange material following the reversible exchange of H+ and Na+ in solution described 

by equation 2139–41,59: 
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H+ +  XNa ↔  XH + Na+          (21) 

where XNa/H is the ion exchange material in either sodium or proton form and H+ and Na+ are ions 

in solution. As protons are removed from the solution via ion exchange, the equilibria of reaction 

18 – 19  shift toward the formation of CO3
2- anions, dictated by Henry’s Law and the 

thermodynamics of CO2 speciation in water124. The resulting solution is alkaline and CO3
2--rich, 

suitable for CaCO3 precipitation. As described in Bustillos et. al.59, weakly acidic resin TP-207 

(Na-based, iminodiacetic acid functional groups) induced a pH shift from a CO2 saturated solution 

(e.g., initial pH 3.9; pCO2 = 1.0 atm) to a final pH 11.1 (0.034 mol/L CO3
2-), resulting in CaCO3 

precipitation when mixed with simulated brine streams (0.025 mol/L CaCO3). Bustillos et. al. 

additionally detailed varying capacities (e.g., varying effluent CO3
2- concentrations following ion 

exchange from 0.01 – 0.025 mol/L CO3
2-) using different types of ion exchange materials (e.g., 

zeolites Type A and Type X, weakly acidic resin containing phosphonic acid functional groups).59 

For this work, TP-207 resin is selected to simulate alkaline composition as it displayed the largest 

pH swing (e.g., larger H+ capacities) compared to the different ion exchange materials studied.59  

Furthermore, following ion exchange as shown in Figure 16, the CO3
2--rich effluent (0.0018 – 

0.034 mol/L CO3
2- depending on the initial dissolved CO2 concentrations) is produced from the 

ion exchange beds and is mixed with the calcium-rich produced water in a precipitation reactor to 

produce CaCO3. Following separation of the solids, the supernatant solution undergoes a 

nanofiltration step for the removal of the remaining divalent cations in solution (e.g., Ca2+, Mg2+ 

and Fe2+/3+) and a reverse osmosis step to separate Na+ ions. These steps recycle water (e.g., 

roughly 8:2 ratio for reverse osmosis product streams: produced water input) for subsequent 

carbonation and Na-rich streams for regeneration of ion exchange columns. 
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Our previous studies generated design guidelines for the production of high purity (>97 wt.%) 

CaCO3 at yields (2.3 t CaCO3/day, equivalent to 1 t CO2 captured/day) that utilize 3.5 m3/h of brine 

from a total bed volume of 0.05 m3 of regenerable ion exchange material.59 This work seeks to 

quantify the emissions mitigation impact of our process by using thermodynamic and process 

simulations to determine energy consumptions and calcium carbonate yields for various produced 

water and CO2 waste streams. Herein, we demonstrate that implementing this process for CO2 

mineralization results in net negative carbon emissions for the various produced water 

 

Figure 16.  Process flow diagram for industrial scale setup for CO2 mineralization via an ion-

exchange based pH swing.59 
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compositions studied. Energy requirements and costs of the process significantly decrease when 

utilizing higher CO2 flue gas concentrations. 

 

5.2. Process simulations for maximum thermodynamic calcite yields utilizing a range of 

produced water compositions are realized at an initial [Ca]:[CO2] ratio of 1:1 

 

  

(a) (b) 

  

(c) (d) 
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Similar-to the composition of produced water by source/location, the CO2 concentrations by 

volume within gaseous emissions from point sources vary depending on the industry. Specifically, 

these values are 3% for natural gas-fired power plants, 12% for coal-fired power plants, up to 30% 

for iron and steel mills, 40% for cement plants, and >90% from ammonia, ethanol, and hydrogen 

plants1. To probe the impact of various gas phase CO2 and aqueous phase ionic concentrations on 

calcite yield via the previously demonstrated process, thermodynamic calcite yields (Figure 17) 

were calculated (using GEMS as described in Section 2.2.5) at various conditions and VR (see 

Equation 11). The produced water compositions for these calculations represent the four 

compositions listed in Table 4 (A, B, C, and D). The composition of the carbon-containing water 

in these simulations is derived from the results of our previous ion-exchange experiments (1.7 – 

16.8 mmol/L CO3
2- and pH 10.1 – 10.9)59. These streams reflect water that was initially 

equilibrated with gas phase CO2 streams with various partial pressures (pCO2 = 0.05-0.50 atm) 

and then exposed to an ion-exchange material to shift its pH from ~4 to 11.59  

As shown in Figure 17, the mass of precipitated CaCO3 varies for each composition (compositions 

A, B, C, D) and initial CO2 concentration because of dissolved calcium concentrations and 

 

 

 

Figure 17. Simulated effect of various CO2 concentrations on precipitated CaCO3 mass as a 

function of volume ratio (the ratio of produced water volume to total volume) at (a) 0.05 atm, 

(b) 0.12 atm, (c) 0.20 atm and (d) 0.50 atm initial CO2 partial pressure for different produced 

water compositions. Thermodynamic simulations were performed at 25 °C and at fixed total 

volume. 



62 

 

contaminant phases formed. The maximum mass of precipitated CaCO3 for the selected produced 

water compositions varies from 0.15 – 0.16 g/L, 0.35 – 0.38 g/L, 0.55 – 0.6 g/L and 1.30 – 1.55 

g/L for 0.05 atm, 0.12 atm, 0.20 atm and 0.50 atm CO2, respectively (Figure 17). The mass of 

precipitated CaCO3 varies with the volume ratio because the mass precipitated is dictated by 

whichever reactant is in excess, as shown in Figure 18.  

 

Figure 18.  CaCO3 yield for all produced water compositions (Table 1) at pCO2 = 0.05 – 0.50 

atm, as a function of initial calcium to initial CO2 ratios. CaCO3 yield is quantified as the ratio 

of mol CaCO3 precipitated to mol initial calcium, where a value of 1 represents total 

conversion of initial available calcium in solution. The vertical dashed line represents the ratio 

of [Ca]:[CO2] equivalent to 1. 

 

Shown in Figure 18, when the initial [Ca]:[CO2] ratio is less than 1 (e.g., when CO2 is in excess), 

CaCO3 yields are greater (0.9), indicating that almost all available calcium in solution precipitates 

to form CaCO3. The increase in initial [Ca]:[CO2] ratios corresponds to an increase in the mass of 

precipitated CaCO3 produced at smaller volume ratios, as shown in Figure 11. CaCO3 yields are 

maximized when the initial [Ca]:[CO2] ratio is 1:1 (Figure 17), which occurs at smaller volume 

ratios for smaller CO2 concentrations (Figure 17).  
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Similarly, the maximum mass of precipitated CaCO3 increases with larger initial CO2 

concentrations (Figure 17) because of the increased concentration of carbonate ions speciated from 

CO2. When the initial [Ca]:[CO2] ratio is larger than 1, CO2 becomes the limiting reagent of the 

mineralization reaction which results in significant reductions in the mass of precipitated CaCO3 

formed (Figure 17 at larger volume ratios) and significant reduction in CaCO3 yields. Significant 

differences in yields are observed using produced water Composition B because of significantly 

smaller Ca2+ concentrations compared to the other compositions studied, resulting in a greater 

amount of contaminant phases precipitated, as highlighted in Figure 19 for pCO2 = 0.50 atm.  

  

(a) (b) 

  

(c) (d) 
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Figure 19. Effect of produced water compositions and varying CO2 concentrations on 

simulated impurity phases precipitated as a function of volume ratio at (a) 0.05 atm, (b) 0.12 

atm, (c) 0.20 atm and (d) 0.50 atm CO2 concentrations. 

 

Additionally, as shown in Figure 20, purities are maximized at optimal volume ratios (e.g., where 

maximum precipitated CaCO3 is achieved) and achieve up to 99.8% CaCO3 purity. Smaller initial 

calcium concentrations combined with the increase in contamination cations (e.g., Fe) results in 

larger contamination phase formation (e.g., brucite [Mg(OH)2], goethite [FeOOH] and siderite 

[FeCO3] respectively), decreasing purities of CaCO3 precipitated.  

  

(a) (b) 

  

(c) (d) 
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Figure 20. Effect of produced water compositions and varying CO2 concentrations on CaCO3 

purities as function of volume ratio at (a) 0.05 atm, (b) 0.12 atm, (c) 0.20 atm and (d) 0.50 atm 

CO2 concentrations. 

 

Thermodynamic simulations were performed to predict the precipitated CaCO3 yields (per L of 

water processed) using partial pressures of CO2 representative of those found in industrial waste 

streams. Quantifying the influence of initial [Ca]:[CO2] ratios on CaCO3 yield provides insight for 

industries interested in either maximizing CaCO3 production or CO2 removal (e.g., operating under 

Ca or CO2 limited regimes). The maximum CaCO3 precipitated as a function of CO2 concentration 

for an initial [Ca]:[CO2] ratio of 1 for each produced water composition is shown in Figure 21. 

 

Figure 21.  Mass of precipitated CaCO3 per liter of water processed at the optimal volume 

ratio (where initial [Ca]:[CO2] ratio is 1:1) as a function of increasing inlet partial pressures of 

CO2 in equilibrium with the inlet solution for the ion exchange process. 

 

These results can be used to predict CaCO3 yields utilizing CO2 waste streams from different 

industrial plants (e.g., natural gas power plants, coal power plants, cement plants). Critically, these 
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data provide guidance for industries that aim to either decrease their waste handling (e.g., remove 

calcium or CO2) or maximize calcite production. However, the volume ratio selected (e.g., volume 

of brine required) affects downstream processes (and thus energy and CO2 removal). The final 

concentrations of cations following mineralization will affect CO2 emissions and energy 

requirements for the ion exchange process (e.g., divalent cation separation via nanofiltration 

processes), which are calculated below. 

 

5.2.1. Process simulations quantify energy requirements for CO2 mineralization 

 

CO2 mineralization for CaCO3 production in the baseline case is modeled by analogy to water 

treatment processes. If CO2 sources other than air are to be utilized, CO2 equilibration with brine 

streams can be achieved using aeration tanks.125 Following equilibration, caustic soda (e.g., 

consumable additive NaOH, considered for baseline scenario) could be mixed into the CO2-rich 

produced water resulting in the precipitation of calcium carbonate. Solids are then separated from 

solution via sedimentation, and the discharge solids can be discharged into the ocean as seen with 

brine disposal of typical desalination plants. Composition D is selected for the baseline case 

because of larger CaCO3 purities achieved in initial thermodynamic simulations. Shown in Figure 

22a is the amount of NaOH required to achieve CaCO3 yields similar-to those observed from 

utilizing ion exchange materials for composition D.  
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(a) (b) (c) 

Figure 22. (a) ion concentrations present in TP-207 effluent streams following ion exchange 

as a function of CO2 partial pressures. (b) Mass of precipitated calcium carbonate as a function 

of NaOH concentration, influenced by the initial CO2 partial pressure. (c) Energy required for 

CO2 mineralization using NaOH from chlor-alkali processes at varying CO2 partial pressures.  

 

The synthesis of NaOH by the conventional chlor-alkali process requires 2.5 MWh/t NaOH.126 

Therefore, the estimated energy demand for CaCO3 precipitation using NaOH as an additive and 

produced water as the calcium and CO2 source to be 4.8 MWh/t CO2 processed, excluding water 

processing. Utilizing the price of electricity for industrial use estimated at $70 per MWh127, the 

cost for CO2 mineralization is $336/t CO2 processed for state-of-the-art chlor-alkali-produced 

NaOH. Thus, ion exchange materials are proposed to induce alkalinity for CO2 mineralization for 

CaCO3 production. 

Traditional methods for precipitated calcium carbonate production (e.g., calcination of limestone 

followed by carbonation) have shown to be energy intensive (0.65 MWh/t-CO2) and as a result 
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emit CO2 (0.21 t-CO2e) because of the large temperature requirements of calcination.2 To perform 

a complete simulation analysis of our process, an ASPEN Plus simulation model (Figure 2) was 

developed using eRNTL as the thermodynamic property method and sequential modular strategy 

as previously described. Energy requirements for each step of the ion exchange process (e.g., ion 

exchange, mineralization, nanofiltration and reverse osmosis pumping requirements) were 

quantified shown in Figure 23. 

 

  

(a) (b) 

  

(c) (d) 
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Figure 23. Energy requirements quantified using the developed ASPEN model for the ion 

exchange, mineralization, nanofiltration, and reverse osmosis steps of the process, at varying 

CO2 concentrations for compositions (a) A, (b) B, (c) C and (d) D from Table 4. Inlet flow 

rates for the ion exchange and produced water streams were adjusted accordingly to match the 

volume ratio at which CaCO3 was maximized. 

 

As shown in Figure 23a-d, variations in the energy requirement of each step are associated with 

water pumping and changes in pressure gradients and volume requirements detailed in Table 10 

and Table 11.  

Table 10. Stream compositions and process parameters for each process step for the industrial 

scale up of ion exchange for CO2 mineralization at 25°C and 101 kPa 

Process step Mass Flow 

(ton/h) 

Effluent Stream 

Composition 

(mmol/L) 

Effluent 

pH 

Operating 

Pressure 

(kPa) 

Bubbling 

chamber 

41 – 81 2 – 34 CO2 (aq) 4.1 – 4.5 ---- 

Ion-exchange 

columns 

27 - 55 2 – 34 CO3
2- 10 - 11 15 

 

Filtration 

53 - 110 50 – 300 Na 

1 – 10 Ca 

0.5 – 6 Mg 

< 0.005 Fe 

 

9 - 10.5 

 

80 
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Nanofiltration1 53 - 110 50 – 300 Na 9 - 10.5 120 - 250 

Reverse 

Osmosis2 

53 - 110 < 1 Na 9 - 10.5 400 - 600 

Regeneration 27 - 55 300 – 1000 Na 6 - 7 80 

10.95 rejection coefficient used for divalent cations, while 0.1 rejection coefficient was used for 

monovalent cations; 0.85 pumping efficiency                                         20.99 rejection coefficient 

used for divalent and monovalent cations; 0.85 pumping efficiency 

 

Table 11. Ion exchange flow rate requirements (m3/h) at varying CO2 inlet concentrations per ton 

of CO2 processed 

Composition 5% CO2 12% CO2 20% CO2 50% CO2 

A 260 113 69 27 

B 297 116 71 30 

C 255 110 66 25 

D 250 107 63 22 

 

 

Energy requirements with respect to the ion exchange and mineralization steps are largely 

dependent on pumping the volume of water required to mineralize equivalent amounts of CaCO3 

(e.g., 1 t-CaCO3) at various inlet CO2 concentrations, as their pressure requirements are relatively 

small compared to following steps (Table 10; 15 – 80 kPa). These changes in volume requirements 

result in approximately 0.08 – 0.20 MWh/t-CO2 processed required individually for both the ion 



71 

 

exchange and mineralization step. Shown in Table 11, volume requirements per metric ton of CO2 

processed decrease as inlet CO2 concentration increase because of the larger mass of CaCO3 

precipitated at these higher CO2 concentrations, as discussed in Section 5.2.1.  

In addition to increases in water requirements, the nanofiltration and reverse osmosis steps are 

both primarily impacted by the increased pressure gradient required to treat the effluent stream 

following CO2 mineralization. Effluent streams following mineralization using the produced water 

compositions described earlier contain approximately 1 – 10 mmol/L Ca, 1 – 6 mmol/L Mg and 

50 – 300 mmol/L Na (Table 10). Complete separation of divalent cations in the stream is required 

for regeneration of ion exchange materials.59 Nanofiltration is implemented for the required 

removal these divalent cations at operating pressures 150 – 350 kPa, which is dependent on the 

osmotic pressure of the effluent stream following mineralization. Following this treatment, the 

remaining brine (50 – 300 mmol/L Na) is treated via reverse osmosis for freshwater production 

and Na concentration. Reverse osmosis operating pressures range from 400 – 600 kPa which are 

also dependent on the osmotic pressure of the stream to be treated, but capable of treating streams 

containing ionic strengths 0.5 – 1.0 mol/L.63,128,129 These larger pressure requirements 

consequentially result in increased energy requirements as depicted in Figure 18. Nanofiltration 

energy requirements range from ~0.06 – 0.50 MWh/t-CO2 processed, whereas reverse osmosis 

energy requirements range from ~0.08 – 0.81 MWh/t-CO2 processed. Total energy requirements 

are additionally comparable to those quantified for alternative CaCO3 precipitation methods (e.g., 

Ca-extraction from slag leaching ranging from 0.1 – 0.80 MWh/t CO2).
130–132 Furthermore, the 

high operating pressures make the nanofiltration and reverse osmosis steps the largest energy 

contributors to the overall energy requirements of this CO2 mineralization process. Significantly, 

total energy requirements using the ion exchange processes and utilizing industrial brines result in 
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significantly smaller energy requirements as opposed to the addition of NaOH produced from 

conventional chlor-alkali processes (4.8 MWh/t CO2). Furthermore, utilizing the price of 

electricity for industrial use estimated at $70 per MWh127, the cost for CO2 mineralization ranges 

from $25 to $168/t CO2 processed utilizing ion exchange processes, significantly lower than using 

consumable base from chlor-alkali processes ($336/t CO2). 

Additionally, energy costs associated with traditional reverse osmosis (e.g., desalination, brine 

treatment) are primarily affected by the feed conditions (e.g., osmotic pressures, 

temperatures)133,134. Energy requirements associated with these traditional processes range from 3 

– 10 kWh per m3 of water processed. 63,129  For potential integration of this process for brine 

treatment, energy requirements are quantified for the different produced water compositions and 

CO2 partial pressures studied (Figure 24).  

 

Figure 24. Energy requirements per m3 of water treated quantified using the developed 

ASPEN model for the ion exchange process at varying CO2 concentrations for compositions 

A, B, C and D from Table 1. Inlet flow rates for the ion exchange and produced water streams 

were adjusted accordingly to match the volume ratio at which CaCO3 was maximized. 
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Energy costs for this process range from 4.3 – 6.5 kWh per m3 of water processed, shown in Figure 

22. The lowest energy requirements are observed at larger partial pressures of CO2, where Ca 

removal is maximized via the formation of CaCO3. Ca removal results in reduced ionic strengths 

and osmotic pressures of the streams following mineralization, leading to lower operating 

pressures for nanofiltration/reverse osmosis treatment. The reduction in feed ionic strength is 

critical for water treatment as reverse osmosis treatment of high ionic strength solutions is 

commonly energy intensive and can lead to increased salt permeability in membranes.129,133,134 

Furthermore, removal of Ca prior to reverse osmosis treatment can help mitigate inorganic scaling 

of compounds (e.g., calcium sulfate, calcium carbonate, calcium phosphate) onto reverse osmosis 

membranes, which decrease performance.134 The energy costs associated with this process are 

within traditional reverse osmosis  energy requirements,  showing its potential for industrial 

treatment of various brine streams.  

 

5.2.2. Ion exchange based CO2 mineralization is a net CO2 removal technology 

 

As previously discussed, traditional methods for precipitated calcium carbonate production emit 

0.21t-CO2e because of the large temperature requirements during the calcination step of the 

process.3 Thus, for industries interested in either maximizing their CaCO3 production or reducing 

their waste streams, a reduction in emissions compared to their conventional method is critical. 

Using the combined energy intensities for each step quantified in Figure 18, net CO2 emissions 
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can be quantified for the ion exchange process at various CO2 concentrations. The net CO2 removal 

potential for the process is shown in Figure 25 for each composition studied (A, B, C, D).  

 

 

Figure 25. Net CO2 removal potential (net divided by gross) of the proposed ion exchange 

process for CO2 mineralization for each composition studied. Initial calcium concentration for 

A, B, C and D are: 141, 70.3, 166, and 148 mmol/L respectively. 

 

As shown in Figure 25, the ratio of net CO2 removal to gross CO2 removal for the ion exchange 

process range from 0.05 to 0.90, indicative of a net CO2 reduction. This ratio increases as the inlet 

pCO2 increases because of the larger extent of CO2 sequestration via mineralization (e.g., larger 

amount of precipitated CaCO3 as discussed in Section 5.1). Concurrently, overall energy 

requirements (and CO2 emissions) are reduced because of reductions in the volumes of water 

required during processing. As previously stated, CO2 emissions associated with the ion-exchange 

process are solely dependent on energy requirements associated from pumping of water as opposed 

to heat requirements for traditional processes. This process is overall carbon-negative across most 

CO2 concentrations and produced water compositions studied. Crucially, industries interested in 
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this process will primarily have to identify their appropriate volume ratio (i.e., volume of brine 

required for their target CO2 utilization) after quantifying their initial [Ca]:[CO2] ratios to examine 

how downstream processes will affect their respective energy intensities. 

 

Our results indicate that ion exchange processes can be used as an alternative to the addition of 

stoichiometric inorganic bases (e.g., sodium hydroxide) to induce alkalinity for the consequent 

precipitation of CaCO3. Various produced water compositions were identified to study the effect 

of composition on CaCO3 mineralization using 5 – 50 vol% CO2 concentrations (similar-to that 

of flue gas concentrations). Mass of precipitated CaCO3 were maximized when [Ca]:[CO2] ratios 

were equivalent to 1, and significantly decreased at ratios larger than 1 (where CO2 was the 

limiting reagent) and less than 1 (where Ca was the limiting reagent). The mass of precipitated 

CaCO3 increased with increases in CO2 concentrations (0.16 – 1.55 g/L), reducing overall 

volume requirements of the process. Reductions in yields were associated with the formation of 

contamination phases (e.g., phase contamination from siderite precipitation) consequentially 

resulted in an increase in energy requirement and costs for the ion exchange process. 

Nanofiltration and reverse osmosis steps were the largest energy contributors of the ion exchange 

process (0.07 – 0.80 MWh/t-CO2 processed). However, the ratio of net CO2 removal to gross 

CO2 removal for the ion exchange process range from 0.05 to 0.90, representing a net CO2 

reduction. Energy requirements and estimated cost for CO2 mineralization were significantly 

lower than the studied base case, ranging from $25 – 168 per t CO2 mineralized. The high 

calcium carbonate yields, purities (up to 99.8% CaCO3), and low energy requirements obtained 

from the simulations performed show successful operation at standard temperature and pressure 

conditions support their potential for industrial implementation. 
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Chapter 6  Pilot plant demonstration and life cycle assessment of ion exchange 

processes for CO2 mineralization using industrial waste streams 

6.1. Introduction 

 

In previous studies, we have demonstrated a regenerable pH swing process (Figure 16)96,97 that 

relies on ion exchange. This method can shift the pH of CO2-containing aqueous streams from an 

initial pH 4 to pH > 10, without the need for caustic soda addition. In this ion exchange process, 

CO2 from flue gas (pCO2 = 0.03 – 0.20 atm or pH 4.1 – 4.34) is equilibrated with water to 

produce an aqueous stream saturated with dissolved inorganic carbon species, as described in 

equation 2 – 4, where dissolved inorganic carbon concentrations are dictated by Henry’s Law 

and the thermodynamics of CO2 speciation in water.98  Using weakly acidic cation exchange 

resin TP-207 (R-1 identifier; Na-form with iminodiacetic acid functional groups), H+ is removed 

from the solution while Na+ is released into solution forming aqueous sodium bicarbonate 

streams in accordance with Equations 2-5, shifting the equilibrium pH from an initial pH 3.9 to a 

final pH 11.1, resulting in favorable conditions for carbonate precipitation without the addition 

of caustic soda. The ion exchange solid can be regenerated using Na-rich brines (e.g., produced 

water containing 0.05 - 3.0 M Na+)102 following depletion of divalent cations that can inhibit Na-

exchange capacities due to competitive behaviors.96,99 The proposed process design is shown in 

Figure 26 where: (1) acidity is introduced via CO2 bubbling in deionized water; (2) H+ - Na+ 

exchange using fixed-bed reactors containing ion exchange solids to produce a carbonate-rich 

effluent stream; (3) carbonate precipitation is induced by mixing with produced water or a 

Ca2+/Mg2+-rich brine; (4) precipitated solids are separated and the remaining effluent is treated 

via nanofiltration and reverse osmosis for the simultaneous removal of divalent cations and 
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production of a fresh water (e.g., divalent cation concentrations less than 0.001 M) and Na-rich 

(e.g., concentrations greater than 0.1 M) regeneration stream to be cycled within the process.96,97 

 

Figure 26. Process flow diagram for CO2 mineralization via regenerable ion exchange 

processes.   

 

Previous bench-scale experiments and process simulations generated high purity (>97 wt.%) 

CaCO3 at yields that utilize 3.5 m3/h of brine from a total bed volume of 0.05 m3 of regenerable 

ion exchange material (equivalent to 1 t-CO2 captured per day).96,97 In this work, the ion exchange 

process is scaled up and developed to process 300 L of brine per day to sequester 100 – 500 g CO2 

per day at pCO2 = 0.03 – 0.20 atm. To better understand how this process operates using real-

world brines of variable chemistries, two produced water sources from the United States are tested: 
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the Niobrara mixed-shale and chalk play in the Denver-Julesburg Basin and the Utica-Point 

Pleasant mixed shale and limestone play in the Appalachian Basin. A life cycle assessment (LCA) 

methodology is employed to analyze the life cycle or net carbon emissions of the technology. From 

the results, we identify conditions that ensure a net-CO2 negative process. 

 

 

 

 

6.2. Fixed-bed ion exchange experiments for dynamic H+ titration capacities 

 

Flow rate is a key parameter to evaluate the efficiency of ion exchange materials in a continuous 

process because contact time and column hydrodynamics (e.g., Reynolds number) can impact ion 

exchange capacities106–109. Flow rate studies were conducted on a pilot plant to determine H+ 

titration capacities using a 2 L bed volume and organic cation exchange resin TP-207 (R-1) at 

fixed inlet partial pressures of CO2. The effect of inlet flow rates (0.5 L min−1, 1.0 L min−1 and 

2.0 L min−1; Re 16.4, 32.8, 65.6 respectively) and inlet CO2 concentrations at fixed flow rate on 

H+ saturation capacity were found using CO2 concentrations similar-to flue gas (e.g., pCO2 = 0.03 

– 0.20 atm) , shown in Figure 27. 
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(a) (b) 

Figure 27.  Breakthrough curves for the H+ exchange reactions for (a) inlet pCO2 = 0.12 atm at 

varying inlet flow rates and (b) inlet pCO2 = 0.03 – 0.12 atm at fixed flow rate 1 L min-1 as a 

function of normalized bed volume. 

  

H+ titration capacities (quantified when the outlet H+ concentration was equivalent to 95% of the 

inlet H+ concentration) of the ion exchange resin were unaffected by changes to inlet flow rates 

(e.g., no change in breakthrough curve shown in Figure 27a at different flow rates), resulting in 

0.65 mmol H+ per g ion exchange solid and in range of H+ uptake capacities measured at the bench 

scale (e.g., 0.60 – 0.90 mmol H+ per g ion exchange solid96). Furthermore, H+ uptake capacities 

were quantified at varying inlet pCO2 (Figure 27b) to similarly confirm previous bench-scale 

performance at higher inlet flow rates and scale.  

In accordance with Figure 27b, H+ titration capacities increase with higher initial CO2 

concentrations: 0.10 mmol H+ per g, 0.65 mmol H+ per g, and 0.91 mmol H+ per g resin for pCO2 
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= 0.03 atm, 0.12 atm and 0.20 atm, respectively. H+ titration capacities increase with higher initial 

CO2 concentrations, ranging from 0.10 to 0.91 mmol H+ per g ion exchange resin. The driving 

force for ion exchange is the concentration difference between the solute on the sorbent and the 

solute in solution96,99,135, resulting in shorter breakthrough times (e.g., rapid filling of binding sites 

with H+ in solution) and larger capacities for larger inlet CO2 concentrations. Increased pCO2 

levels in the inlet stream result in increased H+ concentrations as described in equation 2, resulting 

in increased titration capacities.  Significantly, measured titration capacities across varying inlet 

CO2 concentrations are consistent with those previously measured at the bench-scale96, indicating 

successful scale-up and performance of the ion exchange resin.  

 

6.2.1. Fixed-bed ion exchange experiments for CO2 mineralization 

 

To determine the feasibility of ion exchange solids for regenerative use in a continuous process, 

experiments were performed over a 24-hour period to treat 300 L of produced water via the 

precipitation of CaCO3 solids. Deionized water was equilibrated with CO2, 0.12 atm (pH 4.36), 

and subsequently fed to the fixed-bed reactor with an inlet flow rate of 1 L min−1.  The reactor 

operates until the effluent pH reaches pH 9.5 to achieve alkaline conditions needed for CaCO3 

precipitation. The carbonate-rich effluent is then contacted with the Utica produced water streams 

for CaCO3 precipitation. The pH swing process is shown across 9 cycles in Figure 28a. An initial 

pH of 4.36 increases to a maximum of pH 11.8 after in contact with the ion exchange resin. 

Following breakthrough based on the effluent pH, cycling of the ion exchange solid was performed 

via regeneration of the ion exchange resin using pH 9, 10, 11, and 12 (e.g., effluent pH following 
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CaCO3 precipitation96,97), shown in Figures 28b for 9 cycles (amount required to utilize the desired 

volume of produced water). 

 

 

 

 

 

(a) (b) 

Figure 28.  (a) effluent pH as a function of normalized bed volume for cycling of the ion 

exchange solid at 1.0 Lmin−1and an inlet pCO2 = 0.12 atm and (b) normalized effluent 

hydroxide concentration as a function of normalized bed volume at inlet pH 9, 10, 11 and 12 

using background 0.5 M NaCl. 

 

The breakthrough time and regeneration of the ion exchange resin was consistent across multiple 

cycles at the same flow rates and initial CO2 feed. This is expected, the residence time between 

the carbonate rich feed solution and the ion exchange resin was consistent across multiple cycles. 

The proton removal performance of the resin did not diminish over time as a maximum pH > 10 

was achieved within each cycle following regeneration. As previously discussed in Lee and Lee 
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2016, resin capacities as a function of pH can change136 (e.g., regeneration pH larger than the pKa 

of the ion exchange functional group to deprotonate ion exchange sites). Regenerating at different 

pH confirms the relationship between high alkaline pH and regeneration time, as the pH following 

mineralization can vary due to the concentration of ions in solution. The normalized bed volume 

required for regeneration increases with decreasing hydroxide concentrations (decreases in 

regeneration pH) as seen in Figure 28b. More alkaline solutions result in faster regeneration times 

due to the larger concentration gradient in hydroxide ions that remove protons from the ion 

exchange resin. These results are significant as larger regeneration time requirements would result 

in increased energy intensities associated with pumping energies.   

 

 

6.2.2. CO2 mineralization using produced water streams 

 

To quantify the volume requirement (e.g., volume of carbonate-rich stream to produced water 

stream) needed to maximize CaCO3 precipitation (and CO2 sequestration) in the process, 

thermodynamic simulations were performed using varying volume ratios and CO2 concentrations 

for Utica and Niobrara produced water samples, shown in Figure 29. 
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(a) (b) 

Figure 29. Calcium carbonate precipitation as a function of volume ratio (ratio of produced water 

to total water utilized) for (a) Utica and (b) Niobrara produced water streams. 

 

As shown in Figure 29, there are significant differences in maximum precipitated CaCO3 yields 

between the two produced water streams. This is a result of the larger differences between initial 

Ca concentrations in these two sources (Table 5). Calcium carbonate yields increase with larger 

CO2 concentrations for both produced water streams, ranging from 0.18 – 1.6 g CaCO3 per L of 

total solution for Utica produced water and 0.16 – 0.40 g CaCO3 per L of total solution for the 

Niobrara sample. As previously discussed, CaCO3 yield changes with changing volume ratios and 

is maximized when the [Ca]:[CO2] ratios in solution are 1:196,97. Different volume ratios of 

produced water have different concentrations of calcium, changing how much CaCO3 can be 

precipitated from the system. Lower volumes of produced water used would require the system to 

generate more ion exchange effluent to reach the same volume target of 1 L, increasing the energy 

intensity of the system. To study the viability of ion exchange resin using higher volumes of 
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solution, pilot plant studies using the alkaline effluent generated from the ion exchange reactor 

were conducted to treat Utica produced water, shown in Figure 30. 

 

Predicted and experimental yields for CaCO3 precipitation as a function of volume ratio are shown 

in Figure 30a. Precipitated CaCO3 yields are maximized at smaller volume ratios (e.g., larger 

volumes of carbonate-rich solution) at 0.36 grams of CaCO3 per liter of solution and decreases to 

0.21 g CaCO3
 per L of solution at a 0.5 volume ratio. The experimental mass of precipitated 

CaCO3, pH and cation concentrations agree with the thermodynamic simulation data, additionally 

showing these predictions can be applied to different compositions of brines. Furthermore, 

   

(a) (b) (c) 

Figure 30. (a) Thermodynamic simulations and experimental data displaying precipitated 

CaCO3 yields as a function of volume ratio (produced water to the total volume of solution) at 

pCO2 = 0.12 atm using the Utica produced water composition described above. (b) 

Thermodynamic simulations and experimental data displaying pH as a function of volume ratio 

(produced water to the total volume of solution) at pCO2 = 0.12 atm using the Utica produced 

water composition and (c) cation concentration of Na, Ca, and Mg as a function of volume ratio 

following mineralization.  
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validation of pH and cation concentrations (Figure 30b-c) following mineralization is important as 

these concentrations will affect the process parameters for the treatment of the mineralization 

effluent to cycle the process (e.g., nanofiltration and reverse osmosis steps for the generation of a 

Na-rich regeneration stream and a fresh water stream). A regeneration stream at a higher pH will 

result in faster regeneration times compared to lower pH streams (Figure 28b). Additional 

separation of residual Ca and Mg ions will affect the energy intensities of the membrane filtration 

steps (e.g., larger concentrations at higher volume ratios will increase osmotic pressures and in 

turn operating pressure requirements). The concentration of ions in solution will have an impact 

on the energy requirement of the nanofiltration step. These energy requirements have previously 

been quantified for effluent streams containing 50 – 300 mmol/L Na, similar to those measured in 

this pilot plant, where energy for membrane filtration of this stream results in up to 0.50 MWh/t 

of CO2 sequestered to the process97.  

  

(a) (b) 
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(c) 

Figure 31. (a) X-ray diffraction patterns for precipitated CaCO3 solid at volume ratios of 0.1, 

0.2, 0.3, and 0.5 Utica produced water to ion exchange solution and SEM images of 

precipitated solids at volume ratios of (b) 0.5 and (c) 0.1, with phases identified by EDS. 

CaCO3 present in variable morphologies for both volume ratios. Rhombohedral shape of 

CaCO3-I and III suggests they are calcite, spherical shape of CaCO3-II suggest this phase may 

be vaterite or amorphous calcium carbonate. 

 

Precipitated CaCO3 solids were analyzed for mineralogy and morphologies as shown in Figure 31. 

X-ray diffraction patterns (Figure 31a) for four solid samples collected from volume ratios 0.1 to 

0.5 show calcite (labeled “C”) as the primary phase in for each volume ratio. Significant diffraction 

peak shifts are observed as volume ratio is increased (e.g., increases in volume of produced water 

used for mineralization). This is likely a result of divalent cation incorporation into the CaCO3 

structure (e.g., potential Mg, Sr, Ba, Fe incorporation into calcite structures137–141). As shown in 

Figure 31 b-c, significant changes in calcite morphology are observed with decreasing volume 

ratios. At a small volume ratio, the conventional rhombohedral structure for calcite is observed 
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with small amounts of spherical solids (identified as FeO via EDS; Figure 31c).142 With increasing 

volume ratios (increasing produced water content), the morphology of CaCO3 crystals changes, 

with both rhombohedral and spherical morphologies present. The presence of spheroidal CaCO3 

suggests that under these conditions at least some of the precipitated CaCO3 may be vaterite or 

amorphous calcium carbonate.137,140,143 Previous studies have shown Sr and Ba cation 

incorporation in calcite through amorphous calcium carbonate or vaterite as a precursor for the 

formation of crystalline calcium carbonate.143–145  

 

Figure 32. Cation concentrations from acid digestion of precipitated solids at varying volume 

ratios. 

 

Acid digestion of the precipitated solids at volume ratios 0.1, 0.2 and 0.5 were performed to 

confirm possible cation incorporation (Figure 32). Shown in Figure 32, as volume ratio increases 

(increasing produced water content; increasing initial Mg, Sr, and Fe concentrations) the 

concentrations of Mg, Sr, and Fe dissolved from the solids increase. Increase in Mg and Sr 

concentrations may indicate cation incorporation in CaCO3 structure from amorphous calcium 

carbonate precursors at larger volume ratios (e.g., larger initial Mg concentrations can stabilize 

amorphous calcium carbonate and incorporate Sr into its structure140,143,144), whereas increase in 



88 

 

Fe concentrations may be a result of dissolved FeO from the surface of the solids. Produced water 

discharge streams from Utica and Niobrara Formations can also contain Ra activities ranging 

approximately 200 – 3600 Bq kg-1,146 which can be incorporated and co-precipitated with sulfate147 

and carbonate minerals.148 Additional studies are needed to confirm Ra incorporation into 

precipitated CaCO3 from this ion exchange process.  

 

Figure 33. Thermogravimetric analysis of precipitated calcium carbonate solids at varying 

volume ratios. 

 

Furthermore, thermogravimetric analysis was performed (Figure 33) and confirmed >97% CaCO3 

for the precipitate solids, in-which purity was maximized at a 98.9% utilizing a 0.1 volume ratio. 

These results indicate that volume ratios will be an operational control that can avoid contaminant 

inclusion in the solid products, incorporated through the formation of amorphous calcium 

carbonate, when utilizing real-world produced water for industrial use of precipitated CaCO3 (e.g., 

>70% calcite for permitted addition to Portland cements as a filler149). The volume ratio required 

will be dependent on the composition of brine (Figure 29), where high saline brines will likely 

require smaller volume ratios to limit contaminant incorporation in the precipitated CaCO3.  
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The energy requirements of the pilot plant were quantified for different volume ratios of produced 

water and ion exchange effluent. Intensities were calculated for the pilot operating at a flow rate 

of 1 L min−1 with one hour of mixing. The energy intensities are shown in Figure 34 as a function 

of volume ratio, normalized by mass of CO2 sequestered in solid form, calculated using equations 

14 – 16.  

 

Figure 34. Energy intensity of the ion exchange pilot plant for CO2
 mineralization as a 

function of volume ratios.  

 

As shown in Figure 34, energy consumption for the pilot plant increases from 40 – 62 kWh per 

ton CO2 sequestered as volume ratio increases because of decreased CaCO3 yields resulting in 

larger volume requirements. Pumping energy requirements contribute to >70% of the energy 

intensities, ranging from 29.3 – 50.3 kWh per ton CO2 sequestered whereas filtration and mixing 

contributes 9.1 – 11.8 kWh per ton CO2 sequestered. Previous process simulations estimated an 

energy intensity range of 40 - 95 kWh/t-CO2 for ion exchange pumping and solid separation steps 

for various produced water compositions and volume ratios97, placing these energy intensities in 

the range of previous predictions and validating previous process simulations. In combination with 

thermodynamic simulations to predict yields, process simulations can be performed to predict the 
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energy intensities of the ion exchange steps. Utilizing volume ratios that maximize precipitated 

CaCO3 (and CO2 sequestration) is essential to minimizing energy requirements from the 

alkalization and precipitation steps of the process These energy intensities and measured yields are 

used to develop a life cycle assessment for the ion exchange process. Further process simulation 

validation may be needed to validate the energy intensities from the membrane filtration treatment 

steps. 

 

6.2.3. Life cycle assessment of the ion exchange pilot plant 

 

A life cycle assessment method was performed to quantify net carbon emissions of the ion 

exchange technology for CO2 mineralization for various scenarios detailed in Table 6 to produce 

1 kg precipitated CaCO3. Table 12 provides the life cycle assessment inputs and databases used to 

quantify net CO2 emissions (CO2e) for the precipitation of CaCO3 via ion exchange processes. The 

global warming potential for various scenarios and the different steps of the ion exchange process 

is shown in Figure 35. Mass of CO2 sequestered and energy intensities from the ion exchange pilot 

plant were used to as inputs for the various scenarios. To extend the analysis for the entire process, 

previously quantified nanofiltration and reverse osmosis energy intensities97 were used and make-

up deionized water is added back into the system for complete cycling of the process to produce 1 

kg precipitated CaCO3, detailed in Section 2.5.5.  

Table 12. Input parameters for lifecycle assessment for the production of 1 kg precipitated 

calcium carbonate 
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Item S1 S2 S3 S4 S5 S6 S7 S8 S9 

Input  

CO2 

Removed 

(kg) 

 

0.44 

 

0.44 

 

0.44 

 

0.44 

 

0.44 

 

0.44 

 

0.44 

 

0.44 

 

0.44 

Make-up 

water (kg) 

 

590 

 

233 

 

161 

 

327 

 

233 

 

233 

 

233 

 

233 

 

233 

Total 

Electricity 

(kWh) 

 

2.10 

 

0.83 

 

0.57 

 

1.16 

 

0.83 

 

0.83 

 

0.83 

 

0.83 

 

0.83 

 

 

 

(a) 
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(b) 

Figure 35. (a) Global warming potential and (b) net global warming potentials to produce 1 

kg precipitated calcium carbonate for various scenarios. 

 

Scenarios 1 – 3 detail the global warming potential for the utilization of Utica produced water at 

pCO2 = 0.03 atm, 0.12 atm and 0.20 atm, respectively, using the average United States electricity 

intensity3. Increasing inlet concentrations of CO2 results in water requirement reductions and 

energy pumping requirements to produce 1 kg precipitated CaCO3. As shown in Figure 10b, 

Scenario 1 has in the highest net global warming potential at 0.533 kg CO2e per kg precipitated 

CaCO3 compared to scenarios 2 and 3 (-0.06 kg and -0.179 kg per kg precipitated CaCO3) due to 

the larger energy requirements from membrane filtration (1.8 kWh/kg precipitated CaCO3 

compared to 0.6 kWh/kg precipitated CaCO3) with ion exchange processing only contributing 0.09 

kg CO2e to total emissions in this scenario. Scenario 4, which utilizes a less saline Niobrara 

produced water at pCO2 = 0.12 atm, results in a net positive global warming potential at 0.10 kg 

CO2e per kg precipitated CaCO3 because of inherently smaller initial calcium concentrations that 

result in smaller CaCO3 yields compared to using more concentrated produced water. Despite 

positive net emissions in scenarios 1 and 4, these emissions are comparable to traditional processes 
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that produce precipitated CaCO3 (e.g., 0.35 – 1.04 kg CO2e per kg precipitated CaCO3 

produced69,151). 

A sensitivity analysis was performed to account for the different locations produced water can be 

sourced and different sources of electricity that can power the process (Table 12; electricity from 

natural gas, coal, renewables; average electricity grid comparing Eastern and Western United 

States). Scenarios 5 – 7 show the global warming potentials utilizing Utica produced water and the 

United States emissions average electricity for using coal, natural gas and renewable sources (e.g., 

wind turbines)3,152, respectively, using pCO2 = 0.12 atm (representative of flue gas). Net global 

warming potentials are negative for each scenario, minimized by using renewable energy at -0.39 

kg CO2e per kg precipitated CaCO3. Small changes in net emissions are observed when utilizing 

the average electricity grid from western and eastern United States2,152 resulting in -0.356 kg CO2e 

per kg precipitated CaCO3 produced. Significantly, these results show the impact initial brine 

compositions and CO2 concentrations have on the net emissions of the process. Net emissions are 

significantly reduced using more concentrated streams of brine and CO2. The overall process 

would require optimization for less saline brines and CO2 streams to maximize yields and 

minimize energy intensities.   
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Chapter 7  Summary and conclusion 

 

Initial discoveries show that the ion exchange process can be used to induce alkalinity through the 

system to a degree where precipitation is favored. The results from these studies indicate that ion 

exchange processes can be used as an alternative to the addition of stoichiometric inorganic bases 

(e.g., sodium hydroxide) to induce alkalinity for the consequent precipitation of CaCO3. Batch 

equilibrium isotherms showed larger H+ uptake capacities for IEX resins compared to zeolites. For 

all materials in all conditions, H+ uptake increased with a decrease in divalent cation concentrations 

in solution. Inhibition of H+ exchange is likely the result of the larger field strength of divalent 

cations. Results identified that an inlet stream for the IEX process must be absent of divalent 

cations in solution. Capacities for zeolites were smaller than those for IEX resins; H+ uptake may 

be hindered by the porous structure of zeolites as ion exchange rates are limited by intraparticle 

diffusion. IEX materials were shown to be regenerable using simulated produced water feeds 

following mineralization, with varying reaction times required based on regeneration feed pH 

based on pilot plant experimental data (e.g., higher regeneration pH results in fast regeneration 

time). 

CO2 mineralization experiments using synthetic produced water compositions followed 

thermodynamic predictions with regards to phase formations and concentrations of cations in 

solutions. Experimental calcite yields were 2.3 g/L for cation exchange resins with the formation 

of goethite (an iron-hydroxide phase, FeOOH) as the primary contaminant phase (99% calcite, 1% 

goethite). Yields calculated via simulations were 2.6 g/L for the resin, indicating that the 

experimental process was able to achieve thermodynamic maximum production of calcite. Calcite 

was the dominant phase for volume ratios 0.2 – 0.6, with goethite as the primary contaminant 
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phase. These results indicate high purity of calcite formation and volume ratios required to achieve 

these purities.  

Our results indicate that ion exchange processes can be used as an alternative to the addition of 

stoichiometric inorganic bases (e.g., sodium hydroxide) to induce alkalinity for the consequent 

precipitation of CaCO3. Various produced water compositions were identified to study the effect 

of composition on CaCO3 mineralization using 5 – 50 vol% CO2 concentrations (similar-to that of 

flue gas concentrations). Mass of precipitated CaCO3 were maximized when [Ca]:[CO2] ratios 

were equivalent to 1, and significantly decreased at ratios larger than 1 (where CO2 was the limiting 

reagent) and less than 1 (where Ca was the limiting reagent). The mass of precipitated CaCO3 

increased with increases in CO2 concentrations (0.16 – 1.55 g/L), reducing overall volume 

requirements of the process. Reductions in yields were associated with the formation of 

contamination phases (e.g., phase contamination from siderite precipitation) consequentially 

resulted in an increase in energy requirement and costs for the ion exchange process. Nanofiltration 

and reverse osmosis steps were the largest energy contributors of the ion exchange process (0.07 

– 0.80 MWh/t-CO2 processed). However, the ratio of net CO2 removal to gross CO2 removal for 

the ion exchange process range from 0.05 to 0.90, representing a net CO2 reduction from process 

simulations of the ion exchange process. Energy requirements and estimated cost for CO2 

mineralization were significantly lower than the studied base case, ranging from $25 – 168 per t 

CO2 mineralized. The high calcium carbonate yields, purities (up to 99.8% CaCO3), and low 

energy requirements obtained from the simulations performed show successful operation at 

standard temperature and pressure conditions support their potential for industrial implementation. 

Additionally, pilot plant results show the proposed ion exchange process can induce the pH swing 

required for favorable CaCO3 precipitation without the addition of consumable inorganic base and 
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can be optimized to treat hypersaline (Na-Ca-Cl-rich) brines, often with considerable amounts of 

Mg.60 The Ca and Mg ions found in these brines can be carbonated whereas the Na ions are used 

for regeneration of spent ion exchange solids. Pilot scale H+ titration capacities were constant at 

varying flow rates and at various regeneration conditions. For all cycles, during the regeneration 

of resin, stronger alkaline solutions (e.g., larger inlet OH- concentrations) cause faster regeneration 

times to occur, due to the larger concentration gradient and acidic solutions exhaust the resin faster 

due to the higher proton concentration in solution. Precipitated solids were measured to be >97% 

calcite with Mg, Sr, and Fe incorporation, dependent on the volume ratio used. As a result, the 

ideal produced water for this system would contain a high initial pH, high initial Ca and Mg 

content, and a low Fe content if possible. For high saline brines, a higher dilution of produced 

water using ion exchange fluid is required to precipitate a high purity solid for industrial use. The 

energy intensities associated with operating the pilot at a range of volume ratios was similar, 

between 40 – 62 kWh/t-CO2 utilized for pCO2 = 0.12 atm. The life cycle assessment demonstrates 

this process to be carbon-negative for partial pressures of CO2 larger than 0.03 atm and for more 

concentrated produced water streams (-0.06 to -0.039 kg CO2e per kg precipitated CaCO3). These 

studies establish a methodology for the scale up of ion exchange process for CO2 removal: a 

suitable ion exchange solid must be identified based on ion exchange capacities and ion exchange 

rate parameters and a suitable brine must be selected for CO2 mineralization, in which 

thermodynamic simulations can be used to accurately predict CO2 capture yields and CaCO3 

morphologies from the process. Future work can focus on the downstream process optimization of 

mineralization effluents to minimize nanofiltration and reverse osmosis energy intensities, 

considering these are the most energy intensive steps of the process. With future improvements to 
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this process (e.g., identifying higher capacity and regenerable ion exchange solids), this ion 

exchange system can be used as an effective method for CO2 capture. 
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