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ABSTRACT OF THE DISSERTATION 

 

 

Ammonia Based Solar Thermochemical Energy Storage System for Direct Production of High 

Temperature Supercritical Steam 

 

by  

 

Chen Chen 

 

Doctor of Philosophy in Mechanical Engineering 

University of California, Los Angeles, 2017 

Professor Adrienne G. Lavine, Chair 

 

In the field of solar thermochemical energy storage, ammonia synthesis/dissociation is feasible 

for practical use in the concentrating solar power industry. In ammonia-based solar 

thermochemical energy storage systems, the stored energy is released when the hydrogen (H2) 

and nitrogen (N2) react exothermically to synthesize ammonia (NH3), providing thermal energy 

to a power block for electricity generation. But ammonia synthesis has not yet been shown to 

reach temperatures consistent with the highest performance modern power blocks (~650 °C). The 

following dissertation addresses an ongoing investigation into the field of ammonia based 

thermochemical energy storage.  
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In the first part of the dissertation, the state of the art of Concentrating Solar Power (CSP) and 

Thermochemical Energy Storage (TCES) are reviewed. In the second part, a two-dimensional 

model is proposed to simulate heating supercritical steam in an ammonia synthesis reactor. 

Thirdly, the model is validated as the model predicted temperature profiles match with 

experimental measured results well. A sensitivity analysis is carried out for the model to study 

the effects of six input parameters on heat transfer and reaction kinetics. The results show the 

process is “heat-transfer-limited” and most sensitive to activation energy. The process is also 

very sensitive to inlet ammonia mass fraction. Improving heat transfer and decreasing inlet 

ammonia mass fraction are crucial to improve the capability of the reactor to heat steam. In the 

fourth part, some preliminary designs for ammonia synthesis systems are proposed. Parametric 

studies are made with the model for each component in the proposed systems. The systems are 

optimized and investigated to minimize the total tube wall volume per unit power. The result 

shows that improving heat transfer by small dimensions and subdividing the reactor into 

different sections for different steam temperature ranges are good for minimizing the tube wall 

volume for the system. Also, it is necessary to optimize the entire system simultaneously since 

the wall volume for each component is comparable. At last, a future study plan for model 

improvement and system optimization is proposed. 
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ṁ  Mass flow rate, kg/s 

M  Mass flow rate ratio 

Nu  Nusselt number 

P  Gas total pressure, Pa 

Ph  Perimeter of the reactor for heat transfer 

Pj  Partial pressure, where j indicates species, NH3, N2, or H2, Pa 

Po  Standard state pressure, 1 atm  



xviii 

 

wq   Heat flux, W/(m2∙K) 

r  Radial coordinate, m 
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1 Introduction 

1.1 Solar Energy 

Today, fossil energy, including coal, petroleum and natural gas, are the main energy resources for 

humankind. The demand for energy is increasing accompanied by fossil energy output increasing. 

There have been a number of known negative impacts from using fossil energy. On the one hand, 

climate is changing (global warming), threatening the future of human life on the Earth due to 

the vast emission of greenhouse gas (GHG). As shown in Figure 1, fossil fuels are the principle 

contributor to release of GHG e.g. CO2. On the other hand, most of the ultimate reserves of 

conventional oil, gas and coal will be depleted by 2100 [1]. Renewable energy, e.g. solar energy, 

wind energy, geothermal energy, is a clean solution to the problem of CO2 emission growth and 

fossil fuel depletion. Solar energy is one of the most popular renewable energy resources as it is 

endless.  

 

Figure 1. Global anthropogenic GHG emissions by type and source [2] 

https://en.wikipedia.org/wiki/Coal
https://en.wikipedia.org/wiki/Petroleum
https://en.wikipedia.org/wiki/Natural_gas
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1.2 Concentrating Solar Power 

Concentrating Solar Power (CSP) is a good example of converting solar energy into thermal 

energy and further into electricity. CSP technologies use reflectors e.g. mirror, to concentrate the 

sunlight and convert it into thermal energy to create steam for a turbine to generate electrical 

power. At present, there are four available CSP technologies (Figure 2): solar power tower (SPT), 

parabolic trough collector (PTC), linear Fresnel reflector (LFR) and parabolic dish systems (PDS) 

[3]. Table 1 lists the specifications of the four main CSP technologies. Figure 3 plots the 

percentages of the four main CSP technologies used in industry. As shown in Figure 3, most 

installed operational CSP plants use parabolic trough technology. Solar tower technology ranks 

second and is of increasing importance in the future [3]. 

 

Figure 2. Currently available CSP Technologies: (a)STP; (b)PTC; (c)LFR; (d)PDC [3] 

a b 

c d 
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Table 1. Specifications of the four main CSP technologies [4] 

Collector 

Type 

Rel. thermal 

efficiency 

Operating 

temp. range 

(°C) 

Relative 

cost 

Concentration 

ratio (sun) 

Technology 

maturity 

SPT High 300-2000 High 150-1500 Most 

recent 

PTC Low 50-400 Low 15-45 Very 

mature 

LFR Low 50-300 Very low 10-40 Mature 

PDC High 150-1500 Very high 100-1000 Recent 

 

 

Figure 3. Installed operational CSP power (March 2011) [5]. 
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1.2.1 Solar Power Towers 

A Solar Power Tower (SPT) plant has a field of heliostats reflecting and concentrating the 

sunlight onto a central receiver placed in the top of a fixed tower. Here, heliostats are flat or 

slightly concave mirrors tracking the sun during the day. The solar energy is absorbed by a Heat 

Transfer Fluid (HTF) flowing through the central receiver. Then, the heated HTF further 

provides energy for a power cycle, e.g. steam Rankine cycle, to generate electricity. The 10 MW 

Solar One, built in the Mojave Desert of California, is the first test of a large-scale SPT plant. 

There are some other SPT plants that have been constructed, such as the 11 MW PS10 and 20 

MW PS20 in Spain, and the 5 MW Sierra SunTower in California. 

1.2.2 Parabolic Trough Collector 

A parabolic trough collector (PTC) plant has a group of parabolic reflectors focusing sunlight to 

the absorber which is mounted in the focal line of the parabola [3]. The reflectors and the 

absorber tubes move in tandem with the sun from sunrise to sunset [5]. The HTF in the absorber 

gets heated up in a metal receiver which is covered by an evacuated glass tube. The heated HTF 

is further transported to a steam turbine for electricity generation. In order to achieve a good 

thermal efficiency, the metal tube is coated with a selective material with high solar irradiation 

absorbance and low thermal emissivity [3]. The Solar Electric Generating Systems (SEGS) is a 

collection of fully operational PTC systems located in the California desert. It is at present the 
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largest PTC power plant in the world with a total capacity of 354 MW [4].  

1.2.3 Linear Fresnel Reflector 

A Linear Fresnel Reflector (LFR) plant has long rows of flat or slightly curved mirrors to reflect 

the sunlight onto a downward facing linear receiver. The receiver is suspended above and along 

the linear reflectors on a tower. The structure is quite similar to PTC systems. Because of simple 

design of flexibly bent mirrors and fixed receivers, LFR systems require lower investment costs 

[3, 6]. LFR plants are however less efficient than PTC and SPT in converting solar energy to 

electricity [3]. Mills et al. [7] proposed an innovation in LFR which is known as compact linear 

Fresnel reflectors (CLFR). In their design, mirrors are separated into two groups oriented 

towards two separate receivers in opposite directions. As a result, CLFR needs less capital cost 

on the land for the same power output requirement [4]. In March 2009, the first LFR solar power 

plant with an electrical capacity of 1.4 MW was constructed in Germany, known as PE1. Inspired 

by the success of PE1, a 30 MW LFR plant was constructed in Spain in August 2012.  

1.2.4 Parabolic Dish Systems 

Parabolic Dish Collectors (PDC) concentrate the sunlight at a focal point mounted above the 

center of a parabolic-shaped dish. PDC including the dish and receiver must track the sun on a 

two-axis tracking system to maintain light convergence at its focal point [4]. There are two 

general schemes for energy conversion, i.e. using a heat engine and using HTF. Using a heat 
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engine mounted near/at the focal points of each dish is more popular. The heat engine absorbs 

thermal energy from the dish and then converts to electricity. Using HTF is less convenient as it 

requires a piping and pumping system resilient to very high temperatures, and suffers from 

transport thermal losses [4].  

1.2.5 Heat Transfer Fluid 

As discussed above, HTF is one of the critical components for storing and transferring thermal 

energy in most CSP systems. There are six main groups of HTFs (1) air and other gases, (2) 

water/steam, (3) thermal oils, (4) organics, (5) molten-salts and (6) liquid metals [8]. The main 

requirements for a HTF include [9]:  

1. Low melting point  

2. High boiling point and thermal stability  

3. Low corrosion with material of the container  

4. Low viscosity, high thermal conductivity and high heat capacity  

5. Low cost 

Figure 4 shows the operating temperatures for various HTFs researched or studied in CSP 

systems. Molten salts have been the most widely studied HTF because of their high working 

temperature and heat capacity, low vapor pressure and corrosive property, and good thermal and 

physical properties at elevated temperatures [10]. Many commercial solar power plants e.g. 110 
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MW Crescent Dunes solar power plant and 64 MW Nevada Solar One, use molten salts as the 

HTF. As shown in Figure 4, liquid metal, with the largest operating temperature range, is also 

promising for the future. 

 

Figure 4. Operating temperature ranges for HTFs [8]. 

1.3 Thermal Energy Storage 

Fundamentally, solar energy has a disadvantage of intermittence. Thermal energy storage 

systems can be used to store thermal energy during the daytime and release on demand. At this 

moment, the main types of Thermal Energy Storage (TES) are sensible heat storage, latent heat 

storage and thermochemical energy storage (TCES). Sensible TES systems store energy by 
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changing the temperature of the storage medium. As discussed above, most of today’s 

commercial CSP plants use Heat Transfer Fluid (HTF), such as molten salts, as sensible heat 

storage. Latent TES systems store energy through phase change. For instance, Phase Change 

Materials (PCM) are used in solar water heating systems to absorb heat during the sunshine 

hours and release heat during off sunshine hours [11]. The principle of thermochemical energy 

storage is to store thermal energy by utilizing reversible chemical reactions, i.e. energy is stored 

in chemical bonds during the endothermic reaction step and released during the exothermic one: 

A B+CrH   

During the charging step, reactant (A) reacts into products (B) and (C) endothermically. During 

the releasing step, the products (B and C) react exothermically to produce initial reactant (A). 

 

Compared with the other two thermal energy storage systems, TCES has the potential of higher 

energy density, minimal energy losses during the storing operation [12, 13] and capability of 

being stored as long as desired at ambient temperature [14]. However, unlike sensible and latent 

heat storage systems, TCES is not mature for industry [12]. There are a lot of reactions that have 

been studied for TCES and can be classified in six systems and illustrated in Figure 5 [12].   
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Figure 5. Different kinds of TCES systems [12]. 

1.3.1 Magnesium Hydride TCES Application 

     2 s s 2 g
MgH Mg H    with 75 kJ/mol at 25 Cr rH H         

The research on magnesium hydride began in the early ‘90s [15]. Magnesium hydride cannot 

only offer high heat storage capacities around 400 °C but also has excellent cycling stability with 

low cost [16]. In 1995, The Max-Planck institute designed and built a 4 kW steam generator 

involving MgH2/Mg heat storage with maximum working temperature of 450 °C [17]. The major 

drawbacks of using magnesium hydride are slow kinetics and transfer limitations for large 

quantities of products [12]. Also, sintering might be caused if the working temperature is very 

high. 
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1.3.2 Calcite Calcination/carbonation 

     3 s s 2 g
CaCO CaO CO    with 178 kJ/mol at 25 Cr rH H        

In the mid ‘70s, Barker [18] studied the reversibility of the reaction and proposed to use this 

reaction for energy storage. Several reactors have been designed and built using this reaction, 

including a fluidized bed with a 2 kW solar furnace [19, 20], a 10 kW rotary kiln [19-21], and an 

18 kW cyclone or vortex flow reactor [22]. All of them work at a high temperature between 600 

and 1300 °C. The main drawback of this reaction is the low reaction rate. Although the 

calcination reaction is relatively fast, the carbonation reaction speed is low and limited by 

diffusion [23]. The possibility of sintering is also a disadvantage for the reaction. 

1.3.3 Hydration/dehydration of Magnesium Oxide  

 
     2s gs

Mg OH MgO H O    with 81 kJ/mol at 25 Cr rH H        

In the late ‘70s, Ervin [14] suggested to use this reaction for TCES. As this reaction often occurs 

at medium temperature, it is also proposed for chemical heat pump application working at 

temperature of 90-170 °C [24]. However, the reversibility of this reaction is hard to be stable. 

Ervin [14] observed a conversion decrease from 95% to 60% within the 40th cycle of 500 total 

cycles. Kato et al. [24] proposed that the stable reversibility of 50% requires the reaction occurs 

at 90-100 °C with the water partial pressure between 47.4 and 57.8 kPa. Therefore, the main 

drawback of this reaction is low reversibility. 
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1.3.4 Hydration/dehydration of Calcium Oxide 

 
     2s gs

Ca OH CaO H O    with 104 kJ/mol at 25 Cr rH H       

Compared with hydration/dehydration of magnesium oxide, hydration/dehydration of calcium 

oxide has a higher operating temperature range i.e. 350-900 °C [12]. Ervin [14] achieved 95% 

stable conversion throughout 211 cycles and was the first to suggest using this reaction in the late 

‘70s. Schaube et al. [25-27] theoretically investigated the feasibility of using this reaction in solar 

power production, including studying thermodynamics and kinetics of the reaction and studying 

a fixed bed both numerically and experimentally at 500-600 °C. In their experimental study, the 

particle reaction rate is the main limit [25]. Also, the low thermal conductivity of the calcium 

hydroxide, which limits the performance of the system, is a downside of the reaction. 

1.3.5 Oxidation/decomposition of Barium Peroxide 

     2 s s 2 g
2BaO 2BaO O    with 77 kJ/mol at 25 Cr rH H        

The reaction occurs at temperatures between 427-1027 °C. In the late ‘70s, Bowrey et al. [28] 

was the first to suggest using this reaction for TCES. Fahim et al. [29] also researched on the 

kinetics of the reaction and observed an obvious decrease in the reaction rate on repeated cycling. 

In all, there is not much experimental study of using this reaction for TCES. 
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1.3.6 Methane Steam Reforming 

       

       

24 g l g 2 g

2g l 2 g 2 g

The carried out reaction is: 

CH +H O CO 3H    with 250 kJ/mol at 25 C

The side reaction is:

CO +H O CO H    with 41.2 kJ/mol at 25 C

r r

r r

H H

H H

      

      

 

The operation temperature for the reaction is between 600- 850 °C. In the mid ‘70s, Kugelers et 

al. [30] were the first to propose using the reaction for transportation of nuclear heat from 

nuclear plants. They reported a relatively high energetic efficiency of 60%. However, little 

research has been done on using the reaction in the solar energy field yet. One main drawback of 

using the reaction for TCES is the side reaction. The side reaction, which has lower reaction heat, 

would produce undesirable products and reduces the energy density if the water reacts with the 

carbon monoxide instead of methane. 

1.3.7 Methane Reforming Using Carbon Dioxide 

       

       

24 g g g 2 g

2 22 g g g g

The carried out reaction is: 

CH +CO 2CO 2H    with 247 kJ/mol at 25 C

The side reaction is:

CO +H CO H O    with 41.2 kJ/mol at 25 C

r r

r r

H H

H H

      

       

 

In solar energy application, the reforming of methane with carbon dioxide is a better choice than 

with steam because the evaporation of water is not involved [31]. In the mid ‘90s, Edwards et al. 

[32] studied the potential of this reaction operation for TCES with operating temperature 
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between 700-850 °C. Further, they performed a techno-economic study obtaining an energetic 

efficiency of 33.6% for a 100 MW Solar/Rankine cycle plant and 44.6% for a 100 MW 

Solar/Gas turbine combined cycle. Similar to methane steam reforming, the main disadvantage 

of this technology is the side reaction [33].  

1.3.8 Dissociation/synthesis of Ammonia 

     3 2 2g g g
2NH N 3H    with 66.9 kJ/mol at 25 Cr rH H        

Ammonia-based energy storage for concentrating solar power systems has been studied and 

investigated since 1974 [34]. Lovegrove et al. [35, 36] developed and experimentally validated a 

two-dimensional pseudo-homogeneous steady state model of catalytic ammonia reactors. With 

the same model, Kreetz et al. [37] analyzed the exergy of an ammonia synthesis reactor in a solar 

thermochemical power system. Kreetz proposed that either very small diameter reactors or 

adiabatic reactors were preferable for minimizing exergy loss [37]. Lovegrove et al. built and 

tested a 1 kWsol closed loop ammonia-based TCES system [38] and a 15 kWsol ammonia-based 

TCES system for dish power plants [39]. Compared with other kinds of thermochemical energy 

systems, e.g. metal hydrides, carbonation/decarbonation systems, or CO2 reforming of methane, 

the ammonia dissociation and synthesis system, with 40 years of research, is the most mature 

[12].  
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Relative to other proposed TCES technologies, ammonia-based TCES has many benefits: 

• The reversible dissociation-synthesis reaction (NH3 + Hr  1/2 N2 + 3/2 H2) has a 

single reaction step and no side reactions that would require careful control of the reaction path.  

• Ammonia, nitrogen, and hydrogen all remain stable at the proposed operating temperatures. 

• The reactants and products are abundant. 

• The large density difference between ammonia (which is liquid at ambient temperature and 

modest pressure) and the hydrogen/nitrogen gas mixture means that they can be stored in the 

same tank with automatic phase separation. 

• The immense industrial experience with ammonia synthesis and handling can be leveraged. 

• There has been significant prior research and development of solar TCES using ammonia at 

ANU and UCLA, upon which the proposed research will draw. 

• Ammonia can be produced in excess of the need of the power plant and transported to be 

used as a non-carbon fuel. This is an exciting area for future development that would extend the 

reach of renewable energy. 

• As previously noted, ammonia-based TCES can work for all different types of CSP 

(parabolic trough, dish, tower) because the dissociation reaction can be carried out over a range 

of temperatures with different catalysts [28]. For example, it solves that problem discussed about 

thermal losses of parabolic trough applications. Because the reactants and products are near 

ambient temperature after going through recuperating heat exchangers.  
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• As explained earlier, ammonia-based TCES can be used for other applications of thermal 

energy storage, and can behave like a chemical heat pump, releasing energy at a higher 

temperature than the temperature at which it was stored. 

 

At the same time, there are some challenges associated with ammonia for TCES: 

• The enthalpy of reaction and the ratio of Gibbs’ free energy to enthalpy of reaction are 

modest: : Hr = 66,800 kJ/kmol and Gr/Hr = 0.54 at 298 K and 30 MPa (a typical pressure 

proposed for the reaction [40]). Here, Hr can be viewed as a representative for energy density 

and Gr/Hr can be viewed as a representative for exergetic efficiency. 

• As noted previously, the products are gases, and therefore possess low density; the required 

storage volume is the same order of magnitude as for two-tank molten salt, but at an elevated 

pressure. This challenge has largely been addressed in the current UCLA DOE SunShot project; 

this will be explained later. 

• High pressure, on the order of 10-30 MPa, is required to move the equilibrium to higher 

temperatures and thus produce acceptable reaction rates and enable the desired high temperature 

synthesis reaction. High pressure also reduces the gas volume that must be stored, but at the 

expense of more stringent structural requirements. 

Despite these drawbacks, the many positive attributes of ammonia TCES make it a strong 

candidate for further investigation and development. And, as previously stated, it has been 
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developed significantly more than other candidate reactions for TCES. 
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2 Ammonia-based Thermochemical Energy Storage 

Having discussed the basic concept of the ammonia based thermochemical system. A typical 

ammonia based thermochemical energy storage system would be described. My research 

objective would be proposed to advance the state of the art of the knowledge. 

2.1 System Description 

Figure 6 shows a typical ammonia-based thermochemical energy storage system proposed for 

this study. In the system, ammonia (NH3) from the storage tank after a preconditioning system, 

e.g., recuperating heat exchanger, is dissociated endothermically into nitrogen and hydrogen gas 

mixture (N2+3H2) as it absorbs solar energy during the daytime. The stored energy can be 

released on demand when the nitrogen and hydrogen gas mixture (N2+3H2) from the storage tank 

after a preconditioning system react exothermically to synthesize ammonia. The released thermal 

energy can be used to heat a working fluid, e.g. supercritical steam. Further, the supercritical 

steam can power a turbine to generate electricity.  

 

For ease of expression we refer to the water, which may be supercritical or liquid, as “steam”. 

The N2, H2, NH3 mixture is referred to as “the gas”, even though the species are all supercritical 

within the reactor and NH3 is liquid in the lower temperature portion of the system. 
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Figure 6. Schematic of ammonia dissociation, storage, and synthesis system 

2.2 Research Objective 

Based on the discussions above, the concentrated solar thermal technologies integrating with 

ammonia based thermochemical energy storage is feasible to provide dispatchable power. 

However, ammonia synthesis had not been shown to reach temperatures consistent with the 

advanced steam power block ~650 ºC [41]. Commercial ammonia plants using the Haber Bosch 

process typically recover exothermic reaction heat as steam at around 450 °C. The first part of 

the research objective is to design an ammonia synthesis system in the context of solar 

thermochemical energy system for heating supercritical steam from 350 °C to 650 °C at 26 MPa. 

Since the material e.g., Inconel, for building such a high-temperature system is expensive, the 
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second part of the research objective is to optimize different design of synthesis systems by 

minimizing the cost of fabrication material for the system. Here, the cost is simplified as the wall 

material volume per unit of thermal power delivered to the steam. 
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3 Reactor Model 

In order to design the ammonia synthesis system with supercritical steam heating, the 

thermodynamics and the kinetics of the reaction need be understood. Further, a model is required 

to simulate the chemical process and heat transfer process in a reactor.  

3.1 Thermodynamics 

In reality, the dissociation or synthesis reaction of ammonia cannot proceed to 100% because of 

its reversible nature. For the reversible reaction system, the composition of the reactants and 

products is stipulated by the chemical equilibrium. The equilibrium state is associated with the 

reaction extent and the reaction system properties, i.e. the operating temperature and pressure. 

Figure 7 shows the temperature-enthalpy diagram of the ammonia/3H2+N2 system and a possible 

synthesis reaction path at 30 MPa. Curves are shown for different ammonia mass fractions fNH3 

(reaction extent). The dash-dotted curve is the equilibrium curve at 30 MPa. The black curve 

with arrows is a possible synthesis path for a case of continuous heat removal from the 

ammonia/gas stream. Presumably, gas enters the synthesis reactor with fNH3 close to 1, at some 

state that lies beneath the equilibrium curve. The reaction proceeds, which would tend to increase 

the gas temperature quickly. The path would move closer to the equilibrium curve with the 

reaction rate decreasing. Since heat is removed by the steam, the enthalpy would decrease and 

the temperature would increase at first, then decrease. Thus, the path would follow the 
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equilibrium downward and to the left.  

 

Figure 7. Temperature-Enthalpy diagram of the ammonia/ 3:1 hydrogen-nitrogen reaction 

at 30 MPa and possible ammonia synthesis path, where the dashed curves are temperature 

vs. enthalpy with different ammonia mass fraction, dash-dotted curve is the equilibrium 

curve at 30 MPa and black curve with arrows is a possible synthesis reaction path. 

3.2 Kinetics 

The intrinsic reaction rate of both ammonia synthesis and dissociation can be estimated 

by using the Temkin-Pyzhev equation [46].  
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where ir is the intrinsic ammonia reaction rate, P is the partial pressure, Ru is the gas constant 

(Ru =8.314 J∙K-1∙mol-1), Kp is the equilibrium constant, ko,m is the pre-exponential factor, Ea is the 

activation energy, and α is an empirical value in the range of 0.5-0.75 [46]. ko,m and Ea are related 

to the performance of the catalyst. Basically, a catalyst with higher activity has higher ko,m and/or 

lower Ea. 

 

The intrinsic reaction rate obtained from the Temkin-Pyzhev equation doesn’t account for 

reactant concentration gradient within the catalyst particle. In order to compute the true reaction 

rate, the intrinsic reaction rate must be multiplied by an effectiveness factor η [47-49]: 

actual rate for the entire particle

rate evaluted at exterior surface conditions i

r

r
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For the calculation of the effectiveness factor η, a generalized Thiele modulus   is used [48, 

50]: 
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Then, η can be calculated as follows [48-50]: 

 
2
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                              (4) 

In these equations, Vp is the volume of the catalyst pellet, Sp is the external surface area of the 
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catalyst pellet, ρp is the density of the catalyst pellet, ε is the void fraction, Deff is the effective 

diffusivity, 3

s

NHc is the ammonia concentration at pellet surface and 3

eq

NHc  is the equilibrium 

ammonia concentration. 

3.3 Pseudo-homogeneous Model 

The reactor is simulated using a pseudo-homogeneous steady-state model originally developed 

by Richardson et al. [50]. The pseudo-homogeneous steady state model is very commonly 

employed for designing packed bed reactors [49, 51]. The model was modified and validated by 

Lovegrove and others at Australian National University for ammonia dissociation and synthesis 

[35, 44]. Chen et al. [52] has further improved the model with the capability of simulating heat 

transfer between the reaction in the bed and a secondary working fluid. In this model, the catalyst 

bed is treated as a continuum with averaged properties, i.e. effective conductivity (keff) and 

effective diffusivity (Deff) [50]. Also, the model assumes: (1) axial conduction is negligible, (2) 

gas pressure is constant for purposes of evaluating properties and reaction rate, (3) radial velocity 

is negligible. Figure 8 shows a schematic of a reactor. In this reactor, gas is reacting 

exothermically while supercritical steam is being heated from 350 °C to 650 °C in the counter 

flow. 
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Figure 8. Schematic of a reactor 

The energy conservation equation can therefore be expressed as: 

,
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Note that the outer wall (r = r2) boundary condition could take different forms, e.g. insulated 

(
2 0wq  ). In this study, the overall heat transfer coefficient Uo includes conduction through the 

reactor wall and insulation at the reactor outer wall (r = r3). The surface temperature of insulation 

adjacent to the ambient, Tins, is measured in the experiments. At the reactor inner wall (r = r2), 

the overall heat transfer coefficient Ui includes conduction through the reactor wall and 
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convection within the supercritical steam. 

 

There are various correlations available for the effective thermal conductivity keff. A widely used 

one, which is also adopted in this research, is the parallel-series model [49, 50]. The model was 

first proposed by Argo and Smith [53]. Figure 9 shows a schematic of the parallel-series model 

to compute the effective thermal conductivity. 

 

Figure 9. A schematic of parallel-series model. 

In the model, the radial conduction, radiation, and convection (eddy effect caused by turbulence) 

are assumed to be parallel and series in the fluid and solid phases respectively: 

( ) (1 )eff c cv r seriesk k k k k                         (8) 

Here, kc is the thermal conductivity of the fluid phase, kcv represents the thermal convection 

effect (eddy effect) of the fluid phase caused by the turbulence, kr represents the radiation effect 

of the fluid phase, kseries represents the thermal conduction effect through the solid phase. 
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According to a lot of research [54-58], the effective thermal conductivity in the radial direction 

would decrease apparently near the reactor wall. That is due to the higher void fraction resulting 

from the change in packing geometry and damping of turbulent eddies near the wall [49]. This 

effect is accounted for by a heat transfer coefficient at the wall, hw, that includes thermal 

convection and radiation effects.  

The governing equation for mass conservation is: 

3 31NH NH

g g g eff

f f
v D r r

x r r r
 

   
  

   
                     (9) 

The boundary conditions for mass conservation are:  
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                              (10) 

In these equations, ρg is the gas density, vg is the gas velocity, cp,g is the specific heat of the gas, 

cp,s is the specific heat of the supercritical steam, Tg is the local gas temperature, Ts is the local 

supercritical steam temperature, Tgi is the gas inlet temperature, U1 is the overall heat transfer 

coefficient for the inner wall of the catalytic bed, U2 is the overall heat transfer coefficient for the 

outer wall of the catalytic bed, fNH3 is the ammonia mass fraction, fNH3,i is the inlet ammonia mass 

fraction, Tw is the reactor wall temperature, keff is the effective thermal conductivity, Deff is the 

effective diffusivity, r is the ammonia reaction rate, ∆H is the absolute value of reaction heat, 

wq is the wall heat flux. 
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In the model, a wall thickness factor F can be defined as the ratio of wall thickness over inner 

diameter of the tube:   

4 32 1

1 32 2

r rr r
F

r r


                              (11) 

This wall thickness factor only depends on the pressure difference between the inner wall and 

outer wall and the properties of the tube wall material. With the wall thickness factor, only two 

diameters are necessary to define the diameter radial dimensions of the reactor, which helps to 

simplify the model input.  

3.4 Scaling Analysis 

As discussed above, there are many parameters governing the thermal and chemical processes in 

the model. In order to reduce the number of design parameters to a few meaningful 

dimensionless similarity parameters, a scaling analysis was performed. The scaling analysis is 

based on a one-dimensional model simplified from the two-dimensional model that is discussed 

above. The governing equations for energy conservation (Equation 5 and Equation 6) and mass 

conservation (Equation 9) can be integrated over the cross-sectional area and represented as 

follows: 
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Nondimensionalizing Equations (12) to (14) 
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The above equations assume that specific heats cp,g and heat of reaction Δhrxn are constant for 

simplicity of presentation, however the actual calculations reported below utilize variable 

properties. The parameter K can be identified as a measure of heating due to the reaction relative 

to heat transfer from the reactor to the steam. The parameter M is the ratio of the two streams’ 

mass flow rates. The quantity g is the Temkin-Pyzhev reaction rate expression for r  divided 

by the pre-exponential constant ko,m. Thus, g is not an independent parameter but is itself a 

function of dimensional temperature, pressure, and species partial pressures, as well as activation 

energy. This means that the system of equations is not strictly in dimensionless form, but it is still 

instructive to use this formulation. 

 

If the design problem is posed as selecting the reactor length that will result in meeting the steam 

heating requirements, then the solution provides the dimensionless length as a function of the 
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other independent parameters: 
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Note that PhL is equal to the heat transfer surface area. Figure 10 shows L* as a function of M for 

different K while 
,g in is fixed corresponding to a reactor inlet temperature of 600 °C. 

 

 

Figure 10. Dimensionless Length L* as a Function of Parameters M and K. 

Before discussing these results, it is worthwhile to see whether the two-dimensional model 

displays the same behavior when put into dimensionless form. In the one-dimensional model, U 

is specified, but in the two-dimensional model, U is a dependent variable that depends on 

geometry and mass flow rates. The two-dimensional model was run in its usual dimensional 
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form over a range of conditions. For each case, the required reactor length L was found and an 

average value of U was determined so that each of the dimensionless parameters could be 

calculated. Those results are the individual symbols in Figure 10. It can be seen that the 

one-dimensional and two-dimensional results agree very well. This provides confidence that the 

one-dimensional model, cast in dimensionless form, is useful for design purposes.  

 

Referring to Figure 10, one observation is that as K increases beyond ~1013, L* becomes 

independent of K (except for when M is small). Large K means that the reaction rate is large and 

the process is therefore heat-transfer-limited. In that case, further increase of K does not result in 

any additional benefit. As shown in Figure 10, L* decreases with M increasing for a fixed K. In 

interpreting the results in terms of dimensional quantities, the goal is to decrease the dimensional 

reactor size as represented by L or PhL. Large M is beneficial. If 
gm  increases while sm  and 

reactor diameters are fixed, both M and U increase. As a result, reactor length decreases. But 

Figure 10 shows that L* decreases very little when M is larger than 2.5. Therefore, effect of 

making size smaller by increase M become small when M is large enough. This result from 

scaling analysis provides preliminary information about minimizing the reactor wall volume by 

optimizing the design parameters.  
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4 Experiments and Model Validation 

Experiments were conducted to explore the process and validate the proposed model. After 

introducing the experimental setup and catalyst, the experimental and model results would be 

shown in this chapter. 

4.1 Ammonia Synthesis Catalyst 

Catalyst is very crucial for ammonia synthesis reaction. There are a lot of catalysts that have 

been introduced into the market e.g., iron-based catalyst, ruthenium-based catalyst and 

nickel-based catalyst. Iron-based catalyst is the traditional one. Ruthenium-based catalyst is more 

active than iron-based catalyst but with a high cost [42, 43]. Nickel-based catalyst can be used 

for higher operating temperatures, but its activity is relatively lower compared with iron based 

catalyst based on the research in ANU [38, 44]. Metallic iron is the main phase in the iron-based 

catalyst. Pure iron exhibits poor activity without promoters [43]. There are two categories of 

promoters i.e., structural promoters and electronic promoters [43]. The structural promoters can 

be precipitated between the metallic iron crystallites to preserve a high surface area when they 

are reduced [45]. Electronic promoters can enhance the activity per unit surface area [43]. 

KATALCO 74-1A catalyst, which is an iron-based catalyst with some kinds of structural 

promoters e.g., aluminum oxide and calcium oxide, is studied and used in our research. 
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4.2 Experimental Setup 

A tubular packed-bed reactor with length of 110 cm has been built by our research group. The 

reactor is made of Inconel 625 can be safely operated up to at least 30 MPa and 700°C. The 

cross-sectional dimensions are shown in Figure 11. The iron-based catalyst is ground to particle 

diameters in the range 0.4 to 0.6 mm. Thermocouples are situated at various points along the 

outer reactor wall. The reactor is insulated with a 23 cm thickness of ceramic wool insulation. 

Experiments of heating supercritical steam with reacting gas were conducted on the reactor with 

the catalyst bed in the outer annulus. In order to improve steam heat transfer, we inserted a third 

tube within the center tube so that the steam channel is a narrow annulus—the gap is 0.7 mm. By 

decreasing the lateral dimension of the steam channel, the steam heat transfer coefficient is 

increased. A moveable thermocouple is inserted at various distances along the innermost tube.  

 

The feed gas is harnessed from a closed loop system that employs a 2 liter 316 stainless steel 

storage compartment. The feed gas is further pressurized with a compressed air operated gas 

booster before passing through a separator that removes excess ammonia. A recuperating heat 

exchanger and gas preheater bring the feed gas to a specified inlet temperature before it is 

allowed to flow into the research reactor bed inlet. Spring operated pressure regulators as well as 

metering valves ensure the appropriate pressure and flow rate is maintained for the duration of a 

measurement. After being cooled to room temperature, the reaction products run through a liquid 
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accumulating separator mounted on a load cell. By measuring the rate of liquid ammonia 

accumulation, the degree of synthesis that has taken place is ascertained. Temperatures, pressures, 

mass flow rate, accumulated ammonia weight, and heater power are continuously recorded by an 

IOTech DaqBook 2005 data acquisition system. The feed gas in the storage compartment is 

replenished with a dissociation reactor that draws the condensed liquid ammonia produced by the 

research reactor from the bottom of the storage compartment and dissociates it into hydrogen and 

nitrogen. 

 

The pressurized water used for steam production is provided via a Cole-Parmer EW-74930-20 

High-Pressure Gradient Piston Pump with a maximum flow rate of 100 ml/min. The pump 

outputs a specified constant flow rate of degassed, deionized water at 26 MPa. A preheater (12.7 

mm OD, 6.6 mm ID SS 316 tube with nozzle heaters, Max. power = 5 kW) installed downstream 

of the piston pump is used to preheat the water to 350 ºC at the reactor inlet. A back pressure 

regulator on the exit ensures that the steam is always kept at 26 Mpa regardless of flowrate. The 

650 ºC super-critical steam generated by the reactor is cooled to room temperature before being 

recycled back to the piston pump.  
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Figure 11. Reactor cross-sectional geometry for experiments on heating supercritical steam. 

 

Figure 12. The ammonia synthesis reactor test rig 
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4.3 Experimental Results and Model Validation 

4.3.1 Adiabatic Reactor Experiments  

Kinetic parameters i.e., Ea and ko,m vary with different catalysts. Experiments were conducted to 

study the catalyst kinetic parameters. For simplicity, those experiments without supercritical 

steam heating is called adiabatic reactor experiments even though the heat loss is not neglected. 

In the experiments, the feed gas (N2+3H2) flows in the reactor bed and reacts exothermically 

while reactor inner wall temperature (Tiw), outer wall temperature (Tow) and outlet ammonia mass 

fraction are measured. Note that there is not steam flowing in these experiments. 

 

Before analyzing the experimental data for catalyst kinetic parameters, experimental 

repeatability was checked first. Figure 13 shows two experimentally measured reactor wall 

temperature profiles along the reactor length. The two results are from experiments conducted on 

different days but with similar properties, i.e., mass flow rate of reacting gas 
gm , inlet gas 

temperature Tg,in and inlet ammonia mass fractions fNH3,tn,exp. Table 2 lists the specific properties 

of the two similar experiments. The outlet ammonia mass fractions (yield) are also measured in 

the experiments, which are also listed in Table 2. The two yields listed in Table 2 are identical. 

Temperature profiles in Figure 13 match with each other showing repeatability of the 

experiments.  



36 

 

Table 2. Properties of the two similar experiments 

Case gm (g/s) Tg,in (°C) fNH3,tn,exp fNH3,out,exp 

1  1.5 605.7 0.01 0.09 

2  1.5 608.2 0.01 0.09 
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Figure 13. Experimentally measured reactor inner wall (Tiw) and outer wall (Tow) 

temperature profiles along the reactor length 

The measured reactor wall temperature in Figure 13 increases dramatically near the inlet (x = 0) 

until it reaches the peak temperature because of high reaction rate. Then the gas temperature 

decreases slightly. This is caused by the heat loss while the reaction is near equilibrium. As 

shown in Figure 13, the reactor wall temperatures are high, i.e., higher than 600 ºC. The 
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temperature difference between reactor wall and ambient is large. Although the reactor is 

insulated by insulations, the impact of heat loss might not be negligible. Figure 14 shows the 

reaction path (black curve) for Case 2 (Table 2) with inlet gas temperature Tg,in, peak gas 

temperature Tp and outlet gas temperature Tg,out in the temperature-enthalpy diagram. As shown 

in the reaction path, reacting gas enters the reactor at a lower inlet temperature Tg,in. The reaction 

reaches equilibrium curve when peak gas temperature Tp occurs. Since there is heat loss, gas 

temperature decreases slightly till the outlet gas temperature Tg,out while following the 

equilibrium curve. 

 

Figure 14. Temperature-enthalpy diagram showing relationship between inlet temperature, 

peak temperature and outlet temperature for Case 2 listed in Table 2. 
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Equation 18 shows the thermodynamics associated with reacting gas temperature Tg, ammonia 

mass fraction fNH3 and heat loss for a 1D model. Reaction rate along with kinetic parameters can 

be determined by evaluating the terms in Equation 18.  

 3
,

gNH
g rxn c rxn g p g loss ow amb

dTdf
m H r A H m c h P T T

dx dx
                    (18) 

In Equation 18, some properties are known or can be estimated from the experimental conditions 

directly, i.e., reacting gas mass flow rate 
gm , heat of reaction ∆Hrxn, reacting gas specific heat 

cp,g, reactor wall temperature Tow. There are two more steps to estimate reaction rate from 

experimental data using Equation 18. 

 

The first step is to estimate heat transfer coefficient for heat loss hloss by analyzing temperature 

and ammonia mass fraction after reaching equilibrium. As shown in Figure 13, the inner wall 

temperature and outer wall temperature have similar temperature gradients after the outer wall 

temperature reaches its peak. It is safe to assume that the reacting gas temperature gradient is 

similar to the outer wall temperature gradient after equilibrium. Knowing the reaction path is 

following the equilibrium curve after the peak, local ammonia mass fraction fNH3 in the reactor is 

equilibrium ammonia mass fraction which is a function of gas temperature Tg and operating 

pressure P. Figure 15 shows the equilibrium ammonia mass fraction as a function of temperature 

at operating pressure of 30 MPa. Thus, dfNH3/dx can be estimated by knowing dTg/dx 



39 

 

approximately. Temperature gradient dTg/dx can be obtained by linearly fitting the temperature 

profile after the peak temperature. Utilizing Equation 18, heat loss coefficient hloss associated 

with temperature difference between outer wall temperature and measured insulation temperature 

can be estimated. 
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Figure 15. The equilibrium ammonia mass fraction (fNH3,eq) as a function of temperature at 

operation pressure of 30 MPa 

Having known hloss, reaction rate near the inlet of reactor can be obtained by estimating the gas 

temperature gradient, heat loss and heat of reaction near the inlet. Note that the gas temperature 

gradient near inlet is estimated from inner wall temperature since the inner wall is insulated. 

 

The peak temperature for the inner wall should be close to the equilibrium temperature 
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associated with a given inlet temperature and composition, based on established data for the heat 

of reaction [59, 60]. In our experiments, we observed that the maximum temperature was lower 

than expected. We reached the conclusion that our inlet composition measurement was not 

accurate. The measurement is indirect: We measure the temperature and pressure in the separator 

upstream from the reactor, and assume that the mass fraction of ammonia in the gas leaving the 

separator corresponds to saturated conditions. Under typical conditions, this yielded an inlet 

ammonia mass fraction of 0.01. However, in reality this only provides a lower bound on the 

amount of ammonia present; if separation is incomplete, the ammonia content can be greater. 

Based on the measured maximum temperature, we concluded that there is an approximately 

constant offset of 0.03 in the mass fraction measurements. All experimental mass fraction values 

reported here are “corrected” values that have been adjusted upward accordingly. 

 

Given the gas inlet conditions and assumed values for the kinetic parameters, the model predicts 

the temperature and mass fraction distributions in the reactor. In particular, the predicted inner 

and outer wall temperatures can be compared with the measured values. A range of kinetic 

parameter values was explored in the model, in order to match with the experimentally measured 

temperatures. Table 3 lists the kinetic parameters that we selected through this process. These 

values are based on the ones determined at Australian National University for a different 

promoted iron catalyst [44]. We are using the same values of ko,m and α as in that study, but the 
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activation energy in Table 3 has been adjusted upward by 7.5% to give better agreement with our 

experimental results. Examples of the resulting agreement between model and experiments will 

be shown later.  

 

Table 3. The reaction rate parameters 

Activation energy, Ea 

J/mol 

Pre-exponential 

constant, ko,m 

kg/m3∙s. 

Empirical 

parameter, α 

2.15×105 1.87×1015 0.5 

 

 

Table 4 listed the inlet properties, e.g., reacting gas mass flow rates 
gm  and model predicted 

outlet ammonia mass fraction fNH3,out,m, of four cases for comparison of model predicted and 

experimental results. As listed in Table 4, both the mass flow rate and inlet temperature of 

reacting gas are varied. Figure 16 to Figure 19 show the comparison of experimentally measured 

inner wall and outer wall temperature profiles and model predicted temperature profiles 

corresponding to the cases listed in Table 4. As shown through Figure 16 to Figure 19, the model 

generated temperature profiles match with experimental results well. Based on the established 
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data of heat of reaction and equilibrium constant [59, 60], the maximum wall temperatures, 

computed with experimentally measured inlet ammonia mass fraction fNH3,tn,exp, are much higher 

than experimental ones. Also, the model predicted outlet ammonia mass fraction fNH3,out,exp is also 

bigger than experimental measure results. We believe there might be system error for ammonia 

mass fraction measurement. Therefore, both the inlet and outlet ammonia mass fraction (fNH3,tn,exp 

and fNH3,out,exp) are adjusted (corrected) to be 0.03 bigger than experimental measured ones. 

 

There is discrepancy between model generated and experimental measured temperature profiles 

near the hump. It is probably because the axial conduction is not accounted in the model. Thus, 

as mass flow rate increases, the prediction for the cases with similar temperature ranges become 

better, i.e., comparison of Case 1 (Figure 16) and Case 3 (Figure 18) and comparison of Case 2 

(Figure 17) and Case 4 (Figure 19). The peak temperatures for all the four cases are all higher 

than 650 ºC. This fact validates the feasibility to heat supercritical steam to 650 ºC with the 

ammonia synthesis reaction. 
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Table 4. The inlet properties of reacting gas and the measured and predicted yield for 

typical adiabatic runs 

Case gm (g/s) Tg,in (ºC) fNH3,in,exp 

(corrected) 

fNH3,out,exp 

(corrected) 

fNH3,out,m 

1  1.5 605.7 0.04 0.12 0.14 

2  1.5 566.0 0.04 0.15 0.16 

3  2.0 610.1 0.04 0.12 0.13 

4  2.0 566.6 0.04 0.14 0.15 
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Figure 16. Comparison of predicted and measured inner wall (Tiw) and outer wall (Tow) 

temperature profiles for the case 1 listed in Table 4. 
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Figure 17. Comparison of predicted and measured inner wall (Tiw) and outer wall (Tow) temperature profiles 

for the case 2 listed in Table 4. 
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Figure 18. Comparison of predicted and measured inner wall (Tiw) and outer wall (Tow) 

temperature profiles for the case 3 listed in Table 4. 
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Figure 19. Comparison of predicted and measured inner wall (Tiw) and outer wall (Tow) 

temperature profiles for the case 4 listed in Table 4. 

4.3.2 Steam Heating Experiments 

4.3.2.1 Supercritical Steam Heat Transfer  

Before coupling heat transfer process heat transfer for gases in the catalytic bed and supercritical 

steam, heat transfer for the supercritical steam only were studied first. When steam is heated in 

the reactor from 350C to 650C at 26 MPa, it traverses the pseudo-critical line at 389 C. In this 

vicinity, properties vary dramatically with temperature. Standard heat transfer correlations for the 

Nusselt number as a function of the Reynolds and Prandtl numbers do not properly account for 

these large variations. There is a significant body of literature on heat transfer in supercritical 

steam, e.g. [61-64], but the behavior can depend strongly on details that may vary from one 
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system to another, for example, the magnitude of natural convection effects.  

 

We undertook our own experimental investigation of heat transfer in supercritical steam flow for 

the same conditions as in our reactor, and compared our results to correlations from the literature. 

Specifically, we built a test apparatus in which steam enters at the bottom of a vertical tube and 

runs upwards. The tube is identical to the inner tube through which steam flows in our reactor, 

with inner and outer diameters of 3.9 mm and 6.4 mm. The tube is heated using nozzle heaters 

encircling the outer wall. The inlet, outlet, and wall temperatures are measured. From knowledge 

of the input power, we can determine the bulk temperature, Tb at any axial location. Then the 

local heat transfer coefficient can be found from its definition, hs=q”/( Tw-Tb), where q” is the 

heat flux (input power divided by surface area) and Tw is the measured wall temperature. The 

heat transfer coefficients are compared with that computed by using Jackson’s [62], Mokry’s [61] 

and the standard Dittus-Boelter’s correlation, all of which are for turbulent flow. The correlation 

from Jackson [62] can be expressed as Equation (19): 

0.3

0.82 0.50.0183

n

pw
b b

b pb

c
Nu Re Pr

c





  
     

   
                   (19) 

where the exponent n is defined as follows: 
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The correlation of Mokry [61] can be expressed as Equation (20):  
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                      (20) 

Figure 20 shows the heat transfer coefficient derived from experimental results when steam 

temperature is relatively higher, i.e., maximum temperature is higher than pseudocritical 

temperature. The heat transfer coefficient is presented as a function of steam bulk temperature; 

since the fluid is heating up as it travels through the tube, the bulk temperature also roughly 

represents distance from the tube inlet. Table 5 lists properties of steam experiments 

corresponding to the experimental results in Figure 20. As shown in Figure 20, there is a peak in 

the experimental heat transfer coefficient and in the Jackson and Mokry correlations slightly 

before the pseudocritical temperature.  

 

Referring from Equations 12 and 13, there is a term accounting for density difference between 

properties near the wall and bulk flow. This behavior is explained by the terms accounting for the 

density ratio between the wall and bulk temperature. Since the wall temperature is higher than 

the bulk temperature, it reaches the pseudocritical temperature first. As a result, the density ratio 
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term reaches its maximum before the pseudocritical temperature is reached. On the other hand, 

the heat transfer coefficient predicted by the Dittus-Boelter correlation reaches its peak exactly at 

the pseudocritical temperature and does not accurately reflect the experimental behavior. Overall, 

the root mean square error between our experimental results and Jackson’s correlation is the 

smallest of the three correlations. Therefore, we will use Jackson’s correlation in our reactor 

model to simulate heat transfer in the steam flow. We have chosen not to create our own 

correlation because we think the Jackson results are more thoroughly established than ours. 
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Figure 20. Comparison of heat transfer coefficient from experiments with higher steam 

temperature range and computed by using other published correlations. 
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Table 5. Experimental properties for result shown in Figure 20 

Wall heat flux (W/cm2) Pressure (MPa) Ts,in (ºC) Ts,out (ºC) Re 

24491.0 26.1 352.4 409.3 3954 

 

4.3.2.2 Heating Supercritical Steam with Reacting Gas 

After verify the literature results for supercritical steam heating for our experiments, experiments 

were conducted on heating supercritical steam to 650 C with the ammonia synthesis reaction. 

The model is validated by comparing with the experimental results. In the experiments, the gas 

flow rate was set, the steam inlet temperature was adjusted to 350 C (nominally), and the steam 

flow rate was varied such that the steam exit temperature was approximately 650C. 

 

In order to check the repeatability of experiments, two experiments were conducted with very 

similar inlet conditions, e.g., gas mass flow rate gm , steam mass flow rate sm , and steam inlet 

temperature Ts,in. Table 6 lists the properties of the two similar experiments specifically. Figure 

21 shows reactor outer wall and steam temperature profiles for the two similar experiments. 

Focusing first on the experimental measurements (data points), the outer wall temperature was 

measured with thermocouples attached to the outer wall of the catalyst bed and can be thought of 

as representing the gas temperature. The steam temperature was measured by inserting a 
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moveable thermocouple into the innermost tube in Figure 4; it was not possible to measure the 

steam temperature along the entire reactor length. The steam inlet temperature (the point at x = 

110 cm and ~350 ºC) was measured with a separate thermocouple permanently positioned in the 

steam tube at its inlet. The gas flowed from left to right, experiencing a rapid temperature 

increase of around 50 ºC near the inlet. The steam flowed from right to left, exiting at a 

temperature within around 15 ºC of the peak gas temperature. As shown in Figure 21, the 

measurements for different runs are quite similar. The difference can be due to the difference 

between the two inlet reacting gas temperatures Tg,in.  

Table 6. Properties of two similar experiments of heating supercritical steam with ammonia 

synthesis reaction, for establishing repeatability 

Case 
gm
 

(g/s) 

Tg,in 

(ºC) 

fNH3,in,exp 

(corrected) 

fNH3,out,exp 

(corrected) 

sm
 

(g/s) 

Ts,in 

(ºC) 

Ts,out 

(ºC) 

1 1.0 622 0.04 0.23 0.51 346 688 

2 1.0 615 0.04 0.24 0.51 348 679 
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Figure 21. Reactor outer wall temperature (Tow) and steam temperature (Ts) profiles of two 

similar experiments listed in Table 6. 

Several other experiments were conducted with different gas and steam mass flow rates. Table 7 

lists gas and steam properties, e.g., mass flow rates, inlet temperatures, and inlet and outlet 

ammonia mass fraction, for four experimental cases. Figure 22 to Figure 25 show the comparison 

of predicted and measured reactor outer wall and steam temperature profiles for the four 

experimental cases listed in Table 7. Note that the model works by marching along the reactor 

starting from x = 0, therefore the steam outlet temperature is a model input and the steam inlet 

temperature is a model prediction. The predicted outer wall and steam temperatures match well 

with experimental results over the entire reactor length. However, there is some discrepancy, 

especially for the steam temperature for locations greater than around 40 cm (measured from the 
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gas inlet). There might be two reasons for that. Firstly, the heat transfer coefficient for either 

steam side or reacting gas side might not be perfect. For the steam side, we are using a thin 

annulus rather than a circular tube on which the correlations were based. Further, the heat 

transfer in the steam flow might also depend on the flow rate since natural convection, which is 

mixed with forced convection for the steam flow, might play an important role. Secondly, the 

properties of supercritical steam change dramatically as steam temperature becomes close to the 

pseudocritical point, i.e., 389 C for supercritical steam at 26 MPa.  

Table 7. Gas and steam properties and yields for experiments on utilizing ammonia 

synthesis reaction for heating supercritical steam flow 

Case 

gm   

(g/s) 

sm   

(g/s) 

Tg,in 

(ºC) 

Ts,in 

(ºC) 

fNH3,in,exp 

(corrected) 

fNH3,out,exp 

(corrected) 

fNH3,out,pred 

1 1.3 0.6 599 350 0.04 0.22 0.22 

2 1.4 0.7 599 350 0.04 0.24 0.23 

3 1.5 0.8 611 351 0.04 0.23 0.23 

4 2.0 0.9 612 354 0.05 0.22 0.22 
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Figure 22. Comparison of predicted and measured outer wall (Tow) and steam temperature 

(Ts) profiles for Case 1 in Table 7. 
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Figure 23. Comparison of predicted and measured outer wall (Tow) and steam temperature 

(Ts) profiles for Case 2 in Table 7. 
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Figure 24. Comparison of predicted and measured outer wall (Tow) and steam temperature 

(Ts) profiles for Case 3 in Table 7. 
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Figure 25. Comparison of predicted and measured outer wall (Tow) and steam temperature 

(Ts) profiles for Case 4 in Table 7. 
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The highest steam flow rate that could be heated to 650 C was 0.924 g/s as shown in the 4th case 

listed in Table 7. This corresponds to a power of 1.8 kWt. This fact further validates the 

feasibility of applying ammonia based solar thermochemical system in pilot scale. 

4.4 Sensitivity Analysis of the Model 

We next explore the sensitivity of the results to several parameters that affect the relative 

significance of reaction rate and heat transfer, namely the activation energy for catalyst Ea, the 

pre-exponential constant, ko,m, inlet ammonia mass fraction fNH3,in, effective thermal conductivity 

keff, heat transfer coefficient at the wall hw, and heat transfer coefficient for supercritical steam hs. 

These six parameters can be categorized into two classes. One class is for the reaction, including 

Ea, ko,m, and fNH3,in. The other class is for the heat transfer process, including keff, hw, and hs. In the 

next chapter (Chapter 5) focused on design optimization, the effects of parameters would be 

considered that can be directly controlled in the design and operation of the system, such as tube 

diameters and mass flow rates.  

 

The model input properties for the base case are the same as those in Case 4 listed in Table 7. 

Note that the outlet steam temperature is one of the inputs in the model simulation since the 

model is marching from the gas inlet to gas outlet. Figure 26 to Figure 31 show the temperature 

profiles (gas and steam) obtained from the model for sensitivity analysis of all six of the varied 
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parameters.  

 

Figure 26 shows model results for three values of the activation energy Ea, the base case as well 

as plus and minus 5%. Similarly, Figure 27 shows results for three values of the pre-exponential 

constant ko,m, the base case and ±50%. As shown in Equation 1, the reaction rate increases with 

decreasing Ea and increasing ko,m. Higher reaction rate enables the reactor to heat the steam 

through a larger temperature difference. The model is more sensitive to Ea than to ko,m because 

the reaction rate, (in Equation 1), depends on Ea exponentially but ko,m linearly. It can also be 

seen in Figure 26 and Figure 27 that the effects of Ea and ko,m are larger when the reaction rate 

decreases (Ea increases or ko,m decreases) as compared to when the reaction rate increases. This 

indicates that the base case conditions are nearly heat transfer limited, so that further 

improvement in the reaction rate has only a modest effect. On the other hand, as the reaction rate 

decreases, the scenario shifts away from being heat transfer limited (and more toward reaction 

rate limited), so that the decreasing reaction rate has a significant impact on the temperatures.  

 

Figure 28 shows that the model is also quite sensitive to the inlet ammonia mass fraction fNH3,in. 

As seen in Figure 28, the maximum gas temperature decreases with increasing inlet ammonia 

mass fraction fNH3,in; this is because the reaction starts closer to the equilibrium ammonia mass 

fraction and therefore cannot react as much. As a result, the steam temperature difference 
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between inlet and outlet also decreases with increasing fNH3,in. 

 

Figure 29 through Figure 31 show the effect of the heat transfer parameters, i.e., keff, hw, and hs, 

being varied by ±50%. As shown in Figure 29 and Figure 31, the effects of keff and hs are 

comparable. As shown in Figure 30, the model is least sensitive to the heat transfer coefficient at 

the wall of the catalyst bed, hw, because the associated thermal resistance is smaller than the 

resistances associated with keff and hs. It can be seen from Figure 29 to Figure 31 that the effect 

of decreasing heat transfer is a little larger than the effect of increasing heat transfer. This is 

consistent with the observation that the base case conditions are heat transfer limited, but as heat 

transfer further improves it becomes more reaction rate limited and heat transfer has less effect. 

 

Referring to Figure 26 through Figure 31, Ea has the most effect among the six parameters 

investigated. Therefore, the model is most sensitive to Ea for the base case. But the conclusion 

can vary for different cases. For example, if the process is heat transfer limited with an extremely 

high reaction rate, the model is not sensitive to Ea any more.  

 

In conclusion, the base case is nearly heat transfer limited, since improvement of the reaction 

rate has only a modest effect. On the other hand, increasing the heat transfer coefficients, i.e., keff, 

hs, and hw, does improve performance, but makes the process become more reaction rate limited; 
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thus, improving heat transfer has less effect than reducing heat transfer. The model is always 

sensitive to inlet ammonia mass fraction. Therefore, the model indicates that improving heat 

transfer and decreasing inlet ammonia mass fraction are very crucial to improve the capability of 

the reactor in our lab to heat supercritical steam. With the validated model, optimization of the 

entire synthesis system can be made. 
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Figure 26. Temperature profiles obtained from the model for three different activation 

energy Ea. 
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Figure 27. Temperature profiles obtained from the model for three different 

pre-exponential constant ko,m. 
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Figure 28. Temperature profiles obtained from the model for three different inlet ammonia 

mass fractions fNH3,in. 
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Figure 29. Temperature profiles obtained from the model for three different effective 

thermal conductivities keff. 
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Figure 30. Temperature profiles obtained from the model for three different heat transfer 

coefficients at the wall hw 
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Figure 31. Temperature profiles obtained from the model for three different heat transfer 

coefficients for supercritical steam hs. 

4.5 Catalyst Lifetime Experiments 

In the ammonia industry, synthesis is typically carried out at temperatures below around 550C, 

thus iron-based catalysts are not used at higher temperatures. We believe the best choice for the 

high-temperature catalyst is an iron-cobalt material that can be used at temperatures up to 700°C, 

has activity that is almost as effective as an iron-based catalyst, and was successfully used at 

700°C and above at ANU [36]. However, we have not been able to find a current supplier for this 

catalyst. Presumably if there were a market for it, it could be produced again.  

 

In the absence of an iron-cobalt catalyst, we operated our reactors with iron-based catalyst. Thus, 
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one task was to conduct catalyst lifetime testing to determine if there was any observed 

degradation in catalyst performance over the duration of the project. This was accomplished in 

part by observing the behavior of the intermediate scale reactor over the course of 167 hours of 

intermittent operation at high temperatures. We compared two outputs: (a) the rate of temperature 

rise near the bed inlet, which reflects the reaction rate there, and (b) the ammonia yield. 

 

Concerning the rate of temperature rise, Figure 32 shows the outer wall temperature for five 

experimental runs (without steam) with nominally the same conditions of 
gm = 1 g/s and Tg,in = 

520°C. There is some variation in the initial rate of temperature rise, with seemingly some 

increase between January and March, and then the one August run having the lowest initial rate 

of temperature rise. There is also a fair amount of variability – for example, it can be observed 

that beyond the peak temperature there is a spread of about 10C, with the March run near the 

top of the range and the August run near the bottom. There are a variety of factors that could 

cause variability. We are aware, for example, that we did not have good control over the 

ammonia mass fraction in the inlet stream (see next paragraph), and this can have a strong effect 

on the reaction behavior. The results are inconclusive, but some sort of degradation in the 

iron-based catalyst behavior cannot be ruled out. 
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Figure 32. Comparison of reactor temperature rise over time. 

Ammonia inlet and outlet mass fractions are shown in Table 1 for the same five experimental 

runs as in Table 8. Although we are not confident of our absolute composition measurements, we 

believe based on other evidence that there is an offset rather than a random error. It appears 

therefore, that if anything, the yield is higher on the later dates, suggesting that any possible 

change in catalyst activity over time has not resulted in a dramatic impact throughout the reactor. 

Table 8. Ammonia Yield over Time 

Date, Time Inlet NH3 fraction Outlet NH3 fraction 

01/12, 10:31 0.061 0.176 

01/21, 13:08 0.062 0.171 

01/27, 12:28 0.059 0.173 
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03/03, 10:47 0.046 0.176 

08/02, 10:30 0.045 0.191 
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5 Ammonia Synthesis System 

5.1 Synthesis System Description 

The whole synthesis system, which includes a heat recovery reactor (HRR), a recuperating heat 

exchanger (RHX), an autothermal synthesis reactor (ATR), and an adiabatic reactor (ADR), is 

designed and investigated. The heart of the synthesis system is the HRR, in which energy is 

recovered from ammonia synthesis reaction and transferred into supercritical steam. The HRR is 

shown schematically to the far right in Figure 33. The synthesis gas mixture (N2+3H2) entering 

the HRR must first be preheated in a “preconditioning system,” which can include three 

components: a RHX, an ATR, and an ADR. In Figure 33, synthesis gas enters at the left having 

come from the storage. It passes through the RHX, where it is preheated by the mixed exiting gas 

from the ATR and HRR. It then flows through a passage in an ATR, where it is further preheated 

by the ammonia synthesis reaction. At the ATR exit, the gas flow splits. One portion 
,g om  

(dashed green line) flows back through the catalytic bed of the ATR. The remainder 
,g im   

(dotted green line) continues to the ADR where it reacts adiabatically and its temperature 

increases further. Finally, the preconditioned gas enters the HRR where it continues to react and 

heats steam. 

 

The most significant cost for the system is the wall material since some of which will have to be 
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high temperature creep-resistant nickel alloy material such as Inconel 625. The cost of the 

catalyst is roughly an order of magnitude less, therefore for purposes of preliminary optimization 

we will consider the wall material volume as the objective function to be minimized. More 

specifically, the objective function is defined as the wall material volume per unit of thermal 

power delivered to the steam. Diameters and corresponding wall thickness are designed in the 

system. Beyond these geometric parameters, the design also includes operational parameters that 

describe the inlet conditions of the two entering streams, e.g. the flow rate and temperature (Tg0 

to Tg7) of the gas and the flow rate and temperature of the steam. 

 

 

Figure 33. Schematic of the synthesis system including an heat recovery reactor (HRR), an 

adiabatic reactor (ADR), an autothermal synthesis reactor (ATR), and a recuperating heat 

exchanger (RHX). 

As discussed above, Inconel 625 is considered for designing the reactor with high operating 

temperature including heat recovery reactor (HHR), adiabatic reactor (ADR), and autothermal 
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reactor (ATR). For component with low operating temperature, i.e., recuperating heat exchanger 

(RHX), type 347 stainless steel is considered. Compared with Inconel 625, Type 347 stainless 

steel is much cheaper. Figure 34 shows the stress versus rupture-time for Inconel 625 and Type 

347 stainless steel. We design the system based on the life-time of 200,000 hours. Since neither 

of the plots in Figure 34 shows the rupture stress for 200,000 hours (the longest hour is 100,000), 

both the curve of Inconel at 704 °C and the curve of stainless steel at 538 °C are extrapolated. In 

the synthesis system, the gas pressure is taken to be 30 MPa and the steam pressure is the 

required 26 MPa for a supercritical steam power cycle. For the tube in tube reactor (shown in 

Figure 8), the pressure difference between steam and gas is 4 MPa while the pressure difference 

between gas and the ambient is 30 MPa. Table 9 lists the stress of rupture for Inconel 625 and 

Stainless steel 347 under different pressures. Therefore, Table 9 lists the wall thickness factor F 

based on the ASME Boiler and Pressure Vessel Code for both pressure of 4 MPa and 30 MPa. If 

this yields a wall thickness less than 0.05 cm, the wall thickness is taken to be 0.05 cm as a realistic 

minimum. For system optimization, which is going to be discussed below further, all components 

are designed to use Inconel 625. As a result, the optimized system is more conservative and the 

effect of each component can be compared. 
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(a) 

 

(b) 

Figure 34. Rupture life for the two kinds of material for different operating temperatures 

(a) Inconel 625 [65] (b) Type 347 Stainless Steel [66].             
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Table 9. Stress of rupture and wall thickness factor for Inconel 625 and Stainless steel 347 

Material Stress of rupture, σ  

(MPa) 

Wall thickness factor 

for 30 MPa pressure, F 

Wall thickness factor 

for 4 MPa pressure, F 

Inconel 625 57 0.46 0.046 

Stainless steel 347 162 0.13 0.016 

 

5.2 Parametric Study of Each Component 

5.2.1 Heat Recovery Reactor 

Basically, the heat recovery reactor can be viewed as a counter flow heat exchanger in which the 

reacting gas acts as the hot stream and steam acts as the cold stream. Parameters such as inlet 

temperatures of gas and steam, diameters of the reactor, and mass flow rates of gas and steam 

impact the required reactor length and volume. A parametric study is conducted to investigate the 

effects of those parameters on the usage of tube wall material for a heat recovery reactor. The 

result will be illustrated based on ε-NTU method in which the parameters such as the 

effectiveness ε, the heat capacity ratio Cr and the overall heat transfer coefficient U are crucial 

for the required heat transfer area. Figure 35(a) shows an example of the bulk (cross-sectional 

average) temperature distribution of gas (red) and steam (blue) along the x-direction (the 

direction of gas flow through the reactor). The conditions are given in the figure caption. As soon 
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as the gas enters the reactor (at x = 0), it undergoes a rapid temperature increase to peak gas 

temperature Tg,p because of the high reaction rate caused by the elevated temperature. The 

temperature increase brings the gas close to equilibrium conditions and the reaction slows, but 

does not cease. Thereafter, the temperature of the reacting gas decreases along the reactor length 

as it loses heat to the steam. The steam enters at the right at 350 °C and exits at the left at 650 °C 

(by design). The slope change in the region around Tpc = 389 °C corresponds to the 

pseudocritical regime of the steam, with very large specific heat. Figure 35 (b) shows an example 

of the ammonia mass fraction distribution. The solid curve is the mass fraction of ammonia in 

the gas stream as it flows through the reactor. The dashed curve is the equilibrium mass fraction 

corresponding to the bulk reactor temperature at each axial location. The ammonia mass fraction 

quickly reaches equilibrium near the reactor inlet and then increases more gradually as the 

reaction rate slows (due to lower temperature). Further downstream the mass fraction deviates 

from the equilibrium curve as the reaction rate is no longer fast enough to maintain 

near-equilibrium conditions. The temperature profiles and mass fraction profiles might change 

with properties, e.g., inlet temperatures and mass flow rates. As a result, the reactor wall volume 

might change as well. A parametric study is made by varying different properties. The effect of 

those properties on the wall volume is investigated. 
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                      (a)                             (b) 

Figure 35. An example of (a) temperature and (b) ammonia mass fraction distributions in 

the synthesis reactor. Conditions are D2 = 0.5 cm, D3=1.0 cm, gm = 1.6 g/s, sm = 1.0 g/s, Tg,in= 

580 °C, and fNH3,in= 0. 

5.2.1.1 Diameters 

For a heat exchanger with a concentric tube configuration, the length of the reactor is strongly 

influenced by the diameters of tubes since they impact the heat transfer coefficients of the flows. 

Similar to a heat exchanger, the synthesis reactor wall volume is also believed to be impacted by 

the diameters. The inner diameter D2 and gap between the inner diameter and outer diameter 

(D3-D2) are studied to investigate the effect of diameters on the required wall volume. Note that 

D1 and D4 can be decided by D2, the gap and wall thickness factor. In the study, D2 was varied 

from 0.5 to 2.6 cm and the gap was varied in the range 0.2 to 1.6 cm while other conditions are 
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fixed i.e. gas mass flow rate gm = 1.6 g/s, steam mass flow rate sm = 1.0 g/s, gas inlet 

temperature Tg,in= 600 °C, and gas inlet ammonia mass fraction fNH3,in = 0. Figure 36 (a) shows 

the required reactor wall volume Vw as a function of the diameter D2 and the gap D3-D2. 

Basically, the volume decreases with D2 and/or D3-D2 decreasing. It can be seen that the smallest 

reactor wall volume occurs when both D2 and D3-D2 are smallest. This is because heat transfer 

for both gas and steam is improved by making them smaller. Figure 36 (b) shows the pressure 

drop in the catalyst bed ΔPc as a function of the diameter D2 and the D3-D2; the maximum 

pressure drop occurs when D2 and D3-D2 are both minimum, which corresponds to the minimum 

cross sectional area of the catalytic bed. Thus, one important lesson is that heat transfer is 

improved and wall volume is decreased by reducing tube diameters, but there can be a 

detrimental impact on pressure drop. Within the optimization study reported later, a constraint 

will be imposed on the allowable pressure drop. Note that the pressure drop in the steam tube is 

three orders of magnitude smaller, only 0.6 kPa. Since the required pumping power is 

proportional to mass flow rate and pressure drop, at some point saving reactor wall volume by 

decreasing diameters is not worthwhile. This trade-off is addressed later in the optimization task 

by setting a constraint on the pumping power. 
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(a)                                     (b) 

Figure 36. (a) Required wall volume Vw and (b) pressure drop in catalyst bed ΔPc as 

functions of diameters. Conditions are: gm = 1.6 g/s, sm = 1.0 g/s, Tg,in= 600 °C, and fNH3,in= 

0. 

 

Figure 37. Required wall volume as functions of diameters. Conditions are: sm = 1.0 g/s, 

Tg,in= 600 °C, and fNH3,in= 0. 

But the effect of diameters can be different with different mass flow rates of gas and steam or 
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different mass flow rate ratio /gs g sR m m . Figure 37 shows the wall volume of the HHR for 

different mass flow rate of gas while the steam mass flow rate is fixed, i.e., the steam mass flow 

rate is 1 g/s. In Figure 37, the upper surface is for gas mass flow rate is 1.3 g/s (Rgs=1.3) and the 

lower surface is for gas mass flow rate is 1.6 g/s (Rgs=1.6). As shown in Figure 37, the required 

reactor wall volume is decreasing with D2 and D3-D2 decreasing. But the required reactor wall 

volume isn’t the minimum for smallest D2 and D3-D2 when the gas mass flow rate is 1.3 g/s. This 

phenomenon is different from the result for gas mass flow rate of 1.6 g/s. Figure 38 shows the 

reaction paths through the temperature-enthalpy diagram for 5 cases of D3-D2 varies from 0.2 cm 

to 1.0 cm while D2 is fixed to be 0.5 cm. Note that the dashed curves are temperature vs. 

enthalpy for different ammonia mass fractions. The purple dot-dashed curve is the equilibrium 

curve. The black dot-dashed curve is the maximum reaction rate curve.  

 

Figure 38. Paths through the temperature-enthalpy diagram for the five cases when D2=0.5 
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cm and D3-D2 is varied from 0.2 to 1.0 cm. The dashed curves labeled above the figure are 

temperature vs. enthalpy for different ammonia mass fractions. 

As shown in Figure 38, the reaction path deviates from the equilibrium curve as D3-D2 decreases. 

Also, df/dT decreases with D3-D2 decreasing. The effective specific heat capacity of gas 

 ,p g effective
c  accounting the reaction heat can be shown as following: 

 , ,( )p g p g rxneffective

df
c c H

dT
                        (21)                       

Thus, the effective specific heat capacity decreases with D3-D2 decreasing. However, the overall 

heat transfer coefficient should be improved as D3-D2 decreases. For the lower gas mass flow 

rate case, i.e., gm =1.3, both the heat capacity ratio of two streams Cr and the overall heat transfer 

coefficient U increase with D3-D2 decreasing. Keep decreasing D3-D2 would cause Cr to be a 

relatively high value, which causes the required length of the reactor extremely long. Therefore, 

it causes the reactor wall volume increases. When the mass flow rate ratio of gas and steam is 

relatively high, e.g., 1.6, Cr would keep relatively low with D3-D2 decreasing. The mass flow rate 

effects will be discussed further below. 

5.2.1.2 Mass Flow Rate 

The mass flow rates of hot and cold streams, i.e., reacting gas and steam, are believed to be 

important factors affecting the required reactor size. In this section, the effects of mass flow rate 

for both steam and gas are investigated. The steam mass flow rate sm  is varied from 0.6 to 1.3 
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g/s, and the gas mass flow rate gm is varied from 1.6 to 2.3 g/s, while the diameters (D2 and 

D3), tube wall thicknesses, inlet temperatures (Tg,in and Ts,in) and steam outlet temperature (Ts,out) 

are held fixed (see conditions in Figure 39 caption). The reactor length needed to heat steam 

from 350 to 650 °C was determined, along with the corresponding reactor wall volume. In order 

to fairly compare the results, Figure 39 (a) shows the required wall volume normalized by the 

power delivered to the steam. The required volume per unit power is minimized when both of the 

mass flow rates are at their maxima. It is probably because the heat transfer is improved when 

both gas and steam mass flow rates are maximum in fixed tube diameters. The pressure drop 

within the catalyst bed is also shown in Figure 39 (b), and as expected, is maximized when the 

flow rates are maximized. Still, the pressure drop is one limit for higher mass flow rates of gas 

and steam. 
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Figure 39. (a) Required reactor wall volume per unit power and (b) catalyst bed pressure 

drop as functions of gas and steam flow rates. Conditions are D2 = 0.5 cm, D3=1.0 cm, Tg,in = 

580°C, and fNH3,in = 0. 

5.2.1.3 Gas Inlet Temperature 

The gas inlet temperature Tg,in is also crucial for the reactor size. Actually, the peak gas 

temperature within the catalyst bed Tg,p increases with the gas inlet temperature Tg,in increasing. 

The peak gas temperature within the catalyst bed Tg,p can be viewed as the hot stream inlet 

temperature for a heat exchanger since the gas temperature jumps to the peak temperature Tg,p 

very close to the inlet as shown in Figure 35. In this study the gas inlet temperature Tg,in is varied 

while the diameters (D2 and D3), mass flow rates of gas and steam ( gm and sm ) and inlet steam 

temperatures Ts,in are fixed. Figure 40 shows temperature profiles along the reactor length for 

different gas inlet temperatures Tg,in. As shown in Figure 40, the required reactor length decreases 
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with Tg,in increasing. Since the diameters and wall thickness are fixed, the required reactor wall 

volume Vw decreases with Tg,in increasing as well. Viewing the synthesis reactor as a heat 

exchanger, the effectiveness of the heat exchanger decreases as the peak gas temperature Tg,p 

increases with inlet gas temperature Tg,in increasing. As a result, the heat exchanger’s size would 

decrease due to the effectiveness decreasing. 

 

 

Figure 40. Temperature profiles along the reactor length for different gas inlet 

temperatures. Conditions are D2 = 0.5 cm, D3=1.0 cm, gm = 1.6 g/s, sm = 1.0 g/s, and fNH3,in 

= 0. 

5.2.1.4 Operating Pressure 

The ammonia synthesis reaction is also sensitive to the operating pressure P. Figure 41 shows the 

equilibrium curves for operating pressures of 20 MPa and 30 MPa in a Temperature-Enthalpy 

diagram of the ammonia/ 3:1 hydrogen-nitrogen reaction at 30 MPa. As shown in Figure 41, the 
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higher pressure shifts the equilibrium curves to higher temperatures. Thus, acceptable reaction 

rate is achievable at higher temperature for higher operating pressure. Also, peak gas temperature 

Tg,p, which the reaction can reach, is also higher for higher operating pressure. However, the 

higher operating pressure requires thicker reactor wall, which might cause the reactor wall 

volume to be bigger. In this study, the operating pressure is varied from 15 MPa to 30 MPa while 

the inlet gas temperature Tg,in, the diameters D2 and D3, gas mass flow rate gm  and steam mass 

flow rate sm  are fixed. Note that the wall thickness factor changes with operating pressure 

according to the ASME code.  

 

Figure 42 shows the temperature profiles for different operating pressures. As shown in the 

Figure 42, the lower operating pressure P requires longer reactor length L. The peak gas 

temperature Tg,p decreases with operating pressure P decreasing. Also, the gas outlet temperature 

Tg,out decreases with operating pressure P decreasing. Figure 43 shows the reactor wall volume 

Vw and pressure drop in the catalyst bed ΔPc for different operating pressure P. As shown in 

Figure 43, the required reactor wall volume is increasing with operating pressure even though the 

length of the reactor decreases (shown in Figure 42). That is because the tube wall thickness for 

lower operating pressure is much thinner than that for higher operating pressure. But, Vw  

decreases little from P= 20 MPa to P =15 MPa. Thus, keep decreasing operating pressure might 

not be always preferable. Also, the pressure drop ΔPc increases with operating pressure 
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decreasing (shown in Figure 43), which indicates a higher pumping power. That is because the 

required reactor length increases with operating pressure decreasing. ΔPc increases dramatically 

from P= 20 MPa to P =15 MPa. Keep decreasing P might not be preferred if ΔPc is accounted. 

 

As shown in Figure 42, the peak gas temperature Tg,p near the inlet become lower when operating 

pressure P decreases. Figure 44 shows the peak gas temperature Tg,p as a function of inlet gas 

temperature for different operating pressure P. For the same peak gas temperature Tg,p, the 

required gas inlet temperature Tg,in increases with operating pressure P increasing. Thus, low 

operating pressure might not be good for the whole synthesis system since the precondition 

system might be bigger to achieve a higher gas inlet temperature Tg,in. This will be considered 

later in the system optimization. 

 

Figure 41. Temperature-Enthalpy diagram of the ammonia/ 3:1 hydrogen-nitrogen reaction 
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at 30 MPa (black solid curve) and equilibrium curves at 30 MPa (blue dash-dotted) and 20 

MPa (red dash-dotted). 

 

Figure 42. Temperature profiles for different operating pressures. Conditions are D2 = 0.5 

cm, D3=1.0 cm, gm = 1.6 g/s, sm  = 1.0 g/s, Tg,in = 600°C, and fNH3,in = 0. 

 

Figure 43. Required reactor wall volume Vw and catalyst bed pressure drop ΔPc as 
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functions of operating pressure P. Conditions are D2 = 0.5 cm, D3=1.0 cm, gm = 1.6 g/s, sm  

= 1.0 g/s, Tg,in = 600°C, and fNH3,in = 0. 

 

Figure 44. Peak gas temperature Tg,p a function of inlet gas temperature Tg,in for different 

operating pressure P. 

5.2.2 Adiabatic Reactor 

Using the model to explore the reactor behavior led to an additional observation. Referring to 

Figure 35 (a), it can be seen that as the steam (blue curve) travels from right to left, it reaches a 

peak temperature Tg,p and then slightly decreases in temperature as it loses heat to the cooler gas 

near the inlet. Under some circumstances this effect can be more pronounced. It makes sense, 

therefore, for the steam to exit the reactor at its peak temperature. Another way of saying the 

same thing is that the gas can be allowed to react in an adiabatic reactor before it enters the heat 

recovery reactor where it exchanges heat with the steam. This has an additional benefit with 
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respect to pressure drop. We know that tube diameters should be small in the heat recovery 

reactor to enhance heat transfer. However, in an adiabatic reactor there is no benefit to smaller 

tubes. There is no need for inner tube where steam flows. Thus, there are not D1 and D2 for the 

adiabatic reactor. Figure 45 shows the schematic of an adiabatic reactor. 

 

Figure 45. The schematic of an adiabatic reactor 

For given mass flow rate and inlet temperature of gas, a certain volume of catalyst is required for 

the gas (N2+3H2) to reach equilibrium conditions and reaching peak gas temperature Tg,p, 

regardless of whether the reactor is long and thin or short and fat. Table 10 lists the required 

reactor length L and volume of the catalyst Vc for different adiabatic reactor diameter D3. The 

properties e.g., gas mass flow rate gm , inlet temperature Tg,in, and inlet ammonia mass fraction 

fg,in are fixed and listed in the caption of Table 10. As shown in Table 10, the volume of catalyst 

Vc is constant for different D3. Furthermore, the required volume of catalyst Vc for gas at a 

certain inlet temperature Tg,in is linearly proportional to the reacting gas mass flow rate gm . The 

required adiabatic reactor length L is investigated by varying the gas mass flow rate gm  while 



84 

 

the diameter of the reactor D3 is fixed. Figure 46 shows the required reactor length L as a 

function of gas mass flow rate for a fixed D3. The fixed properties, i.e., D3, Tg,in, and fNH3,in, are 

listed in the caption of Figure 46. As shown in Figure 46, the reactor length L increases linearly 

with the mass flow rate gm increasing. 

 

The reactor wall volume Vw is linearly proportional to the catalyst volume Vc (because of the 

requirement that wall thickness scales with diameter). Therefore, for a certain required adiabatic 

reactor volume, the pressure drop can be reduced by making the reactor short and fat. This 

concept informs the later optimization study.  

 

The function of an adiabatic reactor is to achieve an elevated temperature increasing for the 

reacting gas. Compared with letting the gas temperature increase occurs in the HHR, using an 

adiabatic reactor cannot only save the manufacture material but decrease the reacting gas 

pressure drop. 
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Table 10. Required reactor length L and volume V for different reactor diameter D2 with 

the conditions of gm = 1.0 g/s, Tg,in = 600°C, and fNH3,in = 0. 

D3 (cm) L (cm) Vc (cm3) 

1 8.5 6.9 

1.5 3.9 6.9 

2 2.2 6.9 

2.5 1.4 6.9 

3 0.97 6.9 

 

 

Figure 46. Required reactor length L as a function of gas mass flow rate gm . Conditions 

are D3=1cm, Tg,in = 600°C, and fNH3,in = 0. 
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5.2.3 Autothermal Reactor 

The autothermal reactor (ATR) is designed to have the same configuration as the synthesis 

reactor (shown in Figure 8) i.e., concentric tube configuration. The only difference is that both 

inner tube and outer annulus are with gas flows. Similar to the study on the synthesis reactor, the 

effects of gas inlet temperature for the catalyst bed (Tg2), gas mass flow rate in the outer annulus 

gom , gas mass flow rate in the inner tube gim  and diameters (D2 and D3) on the reactor wall 

volume are investigated. Moreover, the outlet gas temperature from the catalyst bed Tg5 and inlet 

temperature to the inner tube Tg1 are also important since these two temperatures are directly 

related to the required size of the recuperating heat exchanger (RHX). A dimensionless 

temperature is defined as following: 

1 0*

5 0

g g

g g

T T
T

T T





                             (22)      

Here, Tg5 is the outlet gas temperature from the catalyst bed, Tg1 is the inlet temperature to the 

inner tube and Tg0 is the inlet temperature to the RHX coming from storage (set to be 23 oC). As 

T* decreases, the volume for the recuperating heat exchanger is expected to decrease. Also, the 

mass flow rate gim  is a key factor for the required size of the recuperating heat exchanger 

(RHX). In this study, the inlet temperature for the inner tube Tg1 is artificially fixed to be 250 oC 

for convenience. Figure 47 (a) shows an example of the bulk (cross-sectional average) 

temperature distribution of gas flowing in the catalysts (solid) and gas flowing in the inner tube 
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(dashed) along the x-direction (the direction of gas flow through the reactor). The conditions are 

given in the figure caption. As shown in Figure 47 (a), the temperature profiles overall are lower 

than those for the HRR (shown in Figure 35). The inlet temperature of the catalyst bed is the 

same to the outlet temperature of the inner tube. Temperature of the gas in the annuls quickly 

increases to peak gas temperature Tg,p near the inlet. The temperature of gas flowing the inner 

tube is always lower than that of the gas flowing in the catalysts. Figure 47 (b) shows an example 

of the ammonia mass fraction distribution and the corresponding equilibrium ammonia mass 

fraction. The solid curve is the mass fraction of ammonia in the gas stream as it flows through 

the reactor. The dashed curve is the equilibrium mass fraction corresponding to the bulk reactor 

temperature at each axial location. As shown in Figure 47 (b), the ammonia mass fraction 

increases very fast near the inlet until the equilibrium. Then the ammonia mass fraction increases 

very slowly and deviates from the equilibrium curve. Near the outlet, ammonia mass fraction 

doesn’t change much. That is because the reaction rate is low at low temperature. 
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                 (a)                                   (b) 

Figure 47. An example of (a) temperature and (b) ammonia mass fraction distributions in 

the autothermal reactor. Conditions are D2 = 0.3 cm, D3=0.8 cm, gom = 1.5 g/s, gim = 1.0 

g/s, Tg2= 600 °C, and fNH3,in= 0. 

5.2.3.1 Diameters 

The effects of diameters D2 and D3 on the required reactor wall volume are investigated. In this 

study, D2 and D3-D2 are varied while other properties, e.g., mass flow rates ( gom and gim ) and 

inlet temperatures, are fixed. Figure 48 (a) shows the required reactor wall volume for different 

D2 and D3-D2. The results are similar with the results of the HRR (shown in Figure 37). 

Generally, the required reactor wall volume decreases with D2 and/or D3-D2 decreasing. For high 

mass flow rate ratio Roi, i.e., , ,oi g o g iR m m  =0.83, smallest reactor wall volume occurs when 

both D2 and D3-D2 are minimum. However, it isn’t true for low mass flow rate ratio, i.e., 

, ,oi g o g iR m m =0.66. When D2 and D3-D2 are minimum, the reactor wall volume is not smallest. 

This phenomenon is similar with that for the HRR (Figure 37). Figure 48 (b) shows the pressure 
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drop in the catalyst bed ΔPc for different D2 and D3-D2. The maximum pressure drop occurs 

when both D2 and D3-D2 are minimum. Dimensionless temperature T* and pressure drop ΔPc are 

also investigated. Figure 49 shows the dimensionless temperature T* for different D2 and D3-D2. 

In Figure 49, the dimensionless temperature T* increases with D2 and/or D3-D2 decreasing. 

Therefore, keep decreasing diameters (D2 and D3) might not be preferable accounting T*, which 

is crucial for the RHX. 

 

Figure 48. (a) Required wall volume (b) Pressure drop as functions of diameters. 

Conditions are: gim = 1.5 g/s, Tg2= 600 °C, and fNH3,in= 0. 
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Figure 49. Dimensionless temperature T* as functions of diameters. Conditions are: gim = 

1.5 g/s, gom =1 g/s, Tg2= 600 °C, and fNH3,in= 0. 

5.2.3.2 Mass Flow Rates 

The mass flow rates of hot and cold streams, i.e., gas mass flow rate in catalyst bed gom  and in 

the inner tube gim  are also investigated in this study. The difference between gom  and gim  

is the gas mass flow rate ( g gi gom m m  ) for heating steam in the HHR, which is very crucial 

for the entire system. Therefore, gom  and gm  are varied while the other properties, e.g., D2, D3, 

Tg2, are fixed. The wall volume is normalized by the mass flow rate /w gV m  is investigated and 

compared with different cases. 

 

Figure 50 (a) shows /w gV m  as a function of gom and gm . Figure 50 (b) shows the pressure 
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drop in the catalyst bed ΔPc as a function of gom and gm . The fixed properties are listed in the 

caption of Figure 50. As shown in Figure 50 (a), /w gV m  for a fixed gom  decreases with gm

increasing generally even though the total heat transfer rate increases with gm  increasing. That 

is mainly because the heat transfer is improved by increasing gm . For a fixed gm , /w gV m

increases with gom  increasing when gm  is small, i.e., gm =0.2 g/s. That is because the total 

heat transfer rate increases but heat transfer is not improved enough to decrease the heat transfer 

area. Further, Cr (heat capacity ratio of two streams in a heat exchanger) doesn’t change much 

with gom  when gm  is low. When gm  is high, e.g. gm =0.7 g/s, increasing gom  would 

decrease Cr much. With both effects of decreasing Cr and improving heat transfer, heat transfer 

area increases with gom  increasing. /w gV m  become minimum when both gom  and gm  are 

maximum. As shown in Figure 50 (b), the pressure drop ΔPc increases with gom increasing 

and/or gm  increasing. ΔPc become maximum when gom  and gm  are maximum. Figure 51 

shows the dimensionless temperature T* as a function of gom and gm . As shown in Figure 51, 

the dimensionless temperature T* decreases with gom increasing and/or gm decreasing.  
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                (a)                                     (b) 

Figure 50. (a) Required reactor wall volume per gas mass flow rate for HRR and (b) 

catalyst bed pressure drop as functions of gas mass flow rates. Conditions are D2 = 0.5 cm, 

D3=1.0 cm, Tg2 = 580°C, and fNH3,in = 0. 

 

 

Figure 51. Dimensionless temperature T* as functions of gas mass flow rates. Conditions 

are D2 = 0.5 cm, D3=1.0 cm, Tg2 = 580°C, and fNH3,in = 0. 



93 

 

5.2.3.3 Inlet Temperature 

In this study, the gas inlet temperature for the catalyst bed Tg2 is varied while the diameters (D2 

and D3), mass flow rates ( gim  and gom ) and are fixed. Figure 52 shows the temperature 

profiles along the reactor length for different gas inlet temperatures Tg2. The fixed properties are 

listed in the caption below. As shown in Figure 52, both the required length of the reactor L and 

dimensionless temperature T* increase with Tg2 increasing. Since diameters (D2 and D3) are fixed, 

the wall volume Vw increases with Tg2 increasing as well. Since both T* and Vw increase with Tg2 

increasing, increasing Tg2 isn’t good for saving material of the ATR. 

 

Figure 52. Temperature profiles along the reactor length for different gas inlet 

temperatures Tg2. Conditions are D2 = 0.3 cm, D3=0.8 cm, gim = 1.5 g/s, gom = 1.0 g/s, and 

fNH3,in = 0. 
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5.2.3.4 Operating Pressure 

Operating pressure P is also varied while other properties are fixed, e.g., mass flow rates ( gom

and gim ). Figure 53 shows the temperature profiles for different operating pressures P. The 

fixed properties are listed in the caption. As shown in Figure 53, the required reactor length L 

increases with operating pressure P decreasing. It is similar with the result for the HRR (Figure 

42). That is because reaction rate decreases and reaction equilibrium moves backward when 

operating pressure decreases. In order to heat the gas in the inner tube with lower operating 

pressure P, it requires longer reactor length L for larger heat transfer area.  

 

Table 11 lists the pressure drop in the catalyst bed ΔPc and required reactor wall volume Vw for 

the cases shown in Figure 53. As listed in Table 11, the pressure drop in the catalyst bed ΔPc 

increases with operating pressure P decreasing. That is because the required reactor length L 

increases with operating pressure P decreasing. Table 11 lists that the reactor wall volume Vw is 

minimum for operating pressure P=25 MPa. Note that this phenomenon is different from that for 

the HRR. As shown in Figure 43, the reactor wall volume Vw keep decreasing with operating 

pressure P decreasing for the HRR. As shown in Figure 42 and Figure 53, gas temperature in the 

catalyst bed for the ATR are relatively lower than that for the HRR, especially near the exit of the 

catalyst bed. That is because the gas inlet temperature for the inner tube Tg1 is lower than the 

steam inlet temperature ~350 °C. Both the low gas temperature, e.g. Tg<300 °C and low 
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operating pressure P would impact the reaction.  Therefore, the result shows the optimum P  

for ATR here is 25 MPa. 

 

 

Figure 53. Temperature profiles for different operating pressures Conditions are D2 = 0.3 

cm, D3=0.8 cm, gim = 1.5 g/s, gom = 1.0 g/s, Tg2 = 600°C, and fNH3,in = 0. 
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Table 11. Required reactor wall volume and pressure drop for different operating pressures. 

Conditions are D2 = 0.3 cm, D3=0.8 cm, 
gim = 1.5 g/s, 

gom  = 1.0 g/s, Tg2 = 600°C, and fNH3,in 

= 0. 

Operating 

pressure, P 

(MPa) 

Pressure drop in 

the catalyst bed, 

ΔPc  

(MPa) 

Reactor wall 

volume, Vw  

(cm3) 

30 0.4 139 

25 0.6 125 

20 1.2 150 

 

5.2.4 Shell and Tube Heat Exchanger 

The recuperating heat exchanger (RHX) was designed as a shell and tube heat exchanger. It is 

modeled using the Kern method [67, 68], which provides a simple and rapid calculation of tube 

and shell-side heat transfer coefficients and friction factors. For a required heat transfer 

performance, the Kern method enables selection of the number, diameter, and length of tubes; the 

number of baffles; and the size of the shell. It also calculates the resulting pressure drop.  
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5.3 System Optimization 

5.3.1 Optimization Model 

The design optimization problem for an objective function f(x) that depends on multiple design 

variables x = (x1, x2,…, xn) can be written as:  

Minimize f(x) 

Subject to the constraints: 

Gj(x) ≤ 0, j =1, m                                (23) 

Over the domain: 

xL ≤ x ≤ xU 

where xL, xU are lower and upper bounds for the design variables. We chose to use a multistart 

algorithm to solve the optimization problem, in order to maximize the probability of finding the 

global minimum. Multistart methods generate random initial design points in the feasible design 

space and perform local searches from them. These methods are stochastic in the sense that 

convergence is asymptotic. That is, roughly speaking, the probability of converging to the global 

minimum increases with the number of sample starting points. In this work, we used a Bayesian 

approach in order to minimize the number of local searches. For this purpose, the sampling 

distribution is changed based on the results of the previous local minima found. This is done in 

order not to explore regions in which the probability of finding a new minimum is low. The 
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sampling process stops when the current objective function is lower than the expected objective 

function if a new local search were performed. Note that the distribution is updated after each 

local search using Bayes Theorem (for further detail, see [69].). In simple words, the algorithm 

stops when the probability of finding new local minima is low. Even though multistart methods 

only guarantee a certain probability of finding the global solution (which is the case for most 

global optimization methods) they are efficient in the sense that they minimize the number of 

local optimizations. This global optimization method will find the global minimum with 

probability of undiscovered minima being less than approximately 5%. 

5.3.2 Optimization Results 

There are trade-offs between the different components. As one example, if the heat recovery 

reactor were optimized in isolation, it might appear advantageous to use a very high gas mass 

flow rate gm and high gas inlet temperature Tg,in in order to keep the HRR small. However, this 

could result in a large ATR or RHX in order to preheat the incoming gas. Thus, the entire system 

must be optimized simultaneously. There have been established research results on optimizing 

ATR in the field of ammonia production [70-72]. Most of their objective functions focus more on 

ammonia production and the capital cost. Since the research objective is to heat steam to 650 °C 

with lowest cost, the objective function in this study is defined as the wall material volume of all 

components combined, per unit of thermal power delivered to the steam.  
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Returning to the tube-in-tube configuration of the HRR and the ATR, the optimization procedure 

finds the best conditions for a single tube that minimize the wall material volume per unit power 

delivered to the steam; once these conditions are found, the requirement of a 220 MWt system 

determines the number of tubes for the HRR and ATR. Concerning the adiabatic reactor, as 

mentioned earlier a certain volume of catalyst is required which can be arranged in any number 

of tubes of desired diameter and length. For simplicity, we chose to make the adiabatic reactor 

tubes an integral part of each heat recovery reactor tube, therefore the outer diameter, gas flow 

rate per tube, and number of tubes are the same for the ADR and the HRR. 

5.3.2.1 The Regular System 

There are twelve design variables (x in Equation 17) that are optimized for the regular system 

(shown in Figure 33) with the HRR, the ATR, and the ADR (and additional variables for the 

RHX). The twelve variables are listed in the input sections of Table 12. The operating pressure 

for the system P; The HRR and the ATR each require two diameters, D2 and D3 (with D1 and D4 

determined by Equation 11); two mass flow rates; and one temperature. The adiabatic reactor 

only requires one inlet temperature. Since the components are arranged in series with the outlet 

temperature of one being the inlet temperature of the next, the model can determine the required 

lengths of each component (or volume, in the case of the ADR) to achieve the outlet 

temperatures.  
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There are two physical constraints imposed on the system (Gj in Equation 17).  

1. The pumping power is constrained to be less than 10% of the power delivered to the steam. In 

the objective function estimation, the pumping power is not accounted since it is confined to be 

small. 

2. The RHX is required to heat gas from Tg0 to Tg1, utilizing exhaust gas entering at Tg6. Clearly, 

Tg6 must be higher than Tg1. This is implemented as a constraint on Tg6 expressed in terms of the 

effectiveness of the RHX. We imposed effectiveness ≤ 0.9.  

Table 12 shows the results of the optimization, both the optimal choices of the design variables 

(in the inputs sections) and the corresponding output values, namely tube lengths, and number of 

tubes and wall volume for 220 MWt.  

Table 12. Optimization of the Regular Synthesis Reactor System 

Part A: System Operating Pressure 

Design Variables Values 

P (MPa) 30 

 

Part B: Heat Recovery Reactor (HRR) 

Design Variables Values 
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D2 (cm) 0.32 

D3 (cm) 0.78 

Gas flow rate in annulus, per tube (g/s) 2.48 

Steam flow rate per tube (g/s) 1.35 

Inlet gas temperature, Tg3 (°C) 670 

Outputs  

Tube length (cm) 130.1 

# of tubes for 220 MWt 81481 

Vw for 220 MWt (m
3) 13.9 

 

Part C: Adiabatic Reactor (ADR) 

Design Variable Values 

Inlet gas temperature, Tg2 (°C) 563 

Assumed Variables  

D3 (cm) 0.78 

Gas flow rate per tube (g/s) 2.48 

Outputs  

Tube length (cm) 18.6 
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# of tubes for 220 MWt 81481 

Vw for 220 MWt (m
3) 2.0 

 

Part D: Autothermal Reactor (ATR) 

Design Variables Values 

D2 (cm) 0.32 

D3 (cm) 0.66 

Gas flow rate in annulus, per tube (g/s) 0.83 

Gas flow rate in inner tube, per tube (g/s) 1.37 

Gas outlet temperature, Tg5 (°C) 513 

Outputs  

Tube length (cm) 31.9 

# of tubes for 220 MWt 371556 

Vw for 220 MWt (m
3) 11.2 

 

Part E: Recuperating Heat Exchanger 

Outputs Values 

Vw for 220 MWt (m
3) 8.5 
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Part F: Total Wall Volume 

Outputs Values 

Vw for 220 MWt (m
3) 35.6 

 

Note that although upper and lower bounds were imposed for all the design variables, in most 

cases the optimal solution was not at one of the bounds. There are two exceptions. The first one 

is the operating pressure P, which selected the maximum value of 30 MPa. As discussed above, 

the operating pressure is crucial for required reactor wall volume. As shown in Figure 43 and 

Table 11, the smaller reactor wall volume can be obtained by decreasing operating pressure for 

each component, which did not account for the other components. The optimization result shows 

the highest operating pressure P is best for the entire system. The other exception was D2 for the 

steam reactor, which selected the minimum value of 0.32 cm (1/8”). We imposed this bound 

because it is the smallest widely available commercial tube size. As shown in Table 12, the tube 

wall volume for the HRR, the ATR, and the RHX are comparable. Although the steam is only 

heated in the HRR, the ATR and the RHX are also very important for the entire system.  

5.3.2.2 Three-Module System  

There are infinitely many design configurations that could be considered for the synthesis/steam 

heating system by combining multiple reactors and heat exchangers of different geometries in 

parallel and/or in series. Actually, the reaction rate is high near the inlet of the heat recovery 
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reactor (HHR) while it becomes slow near the outlet the of the HHR. As shown in Figure 35 (b), 

there is generally a region near the inlet of the reactor where the reaction rate is very high and the 

gas path nearly follows chemical equilibrium (i.e., the process is heat-transfer limited). At lower 

temperature, the gas path begins to drop away from equilibrium because lower temperature 

reduces the reaction rate. In this region, the process is believed to be reaction-rate limited. As 

shown in Figure 35 (a), the steam temperature goes through a relatively flat region around its 

pseudocritical temperature of 389 °C (at 26 MPa), corresponding to a very high steam specific 

heat.  

 

In light of this behavior, we believe there is value in a modular reactor system in which different 

components are designed differently to optimally heat the steam in different temperature ranges. 

For example, we could subdivide the system into three portions that the steam flows through 

consecutively (see Figure 54). Moving from high temperature to low temperature (in the opposite 

direction from the steam flow, right to left in Figure 54):  

• A high temperature module in which nickel alloy wall material would be required 

(roughly >500 °C) and the gas is near chemical equilibrium. The main focus in this region is to 

minimize the reactor size by improving heat transfer. 

• An intermediate temperature module (roughly 425 to 500 °C) in which nickel alloy wall 

material would not be required. The gas may still be near chemical equilibrium or may begin to 
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deviate from equilibrium. Heat transfer optimization is still important, but efforts to increase the 

reaction rate – by, for example, introducing fresh, unreacted gas – may also prove useful. 

• A low temperature module (roughly 350 to 425 °C) in which the steam is going through the 

pseudocritical regime and the gas is not near chemical equilibrium. The same considerations as 

in the intermediate temperature module apply, but in addition, a higher gas mass flow rate may 

be desirable to match the higher heat capacity rate (cp,s ) of the steam. 

 

 

Figure 54. Three-module concept for optimization task. Each module heats steam over a 

different temperature range. Preconditioners are associated with each module to preheat 

the gas coming from storage. 

Each of these modules could be independently optimized; our hypothesis is that their designs 

would differ from each other and that the total wall material volume would be less than the 
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regular system. Each of the modules depicted in Figure 54 (above the horizontal bar) is 

associated with a “preconditioner” (below the horizontal bar). In this design, the gas that enters 

each module are separated from other modules. Thus, each module can be optimized individually. 

The result from each module can be wrapped up for the whole system. Note that, it would be too 

complicated or computational expensive for a three-module-system allowing the gas flows in 

different modules of the system. 

 

There are eleven design variables (x in Equation 17) that are optimized for each module (shown 

in Figure 54). Table 13 lists the variables optimized and the results. The eleven variables for each 

module are identical to listed in the input sections of Table 12 except the operating pressure for 

the system P. Although P=30 MPa is not necessarily the optimum pressure for the modular 

system, but it is difficult to perform the optimization for so many different pressures. Thus, the 

operating system P is not optimized in the three-module-system anymore for simplicity.  

 

Table 13. Optimization of Three-Module System 

Part A: High Temperature Module 

Heat Recovery Reactor (HRR) 

Design Variables 

D2 (cm) 0.32 
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D3 (cm) 0.58 

Gas flow rate in annulus, per tube (g/s) 1.37 

Steam flow rate per tube (g/s) 1.58 

Inlet gas temperature, Tg3 (°C) 678 

Outputs 

Tube length (cm) 72.2 

# of tubes for 220 MWt 69620 

Vw for 220 MWt (m
3) 3.72 

Adiabatic Reactor (ADR) 

Design Variable 

Inlet gas temperature, Tg2 (°C) 600 

Assumed Variables 

D3 (cm) 0.58 

Gas flow rate per tube (g/s) 1.37 

Outputs 

Tube length (cm) 9.2 

# of tubes for 220 MWt 69620 

Vw for 220 MWt (m
3) 0.45 

Autothermal Reactor (ATR) Design Variables 
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D2 (cm) 0.38 

D3 (cm) 0.67 

Gas flow rate in annulus, per tube (g/s) 1.75 

Gas flow rate in inner tube, per tube (g/s) 3.96 

Gas outlet temperature, Tg5 (°C) 517 

Outputs 

Tube length (cm) 73.3 

# of tubes for 220 MWt 43165 

Vw for 220 MWt (m
3) 3.13 

Recuperating Heat Exchanger 

(RHX) 

Outputs 

Vw for 220 MWt (m
3) 2.98 

 

 

Part B: Intermediate Temperature Module 

Heat Recovery Reactor (HRR) 

Design Variables 

D2 (cm) 0.32 

D3 (cm) 0.98 

Gas flow rate in annulus, per tube (g/s) 4.97 
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Steam flow rate per tube (g/s) 4.18 

Inlet gas temperature, Tg3 (°C) 573 

Outputs 

Tube length (cm) 42.5 

# of tubes for 220 MWt 26316 

Vw for 220 MWt (m
3) 2.31 

Adiabatic Reactor (ADR) 

Design Variable 

Inlet gas temperature, Tg2 (°C) 500 

Assumed Variables 

D3 (cm) 0.98 

Gas flow rate per tube (g/s) 4.97 

Outputs 

Tube length (cm) 2.64 

# of tubes for 220 MWt 26316 

Vw for 220 MWt (m
3) 0.81 

Autothermal Reactor (ATR) No need 

Recuperating Heat Exchanger 

(RHX) 

Outputs 

Vw for 220 MWt (m
3) 2.46 
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Part C: Low Temperature Module 

Heat Recovery Reactor 

(HRR) 

Design Variables 

D2 (cm) 0.36 

D3 (cm) 1.02 

Gas flow rate in annulus, per tube (g/s) 3.16 

Steam flow rate per tube (g/s) 1.11 

Inlet gas temperature, Tg3 (°C) 590 

Outputs 

Tube length (cm) 28.75 

# of tubes for 220 MWt 99099 

Vw for 220 MWt (m
3) 6.41 

Adiabatic Reactor (ADR) 

Design Variable 

Inlet gas temperature, Tg2 (°C) 515 

Assumed Variables 

D3 (cm) 1.02 

Gas flow rate per tube (g/s) 3.16 

Outputs 
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Tube length (cm) 8.52 

# of tubes for 220 MWt 99099 

Vw for 220 MWt (m
3) 1.85 

Autothermal Reactor (ATR) No need 

Recuperating Heat 

Exchanger (RHX) 

Outputs 

Vw for 220 MWt (m
3) 5.95 

 

Part F: Total Wall Volume 

Outputs 

Vw for 220 MWt (m
3) 30.07 

 

As listed in Table 13, the total wall volume for three-module-system is roughly 16% smaller than 

the regular system. Further, both intermediate temperature module and low temperature module 

can use stainless steel since the maximum temperature is lower than 550 °C. As the operating 

temperature is relatively low, the stress of rupture is high which make the wall thickness factor F 

lower. Thus, the total wall volume can be even smaller. Also, the total cost can be much lower 

since the unit price of the stainless steel is much lower than that for Inconel.  

 

For the intermediate temperature module and low temperature module, there is no need for 
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autothermal reactor (ATR). As expected, the inlet temperature of the ADR Tg2 for high 

temperature module is highest since steam is heated to the highest temperature i.e., 650 °C in this 

module. This fact makes the ATR to be comparably large as the HRR. The wall volume of the 

RHX for the two lower temperature modules, i.e., intermediate temperature module and low 

temperature module, are also larger than that for high temperature module. The two lower 

temperature modules use recuperating heat exchanger (RHX) to heat the gas from storage with 

the exiting gas from the HRR.  

 

Mass flow rate ratio Rgs of gas and steam for three sections are different. Rgs is maximum for the 

low temperature module while Rgs is minimum for the high temperature module. In the low 

temperature module, the steam is going through the pseudocritical temperature. In this vicinity, 

the specific heat capacity of the steam varies dramatically. It requires higher gas mass flow rate 

to provide enough heat to heat steam in this module. For the high temperature module, the heat 

from the reaction is large per unit mass of gas because of high reaction rate. That’s why Rgs is 

minimum for the high temperature module. 

 

D2 and D3 of the HRR in three modules are different. Both D2 and D3 are minimum for the HRR 

of high temperature module while both D2 and D3 are maximum. It indicates that heat transfer is 

better in the high temperature module than that in the low temperature module. That is due to the 
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fact that the process in the high temperature module is heat transfer limited while it is reaction 

rate limited in the low temperature module. 

 

Tg5 in the ATR of high temperature module is high. It indicates that the ATR is less effective than 

the RHX in saving the wall volume for preheating. Since the RHX is with tube in shell 

configuration, the heat transfer in the RHX is much better than that in the ATR, which can save 

the wall volume. 

5.3.2.3 Two-Module System  

The three-module system requires less wall volume. But it seems to be complicated accounting 

for the connections between the modules since diameters of tubes are different. A two-module 

system with less complicated configuration is designed and explored. Figure 55 shows the 

schematic of the two-module system. The heat recovery reactor (HRR) is subdivided into two 

portions consecutively. The two portions share the same preconditioner including an autothermal 

reactor (ATR) and a recuperating heat exchanger (RHX). In order to simplify the system and 

minimize the connections between portions, the two HRRs have same diameters (D2 and D3). 

Steam flows in the same tube through the two HRRs. The high temperature gas after the 

adiabatic reactor (ADR) split into two portions. One portion enters the high temperature heat 

recovery reactor. The other portion, which is combined with the high temperature exiting gas 

from the high temperature heat recovery reactor, enters the low temperature heat recovery reactor. 
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Table 14 lists the variables optimized in the two-module system and the optimization result. 

 

Figure 55. Two-module concept for optimization task. Each module heats steam over a 

different temperature range. Two modules share one preconditioner to preheat the gas 

coming from storage. 

Table 14. Optimization of the Two-Module System  

Part A: High Temperature Heat Recovery Reactor 

Design Variables Values 

D2 (cm) 0.32 

D3 (cm) 0.65 



115 

 

Gas flow rate in annulus, per tube (g/s) 1.22 

Steam flow rate per tube (g/s) 0.90 

Inlet gas temperature, Tg3 (°C) 687 

Outputs  

Tube length (cm) 69.3 

# of tubes for 220 MWt 121816 

Vw for 220 MWt (m
3) 7.79 

 

Part B: Low Temperature Heat Recovery Reactor 

Design Variables Values 

D2 (cm) 0.32 

D3 (cm) 0.65 

Gas flow rate in annulus, per tube (g/s) 1.75 

Steam flow rate per tube (g/s) 0.90 

Inlet gas temperature, Tg3 (°C) 595 

Outputs  

Tube length (cm) 29.0 

# of tubes for 220 MWt 121816 
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Vw for 220 MWt (m
3) 3.26 

 

Part C: Adiabatic Reactor (ADR) 

Design Variable Values 

Inlet gas temperature, Tg2 (°C) 592 

Assumed Variables  

D3 (cm) 0.65 

Gas flow rate per tube (g/s) 1.75 

Outputs  

Tube length (cm) 14.34 

# of tubes for 220 MWt 121816 

Vw for 220 MWt (m
3) 1.56 

 

Part D: Autothermal Reactor (ATR) 

Design Variables Values 

D2 (cm) 0.34 

D3 (cm) 0.91 

Gas flow rate in annulus, per tube (g/s) 2.87 
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Gas flow rate in inner tube, per tube (g/s) 4.81 

Gas outlet temperature, Tg5 (°C) 532 

Outputs  

Tube length (cm) 70.73 

# of tubes for 220 MWt 109634 

Vw for 220 MWt (m
3) 13.96 

 

Part E: Recuperating Heat Exchanger 

Outputs Values 

Vw for 220 MWt (m
3) 9.01 

 

Part F: Total Wall Volume 

Outputs Values 

Vw for 220 MWt (m
3) 35.6 

 

As expected, the mass flow rate ratio Rgs for high temperature heat recovery reactor is lower than 

that for low temperature heat recovery reactor. Interestingly, total wall volume for the 

two-module system (Part F in Table 14) is identical to that for the regular system (Part F in Table 

12). Despite of the advantage of using stainless steel for the low temperature heat recovery 
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reactor, the two-module system is not better than the regular system. Compared with the wall 

volume for the HRR of the regular system (total 13.9 m3 for 220 MW in Part B of Table 12), the 

two-module system has smaller wall volume for the HRR (total 11.1 m3 for 220 MW in Part A 

and B of Table 14). The wall volume of the HRR for two-module system is even smaller than 

that for the three-module system (total 12.4 m3 for 220 MW in Part A, B and C of Table 13). It 

supports the idea that wall volume of the HHR can be saved by designing HRR differently to 

optimally heat the steam in different temperature ranges. But the ratio of gas mass flow rate over 

steam mass flow rate Rgs for the two-module system (Rgs =1.94) is larger than that for the regular 

system (Rgs =1.83). It indicates that the two-module system requires a larger preconditioner. As 

shown in Table 12 and Table 14, the total wall volume (for 220 MW) of the preconditioner 

including the ADR, the ATR and the RHX of the two-module system is 25.5 m3 while the total 

wall volume of the preconditioner for the regular system is 21.7 m3.  

 

The two-module system is further modified that D2 and D3 can be varied for the two heat 

recovery reactors. As a result, there are two more variables optimized for the two-module system. 

Table 15 lists the variables and results. As shown in Table 15, the result is similar to that listed in 

Table 14. Having more varieties of geometries in the two-module system doesn’t improve the 

result much. The preconditioner is still large and plays an important role even though the HHR is 

optimized by having two different sections.  
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Table 15. Optimization of the Two-Module System  

Part A: High Temperature Heat Recovery Reactor 

Design Variables Values 

D2 (cm) 0.32 

D3 (cm) 0.63 

Gas flow rate in annulus, per tube (g/s) 1.22 

Steam flow rate per tube (g/s) 0.90 

Inlet gas temperature, Tg3 (°C) 686 

Outputs  

Tube length (cm) 69.27 

# of tubes for 220 MWt 122222 

Vw for 220 MWt (m
3) 3.09 

 

Part B: Low Temperature Heat Recovery Reactor 

Design Variables Values 

D2 (cm) 0.32 
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D3 (cm) 0.68 

Gas flow rate in annulus, per tube (g/s) 1.74 

Steam flow rate per tube (g/s) 0.90 

Inlet gas temperature (°C) 593 

Outputs  

Tube length (cm) 29.34 

# of tubes for 220 MWt 122222 

Vw for 220 MWt (m
3) 3.61 

 

Part C: Adiabatic Reactor (ADR) 

Design Variable Values 

Inlet gas temperature, Tg2 (°C) 592 

Assumed Variables  

D3 (cm) 0.63 

Gas flow rate per tube (g/s) 1.74 

Outputs  

Tube length (cm) 15.27 

# of tubes for 220 MWt 122222 
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Vw for 220 MWt (m
3) 1.562 

 

Part D: Autothermal Reactor (ATR) 

Design Variables Values 

D2 (cm) 0.34 

D3 (cm) 0.90 

Gas flow rate in annulus, per tube (g/s) 2.87 

Gas flow rate in inner tube, per tube (g/s) 4.82 

Gas outlet temperature, Tg5 (°C) 532 

Outputs  

Tube length (cm) 69.77 

# of tubes for 220 MWt 108778 

Vw for 220 MWt (m
3) 13.15 

 

Part E: Recuperating Heat Exchanger 

Outputs Values 

Vw for 220 MWt (m
3) 9.08 
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Part F: Total Wall Volume 

Outputs Values 

Vw for 220 MWt (m
3) 34.8 

 

Generally, the optimum of three different kinds of systems have similar result with parametric 

studies for HRR and ATR show that improving heat transfer by decreasing diameters has the 

potential of decreasing wall volume. But optimization of the entire system indicates the operating 

pressure should be higher for smaller wall volume, which is different from the parametric studies. 

Among three systems, the three-module system, which has three modules to heat steam in three 

temperature regions, is the best with lowest wall volume. However, the three-module system is 

most complicated. Basically, the optimization results indicate that it is better to subdivide the 

HRR into different sections since in high temperature region the process is heat transfer limited 

while the process is reaction rate limited in low temperature region.  
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6 Future Study 

Besides what have been discussed, there are lots of interesting research can be done in future. 

The research can be extended in aspects of model validation, system design and optimization, 

and microchannel reactor. 

6.1 Model Validation 

As discussed above, there is still discrepancy between model predicted results and experimental 

results (shown in Figure 22 to Figure 25). Basically, the model predicted temperature profiles 

around steam pseudocritical temperature and outlet ammonia mass fractions do not match with 

experimental results well. There are three main aspects need to be studied more: 

 Checking the experimental setup and analyzing the experimental error. The separation 

system is very crucial for inlet and outlet ammonia mass fractions measured in 

experiments. Thermocouples might also cause experimental error in temperature 

measurements of experiments. 

 Kinetic parameters of the catalysts, i.e. ko,m, Ea, need to be studied further since the model 

is very sensitive to the kinetic parameters (shown in Figure 26 and Figure 27). At this 

stage, the parameters, based on ANU’s data, are obtained by fitting our experimental 

results. Experiments with more variations of the gas temperature and mass flow rate are 

needed for a better regression analysis. 
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 Heat transfer is needed to be studied more i.e., the heat transfer process for the catalyst 

bed and supercritical steam. Although the experiments on heating supercritical steam 

from 350 °C to 650 °C in a tube with constant wall heat flux has been done, the 

experimental data is not enough to develop a best correlation. Jackson’s correlation [62] 

is used but not match our own experimental results very well. More experiments needed 

to be done for supercritical steam heat transfer. Heat transfer in the catalyst bed need to 

be further investigated by conducting “adiabatic reactor” experiments. 

6.2 System Design and Optimization 

Some different kinds of ammonia synthesis systems are developed. As discussed above, 

three-module-system requires least reactor wall volume. A more complicated 

three-module-system can be studied, i.e., allowing the gas flows in different modules. After 

understanding the wall volume usage for the system, a reasonable cost estimation of the system 

can be investigated.  

6.3 Microchannel Reactor 

Based on the result of system optimization, it is always good to improve heat transfer and 

reaction kinetics in the reactor. Improved heat transfer generally requires high velocities and 

small cross-sectional dimensions. But improving heat transfer always increase friction; pressure 

drop is an important factor in the design of packed bed catalytic reactors and must be a 
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consideration here. There is obviously a huge knowledge base regarding enhanced heat transfer 

and compact heat exchangers, as well as mechanisms for improving heat transfer and reducing 

pressure drop in catalyst beds, such as by using microchannel reactors [73, 74]. Microchannel 

reactors are particularly interesting. These are reactors with channel diameters on the order of 

millimeters or less. They may have annular or parallel plate geometries, and the catalyst might be 

deployed in a packed bed or deposited onto the walls by wash-coating. Because of their small 

dimensions, they have the potential to significantly enhance heat and mass transfer rate and 

enable a more compact reactor. Microchannel reactors have been used at temperatures of 1023 K 

for steam reforming of methane [75]. The advantage of miniaturized reactor systems in heat 

transfer is demonstrated by simulation and experiments on cross-flow microstructured 

reactor/heat-exchanger (MRHE) made of aluminum [76]. Microchannel reactors also have the 

potential to improve in the reaction rate. The reaction rate of Berthelot reaction can be increased 

by using an integrated microammonia analysis system (IMAAS) with microreactor [77]. A 

structured aluminium-anodized alumina microreactor is built and exhibits high catalytic activity 

for ammonia dissociation [78]. In future, microchannel reactor can be studied with following 

steps: 

 Design and modelling smaller scale reactors with concentric tubes;  

 Utilizing the commercial CFD software, e.g., COMSOL, a more complex microchannel 

with different structures can be investigated. 
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7 Conclusion 

The ammonia based thermochemical energy storage system is feasible to be used with the 

supercritical steam Rankine cycle. It has been validated with both modelling and experiments in 

this study.  

 

A 2D numerical model was developed for simulating heating supercritical steam to 650 °C in an 

ammonia synthesis reactor. A tubular ammonia synthesis reactor with length of 110 cm was built 

by our group in our lab. “Adiabatic reactor” experiments were conducted to study the kinetics of 

the catalyst in the reaction with the reactors. Experiments of heating steam with the synthesis 

reaction were also conducted with the reactors. The model is validated by comparing the results 

with experimental results. A sensitivity analysis is made to investigated the heat transfer or 

reaction aspects limiting the process.  

 

Some preliminary designs of ammonia synthesis systems were proposed. Parametric studies were 

made to investigate the effects of geometries, mass flow rates, operating pressure, etc. on the 

required wall volume of each component in the synthesis system. The results show that 

improving heat transfer can decrease the required wall volume. Optimizations are made for 

different proposed systems. The total wall volume over the power transferred to the steam is the 

objective function. It turns out the three-module-system, which has three modules to heat steam 
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in three temperature regions, is the best with lowest wall volume. Basically, the results indicate 

that it is better to subdivide the HRR into different sections since in high temperature region the 

process is heat transfer limited while the process is reaction rate limited in low temperature 

region. Also, it is always good to have small dimensions, which can improve heat transfer. The 

preconditioner plays an important role in the required wall volume for the entire system. Future 

study plans are proposed on improving model, system optimization and microchannel reactor 

investigation. 
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