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Development.of a Feasible Process for the Simultaneous
Removal of Nitrogen Oxides and:Sﬁlfur Oxides from

Fossil Fuel Burning»Perr Plants.

ABSTRACT

David T. Clay* and Scott Lynn

-

A dry solids process has been developéd for the simultaneous
‘removal of NO and SO2 from power planf stack gases._ A-catalyst/
absorbent in a.net reducing'flue gas effects‘the'remo§a1 of 802
.by absorptibh as ferrous sulfide or sulfate and the'removal of
NO by reduction to nitrogeh'or ammonia. The solid is regenefabie;
reaction with air produces_a‘rich stfeaﬁ of 502 énd'ferric oxide.
The SO,

to the process. .

may be converted to ﬁaleable HZSO4 and the solid is recycled
The‘prodess is capablé of greater than 90% removal of SO2 and . »
NO. Thé‘emissions of H,, Cd, and NH, are well below acceptable -
~emissions levels. The concentration 6f the solids in the effluent
stream.is not_siéﬁificantly increased over normal flyash 1eveis.
There %s nb significant iﬁﬁrease in the quantity of solids which
must be dispbsed_df.i,Np‘flue‘gas_céoling or reheating is required.
There are no large storage vessels or slurry transport lines
Vwithin the process. 'The regéneration pfoées§ is.thermally self-
sufficient. - | | |
Experiments in a flothhfough fixed-bed reactor between 370-

540°C have confirmed that the process reactions-are:feasible. Known

* PhD Thesis



éalculational techniques were used to extrapolate the fixed-bed
rate  data to dispersed-phase contactor conditions. The rapid
ratés ~result in a relatively short contact time for the highly
dilute dispersed-phase contactor. Similar eiperiméntal and calcula-
tioﬁal.techniques were used to coﬁfirm that régeneration’would be
feasible at 680°C in a fluidized bed.

An economic analysis of the process for a 1000-Mw coal-fired
power plént showed that it is quite cpmpetitivé with currently
eXiSfing,wét-sérubbing'processes which remove only SOZ" The process

costs, inclﬁding the H SO4bp1ant, are $18.5/kw for the capital

2

investment and 0.91 mills/kw—hr for the operating cost, with no

credit taken for the;HZSO4.
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 CHAPTER -1

Introduction and_Background

A. Problem Statement.

In the middle of the last deeéde axconcentrated effort wes
begun by'gOVernmeht; industry, and universify groups to develop
techhology for contrel of the emiseions of sulfur dioxide from
stationary sources. . The work concentrated on»electrical power gen-
erating plants, since at that time, this source accounted for about
45% of the total SOZ‘emiSsiqns in the US (USDHEW, 1969). SO, emis-
sions from US power plants, assuming no control, are expected to
increase 270% between 1967 and 1980 (Chilton, 1971). With no 802
abatement, by‘1980 power'plants would emit about 65% of the total
502 emissions. | |

Another important polutant which was identified as coming
‘from power plénfs was nitric oxide. When work began in 1968 elec-
tricai generating plants-emitted about 20% of the tdtal nitric
oxide emissions in the US and about 40% oflall NO from stationary
'sources (USDHEW,'1970). :Betheen 1968 and 19801NO emissione from
power plants are expeéted to increase by 220%, assumiﬁg no coﬁtrols.
Baftok'(1969) has estimated fhat, witﬁ completely‘uﬁcontrolled NO ,.
emissions;.by 198b the amount of total NO comihg from electric
utiiiﬁies will inciease to 25% of tﬁeitotal NOiemissions.v This
. percent inerease is expected to continue in the future, partieularly

~ because of emphasis on NO control from mobile sources.

Although both of these pollutants are generated from the same



sourcé, sepafate“éohtrol féchﬁoloéy wés deve1oped for each. This
is evidenced by the publication of two séparate controijdocuments-
by DHEW, one in 1969 and the other in 1970 for NO. |
iih Dec¢mber, 1971, the EPA promuigated Standards of Performance
for New Stationary Sources which included limits on the emissions-
of both SOx and NOx from power plants. This clearly identified the
need tovdevelop procesSés which controlled both SO2 and NO emissions.
~ To date there have been only a few proéésses developed to meet this
double_goal. Aﬁ‘evaluation.of these processes (Section.D) shows
them to be either inefficient or difficult‘to dperéte.-'The broad
objectivé df this study then is the development of a feasible pro-
cess for the simuitane0us removal of nitrogen'oxides and sulfur ..

oxides from the effluent gases of fossil-fuel burning power plants.

B. Objéctives.

In order to achieve this overall objeétive, criteria were es-
tablished for eValuéting pbtential process alternateé; These.éri-
feria,‘which should be satisfied by any aéceptable process, are

". described below.

1. Foreseeable governmeﬁt_regulations on emission levels of NOx
and SOx'must be met.

-The proposed11971 emission standards from EPA have set these



'léVels at 0.2 1b NO*/lOé BTU (2i0_ppm)* forvgas-fired units, 0.3 1b
| NOx/lo6 BTU (310 ppm)* and 0.8 1b‘502/106:BTU (390 ppm)* for oil-
fired units, and 0.7 1b Nox/lo6 BTU (672 ppm)* and 1.2 1b 502'/106
BTU (540 ppmj* for'cbal;fired-unitsV(EST, 1971). Even tighter re-
_sfrictions can be expected in the future since the majority of new
plants-built will burn eifher coal or oil. . |

The>de$ired procéss should haﬁe the potential of lowering'the
NOx and SOx COncéntrations to less than 160 ppm. The currently
V:accepted'technique fqr‘lowering NOx i; by combustién modification
(Seé Section D.2.a).- It is generally agreed that the present state-
of-the-art in combustion techniques for oil- and coal;fired units
only permits the concenfratibn of NO to be reduced to betweén 306
to 400 ppm. NO itself does-not dissolve appreciably in water or
basic solutions and ité oxidation to the soluble NZOS is too slow
to be practical for large flows. The only feasibie method of ob-
tainirig'-NOx levels below 100 ppm appears to be by the reduction of
over a solid catalyst. SO

2 2

readily with numerous substances and could be removed by reaction

~ NO with CO or H however, reacts quite
with the NOx reduction catalyst. The key to the proposed process
~is a solid catalyst/absorbent which retains its activity for NO re--
‘duction reactions while reacting with and removing the sulfur com-

pounds in the flue gas.

*-NOx is expressed as NO2 and the ppm values are based on:

coal - 0.7 1b C/1b coal, 12,000 BTU/1b coal, 14% CO

oil. - 0.865 1b C/1b 0il, No, 0.6 fuel oil, 12% co,
gas - 0.97 ft3 C02/ft3 gas, 873 BTU/ft3, 9.1% CO;

2



2. No other tYpe'of pollﬁtion prdblem‘should be created by instal-
| lation of the process. |
‘This requires that NO, and SOx either be rendered innocupus
or cQﬁVerted to saleaﬁle by-products. In the case of NOx therlatter‘
alterﬁatiVe is highly improbable, and'conversioﬁ to iﬁnocuous pro-
idUCtS must be éghieved. The reduc?ion of NOX by CO or Hé mentioned
in thQ previous section leads to thg formation ovaz orvNHz. The

extent and significance of NH, emission from the proposed process’

3
is.discugsed'in Chapter VI. On the other hand, there is no compound
of.éulfur which does not pollute if released oﬁ a large enough scale.
Saleable by-products wath considering are elémental sul fur and:
concentrafed suifuric acid.

~ Sulfur reﬁoval séhemesuare numérous (Davis, 1972)}. Dry
. 1limestone injection was rgported as'the 1eas£-expensive SOX cqntfol .
;echniqué but was found ineffectife for adequate sulfur removal
(EPA, 1973). If has the added disédvantagerthat large amounts of
unreacted sulfur—laden soiids are dischafged.. This results in both
particulatevpoLlﬁtion and solid waste pollution. Wet limestoné
scrubbing, although ‘it haé'much higher 802 removal rates, has similar
' problems. ‘It discharges-an'aéueous stream high in sulfate and cal-
cium ions. The Chemi;o Magnesiﬁm Oxide process (Shéh; 1972) has
potential for recovering sulfur as concentfatéd sul furic acid, but
. it is ineffectivevfor‘NOX.revaal. The proposed proée55‘has the
potential of bofh gffective NOx removal and recovering éither ele-
mental sulfur or concentrated sulfuric acid without.producing'otherv 

waste products.



3. The removal mechani;m'for one cb@poneht should not depénd upon

‘the presence. or absence of the other.

The nitrogen fixgd as NO comesvfrom both the»fuel and the air.
The:significance of_the two sources varies, since the extent of NO
formation frqm air N and fuel N depends upon the burning conditions
and the composition of the fuel. The NOx concentration in the stack

-1400 ppm, most frequently being in the range

¢

gas ranges from 200 to
.of 350 fo 600 ppm. The source of sulfur oxides, however, is only
frdm the:fossil fuel itself. The concentration onSOx has no sig-
nificant dependenée on the design of the combustion installation.
There is éssenfially no sulfur in the ﬁéturai gas réceived at power
stations,'bu£ 0il and coai have sulfur levels which generate SO2
concentrations ranging.from 130 to 4000 ppm.SOz. |
Obviously,.no correlation is to.be expééted between the concen-

trations. of NOx and SO in the stack gas since they are generated

2
by unrelated mechanisms. Hence a viable control process for both
should not depend on the presence or absence of either for it to

achieve satisfactory operation.

4. Furnace operation ghbuld be independent bf the process operation;
The;econémy'of power production is highly dependentiupon the
operation of the‘furnace. Large cosfé can-result from alpollhtion-
céntroi‘prbcess ﬁhich necessitates Suboptimal furnace operation,
regardless'of other.aspects of the prbcess which may be attractive.
The'moét widely accepted,method for reducing the concentration

of NOx has been combustion modification’(Bagwell, 1971; Bértok, 1969).



_included are sﬁch techﬁiques as two-stage éombustion,'iow-exéess air
firing, flue-gas recirculation, burner redesign, some combination of
these first four, and water injection. All of these techniques are
applied directly in the furnace region of the Boiler, where the need
to achieve complete and efficient combustion is generally given a
higher priority. In order to operate to obtéin both high combustion .
efficiéncy and low pollution, compromises must be made resulting in -
neither gpai being fully reached.

| Combustion modification'in addition to béing the.beSt way to
?educe the bu1k of the NOX, has been shown to increaée furnace
efficiency when properly used (Bartok, 1969). -Theilowér limit
‘achievable'in tﬁis‘mannef, however? is about 300 ppm NQx for coal-
- fueled furnaces. This71eve1 is still too‘high to be acceptable,
‘Removal of fhe remaining NOx'can be effected-by the froposed cata-
lytic pfocess downstream of the furnace section of the boiler.. The
catalyst/absorbent is used in a dispersed phase after the superheat
séction SOzthat no problems of slagging, increased system préssure

drop, or loss of plume buoyancy will occur.

5. The process should be adaptable to both new and existing power
plants;
:TWO‘regions in the flue gas path generally accepted as the best -

' points for removing pollutants are either the region between the super-
heater and the air preheater or the region between the air preheater
and the stack. Since solid removal agents react more rapidly at

higher temeratures the first position would be preferable. Tempera-



tures in this region are between 370° and 540°C, with residence
times of the order of 0.5 second. Longer residence times could be
~designed into new units or provided in older units by simple duct

extentions.

6; The economics should be aﬁ improvement over the best currently

kﬁéwn.processes.

lBartok‘(196§)‘shows that investment costs for combustion control
o'f‘NOx for new fufna;es range from $0.25/kw for low-excess air firing
-in 750-mw 0il or gas units up to $2.08/kw for 2-stage combustion in
750-mw Qil, gas, or coal units. Thé cost for mbdifications to exist-
ing units would be 20 to 25% higher. Operating costs raﬁge from
.46.05 mills/kwh (expense) for 2-stége_combustion with coal to -0.05
mills/kwh.(Credit) with low-excess éir’and 2-stage combustion for
oil—firéd units. |
| The most widely applied control for sz ié the ‘use of low-
sul fur fuel. Fuel,oil'with 0.3% sulfurvsells for roughly $1/bbl
higher than its higher'Sulfur‘competitors (Shah, 1972). For a 1000-Mw
plant this corfesponds to.rbughly 1.6 mills/kwh for the additional
fuel expenselb_Another 802 control prpcéss which is increasing in its
application is Wet Limestone Scrubbiﬁg. Reéorted costs for this
technique are about $30—40/fw for installation costs and 2.0-2.5
- mills/kwh for 6pérating‘césts, depending on plant size, operating
factors and other‘variables (Burchérd, 1972). ‘Both of tﬁese'process
alternatgs,'whén dperated properly,'can meet the EPA's SO2 require-

ments stated eérlier.



In coﬁparison-with_fhe low cost Dry Limestone Injection Process
the proposed process will have the added cdst of cataiyst/absorbent
‘regeneration, but none of the costs associafed'with limestone acquisi-
tion, crushing, grinding,vahd disposal. In addition, some credit
for sul fur Tecovery may be obtained.._On balance, the costs are ex-
pected to be comparable to dry limestone injection. Details of the

cost analysis are given in Chapter V.

C. - Literature Review

1. Sulfur dioxide control technology.

a. Existing technblqu.

Flue gas desulfurization processes have traditiopally been
,_groﬁped as either wet 6r dry systems._.The wet processes contact thg
main flue gas stream with a clear solution or an aqueous slurry
" which abéorbs the SOz.frOm the gas stream. The 1iquid composition
and typelof contactor vary with the process. TheAdry processes
contact the main flue gas stream with a éorous solid which either

absorbs or adsorbs the SO The solid and the type of contactor

2
vary with the process. Slack (1973) has evaluated_all of the major
process alternatives, both wet and dry systems. Table i-1 summar-

izes his ‘evaluation.
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Table i-1 EVALUATION OF WET AND DRY SO, REMOVAL PROCESS.

Advantages:

‘Disadvantages:

WET

S0,. 'removals are consis-
tently high when unit is
operating.

In fegenerable processes
the ratio SO /SO

much lower tﬁan in dry
systems

Flue gas cooling/reheat
required.

Scaling.

Slurry transport.

High pressure drops.

Potential water pollu-
tion problem

Although a reliable'dry proceSS would be preferrable,

(Slack, 1973)
DRY
Gas in not cooléd.

No water pollution

‘problem.

‘Temperature cycling
- of absorbent or ex-

pensive dampering
systems

High surface area
requirement may mean
high attrition.

Full oxidation gen-
erally occurs: in
solid.

Potential solid pollu-

‘tion. problem.

from the oper-

ational point of View,>Slack conciudés tha£ because of as-yet-unsolved
disadvantages of present dry processes the wet systems may be supério?.
In a‘recent publication, EPA (Princiotta,.1974) lists six SOz'control
processes‘thaf'are considered the most impoitant for the near-term
future. Five of the six'processes are Qét, concurring with the evaua-
tion of Slack. Thé'sixth is catalytic oxidation, which does not fit

well in either group. These processes are grouped aécdrding to the

type of sulfur product produced.
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Table i-2 LEADING SO, CONTROL PROCESSES. (Princiotta, 1974).

2
Throwaway Products ' ' Saleable Products
Lime Scrubbing * Magnesium Oxide Scrubbing
Limestone Scrubbing Sodium Sulfite Scrubbing
Double Alkali - ' Catalytic Oxidation

The original approach'taken for the develbpment'of a dry pro-
~cess was first to find a metal oxide which when reacted with SO2
would produce é stable metal sulfite uﬁder~typica1 flue gas condi-
tions. The metal sulfite would then decompose in a regeneratibn

‘step to the metal"pxide_and S0 Unfortunately, under typical flue

9
gas conditions metal sulfate instead of sulfite was the predominate
product. This neéessitated highervregéneration'temperatures than
would be practical if strongly alkaline'solids,were dsed,.i.e., Ca
or Na. Metals such as Fe and Mn could be regenerated at pratical
_temperatures but had high equilibrium paftial-pfessUrés of 50, over
the solid at.typical reaction temperatures, producing low removéls
(Welty, i97i). The result of this dilemma was tQ select a process
with a sélid which could beffhréwn away.. The solid éelected was
-CaCOs. | |
This original.dry process, Dry'Liméstone Injection (DLIP), had
- great appéfentipotential because of its simplicity and low cost.
- Captial investment and oberating costs for this syétem are approxi-
matelf half that of the wet processes liSted'ébove. ExtensiVevfull-
scale tests of the DLIP reveéied, however, tha£ its majér disadvan-
tages were low SOé removals(20 - 30%) and solids deposition in the
superheater  portion of the boiler. Despite the simplicity and low

cost, the process has been de-emphasized because of these unsolved



problems.

If a solid could be found which would increase the SO2 removal
withouf substéntially inc}eaéing the process cost or complexity, this
dry system would be competitive with the wet processes. A key to
keeping the proéess cost low is to have én'ébsorbent which absorbs
802 at about the same temPerature as it can be regenerated. Welty
(1971) showed that such an absorbent cannot b¢ found when both the
vabofption and regeneration steps are carried Outbunder oxidizing
éonditioﬂs. 1f the absoiptidn step were net reducing, forming a
.metal ;ulfide, and the regeneration step, net oxidizing, forming

metal oxide and SO _temperature.cycling would be minimized. A

2’ _
potential-sofbent for such a process would be iron. At 650°C it

forms a stable sulfide and an unstable sulfate.

b. Selection of absorbent for 80, removal.
Thomas (1969), (Also reported in Lowell, 1971}, has made an
extensive. study of the applicablity of metal oxides for removing

502‘ The basic removal mechanism for a metal oxide system was the

formation of metal sulfate in the removal step and the décomposition
of metal sulfate in the regeneration step. The oxides of 47 elements
were evaluated based on the following criteria:

‘Stable oxidation states at Pgp, ='0.02 atm.

Sulfate decomposition tempera%ures below 750°C.
Decomposition (below 750°C) must yield oxide from sulfate.
Low toxicity level of the compound. '

High Pgp, at elevated temperature over the oxide.

Low cost”of material.

(o072 BE NN A RS S R

Based on the evaluation of the compiled data Thomas reported that

11



oxides of Al, Bi, Ce, Co, Cr, Cu, Fe, HE, Ni, Sn, Th, Ti, V, U, Zn,
and Zr were the most promising. | | |

The formation of sﬁlfate in both the DLIP and the above mentioned
procéés creates a”potential'diffusion resistance when the outer
layer of sulfate forms atoﬁhd the uﬁreacted core of métal oxide.
Tﬁis effect is‘believed to be one of the réasons for the low SOz're—
moval in the DLIP. If the sulfur were aBsorbed as the metal sulfide, .
less surface expanéion WOuld‘GCCur and.therceﬁter.core would be more
accessible.‘ Decreasing thé amount of surface change would also cut
ddwﬁ on pérticie aftrition. Sulfide formatibn rather than sulfate
formation'would.océur if thé”flue gas were made‘sligﬁtly reducing.

Poﬁential metals were-scfeened for sulfide formation with the
work of Thomas as‘a guide. Since the'sﬁlfides are more stable than

the sulfates in an inert atmosphere, elimination of those oxides

which have too ﬁnstable a sulfateAwill.be a cohservatiye.screening

of pofentially:unéfable sulfides.-'Therefore, the starting point for
_ this_screening wa§ thé top 16 metals given by Thomas. Table i-3
Alists the oxides of these 16 metals withvthe evéluatién aata. Ten

metals were eliminated for the fdllowingvreasons.

Bi,0, -- Cost too high

2.3 .
Cr203, Cr0 -- Toxicity high
C§803, Ce0 —-_+3.Va}ence decomposes with ignition
H 2 ThO2 -- Radiation danger, no valence change
”06"Ué°8’ U0, -- Toxicity ' ’
V% 5° 0° -- ﬁelting point low or ignites ' i
A 2025 ZrOZ, Zn0 -~ No valence change

The remaining potential metals are Fe, Cu, Ni, Co, Ti, and>Sn The |

sulfides of Ti and Sn are thermodynamically unstable in the presence
of H20 at»lQOO K. They hydrolyze to the oxide and HZS' Since the

<§osts of Fe, Cu, and Ni were significantly less than Co, these three

metals were sele;ted as the best potential sorbents for the process



Table i-3. METAL OXIDE EVALUATION

METAL

METAL DECOMP. T METAL DECOMP. T DECOMP. T COST TOXICITY* .
- OXIDE © OXIDE (°C) SULFIDE SULFIDE(°C) SULFATE ~ SULFATE (°C) $/1b a b ¢ d REFERENCES
A1203 2045 mp A1283 : | 1100 mp. vAlz(SOA)S 770 d 0.14 1 0 2 0 Thowas, 1969 o
Bi 0, 820 mp BiS 680 mp Bi,(SO0,), 405 d 4.75 1.2 U 1 Sax, 1968
273 | 277473 _ {metal) ©
B0 150 mp — _— —- ——- 1 2 U 1 0il, Paint & Drug -
Ce0, 2600 - - _— --- - U 1 U 1 Reporter, 1971 Ko
Ce203 .200(1gn1tes) Ce283 2100 d ‘CeZ(SO4)3 920 -—- U 1 U 1 e
0,0, 895d Co,S, - - - 2.20 1 1 1 1 *Toxicity given o

, _ A (metal) . _ ‘ o
Co,0 900 d -— - CoSO 735 d 11 1 1 on basis of:

374 _ 4 _ ' i
Co0 1935 mp CoS >1116 mp --- --- " 1 1 1 1 a. acute local U
¢r203‘ 2435 mp. CrzS3 1350 d° Cr2(804)3 460-640 1.§3 3 U 3 3 'b. Acute systematlcfu RN
Cr0 -—- CrS 1550 mp --- " 3 U 3 3 c. Chronic local DS
CrO2 300 d ~-- - --- 3 U 3 3 d. Chronic systematic'.
Cu0 1325 mp CuS 220 d CuSO4. 840-935 0.67 1 2 1 1 Where:

Cu20‘ 1235 mp CuZS . 1100 mp Cu2(804) 840-935 " 1 2 1 1 0 - No toxicity
Fe203 1565 mp _Fe'ZS3 ' d FeZ(SQ4?5‘ 781-810 0.08-0.20 1 000 O -1 - Slightly toxic
FeO 1420 d FeS 1196 FeSO4 603-810 " 1 0 0 O 2 - Moderate Toxicity
Fe304 1538 d - FeS2 1171 mp --- " 1 0 0O 3 - Severe Toxicity
HfO2 2812 mp -—- -—- Hf(SO4)2 550-650 --= U R U - UnknoWn'Toxicity

_ . mp , :
NiO 1990 mp NiSs, N1382 790, 797 NiSO4 848 d 1.33 1 1 2 2 R - Radiation e
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Table i-3 METAL OXIDE EVALUATION  (Con't)

METAL  DECOMP. T METAL DECOMP. T METAL . DECOMP. T COST - TOXICITY*

OXIDE OXIDE (°C) SULFIDE =~ SULFIDE(°C) SULFATE  SULFATE (°C) $/1b -~ a b c d REFERENCES
Snd 1080 4 SnS -~ 882 mp SnS0, >360 B S

S 1127 mp sns2 600 d  “ Asntso4)2m 300-587  1.97 -

ThO, 3050 mp ThS, . ’ 1925 ﬁp © Th(80,),  --- U R

Ti0 1750 | TiS — Ti(S0,), 150 - 10 U U
10, - TiS, - | R e o 1 U U U
Ti0, 2130 4 TiS, - O Tiy(S0), - --- I U U U
V,0. 690 mp V,Sc d R ' 2.21 U
v,0, 1970;mp ' - o a o - U
V0, --- VSy 4600 V,(s0,),  380-408 " U
Vo (ignites) VS D - . I - U
U0 1300d US, - ignites - v
uo, 2500 mp . US, ._ - >1100 1 .U(SO4)2.' | | U
v, - d Cus 2000 mp BT | U
a0 1975 mp ZoS 1850 mp ZnSO, 600d 0.1 | U
zr0, 2700 mp zrs, 1550 mp Zr(so,), 410 d " U U U U

v



c. Sulfide'formation reactions.

4 Ryason (1967) reported the catalytic reduction §f s0,
'with CO'over_a_coppervoxide/alumina'éétdlysf‘to give SZ' The
reaction was _ | _ _
2C0 + S0, —>2C0, + %5, : ol
Qualitativg evaluation ofvthe catalyst after reaction suggested
that éoppér sulfide was formed. Since COS was also formed, the sul-
fidation may have occurred by
- Cu0 + .COS ——— CuS + CO2 : | E i-2.

Khaiafalla (1971) studied the same SO2 redpction reaction
over an iron oiide/alumina catalyst.  In a later and more definitive
study,'Haas‘and Khalafalla (1973) definitely confirmed the presence
of both FeS and FeSZ. They suggeéted that tﬁese sulfides were formed
during the initial phases of testing when CO and SOé were passed
over FezOS. An impbrtant observation made by Haas (1971j was that

0., above 0.5% poiéoned S0, reduction to sulfur;_

2 2

Kasaoka (1973) tested copper oxide/alumina, iron oxide/alumina,
nickel oxide/alumina, cobalt oxide/aiumina, aﬁd iron oxide/chromium
oxide/alumina catalysts for reaction i-1 in the presence‘and absence
of water. Traces of COS'and’HZS'were méasured. No discussion of
the cétalyst composition was given but it would be'éxpectea that all
~ of the metals formed a sulfide before there was total_sulfur compound
elution. The presence of HZS suggests that Hz,formed probably by the

water-gas shift reaction, can also act as a reducer -for SO Kasaoka

2"

15
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(1973) also reborted that SO, reduction decreased whén O2 was in

2

the gas stream. The reduced activity was attributed to the formation

of a sulfite or sulfate layer on the catalyst. At 2% 0, the catalyst

2
Qasvinactiye.

Querido (1973) has reforted exteﬁsive_work on reaction i-1
with a copper oxide catalyst. Alfhough he-oﬁtlined a process to.
 remove SO2 and maximize Sé production relative to- COS production,
no clear diécussion of the catalyst cbmposition is givén.. Based on
- the work bvaaas (1973) and Kasaoka (1973) the active solid is

" probably éopper sulfide. ' |

All of the»Studies mentioned above reduce 802 primarily to 82

with either COS or H,S being produced in varying degrees. Since

2

" there is no remoVaI mechanism for either COS or HZS after the metal

oxide has been sulfided, the potential for total sulfur compound con-

version to S, is low. Nonhebel (1972), Hopton (1956), and Jordan (1935)

2
’ discﬁss the reactioﬁs for femoving_HZS from coal gas streams by
reaction Qith iron oxide to give iron sulfide at low temperatures,
55°C. By,maintaining an exéess of iron oxide in contact with the
flue gas the sﬁlfgr formation reactions would be supressed and the
sulfide formation reactions enhanced. All forms of feduced sul fur

CoS, H,S, SO,, and S,, would then be removed from the exit gas

2,
stream.
2. Nitric oxide control technology.
a. Combustion modification.

An extensive study was done by the Esso Research and Engineering
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Company (Bartok; 1969) on ‘methods for‘fhe cénfrol of NO from sta-
‘ tionary sources; The study concluded-that the primary NO removal
techniqué for 1arge power‘plants was combustion modification. This
- technology can bé‘applied to existing pléntslas well as new plénts
‘at low cost or in some casesS at a éredit'to_the plant. Table i-4

lists the techniques discussed and the amount of NO removal expected.

Table 1-4 ESTIMATED '%NOx REDUCTION BY COMBUSTION MODIFICATION

1000-Mw UNIT. (Bartok, 1969)

oIL COAL

Low-excess air fiiing (LEA) 'A‘ - 33 :: - 25
Two-stage combustion (2SC) _ 40 35
LEA + 25C o - | 73 60
Flue gas recirculation’ (FGR) 33 33
LEA + FGR ' 70 55
Water Injection . | 10 - '10 N

. Low-excess air firing in combination with two-stage combustion appears

to offer the greatest potential for NO removal.

i. Oil-fired units.
Bagwell (1971) reports that with fuel-oil firing on a 175-Mw
face-fired unit-almost 50% NO removal was achieved with two-stage

combustion. The furnace burner design permitted the 0. concentra-

2
~ tion to be decreased to 2.6% before smoke formation began. Tomany
(1971) reported recent coaxial burner designs for gaseous and liqﬁid

fuels which permit a closer approach to stoichiometric firing be-

fore the onset of smoking and excessive CO formation. Reman (1963)
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I3

claims a bufner dééign that ailowsvliquid‘fuels to be burned with
stoichiometric air without smoking. Bartok (1969) and Tﬁrner (1972)
report that tangentially-fired oil furnaces ﬁéve~lower NO emissions
tﬁan horizontally-fired units.

Low-excéss air‘firing on oil units has been commercially de-
mbnstrated., Glaubitz (1960, 1961, 1962) reported that a boiler
furnace eduivalent to'approximatelf a 25-Mw unit was‘operatedlsatf

isfactorily for 4 years at 0.2% 0 Reese (1965) reported an oil-

2

fired, 185-Mw taﬁgential unit that was operated at 0.5% 02 while still
maintaining accepfable carbon levels (99.9% carbon combustion

efficiency, CCE) in the flyash.

ii. Coal-fired units.

Limited.Work-has Been done on low—exéess air firing with pul-
verizéd.coal—fired.units.- Bienstock (1966) repérted on NO removal
vand sdof-formation in a small laboratory coal-fired furnace (1‘to
.4 1b/hr). Whén 1% 02 concentration was maintained in the furnace
zone followed by a later injection of 3.4% 02 (two—stagé.combustion),'
62% NO removal.was achieved. The carbon in the ash increased from
, , 0 6.6% (99.2% CCE) with the ¢wo-stage

combustion. McCann (1970) reports a 70% NO reduction when the 0

2% (99.8% CCE) at 4.4% O
2
concéhtration is decreésedvfrom 5% to 0,3% in a 500 1b/hr pulverized
coal-fired furnace. At the low excess air levels there was 7.8%

' carBon'in the ash (99.0% CCE). ThisxrélatiVely low ash level was
achieved by using a 370°C air preheat and a‘stab;e air/fﬁel ratio.

Bartok (1972) reports that. two-stage combustion was tested in
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three coal units: a 175—MW'front—fired{-a 480-Mw.tangenfia1—fired,
and a 826—Mw horizontally 0pposed, In the front-fired unit aﬁ over-
all 0, conéenfrafion‘of-about 2% was used. It was reborted in all
cases.that the modifications did not produce'unacCeptable.levels
~smoke, CO, or hydrocafbons. Thesé shoftvtgfm'tests demonstrate

the possibility:but'have not demonstrated the long term practicality

of low-excess air firing in coal-fired furnaces.

iii. Acceptable excess-oxygen firing levels

Industry practice has been to maintain between 1 to 4% 02 in
oil-fired units and 3 to 7% 0, in coal—fiied units (Steam, 1969).

The previoﬁs paragrgphs indicate that commercial oil-fired units

have been operated successfully aﬁ 0.2%'02 with the aid of new firing
patterns, new bufner designs and higher controls. In a similér_

manner, research on these variables should enable the minimum 0,

level in coal firing to be decreased to about 2% 02 (Hazard, 1974).

iv. Minimum NO,with combustion modification.

Nitrogen oxide is forméd in the combustion process. from nitrogen
in‘theiair‘and nitrogen in the fuel, Lange (1971) reports that to
a;hieve significént fhermal fixation of gaseous N2 as NQ in utility
boilei furnacés the”temperature must be in the~range'1500 - 1900°C.
Hammoné {1971) reported that’fi£ation of fuel.nitrogen in coal to
] NO can occur betwéen 760 - 870°C. The temperature minimum for the
conversion of fuel nitrogen in oil to NO is also expected to be in
this-range..-Since the combustion temperatures for both coal and

0il are equal to or above this lower limit, the minimum NO at low

- excess air will closely correspond to the fraction of fuel N con-



verted to NO. Martin: (1972) and Turner (1972);rep6rt that the
fraction bf fuel N converted to NO varies with the level of N in the.

fuel and the amount of excess 0, used for combustion. Turner (1972)

2
gives a typical range of fuel N conVersién to 'NO as 30 - 60% fpr
Qil-firing. Jonke (1969) reports a typicalnrange of fuel N con-
version to NO of 18 - 25% for é fluidized bed of coal. The N con-
tent of typicai fuel oiIs-ranges bétWeeh 0.07% (light distillates)
and 1.4% (heavy oils). The US crude average is estimated at 0.148%
,.(Ball,-1962); Coal N ranges between 0.8%;(Anthracite)vand 1.9%
(Sub-bituminou§ A). Most'coéls‘average.around 1.5% N. Table i-S»
lists the expected NO flue.gas concéntration resultiné froﬁ the fﬁel

]

N, given the listed assumptions.

Table i-5 CALCULATED MINIMUM NO EMiSSIONS EXPECTED FROM OIL AND
COAL FIRED UNITS. -

OIL COAL

Wgt % Carbon in Fuel . N 86 L T2
Wgt % Nitrogen | o 1.4 . 1.5

| Vol % CO, in flue gas = ' 13 - 15
% Conversion fuel N to NO* - 30 18
Concentration NO (ppm) _ ' .540 486

Bﬁftok (1972) reports that NO cpﬁCentrations_in commercial oil-
fired.and coal—firéd-uﬁits have been lowered to arouﬁd>150 Ppm to
250 ppﬁ with two-stage combustion and low excess air. A 15 - 20%
de-rating of the ﬁnit capacity was needed in all cases. The lack
of % fuel N:data.in this'study doésvnot allow direct comparison

- with the NO levels reported in Table i-5. It would appear, however,
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thaf commercial units may have lower NO_vélues than labbratory
furnaces. It is clear ffom Bartok (1972) thét not all units operated
acceptdbf& ét the extremes of these modifications. A reasonable
estimate of minimum NO emissions uﬁder acceptable combustion mod-
ification‘operations appears to be 300 - 400‘ppm for both oil and.
‘coal at‘thé average N values listed in.Table i-5. Therefore, in
blanniﬁg for fuﬁure.émiSSion standardé.that‘may limit the NO concen-
‘tration Below 100 ppm, processing techhiques in addition to combus-

~ tion modification need to be developed.

b. Dry NO Remo?al Processes.

| Althougﬁ cbmbﬁstionvmodifipation techniques are effective for
removing 60%-80% of the'NO_fbrmed during combustion, further rembval
must be accomplished by”flue gas treatment processes that are
efficient at low NO conCeptrations; As was. the casé with 802, both
wet and‘dry processes have been prbpoéed»fbr NO removal. Section

- B.1. diséﬁssed the ineffectiveness of wet systems for NO removal.

Section ¢.1. cbncluded,that for SO, removal an effective dry system

2

would be preferrable to existing wet processes. This leads to

~evaluating the potential of dry NO removal processes. These are
~grouped into three categories.

Solid-gas chemisorption A

Heterogeneous catalytic decomposition

Heterogeneous catalytic reduction .- ‘ o
i{. Solid-gas chemisorption.

Shelef (1971) has given an extensive review of the physical and

chemical adsorption of NO on metals. Several differentvtypes:of bonding

-
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are deseribed ranging'from purely ionic to covalent. Rpthenium was
the element which gave the 1argesf veriety‘of“NO complexes. Iron
Qas the_cemmon metal which showed the greatest affinity toward
NO. Copper and nickel were other cemmon.metals'which formed NO
'scempleXes, |
Otto (1970)'studied NO adsorption op suppeited iron oxides

vbetweeﬁ 26 = 150°C and I to 200 Torr. He found the NO adsorption

bility of‘iron'oxides to rank: Fe 0 > FeO > FeZO3 With Fe304
at 26°C and 200 Torr the NO equilibrium loadlng corresponded to

750 mmoles/m Fe304 Similar measurements forpsupported nickel
oxide reported by Gandhi (1972) were 1650 mmoles NO/m2 NioO.
Gandhi (1973) also.reporfed-NO adsorption on suppofted copper oxide.
A maximum of IOOImmeles NO/m2 CuO was measured. In contrast to the
iron, the more oxidized species, Cu0, adsorbs NO mpre readily than
does Cu,0. A comparison of the chemisorption rates of'NO on these
three metals sﬁowS-the renkinglto be: iron oxide~> nickel oxide >
copper'okides

Otto (1970j reported the initial NO adsorption rate on Fe,0

374
at 90°C 3.5 Torr,as 1.09 x'10_3 mmoles/m2 Fe304—sec Since he
reported 16% reduction of NO to N20 over Fe304 at 150° C 90°C is
assumed to be the upper limit for reversible adsorption on Fe,0

37°4°
Calculations show that if a one-second contact time between a |
700 ppm NO flue gas stream and Fe3 4 is assumed in a typical power
plant, an adsorbant flow rate at least 8 times thet:of ﬁhe coal
wohld-be:required jusf to'rehove the NO. This assumes that the

flue gas is cooled to 90°C from 150°C and that the presence of
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sulfur”does'not'inhibit.the adsorptiOn rate. First, cooling the
flue gas ee'90°C.isvundesirab1e.siﬁce this either results in de-
creased plume buoyancy er added equipment. Seeohd, Lunsford (1968)
has shown by compering NO adsorption on ZnO end ZnS that placing
"sulfur on the surface does inhibit NO adsorptlon Gidaspow (1972),
in contrast, reported NO adsorptlon rates on platinized FeSO4 with
780 ppm NO and 82°C after 1 minute of 1.17 mmoles NO/m® ads. -sec
(270 mmoles NO/g ads.-sec.). If this was in fact true adsorption,
the adsorbent-to-coal flow rates would be reasonable, around 0.001.
Since 2% H- in N, at 200°C had to be used in regeneratidﬁ and no NO

2

was measured in the outlet gases, it is apparent that reduction of
NO instead of adsorption of NO was occurring at these higher rates.
In summary, adsorption of NO on solids for NO removal from -
flue gases appears impractical because of the following limitations:
-- Flue gas cooling required.
-- Large adsorbent-to-coal flow rates are required just for NO
removal
-~ Possible 1nh1b1t1ng interaction between sulfur and NO adsorp-
tion.
ii. Heterogeneous catalytic decomeSitionw
Nitric oxide is thermodynamically unstable relative to the
elements in an atomosphere containing 75% N2 and 1% 02 below 730°C

(Shelef, 1971). At 730°C(75%N 1%02) the equilibrium concentration

2,
of NO is 7.23 ppm. The presence of NO in power plant exit flue
gases (typically 150°C) is a result of kinetically freezing the NO

decomposition reaction. -Bartok (1969) reports that under typical

combustion conditions homogeneous NO decomposition is kinetically
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frozen Eelow 1260°C.

Shelgf (1969) tested the heterogéneous catalytic decomposition
of NO over platinum and,five»base metal oxide catalystgi Even at
'500°C NO decompbsition kinetics were not rapid enough for practical
épplication. Winter (1971) tested 40 métal'oxides for NO decomposi-
tion. He measured rates comparable to those.of'Shelef. Riesz (1957)
performed an extensive screening ofl21 commefcial and 17 laborétory-
prepared catalysts. Platinum, palladium, basé metal oxides and
base metal sulfides‘were testéd. The geﬁeral conclusion was also
that noﬁe-of theéevcataiysts producedva sufficiéntly:high decom-
position rate to be‘of importanée.” |

The résulfs:of Riesz. (1957) work on base metal sulfides as
pqtential catalysts warrénts further discussion'sinCe'this is a
system'which includes both sulfuriand.nitfogen bxidesQ Sulfided
iron oxide,'sulfided cobalt moldeate, molybdenum-sulfidé, and
moiybdenﬁm sulfide activated with potassium carbonate were tested.
was passed dvéf a fiked—bed of catalysts.

A stream of 2000 ppm NO in_N2

Table i-6. DECOMPOSITION OF NO BY SULFIDE CATALYSTS. (Riesz, 1957).

- Catalyst ' Residence Time Temperature: - NO Removal

: ‘ ' (second) ‘ &%) ‘ %)
Iron Sulfide : - 0,052 500 ; 17
. 0.041 - _ 700 : 24
Cobalt-Molybdenum 0,032 500 17
Sulfide : ©0.030 ' 700 4
Molybdenum Sulfide 0.032 500 - © 17
: . : ' 0.030 700 4
Molybdenum Sulfide + 0.029 ‘ 500 28

' 15% K,CO 0

,C05 030 o700 17



Although NO removal ié relatively high,~Riesz found that the
éatalyst ldstzactivify aftef eXtended use. Concurrent with the de-
creased_activity was.a losé of sulfur from the surface in the form
of SOZ' Riesz,'és well as later investigators, eliminatéd sulfides
as'potential cataiysts because Qf what théy thought would be an
unavoidable 802 po11ution problem.‘.As noted in Seétion‘é.l.c.,.the
presenee'of a reduéing agent, CO or Hé; would prevept,evolution of
SO2 from FeS. | | |
. s _ .

iii, Hetergenéous catalytic reduction.
(a.) Ihitialvéatalytic screening.

The most effective means for NO rémdval.from gas streams is
heteroggneous éatalytic reduétion; Sheléf (1971j has reviewed ail
of the early studies on these reactions. He concludes that, under
"reducing conditions, a vafiety'of catalysts as well as a variety of
reducing agents can be”employed to remer NO from gas streéms at low
gas residence timés and relatively low temﬁeratures. Evaluation
of theée'data sﬁowed that supported precious metalé and supported
copper -oxide or copper chromite were the catai&sts with the most

promise. TypicalAreducing agents were CO,-H2

or a ﬁydrocarbon.
»Sheléf (1971) emphasizéd that iq addition fd the reaétiop rates
Between NO and a reducing agent, the competetiQe rééctions befween'
other oxidizing.species and the reducing égent are important.A
Shelef (1968) reported on the competetive oxidation oflCO by NO or
,Oz-ovér varioﬁs catalysts. He found_thét the _CO-O2 reaction pro-

ceeded more rapidly over the earlier selected Cu20 ahd.CuCrZO4

'

25
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catalysts than did the CO-NO reaction. The reverse was found true

273 273

. the highest rate for the CO-NO reaction, and it was therefore viewed

for Fe, 0 and.CrZO3 cataiysts. In his‘study, Fe 0, catalyst shOwed

‘as a potential catalyst.
This preference for the'CO—NOVreaction terninated when 02 was
c édded:to_the Cr203_system, Only when tne gas stream was'slighcly
’reducing.relative'to both NO and 0 reduction was there ccmplete

removal of both NO and 02. It was assumed that the Fe203 system would

act similarly. In laboratory tests Jones (1971) demonstrated that

neither supported CuCr204 nor Fe203 catalysts were effective in

v reactlon in preference to the 02 H2 reaction.

- Some improvement in reactlon select1v1ty was found with supported

promotlng the NO-H,

Pt-Pd below 205°C. These metals are too expensive and the tempera—
tures too low for praccical considerations on power plant flue gases.
‘From this initial screening, the best NO reduction'cataiysts.for
applicetion on power plants would be copper oxides, copper chromite,

or iron oxide, all of which should be supporced.

(b.) Reductlon products and reducing agents

Kokes. (1966) showed that the reduction of NO by H2 on a Pt

20, NH3 or N2. Shelef (1968) reported the appear-

'.ance of both N2 and-N20 when NO was reduced by CO over Pt and -copper

chromite catalysts. Jones (1971) and_Klimisch (1972) reported on

cafalyst led: to N

the formation of both N and.NH3 when NO is reduced by CO in the

2

presence of H20_over both noble and base metal catalysts.

Shelef (1968) reported that N20 is primarily a low-temperature
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product over active FeZOS’ CuCr204, and Cu,0 supported catalysts.

‘The temperature for maximum N,0 formation for the NO-CO reaction
" ranges between 180°C - 220°C when the residence time is about 0.75
"sec. Above 300°C'thére was essentially no N20,' Decreasing the

. residence time to'about 0.07 seconds at 273°C increased N20-formation

over supported FeZO3 catalyst. This éuggested that N20 is a possible

gas-phase intermediate for the NO-CO reaction.

An extensive study of NH3 formation in the NO-H, reaction over

2
" base metal oxide catalysts was reported by Shelef (1972). He also

2 32 NZO and Nz'were

assumed to be the reduction products in the sytem with about a 0.18

studied fhe effect of CO in the NO-H system. . NH
- second residepce time. The relative amounts of NHS'and N2 produced
varied with the.catalyst, temperature; the reducing agent, and the
amount-bf 6xygen. Tabie i-7 showsltheveffect bf diffefent catalysts
aﬁd temperatures on the percent reduced nitrogen product which is
NH3 (thié is referred»to-as the ammonia selecfivity).

Table i-7 AMMONIA SELECTIVITY AS A FUNCTION OF THE CATALYST AND
TEMPERATURE. (Shelef, 1972)

Inlet: NO, 0.10 - 0.12%

H,y, 1.4%

e, 0.18 sec.
Catalyst -~ = -_ 370°C . 538°C’
Nickel Oxide 20% 20
Copper Oxide 88% | © 80%

. Iron Oxide | - 16% 80%

Copper Chromite - 95% 90
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3‘selectivity at

both extremes,‘at an intermediate temperature of 420°C the NH

Although nickel oxide has thé_lowest NH

3

seiectiﬁity'is 655%. Thé low selectivity at the higher temperéture

is caused by.NHS-gatalytically being decomposed'by NiO (Klimisch, 1973).
All of these catalysts will decompose NHs.td the elements but at

higher temperatures (greater than 6OQ°C) than the nickel. Shelef

(1972) found that in all cases the addition of CO to the NO-Hz.systém

‘resulted in an increase in both the NO xemoval and in the NH3 selec—_

tivity. The addition of 0.25% 0, to the 1.4% H, - 0.12% NO system

decreased both the NO removal and thefNH3 selectivity at a given

temperaturé;‘ A significant fiﬁding was that when both 02 and ‘NO

were present, CO reacted preferentially withvoz'while H, reacted to

2
the same extent with both NO and 0,.

Klimisch (1972) also noted the higher reactivity in the NO-H2

'system.'fHe demonstrated that the presence of both CO and HZO in

the system allowed the water-gas shift reaction to proceed, produc-

.ing a more reactive H than molecular H ‘for NO reduction and NH

2
formation. The effect of 02 on both NO removal and NH

3

3 selectivity

was also confirmed.
Over base metal oxide catalysts the two main reduction proddcts

3

nor Hz,is present, N20 méy also be generéted. The'émOunts of NH

will be NH., and NZ.: At very low residence times, when neither HéO
_ 3
‘and N2 produced will vary depending upon the reducing agent, the
temperature, thé catalyst, and the amount of 02 in the gas stream.
(¢.) Reduction kinetics.

Shelef{1972) has presented data comparing the kinetics of NO
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reduction catalysts. . Table i-8 compares the three potential catalysts
plus nickel oxide on the basis of the temperatﬁre at which 90% NO

conversion occurs.

" Table i-8. TEMPERATURE OF 90% NO CONVERSION IN NO-H,-CO SYSTEMS,
, °C. (Shelef, 1972) ‘ -

Inlet: NO, 0.10 - 0.12%
gt
©, 0.18 sec _
Catalyst . | §9:§2 ._ §9;§2-gg | NO-CO
.Copper'Chiomite | 275 275 | - 320
Copper Oxide 280 | 270 . 350
Nickel Oxide N | 425 - 420 470 .

Iron Oxide - 480 430 510

.Iﬁ this study the copper catalyétsbshowed the fastest kinetics
and the ifon the slowest. In all.cases the combined.Hz-CO system
either accelerated the kinetic rate or kept it at a'high'value. All
of thé'temperatﬁres listed are below the upper‘process limit of 540°C,
which is the tehpérature at which the flue gas leaves the superheater
section. The 0.18-second residence»time of the gas in:the catalyst
bed is less thaﬁ the available O.SO—éecbnd residence_time between the
.ecbnomizer and aif preheater in a power plant{v Thése facts imply |
that catalysts exist which have potential for at 1east 90% NO removal
in flue gas streams..

Since no detailed diSéussion of the catalyst treatment or oxida-
‘tion state was‘given it.is not possible to selecf-a cafayst simﬁly.

At best it can be said that copper, nickel, and iron oxide catalysts
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have potential for sufficiently rapid kinetics for power plant applica-
tion. Studies under flue gas conditions are needed to confirm each

catalysts reactivity.

3. Simultaneous SOx and NOX dry process controlntechnology;
Jordan (1935) reported that at 105°C iron oxide removed both

H,S and NO from commercial gas streams. Iron sulfide formed and NO

2

was adsorbed on the solid. The simultaneous removal declined rapidly
as the solid became loaded with NO, the atmosphere became oxidizing,
or the temperéture was raised.

Pierce (1929) reported that the reaction of HZS and NO pro-

ceeded at 27° to 100°C over silica gei and glaés.wool to give S, N,,
- 2

and HZO' Princeton Chemical Research (1968) has studied a process

using this reaction for simultaneous SO, and NO removal. They pro-

2

pose to recycle a stream of HZS to an alumina or molecular sieve

catalyst where it reacts with the SO, and NO by thevfollow1ng reactions:

2

SO2 + ZHZS ——3 35 + 2H20 . 1-3
NO + HZS-———}S + %Nz +,H20 S i-4

The sulfur condenses on the catalyst and must be stripped off at high
temperature. Preliminary tests confirm acceptable sulfur removal
but'the catalyst was poisoned when NO was present. In addition to

the poisbning problem the large HZS recfcle'stréam causes added
problems of control. |

Bartok (1969) has proposed a dry process fhatbéequéntially removes’
SO, and,NOx. The SO, in dust-free'flue’gas is first oxidized to SO, |
,0c at 4SS°C. NH, is injeCted fbrming

over a catalyst such as V 3
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(NH4) 2SO4_'which precipitates from fhe'gas~at 400°C. A second injec-

" tion of NH3 is méde,prior»to the flue gas passing over a Pt catalyst

at 200°C. The NH, reduces the NO, fdrming N, "and HZO' Two catalyst

3
systems are required in this prdcess, the second being an expensive
‘catalyst easily poisoned byvsulfur.

Ryason'(1967) reported the simultaneous removal ofvSO2 and NO
over a copper oxide catalyst when the net gas stream was reducing.
The 802

-and NO was assumed to be reduced to N

was reduced to sulfur, which condensed in the reactor outlet

2 The catalyst appeared to

be copper Sulfide_ét‘the end of the .run. Traces of COS were also
measured. Additional work on a procesé utilizing this concept is

. reported by:University of Massachusetts workers, Querido (1973), Okay
(1973), and Quinién (1973). Three catalyst beds in series are uséd_

to reduce SO., to sulfur énd NO to N, with an éxcess of CO in the flue

2 2
gas stream. The original catalyst charged to each bed is copper oxide
on supported alumina. The first bed catalyzeé’the oxidation of CO

with 02 2

catalyst beds. The flue gas is split»into two streams after the first

to remove all of the 0, which could poiSon the remaining

bed. The main flow enters-the'second.bed_wherevSO2

The secondary flow bypasses the second bed and

is reduced to 82

and COS and»NO to N2.

goes directly to the thirdvbed. In the third .bed COS and SO2 react

to produce S, and CO

2 2°

The reactions for 802 removal were first studied at 430 - 540°C

with residence times of 0.07 - 0.22 seconds. They reported greater

than 90% removal of SO2 in less than 0.20 seconds. The addition of

NO to the éystem decreased the SO, removal siightly. NO removéls

2
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were always greater,thdn 90%. The assumed reduction product for NO
,+ The simultaneous reduction was studied

between 400 - 430°C‘with.residence.times around 0,20 seconds. Okay

in these experiments was N

"(1973) reported that HZO had an adverse effect on the‘S'O2 reduction

in the CO—SO system but that the water-gas shift reaction did not

2

procéed. ‘Based on this fact, Quinlan (1973) assumed that in the
simultaneous removal of NOx and SOx no H-containing species such as.

HZS or NH3 would form. In Chapter<IV,,Seetion G.1., experimental

work is reported in which it was found - that both HZS and'NH3 are’

formed when NO and SO2 are reduced with CO in the presence of H20

over.copper-catalyst. The H, S would probably react like COS with

2

to form sulfur. The NH,, like the product N_, would

2 3

the bypassed SO 2

elute.

Even if the basic‘process chemietry is:feasible, the Univeféity
of Maseachusetts prdcees has ‘several praetical drawbacks; First, three
beds in'sefies will create allarge'SYStem pressure drop. Second, the
~ bypass stieam must be very accufately controlled to provide stoichiof'

metric COS and SO Third, the amount of CO required for the reduc-

2
tion must be closely controlled since only reactions with 02,*302 and
NO remove it. Fourth, the flue gas would heve'to be cooled and then

reheated after the bed to insure complete precipitation of the sulfur.

In summary no acceptable dry process for simultaneeusly remoVing

sulfur compounds and NO has previously been developed.

4. CO and H, removal by catalyst/absorbent oxidation.

The removal of 802 and NO by the proposed process requires the
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pfesence of a reducing agent, either CO or H2' By necessity, an

excess of CO and H, needs to be maintained to insure complete reaction

2

9 and NO. If this excess CO and H2 were emitted, it would

constitute a pollution problem. Both CO and H2 can be removed by

contacting the gas stream with an excess ovae203.

273

H, at temperatures between 540°C and 700°C. The iron was reportedly

reduced to both Pe304 and FeO. O2 and'HZO were found to retard the

Feinman (1961, 1964) reported on the reduction of Fe.0, with

rate. A more highly reduced iron was produced at thevlower temperatﬁre.
Fast (1965) discusses the reduction of iron oxide with CO or
’ H2 between 560 and 1000°C. This discﬁssion'is_mainly about equili-
brium considerations. Otto (1970) uses the work of Fast as a basié
- for selecting a CO/CO2 ratio to give a reduced iron.oxiAe for his
Adsorption Sfuaies.
Baranski (1972) studied the reduction‘kinetics of an iron catalyst
with H, in the temperature range of 450° - 550°C. As in the case of
~ the other investigatbrs cited, the major concern was the solid reduc—b
ﬁtion instead of co or_Hz'oxidation. All of these in?éstigators have
reported reaction at'typicai process temperatures but have used much
'.higher-CO-or H2 concgptrations than would be present ih stack gas.
Experiments at low concentration will be importént in the experiméntal

study which follows.

5. Regeneration of catalyst/absorbent.
The oxidation of metal sulfides at high temperatures (700 - 900°C)
to give metal oxides and 802 has long been a standard process for re-

moval of sulfur from metal ores. Stollery (1964) reports on the
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.exothermic oxidation_of'iron, copper; ahdizinc 6ies'in fluidized-
bed roasters. Less than 0.1% sulfidé‘reméined afﬁér‘okidation in a
- fluid béd*with‘bnly.Z% 0, in the exit stream. This represented
'approXimatelyl99.7% oxidation of the sulfides. |

With a regeneration prpéess which produces a rich stream of
SOZ;‘é second process step is needed to obtain a saléable sulfur
;product: ~This- could be either a sulfur plant'or a sulfuric acid
plant. It Qould be breferéble fof sulfur to be directly produced
zihnthé.feéeneration step. Guha (1972) reports on a high temperature
deéomppsition (500 - 830°C) of FeS, to give Sz.and‘FeS. Since it is
necessafy té regenerate not only FeS,,

is not applicable. A more realistic abproach to producing sulfur

but also FeS, this technique

directly is the use of low temperatures. Beavon (1968) reports that

when-a regeneration gas of SO, and/or O, at 200° to 400°C was passed

2 2

over iron su1fide, sulfur was prodﬁced, The heated regeneration gas
vaporiieé the sulfur and remdﬁes it from the solid. The 02 content

is reportedly between 1% and 3%. No level of SOé was given. It is

- not clear from the'pateﬁt application whether confirming experiménts
have aétually been‘run. Thermodyﬁamic_considérations (presented in

~ Chapter IV, egns,iv - 42, 43, 44) show thét at 227°C oniy the reac-

| fions of FeS w'i_th'fSO2 to.produce solid sulfur and Fezos'énd that

to produce gaseous sulfur and Fe203 are favored. The

reactions of-SOz'with FeS to give gaséous sulfur and Fe203 is thermo-

dynamically unfavorable at these conditions. 1In order for a low

of Fes'wit‘h’o2

' temperature reaction to proceed, producing gaseous sulfur, only O2

can be used as the oxidizing agent. -
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~ to completely oxidize the carbon to CO

D. "Conceptual Design of the Proposed Process.

The literature review presented in the previous section shows

that a feasible‘process for simultaneous 302 and NO removal is to

-absorb SO, as a metal sulfide and catalytically reduce NO over the

2

Supported metal oxide/ﬁetal sulfide to nitrogen'or ammonia. The
requirements that the solid must be reactive toward both SO2 and

NO, regenerable at a relatively low temperature, have a high sﬁrface
area per unit weight, have a relatively low rate of aftrition, and
.be reasonably price& were not‘met by'aﬁy naturally'occurring solid.
From the evaluation in section C the.sqlids Which had the potential

to meet all the criteria established in section B were the oxides

of ironm, copper,~and?nicke1 deposited on a matrix of high surface

35

area alumina or alumina and silica. This section outlines a process

meeting these criteria. Iron oxide on alumina is used as the solid

to demonstrate the reactions which occur. Following a discussion

_of the'experimental results in Chapter IV, a . more precise design

discussion is presented in Chapter V..
A simplified diagram of the proposed process is giVen in Figuré

i-1. The boiler furnace is to be operated at maximum efficiency.

Maximum efficienéy is achieved with the minimum net oxidizing atmosphere

2 hydrogen to H20 and sulfur

.to SO,. The minimum required excess air over the stoichiometric

2

amount will be a function of the burner design and the type of fuel

used. This prqcéss is especially applicable to pulverized coal or

0il fueled units with front-fired or tangentially-fired furnaces.
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Fig. i-1.  Process flow diagram—simultaneous NO_ and SO_

removal.
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At a point in the ﬁpper‘part of the’furnacé, most probably the upper

row of burners, a stream of CO and H is added to produce a slightly

2
fuel-rich flue gas -at the furnace éxit._ This does not preclude
the presence of 02 but requires that there be enough CO-and H2 pre—
sent so that at equilibrium all NO would be converted to NZ’ all

_02 to.COz, and all 502

be generated in a moving-grate, coal-fueled stoker unit which was

to sulfide. The stream of CO and H, could

_operatedeith a limited air supply. The main furnace must then burn

two fuels, coal and CO + Hz; No fﬁrnace modifications are needed.

When the flue gas ekits from thé superheater section of the
boiler, at 480—590°C, it will be contacted with a dispersed phase
of catalyst/absorbent particles. The dispersed-phase method of
ucontacting'is preferred because it minimized the system pressure
drop.. The particles will.consist,of iron oxide deposited on an
-alumina ﬁatrix.

The!overall'ieactions are given in Table i-9. .Nifric oxide

is reduced with CO, H

2 or the CO + HZO combination to‘N2 or NHS'

The sulfur compounds will be absorbed as the iron sulfide or sulfate.

The major sulfur compound, SOZ’ wili react with the ifon oxide to-

vgéther with a reducing agent to form ferrous sulfide. Any reduced

sulfur species H,S or COS will react directly with reduced iron

2
oxide to form ferrous sulfide. Iron sulfate will result if some
0, is present in the flue gas at the point of catalyst/absorbent

addition.

The original amount of CO and H, added to the system will be

37



above that required to reduce s0,, NO, and OZT

Table i-9. OVERALL PROCESS REACTIONS,

~ ABSORPTION/REDUCTION STEP

2NO + 2 CO —N, + 2 CO,

.2NO+2H2——)N2+2H20.

2 NO+ 3 H20 +5C0 —2 NH3 + 5 CO2

‘FeO + SO, + 3 CO ——) FeS + 3 co2

FgO + SOZ‘+ 3 H2

'FeO + 'H;,_s — > FeS + H,0

FeS + 2 0, ——3 FeSO

—> FeS + 3 H20

4

Fe,0, + CO — 2 FeO + CO

F§203 + Hz‘e——9 2 FeO f H20

REGENERATION STEP

2 FeS f_7/2 02 ———9}Fe203,+ 2 SO2

2 Fe0 + % 0, — Fe 0,

2 FeSO4 | Fe203 + SQZ +.SO3

2

oxide in the catalyst/absorbent feed.

The excess COfand‘H are removed by maintaining an excess of ferric
After the contact zone the catalet/absorbent is separated from

the flue,gas with cycloneé._ The major part of theée collected solids

are returhed to the_contact~zone.' A slip-stream diverts.a portion

of the catalygt/abéorbent té the regenerator. Air is édded in the

' régenerator to-reoxidizé the iron to ferric oxide and to produce a

richlsoé:stream-suitable forvconvgfsion to concentféted H,SO,. or

2774

elemental sulfur.



ar

00w 04107582

'Chapter iI

Experimental Program

A, Summary of Phases Planned.

The experimental program was designed tb answer3tWO_basid
questions: 1.) Do the proposed process reactions rémove sulfur
compounds and nitricvokide.wheﬁ both are present simultanedusly?
2.) Are the prbcgss rates rapid enoqgh to effect efficient

removal of these compounds under typical flué gas conditions?

1. Process chemistry. ' - ' _ -

a. Overall process confirmation.
The first group of experimenté was outlined to provide an -
initial check on the process feasibility. The reduction of NO over

reduced iron oxide and iron sulfide with CO was studied. Simultan-

eous removal of NO,'HZS and CO was tested with Fe203. Oxidation
of excess CO and szby reaction with Fe203 was tested., High-
temperéture‘catalyst regeneration in a stream of low 02 concentra-

 tion was studied.

b. Detailed removal studies.
The second group of experiments studied in detail the removal

reactions for sulfur compounds (HZS’ cos, SOZ)’ oxidizing compounds

~(NO and 02), reducing compounds (CO and HZ)’ and water. Since a

multitude_of.reactions is possible when all of these gases are
present, the reaction of each with the catalyst/absorbent was first
studied separately. The more complex system of multiple gases was

’ . : !
reached by progressively adding these gases to the system. Since

.39
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H S and SO reactedbto produce sulfur in the system feed lines,

2 2
these two gases were never simultanedusly preSent in the inlet
éas. Oxygen was the last gas added to the mixture since the
literature (see'Chapfer I) had reported potential catalyst de-
activation with 0,.

The number of gases presént in the inlet not only varied from

run to run, but also varied within runs. The_runs_éte numbered

la, 1b, 2a,_etc.,»indicating the actual sequence.of réactant_addi— '
tion. - -~ Appendix A - 1 1is a summary of all experimental
runs in chrqnologiéal order. In Chapter IV‘thé-runs are grouped and.
_discussed aécording to reéétion chemiétry; since the same reaction
may have»been‘studiéd in.several runs. The order‘in which the re-
actions were studied was based on their rated importance at that
stage of the experimenﬁal work. 'This'rating-was not only a fﬁnc-
tion of the initial:experimental plan, but also of the results
obtained infprévious fuﬁs, literature reviews, énd/or calculations
‘made to ﬁhat date. The reader will note that the experimental re-
sults a;é bresented in Chapter IV in a logical order rather thah‘

.strictly in chronological,Order.

c. Detailed regenératibn studies;

The regeneration studies conéentfated“on determining the sulfur
product from the regenergtion and on producing an‘égtive.catalyst/
absorbent. ;The two potential products’ére sulfur and suifur_dioxide.

vAs discuésed in Chapter I, sulfur is fepofted to form more readily X

at low teﬁpératufe and low oxygen concentration. Sulfur dioxide

forms during high temperéture regeneration.
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'The regeneration experiments typically were the last step in

41

a run sequence. Following removal reactions, the catalyst/absorbent‘v

' bed was purged with the system diluent and then cooled or heated to

the selected regeneration temperature. Streams haviﬁg low O, con-

2

centrations and air were used for these tests. In some of the low-

temperature runs, water was added to see if it could catalyze the

formation of sulfur.

2. Process kinetic studies.

a. - .Tempefature,_résidence time, particle size considefatiohs..
'Thezmost likely region.in the flue gas path for contacting the

flue gas with the catalyst/absorbent:is between the inlet of the

economizer (about 540°C) and‘fhe inlet'of.the-air preheater (about

370°c). The'residence time of the flue gas in the region between

the economizer and air preheater is about 0.5 seconds..

All of the initial -studies of process chémistrf weré conducted
in a fixed‘bed at about 370°¢ with a gas residence time in the bed
of around 0350 secondsf The particle size chosen for.these studies
was the'sﬁandafd.3.2-mm x 3.2-mm péllets of Fe-301-T 1/8 Harshéw
Catalyst. | ‘

After these studies the resultsisuggested'thaf-the eéxperimental
COnditiéns should be altéred. Firét,.in ﬁhése experiments soﬁe
catalyst d;activation was foﬁnd. This deactivation was predicted
to be less of a'problem at highef temperatures. Second, the sulfur

breakthrough cﬁrves for the simultaneous removal runs suggested

that the actual reaction times were much less than the gas residence



time in the bed, Third, visuallbbServétion of cross—éeétions of
the catalyst/absorbent from the lower tempéréture runs suggested
fhat there were important diffusioﬁ 1imitations within the 3.2-mm
pelléts.

These thrée experimental observatibns'suggested tﬁe desirability
of funs.at higher temperatures with shorter gas residence times and
with smaller particles. Consequently,vthe last pa%t of‘the simul-~
taneous removai Studiés was conducted ét 540°C with residence fimes
-'bgtweén 0.02 and'0f04.seconds, and with ﬁarticles—sizes between 0.50-
mm and 0.25-mm.

No attempt was'madg to.cdnstfuct an accurate experimental
prototypévof the éontactor envisioned for an actual plant installa-~
tion. As described in Chapter I, the actual syétem would be a
disperSed—phaseVOr fluidized=bed Cypé bf unit. The experimental
approach was to Stﬁdy the process initially'iﬁ a fixed Sed. These
experiméntal data would then be uséd to predicf the exbected be-
havior in the commercial unit. The major differences between the
' fixed -and dispersedfﬁed s&stems are related to the bed densities
;nd mass transfer effects. uKnown éorrelétions, defailed in Chapter
V, were used for this_purpqsé. The experiméﬁtal residence times,
gas concentpationg,‘and particle sizes were chosen so that reasonable
éxtrapolations could be made to an actual flue gas coﬁtactor to

predict‘the.pfocess_feasibility.

b. Catalyst/absorbent deactivation,
The other major influence on the process kinetics was the

deactivation of the catalyst/absorbent. Studies of this effect
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were not’planned initially but evolved because this phenbmenon

occurred in both the lower and the upper temperature'ranges. Since

9 to thé'gas mixture first caused the deactivation,

the 02 level and the ratio of oxidizing gas to reducing gas were

chosen as the two main variables in this study. An upper gas

concentration of 1% O2 was chosen as as estimate of the potential

02 in a net reducing flue gas due to incdmplete mixing (Johnson,

11972).

B. ﬁExperimental'Equipmént.

1. Overall system..
All of the experimental apparatus was housed in a 3.2-m x

2.1-m x 1.2-m walk-in hood. Hood venfilétion was provided with two

- exhaust fans. An overall sketch of the experimental apparatus is

shown in Figure ii-1. This is a straight flow-through system
with gas._samples taken at the. inlet and outlet of the Burrel Tube
Furnace which houses the reactor. The discussion of the Gas'Chro—iA

matographic System and_sampling techniques is given in Chapter III.

2. Reactors/Furnace.

a. vFiked—bed rgactors.'

Fiﬁed—bed, lew—thréugh reactqrs were used in fhis study. The
first wéS'a 32-mm I.D. 304 stainless-steel (SS)’reaétor. It is
shown iﬁ Figure ii - 2. Other wbrkers had reported that 304 and
316 SS wereiactive-catalysts for NO reduction reactions in the ab-

sence of sulfur compounds (Kearby, 1971, and Lamb, 1972). Neither -



. SAMPLE
Giaey
RESTRICTOR YAV _NLET -
OUTLET SAMPLE
K SaMPLE
SAMPLE
. -LOOP — e
TO
VENT 7 = ]
' : . |6SV| PorAPAK R MOLECULAR SIEVE|
BUBBLERJ™ / MAIN 64mm x 305 cm 5A LanN
CAPILLARY 85°C 6,4mmx 305¢cm | [RECORDER
CATCH | FLOW 1209C . INTEGRATOR
RESTRICTOR
. BURRELL
_f TUBE
CONDENSER FURNACE
LOCATION _ ‘ —
—/—] ]

Fig. ii-1.

Experim_ental system.

MIXING -
MANIFOLD

WATER
BUBBLER

- 44

GAS
CYLIN~—
DERS

XBL746~-3390

he 4



MULLITE TUBE

45

5 \
- =
sl
= ;
1ABSORBENT/ | —
OUTLET }CBIIE\'IF)ALYST | 32mm INLET
| o : ——
THERMOWELLS " & ! '
| f ' . =1
e——a47mm—s
MATERIAL: 304 STAINLESS STEEL - REACTOR
316 STAINLESS STEEL - SCREENS
- - THERMOWELLS
X BL74 6~ 339
Fig. ii-2. Exper‘imenta.l reaéfdr.—32m'm.



46

~steel was found s;gnificén§1y reactive in.fhis_stﬁdy. Two other
reactors used aré.shOWn in Figure.  ii 73.‘ The 6;4—mm and 9,5-mm
feactors were uéed in the later part 5f the experimental stﬁdy to
achieve shdrter residence times.

The reactions in this study include both gas—metai absorption
and gas-metal catalysis. In order to provide a.sufficienfly high
bed capacity for absorption of the sulfur compbunds the 1eng£htof
the fixed;bed corfesponded to an integral flow reactor for the
'cétalytic reactions. Even in the smallgr bed with fesidence times
around10.02 seconds, the sulfur breakthroﬁgh tiﬁes were greatér
than 30 minutes. The major disadvantégelto working iﬁ a fixed-
bed reactor is that the removal resuits musf be corrected for both
>beq-density and mass—fransfer effects before they can be directly
| applied to an actual flue—gas.contactor. The influence of both of
these effécts on thelprocesé design_can'be‘estimated; This influence
is discussed along Qifh'fhé process—design coﬂéiderétiphs in
Chapter V. As mentioned'earlier, a more ciosely analoéous reactor
wéuld haﬁé been a fluidized bed. Since corrélaﬁions'éXist which
permit extrapolation of data from fixed t6 disperséd systems, the

fixed Bed was.selected primarily for its simplicity.

B. Reactor furnace.

The reactors were housed in a Bufrell Tube Furnacé, Model .*
BT?lﬁg.“A 44.4;mm;I.D. Mullite tube surrpuﬁded the reactor.'
The_:32—mm'I.D; reactpr rested on the walls of the tuBe. (See'_ N

Figure - ii - 2). The other two reactors were not in contact with

the tube walls. The maximum temperature limit of the furnace was
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1450°C. A West Instrument COrporétion set-point controlief, Model J,
was used to maintain the desired temperature level. A platinum/
platinum - 13%;rhqdium thermocouple located in the furnace chamber -

exterior ‘to the Mullite tube‘was the sensing element for the con-

troller.

c. Fiied-bed temperature measurement.

A more accurate measure.of the catalyst/ébsorbent temperatﬁre
'wés obtained from the Chromel/Alumel thermocouples ﬁlaced in 316 SS
thérmpwelis whiéh‘éxtended into the inlet an& outlet ofithe 32-mm
reactof. Only.an inlet thermocoupie was used in the 'smaller reactors.
When inert gas was péssing through the bed, the inlet temperature
was apprqximately'3°c degrees less th;n'the outlet at aﬁvabsolute ,
level around 3705C; Figure 'ii - 4 shows a.t:ace'of the furnace
and outlet reacfor'temperatures aé a.function of time as the reactor
-heats up‘to 370°cC.  The inlet and outlet reacﬁor.thermocouples were
_monitoréd_with the Leeds and ﬁorthrup»Recordgr_used to trace the
gas chromatograph.(G.C.) peaks. The furnace ;emperature_was initially
monitored with a modified Varian Aerograph G—iO Recorder. In the
latter'part of the~experimenta1 program this temperatﬁre_Was aléo
monitored-with the Leeds and Northrup Recorder. The switching diagram.

for this circuitry is shown in Figure iii - 6.
3. Heat-traced flow lines.

a. Reactor exit line.
After Run 15 the 6.4-mm exit tube was wrapped with fiber glass

'sheathing'and heat-traced over the last 220-mm to preveﬁt sulfur



49

400

%)
o
1)
— . :
| .
> _
Q.
S
-
Fig. ii-4.

—

L 1 L |

20 40 60
Time (min)

XBL 745-3252

Temperature profiles of furnace chamber and reactor
during heat up. ‘

(Data from Run 12)

T = furnace chamber temperature

T4 = reactor outlet temperature

T3 = reactor inlet temperature.

fon



f o | o : .; - . 50
'preéipitafion. This section was insidé the'Mullite tube. The
Nichrome wiré—fiber glass heét tape was powered with a Powerstat

- Variac, maximum rating 120 voits,‘7;5 amps. A setting‘of 55 volts
was used. This setting gavé a temperature of 160°C‘at the exit

"end of the 6.4~mm tube. The tape burped out followinngun 27. A
second heat tabé-was used fof the remainder of the‘experiments;l A
setting of 15 volts was used. This gave a temperature of 195°C at

fhe exit énd of the 6.4~mm tube with the new tape. Theée temperatures
Vprevented'major.sulfﬁr precipitation in the exit reactor line. Since
the equilibrium partial pressﬁre of sulfur_af'150°C in anvinert.

'gas at 1 étmosphere is 230 ppm (Tuller, 1954), only a sulfur con-
centration gfeater than tﬁis W6u1d haﬁe produced precipitate in

" the exit reactor line.

b; Ouflet and inlet lines.

The'exit lines from thé condenser to the bubbler and gas
<chromapograph$ wére heat-traced with fiber glass tape and Nichrome
_wire'after Run.26, Heating pads of fiBer glaéé‘and Nichrome wire
were also placed over tﬁe gas.sample valvé and_switch valve 1o¢éted
.in the gas chrbmatographs. The line'temperatufe Qas around 40°C. .
 The valve temperatures were arouna 35°C. These temperature levels
. prevented condensation of water in.the exi£ 1ines-but allowed some
'condensatioﬁ of'ammonium salts and sulfur which were not condensed
iﬁ the air-cooled condeﬁser between the reactor exit line and the
‘6ut1et system line.' The Nichrome wire was powered with a Variac,
maximum fating 1i0 volts, 5.0 ampls The typical setting to give

the above temperture was 90 volts.
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The ;éactér inlet iines, incigding the gas maﬁifoid, were heat-
traced in a simiiar manner after Run 32. The héat traciﬁg was re-
quired to prevent élight'HZO COndenSatioh in the inlet line noted
during earlief runs. This line was powered with a G.R.C. Variac,
maximum setting 110 volts, 5.0 amps. A setting of 110 volts gavé

line temperatures of 35°C.

4. Conétant—temperature water bath.
A constant—-temperature water bath was made with an insulated

300-ml round bottom, 3-neck flask. The He diiuent passed thrqﬁgh

the bubbler and then into the gas manifold where other gases wefev
"added. A contact thermometer and relay cortroller wére used fo
control the water bath temperature.' fhe Glas-Col heater was péWered
With a Powerstat Variac, maximum rating 110 volts, 3.0 amps. Typically
a setting around.lO volts was used."Water bath tempefatures were .
‘around 22 - 24°C. SinCe the water level wés only 70“mﬁ'above the
frittéd glass bubblér,'the He was only about 60 - 70% saturated.with~

water.

5. Gas-feed system.

Each'gas,waé metered from a gas éylinder through a needle valve
.and a glass capillafy tube and then iﬁtolthe gas maﬁifqld mixer. Table
”ii -~ 1 lists the source apdvpurity of each gas used.. Except for the
 He, all 6f the>cylihders_used a 20 psig feedvpressure. Pressure taps
'leadihg from the ihlef and ouflet of fhe,capillary weré‘connected to
U.—‘tube manometeré. From Runs 1 through 16 water.waS'used in the

manometers. After Run 16, Silicone 0il (Dow Corning 704 Fluid) was
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used. The.capiilaries were célibrated with either the specific gas
gr N2 at atmospheric pfessure and ambient»tehperature with a séap—
»bubbler meter. N2 was used to calibrate the.gapillaries used for
‘802, ﬁZS, NH3,'and NO since all were found reactive with the soap |
'solution.' The measured pressure drops were corrected for differences
iﬁ viscosity betﬁeen the_gases. Since thé gases were never fed in
all togethef, some flowmeté:s were célibréted,fof more than one gas.

For all the gases except H, and CO, the lines from the gas cylinder

2
- to the gas manifold was 316 S.S. Copper was used for H, and CO.

2
Stainless steel needle vaIVes,(NURRO "g" Series Fine Metering Valves)
| with inlet.filtefs.(NUPRO‘"F" Series Inline Filters) were used with
the capillary flowmeters. The system diluent, He or NZ’ was metéred
' iﬁ with a gléss—ﬁallArotometer (Manostat Corp. No. 36-541—12); The
control on the water féed,rate was the water bath temperature. The
pressure tap 1inesvffom.the manometers to the capillaries were
Tygon  tubing.' Catch'pdts were built in the lines to.prevent'
manometef fluid from contaminating othér equipment if a system upset
_occﬁrred. Thé‘gas manifold was av25;mm X 25-mm X 127-mm block of
'316 staipless-steel. Hoke valves, attachedvdirectly to the manifold,
were connectedjwith_each flowmetef line.  The'systém diluent entered
through the'6.4—mm'center bore. All of the tubing in the‘remainder
of the system was 316 S.S. except:a sho:t Tygoﬁ section_connecting
-the outlet gbn@enser with the outléﬁ syétem'line. The main gas'stream"
tubing 6.4fmh-I.D._ The sampie lines were 3.2-mm I.D. and.the'tubing:

_afound the switch and gas sample valves in the G.C. system was 1.6-mm

© I.D.
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Table ii - 1. Gas-Cylinder Specificationms.

GAS f‘ PURITY & SPECIFICATIQNS o SOURCE
He 99.99% Min. “Uni.v.. of Caiif.? ‘Befk., gas.
N, 99.99% Min.  Univ. of ca'iif, . Berk., gas.
NO © 99,0 % Min. , - Liquid Carbonics Co.
NZO - : 98.0‘2 Min, | Matheson Gas Co.
- No, , 99.5 % Min. - Baker Chemical Co.
.SHs 3?33;2N2?36.éé§0§éH2’ Matheson Gas Co.
SO2 | 99.98% Min. ‘ Matheson,Gas Co.
HZS | 99.6 % Min.l_ .Matheson Gas Co.
coS  99.4 % M1n - K&K Lvaborat‘ori‘es, Inc.
C02 99.5 % Min. ‘ . Matheson Gas Cé.
co ' 99.5 % Min. Matheson Gas Co.
;HZ 99.9.Z-Min. B ’ ' Métheson Gas Co.
0, .. 99.99% Min. Univ. of Calif., Berk., gas.
6. Coﬁdensersfv

a. Removal/regeneration condenser.
A 9.5-mm X 98-mm section 316 S.S. tubing was connected to the
6.4-mm reactor outlet line. Air was blown over this section'during

the runs. The ammonium’salts precipitated primarily in this unit.

'Also trace amounts of sulfur and water'pfeéipitated from the gas

stream if they were high in concentration. This unit was installed
after Run 15. Prior to this run a section of Tygon tubing served |

the same function..



'b. Water;ééllection condenser.'
Atvfhé'étart of each run aftér Ruh_l3, the catalyst was dried
‘_ for 3 hours. Tﬁe desofbed Watér was collected in a U - tube emersed
:ih a dry ice—acetone baﬁh. The U - tube was Pyrex glass. It was
: cénnected to the‘reactOr outlet line and system outlet line with
Tygon.tubiqg.  Typicai1y, the.glass,tﬁbe was removed and weighed
three times duringvthe dryiﬁg period to determine the initial

catalyst»water content.
7. Outlet-line apparatus.

a; Capillary fldw festriction.
In ofdgr.to diQe:t a sample flow:from the inlet and outlet gas
lines, capillary.réstrictors were placed in the main flow stream and
'the samplé loop bypass'streém. The position‘qf.each.is shown in
Figure ii ~ 1.  This prodﬁced a system pressure drop of 25-mm Hg
for the‘32;mm react&r and 100-mm Hg for the smaller reactors. This
'5providéd-é split of 2.3/100 for the inlet séhple flow/total inlet

flow and of 1.8/100 for the outlet sample flow/total outlet flow.

b. Gas scrubber.
After exiting the flow restriction capillary the gases then
passed to a 250-ml catch pot and then into a 250-ml fritted-glass

bubbler. The bubbler was used'to_remove wither NH, or HCl. This

3

apparatus is discussed in more detail in Chapter III.
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CHAPTER JIII

Analytical Systems

A. Gas Analysis.

A large number of reactive gases were present simultaneously
in samples which had to be analyzed in this'experimentai study. The

, NO,

presence of the following gases waS‘pdssib;e: H 37 Ny

9t H20; N2, NH

, CO, CO,, and O,. One approach was to provide .

2 2 2 2

'a selective analyzer for each species. Although reliable instruments
“for this purposé can be purchased, their cost was prohibitive for

this work. A second approach was to use instruments which detect

and quantify all of the gases. Two such instruments are the Mass

.Spectrometer and the Gas Chromatograph.' Gas chromotography was

selected for gas analyéis because of its simplicity and availability.

i. Detegtor seleétion.

éaé,chromaﬁographs can be tailored to a wide rangé of applica-
tions. The types of deteétbr and column packing vary with the speci—
fic application.  The combination of.gases-listed above can be
analyzed best wiﬁh a therﬁal conductivity cell (Katharometer), an

electron Capture detéctor, or a gas density detector. The gas den-

\

‘ sity detectof, although good for corrosive gas analysis, is not re-

commended for use with helium, the system diluent in this work. The

electron capture detector is. recommended for gas concentrations less

than 10 ppm. It can be modified to work in the range of 10 to'lO4ppm.

With this.modification’its sensitivity decreases to that obtained

with the thermal conductivity ce1l {(Mitchell, 1972). Two available

55
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gés chromatograbhs with.thefmal coﬁductivity éellé were.used‘in this
study.

A major déficiéncy;bf.thermal,conduétivity;detectors is that
‘they react in véryiﬁg degreés with certain gases. Oxygen and sulfur
cémpounds are.ésPecially“reaétive; Rhenium—tUngsteh'and'nickel_
filaments weré used because of theif low readtivity>toward.oxy§en
and sulfur compounds and their corxosioh resistance (Gow-Mac). The
rhenium-tungsten filameﬁt has the added advantage‘of a relatively

“high sensitivity; 

2. ‘Column selgction.

A literature review and private conversations with technical
representétives of Varian Aerograph revealed that no one column
packing would produce all of the désiréd gas separation. Therefore,
two packed columps connected in séiies'werevrequired..Polymer packing

which has a small degree ¢f polarization is effective for the separa-

O,.NH 5

tion of H,, CO,, N, 3 HyS, COS, SO,, and H,0, Group I. Molecular

‘Sieve packing effects the separation of HZ’.OZ' N2, NO, and CO,.
Group II. '

In the first third of this work, Runs 1 through 16, Chromosorb .
104, a cross—linked'polystyrene matrix with no coating, was used
- for separating the Group I gases.. The major reason for selecting

» H S,

Chromosorb 104 was that it reportedly separated NO 5 2

5 f:om QO

. ‘HoweVer,'it irreversibly adsorbs NH

C0s, and 802

3 and,HZO. Since
the analysis of these two gases was important in the later part of

the expermental wérk, after Run 16, Porapak R packing was substituted

for the Chrbmosorbvlo4. Porapak R is a porous cross-linked polymer

r
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bead packing made with .a small amount of polar monomer. This packing
separates all of the gases in.Group'i, but does not pass NOZ' As
expected, NO2 was not found in the first part of this work, so this -

"was not a major limitation.
Porapak R was selected after screening seven different columns. .
The hardest criterion to meet was to find a column which gave the
desired peak separatibns with a minimum amout of tailing. The HZO"
SOZ’ and NH3 peaks generally had tailing, NH3 being the worst in this.
regard. A quélitatiVe comparison of NH3 peaks on these columns is
given in Table iii-1.
Table iii-1 Qualitative evaluation of low céoncentration NH3 peaks
on several columns.*
Column _ ‘Dimensions Temperature': Comments
cm x cm °c)
Chromosorb 104 0.635 x 305 - 120 V Tail continued for over
: ' 5 min.
Porapak Q 0.318 x 214 110 . Tail ended after 5 min.
Porapak R -0.318 x 92 92 Almost no tail after
' ' g ' 5 min.
Porapak T » 0.318 x 92 120 = Significant tail after
' ' 4 min.
Porapak Q 0.318 x 214 :
N 130 Almost no tail after
Porapak R 0.318 x 92 4 min. ‘
- Carbowax - - 0.635 x 305 155 - Tail continued for over
' ' 5 min.
Carbowax : , .
_ on .0.635 x 153 - 156 Tail continued for over
Fireprick . ' ' 5 min.

* NH3 concentrations ranged from 1-4% in this Study.
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Only ﬁhe Porapak R colu@n gave a reasonable pgak for NHj.at fhese
low levels. Although qﬁantification<was,possible»at the 1 té 4%
Ievel,.lowervcancentrationéfproducéd peaks‘wﬁich were‘primarily of
qualitati?e‘yalue;  Wilhite f1968)'also reports thét ﬁailing of
NH3 océﬁrs at léw.temperature programming. Landéu (1973) reports
3

tailing of NH, at low concentrations on a combined Porapak R and

polyethyléneimine—coated Porapak R. From the referenced and present
work it is obvious that ﬁhe'quantitative analysis of low NH3 concen-
vtrationsfwith a gas chromatograph has not yet been achieved. Ihe'

-NH3 peaks wefe pfimarily used to eonfirm-the presence of NH3 qualitaf

tively. A bubbler containing an HCl solution collected the NH3 to
give a cumulative quantitative sample. This procedure will be de$4'

cribed in‘sectiqn B.1. . ‘

Molecular Sieve SA packing, a synthetic zeolite, separated

' Grogp II gases. It.was seieéted for its ability to separaée 02, NZ’,
"NO and‘CO without”giving-gxceésivelY»long tailing patterns for NO.

Prior to Run 17, H, was also separated with this packing. In the

2

later'part of this work, the H, peak on the Porapak R column was:

2
monitored since this column was connected to the more sensitive

rhenium‘tungstenldetector..

3. Célumn performance.

Gas chromatogfams of the two G;C. systems, Chromosorb 104 in
series with Molecuiar Sieve 5A and«Pbrapak R in series with Molecular
Sieve SA,"are giﬁen in Figures iii-1 and 2.

Since-éli of the g;seé ﬁere never present.in ahy one chromatogram
v in either.system, these figures are a composite of several samples.

A two-pen recorder allowed simultaneous detection of peaks from both
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Fig‘. iii-1. Gas chromatographic trace: Chromosorb 104-molecular
S - Sieve 5A. '
Chromosorb-104 ~ Molecular Sieve 5A
Gas % Attn. Span Gas % Attn. Span
_ (mv) - '  (mV)
- a. COp, 1.0 8 1 h., Hp, = 3.6 1 0.2
b, NO 0.80 - 8 1 i. 0, 1.0 1 1
‘c. COS 0.34 2 1 j. N 0.05 1 0.2
d.. Hps - 2.0 4 2 k. Ng) 0.32 1 0.2
e. SO, 053 2 1 1. co 037 1 0.2
f. NOp/ 34 - 2 2
g. HZ,Oz,Nz,NQ,CO
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Gas chromatographic trace

‘Porapak R - molecular sieve 5A.

. Porapak R ‘ Molecular Sieve 5A
Gas %  Attn Span . Gas %  Attn Span

| e (mv) | " (V)
a. Hy 2.0 1 0.2 jo O 052 1 7 0.5
b. CO, 2.58 1 10 - k. Np 0.17 1 0.2
c. Nzé 2.0 1 10 i. NO 0.25 1 0.5
d. NH3y 0.24 1 1 m. CO 4.3 2 1
e. HyS 0.92 2 1 :
f. COS 0.34 1 1
g. Hz0 1.3 1 1
h. SO, 0.71 . 1 1
i. 02: NZ’ CO NO



chromatographs. Sihce the recorder had only one integrator, which
could be switched to either pen, it was advantageous to have the
peaks eluting at different times. .In the first system, Figure iii-1,

all peaks except’N from the Molecular Sieve, and H,S from the

2 2

Chromosorb 104 elute at different times. In this case the,N2 peak

S peak area was counted by

area was manually calculated while the H2

the integrator. The excessive tailing of NO and CO is both a
reflection of noise at the 0.20mv spah and some tailing. The

tailing of NO even at high concentrations permitted only

2
qualitative analysis. In the second system,_Figure iii-2, the
NH3 peak area was either manually calculated'bi‘only used for

confirming the présence of NH Either the CQ or stvpéak area

3
was manually calculated while the other was counted by the disc

integrétor.- The detailed description of the sampling techniques

and equipment. arrangement is given in section 5.

4, Column preparation and:treatment.

The 305-cm x 6.4-mm :Chromosorb 104 column, mesh size 60 to
"~ 80. (250-177 um),316 stainless steel (S.S.) wail; was purchased
directly from Varian Aerograph. The packed qolumn was pretreated
by heating to 230°C under a-helium atmosphere fof 12 hours..

The 305-cm x ‘6;4—mm'Porapak R column, mesh size 80 to 106
(177-149 pm) 316,(S.S.'wali, was made in this laboratory. The

steel column was cleaned with the following seQuence of solvents:

Table iii-2. Sequence of solvents for cleaning column casing.

Acetone : 300 ml

- Chloroform 300 ml
Toluene 375 ml
Methanol 175 m1

Acetone : 100 ml

61
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The tubing was dried in a helium atomosphere before it was packed.
Then while the tubinngaé still straight, the packing'was added.
C¢nstant-rapping insured eQen filling. Glass wool plugs held the
paéking in thevcolumn. The column was pretreatéd by heating to
245°C in"a.helium‘atmosphere for 12 hours.

-Tﬁe' 305;émlx 6.4~cm Molecular SieveISA column, mesh size
30 to 50 (SOO;ZSG um), S.S. wall, was made in fhis 1aboratory¢ The
.same cleaning and'packing pfocedureS'described‘for the Porapak'R
column were used. The initial column pretreatment was that reported
2 by bietz (1968). Imn addition_to desorﬁing all gaseé, Dietz found |
that the column must be treated to prevent excgséive pailing at
low NO concentrations.

Dietz describes his téchnique as one which firét adsorbs NO on
very active'sie§e:sites. This adsorbed NO is permanently fixed to
these sites'bf reacting it with 027t0>form'N.O2 in situ. This‘pro—
cedufe eiiminates‘later adsorption of NO by active adsofbing sites,
thereby greatly reducing NO tailing.

The summarized pretréatment described by Dietz is listed béiow.

1. Actlvate the sieve by heating to 300°C under vacuum for
' 20 hours to desorb all gases.

2. 'Break the vacuum at 300°C with NO, malntalnlng a low NO
flow for 1 hour to saturate the column

3. Cool the column to 20°C continuing to saturate with NO
for another hour.

4. Flush the column with Helium for % hour to remove all
nonadsorbed NO. Add a stream of 02-at 25°C to form NO2
on ‘the active sites.

5. Raise the temperatﬁre to '100°C with the O, atmosphere and
hold for % hour to insure that O, and NO react.



- With .this technique Dietz reportéd NO detection limits of
12 ppm.

The same pretreatment in the present study did little to de-

crease the NO tailing. Figure iii-3 shows a 7,6%[NO] peak with exces-

sive tailing. A Qore detailed look at Diétﬁ's'work revealed that
the column was subjécted to temperaﬁure programming up to 250°C.
In contrast,‘the operating columnAtemperature in this work was
120°C. 'Joithe (1972) found that the presence of NO, on adsorbed
Moleduiar Sieve 13X aids in the adsdrption of NO at 25°C. Similar
behavior may occur on the Molecular Siéve 5A if thg édsorbed NO2

is not strongly held. By heating the column to 250°C, Dietz de-

sorbed the majority of the loosely held NO

2. Since the maximum

column temperature in this study was only 130°C, the’lbosely held

2

NO_ is-thought to have.been present and partially reactive toward

the NO in the sample. Higher temperatures were tested to find the

point where loosly held NO, would be desorbed and tightly held NO

2 2

would be retained. The temperature of 250°C gave the best NO peaks.

Figure iii-4is a trace of an NO peak. This peak is 1.17% and

. uses the 0.5 mv span yet still has a smaller degree of tailing

than the 7.6¢[NO] shown in Figure iii-3. The pretreatment for the

A'Molecular Sieve 5A column is therefore that reported by Dietz plus:

6. Heat the column to 250°C under a helium atmosphere for 8
hours. :

During Run l4,lthe NO peaks beéah to tail and 1ar§e discrepan-
cies developed between the inlet NO concentrations obtained by G.C.

analyses and those obtained from flowmeter reading. The column was
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regenerated following the six-§tep pretreatment deécriﬁed above,

but this did nbt lead to complete NO sample elution or sharp peaks.
Se&eral vari;tions’qf thié procedure failed to regeneraté the Mole-
' cular.Sieve 5A'c61umn sﬁccessfully,

h A.sécond, identical column was made. Aftér theléix-step pre-
treatment this column ptoduced good quality‘NO peaks. This same
'.éolumn—poisoning phenoménon éccﬁfred following Run 3Q. As befqré
a new, idéntical Molécﬁlar,siéve column, pretredted as déscribed,
‘produced good quality NO peaks. ’
| Before Run 14 All of the sulfur cohpounds wereJSent'directlyl
to Molécularléieve,SA column where they_we;e irréversiby adsorbed.
These adsorbed compounds‘ére suspected of poisoning the Sieve.

After Rhn 16, a bypass'valve was installed after the Péfapak ﬁ'
column to dump these cqmpoﬁnds and water before they entered the
'secopd column.  This is described in section 5. ‘Several times after
installation this valve was not switched at the prope;.time, allowiﬁg_
fhe éulfqr gases and watgr to pass info'the'sieve causing a poisoning

similar to.the first case.

5. Chromatographic, recording and integration'equipment.
The columns and detectors diséussed above were housed in the

following specific chromatographs.

Table iii-3. Gas chromatographic equipment.

Position in Sequence Column 1 : Column 2
Manufacturer : Varian Aerograph Varian Aerograph
Model No. : - 90-P ' A-90-P

Colunmn Chrom.104 Por R. Molecular Sieve 5A
Detector .- o ' Re/W Re/W Nickel

Column Temp. (°C) - 100 85 .. 120

Detector Temp. (°C) 120 165 ~ 155

Filament current (ma) - ~ 180 . 180 © 180

Helium Carrier (ml/min) - - 80 80 80

Heljum Reference .(ml/min) 7.1 - 7.1 7.1
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In the first third of-the study, through Run 16, the two
machines were connected in series. The entire effluent from the
Chromosorb 104 column was fed into ﬁhe Molecular Siéve 5A column.
In the last part of the work the two machines were interconnected
to allow both series ahd parailel operatioh. The columns werev
operated in the series mode until the wéve of Group I gases had
left the first column and entered thé_Molecular Sieve 5A column.

A switch valve. arrangement, shown in Figure:'iii-5 then allowed the
other gases which separated on the first»column to bevdiscarded
before they_passed into the Molecular SievefSA column. It also
provided a éeparate and parallel helium.garrier for fhe Mélecuiar
Sieve 5A column after the gasés to be separated on it had eluted
from‘the first column. .The 6—port‘Varian Quad—ring valve was
switched at 2 minptes after sample injectioﬁ, Fiéure iii—z. The
reSulting‘pressure surges.in'both columns rapidly decayed.

A Leéds andeorthrup Speedomax XL ﬁecordér 600 Series with a
Series 2000 Disc Integrator was uséd to recofd the peaks andbthgir

_areas. The_recorder‘has two channels one of which is connected to
vthe integrétor. A switching arrangemept shown in Figure iii-6.
enabled the inteérated channel to be ﬁsed on either column. In
this way, the output signals from both colgmns could be monitored
simultaﬁeously and the peaks f;om both columns eould‘be integrated

as long as they had - different retention times. The channel without
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the integrator was also. used for monitoring the voltage output

from various thermocouples around the system.

6. Gas:sampling;

The gas samples were injected in£o the_colﬁmn with a 6-port
Varian Aerograph'Quad—ring valve. Prior toﬁRun 8, all samples were
'éollected‘in nominal.z—ml pYrex gas.samp}e loops with teflon valves
and tpansferred to the G.C. . Prior to purging these loops with the
carrier,.the connectiné lines between the valve and the loops wére
vevacuated and filled with heiium. After Run 8, a continuous sample
| purge was maintained in a 2-ml, 316.stain1ess steél saﬁple loép.
This could be'either.the‘inlet or outlet samplé. The 6—port‘valve

was again used for the sample injection.

7. Calibrétion éﬁé’detection limits for G.C; analyses.

The response of the ch. columﬁs'to_gaées was aetefmined by
passing:a stream of a particular gas at atmospheric éressure through '
the 2-ml-sample loop and then to a bubﬁier.' Aftér at least 5 minutég
of puréiﬁg, the response‘fo: thaf gé§ was recorded.several times.

In all cases except H 0, 100% gas concentration was ,used.

2 ahd H2
The number of integrator counts is multiplied by the p:bduct of

the span and ‘attentuation to give-the relative.area. The standard
areas and their relative standard deviations are»given in Table iii—4.
' The‘coiﬁmhs wefe n&t recaiibrated oh a regular basis but'rathér

when sy;tem changesvwere made or when'large discrépancies developed
'betwegn thé conqentratioﬁs calculated from the flowmeter readings

and the G;C. vélues for inlet gas samples.: Thé large standard

deviatign for SO, in Table iii-4,11.6%, represents the difference

2

*r
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between -two éalibrations-S‘months apart.

The caiibrations presentéd in Table iii-4,are for a sample loop
temperature of 21.1°C._ Wﬁén the_outlet lines and sample loop were
heat traced, after Run 26, the temperature was 58.9°C. At this
pbint, the calibrations wére adjusted down by the factof 1.128, the
ratio of absolufe temperatures. A check was made with 0.195% O2 when
the témperaturés were 22.8° C & 57.8°C. The predicted fatio was

1.12 and the experimental ratio was 1.17, within 5%.

Table iii-4. Percent standard deviation in gas chromatographic standards.

PERCENT
GAS COLUMN STANDARD DEVIATION RELATIVE AREA -
co, . Porapak R 0.41 B 142,933
T Chromosorb 104 0.88 . 148,838
N,0  Chromosorb 104 0.14 . 129,408
cos ' Porapak R . 0.45 : 161,152
" Chromosorb 104 0.39 185,940
sog ' porapak R 12.0 . : 148,304
Chromosorb 104 : , 2.0 o 177,152
HS Porapak R 1.1 - 133,424
: Chromosorb 104 , 0.60 112,384
HéO(l%) Porapak R _ 7.9 . 2,695.3
NH, . Porapak R 0.53 . 88,062
H, (1%) Porapak R 4.4 : 24.74
Mol. Sieve 5A - 12.0 ‘ 6.94
N, Mol. Sieve 5A 0.34 31,725
02 - Mol. Sieve 5A 0.34 28,592
co Mol. Sieve 53 - 0.22 ' 30,387
' NO Mol. Sieve 54 0.74 28,592
~ NO Chromosorb 104 (Only qualitative value)



- In addition to.the calibration values, the detectable
limits of £h¢_m05t>importaﬁt'gases weré-détermined‘. fhe detection
‘1limits of the rem;ining gaéeé were estimated. In the context oﬁ this
~work, the'defeétion limit is the‘lowest.conéentratioh which can be
deterﬁined within an accuracy of about 25%.  Table iii-5 lists £he_

detection_limits and the elution times of the gases. The Molecular

Sieve 5A times are for the Porapak R-Molecular Sieve 5A system. The "

high detection limit for H2

is a result of the close thermal con-

. The high limits for NH3, H'O.and SO, on

2.

dﬁctivity of He and H 2

2

on Chromosorb 104 columns result from the

» fhe Porapak R and NO2

tailing of each gas.

8. Interactions of gases in chromatographic columns. .
The discussion in this chapter so far has centered on analysis

of individual gases with no mention of samples containing multiple

reactive gases. Unavoidable gas interactions were found when multi-

élé gases were anélyzed. ‘These interactions.resulted in lower con-
centratiéns being reported for some gaées. This séction discusses
the intefactiqns and the téChniques used to estimate gas concentra-
tions éérréctly.

In_thg init%?l_stages of this work multiple gas streams were
metered-into a ﬁelium diluent.: This mixture.WAS then sampled and
used to determine the conaitions necessary for peak sepéfation.
During this w0rk it was noted that the gas concentratiéns calculated
from the flowmeter readings did not always correspond to theichroma_
- graphic values.‘_This was noficed especially when there was a combi-

nation of st and Sozvor NO and 0O

9" These proved to be the two
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major‘interactions. A secondary interaction was the effect of
H,0 on the.HZS/SOé.ihteractiéns.
Table iii-5. Detection limits of géses.
ELUTION* . DETENTION  ESTIMATION
GAS TIME (min) - COLUMN LIMIT (ppm) TECHNIQUE
H, 2.0 Molecular Sieve 5A . 6,000 . Direct (2/14/73)
1.15 Porapak R 2,000 Direct (Run 42)
CO2 1.2 - -Chromosorb 104 100 : Direct (Run 13)
2.50 Porapak R . o 100 '~ Direct (Run 28)
vNZO 1.4 ' _Chromésorb 104 100 Estimate from CO,
2.70 : Porapak R o 100 Estimate from CO,
NH3 4.7 ¥ Porapak R © 2,000 Direct (4/10/73)
HZS 3.2 - Chromosorb 104 - 150 - Estimate
_ 6.5 . Porapak R. : ' 150 Direct (Run 39)
cos 2.1 * Chromosorb 104 | 100 . Direct (Run 13)
9.7 . Porapak R ‘ : - 200 Direct (Run 30)
H,0 18.8-19.8 ~ Porapak R 2,500 Direct (Run 29)
S0, 7.7 - Chromosorb 104 250 Direct (Run 13)
27-29 Porapak R 800 Direct (Run 29)
NO2 17.5 } Chromosorb 104 © 10,000 Estimate (5/5/72)
0, 3.3 Molecular Sieve SA - = 40 Direct (8/18/72)
N2 - 3.9 . ~ Molecular Sieve 5A 40 Direct (8/18/72)
NO 4.9 Molecular Sieve 5A 200 Direct (8/14/72)
co . 6.2 ~~ Molecular Sieve 5A 200 Direct (Run 13)

*Elution time for.1ow—concentration'samples. Actual values at 100%
level are slightly greater. ‘

In view of the sulfur—fprmation reaction between HZS and SOZ’

: -
‘these gases were never used together in the inlet stream. 1In two

of the later rums, 37 and 38, there were outlet samples'in which both
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were pfesent.A Iﬁ this case, however, one-wés much greater in concen-
tration than'tﬁe,other and_there was no noticeable interaction.

There was approximately a 10% loss in the 802 peak area_when
water was in the saﬁe sample. This was gauéed by a definite broadeﬁ_

ing of:the ﬁeak which increased the 802 detection limit. The forma-

tion of sulfurous or sulfuric acid in the column may have been the
cause for the slower desorption. When HZO and SO2 were present in

the inlet,-the'SO flowmeter value was used to determine the inlet

2

50,. The outlet samples only had S0, and HZO present in those runs

in which the'catalyst/absorbent was deactivated.

2

ceed that of 502 (Chapter 1v, Section_E.l.b.),‘low 502 concentrations

Since the highly detectable H,S and COS breakthroughs must pre-
did not exist in the outlet during the removal steps. After the 50,
breakthroﬁgh, its measured concentration was increased by 10% to
cbmpenéate for the analyticél loss.

Prior to Run 25, NO and O, were never present together in either

2
an inlet or an outlet gas stream. In the méjority of the following

runs, both were present in the inlet gas stream in concentrations of
2 from 0.5% to 1.0%. 1In these runs, tlie

flowmeter readings for each gas were used to obtain their inlet con-

NO from 0.3% to 0.5% and of 0

centrations. Typically the outlet streams from these reactions con- .
tained neither NO nor 0,- In some of the runs where the catalyst/
absorbent became deactivated, hoWeVer, the run was continued until

both O2 and NO eluted. In order to determine the extent of interaction
of NO andj.'O2 on the G.C. column a separate study was made.

After Run 30, O

) (0.22%) and NO (0.56%) were simultaneously

el
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Aénalyzed on what was found later to be a poisoned Molecular Sieve

- 5A coiumn. Three samples feported an average of only 73% of the

02 flowmeter level and only 54% of the NO flowmeter level. When the

g Was cut off, the average NO level in three samples was still only

-54%. 1In this case, the apparent loss of sample was due to the N02,

>

HZO’ and sulfur compounds adsorbed to the sieve.

When the new.Molecular Sieve 5A column wés made and pretreated
as deséribed_in section 4, simultaneous sampling was still not.quén_
titative,  Féur separate samples of [NO] from the Molecular Sieve
évéraged40,482_for an NO flowmeter level of 0.50%. This 4% losé is
within experimental ertror and confirmed that NO could be analyzed
separately. Three inlet samples with both NO and 02 présent in Run
31, the first run following the new column installation; reported

losses of both NO and 02. The ratio of the G.C. to flowmeter con-

. centrations for NO averaged 0.88 and the G.C. to flowmeter concentra-

tion for 02 averaged 0.77. The ratio of the NO concentrations for

two inlet samples in Run 33 averaged 0.58, while that for O2
averaged 0.65. The NO and 02 concentrations were the same in both

runs. Subsequent runs with NO and O iﬁ the inlet gas showed the

2

‘same trend. As with the stﬁdy on the poisoned column it appears

9 is formed which is subsequently reactive with later

NO samples. An estimate of the final NO and.O, in the outlet samples

2
was made using the factors of 0.54 for NO, and 0.73 for 02 mentioned

earlier. Since a constant correction factor was not found, the NO

and 02 removals fdr'thevruns which resulted in deactivated catalyst

are at best only estimates of the actual value. The important runs

 with active catalysts were not affected. Inlet NO and O2 values from

75
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all runs.were”obtained_from-the flbwﬁeters as discussed earlier.
joitﬁe (1972) has shbwn’that MélecuiarvSiéve 13X can catalyée
the ogidatiqn of NO to NOZ’ and that NO2 can also aid in the adsbrp-
tion ofiadditional NO. Similar, if not the éame, reéctions are
.undoubtéAIy occurring on the SA sieve used in this work.__Since

the NO, is irreversibly adsorbed, there is a net loss of nitrogen

2
oxides and O2 in the column when Oz'is.prgsent. Fortunately, this
ihteraction‘was,not significant when both 02 and NO were present

at Very low concentration, less that 1000 ppm. The lack of inter-

action was evidenced by the detection of low NO and O2 concentra-

"tion in the effluent streams from the deactivated catalyst/absorbent.

B. Wet-Chemical Gas Analysis.

In addition fo.the chromatographic gésvaﬁalyses discussed in
lbséétion A, a ffitﬁe&—glaés'ﬁubbler was used ;o absorb NH3 in thg
removal runs and SO2 in thg regeneration rﬁns.._Aﬁmonié collection
- was neceésafy since fhe G.C. was_nbt able_to-determine accurately
the low éoncéntration present. Sulfur dioxide collection was nec~
essary during regeneration, especially'in the runs with éhort reéi—
dence ﬁimes; .Iﬂ these runs, the Sdz eluted from the entire bed

more rapidly than .the G.C. sampling could follow.

1. Ammonia céliection. v : ' A 7_’

Beginning with Run 19, tﬁe effluent gas from ali‘runs in which
NHB-could be formed was passgd into.a finé fritted-glass bubbler.
The solutions in the bubbler ranged from 0.02747 N to 0.05382 N Hbl.

The liquid height above the bubbler base was 90-mm with 150Hm1 of

T
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acid and 115 mm with 225 ml of acid. The concentratidn of acid

depended on the total amount of NH expected during a run. At

3
least 150 ml of acid was used. The scrubber efficiency with 225-m1

of solutions and -3.6% inlet NH,_ was 93%. This was determined from

3
both G.C. and flowmeter NH, measurements. After the run, a 25-ml
aliquot of the scrubber solution was titrated with NaOH solution

" to determine the NH3_pick—up. " The NaOH and HCl solutions were

’Standardized against potassiuﬁ acid phthalate (KHC8H404) solutions.

2; | Sﬁlfur'dioxidé collection.

An NaOH soiution was uséd to écruﬁ the regeneration gaseé
in the Samg wéy iq which the NH3 was removed. The concentration
ranged from 0.08024 to 0.9885 N NaOH. This éolution_was titrated
with HC1l and the endpoint determined with a pH meter. The effi-
éiency of the scrubber was 93%. This efficiency was determined by
using 3 fritted-glass buﬁblérs in series to remove all of the 0.547%

.

802 from the inlet gas stream.

C. Catalyst/absorbent analysis.

After'each'run, tﬁé catalyst was qualitétiVely t¢s£ed for its
magnetic préperties and colof. Intermittent tests were rumn to
determine thé presence of iron sulfide. Quéntitati&e testé were
- made at the end of the experimental series to determine the aﬁoﬁnt

of sulfur in the catalysts.

1. Qualitative tests. -
A magnet was passed over the catalyst after the run to detect

the presence of Fe304. Typically all of the catalyst material after



reduction, removal reactions, or regeneration_reaétions exhibited

4
The .fresh Fe203 éatalyst was bright red. After either reduc-

tion or removal:reactiohs in which no deactivation occurred, the

- some Fe30

catalyst was black. The Chemical Handbook gives black as the color

for FeS, feo, and Fe304. When deactivation occurfed the catalyst
became a_duil orange color. In the short—reéidence-time runs, after
Run 36, the black pérticlés were slightly morevmagnetic than the
'rgda

The presence of-FeS was determined‘by the evolution of HZS when

the catalyst was acidified with HC1.

2. Quanti;afive fests.'

Aﬁ oxidation reaction similar to the regeneration runs was
usea to‘deterﬁiqe the amount of sulfur infthe_catalyst.‘ All of
the cataiyst from each rqnfwas ground ﬁp and thoroughly mixed. A
éméll Sample, about 1 gram, was placed in the 0.95-cm reactor ?nd

~ heated to 677°C. A 1% 0, stream oxidized the sulfur to S0, for 1

2

‘hour. The 802 was collected in an NaOH'scfubber;
Table iiiPGgives‘a listing of the S to Fe ratio found with
this technique. The value of S/Fe fme the gas analysis is based
on the net loss of sulfur from the gas stream less any sulfur which
precipitated. Large discrebancies exist between these two esti-
matés.of the sulfur on the solid. The solid analysis reported in

this work is that based on the calculated values. This method had

less room for error. than thé stripping technique.
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Table iii-6 Comparison of S/Fe ratios

Calculated from Calculated from SO

- Run Net SOé Absorption _ Evolution at 676°C2
27 ‘ 0.51 oo 0.28
29 ‘ ©0.30 ' ‘ 0.52
30 : 0.20 '0.29
31, 32 . 0.57 ' 0.58
35 0.57 0.76
36 0.94 0.76
37 1.01 1.06
38 B 0.25 T -
.39 - 0.96 0.64
40b, 40c . 0.91 - 0.87
404, 40e . 1.00 ’ 0.75
41b, 4lc 0.48 _—
414, 4le 0.65 : -

42 1.30 1.12

D. Precipitate Analysis.

" There were two basic types of precipitate which formed in the
outletiline, sulfur and ammonia—sulfur‘saits.
Thése were first tested for their water solubility. The sulfur
was insoiuble and thg salts were soluble. Some df the sulfur samples
. were heated to confirm that only a sulfur smell developéd. When the

salts were heated, an NH, smell developed. When an HZS smell developed

3

in conjunction with the NH3, the solid was NHAHS. When an 802 smell

developed the solid was'(NH4)2SOB. In some cases, an NH3 smell

developed when the precipitate was dissolved in an NaOH solutidn;
but no sulfur gases eluted upon either heating or acidificationm,

This eliminated NHAHS or (NH4)2803 as the precipitate: Precipitation

in a BaCl, solution of the salt confirmed the presence of SO4 . As

2
much of the precipitate as possible was collected, but because of
'HZO adsorption as well as precipitation after the condenser, a

, quantitative measure of the precipitate was not always possibie.
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E. Experimental Error.

The experimental erfqr caﬁ be separated into six independent
‘areas: - |

1. Gas chromafographic analysis.

2. 'Integration of efflqent gés profiles

3. ‘Catalyst weight measurements

4. Capillary gas fléwmeters

5. 'Conaensate and/or‘precipitate in system lines

6. Effluent gas scrubbing with either HC1l or NaOH solutiomns

1. Gas chromatographic ahalysis,

The error‘ih the G.C. determinations vary with the gas and the
ICQlumh'used. In the first part of this study, through Run 16, a
Chromosorb 104 célUmn was used to deferminelcoziand sulfur compounds.
In the last part of'tﬁis work, it was replaced with a Porapak R

‘column which also separated H,, NH, and H,0. A molecular sieve 5A

column was used to analyze the remaining gases. The relative per-
cent ‘error in the standard for each gas was given previously in

Table iii-4, Except for Hz and HZO‘all gases were standardized at

100%. The large error in SO and'HZO standarizations on the Porapak

2

R column was due to erratic tailiﬁg patterns. The large error in

H2 on the molecular sieve column results because the signal is quite

small and is therefore difficult to quantify accurately. The efror

9 was separated on the Porapak R

column. The remainder of the. gases had errors of less than 3%..

was significantly lowered when H

The assumption of a linear scaling factor of these standards to

~ lower concentration was used. To the extent that this assumption
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does not hold, the actual errors will be greater than those pre-

sented.

2. Integration of effluent Jas Peak-profiles.

Manual plotting'and integration of peak profiles with time
. gave the total change in céncentrétion of each gas for the run. The
'trapezoidal cufvg,approximation technique was used for the integra-
tion. The greatest grfor in this part Qas associated with curve

‘estimation, especially in short residence time runs where rapid

breakthrough occurred. It is not possible to quantify this error.

3. Catalyst wéight_measureﬁent

A Mettief bélance, accufate to within 0.0001 g., gave negiigible
error in the aétual weighing process. The loss of catalysf in the
reactor and or the water cdntent ofvthe catalyst contributed greatly
to sample weight erfor. When 3.2-mm ~ pellets were used there was
essentially no sample loss. With 1/4mm’t§‘1/2mm.sized particles
some matérial was embedded iﬁ the glass wool.plugs. Since glass
wool looses binder when heated and frays quite readily when removed
from the smaller réactors, the exact amount of material lost could
" not be detefmined. An estimate of this would be less than 0.5%.

Not until Run 19 was the catalyst dried for 3 hours at 370°C
before use. These conditions were necessary to completely remove
all of the adsorbed water. Before this run, the drying conditions
varied from a,vaéuum‘oven at 115°C to drying at 370°C for 1 hour in
the reactor. Typical water contents of:the catalyst were around
2.5%. The first téchnique reported values from 1.8% to 2.1%. This
would'méan that.the weight loss in runs before Rﬁn 19 were at'ieast

0.5% in error.
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" Even though these tﬁo>errors are very small it is of the4_
order of tﬁe calculated weight changes frém the reactions. 'This
means that greater than lOb%,érror~mayAexis§ because of the uncer-
tainty in water lost fromAthe Eataljst. ‘After Run 19, the error

:was smaller iq the water determination but when thé'smaller pérti—

cles were used, the effect of weight loss again became important.

4. Capiilaryiflowmeters.
Ail gases_were'meterea into the helium diiuent'with capillary
‘tube flowmeters. Heliuﬁ was metered with a rotameter.
Maximum'and,minmumvpgrcént deviéﬁion of.daﬁa points from fhe
average straiéﬁt ling apprdximation for the flow charactefistics

are given in Table iii-7.

Table.iii;7. Percent standard deviation in gas flowmeters.

Percent Standard Deviation

GAS* - Maximum . Minimum
co ; 10 0.81
50, o 5.5 L3
O, o 4.1 1.3
H,S - 6.1 . 1.4
0, o 5.2 0.67
NO : 1.3 : 1.1
NH, o 8.2 1.2

He . - - 0.45 . -0.30

Maximum deViatioﬁs reflect lower inWS, while minimum deviations
| reflect.highef flows. Thé lowest flowé USea in these calculation

corresponded ;ovthe lowest'percen;agesvof each gas.used in the

sﬁudy; The large CO efror is present only in the first few rums

where CO was below 0.5%. In the simultaneous removal runs, the
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error‘wou1d.be less than 27. NH3 waé_fed only to.chéck one reaction.
The ‘other maximﬁm e£rors correspond to gas'coﬁcentrations typically
used in the simultaneous runs. Thgrefore, flowmeters‘réflect errors
ranging‘from 2 to 7%.

5, Condensation and/or éreqipitafion in system lines.

Appfeciable errOrsrin effluent gas concentrations resulte&

from condensation and/or précipitation in outlet lines. Sulfur pre-
cipitate was first nqted-in'the outlet line in Run 1. ABetweeﬂ Runs
1 and 12 only trace amoﬁnts were noticed. After Run.lé,'a large
build-ub of sulfur hélfway betweeq the reactor outlet aﬁdfend of

the oﬁtlet_line was found. Reactionsjméde-in Runs 9-12' could have
deposited some of-thié precipitate.V'Distribution of sulfur between
‘these runs -‘is at'best a guess. A secondary heater was added to
prevent sulfur.cohdensation deep within the reactor tube. It main-
;tained temperatures between 157°C and 270°C, In later runs, sulfur
pfecipitéﬁed'in a removable air codied stainless steel condenser
which could be cleaned and weighed. Sulfur—defermination errors
after Run 13 were ébdut 5%. A second type of precipitate which
developed was ammonia—sulfur.salts, NH4HS, (NHA)ZSOB’ apd (NH4)ZSOA'
These precipitates were first noticed after Run 22. . Collection of
 fthese in thevair¥cooled condenserFWaé ﬁOt as efficient as sulfur,
since their cpndensation temperatures ére loﬁer; These salts some-
times coﬁdénsed ih‘the outlet sample line and sample loop of the

G.C. Outlet lines were heat traced after Run 26. Still some precipi-



84

tate collected at the switch valve in the'G.C,f Quantitatively this
.was a small percentage of -the total precipitate. Its effect on

the H

2 2

adsorbed or reacted to form the precipitate.

0, SO, -and NH3 levels was more pronounced. These gases

6.. Effluent gas scrubbing,

3,

The HC1l and NaOH scrubbers used to collect the S0, and NH
‘respectively, were only 93% efficient. A series of 3 bubblers was

used to determine the efficiency for both NH and Soé Standard

3
-solutions and titrations used to determine the amount of gas

scrubber were within 5% experimental error.

7. . Summary of expefimeﬂtal error analysis..
The main error in.these experiments is associated with the_‘
measurement.of the weight change of the catalyst over the run.
‘In view of this,_matérial_balances td'estimafe the sulfur gained
and the éxygen.lost from the catalystvwere done with thé changes
rin gas composition. Since only an accurate measure of_fgiativeAgas
‘ éoncehtrétions was require§ to calculate the percent_re@éval this

value has less than 5% error.
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CHAPTER 1V

Experimental Results

A. Initial Process Studies.

The initiai studies confirmed»that the proposed process
chemistry .was feasible. The 32-mm - reactor and 3.2-mn' Fe/Al,0,
catalyst/absorbent pelieﬁs were used in these studies.

1. Reduction'of NO with CO over I:oh Oxide.
The reduction of NO with CO 6ver iron oxide was studied in

seven different runs. N, was the only N-product measured. No N,0

2
wes detected. The data are presented in Figure iv—l.'

The main influence on the NO removal was the CO/NO ratio. The
values of.x.listed for Fer are theAarithmetic average of x at the
.beginning and end of eachvrun. In ell'caees reported in fhe figure,
’e3cept Runs la and 4, the catalysf was pre-reduced with CO. Fast
(1965) presents eqﬁilibrium calculatiohs for the Fe,0,, Fe304, Fe O,

end Fe systems. -Fe203—Fe304, Fe304—Fer, and Fe304—Fe equilibria

' 3 'y ~Fa . -
are.poss;ble. Below 550°C., only the Fe203 Fe304 and Fe304 Fe

caay e . . + + . .
equilibria are present. Fe304 is a mixed Fe 2—Fe.3 oxide which has

an inverse spinel structure (Cotton, 1972).  Therefore, under the

. L . . . ’ +3 +2
above experimental conditions, the iron is a mixture of Fe ~, Fe ,
and Feo. The actual net valence state appears to have little effect
on NO reduction. Similarly, there was no correlation between NO

concentration, reactor temperature, or gas residence time and the

-NO removal within the ranges studied.
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Percent NOAr-ernc;va'l versus CO/NO over FeO,.

Run . : 1a ib 2b 4 5 6b 7

[NO] (%) 4.4 3.7 1.7 2.6 2.0 0.29 0.30
[col (%) 6.6 4.4 1.0 1.8 3.4 0.37 0.35
FeOy, - x= 1.38 1.01 1.19 1.46 0.92 0.31 <0.10
Temp. (°C) 345 347 365 390 390 380 370

Res. time (sec) 0- 88 0.88 0.37 0.40 0.40 0.39 0.39

Fe-301-T1/8 (3.2mmX3.2mm)
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During the first 120 minutes no H

‘plugging the outlet line. The amount of H
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2. Simultaneous removal of NO and H,S with CO. :

The'reducedbcatalyst/absorbent'produced after Ruh 1b waé used
ﬁo test the potehtiéi for simultapeous st and NO removal witﬁ CO.
S or NO.were detectéd in the
effluent gaé. Traces of lijht yellow and white precipitatés were
noticéd close to the buﬁbler 85 minutes'after starting the run.

In the last 150 ﬁinutes of the run no HZS or NO were detected. The
run was terminated after 270 minutés because sulfur precipitated,
2S removed at this point

corfesponded to 109% of the calculated bed sulfur capacity. Sulfur

compounds eluted from the bed because its sulfur capacity had been

exceeded. Formation of sulfur is thought to have been' by the fol-

lowing reaction:

Mysoc  BFpp70¢
: (kcal) (kcal)
2 H.S + SOs—3 2 H

2 2 2
Failure of a copper gasket permitted air to leak in, which

Had the leak not been pfesent,.all

oxidized some sulfur to SOZ'

S. In subsequent runs either

of the sulfur would have eluted as'H2

a stainless steel or an aluminum gasket was used. The early traces
of light yellow and white precipitates were ignored. Later experi-
ments showed that these were ammonium sulfides and sulfates. The

system diluent for this run was N2, which prevented an accurate

closing of the nitrogen material balance. Despite problems in this

»

run, it demonstrated that Feox can simultaneously remove st and

NO when CO is present.

0 + 3 'S(s) -35.0 -13.61- iv-1"

87



88

3}. Redﬁction of‘ﬁo with CO over Iron Sulfide.

Since-the bed‘capacity for sulfur (as FeS) in Run 1lb had been
exceeded while maintainingvno detectable NO elutions, it was con-
éluded that iron sulfide must aléo be catalytié for NQ reduction.
.Runs 2d and 32 démonstrated'this fact. Figure iv-2 compares these
results With those fromkthe FeO_ dgta. For bofhvlow and high
'CO/NO ratios, Fer:S§ datatére close to the correlation for Feox.

" Run 32 had a slight amount of water present, hence both‘N2 and NH3

were generated. .Since NH, was only 13% of the nitrogen products,

3

. the water effect was small. The conclusion from these runs is
that iron sulfide has activity comparable to iron oxide for NO

‘reduction by CO.

4. Oxidation of CO and_H2 with Iron Oxide.

by-reduction‘of Fe, 0., was checked in

Oxidation of CO and H 204

2

Runs 8a and %9a. Prior to these runs, reduced iron oxide was pro-
duced with net'reduqingﬂcd and NO streams. Maximum removal of

CO in Run 8a was 46% while that for H, in Run 9a was only- 21% at

2

' 370°C in 0.67 seconds. A detailed discussion of these oxidation
reactions is given in section H. This cursory look confirmed

that both CO and H

2‘can be.oxidized by Fe203, co reacting more

readily than H,.

5.  Oxidation of FeS to Iron Oxide and soz.
The final prdcess stage to check was the catalyst/absorbent

'reéenerationu' Runs 2e and 10b confirmed the regeneration reactions.

In Run 2e at 444°C the initial concentration of SO. was 0.066%

2

kY



Fig.

U041l u7eg7

: . | l
[0]0) o
80}
2 [
~ 60
°
> -
o
S
© 401
ac
o I q
S »2d
20f | -
- o Fe Ox Sy Data |
' —Fe O Data (Figure iv-1) 7]
olb—1 ] | ! Lo |
o) o4 08 12 16
CO/NO |
XBL, 745-3219
iv-2. Percent NO removal versus CO/NO. Comparison of

FeO data to FeO S  data.
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Run 2d 32

lNO] 1°8‘% . 0.89070

[cO] , 0.80% ' 1.02% .
Fersy(avg) x=.10,y=1.1 " x=.63,y=.63"
temp. (°C) 356 379

res. time (sec) 0.38 . - 0.41

Fe-301-T1/8
(3.2mmX3.2mm)
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over FeS wheﬁ [Ozl_was 0.75%.At 518°C the maximum [SOZ] was 1.4%
when [OZ] was 0.78%. A quantifative sulfur'baiance was not
obtaiﬁed;‘,However, the reiative.prqduct distribution, based on
.gas chromatogréph (G.C.) and brécipitate analyses, ,.showed that

and.5% was sulfur.

_approximately 95% of the product was so,,

.

began.to evolve rapidly from FeSO, at a

4

In Run 10b, ‘SO,

temperatute around 670°C. The iron sulfate gave an SO2 concentra-~

tion of 0.47% at 560°C. This increased dramatically to 16% at

670°C. Lowell (1971) reports decomposition ovaeSO4.between 603~

810°C and of Fe,(SO,) ; between 781-810°C. The National Bureau of
Standards (1966) reported slightly lower temperature levels of

550°C and 680°C, respectively. NBS also state that in the range

4
than that of,Fez(SO4)3. Yost and Russell (1944) support the lower

of 680°C to 730°C, the decomposition pressuré'of FeSO, is gfeater

decomposition temperatures. They'report an SO3 concentrétion at

one atomosphere of 26% over Eez(so at 670°C. Since the run

a3
continued until the.SO2 concentration was 0.86%, most of the sﬁlfaﬁes
‘had already decomposed. The pellets from both Runs 2e and 10b were

visua11y4similar to fresh‘pellets. A sulfur_balance was not possible.

6. Summéry of initial studies.
The initial process studies confirmed the:following:-

a. NO can be reduced to N2 by CO over either iron oxide or iron -
sulfide at 370°C. |

b. NO and H

2S can_be,simultaneouslyvremoved by reactions with

reduced iron and CO at 370°C.
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can be oxidized by Fe203'at 370°cC.

c. Both CO and H2

’ d. Catalyst regeheration can be accomplished at temperatures

around 670°C. to yield. iron oxide and 802.

B. Removal of Sulfur Compounds.

Normal power plants emit sulfur in the form of either 802 or

$0,. 80, accounts for more than 98% of the total sulfur (Levy, 1970).

The proposed removal process requires that a net reducing flue gas
be generated. This means that in addition to SO,, other potential

sulfur compounds will be produced - HZS' COs and Sz. Under reducing

conditions, essentially no SO, will be present (Reesé, 1965).

3

1. Removal of HZS”with Iron Oxide.

The following reaction was studied in five different runs.

Miysec -~ AF3700c  MFs3gec
: ' - (kcal) © (kcal) (kcal)
FeO + H S—>FeS + H.O  =-11.9 -9.25 -9.57 iv-2

2 2

These runs had apbfbximate conditions of 2% H.S, 370°C. and a

2

gas residence time of 0.50 seconds. Figure iv-3 is a plot of the

percent H.S removal as a function of run time. All runs gave

2

essentially complete H S removal during the first 3 minutes. The-

2

rate of departure from 100% removal appears to be a function of the

initiai amount of FeO in the solid;v Run 16b, with FeO departs

1.35°
and Fte-26, depart

at 3 minutes. ‘Rﬁné 19c and 24c, with FeOl 27

at about 18 minutes. Run 2c, with FeO deviates from this trend

1.19’

due to a lower residence time and reaction temperature. Surprisingly

_Rﬁn 24e, with FeO gives the longest time until departure, 30

1.23°%.14

minutes. The oxidation state of the iron would predict that the

91
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Fig. iv-3. Removal of H,S by reduced iron oxide.

-Run 2c

T(°C) 360

6 (sec) 0.37
[HS]% 1.9
SOlid(I) ) FeO1°1
Solid(F) Feo.1og1 1
Symbol O .

16b 19¢
381 376
0.50 0.47
2.1 1.85
FeOy.35 FeOy.27

24c

371

0.45

2.1
FeO4.26

XBL 745-3253

24e

373

0.45 -

2.0
FeO4,23S 14

Zeo 575.80 FeO.505,78 FeO .505,76 Feo 71565
]

Fe-301- T1/8
(3.2mmX3.2mm)
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breakthrough tim_e'. for Ran 24e‘.sh01.11d‘ be éimilar to that for Run 16b.
No explanatiop has been found for this discrepancy. Based on equétion
iv-2, the hydrogén ﬁatefial balance in Run l6b closed to within 8.5%,
Supporting the contention that one_suifur is exchanged for oné oxygen.
The qualitative lead acetate test for the_prééence of.sulfide was

positive for: the catalyst/absorbent)from Run 1¢.

2. Removal of COS with Iron Oxide.

Sihilar results were obtained for the reaction:

Bysec = AF3700c  “Fs3gec
' (kcal) (kcal) (kcal)
FeO + COS ——> FeS. + CO -20.2 - -17.3 -17.5 iv-3

2 .
Percent removal of COS as a function of run time for Run 9b is
- shown in Figﬁré iv-4. Departure from 100% removal occurs at 5 minutes,

somewhat sooner than expected based on the H.S work. Fifty percent

2

removal Of_COS.OCCUIS after 65 minutes for COS, while'for Run 24c with

comparable initial Fer,‘SO% removal of'st occurs after 80 minutes.

It appears from these two comparisons that H.S is the more reactive

2
.speciés.

The overall carbon balance on Run 9b closed within 7.3%. CO,
was the pfimary product of the reaction. It decreased with time as
the CdS_removal decreased. - CO was'the other product. After the
first 20 minutes, CObeiuted at a constanﬁ concentration of 0.20%.
This concentration.corfesponds to'5l3%‘of the iﬁlet COS which is fa?
gréatef than couid bé expected ffom the 0.32% CO in the COS feed

cylinder. The constant elution rate for CO implies that it is

generated independent of the extent of the main reaction.
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iv-4. Remévé.l of COS wifh reduced irc')n> oxide.
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Run 96 _ Fe-301-T1/8
T(°C). 370 . (3.2mmX3.2mm)
6 (sec) 0.60 N

[cos] 3.75% '

Solid(I) - FeOy 325

Solid(F) '~ FeO_ 745.49
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The following decomposition reactions are thermodynamically

mnfavorable:
Masec  AF370ec  AFs3gec
: : ) (kcal) (kcal) (kcal) v
COS—>CO + & s,(9) +21.8 +9,46 +6.27 iv-4
COS—>CO +  S(s) + 6.38 +5.75(227°C) iv-4a

~

This next reaction is thermodyhamically favorable.

AH )50 AF3200¢
o (kcal) (kcal)
FeS + COS—>FeS._. + CO  -13.42 ~6.50 iv-5

2
Haas (1973) has confirmed the presence of both FeS and Fes2 by

x-ray diffraction analySis under similar conditions. He studied

‘the following reaction at a temperature of 400°C over an iron/alumina

catalyst.
Masec  AF3700c  OFszgec
. (kcal) (kcal) (kcal)
502 + 2 CO—32cCo, +% 52 -48.9 -33.4 -29.3 iv-6

2
: t
COs was identified as the raction intermediaté.

Since CO was formed and the presence éf Fe82 was implied,
réactions _iv—3.ana iv-5 undoubtedly have occurred in Run 9b.
"With this interprétation, 878% of the sulfided iron was FeS2 and

91.2% was FeS. No independent- determination of FeS2 was made in

this work.

3. Formation and removal of sulfur vapor.
If sulfur is present in the flue gas it should be decreased -
to a very low value over the catalyst/absorbent in view of the

following equilibria:



A

A0 F370°¢ AF53goc
: _ (kcal) (kcal) - (kcal)
CO + 35 8, (g) —>COS -21.8 - 9.46 - 6.27 iv-7
H, + % S,(g) —>H,S -20.2 = -13.7 -11.7 . iv-8

2 2

Querido (1973)'repor£ed that above 327°C. reaction iv-7 pro-
ceeded to a significant extent in less than 0.20 seconds over a

Cus/Al catalyst. Haas (1971) reported that reaction iv-7 occurs

293
above 300°C. over an FeS/A1203 catalyst; In these investigations -
COS was the final product.. In the present work COS and st would
subsequently react with FeO to form FeS, resulting in a lower

potential S_ level than in either of the cited references. 1In view

2

of these facts, no experimental work was done specifically with Szﬁ

4. Removal of SOZ'

a. Removal with Iron Oxide.

The final sulfur compound considered was SO Direct contact

5¢

of SO, with either oxidized or reduced iron oxide resulted in negli-
gible‘soé-iemoval. ‘Figure -iv-5 shows that 502 removal is greatest

for reducedviroh'oxide.A Even with reduced oxide, however, ohly 7%
of the potential sulfur absorption was realized.

b. Removal with CO or H, over Iron Oxide.

In the presence of either CO or H,, SO was substantially re-

2

Catalyst/absorbent; Figure iv-6 presents

moved over the Ee/A1203

results of these studies. The major reactions included the following:
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Fig.
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iv-5.

1 ' . 1o L
10 20 30 40 50 60 70

- Time (min)  XBL 745-3261
Removal of SO, with oxidized and reduced iron oxide. .
Run 13c¢ 114
T(°C) 377 382
6 (sec) 0.56 - 0.54
[sO02]in . 1.469 1.409%
Solid(I) FeOy 5 ' FeOy .26

Solid(F) ~  FeOq.5(S02), 03 FeOq.26(502), 07
. : Fe-301-T1/8
(3.2mmX3.2mm)
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SO, removal (%)

Fig. iv-6.

160
‘Time (min)

240

XBL746-3380

Sulfur removal with time as a function of solid and gas
compositions. '
T =370-379°C, 6 = 0.5-0.7 sec
Fe-301-T1/8 (3.2mmX3.2mm)

Run

i1e
4124
12e
- 13e

o]

[so2]
0

1.
3.
2.

B N0

2.6

- [H2]

[SO2]
3.5

[eNeNe]

~A[H2]

2.8

0

Solid

H2]  A[CcO2] Initial
A[SO2] A[SO2]

(1)

Final
(F)

FeO4.35 974
~ Fe04,55,018
FeO4,5S 59
FeOL 53_()23

FeO, 865 40
Fe01.5S,50
FeO4.45.68
Fe0O4,25.43
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AH25°c AF37o°c

' o ' : (kcal) (kcal)
%'Fe203 + 7/2 CO +~Soi———9'FeS + 7/2 co2 -90.1 -64.5
FeO + 3 CO + SO, —3 FeS + 3 CO, -90.8 -60.2
2 CO + soz————az‘co2 + % s, : » -48.9 -33.4
1 . - -
%5 Fe 0, + 7/2 Hj + SO, ——faFeg + 7/2 H,0 55.7 50.3
FeO + 3 H, + SO, —>FeS + 3 H,0 ' -61.4 -48.7
2 Hy +50,—> 2 H)0 + % s, 29.2 25.7

In Run lle reduced iron oxide was contacted with a net reducing

gas stream. The gradual increase of 502

result of continual surface reduction as well as sulfidation.

overall ratio of the change of [H2] to the change of [SOZ]

A

-57.9

-53.1

-29.3

-48.4

-45.8

-24.4

removal with time is a

The

(A[H,1/A[80,]1) was 2.8. This would imply that all three reactions

Oxidized iron and a reducing atmosphere relative to reaction

iv-11 were used in Runs 124 and 13e. A significantly longer time was

F53g0c
(kcal)

99

iv-9

iv-10

iv-11

iv-12

iv-13

iv-14

iv-12, 13, and 14 could be important, based on reaction stoichiometry.

required for these runs to achieve the same SO, removal as in Run lle.

2

In both cases, the overall change of product co,

to reactant SO

2

(A[C02]/A[502]) was -2.8, even through the inlet reactant ratio

(fcol/[soz]) only ranged from 1.9 to 2.6. SO,

were achieved ‘in the later part of Run 13e. The negative signs only

removals up to 100%°

reflect product/reactant ratio changes. This apparent anomaly is

explained by realizing that at the beginning of these runs, the

majority of the reducing agent was consumed in reducing Fe203.

2

As

. more reduced iron.became available, the CO + SO, reaction became

dominant. Therefore, the initial (A[COZ]/A[Soz]) will be greater
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than 3.5 and the final absélgte ratio will befﬁefween,z.o and 3.5.
Figure iv-7 illustrates this point. The initial A[Cozj/A[SOZ] is
‘mﬁch gfeater for Ruﬁs 12d and 13e than for Runs 1l2e of 1le.. After
sufficiént time, Runs'lle( 12e, and 13e approach a A[COZ]/A[Sozl of

" between %2.5 and —2.7." Run.12d, with.a lower inlet [CO]/1802] ratio,
drops tovabout'Z.O.' These.limiting.values, plus sulfur precipitate
ih the linés{ verifyvthat réactions'iv—ll and iv-14 do prqceed to
some extent.

Bécauselsulfur precipitate was not anticipated, only a com-
bihed measure.offsulfur frpm Runs 9b, lle, 12d; and l12e was obtained;
Measufed precipit;te accountéd for 15% of the tqtél sulfur removed
inithese runs. In Run l3e'sﬁlfuf_precipitate was anticipated but

it accounted for only 4.8% of the total change in SO A weighted

5
average of AtCO]/A[SOz]'calculated according to equation iv-10 and
iv-11 to give theAexperimeﬁtally found'vélue of 2.5 would predict

';hat 50% of the total change of SO

2'cou1d be accounted for by the

. sulfur prééipitate. This value predicts a much greater amount of

sulfur than was found: In keeping with earlier findings that FeS

2
may form, the following overall reactions should be considered:
Hysec  “Fazgec - AFsagec
(kcal) (kcal) (kcal)
4/3 FeO + 6 CO + 7/3 so,, _
FeS, + 1/3 FeS + 6 CO, - -205 ~130 -111 iv-15
4/3 FeO + 6 H, + 7/3 50, —>
FeS, + 1/3 FeS + 6 H,O -146 -107 - 95.8  iv-16

"
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1le
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12e
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382
370

)

370

- 377

2

6 [s0,] .[Hz] [CO']
(sec) @) - ) )
0.54 = 1.35 4.8 0
0.59 1.1 0 2.1
0.59. - 1.08 0 3.4
0.56 0.72—-0.77 1.5—+1.8

Fe-301-T1/8
(3.2mmX3.2mm)
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For these reactions, the A[CO]1/A[SO,] = A(H,1/A1S0,] = 2.57,

which is within the experimentally determined fqnge. "Since sulfur
precipitate alone cannot account for deviation from a stoichiometric

ratic below 3.0, some FeS, may have formed. -

2

In addifion to S, which eluted from the bed, small amounts of

2
H,S (Run lle) and COS (Runs 12d, 12e, and 13) were detected. H,S
eluted in Run lle during the entire sulfidation. It increased

from 2.8% to 14% of the inlet SO vélue as the béd became sulfided.

2

In Runs 12d-12e and 13e, -COS was detected during the majority of

each run. The highest COS measured was 10% of the inlet SOZ' cos
formation is in agreement with the. theory proposed by Haas (1973)

that COS is the reaction intermediate in the reduction of SO2 to

sulfur by CO. By analogy H_S may also sefve this function in the

2

+ ion.
802 H2 rgactlon_

c. Removal with CO and H2 over Iron Oxide.

A comparison of the simultaneous reaction kinetics of CO and

N

H, with SOé-was made in Run 27d. In the first 110 minutes a stream

of CO and Hz'passed over reduced and partially sulfided:catalyst.

Hgure iv-8 shows only 15% H_ removal and 2% CO removal. Introduc-

2

tion of SO, resulted in.100% SO

s removal and increased the CO

2

‘removal to 33%. No change in H_, removal was noted. Both the CO

2

and H2 removals gradually dropped off with time, H2_removal decreas-

ing more rapidly. Measured A[CO]/A[SOZ] was- 2.70, which is what
would be expected with an excess of reducing agent, based on Figure

iv-7. Thus,'thé sulfided catalyst. pfométes'reduction of SO, with

2

CO in preference to reduction of so, with Hz,
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Run . A
T(°C) 374
0 (sec) " 0.43
(Hy] v C3.7%
[col 4.0%
[s02] 0.4 5%
Solid(I) FeOy 450.15
Solid(F) . Fe00,8550,26
Fe-301-T1/8

(3.2mmX3.2mm)
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5. Reduced catalytic activity.

Absence of a reducing agent for SO. not only results in the

2

incomplete removal of SO_ but also inhibits the catalyst with

2

respect to reduction reactions. In.Figure iv-9, the upper line,
Run 13a, represents CO removal over frésh Fe203, while the middle

line, Run 134, shows CO removal over Ee20 which had been exposed

3
to a stream of 1.46% [soz]. _The fresh catalyst exhibits a rate

roughly 3.3 times that of the inhibited catalyst. This rate
decrease is more than can be explained by the CO concentration
difference. The catalyst was inhibited for surface reduction in

Introduction of SO, into the inlet gas

Run 134 by adsorbed SOZ' 5

line resulted in an immediate increase in CO, formation and an

2

equivalent SO, reduction. 1In this case, the catalyst was still

2

active for the CO + SO2 reaction. The lower 1ine, Run 12b, is CO

'removal from a system containing both absorbed and gas-phase 502.

In this case,'neither Fe203 nor 802 reacted with CO for over one

hour. The CO removal rate is nearly 35 times slower than that over

the fresh catalyst in Run 1l3a. The only significant differences

bétween the bottom two lines was the 502 present in Run 12b. After
treating this catalyst in Run 12b with CO at 3709C for 38 minutes,

introduction of SO_. resulted in stoichiometric conversion of CO

2

to €O, and SO2 reduction as noted above following Run 13d.
R
6. Summary of sulfur compbund removal.
- This work confirms that both H,S and COS react with reduced .

iron oxide to give, primarily, FeS. Rapid decline of both H2S.and

\
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F1g iv- 9 ~ The effect of absorbed SO, on FeZO3 and SO, reaction by

- CO.
Run - 12b : 13a - 13d
T(°C) 311 377 - 377
‘9 (sec) 0.59 0.51 0.51
co]f 2.2 : 1.94 1.28
[so,ln - 1.2 0 : 0
"Solid(I) Fe01 5(S02).028 FeO. FeO1 5(502).023
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COS percent removals could be slowed by higher temperatures and -
" smaller catalyst/absorbent pellets. These changes should also
increase the total amount of sulfur absorbed per mole of iron.

Almost complete removal of SO, with CO or H. is poSsiblg at

2 2

370°C and a residence time of approximately 0.6 seconds over the

 322—mm Fe/Al catalyst/absorbent. The prdbiem of sulfur elution

203
before complete bed sulfidation . requires further study. Higher

. temperature and small particles should help solve this‘problem;

For effective SO, removal, the gas stream needs to contain a re-

2

ducing agent. Exposure of the catalyst/absorbent at 370°C to'SQ2

without reducing agent results in partial deactivatioh for both

302 and Fe203 reduction. The original activity can be restored by

treating the catalyst at this temperature with CO. Experimental

results of Ruthlb indicated that H. is also effective for this

2

reactivation.

7. Sulfur‘compound distribution in é’net reduciné'flue gas.

The form in which sulﬁur will be presént in reduced flue gas
is a function of the equiliﬁrium coﬁditions at the temperature wﬁere
reaction kinetics esseﬁtiaily freezé. Initially, sulfuf will be

. completely oxidized to SO _with excess 0xygen: At the point of

2

stream, SO could be reduced to H.S

addition of the rich CO and H X )

2

CO0S, or S. depending- upon cdnditions in the flue gas. Thermodynamic

2

calculations show,that these reduced sulfur species predominate at
lower temperatures. Since no useful information was located on the

homogeneous kinetics of SO, reduction, runs were made to determine

2
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an approximate lower temperature limit.

a. . Thermodynamic €quilibria of gulfur Eompounds in reduced flue gas.
Thermodynamic equilibrium calculations for a typical oil-fired
power plant flue gas under: reducing conditions indicate that as the

temperature decreases, H

2 2

2S, COS, and S, increase while SO decreases}

Table iv-1l lists flue gas compositions and the corresponding reactions

considered. Results are shown in Figure iv-10.

~Table iv-1, Gas composition and reactions for plant equilibrium

Calculations.

'-Flue Gas'Composition (before reaction):

(%) Reactions Considered:

(v,] 73.90 | 2 COS + 50,—>2 €O, + 3/2 S,
[co,] . 13.96 | 2 H,S + 50,2 H)O + 3/2 s,
[H,0] | - - 10.16 €O + Hy0—— €O, + H,
[co] 0.817 , 3 ;12 + 50, __..> ‘H28 + 2 H,0
[H,] 0.817 3 CO + 80, — COS + 2 CO,
[0,] 0.195 : Hy + % sz-——) H,S
[s0,] : _ 0.154 co + %'sz__,» coS

coSs + H20'———9H25 + CO2

Oxidizing Equivalents 2[02] + 3[802]

Reducing Eguivalents = [co] +-[H2] = 0.521
[co,1 . -
[H.0] = 1.37

At temperatures below 800°C, H,S is the primary equilibrium

sulfur species when»theCQ2 to H,0 ratio is 1.37, which is typical
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Fig. iv-10. Equilibrium distribution of sulfur COfnpdunds in a typical
power plant flue gas. (See Table iv -1 for data.)
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- of oil—fired power plant conditions. Coal-fired plants have a.
_ highef [c02]/[H20], typically around 2. As long as reaction
kinetics are rapid at 800°C or below, ﬁeither SOZ' Sz, nor COS
will be. present tb.a significant extént. The next section will

discuss a case where the CO. to H

5 2O*ra’tio is much less than one.

Under these conditions, sulfur is the main reduced product at

lower temperatures. .

b. Homogeneous kinetics of 802 raduction.

A non—cétalytic experiment, Run 28, was made to determine
the lowest temperature at which these reactions would proceed.

The inlet gas was 0.5% SOZ,_l,G% CO, 1.6% H2, and 1.7% HZO in a

helium diluent. The stream was fed directly into the 44.4-mm ID
" Mullite furnace tube. This substantially increased the gas resi-

dence time in. the reactor to a value about 10 times that found in

109

‘hormal coal-fired furnaces above 1090°C, 2.4 sec. compared to 0.24 sec.

Resﬁlts of-ﬁhis work are shownvin'Figﬁre.iv—ll and indicate
that'feaétion did not occur at a significant rate at temperatures
up fo 950°C. 'Inttests run above 1093°C, reactiph took place. When
reaction 6ccurred, lérge amounts of_sulfurvprecipitated, preventing
any quantitative éstimatién Qf the gas composition at high tempera-
tures after reaction. Qualitativelf, there must have been some CO$
or st'présent which, cooléd; reacted with 502 fo form sulfur.

The equilibrium calculations of Figure iv-9 are based oﬁ a

[C'OZ]/[HZO],' ratio of 1.37. .Run 28 had [c02]/[H20] equal to 0.088 for

level allowed small changes

1094°C and '0:37 for 1260°C. The low coz
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Fig. iv-11. Equilibrium distribution of sulfur compounds under
Run No. 28 conditions. Experimental SO, distribution.
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in CO, indicative:of reaction progress, to be detected. From an
equilibrium point of uiew, this lower value favors the teduction
reactions over tnat.in thejactual flue gas.

The :ef.fect.of this lower .[cozi/[Hzol ratio on the experimental
system equ111br1a is to make 82 the predominant ‘'species at lower
temperatures. Figure iv-1l is a plot of the calculated equilibria
and the experimental Soz. Only at temperatures above 1094 C°does

the experlmental SO, value begin to approach: equilibrium value.

2
These results show that reaction kinetics should freeze at
~around 1094°C or higher in normal flue gases. Figure‘iv-10 illus-

trates a typical sulfur compound distribution at 1094°C:

802 -~ 95.3%

H,S ~- 3.8%
S, 0.63%

. COS -- 0.29% .
Freezing the equilibria at a higher temperature would result in

" a higher SOz,level.v Therefore, the'primary'sulfur species in flue

gas will be SO, even though it contains an ‘excess of CO and/or H

2 2°

Okay and'Short_(1973) report equilibrium calculations for a
net reducing flue gas with;[COz]/[Hzo] = 1.17. As in the present
study they reporthZS as the predominant sulfur species at low

- temperatures. In their kinetic studies, as in the present work, no

effort was made to maintain Co., in the inlet feed or [CO 1/[H O]'in

2

the outlet. At their highest 502 removal and lowest water concen-

tration the CO, formed from reaction would yield only a [CO 1/[H O]

2

ratio of about 0 2. ‘The_prev1ous discussion. of Figures iv-10 and



iv-11 has shdwn that at high [002]/{H20]'H28 is the prime lower
temperature sulfur species while at low [C02]/[H20] Sz'is-the'prime’

species. Therefore, even though S_ was the primary reduced sulfur

2
" species in the experimental system it will not necessarily be so
under power plant conditions. A cataiyst promoting these reactions
at lower temperatures (below 800°C) with a typical flue gas ratio

of [COé]/[Hzo] under reducing‘conditions will form primarily H,S.

C. Removal of Nitric Oxide.

Nitric oxide forms in the priﬁary combustion.zoné of the furnace.
‘A small aﬁount of:thé NO. is oxidized during flue gas cooling. This
results in the éff.luent.NOX being 90 - 95% NO and 5 - 10% NO,.
(Bartok, 1969); 'Rosser,‘£1956) répbrts homogengous thermal decom-

above 540°C; which imply negligible NO. in

- position rates for NO 5

2
the flue gas above this temperature. Since the flue gas enterihg

" the contact zone will not only be at 540°C but also reducing,
essentially all‘the_NOx will be NO. The experimental work studied

only the‘reductiQn'of NO.

l; ' Reduction of NO with Iron Oxide;
Removal of NO by catalytic reductiqn with a_redﬁciné agent

6§er iron oxide and irpn sulfide was reported in part A. At that

time,_novattempt was made to understand the removal mechanism.

Kiimisch (1972) has proposed an o#idétion-reduction mechanism for

the iron oxide system. Experimenﬁs were run to éonfifm this‘mechanism

by demonstrating that NO could be reduced by reacticn with either

reduced iron oxide or iron sulfide. Figure iv-12 shows ‘the percent

112
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Mysooc - AF3z0°c  AFs3gec
(kcal) (kcal) - (kcal)
7 NO + 2 Fe§ —3 ‘
Fe,05 +7/2 N, + 20, -a44 -392 -377 1v-19v
3 NO + FeS ——
FeO + 3/2 N, + SO , -177 . -162 -157 iv-20

2 2
The overall A[Nz]/A[SOZ] was 2.42 for this run. The ratio of
YA[N2]/A[SO2]»for individual samples ranged from 3.85 for the first

sample to 1.84 for the last sample. If the mechanism of oxidation

5 first to form and subsequently to decompose, initially

réquired FeSO
[N2] would be gréater than l.5x[502]. Figure iv-13 shows that this
is what occurred experimentally . Since Lowell (1971) reports FeSO3

decomposition at 382°C~to‘form SO, and FeO, this mechanism is prob-

2
ably wha; oécurred. The A[Nz]/A[SOZ] for reactions iv-19 and iv-20
are 1.75 and '1.50 respéctively. Based on these reactions, the sur-
face is»étill undergoing oxidation at‘l60 ﬁinutes. .Quantitativé
sampling for.NO on the Molecglar Sieye 5A column Qés not possible in
thé first 65 minhteé; ﬁowe§er, the Chromosdrb 104 column, indicated
éualitafively'thatvlarge NO concentrations were present. Absence

of N, on the Molecular Sieve 5A column in the first 65 minutes also
céncurred7with this faét.,‘Gradual increase qf NO removal wi#h time
is §pposité to the effect noticed for reduced iron oxideiin Figure.
iv~12. This_suggests that the oxidation of FeO by NO éroceeds more

rapidly than that of FeS. As fresh FeO is formed from FeS the over-

all rate of ‘NO removal gradually increases for the bed. Initially



NO removal by reduced iron oxide as a function of run time for three

different runs.' The following reactions may GCCur:,

My o MPyg00c AFsagec
(kcal) (kcal) (kcal)
. .
2 Fe,0, + NO — | |
3 Fe,0 + % N, -76.4 -53.6  -46.8 iv-17
2 FeO +NO —>
Fe.0 + % N, -90.8 . =-67.1. -62.2 iv-18

273 2
Run 15b exhibits_a‘hiéher removal of NO because the solid was
‘more strongiy reduced and the NO concentration was lower th;n in
other runs. The gradual decrease with timé.is caused by depletion
of reduced iron on the outer surface of the éatalyst pellets.
In Runs 14b and lsb, ﬁhe catalyst had been iﬁitially reduced

with CO to'levels reported in Figure iv-12. In Run 18,.H2 was used.

but also CO

\

Oxidation of FeO in Run 15b produced not only N

5 9° Thls‘

result was probably caused by desorption of CO, or oxidation of

2

ddsorbed CO remaining after reduction. The N, generated from reaction

with CO was 18% of the total. In Run 14b, C02 was'not monitored, but
it must also have been present since reduction conditions for l4a and
15a were similar. The analytical system, at this time, was not set

up to monitor wate:) s0 adsorption of H, was not checked.

2

2.  Reduction of NO with Iron Sulfide.

Oxidation of iron sulfide not only produces N2 but also liberates

502. Fiqure iv-13 presents the results from Run 16c. Possible

overall reactions include the following:

115
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the decomposition of FeSO, prevents major pore blocking that may
have caused the rapid decrease in NO removal over Fe,0,. Fresh FeO
formed from decomposition of Feso3 may also be a very active reduc-
ing agent for NO. When a reducing gas ‘is present, reduction of FeSO3
back to FeS, willvoccur instead of its decomposition; preventing 802
evolution.
3. Reductién of NO with H2 over Iron Oxide.
In addition to CO, H2 is also an active reducing agent for NO
over both reduced iron oxide and iron Sﬁlfide. In Runs 18c and 19a,
fresh catalyst was reduced to FeOl a1 and Feo'l 27-and then used to
cqtalyzevﬁhe following reactions: |
Miygo0 AF390°¢ AFg3goc
- o S (kcal) (kcal) (kcal)
NO + Hz-——? L N2'+ H20 -79.4 -70.3 -67.7 iv-21
NO + 5/2 H, —)NH, + H,0 -90.4 ' -65.3 -58.0  iv-22
, .} _
NH3 selectivity =' ETE;TITEEZT" x 100

Figure iv-14 shows results of those runs in which there was

complete NO removal. The final value of the NH selectivity was 23%

3

‘and 30%, respectively. NH, selectivity is the percent reduced N

3

formed from NO in’ the form of NH Determinations of instantaneous

3"

NH

3'selectivitieé were based on N2 gas chromatographic (G.C.) peaks.

The material balances for.Hz-and'Nz-had 18% and 22% error in run 184;

8% and 12% in Run 19b. The‘large'errdr in Run 18d was cause by'Hzo

~and NH, adsorbing to an appreciable extent on catalyst pellets at

3

370°C. 'This’adsorption'produced a chromatographing effect of H20
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Fig. i§-1,4. Reduction of NO with Hy over reduced iron oxide and
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"Run 184
T(°C) 379
O.{(sec) - - 0.49
[NO]% 0.50
[Hp 1% 2.44

" Solid(I) FeO4.41
- Symbol 0

19b

377

0.47

0.42

2.3

FeO14,27
O .

21c

372.

0.51

0.33

0.43

FeO 448
A.’14 .60

Fe-301-T1/8 (3.2mmX3.2mm)

118



© N

and NH3'through'the bed. In Run 18d, sampling and material balances

were terminated when inlet gases were cutoff, while in Run 19b,

N

sampling and material balances continued until NH_, and H20 peaks

3
were negligible. - This procedure required. an additional sampling

time of 30 minutes.‘

4, Réduction of NO with H2 over Ironv Sulfide.

Run Zlc_waé conducted after the reduced oxide had been sulfided.
_These results are presented in Figure iv-14. As before, complete

NO removal was obtained. NH, selectivity was noticeably higher even

3

though there was a lower stoichiometric ratio between H. anvaO. The

2

-54% NH, selectivity measured-correspbnds to all the H

3 5 forming NH3.

The N. formed was probably from excess NO oxidizing fhe surface. Had

2

more H2 been present, a higher NH, selectivity might have resulted.

3

5. Reaction of NO and H2

0 with Iion Oxide or Iron Sulfide.
Sinée both reduced iron oxide and iron sulfide were found to
be capable of reducing NO to N2 without aﬁy other reducing agent,

their ability to form NH, from a stream of NO and H.O was tested in

3 2

Run 24. Both substances were capable of fopming NH Figure iv-15

3"

shows the percent removal NO and the NH_ selectivity for each

3

selectivity obtained

trial. Higher NO removals and higher NH3

in  Run 244 implies that regardless of the reducing‘agent present in

3

.the gas phase} iron sulfide will reduce most of the NO to NH, if -

2

H.0 is present. 'The decrease in sulfur content.of the solid in Run
. 24d was determined from the quantity of the precipitate, NH

4HS} in

" the outlet line. .NH3 and-HZS were not detected in the G.C. sample.

3 and HZS elutions were close to the same values since no'NH3 '
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i‘}—i 5. Reaction of NO+HZO with either iron oxide or iron sulfide.

Run
T(°C)
0 (sec)’
[NO]

-~ [H20]

Solid (1)

'Solid (F')
- Symbol.

S

A =NH-3

24b 24d
372 372
0.45 . 0.45
0.45% - 0.47%
1.3% - 1.5-2.5% -
FeOq,43 . FeO,55,76
FeOy,26 Fe04.235,14
A , (0]
, . Fe-301-T1/8
selectivity = (3.2mmX3.2mm)
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collected in the HCl scrubber and_no'H S was detected in the G.C.

2
samples.

NH4HS is formed by reaction of équivalent amounts of NH3 and

’HZS. The decomposition temperature of NH,HS is 118°C . (Handbook

4

'Chemistiy & ‘Physics). ' Ammonium sulfide,’(NH4)ZS, is formed in an

excess of. NH Tt is stable only below -18°C (Kirk, 1963). At

3°
ambient conditions, it loses NH and changes to NH HS. There are

3 4

also a number of ammonium polysulfides possible but their definite

compositions are rather uncertain.

6. Reduction of NO with CO and H,0 over Iron Sulfide.

The presence of CO in the NO—H20—FeS system gaveNH3 selectivi-

. ties over 90%. Figure iv-16 shows data from two runs with a sulfided
cataiyst, In both cases complete NO removal was achieved. Because

Né evolutions were very small in both cases, there is no real dif-

ference between the apparent 91% and 96% NH3 selectivities. ‘At 204

minutes into Run 24f, the H,O feed was terminated. Immediately, N

2 2

was generated as seen by the decreased NH, selectivity. A signifi-

3

cant difference between these two runs is that no sulfur was removed
from the catalyst in Run 22d.while a significant amount was stripped

off in Run 24f. Removal was evident by the absence of NH3 in the

gas sample and precipitation of ammonium salts in the lines.
‘An important parameter in these runs was the reducing or oxidiz-
ing character of the gas stream. Reduction of 1 mole of NO to form

or CO. To form NH, from

requires either 1 mole of H 3

% mole of N, 5

NO requires 2.5 moles of H, or CO per mble of NO. Formation of a

2
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Fig. ‘iv-li 6. Reduction of NO with CO+H, O over iron sulfide.

Run
T(°C)

0 (sec)

[NO]

[co]

H,0%

 Solid(I)
.Solid(F)

224 A 24f

374 373

0.49 . g 0.44

0.58% : 0.46%
1.49% | 0.409%

3.4 | 2.2-2.8
FeO 27S.97 FeO, 71S ¢5
FeO 175,97 FeO ¢85.46

Fe-301-T1/8
(3.2mmX3.2mm)

122

NH3z selectivity



123

2 requires 3 moles of H, or CO per mole of SO .

sulfide from SO 5 5

requires 2 moles of H

Reduction of O or CO per mole of O_ . The

2 2 2°

" following definitions are used in the remainder of the text: .

'OXidizing Egquivalents - 0
Reducing Equivalents R

(0/R)N2 e ([NO]. + 3[902] + 2[02])/(1H2] f [col)

(O/R)NH3 = (2.5[NO] + 3[302] + 2[02])/([H2]+[C0])

Run 24f was made under oxidizing conditions, (O/R)NH3 = 2.88,

ﬁhich could have enabled SO 4)2SO3 with

5 to escape .and form (NH

effluent NH After the H

3° 2 2

0 was cut off there was no H. source for
;NH3 formation. The system was then close enough to stoichiometric
‘'with respect to N. formation, (O/R)N2 = 1.15, so that no SO. eluted

2 2

and no precipitate formed.

7. Summary NO removal reactions.

This series of studies showed that H_, CO, FeQ,,and‘FeS can act

2

either in combination Or.independentlY'as reducing agents for NO.

"When either H, or H O is présent,‘both N wili be the products

5 5 and‘NH

2 3

of Nobreductioh. NH_, selectivity is greatest for.ajsulfided catalyst

3

' .under reducing conditions_with either H2 or CO and H20 és the reducing
agents. When a source of hydrogen is available, the system must be

net.redueing with respect to NH3 formation to prevent sulfur compounds

from being stripped from the catalyst/absorbent.

D. Simultaneous Removal gg;Sulfur Compounds and Nitric Oxide at .

Low Temperatures.
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The last section studied removal of NO over sulfided catalysts.
In this section, the simultaneous removal of NO and the sulfiding of

the catalyst/absorbent are discussed;

1. Reduction of NO with st over Iron Sulfide.

The potential for the catalytic reduction~of NO by HZS over iron

sulfide was_stddied first. Sulfur formation and sulfide formation
reacﬁionsvwhich'afe possible include the following:

A

AH25°c fAF37o°c Fs3g°c
_ (kcal) : (kgal) - (kcal)

NO+H28 —

BN, +HO + %5, - 59.2 - 56.7 - 56.0 iv-23
FeO + H,S N

FeS + H,0 - 11.9 - 9.25 - 9.57 iv-2
NO + 5/2 H,S —>

NH, + 5/4 S, + H,0 - 39.8 - 31.1 - 28.6. iv-24
NO + 3/2’H20 + 5 FeO —

NH, + 5/2 Fe,0, S -119 - 57.0 - 44.3  iv-25
%sz + 2 NO ——

50, + N, - -130 -115 -111.0 iv-26
FeO + NO + 2 HyS ——

5N, + 2 HO + FeS, -106.3 - 81.8 - 76.0  iv-27

2 2 2

In Run 22¢, 1.1% H_.S and 0.55% NO were passed over iron sulfide.

2

S removal resulted. NH,, N,, H

Complete NO and H 3 5

0, and precipitate

2 2
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~were present in the outlet line. The precipitate indicated that

some H.S possibly eluted. from the bed. The precipitate was yellowish-

2

white in color with'a cryStaliiﬁe appearancé suggesting a mixture

of ammoniﬁﬁ salts-and sglfur. Data for this run are given in Figure
iv-17. Since thevcatalyét was almost completely suifided at the

start of the run, reactions iv-2 and iv—27,:(surface;éulfiding)
probably did not.occur to any signifiéant extent. -The reported

loss of S from the surface i§ within the exéerimental error. Reactions

generating N, and NH, occur at the start of the run with reactions

2 3
generating NH3 predominating_after'the‘first hour. All of the col-
lected precipitate was water soluble énd had a significant partial
As noted earlier, NH partial

pressure. of - NH HS has a high NH

37 4 3

pressure. If reaction iv-26 occurred, another possibility would be

(NH4)2SO3,'which‘also decomposes giving NH Since essentially 100%

3
st.removal was found there must have eitherbbeen some'sulfur which
precipitated upstream of thé condenser br amﬁonium bblyéulfides
formed in the low temperature precipiFAtes.

As noﬁed in.the change of solid composition in Figure iv-17,

the surface was oxidized, possibly By a reaétion such as iv-25.

Net surface oxidization impliés that even with sulfur present as

H S, a reducing ‘agent will be needed to maintain an active reduced

catalyst.

2S W;th H

2. Rémoval of NO and H 5

over Iron Oxide.

2 2

In Run 2la, H_, was used as the reducing agent to remove H.S and

NO over fresh ‘Fe203

FigﬁreAinIS presentéjthe results. In this
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Fig. iv-17. Reduction of NO with H,S.’
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Run 22c
T(°C) 366
[NO] 0.55%
[H,s] 1.19
 Solid(I) FeO 40S1.0
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NO removal -
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Fig. iv-18. S1rnu1taneous removal of NO and H3S with HZ Part a,
: 0-428 minutes. Part b, 428- 495 minutes. )

Run _ 21a v 21b

T(°C) 372 372

6 (sec) ' 0.49 0.50

[NO] 0.339, 0.33% )
[H;] 3.19% : ' 0.439%

[H s] - 1.97% ' _ 1.979%,
Solld(I) ' FeO1.5 - FeO, 235,76
Solid(F) = FeO 3,8 g4 FeO 2354 .2

Fe-301- T1/8
(3.22mmX3.2mm)
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run there was a large excess of Hz;.3.8 times the stoichiometric
amount for NH, formation. - This large H excess and the presence of

3 2

H_.S resulted in 100% NH_ selectivity over the entire run. The solid

2 3

was not only sulfided but also reduced. In‘'Run 21b, H_ was decreased

2

to 0.52 times the-stoiéhidmetriC<amoﬁnt for NH_ formation. The

3

reactivity of H_S with NO was seen immediately by the large increase

2

in H_S removal. .Although H

5 5 removal increased, the absolute amount

of H2 reacting in the system decreased..

3.. Removal of NO and HZS with both CO and Hz_over Iron Oxide.

to remove H_S ‘and NO. Figure iv-19

2

Run 22a used both CO.and H )

‘reports the data. In this run the NO removal was 100% and the NH, -

selectivity was 100%. . CO reacts to a greater extent in the system

than H2' feporting about 90% removal while the H2 removal was about

' 30%.

4, Removal of NO and H,S with CO 6vep Iron Sulfide.

2

After Run 22a H20 and H, were cut off and the [cO] increased.

2
Figure iv-20 shows the data for Run.22b. As before, ail NO was

S causing the

converted to NH3. The H source in this run was H,

S removal

' initial increase in H.S removal. As the bed is sulfided H2

2

decreases .back to the level in Run 22a. Excess CO with respect to

the NH3:réaction élightlyrreduced the solid. Figures iv~18 and 19

show 50% H_S removal at 193 and 115 minutes, respectively. These

2
times are within those reported in Figure iv-3 for sulfidation . of
‘reduced irbn in the absence of NO and reducing agents. The longer

time above 50% st removal in Figure iv-18 is probably dﬁe to the
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Fig. iv-19. Simultaneous removal of NO and HZS with CO and HZ'. )
Fig. iv-20. Simultaneous removal of NO and H,S with CO. ' '

Run . 22a _ 22b
T(°C) 371 371

6 (sec) : 0.48 . 0.48

[NO] 1 0.52% 0.50%

[Hz] ' 1..2_% ' -0

[cO] 0.96% , : 2.0%
[H,S] _ 2.0% 2.0%
[H,0] 6.3% o . .
Solid(I) : FeOq.5 ' FeO 925 ¢4
Solid(F) : FeO 925,61 - - FeO, 4051.0

Fe-301-T1/8 (3.2mmX3.2mm)
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stronger reducing atmoSphere( i.é, Figure iv~-18 (O/R)N2 = 0.106 and

Figure iv-19 (O/R)N, = 0.238.

‘5. Removal of NO and COS éver Iron Sulfide.
The second sulfur compound tested for removal with NO was COS.
A short test confirmed that this system also removed all of the NO

"as NH,. The potential reactions in this system would be:

3
AH,g a0 BF320°c AFg3g0c
. _ : L (kcal) {(kcal). (kcal)
3 H,0 + 5 COS + 2 NO —> ~ o
5CO, + 5/2 5, + 2 NH, ~121.0. -102 - 97.0  iv-28
COS + H,0 — H,S + CO, - 8.27 - 8.05 - 7.95  iv-29

Since both Sz_and H

also occur. In Run 22e [cOs] was 0.23%; [NO], 0.56%; [HZO]’ 4.0%.

2S_can form, reactions iv-24 and iv-26 could

Complete removal of NO and COS resulted. The NH selectiﬁity was

3

100%. The same type of precipitate developed in this run as in the

st + NO reactions, Section D.1. Final catalyst/abéorbent analysis

could not be caldulated because the COS feed to the systém was -
erratic. Since there was more NO than-COS,'the surface of the catalyst/

absorbent was probably oxidized.

6. Removal of NO and SO. with CO and H_ over Ir@n Oxide.

2 2

with CO and H. over iron

simultaneous removal of NO and SO, 2

‘sulfide was studied in Runs 27e and 27f. Data from these runs are
plotted in Figure iv-21 with the last 35 minutes from Run 273, removal.

of Soznwith CO and Hz. Introduction of 0.53% NO caused an increase

in both €0 and Hé removals. NH3 selectivity is about 80%. Complete
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Fig. iv-21. Simultaneous removal of NO and SO, with H, and CO over
iron sulfide. (Part {, 35-131 minutes; ‘
part g, 131-320 minutes. )

Run . 27f 27g

T(°C). 374 - 374

6 (sec) 0.43 B 0.43

[NO] - 0.539 0.58%

- [s02] 0.45% ‘ 1 0.44%

[co?] : 3.9% 3.8%

[H,] 3.7% C3.7%
[HZO] . 0% , 1.0% ,
Solid(I) - FeO,g55.26 FeO, 125,26

Solid(F*) FeO,925,26 FeO4 0¢S.26
. | Fe-301-T1/8
(3.2mmX3.2mm)
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NO and SO, removal were obtained.'fso2 did not sulfide.the catalyst

but was converted to cos an61HZS which eluted from the bed. HZS

. reacted with elﬁted NH., to precipitate as NH

3 HS.' In Run 27f, H_.O

4 2

was added to the inlet gases. There was no immediate effect on

‘the effluent gas. Toward the end of the run, though, the NH, selec-

tivity had increased to 95%. This suggests that H produced from the

water-gas shift reaction may be more reactive than molecular’H2 in

NH3 formation. Klimisch (1972) reported this result for the Cu-Cr

'oxide system. COS and H S’elﬁted in this run. There was slight

2

‘oxidation of the catalyst surface when H,0 was present.

2
7. Removal of NO, HZS' an'd'O2 with CO and H2 over Iron Oxide.

Experimental work reported to this point was done in the absence
of 02.; Since there may be some 02 present in the flue gas, experi-
ments were run to determine its effect on NO and sulfhr-compound

:emoval. Runs 25a and 25b studied the effect of 02 on the removal of

HZS and NO. "Figure iv-22 reports the results. Almost immediatély

after starting_the_run, precipitate deposited in the outlet lines.

The precipitate_was NH4HS and SZ' This was a much quicker break;_

through of'HZS.and COS than had previously occurred. Because some

of the effluent st_reacted.to form the precipitate, actual st

removal is only'about 75% of that shown in the figure. At 160

minutes Y'HZS in the inlet gas was cut down, resulting in a

higher percent removal of H

2S and a lower percent removal for H

5
The [COS] eluted was roughly constant at 0.08%. At 288 minutes

both [CO] and [H2] were increased. This increase produced higher

. removals of H S. CO removal remained

2

and lower removals of H,
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Fig. iv-22. Simultaneous removal of NO, .HZIS, O2 with H and CO.

Run 25a 25b
T(°C) : 368 374
6 (sec) - .0.45 - - 0.45
ItNO] ' 0.51% 0.56%
co] - - 1.1% ‘ 1.4%
_ [OZ] v 0.55% ' 0.62%
[H;5] 2.0-1.09% 2.1%
[Hy0] 1.7% 1.49%
[5,] 1.19 : 1.39,
Solid(I) . FeOq.,5 FeO, ¢S. g7
| Solid(F) " FeO,60. 87 FeO 0451.3
O CO rembobval ' C
A+ Hp; removal ‘ ‘ Fe-301-T 1/8
¢ Oy removal : ' , (3.2mmX3.2mm)
v NO. removal ' : : :
O
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constant. The NHé-cpllected in both the HC1 scrubber and in the

. precipitate corresponded to a selectivity of 80%. This is only
slightly less than the 100% selectivity reported in the absence of

02, over iron sulfide in Run 22a. Throughout this run, the catalyst

. remained active for reduction of NO and 02.‘nThe early elution of

sulfur EmeOunds suggests that oxygen inhibits sulfidation. The
ratio, (O/R)NH3,vwas 1.08 and 0.98 for Runs 25a and 25b, respectively.
This proximity to the stoichiometric ratio in the gas stream and the

'initially‘unreduced catalyst both contributed to the system oxygen.

8. Removal ovaO, SOé, and O2 with CO'and H2 over ‘Iron Oxide.

When 802 and hlgher o levels were tested Run 26a, the catalyst

2

became inactive for reduction of NO and 802 The only reactions

which continued weére 02 and Fe203 reduction.' Figure iv-23 shows the

deactivation With-respeet_to all'reactions followed by reactivation

of all but the NO and 802 reduction. In this run, (O/R)N2 was 1.02,

“oxidizing with respect to even the‘N2 formation reactions. Since no.

NH3 was formed, there was no.precipitate in this run. A significant

difference in this run is that H2 removal is substantially greater

than CO removal, even though_both have the same concentration.: When

O2 was absent, the reverse was noted.

A final system variable which was studied under these conditions
was particle size; Slmultaneous removal of NO 02' and 502 with CO
was tested w1th 3.2-mm pellets and - w1th partlcles .50-mm to 25-mm in

size. In both-cases, catalyst deactivation was noted. In Run 29D,

the catalyst initially removed all the NO, SOZ, and 02. After 80

134
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‘minutes on-étréam,_it was eluting 6% and 12% of inlet NO and 802,

'respectively. -02 was removed over the entire run. These data are

3.selecﬁivity,was about 30%, much

presented in Figure iv-24. The NH
lower than previoﬁsly noted. In Run 29b (O/R)NH3 was 1.10, slightly

bxidizing with respect to total NH, product. If the 30% NH, selec-

3 3

tivity is accounted for, the ratio is 0.98, slightiy reducing.’ The

outer layer of the catalyst near the bed exit was reduced. Had the

run continued, fhé oxidation front would undoubtedly have passed

through the -entire bed.

In Run 30c there was a net oxidizing atmosphere and the entire
bed of particles was oxidized. The'O.SOemm to 0.25-mm particles were
exposed to a stream with (O/R)N2=l.l6, net oxidizing with'respect to

N2 formation. As Figure iv-25 shows, all removals rapidly drop to

zero. The order of decrease is the same as in Run 29b, SO, first,

2

‘NO second, and O, third. This suggests a relative order of oxidizing

2

power, O, being the most powerful. The specific effect of the smaller

2

particle. size at this temperature was masked by the déactivation. At
the end of this run, the entire bed was oxidized. The particles were
completely oxidized, exhibiting no reducing inner core as ﬁas seen in

‘Run 29b.

9. .Summafy of sSimulaneous removal of NO and gulfur compounds.
Simultaneous removal of NO and sulfur compounds at 370°C is best

accomplished with reduced iron’oxide in a net reducing atmosphere

which has no O, present. If O2 is present, rapid catalyst deactivation

2

.will occur when the gas is net oxidizing. Even under net reducing

conditions, slow catalyst oxidization will occur when O, is present

2

in the gas stream. Smaller particles do not appear to slow or
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preveht cétalyst deactivatioﬁ. :
The capability of NO to oxidize FeS fbtﬁing 802 was shown.
Since 0, is a éﬁrdnger oxidizer, it is capgble of oxidizing FeS
~at least to the'same extent and prbbably continuing to form sulfate.
If FeSQ4 forﬁs,.as is ekpected the;mbdyﬁémically, it can be reduced
as followé:
M)go0 AF370°¢ AF53g°¢
(kcal) (kcal) (kcal)
FeSO, + 4 CO —3 FeS + 4 CO, -72.7  -74.1 . =76.4 iv-30
'FeSO, + 4 H,—> FeS + 4 H,0 -33.4 ~-58.7 . -66.5 iv-31

Kinetic limitations at 370°C may inhibit these reactions even
under net reducing conditions. The'upper temperature of 538°C may

allow these reactions to proceed.

E. SimultaneQus Rémoval of SO ggé;gg'gE_High Temperatures.
Experiments reported in‘ail prgvious sections are run at tempera-
tures clése to 370°C. In power plants this corresponds to the tempera-
ture of fhe fiue gas at the inlet of the aif preheater. The upper
limit'on the reaction zone is the inlet to>thé economizer. Temperatﬁres
'v.ﬁere are'aboutv54Q°C. Runs discussed in this section were at this

temperature level.

1. Removal of No,fsoz,

.and 02 with CO and H20 over Iron Oxide.

a. Long residence time runs.

Simultaneous removal df,No, SOZ’ and,O2 with CO and H20 ovér

reduced iroﬁAOXide'was‘studied in Runs 31b and 35b. The catalyst/
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absorbent'size was -3.2-mm pelleté. Thé_data are presented in Figures
iv-26 and iv-27.  Both runs maintained complete removal of NO and

-0, over the entire run. SO was not completely removed. Estimation

2 2

of 802 removal with time was not possible because eluted sulfur

compounds formed ammonia salts. The average SO, removal is plotted

2 .
sfarting when precipitate'was first seen. The precipitate which

formed was white and released NH., when heated. Tests confirmed that

3

NH., was also collected in th HC1l scrubbers. These

is was (NH4)2SO3.‘ 3

selectivities for the'funs of 64% and

two sources gave average NH3

69%, respectively. The precipitate formed most heavily toward the.

end of the run in both cases. The NH. selectivity increased with

3
time in bofh;runsQ In Run 31b and 35b (O/R)NH3 was_0.956 and 1.00.
Both'runs were thus net reéucing, with Run 35b being slightly less

.so. The pellets at thé_end of eaeﬁ run were solid bléék and reflected
Ano tendency to poison. ‘The high reﬁovals échieved for all compounds
over the entire bédvsuggest that £he.actua1_reaction time is 1eés'
than the-gas residence tiﬁe’in the bed. The CO fémoval begins to

. drop off only-after 75% of the iron has been suifided; . This behavior

suggests reaction times of the order of .0.10 second or less, 36,000

hrml space time.

b. Short residence time runs

Runs . 36b and;37b confirmed thatjreéction‘doeé oécur in less than
.0.10 sécqﬁd. A 6.4-mﬁ ID.v 316 stainless steel reactor gave resi-
dence time§ about 0.04 to.0;02 seconds, depending onbtﬁe catalyst

.

charge. In this smaller reactor 2 grams of catalyst corresponded to
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a residenée time of about 0.034 seconds. This smaller volume cuts
the sulfur breakthrough time 10-fold from that in the 3.2-mm reactor.

_féed rates in Runs 36b and 37b, the calculated sulfur

With the,SO2

breakthrougﬁ'times Were.78 and 56 minutes, reépectively. Figures
"iv-28 and 29 report theiactual,breékthrough timQS'ciose‘ t0vthesé
Valueé.. Exact determinatioh of the bréékthrough curve was not pos-
‘sible with the existing ?naiytical syétem.

In Figure iv-28, Run 36b, sulfur eluted in the form of HZS and

'COS. Ammonia was collected_both as precipitate and in the HCl .

scrubber. The average NH. selectivity for Run 36b was 48%. The

3

_oxidation level for this run was (O/R)N2 = 0.81 and (O/R)NH3 = 1.01.

If 100% NH _selectivity had occurred anywhere in the bed, the atmos-

3

phere would_have been net oxidizing. Although the bed remained re-
active for the entire run, the catalyst at the end of the run was

'oxidized.in the first half of the bed; both Fe203 and FesO, were
found to be present.

selectivity was 68%.

In Run 37b, Figure iv-29, the average NH3

The oxidation levels at the start were (O/R)N2'=VO.84 and (O/R)NH3 =

1.05. Producing 100% NH3

locally would result in a net oxidizing

atmosphere. Thié-apparéntly occurred after 80 minutes, since all

5 level was decreased

removals went beiow 10%. At 160 minutes the O

to make (O/R)NH3v= 0;85.V‘Rém§valé immediately increased. The [02]

was cycled‘again,:and the same results occurred. When the system had

a net reducing atmosphere with respect to NH3

generation, the catalyst
"was active. It is significant to note that even though' the catalyst

- was substantiélly sulfided in the firét cycle, sulfur compounds
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level was decreased.

stoppedleluﬁing immediately after the 0,

‘As in Run 36b; when the run was éomplete, thé last half of the bed
‘had remaiﬁed active while the entraﬂce héd been oxidized during
the run.

The sulfur compound elution pattetn is shown in Figure ivj30.

H.S initially breaks through followed by COS then SO..  NO elutes at

2 2°
~about the samevtime‘a§ soz,.followed_by 02. This pattern was repeated
twicé{ The third pattern appears to be the same, only slower. This
suégests.that the level Qf 0, or the O/R raﬁié has a direct influence
on the bed capacity5 |

In nérmal operating éonditiohs, the catélyst/apsérbent would not
be used.after complete sulfidization; Run 37b.continued-after com-
plete suifidizatibn) Another extended run was made, Run 38, in‘which
.the'Coblevel was varied'at a constaht_oz level of 0;98%.v Eveh undexr

net reducing conditions, the sulfided catalyst rapidly deactivated.

Reactivation only occurred when O, was removed. from the inlet gases.

2
This emphasizes the importance of maintaining reduced iron oxide in

the cétalyst/absofbent{ Ferrous oxide is required both for the absorp-

tion of sulfur compourids and to prevent rapid catalyst deactivation.

with CO over

2. Remoyal-Regeneration Cycles for NO,SOZ,.and O2

Iron Oxide.

In Runs‘59 and 40, a cyclic remoVal/regeheration procedure'was
used to pfovidé a high levél of FeO when testing the catélyst activity.
A larger, 9.5-mm reactor was used in thisvétudy to give longer break-~

through times for sulfur compounds. The chargé of 2.6 grams of
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catalyéﬁ gave a residence fime of 0;040 seconds. ‘Calculated break-
through timgs for sulfur compounds-for‘Runs 39 and 40 were 69 minutes
énd 75 miﬁutes,'respectiﬁely. This longer time enabled at least two
‘samples fo be taken prior to breakthrough.

In Run 39 the actual breakthrough of H,S below 90% removal

2
occurred between 50 and 70 minutes for the four trials. The data

are presented in Fiqure iv-31. Complete O2 and NO removal were )

achieved for all trials. The average NH, selectivity for these trials

3
'ranged'between 53 and 64%..,The (.O/R)N2 was 0.758 énd (O/R)NH.3 was

and N_. - formation.

0.896, reducing with respect‘to both NH 5

The catalyst was regenerated in situ betweeneach trial. The
Eémperature was first raised tov670°C. The [02] in the regeneration
gés stream-in'Rgn 39 was varied from 2% to 21%. The regeneration
conditions are:given ih Figure iv—31.vair regeneration éave the
catalyst with the highest.sulfur capacity. Al; removal steps, however,
i appear cémparablg to the first.

Run‘40 had removal conditions, parts b and e; similar to Run 39.
The dété'are prgsented.in Figure iv—32. The regengration conditions,
parts c,d énd'f,g were alﬁered to:determine sulfate lévels in éach'half
of the bed. Run 40b was with fresh catalyst and Run 40e was with the
regenerated catélyst_from.Run 40d. After the removal steps, the
black particles (reactor‘exit) were separated from the red (reaétor

"entrance). Each half was heated to 693°C for one hour under stream

of a He. Any FeSO4 would decompose under these conditions. A

stream with_-l%.o2 was then introduced for one hour to oxidize the

’sulfide to'SOz. The 507 generatedbin steps c¢,d and f,g was collected in



time with four successive removals. Run No. 39.
Removal conditions

[NO] =0.50% [(CcO] =5.59% Removal at:
[Ss0,]1=0.56% 10,] =1.09% T =560°C
[Hp0] =1.7. 6 = 0.04 sec
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1st 4% [0;] for 66 min. Regeneration at:
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3rd 21% [0;] for 63 min. 6 = 0.038 sec
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NaOH scrubber solutions. Sulfate was found in both reduced and
oxidized particles. The two bed sections were then combined and
recharged to the reactor for the second removal step. The results

are summarized below:

Table iv-2. - Sulfate level ig reacted catalyst/absorbent,

Réduced, Black Okidized, Red
(Bed Exit) . (Bed Entrance) Overall

_Run . 40b-c,d 40e-f,g 40b-c,d 40e-f,g 4Cb-c,d 40e-f,g
4 :
S as S (%) 88.4 86.7 36 52.9 77.0 81.6

S as SO (%) ‘11.6 13.3 , 64 48.1 23.0 18.4

The Oz‘in the sulfate corresponded to only 17 and 21% of the

total 02 in the feed for Runs 40b and 40e, respectively. Removal of

the remaining O

5 was by reaction with CO. Integration of the curve

area and solid analysis from the seéond regeneration show about the

same capacity. Both trials had an NH_, selectivity of 45%. In Run

3
40 .the_(Q/R)N2 was'0.80'aﬂd (O/R)'NH3 was'Q;94,.both net reducing..

In Run 39, eaqh triai'resulted in an S/Fe ratio of around 0.60
to 0.70. In Run 40, the S/Fe ratio was between 0.90 and 1.0.- Com—
._parieion of the'O/R raties would suggest that Run.3§ sheuld heve been
more strongly sulfided. The increased temperatﬁre of‘Run 40, 39°C
higher than‘Run 39, may:eccount for the higher sulfidation 1eVel.

These two ruﬁs.have demonstrated the-activity.and regenerability

of the'catalyst even when 1% O is present in the inlet stream. This

2
oxygen level results in between 15 to 25% of the sulfur f(rming sul-

fate. The oxygen consumed in this sulfate formation is only 15 to

20% of .the inlet 0, feed.
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F. Ammonia Generation

Numerous run$ have been discussed in which either NH3 or

ammonia-éulfur salts were'fofmed."Jones (1971) and Klimisch (1972)
have shown that the présence of oxygen.will decrease ammonia selec-
tivitf“during Noireduction; A corrélation between both this effect
and the efféct of‘the oxidizing or reducing nature of the catalyst/
absorbent, on NH selecticity'was found. Figure_iv—33.shows the

3

.. effect on the NH, selectivity of the product of the ratio of the

moles of-oxide ﬁo moles of sulfide in the solid with the ratio of
'oxidation to réduction equivalenté in ﬁhe inlet gas. .The ratib for
the okide £o sulfide is an average of’initial.and.finai conditions.
This procedure ié not strictly correct since initially no sulfide isv
. present aﬁd ét the end there is a la;ge amount of Sulfidé. The
'quélitative trend on'tﬁis éraph is importaﬁt: the greater the
reducing equivalents in the gas or the more sulfide on the soiid, the

greater will be the NH. selectivity. This correlation is for runs

3

between 370° and 590°C. NH. is unstable relative to N, and H, at

3 2 2

and above 370°Cvfor the concentrations used in this expefiment.

" Shelef (l972)-repotts NH., decomposition at the upper temperature -

3

limit with an iron oxide catalyst. There is no apparent decomposi-
tion in these runs since all‘runs'have about thevsame dependence on
"the combined factor. Runs with copper and nickel, reported in the

next two sectidns, were made to test the potential of these metals

to produce lower NH3 selectivities.

G.  simultaneous Removal of SO,, NO and 0, with Copper Oxide and

Nickel‘Oxide;
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Fig. iv-33. NHg3 selectivity as a function of solid and gas composition.
- Gas composition (%)

~Run [NO] [so,;] [co]l [Hz] [0,] [Hy0]

0 2.5 0 -0

194 0.38 0
22d  0.58 0 1.1 o 0 3.4
26c  0.50  0.95 3.7 3.6 2.0 4.9
27a  0.50  0.41 3.6 3.6 2.0 1.4
27e  0.53  0.44 3.9 3.7 0 0
27f  0.55 = 0.44 3.8 3.7 0 1.0
27g  0.53  0.45 3.7 3.6 1.3 1.0 .
29c  0.53 - 0.50 4.6 0 1.0 1.1
30c  0.61  0.98 4.9 0 1.1 1.0
35b  0.50  '0.48 3.7 0 0.49 1.8
36b ~ 0.50  0.50 3.6 0 0.45 1.3
37Tb © 0.49  0.50 3.5 0 0.13-0.48 1.3
©°39d  0.49  0.56 5.5 0 1.0 1.7
40b  .0.53  0.53 5.6 0 1.0 1.7
O T =370-380°C, 6 =0.5-0.7 sec
= = 0.02-0.04 sec

A T = 538-590°C, 6

(Fe-301-T1/8)
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"1, Removal with Copper Oxide.

‘Copper Oxide was reported to accomplish simultaneous s0,, and

NO removal by forming S2 and N2 (Quinlan, 1973 and Ryason, 1967).

A similar copper catalyst was tested for its ability to remove 802

_as a sulfide and NO as Nz'anvaH3. _The catalyét was Harshaw Cu-

0803T1/8 which has 10% CuO deposited on activated Al203. The
3.2—mm.pellet size was used. The‘catalyst was first reduced with

CO to CuO Calculated breakthrough time for the sulfur compounds

0.15°
is 129 minutes assuming Cuzs formation. Figure iv-34 presents the

data. NO, 02) and SO, were completely removed. C0 removal dropped

2

at first then jincreased to about 100% toward the end of the run.

Sulfur compound removal reflects elution of COS during the first

150 minutes. The large breakthrough after 150 minute is H,S. NH,

selectivity constantly increased over the run. The average value
from the HC1 scrubber and precipitate was 73%. In this run (O/R)N2

was 0;714-énd (O/R)NH_ was 0.95, net reducing. If all NO had been

3

converted locally to NH,, a condition close to stoichiometric,

3

 within experimental error, may have occurred. Quinlan (1973) assumed that

the water-gas shift reaction did not proceed and hencé no NH_, could

3

be formed. They could have missed generated NH, since they did not

3

analyze for it. At the Start of'Run 33b, when O was being removed
from the catalyst, the system may have gone slightiy oxidizing,
causing elution of CO and COS. With iron oxide in Runs 31b and

. 35b, SO, eluted throughout the runs instead of COs. This fact implies

2

that copper has higher catalytic activity for SO, reduction but that

2

iron is more reactive with the H_S or COS which are préducedQ

2
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2. Removal with Nickel Oxide. ,
A combination of nickel and iron’dxides,was tested to see if

the amount of NH3 produced could be decreased. Klimisch (1973)

. on a Pt-Ni-Al

~has demonstrated the ability of Ni to decompose NH3

catalyét at 500°C. The iron was to function as it had in previous

runs while the nickel was to decompose the NH_ which formed.

3
Run 41 was identical with Run 40 except that the first half
of the bed was Fe—-0301 and the second half was Ni-301 catalyst. Both

selectivities for

catalysts were ground to 0.50-0.25-mm in'size,'NH3

the two parts were 27% and 41%, respectively.'.These values are only
slightly lower than for the iron oxide_runs, The déta are presented
in_Figdré iv=-35. .Calculated breakthrough times for parts a an& c
are 65 mingtes and 75 minufes, respectively. The two-step regenefa-
tion was ﬁsed separately on_the iron and nicke1~portions after each
trial; The reporfed S/Ni?values werg 1.29 and 1.26 while the S/Fe
Qélues we;é O.4é and 0.65. ihe overall sulfateblevel was\26%,’most-
, of which was in the.iron. Contamination of the nickéi portion of
‘the catalyst béd‘with some of the iron probably caqsed’the high S/Ni

ratio.

‘3. Summary of Copper and Nickel runs
These runs show that although bOth nickel and copper catalysts
" are active.for the proposed removal reactions neither significantly

lowers the NH

3 selectivity or'inhibits the formation of sulfate.

The reactions forming the copper and nickel sulfides and sulfates

are:



Two successive cycles.

Removals:
[NO] 0.539
{01 1.0%
[co] 5.6%
- [802] 0.58%
) [ ZO] 1.7%
= 0.043 sec
= 600°C

Regeneration:
T =671°C [O
T = 695°C [O

.~ Run No. 41.
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AR, AF

Ag00 - 25°C 370°c “Fe76°C

. _ (kcal) (kcal) ‘ (kcal) (kcal)
2 Cu0 + CO — .

Cu,0 + Co, -32.8  ~—-m- -36.2 -36.9 iv-32
Cu,0 + SO, + 3 Cco — n |

Cu,S + 3 C02 -110.5 == =-m—- -87.1 -81.1 iv-33
NiO + SO, + 3 CO —

NiS + 3 CO, . -o2.1  (Not Known) ~ —-—m- iv-34
Cuso, —

Cud + SO, + % 0, " +75.64 +54.72 m——ce +13.37 iv-35
Niso, ——

NiO + SO, + % O, +84.74  461.52 . mmmmm  mmee- iv-36

Lowell (1971) lists the decomposition temperatures of CusO, and
Niso, as 840-935°C and 730-890°C, respectively. In the regeneration

runs,'l%.o was used at 675°C. These-conditibns only partially re-

2
generated copper.oxide.  A comparison of soé collected in the scrubber
with that on the solid%shoﬁed that Cud was only 50% regenerated. The
dark greenish color present is characteristic bf CﬁSO4. The same
comparison for nickel showed that it was almost completely regenerated.

The catalyst was a faint green color which is the characteristic color

of NiO.

H. Oxidation-gﬁ_gg_and‘EQ.

One of the process requirements is that the flue gas have a net
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- reducing atmosphere. Excess CO or:H.vneeds to be removed by oxida-

.2
tion with oxidized catalyst to prevent discharge into the atmosphere. \

Reactions for the iron oxide system.include the following:

A

A 500 F370°C AF53g°0
" (kcal) - (keal) (kcal)
. .
Fe203 + CcO —> »
2 FeO + CO, +1.57 -6.96  -7.77  iv-37
3 Fe,0, + CO —
2 Fe,0, +CO, -12.83 - -20.42  -23.28 iv-38
Fe203 + H2 —_— | | |
2.Fe0 + H,0 +11.4 - 3.28 - 5.50  iv-39
.3.Fe203_+ H2 — .
2 Fe,0, + H - 3.0 -16.8 -20.9 iv-40

374 2
1. €O oxidation.
Oxidation of CO was studied in more detail than that of H,, since
a greater percentage of the'reducing'agent will be CO, see Chapter V.
The data are presented in Figure iv-36. A 60% maximum'CQ removal was

achieved with ‘the 3.2—mm'pellets of Fe/A120 in Runs l4a, 15a, and

3
24a. When the CO ievel-was decreased and thé particles_were sized
0.50-0;25me, close to 160% CO removal was.initially achieved. As in
other funs, CcO rémoval drops off rapidly. Higher removals with smailer

'particles suggests that diffusion limits the extent of feaction in

-the larger particles. Raisiné the temperature to 538°C with the

1arger pellets also produced removals close to 100%. 1In all runs
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Run 14a 15a 24a 30a 3la 35a
T(°C). 378 - 368 . 407 370 - -538 538"
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Symbol @) A v 0 ' v °
Size(mm) 3.2 - 3.2 0.5-0.25 3.2 3.2 3.2

: : Fe-301-T1/8 : '



161

where CO femoVal was 100% invthe,fifst-sample, the outlet CO2 did

not equal inlet CO flow. As the run:progressed, the total CO2 + CO
~did eéuai the inlgt co Within the experimental error. ‘It is»suspected
that adsorption'of CO or CO2 occuré{"This phenomenom_Was briefly
discussed in connection with Run 15, Sectibg c.l. The initial high
removal.fér the 19Q CO is in part due to CO adsorption.

Andther set of runsjwith a much shorter residence time is
illustrated in Figure iv-37. These rﬁhs were with 0.50-0.25-mm
sized particles. A rapid drop—off of CO removal is shown for the 1%

(6l0) runs.‘ Run 38a with CO 0.38% sﬁows a much slower drop-off.with
time.

CO removals in both Runs 30a and 38a remained'high sincéjthe
time required td reduce the surface is longer with thé low Ca con-
- centration, If‘diffusion'or first-order kinetic limitations ére—
dbminated} the percent removal should be uneffected by the CO concen-
tration.;‘The'variation can be explained by:ah initially active sur-
face foiiowed by é proéressively less active,suffacé species. vThis
fact woﬁld suggest that, in order of decreasing activity toward CO,
. the iron oxides would rank Fe203 >‘Fe-304 > FeO.

Some of the excess CQ may also be oxidized by unreactad Oé.in
the gas stream. Ip Run 8.the co + 02 reaction was studied over both

vreduCed and oxidized iron.. The data are present in Figure iv-38.
02,removal was 100% in the fwo cases. .Ih the net reducing system,

the solid was reduced in both casés. After lOOIminutes, both Runs

8b and 84 had CO removals which corresponded to only the O. oxidation,

2

demonstrating the catalytic ability of iron oxide.
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2. H, oxidation.

-The ﬁz.oxidation study was conducted:only with‘the large, 3.2-mm

péllets. ,The.data‘are presented in Eigureviv§39. The highest H2

removal'fqr thgse’tests was about 25%. This result is some 35 percent ’
units_iower.than thé co remqval undér comparable conditions. The

rise in.the curve for Run %9a is a resultvof the temperature increase’
to 453°C.'.If diffusion limitations within the éellets were the rate-

determining step, H, oxidation should proceed faster than CO oxidation.

2

The reverse is the actual case, implying that H2 oxidation kinetics

are slower than combined CO oxidation diffusion and kinetic rates.

I. Other Reactions Studied.

1. Water-gas shift reaction.

In‘expériments on NO reduction, NH_, was formed when H20 and

3

CO were the reducihg agents.. This fact suggested that the water-gas
shift reaction proceeds in the presence of either iron oxide or

. iron sulfide. Run 42 showed that both H2 and CO2 were produced,

confirming this prediction. “The data are presented in Figure iv-40.

The HéO removal was determined by the H produced, The pefcent water

2

removal is much lower than that of CO because it is in excess. The
discrepancy between the [CO,] and [H,] produced is.due to error in the

H2 measurement and oxidation of the surface by CO.' There is very

little significant difference between the two catalysfs. Since the

may be an important inter-

water-gas shift reaction does proceed, H2

mediate not only for the NH,, but also for the H,S seen in runs con-

2

taining‘soz, H20 and CO. Okay (1973) reports that with a Cus
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catalyst the water-gas shift reaction does not occur. He based this

~claim on the fact that neither H2 nor H2S were produced when H20 was

added to a system of CO and SO .This is not an adequate test for

5°

the wéterrgas Shift reaction.v

2. High ttemperature, Short'rgéidence'time:éuifidation.,

The discussion in part B on Sulfidatioﬁ of iron oxide presented
| data cbllected at 370°C. The sulfidation stép in Run 42cvwasf~ ;
.carried-out at 570°C with a gas fesidence.timé in the bed of 0.045

secbnds.’AThis run showed,thaf COS>did not break through until,

85% to 983 of the bed was sulfided. This fact implies that thé

- actual reaction timé was much less thén 0.045 seconds. The data are -

présented in Figure iv-41. The COS breakthrough curve is extrapolaéed

from one goiﬁt.' Breakthrough occurred to rapidly to obtain more B

intefmediate samples. - _‘_ . ‘ o o ‘;
The.calculated COS:breakthrough, assuming only FeS formation,

ié 82 ﬁinutes, somewhat iess than the actual. ﬁndér similar condi-

tions, except that O, and NO were present, breakthrough was in 60 to

2

:65 minutes, Run 39 (Figﬁre iv-31). These results suggest that some

FeS, may have formed in this run and that NO and O, may inhibit

sulfidization.

3. NH oxidation.’

3

The potential of Fe203,to oxidiZe NH3 at 368°C was studied in

Run 23 over 3.2-mm pelleté.“vNo reaction which produced“N2 occurred.

resulted in some NH, loss from . the 2.1%

2 {1.4%) was added, 20% of the NH3 was’

A Sliéht adSorption_of NH3

NH3 inlet stream. When O
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. initially oxidized. After 10 minutes. the amount of NH3 oxidized

dropped to 5%. The oxidization was short-lived. Therefore, if NH3

forms at 368°C, it will not decompose or oxidize toAN2 over iron

oxide. Following this run, H2 and st.were successively passed over

the catalyst. Neither H.Anex H

5 S reacted, which indicated that

2

adsorbed’NH3‘deactivated the catalyst for reductions at 368°C.

Peri (1965) reports a 5% monolayer coverage of NH3 on activated

alumina at 400°C.

4. 'Activify of Activated Alumina,

Ruﬁv34 tested the activity of activated alumina for the proposed
- reactions. Activated A;umina No. LA-6173 from the Norton Company was
tested. The alumina was 3.2-mm extruded pellets with a surface area
of 250’m2/gm. ' Adsorbed water on the alumina reacted with COo at 538°C}

to produce some CO The- reaction rapidly decreased. Similarily,

27

when a gas mixture of 4% CO, 0.48% NO, 0.54% SQ2, 0.48% O2 and 1.7%

_'HZO was passed over the catalyst at 538 C only a small amount of the

gases reacted. The eolld sompos1t10n‘corresponded to A1203.09S.008'

This run showed that the A1203 matrix‘is relatively inactive. Lowell

(1971) repcrts"t'h.a_t'Alz(SO‘l)3 decomposes to the oxide at 650°C. Thus,

if any does form, it will decompose in the regeneration step, 677°C.

J. :Iron"Sulfide Oxidation.

Oxidation of FeS to form Fe203_and to liberate 302 or 52 is
_required_to‘regenerate the spent catalyst/absorbent. The desired

sulfur prcduet'will depend on.the specific plant location. 1In

' general, sulfur would be preferable to sulfuric acid. The initial



170

regeneration work-discﬁSSe&';ﬁiséCtion'A;yieldéd almo ﬂ‘ély

SO The regenération process was studied in mb;é dé§ jeter-

5"
mine if Sé'could be generated. The important reactions”;néiude the

following:

. .

Fe203 + 2 SQ2

2

AH25°c : AAF227°c,- Fer6°C _
(kcal) . (kcal) (kcal) -
2 Fes + 7/2 0, —>
Fe,0, + 2 S0, . =-293.3 . -262.2 -232  iv-4l
‘2 FeS + 3/2 0,— _ EERRST
Fe,0, + S,(g) -120.5 - -106 - 91.9° . iv-42
2 FeS + 3/2 soz—-—é-'—-é
Fe,0, + 7/4 sz(g) + 9.05 . + 10.2 +12.8 . iv-43
2 FeS + 3/2 so, —
Fe,0, + 7/2 S(s) - = 44.92 - 10.3 ---—-== o v-a4’
2 FesO, —_—
+ % 0, +102.2 +49.9 - 6.8 . iv-45

Thermodynamics shows that sulfur is favored at 16W t’m9étatﬁres
and 502 is favored at high temperatures. Reaction kineticflﬂmits

may prevent low temperature formation of sulfur, while Szfgxidation

may prevent_82

productién.

1l. High temperature, low O, concentration.

2
a. Large’pelléts;

Runs 11f and 12 were conducted at temperatures between 538°C
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levels. O, ranged

2

and 720°C to see if sulfur could form at low O )

 from 1.5% to 2.8% with residence times between 0.36 and 1.0 seconds.
The 3.2.mm pellets were used, Trace amounts of sulfur collected in
outlet lines, but by far thebhajority of sulfur from these runs

eluted as SO In Run 12 a mixture of 1.7% SO, and 0.5% 0, was

2° 2

fed to seeAif_SO2 formation reactions could be inhibited. The

same results were noted: -only trace amounts of sulfur formed.

b. Small partidles.

Low Oz'levels and high temperatures were used in Runs 39 and

42 with the 0.50-0.25-mm sized particles to check on the sulfur

'product. In these runs, only SO, eluted. No traces of sulfur were

2

detected even though the 0O, level ranged from O to 1.9% and residence

2
times varied from 0.02 to 0.04 seéonds{

The initial regeneration period (677°C and 1% 02) in Run 42
flasted_fér 65 minutes. A second regeneratiqﬁ period (677°C and 1% 02)
of 210 minutes for this same catalyét showed that ohlyb84% of the
bound sulfuf-had been erlved in the initial éeriod. A closer look
;ét the three diffe;ent'o

5 regeneration steps in Run 39 is shown in

Table iy-3.

Table iv-3 O, concentration effect on regeneration. -

=2
. %0 : %( 4
Run 39 (677°C) - 280, 4%0, 2150,
, ‘ : . t=37 . t=69 - t=5 t=35 t=5 t=34
% SO2 after t(min.) - - 0.88 0 1.2 0] 0.51 ‘0
. %0, after t(min.) 0 1.1 0 2.3 18 21
vRégeneration time (min.) 129 L 66 ' 63
SO, collected in scrubber (ml) 89 86 93

2
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and. 66 minutes with 4% 0

2

Even after 129 minutes with 2% O2

there was still a substantial O

5 removal over the bed;_ with air -

. :
there was no detectable O

5 removal after 34 minutes. In both the

4% and 21%'02 case SO2 elution ceased aftef 5 to 35 minutes.

collected by the

2 2

In the 2% O_ case some SO. still eluted. The S0,

NaOH scrubbers for each step differ by only 7.8%. This is within

breaks through only after most of

the experimental error. The""o2

the 502 has eluted in the low concentration cases. The remaining

02 removal is caused by iron oxide oxidation.

Additional regeneration tests at 677°C-and 1%02 were conducted
on samplées from selected runs. The particles tested were ground to

less than 0.25-mm. The comparison of the S/Fe ratio determined by

-the suifur picked up in the removal step to that determined by 802

evolution in the regeﬁeration step‘fér_e;chvrhn_is given in Table
' iii-6.  There is no consistént.patterh in'tﬁe reported deviation.
The major errorvis caused by the inability'to-predict thé extent of
"oxidationAof the surféce With the 1% 02.‘ |
.Ffom this'study_it-was concluded that air is tﬁe.best regehera- .
‘tion gas a£ 677°C. Aétual resiaence times fdr,the.0.50-0.25—mm'
particles-should bé betWeeﬁ 5 and 35 minutes. The 100 micron'parti—
cles uéed'iﬁ a powef plant with air as the regeneration>gas_sh6uld

require the lower limit, 5 minutes.

2. Low temperature-low 02 concentration.
' Low-temperature regeneration runs were made with 3.2-mm pellets.

2

In'Runsvl3f} led, and 21d, temperatures were 260—288°C, and the O

‘level was 1.5-1.3%. Run 214 also had 1.9% HZO' In both Runs, 13f
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9 elution which decreased rapidly

and 16d, there was an‘initial“large SO

to zero. No O ‘reacted after this step, When the catalyst was

2

‘heated to 374°C more SO. eluted. The catalyst bed showed that only

2

a few of the pellets at the bed entrance had been oxidized. The

- remainder of the bed was not oxidized. No S, was collected. 802

evolution may have been from FeSO_, decomposition. Evolved SO

3 may

2

have-poisoned the remaining pellets for oxidation( explaining why

only partial bed oxidation :esuited.- No 502 or‘S'2 eluted from Run 21d.
Lower temperatures were used in Run 19e, 71°C, and Run 24g, lO4éC.

H20 was present in the air mixture used in Run 249. Oxygen at 1.3%-

was used in Run 19. Neither run produced any S, or SO

5 2,either at

these temperatures or when the catalyst was heated to 370°C.

3. - Summary of .regeneration results.
Regeneration of iron sulfide with oxygen to give iron oxide
and sulfur directly does not appear possible. High temperature (677°C)

regeneration to give iron oxide and SO, is a practical reaction.

2
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CHAPTER V. Process Design

A. Overall Ratej' Analysis.

1. Remo?al proceés.

a. Defining equation for reactors.

In order to translate the experimental results obtained in é_
small, fixed-bed contactor to an opefafing syétem with a large,
. dispersed-phase contactor, a model describing the system behavior
- must be developed. The general expression which governs NO and

SO, removal in both fixed and disperéed contactors is the following:

Cag

Cago = eXP'['KlepB]' | - ov-1
where: - - ‘ Cag‘='gas concentration after residence time O.
Cagy,= gas concentration at inlet conditions. '
K; = overall reaction coefficient.
© = residence time of gas in the contactor.
pg = solid density within the-contactor.
"~ The development aﬁd assumptions of this equation are given in
Appendix A - 2. "'K1 is a composite. function involving both mass

‘tranéfef and kinétiCS. The value of kl Qill.be calculated for
both fixed-bed énd dispersedfcontactors:in éection B.b.lp The
variables © and gy are set by experiméntal‘conditions in the fixed-
‘bed work; In the dispersed contactor design © and pp will be ad-
justedfto give‘thé féquiredeag/Cago:

As will be diééussed,}h section B.1.b.ii;, although Cag/CagO .
is . the §éme for both contactors, the absolute values of Cag and
Cag, for the ekfefimental work were_Slightly higher tﬁan the con-

centrations found in practice.



b. Key process variables.
The important procéss.variableskidéntified in the experi-
mental study are listed below.

- Reaction temperature..
Gas residence time.
Particle size.

Gas concentration..
Gas composition.
Solid composition,

NV AW

From the design equation, v - 1, two additional variables
" when scaling up -will include:

7. Mass~transfer éffects.
8. Bed density.

These variables are discussed in section B.1. of this chapter

in a slightly different order.

2. = Regeneration process.

a. Defining equations for regenerator.

The éxperimental study. showed that high-temperature regen?

-

eration of the sulfide was needed to produce an active catalyst.

The model will therefore be similar to that developéd_by Guha

-(1972) for the oxidation -of FeSz. Expressing the extent of re-

generatipn‘as the percent of FeS réacted to give Fe203 and 802
the model becomes

o | [r-7/4(1-€')§—2—._ cag t1°100

% Solid reacted = 100 - — _m 0 -2

3
T,
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where: - T = radius of particles.

: Cago = 0, concentration. :
K2 = oVerall reaction coeff1c1ent
t = time of solids reaction.
1-€' = volume fraction of particle wh1ch is FeS

pspy = molar density of FeS.

The development and assumptions of this equation are given in

Appendix.- ‘ A-3. K2 is a comp051te functlon involving both

mass transfer and klnetlcs.

b, Key process variables.

The important regeneration variables found in the experi-
mental study include the following:

Regeneration temperature.

02 concentration.

Particle size.

Solids residence time in regenerator.
Solid composition.

VT HE NN =

From equation v-2 the mass -transfer effects, as they influence
2, will also be a variable of the. process These variables will

be dlscussed in Sectlon B. 2 of thls chapter.

B. Discussion of the Variables.

1. Removal reactions.
a. Reaction temperature.

All of the removal reactions occurred in the desired tempera-

ture region of 370°C - 540°C. The upper level (540°C) is the re-

commended temperature of operation. At this temperature, catalyst

) . . ! . .
deactivation due to sulfate formation is inhibited, reaction kinetics
are more rapid, and large d1fferences between the temperature for re-

moval and that for regeneratlon are av01ded
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b. Kinetic and mass trahsfer effects.

The overall reaction coefficient, Kl,'is'a function which
includes both kinetic and mass transfer effects. This is shown

in the following relationship:

1 1 : ‘ o
Ky = ( + _ v-3
1 Vpkrn ex km -
' where: . . km = overall mass- transfer éoefficient.
' kr = overall kinetic rate coefficient.
Sex = specific external surface area of particles.

Vp = specific volume of particles.
n = kinetic effectiveness factor.
(See Appendix A-2 for development.)

This ‘expression, like equation v-1, assumes first-order
dependence of the gas concentration on both the kinetic and mass-
transfer rates. In orderfto‘estimate the required density of
- solids in the dispersed contactor as well as the gas residence

time in the contactor, K1

must be evaluated for both the fixed

and dispersed contactor.

i.  Fixed-bed contactor.
(a.) Required residence time.

Sulfur dioxide-remoyal»in a fixed—b¢d contactor proceeds
untii.the bed has been almost .completely sulfided. During sulfida-
tion there is’anhoxide/sulfide reaction zone which mo&es through
the bed. Since Breakthrough of sulfur compounds in.the-runs at
540°C did not oécur'until the bed was almost compietély sulfided,

'this reaction zone is much smaller than the bed length. The

177
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sulfidation of iron Qxidevwifh S0, and CO iﬁ-RUn'42, Figure iv-41,
‘Tesulted in,sulfur_éompouhd e1ution only after.85% to 98% of the
bed had beeﬁ sulfided. Since the nbmihal gasrresidencé time in
fhe bed was 0.045 seconds, the gas-phase removai process went td
completion in the fixed.bed‘in 0.0068-t0 0.001 seconds.

Nifric oxide removal is catalytic and will proceed until the
bed becomes deactivated. The deactivétion of-catalyst/ébsorbent
_.rgsults when the éatalyst is partia11y oxidized by 02; " Runs
-36b and,37b reported simultaneous remoyéi of 802 and NO when the gas
reéidénce time wa5'0.030 - 0.034 seconds. Examination of the
catalyst'from'both of these runs showed that only the last.héif
of the bed was aétivé, This meant that the feacﬁive reSidence.
time for NO removal was_less_thaﬁ_b.OlS seconds in the fixéd-bed
‘reactéf.; A more definitive fesidehce.fime can Be obtained from
Figure'iQQSO withvthe gas'cdncentrétidn profiles bf Run 37b. vIn
this run, the catalyst was poisoned, first eluting HZS then COS,
S0, NO, and 0,. If it is assumed that the bed”wasipbiséned‘for
NO removal when the.firstvbutlet NO was’méasured, ét 110 minutes,
then ﬁhé extrapbiated N0 breakthrough,'bétweén 80 - 90 minutes,
occurs after 73.4 82% of the bed is inactive. Therefore the
residence time in the reaction zone is estimated at 0.005 -

0.008 Secénds. ‘

Thesé results confirm that in the experihental fixed-bed

reactor the ﬁaximum-reqﬁired residéﬁce'time for simultaneous NO

and SOé'rempvél is about 0.008 seconds. This is with at least 99%
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removalvof béfh NO and.SOz. THe miniﬁum reSidence time for 99%
removal was not obtained in this study.. The reason for this
apparent lack of data isbgiven in the next few paragfaphs. Data
A extrapolation,'whiéh was discussed in_tﬁe previous paragraphs,.

suggests that times as fast as 0.001 seconds may be the minimum.

“(b) External mass transfer rate estimation.

The reaction residence timés measured in»the fixed-bed are for
‘processes iﬁ.which both kinetic and mass transfer rates are impor-
‘tant. The gas phaée:mass-transfér rates‘in the fixed;bed can be
estimated frbm empirical correlations.and then used to calculate
the kinetic'contribution to Kl.
Sherwood (1974) présents an empirical;correlation_for external

mass transfer in fixed-beds when the particle Reynolds Number (Rép)

is greater than 1.0.

o -.415 o
Iy = 117 (Re) | v - 4.

Since the experimental Rep in the present work is less than 1.0,

this expression, representing an upper bound, and the correlation based

on one experimenter's data, (SherWood, 1974).represéﬁting the lowef bound.
were'useddfor'obtaining the value.of.JD, the maés transfer j-factor.

_The mass trénsfer“coefficient is related to'JD by the following

equation:'

Ip

Kn = 275 | Yave | V-5
om s,) o



where: Jp = mass-transfer j factor.
.. kp = external mass transfer coefficient.
- S = Schmidt Number
UAVE = Interstitial veloc1ty past partlcles

(Sherwood, 1974)
In 5ddition to kﬁ, the Sherwood Number for mass transfer, Sh, is
also calculated. Table v-1 presents the caiculated‘km and Sh for

the listed conditions.

Table v-1 Calculated km and Sh for-the_fixedébed contactor,

Bed Density = 1.172 g/ m>
. Diluent, Helium 400 cm” /min @ 23°F, 1 Atm.
Temperature = 538°C

Dialﬁ_éter, d () ~0.250 | 0.500

Re, - - 0300 - 0.608

JD' . | 1.92  0.22 1.44 0.60

k_ (cm/éec). . 225 5.8 169 . - 70.3
- (kmdp/n) L6 ©0.187 2.44 1.02

The expected range for km for the 0.250-mm particles is
25 - 255 cm/sec and for the 0.500-mm particles is 70 - 169 cm/sec.
The lack of more experimental databelowa.Rep of 1.0 prevents

the narrowing of these ranges.

The reaction kinetics, to be discussed in section B.1l.b.i.(c),

‘were significantly influenced by the external mass transfer limita-

tions. The NO and SO2 removal reactions rates were so rapid

that it was impractical to design an experihental unit which would

180



DU%Ev}égEuxﬁbg

be free qf exterﬁal méssrtransfer Iimitations. Ih.order to have
such a system, the feed vélbéity would have to be substantially in-
creased. This WOuld mean, af a constant 502 concentration and bed
volume, that bed.suifidation would occur much more-rapidly, hence
limiting the amount of sgmpling befbre sulfﬁrvcompound breakthroﬁéh.
As it was,'in fhe runs with tﬁe.shorteét residence time and with
the lowest possible inlet 802 (about 0.5%), oniy two samples could
be taken before breakthrough. Increasing the bed volume would not
heIp since the total feed of 802 to thé bed would have to be in-
cfeased prdportionately to maintain the same residence time. Con-
~‘tinuous gas monitors with a higher'sensitivity woﬁld have allowed
oﬁeration of a small scale system which waé free of éxterﬁal mass
transfer limitatioﬁs . |
(c.) Reaction rate estimatian

Equation v-3 has presented the_mpdel for.the‘ovérall reaction

coefficient K The values of Seka_can be estimated based on the

1°

previous section. The value for K, can be calculated from equation

1

v-1 using the experimental data obtained in this work. Given these

- two pdrameters,'the value of the solids rate constant, V krn, can

p
be estimated in equation v-3. These values are given in Table v-2.
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Estimation of

Table v - 2.
(Run 42.

Bed Den51ty 1.172 g/ m

Diluent, Helium 400 cm /m1n @ 23 C

Temperature = 538°C
c_ . /C = 0.010
ag ago .

. Resldence time =

0.008 sec (max);

' 0.250

1 Atm,

Discussed section i.(a.) G Flgure iv - 41)

0.001 sec (min)

solids rate constants for removal reattions in the fixed-bed contactor.

'Particle Size-(mm) O;SOO

k So. (cmS/g-séc)» 30,150 3,457 11,323 4,710
(max) . (min) ~ (max) (min) | (max) . (min) (max)"  (min)

Kl‘(cmskg-sec) : 3,929 491 3,929 491 3,939 491 13,929 491

vpk_n (cm?/g-sec) 4,518 499 o 572 | 6,017 513 23,695 ; 548

* Kl & kmSex combination not possible.

Z81



A range for Vpkrn is reported instead of one number for each

particle size since neither kmSex.nor K1 could be determined
~accurately. For all cases except one, the particle rate appears

" to be ‘the rate controlling step.

ii. Dispersed-bed contactor.
(a.) External mass transfer rate estimation.

Disperséd-bed contactors can faﬁge fiomva fiuidized bed with
void fractioﬁs close to 0.60 up to highly'dispersed systems with
>void ffaétions very close to 1.0 (Reh, 1971)._.Sep;rate'mass trans-
fer cqfrelations have been developed for dehse-phaSe and dilute-
phase contactors. Kunii and Levenspiel (1969) present correlations

for fluidized beds:
' 1.18

Sh = 0.374 Re_""° 0.1 < Re_ < 15 - v-6
’ P T TP
_ 0.5 '
Sh = 2.01 Re 15 < Re_ < 250 v-7
P P
‘and for a single shpere,
Sh = 2.0 + 0.6 sc1/3 Repl/,2 v-8

At a Rep of 1.0 fﬁe Sh for a flpidized‘bed would be,lowér
than that for a sihgle sphere. The'theoretical>va1ue for Sh for
'a‘siqgle sphere_injan infinite Staénant medium is 2.0, Since: |
.equation v-6 would predict lower values;.the validity of.equation
v-6 is qﬁestionable when étudying anything but dense-phase fluid
‘beds. -In dense fluid beds, as in fixed beds,‘fhe intefaction of
‘ concentration gradients may result in thé.Sh being 1ess than_Z.O.

However,'the proposed type of contactor is a dilute dispersed-

~
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phase system. As a consefvative estimate of thé‘mass transfei
ﬁnder these éonditions-the last terms in equ;tion v-8 will be
deleted. ‘Therefore,

Sh=2.0 | .‘.‘ 0 y9
will bevused tb éStimate the mass transfef coefficients; Since.the
val.ue‘of_kmsex is uéed'in the rate equations, Table v-3 lists the
values of both kﬁ and kmSex for several candidéte particie sizes.

‘Table v- 3 Estlmatlon of mass transfer coeff1c1ents for a dis-
persed- phase contactor.

© T =538°C, Diluent = N,, Sh = 2.0
Diameter, dp (mm) 0,050  .0.075 . 0.100  0.150
k_ (cn/sec) o459 306 229 153
kS oy (cm>/g-sec) x 10° - 3.18 1.37 .792 0.325

Section B.1.b.ii.(c.) will give a discussion of the reason for
selection of these particle sizes. |
(b.) Reaction rafe-éétimation.

In the discuséion of the fixed-bed datavabove, an estimate
of the,sOlidsa'féte p?rametef was made forvthe catalyst tésted.
The catalyst used in the dispersed contactor will be_siightly dif-
ferent than the one on the fixed-bed case. It will still have 20%
ferric oxide bﬁt will have an alumina-silica matrix instead of
only alumina. - Thé latest commercial alumina-siliéa matrix crack-

ing catalysts have surfacevareas (S,) around 200 mz/g (Gussow, 1972).



vThe”éxperimépfai ;atélyst}haé an SV of 41 ﬁZ/g{« This means that
an increase in the specifié:volume can be expected in going from
the fixed-bed unitito fhe dispersed phase contactor with the newer
catalysf.' The increase in VP will not be(proporfional to the
increase in SV. A compériéon of two comﬁercial Harshaw'catalysts
wgs ﬁsed to'estimate‘ﬁhe néw Vp' Table_v—4 presents the data.

Table v-4, Estimation of specific pore volume of high surface
'  area catalyst (Harshaw, 1973).

In (V. Vo)

2 3 .
talyst S Vv =
'Ca a‘ Yy : _ | V(m /8) p(cm /8) X - 1n (Svl/svz)
1. Fe-0301T 1/8 41 0.31 '
0.4878

2. ‘FefOSOSP , - 105 _ 0.49

The;logarithmic proportionality constant, x, iS use&'tb calculate
.the>néw Vp of 0.67 cc/g,- The ratio VpZ/Vpl is then 2.16, where 1
denotes éxperimentél catalyst and 2 denotes new catalyst.

Predicting the effectiveness factor for the reactions with

the solid in a dispersed phase is somewhat more difficult. Petersen

A(1965) presents aﬁ equation for the effectiveness factor for a

first-order reaction devéloped for a spherical pellet:

ST S S S
L [tan h’ " h J ' v-10
[ S s _
| | . AP Sk | %
where: h_ = thiele modulus = =[-2 2T
S _ 3 De
vpp = particle density.
VS B} .

specific surface area.
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. B -1
De = effective diffusivity = L1
: D - D
‘ ke 12,e
kr = reaction rate coefficient.
T = particle radius.

When intraparticle diffusion is controlling, the asympotic solution

to equation v-10 becomes:

3/h : ' : v-11-
s .

hS/S > 3 =12

n

for n

' The:effectivehess factor is a ratio of the average rate df
feaction or'adsorption in the pellet.to thé maximum rate if intra-.
partiéle.diffusion were absent. Since the maximum rate is unknown,
~one wéy-to'determine whether ihtraparticle'diffdéion is rate‘
cdntrollihg isrto calculate the ratio of>£he‘rate predicted by intra-
particle diffusion and-éompare that with the overall rate measured.
This rétio is simply the effectiveness factor ﬁsing~the'rate coef-
'ficienf detérmiﬁed frbm experiments iﬁStead of the actﬁél_kiﬁetic
rate éoeffitienﬁ. The'values of Kl.(Table v-2);'divided by the

4 cmz/g) give the pseudo

catalyst spécific surface area (41Vx 10
kr for the conditioﬁs of that run. At 538°C in He with a calculated
De of 0;0293 cmz/sec (see-eqn. v-10), the ratio of fhe calculated
diffusion‘rate to the overall rate is.0t95. Since this value is
close to.l.O, the’oVerail pérticle rate is strongly diffusion
contrdiled; ThiéAimplies that the variation:of n will Be represented
by the following equation; | |
3 [ Dpe 1/2

S r. p’pS-VkI‘
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The largest contribution to De was the.Kﬁudsen diffusion
coefficient which varies with 32/(Svpp) (Satterfield, 1963).. The

. apparent density can be expressedfas

©
|

= p (1-€) - _ v-14

where: absolute solid density.

©
1]

particle porosity.

[p]
1]

With the above proportlonalltles for n, De, and pP and w1th
',2,= 0.74.and €, = 0.567, the new effectlveness factor for the
200 mz/g catalyst can be expressed as a function of the or1g1na1.

= 0. 44n (r /r v-15

2)
where: - ' subscript 1 denotes experimental conditions.
subscript 2 denotes dispersed conditions.

The new product‘krvpn will be

(v nk )2 (v nk +)q(2.16) (0.44) /r5=-0.957( ’dz’ (vpn)1
v-16
The factor 0.957 in ‘equation v-16 showé that the reaction rate.
”w111 be essentlally the same for both the exper1menta1 and the new

catalyst matrix. The calculated values for - (V nk )2 are given in

Table v-5 for various particle sizes. Table v- 2 is used to obtaln

1
is used. Two values for (V'nkr)1 are used, 4518 and 533 cms/g—sec.

conditions for case 1. An average particle size,_d: = 0.375 mm

These are the values of the lowest maximum value of (V nk )1 and
" the average of the minimum (V nk )1 values This ana1y51s assumes

that n will be much less than 1 at the new conditions.
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Table v-5. Estimation of dispérsedgphaSe,solidS‘rate'coefficient.

d, (mm) . 0.050° 0.075 0.100 0.150

max min max - min max min max min

(Vnk,), (cm/g-sec) x 10° 32.4 3.83 21.6 2.55 16.2. 1.91 10.8 1.28

(c.) Solids concentration.

The estimatesvof‘the maés—trasfer and solids rate coefficients
for the dispersed phase are combined by way of equatiOn'v~31into
a value forvKl; Ki can then be used in equation v-1 to determine

the required dispersed phase concentration as a function of particle

size and residence time. Table v-6 summarizes these results.’



_Table v-6. Required dispersed-phase density as a function of residence time and particle diameter.

 Temperature = 538°C

C C = 0.10
ag/ ago
Diaméter (mm) o 0.050
. : .
kmSex (c? /g-sec) x 10 - 3.18
' ) max . - min
| 3, 3 :
Vp-nkr (cm™/g-sec) x 10 32.4 3.83 .
. S a3 | |
Ky (em™/g-sec) x 10° 29.4 3.78
6 (sec) . | | 0.500  0.500
-3 -3 '
Py (g/em™) x 10 © 0.157 - 1.22
8 (sec) . 1.00 1.00
3y -3 :
op (g/cm™) x 10 0.0785  0.610
0 (sec) | 2,00 -2.00
3 -3 '
CH (g/cm™) x 10 0.0393 0.305

max

21.6
18.6

0.500
0.248

'1.00

0.75

1

0.124 -

0.062

- 2.00

.37

.50

min

.55

.500
.84
.00
920
.00

.460

0.100
0.792
mak min
16.2 1.91
13.4  1.87
0.500 0.500
0.344 2.46
1.00 1.00
0.172 1.23
2.00 - 2.00
0.086 0.615

. 0.150
0.325
max. -~ - min
10.8 1.28
8.11 - 1.23
0.500 - 0.500.
0.568 3.74
1.00  1.00
0.284  1.87
2.00 2.00
0.142 0.935

681

,

%
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 With a cafalyst/abéorb¢nt_size distribution between 0.050 - 0.150
‘mm and a O.S—sécond_residence time, the required bed density will
be between 0.16 x'10'3_and 3.7 x 107° g/cms.' With a 1.0-second

residence time for this same size distribution, the -range of the
5 .

bed density would be between 0.079 x 10 " and 1.87 x 1073 g/cms.
'Existihg péwer plant duct work allows for aboutvO.S-second resi-
dence:time. Duct modifications could increase this time to 1.0-
seconds if necessary. The 1-second residence time is chosen for
the deéigh-Basis. This_criterion'will be discussed in.the next
section. Therefore, the required bed density will be between
0.079 x 1073 and 1.87 x 1073 g/cms; With a catélyét particle
, density'of~l.79'g/cm3, thé void fraction, &, ranges between
0.99996 and 0.99895. SinCe the ¢ for‘normal_fluid bed operation
is less than 0.70,-thé contactor required for the entire rahge‘of
void fractions woﬁld have the solids highly dispersed (Reh, 1971).
- The specific design presented in Section D.4; of this chapter has
a catalyst/dbsorbent loading of 0.185 x 1073 g/cm3 (1.14 x 16'3
lbs/fts),_which.is'Z;S times és cbncentratéd as the‘miniﬁum and
. 0.10 times as cdncéntrated as thé'maximum.' This éohéentration,
lies Qithin the acceptable, experimentally &etermined range.>
The MnO2 dry absorption process for 302 removalv(Uno, 1971)

ﬁses a dispersed phase of MnO, at 100 to 180°C to absorb and re-

2

move SO2 from oil-fired power plant stack gases. The concentration

':of solids in this process has a range, 0.15 x.lo_3 g/cm3 to 0.20 x

lo—slg/cmz; roughly the same as that used in the proposed process.

190
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An SO, removal of 90%. is claimed. Since the pfopqsed process will

2
operate at 540°C, mass transfer and kinetic rates should increase
substantially over the MnO2 process. In view only of these con-

_eiderations, the proposed solids concentration should be quite

adequate.

(d;) ReSidence'time_in eontaCtor.

The initial discussion of resideﬁce time was the time that it

took fhe'flue gas to pass from the economizer inlet (540°C) to the

. air preheater inlet'(370°C). The_experimental studies showed that
- 'the best operation would be obtained at 540°C. The residence time
' norﬁally availablevat 540°C will vary with tﬁe unit. Heil (1972).
reports thet the flue gas velocity in thie region varies from 22.9
m/sec (75 ft/sec) for high volatile eastern coals to 13.7 m/sec
(45 ft/eec) fof coals with highly abrasive tendencies. An average
V;value;ef;15.2 m/sec (50 ft/sec) is selected for design purposes.
Typical distances in coal-fired upits ét S40°C correspond to re-

sidence times around 0.20 seconds (Stevens ., 1974). Table v-6

shows that to achieve nearly complete reaction at low solid densities,

higher residence times are needed. The reaction constants presented

in this table show that 90% removal can be achieved in 1 second

‘with lew solids density. Typical velocities in this region would

require then thaf about 15.2 m (50 ft) of ducting be added. ‘This

would be a reasonable addition to a unit. Additional residence .

time may also beeobtained., First, the gas and solids must pass
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through a solids';eparator at this temperature. Second, the 15.2
.ﬁ/sec velocity ié typiéaliy that withih the economizer section.
In the free duct it would‘Be reduced to about 13.4 m/sec. This
additioﬁal residence time (fossibly 0.20 seconds) prbvides soﬁe
margin of safety.

'Equation vfi showed thét the reSidenée time and bed density
.can be adjusted to give a constant removal, i.é., incréasing.the
‘bed density by a factor of 2 would enable the‘residénce time to
" be éut By one half. Therefore, the actual amount of removal for
a given residence time cén be confrolied by the solids'density,‘

i.e., the recycle solids rate, within the contractor.

(e.j Particle size.

Méss transfer and kinetic effeéts were shown to require a
_catalyst/absbrﬁenf size distribution between 0.050 ; 0.150 mﬁ.
Sizes smaller fhaﬁvthis rénge would tend to énhance:the reaction -
‘rates | and hence the overail rate, since the particle rates
are the_rate-limiting sfep. The diffiéulty with smallér particles
is thaf‘they'would'Be more difficult to collect in either cyclones
or electrostatic-preéipitators and they would also be more difficult
to separate from.tﬁe flyésh in pulﬁerized coal-fired‘units.

A typical flyash size diétribution for pulverized coal-fired
vfurnacesbis given .iﬁ Table v-7. The average size is 20 microns.
Table V-7 alsb lists the size distribution for a typical commercial

fluid-bed cracking catalyst to illustrate fhe range of particle
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. sizes when the average size is 58 microns.

Table v-7. Particle size distribution of P.C. flyash ahd
Si - Al cracking catalyst:

Flyash (USDHEW, 1969) = ' Catalyst (Gussow, 1972)

Size (microns) Wgt % less than Size (microns) = Wgt % less than

"10 . 30 : : : :

20 50 . 20 <2

40 70 ' 40 13 - 20

60 . 80 - 80 78 - 85

80. 85 105 93 - 97

100 90 149 ‘ 99+

200 - 96 - '

With a cataiyst/absorbent of this size distribution, there is

definitely sSignificant overlap. If an average size’of 75 microﬁs
is used,.a better separation of catalyst/absorbent aﬂd flyash will
be possiblé without signific;ntly effecting the mass transfer and

kinetic rates. Table v-8 presents a size distribution for such a

catalyst.

Table v-8.. Size distribution for catalyst/absorbent with average
"size 75 microns. .

size (microns) Wgt % less than
10 . - <0.2.
20 _ 0.9
40 . 6
60 28
. 80 ' ‘ 56
100 77

200 _ o 100

This distribution was obtained by extrapolating the data of Gussow -
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(1972) on a.log/probabiiity-plot-of particlé size versus cumulative
percent.‘-Although'fhere ié:still some overlap between this dis-
: tribution and normal-flyash, it is not as significant. That is,

flyaéh;has 70% less than 40u while'the,éatalyst/absorbent has 6%
less.than 40u. | |

In additionvfo the kinetic and mass transfer limits on larger

sized particles, the influence of particle sizé on catalyst attrition
is also important. Zenz (1971, 1974) répor£s>that‘cata1yst attrition
reSults_ﬁrimarily from high velocity impact. He found that attrition
occurred mainlynfrom breakdoﬁn of coarse partiéles: finés (less than
44 microns) do nét get finer; In fluid-bed cafalytic crackiné units
»ﬁe found that e§seﬂtially all of the attrition occurred;in the cyclones.
Thermal cycling (between 500°C and 650°C) as well as attrition in the
dense phase fluid beds contributed litfle.to the overall attrition

rate of Si/Al catélysts. In laboratory experiments,:Tanaka (1968},
found'that below a critical particie'size;-fhe rate of particle
breakup diops.essentially to zero. The critical particle size de-
‘creased with impact velocity and increased wifh materiai_strength.
However, in all cases the critical sizeé was in the vicinity of 50
microns. Therefore attrition coﬁsiderations'would require particles
with an éverage diamefer arbund 50 microns.

Flanders (1974) has reporfed that a commergially_operating'

SiOZ/AIZO3 chCking:catélyst with aﬁ average particlé size of 60
microns has an éttrition loss of about 0.004% of the matérial.sent

into the‘cyClohes. .High-velocity, 22.3 m/sec (75 ft/sec), cyclones
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are uéed in the'proposed‘process.' Thé,catalyst has a Moh hardness
df 6. Fofsythe'(}949), GWYh (1969), and Gﬁséowi(1972) all discuss
relative rates of attrition between various catalysts tested but
do not give any absolute value for the attrition rates.

Since an average pérticle'size of 75 microns is desired from
the standpoint of particlébseparation and collection, an estimate
of the expected attfitioh rate needs to be made. The data of
’Flanders.(1974),is used as the startiﬁg point and fhe relationship
between particle-size distribution and attrition rate found by
Gwyn.(1969) is used to pfediét the rate with an average size of
75 microns. Unlike previouély quoted investigators, who found
that in this size range the attrition rate increased with increas-
ing particle size, Gwyn's correlations indicafe a 14% decrease in
the rate, This woﬁld predict an attpitioﬁ ioss of 0.0034%. Since
there appears to be some uncertainty'as to the validity of this
decreaée; the attrition rate is taken és 0.004% of thevmaterial
entering a11 the cyclones in the process.

(f.) Gas concentrations.

The removal rates presented in section A.l.a. assumed first-

order kinetics for all reactions. -Equation v-1 shows that with this

_ aésumﬁtion the level of concentration of the reactants does not
effecf the percent femofal.‘ Therefore, if this assumption holds,

“even though most of the experiments were carried out at NO and.
SO2 concentrafions 10 times and 2 times, respectively, those en-

countered in practice, the results will still be applicable.

195
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v Shelef“(1972) found that when thé_NOthncentrafion was decreased
"from 4000 ppm to'250'ppm, NO conversion actually increased from

.80% to 100 %. -Copper chromite catalyst at 305°C with 1.4% H, was

2

‘used. With this large excess H '_the.NH3 selectivity increased

2’
from 20% to 95% when the inlet NO was decreased. The major effect
of a lower NO concentration would possibly be-an increase in the

NH., forméd. The éxtrapolation of the 302 data over a factor of

2 is reasonable and should present no difficulties.

(g.) Gas and soli& composifion.

Experiments Summarized in Figure iv-33 have shownkfhat the
- solid and gas cdmpoSition'are both important variables in deter-
mining NH. Selecfivity. ’Incréasing the Sulfide content of the

solid or the amount of CO + H, in the gas stream increases the

2

_NH3 selectivity. Increasing the oxide content of the solid or

the amount of O2 in the gas'stream decreases the NH3 selectivity.

To have a low NH selectivity would require high oxygen levels

3
in boﬁh fhe solid and the gas. These trends go c0unter‘to the re-
.zquireménts for effective NO and‘SOé removal. The balance of these
variables is such that the minimum NH, selectiVity is abbut 50%.
This resUlté in acceptable sulfur loadings 6h the solid and reduc-
“ing agents in-the'gas.to allow self-sustained regeneration and |
 effecfiﬁe removal reactions. Solid and gas compésitions cannot

practically be selected to minimize NHS' Ammonia emitted from

this process is well below current allowable levels, and is not
X
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cpnsidered an envirénmental detriment. 'This is discusSed in more
detail in Chapter VI. The important consideration for the gas
composition ‘is that it be at least net reducing.. This means

that the ratio |

2[0,} +[No] + 3[S0,]
[coy i

v-17

0
s =

‘should be~equal to or less than 1. Values greater than 1 may
result in eventual catalyst deactivation.

The allowable solid composition will be determined by both
the removal:and'regeneration processes, In the fixed-bed expéri-
ments only an averaged solids composition, at thé end of the
run, could be estimated. The range of compositions within the
bed varied from highly sulfided at the bed entrance to slightly
sulfided at the bed exit. 'In tests with the smaller particles
the reaction. rates , discussed in section B.l.b.i., were so
rapid that apparently the bercent sulfidation of thevsélid had
no significant effeét on the removal rate of sﬁlfur compounds, as
long as the éolid'was less than about 85% sulfided. The biggest
influence -of the solid comPOSition on NO removal was the level
of sulfate. The»experimentallwork showed tﬁat.for active catalyst/
absorbent the sulfate level could reach 15% of the total sulfur
reacted. | |

Excess FeZO3 will also be needed in the catalyst/absorbent
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to remove thé excess CO and H The amount required is arbltrarlly

2°
eet at 110% of the stoichiometric requlrement for reduction of the
excess CO and Hz.

The level of sulfide in the solid is also important from the
standpoint of regeneration; In the regenerator a net exothermic
reaction is desired to maintain the high temperature. Exothermic
‘vreactlons are the ox1dat10n of FeS to SO and Fe203 and the oxida-
tion of Fe0 to Fe203 The decomposition of any FeSO4 formed in
the removal process and heating requirements fef the solids and
air are endothermic loads.. Given the limits for FeSO4 and Fe203
in the removal step, the minimum amount of FeS necessary can be
celculated from an energy balance. From an operationai stand?
point, the amount of'FeS-shouid be substantially higﬁer_than this
=minimum_to allow for system fluctuations. Any excess heat generated

will be removed and used in another part of the process or in the

power plant.
2. Regeneration reactions.

a. Re generat jon temperature

273

found in the experimental work to produce an active catalyst. The

High temperature regeneratlon produc1ng SO2 and Fe,0,, was

‘lowest temperature suitable was 680°C. The upper temperature limit
will depehd on Catalyst~sintering effects and materials of con-
struction. Harnsberger (1974) reported 51nter1ng of Si0 /Al2 3

catalytic cracking catalysts around 760°C. The upper limit for



castable-lined stainless steel is also about 760°C. Therefore,
‘acceptable regenefation'temperatures range between 680 - 760°C.
The teémperature level attained will be a function of the solid

. _composition and the heat either removed or added to the system.
b, Kinetic and mass transfer effects.
i. Fixed-bed regenerator.

(a.) Required residence time.
In the experimental study the required regeneration time for
the 0.250 - 0.500 mm particles was between 300 - 2100 seconds when

air was used as the regeneration gas.

(b.) Mass transfer and reaction rate éstimation.

In sectioﬁ B.1.b.i. the gas phase mass transfer in the removal
study was found.in all practical cases to be more rapid than the
estimate of the particle reaction kinetics. Since higher gas
.reaction témperatures were used in the regeneration study
than in the aemoval study, the gas-phése‘mass pransfer was probably
not raté—limiting.in the former case,: Higher temperaturés will also
iﬁcrease the reaction kinetics to a.greater'extent than intraparticle
diffusion. This means that, as in the removal step, the regeneration
step will probably be controlled by the intraparticle diffusion rate.

Equation y—2.expresses'the extent of fegenefation as a function
of particle kinetics, residence time,'and particle radius. The

overall rate coeffiéient,‘K., can be estimated from experimental

2
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~data. This is shown in Table v-9. The range'bf Kz-presented results
from the uncertainty in theA% solid reacted and in the time requiréd.
The maximum range of K2 is expected to be between 0.0669 and 0.00326

cm/sec.

Table v-9, Overall coeffiéient for fixed-bed regeneration.

4,58 x 1073 g moles 'FeS/cmS cat.

Pom =
l1-¢- = 0.950
o -6 3

Cago= 2.69 x 10 g moles/qm
‘Diameter (cm) 0.0250 e 0.0500
% solid reacted 90 99 v 90 ' 99
time (sec) 300 2100 300 2100 300 2100 »300 2100
K, X 1072 (cm/sec) 2.29 .326 3.34 .478 | 4.57 .653 6.69 .956

~ii. Fluidized bed-regenérator.

The regeherator will be‘a fluidized bed which will function
203 and as a classifier to
separate the flyash and fhe catalyst/absorbent;‘ The catalyst/ab-

as a reactor to oxidize the solid to Fe

sorbeht size distribution will range.bétween_SO -'100»microns.
The reasons for fhis range are'givén in section B.l1. The main de-
sign parametefs to be determined are the residence time at tempeature
necessary to regénérate the catalysf/absorbent.and the air velocity
in the.bed.

The entrmt. velocity of small particles iﬁ a continuous fluid
bed is reported to be higher than the terminal velocity of an iso-

lated particle. Lewis (1949) found this effect for particles less
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than 0.25>mm. Table v-10 presents entrmt. velocities for both
flyash and catalyst/absorbent at regeneration conditions.
Table v-10. Entrmt. velocities of flyash and catalyst/absorbent

under conditions of cont1nuous‘f1u1d12at10n
(Correlatlon ‘of Lewis, 1949).

- (Entrmt. = Entrainment)
Pear/ass = 179 g/cm3 -
CPpA. < 0.84 g/cm
T =538°C in N,
Flyash' Catalyst/Absorbent
Diameter (mm) .020 . .100 .020 .040
Terminal velocity 5.08" 127 10.8 43.3
(mm/sec)
Entrmt. velocity 66 293 | 140 333
(mm/sec) = :

~Based on the fIYash distribution in_Tablé v-7, and the catalyst/
absorbént.distribution in Table v-8, a.bed velocity of 333 mm/sec
(1.09 ft/sec) would'result in eluting at least 90%.of the flyash

and only 6.0% of the‘catalyst/absorbent. The cyclonevbaﬁks would

be arranged so that the primary cyclones collect thé majority of

the catalyst/ébsbrbént'énd the secondary cyclones collect the flyash.
The solids stream from the primary cycloneé is sent back into fhe
system. The solids stream from the secondary cyc}ones is diséarded.
| The neceésary residence time for the catalyst in the regenerator
can be estimated from eqUa;ion v-2. The values for Pam? l-g' and
Cégo used in. these calculations are typical of an actual design

'case.v Since a rangé forvK2 was found experimentally, (Table v-9),

a corresponding'range for t will be given with each particle size.
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Table v-11. Estimated catalyst/absorbent regeneration time under
‘continucus fluidization ‘conditions.

o
1)

op = 1414 x 1072 gmoles FeS/cmS_Cat.
l-e' = 0.9863
s -6 .3

Cago = 2.69 x 10 = gmoles/cm
Diameter (cm) ~.0050 - .0100 .0150
K, (cm/sec) .00326  .0669 |.00326 .0669 |.00326 .0669
tome (s€C) . 367 . 17.9 732 35.7 | 1098  53.6
799% . : ‘ :
ton ao (S€C) 421 20.5 840 - 41 1260 61

99.9% .-

The rangés of acceptable‘residencebtimés for 99.9% regeneration from

Table v-11 for the catalyst/absorbent is 20 - 421 seconds and 61 -

- 1260 seconds depending on the particie siie. The upper 1imit in

* both of fhese ranges is high only because fapid gas sampling dqring

éxperimentation was not possible. One would expect that the re-
generationjtime and Sulfidation tiﬁe wbuld be at least similar in

_ magnitude since both are éontrolled By intraparticle diffusion.

The régeneratioﬁ rate could be higher than the sulfidation rate since
the 0, concentration.duriﬁg regeneration will be about 80 times the
802 ¢0ncentration used in the_experimenfs. -

In Run 42, Figure iv-41, the sulfidation of the solid was
reported to occur very rapidly. The elution éf sulfur compounds in
Run 42 occurred oﬁly aftei‘85 - 98% of the bea had béen sulfided.
Since the calculated COS breakthroﬁgh (asSuming FeS formed) was 4920
seconds, the sulfidation time of the solid was 100 - 740 seconds.

With a higher concentration of reactant in the gas,‘21% instead of

202
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0.53%, the_time.wéuld be‘bétween 2.5-18.7 seéonds. This discussion
shows that‘the{lower range of residence times for regeneration pre-
'Sented in Table v-11 correspond mdre'closely to the actual case than
the upper range.. For designvconsidefations a solids hold-up time

of 300 seconds will be provided to ensure complete regeneration.

C. CO and H2 Generator.

1. Practical considerations.

The discussion in.Chépfer I showed that an excess of CO and
H2 can be produced when fossil fuels are burned in anvoz;deficient
énvirqnment. The first requirement is that the fuel used to produce
the CO/H2 mixture be the same as the fuel used in the plant. This
minimizes fuel, storage, handling and conveying gquipment. The
second requirement is that the heat of the.gasification be recovered

in the boiler cycle:. The third reqﬁirement is that carbon and soot

formation be minimized in the gasifier.

2. Tybe of generator,

Recent restrictions on the use of natura1 gas have essentially
Veliminated the construction of new natural gas-fired power planfs.
New fossil-fueled power plants will burn aimost exclusively 0il or
coal. .The'genefator for CO + Hé must also be designéd to be fueled
by oil or coal.- A fluidized.Bed of limestone .(EPA, 1971) could be
uéed in the case of 0il and a coaléfirgd stoker - unit could be used

in the case of coal. In either case the unit should operate
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\ i .
-adiabatically, the heat of reaction being recovered in the boiler

convection pass;

Under reduéing conditions, bqth oilvénd‘céal have the potential
tb form soof. In the detéiled design, the considerable experience in
the production of producer gas will be drawn upon'to minimize soof
formation iq the gasifier.‘ Once the carbon has been oxidized{
equation V+18 shows that,thé.CO,combination reaction to give C ‘and

'C0, is unfavorable at operating conditions.

AHygop -~ AFg9ec AF1093°¢C
(kcal) (kcal) (kcal)
2 C0——>C0, + C 412 -0.81 4142 v-18

In order to minimizeé the amount of carbon formation in the main
flue,gas'when coal or oil is burned, the main combustionvzone of the
: furnace”will bé bﬁerate& undgf oxidizing conditions. . At roughly
1100°C, a rich stream 6f CO/H2 produced in a fuel gasifier will be.

. édded to convert the:flué gas to net reducing_stOichiometry. This
‘pregasification of a portion of the fuel will prevent carbon forma-
.tion in‘the.main_flue gaS'Stream. The amount of fuelvgasified will

' depend on the'CO/Hé requirements to acéomplish the removal reactions.
Since the design presehted in section.D;is for a:coal-fired,plant,
only the chain gfate stoker design will.be discuSsed in detail.

The'gasifier wiil 6perate with an amount of air just suffiéienﬁ
to convert the carbon to CO and thebsﬁlfur.to SOZ' In actual préc-
tice, withvhigh_CO levels, the sulfur will probably be in the form

of HZS' Designing for 802 formation provides for a conservative
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design since this fequirés more CO and H The conversion of fuel

2
N to NO was aSsumed_to be 20%. -Under the actual redﬁcing conditions
.in the gasifier this value;may be much lower. The H2 content of

the gaéifier streams is taken as the améunt of Hé in the fuel. Thg
actual émount‘of H2 present after the'gasifier stream has mixed with
the flue gas will be a function of the equilibrium.established,by o
the water-gas shift reaction. Figure v41‘sﬂowsAthe HZ/CO established
when this gasifier stream is mixed with a typical coal flue gés,

where C02/H20.is 2,14.. Above 1100?C,‘the HZ/CO ratio is around
'0.20. Therefore, the major reducing agent»wili be CO. With oil-fired

units there will be slightly more'H2 present but still the major

reducing agent will be CO.

D. Design Bases.

1. Process flow sheet.

To»bbtain an evaluation of the_merit of fhe proposed process,
the conceptual design discussed in-Chaptef‘I is combined with the
experimentai results of Chapter IV to prodﬁce,the detailed design
of a system to remove SO* and NOX from'a_IOOO—Mw‘coal-fired power
plant. The flow. sheet for this design is pfesented in Figure v-2.
The stream flows_andrtemperatures are presented in Table v-12. This
version of the process uses a sulfuric acid plant for sulfur re-
coverf,

In the diséussion of the experimental work in Chapters II, III,

and IV, the métric system of units has been used. In the discussion-
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TABLE V-12, PROCESS FLOWS.

SOLID STREAMS 1 3 9 10 11 12 13 14 15 17" 18 19 20 21 23 26 -3 ' 33 34 35 36
COAL (TPH) x 102 2736 6129 0 0 0 0 o o 0 0 ‘o o 0 o 0 0 [} o 0 0 o
FLYASH (Tph) x 10° 3 0 8798 02639 001320 6640  .6400 0 213 00832 02384 02384 001073 2384 2146 02145 02507 02507 O 1931 02039°
CAT./ABS. (Tph).x 10° 0 o 1432 004354 000218 1432 10.74  .000716 3579 0 3583  3.368 0 3583 2150 0 . 004136 004136 2149 000143 - O -
_FeS (Ibmph) x 10° 0 0 1923 00585 00029 t4.42 14.42 o 4.81 o 0 o 0 4816, o 0 .005558 .005558 O ) "o
-FeO (Ibmph) x 102 0 0 4529 01377 00069 3397 3397, 0 11:32 0 0 [ 0 11.33 0 0 01308 01308 O ‘o o
_ Fey04 libmph) x 102 o [ 1885 00057 000029 1038 1414 001791 4713 0 8975 = 7.906 0 4718 10403 0 000542 000542 1040 000336 O
'FeS0, {Ibmph) x 10? (Y [} 3393 00103 00005 2645 2545 o- 8483 . 0 0 0 0 8493 0 0 000978 .000978- 0 0 °
. Al 04 {Ibmph) x 10? 0 4 2247 0683 ..0034 2247 1685 01127 56417 0 56.18  52.65 0- 56.23 3578 0 06489 06489 3576 00224 . O
Temp (°F) 250 77 1000 1000 300 1000 1000 . 77- 1000 77 1000 © 1250 750 890 1250 1250 300 150 1250 1250 750
Gas Flow facfm) x 10° - - 4202 4202 2187 1567 0 [} [} o . .1567 o 7745 04829 1093 1083 © 02182 0 0 o
Den. CATA/ABS.%% x10% - -— 11.36° 00345 000332 3046 79347 79347 84075 O 7621 83484 0 2471 6557 o 111907 631 84075 622 0
Den. F.A. ;‘% x 1073 - — 697 0209 00201 141 223 223 (4 39411 507 277 0461 164 654 0196 33820 383 o 39120 39410
. L1QuUID .
GAS STREAM FLOWS 2 4 5 6 ? 8 9 10 1 16 20 22 26 27 31 FLOWS 24 25 ° 29 30
N, (ibmph} x 104" < -16.12 1347 1354 1611 1748 . 17.48 1748 1748  17.48 : 4554 4650 06513 = 4650 - .1998  .00699 Feed Hy0 (gom) 2,488 2488 500" 500
0, {lbmph} 42850 3579 0. 3895 1948 1948 0. 0 0 Coo12m 123 0 123 . 1992 o Temp (°F) 280 365 280 . 365
CO, (ibmph) x 10 0 .0 0 3292 3796 3796 4030 4030 - 4.030 o 0 01502 0 "0 . 00161 ’
H,0 (ibmph} x 10? 4335 3621 5963 1838 2137 2137 2136 2136 2136 1.225 0 7959 0 0 08546 28
€O Uibmph) x 102 0 0 73.75 o 2356 2356 1955  .1955 1955 i 4] 0 0 o’ 4 H,S0, (Tpd) 210
H, (ibmph) x 1022 o 0 2917 0 | 5348 5343 4335 4335 4335 .0 0 .0 0 0 o
SO, tbmph) x 10° 0 4 1149 513 6283 6283 6283 6283 6283 : o 481 o - 4as 154 o
NO (ibmph) x 10% 0 0 2607 1455 1717 1717 4717 A7 a7 0 0 0 ] (4 0
NH tibmph) R 4 0 o - 0 .0 o 7726 7726  71.26 0 0 L0 o o o
Total Gas (lbmph} x 10 2084 1741 2455 2170 2380 2380 2367 2367 2367 5888 5255 0882 5255 2213  .0294
Temp (°F) 300 300 2000 2780 2300 1000 1000 1000 300 300 750 300 1250 180 77
acfm = actual cubic feet per minute. . -

Ibmph = pound moles pér hour.
Tph = Tons per hour.

80¢
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of the plant design and throughout:the remainder of this chapter,
>the English system of units will'Be used because of its greater

ease of.in;erpretation by most engineers. The removal reactions
’reported between 370 - 538°C are between 700 - 1000°F. The regenera-
‘tion reaction at 677°C is at 1250°F, Equipment dimensions are

given in inches and feet. Flow rates are given in pound moles per
hour (1bmphr) or toﬁsbper nour (Tph). Densities and cqncentratiohs

~are given in pounds per cubic foot_(lbs/fts)..

2. Materiais flow.

_The:bases for the.design are presented in Appendix-
A-4. TaSle v—-13 gives a listing of the calculations used to
‘-develof this design. The gas‘compbsitions at key points in the
process‘are given in Téble.v-14.

’



‘Table v-13.

2.

3.

4.

5.

Calculation flowsheet.
'Select
1. Furnace-

Coal composition.
Excess air level
Inlet air humidity.
" Power plant efficiency.
% fuel N to NO
% thermal NO of total NO
_ash split between flyash
and bottoms.
Gasifier
Coal composition.’
Excess air level
Inlet air humidity.
% fuel N to NO. v
% thermal NO of total NO.
Ash split between flyash
and bottoms

Total flue gas

% 0p removed in flue gas
when CO/H, added.

Maximum temperature of
superheater inlet.

Contactor

% Removal- (CO + Hp), SO,, NO.

% SO, removed as S-2.
% SOy removed as SO4
Temperature.

Fraction of solids sent to

' regenerator.
- Amount of excess Fe,0.,.

Composition of originil solid.

Regenerator

% Inlet solid regenerated.
Temperature.

Stoichiometric air requ1rement

210

Calculate

Thermal value of coal.
Total coal rate '
Furnace flue gas composition.

Rate of flue gas and required

CO/H, flow per wgt
furnace-fired-coal.

Adiabatic operating temperature.
Gasifier gas composition.
Thermal value of coal.
Rate of flue gas per wgt.
- gasifier-fired coal.
Coal split between gasifier
and furnace.

" Temperature wher CO/H, added

Flue gas composition.

Flue gas rate.

Flow of FeS, FeO, Fe,0,, FeSO,.
Flow of catalyst in Contactor.

- Flue gas composition

after contactor. _
Exit gas from regenerator.

Catalyst/absorbent exit
composition.

‘Solids exit flow rate.
- Exit gas rate. -

Exit gas composition.
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Table v-14. Gas compositions in the process.

Contactor ' Contactor Regenerator
Entrance Exit B Exit
N, () |  73.44 | 73.86 | 88.5
co, (%) 15.95 , 17.02 | 0
HY0 (%) o §.98 L0z 0
0, (ppm) 819 0 2.35
NO (ppm) . 721 : 72.5 . 0
1302 (pﬁmj :-'2247 | 265 91,450
CO (ppm) 9900 | 82.6 - 0
H, (ppm) 2247 - o 183 L 0
NHg (ppm) 0 326 0
(O/R)NHS. 0.93 - - | -
_3} Heat balaﬁce.

 The'proéess has Been designed to ﬁinimize heat losses. The

heat generated in the gasifier is recovered in the boiler convection
 pass. The exit flue gas contains no eXcessvair, which minimizes
" sensibie-heat losses. The excess heat ﬁroduced by_the‘exothermic
regeneratidn réactions is recovered in heéting coilsAcontaining
'.boilef feedwater. The regeneration exit gas is cooled with a heat
exchanger contéining-boiler feedwater. In‘both cases the boiler
 feedwater transfers the heat back into the steam boiler cycle.

. The solids,_exiting-from the regenerator, also transfer sensible

~ heat back to the flue gas where it can be recovered in either the
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_economizer or the air preheater. The combustion potential of CO,

H,, and NH, and the sensible heat of the regenerator gas and disposed

3
flyash represéﬁt'procéss heat losses. The next paragraphs will give
‘the details of thé energy balance. ' .

The heat 1iberéted during combuétion.of;céal in'the furnace
was estimated frém the;following formula (Steam, 1963): |

0 B

BT = 14,544 C '+ 62,028 (H, - 539+ 4,050 S. v-19

. . 1b Coal

0,, and-S are the weight fractions of each element

where: C, Hz,

in coal.

The heat liberated from the péftial combustion of coal in the
gasifier unit was first célbﬁléted frdm thevaHf for CO and SOé forma--
tion. This value was increased siightly (2.4%) to be consistent |
with the bases éf equation\v-lQ.

The heat liberated when the CO/H2 stream réduces_gs% of fhe

2 2 2

value for H2/CO in the flue gas stream was taken as the equilibrium

excess 0, was calculated from AH. data for CO, and H,0. The final

value from the water-gaé shift reaction at 2200°F. With this-assump-
“tion the amount of Co, and H,0 formed and the amount of heat released
can be calculated. Tablé v-15 summnarizes the heat generated ‘during

combustion.
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Table v-15. Heat released in combustion reactions.

~ (1000-Mw coal-fired unit.)
 334.92 Tons coal/hr. -

« % of Coal BTU/hr (x 10°) % of heat
Oxidizing furnace 81.70 _  7.168 , 85.32
Gasifier 18.30 0.374 | 4.45
O2 Removal reaction - _ | 0.859 10.23
Total. | | 8.401 100.00

If the same amount of coal were burned in an oxidizing furnace to

COZ,‘H20; and SO,, the heat liberated would be 8.774 x 10° BTU/hr.

This implies a potential heat loss of around 4%. A more accurate
estimate of the loss is obtained by calculating the amount of heat

liberated if the ekceés CO and H, were reacted to CO, and HZO' This

9

2

calculation shows a potential loss of 0.342 x 10

2
BTU/hr, which is

-+ 3.9% of the total heat libefated.

| Some of the apparent lqss in this step of the process is offset
by the fact thatjinstead of the usual 20% exceés'air there i; essen-
tially 0% excess.air in thefeffluent‘gas frbm fhé plant. Heating
‘thisAexcess air from 77°F, an average_iﬂlet temperature, to 300°F,
.an averége:stack-gas temperature, requires approximately 0.072 x
109 ﬁTU/hr, which is 0.82% of the total energy.

The femoval reactions ih,the contactor are‘also'exothermic.

_Apbendix A-5 . . lists the reactions considered and their

AH values. Table v-16 lists the heat evolved during the re-

25°C

moval reactions. This heat is recovered in the economizer and air

preheater.

213
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Table v=-16. " Enefgy‘releaSed'in'removal reactions.
a. 90% removal (CO + Hz), NO, SO,
b. Reduction: 43.7%by Hy, 56.3% by CO
Reactant Assumptions AH BTU/hr (x 109} .
NO 50% 'NH3 selectivity 0.0204
S0, 15% sulfur removed as SO -2
: 95% sulfur as SO, in gas
'5% sulfur as HZS : 0.0776
Co + H2 % Red'Hz/% Red CO = 0.776 -0.00598
Fe203 Iron reduced to FeO for i
FeS formation reaction -0.00332
0, 97.6% 0, formed S0,
(Amount ™ "to -give required ,
S04 = level) 0.0000478

Total Release 0.0887

A1l of the reactions except the reduction of Fe203 and the

oxidation of CO and H, are exothermic. The selected split of the

2

-_feduction between CO and H, was based on an average of the HZ/CO

2
ratios between 1000°F and 2200°F. If more of the reductibn were by
»CO, the reactions would all bé more exothermic. The role of H2 in
the reduction is not expected to increase ébdve_the assumed value.
Heat is also produced in the process_exterﬁal to the furnace.
The two méin reactions bccurring in £he regenerator, which are the
last three reactions in Appendix A -5, are_exothermic.
As stated earlier,_fhe amount of heat liberafed in the regeneration
-will depénd upon the solids compositidn and inlet temperature, the
iﬁlet air_fIOW'raté and its temperature, and.thevtemperature level

required for regeneration. In order to operate the regenerator at

-



215

a constant temperature, this heat must be removed by cooling coils
(using boiler feedwater) immeérsed in the fluidized bed. The heat

release for this design is given in Table v-17.

Table v-17. Energy generation in regeneration reactions.

(1000-Mw coal-fired unit)

Conditions: ) .
Solid: 0.05899 1bs FeS/1b Catalyst
0.1136 1bs Feo/ " "
0.01799 1bs FeSO4/1b "
0.01051 1bs Fe 03/ noon

2 n 1
0.7989  1bs Al,0%/

1000°F Inlet Temperature
Regenerator: 1250°F; Contactor: 1000°F
Air: 110% of stoichiometric for complete
oxidation to Fe, 0. and 802‘

300°F Inlet Temperature
H,0: Inlet 280°F, Outlet,365°F

2
Sensible heat recovered in regenerator coils: 0.1057 x 10° BTU/hr.
Sensible heat transferred by solids.to contactor: 0.0258 x 109 BTU/hr.
Heat recovered in regenerator gas cooler: 0.0212 x 109 BTU/hr.

Adding both of the heat sources from the process reactions and

the heat recoveréd'from'the solids and gas gives a total of 0.2684 x

109 BTU/hr. With the potential loss of 0.342 x 109 BTU/hr from the

9

excess CO + H and the gain of 0.2684 x 10” BTU/hr the percentage

2
heat loss as a result of the process is 0.839% of the total liberated
‘in the power plant. This loss is approximately the same as that
calculated for the savings gained by the decreased amount of excess

air used. Reducing the excess air effectively to zero would result in

a significant reduction in the loss of sensible heat in the stack gas.



_If this is'in fact found operationaliy pdssibie, there would be a
definite incentive for the ﬁrocess,froﬁ the standpoint of energy
conservation. In the opérating cost section it i§ assumed that
fherefwiil be a 0.839% energy loss. This gives a consérvativé de-

sign estimate.
4. Equipment description.

_a. Con;aétor.

| The contactor is basiéally an extension of the duct between the
primary superheater and the economizervsections. It is to be
fabricated of 3/16-in carbon steel lined wifh_S inches of 85% MgO/

'CaSiOS

castable insulation. The duct length of 50 feet provides the
reqﬁired residence time. The contactor cross section is 32.6 ft x
83.6 ft. The catalyst/absorbent is sprayed ihtp the contactor
entrance by pneumatic cbnveying lines. The sblids and the flue gas
are in concurrent flow. Within the contactor, the catalyst/absorbent

2 lb/fts. " This concentra-

concentration for this désign in 1.14 x 10~
tion correspbndé to a'dilute—phase‘contactOr and is within the eXperi—
mental range required. Flyash will also 5e pzeseﬁt iﬁ’the contactor
at a concentration.of 0.070 x 10-2 IB/Ifts. ‘This gives a flyash

to @IalySt/absorbent ratio_of 0.061. The concentration of flyash
used in this design is expecfed to bé a.makimum. The large amount

is a result of overlap in catalyst/absorbent and flyash distribution.

Either smaller flyash or larger catalyst/absorbent particles would

216

result in a better separation, decreasing the amount of flyash recycled..
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b. Regénerator.

The regenerator is a series of ten fluidized beds stacked
vertically. The inlet solids are pneumatically conveyed to the top
of the regenerator and‘péSS through the series of beds, exiting at
the regenérator.base. So;ids pass between bedsvin downcomers. The
basis for ten fiuid beds insfead of one is to éonserve construction
area. If plant space'were available, a single fluidizéd bed could
be constructed. In the 10-unit design the regeneration air enters
va manifold on one side of the fower. One-tenth of the inlet air
passes fo each fluid bed. THe effluent gas and solids are coliected
in a manifold on the opposite side.of the regenerator and pass to
‘fhe high efficiency cyclones;-‘Sectional views of the regenerator
 are shown in Figure v-3. The interior cross section is 13.7 ft x
13.7 ft. The platés afe 6 feet apart, with é bed height of about
1 foot:. The beds were deSigned with a void fractioﬁ of 0.60. Given
the feedvof bothvcatalyst/absorbent and flyash, the bed‘density‘
rénges ffom 43,3 lb/ft3 at the top to 44.6 1b/ft3 at thg bottom.

| The interior. of the régenerator and the exit manifold are
1/4-inch 316.SS. The entrance air manifold is 3/8-inch carbon steel.

The outside area is insulated withLS inches of 85% Mg0/CaSiO The

3
gas distributor plates and the bed separation plates are 1/8-inch
316 SS. A 3/8-inch, 8-ft carbon steel skirt is provided.
The inlet air temperature to the bed i§_300°F. The.beds'are
kept at 1250°F by cdoling coils in which boiler feedwater is circulated.

. These coils are 1.66-inch Sch 40 316 SS pipe having 0.25-inch fins

" with 10 fins/inch. A total of 165,3'ft2 of surface area per bed is
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Fig. v-3. Regenerator schematic.
A. Solids flow.
B. Gas flow.
-C. Plan view,
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pfovided. Ten control values in the lines remove heat as needed

from each bed.

é, Gasifier. .

The deéign of the gasifier is based on the design of a continuous
feed, rectangular construction incineration system; The fuel is
burned on é moVing chain grate. NieSSen (1970)‘reports that a 250-
Tpd municipal incinerator generateS'aboﬁt 1.7 x 105 acfm of fluel
gas at 1600°F; The réquiréd'gasifier gas rate at 16005F is 6.51 x
105 acfm;. With linear extrapolation of thé gas volumes.this implies
that a muﬁicipaliincinerator capable of handling 957 Tpd wouldlbe
roughly the size of the gasifier. The.furnace would have refractory
walls with no heat—transfef surface provided. All of the heét:gen-
erated would be removed in the cohvection zone of the boiler. The
air supp}ied to the gasifier will come from'the‘normal F.D. fén
system for the inlet air.v The coal burned iﬁ this unit will typically
bé between 1/8-inch and 1l-inch in size (Steam, 1963). The larger

size allows about 85% of the ash to be collected in the bottoms.

d. Cyclones.and;electrostatic precipitators.

The main cyclone bank.which collects the solids immediately
after the cohtactor are medium—efficiency cyclones found on normal
coal-fired units. :EPA (Augﬁst, 1973) 'and Benson (1974) report that
such cyclbnés-are.85% efficient on flyash, Tﬂe typical pressure
drop is 3 inches of H20. The material of constructioﬁ is carbon
sfeel. Poppef'(197b) repofts the collection efficiency as a function

of particle size from 2.5 up to 150 microns for this type cyclone
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bank on cbal flyash. With the catalyst/absérbent si£e distribution
giveh iﬁ Table v-8 thésé cyélones'wéuld be eXéected to give an
.qverall efficiency qf'98.876%. Even though this is relatively high
itbstill‘wouldvallow_a 1arge loss of catalyst/absorbent. A second
~ similar bank of cycloneS'was'fherefofe'added to the design. This
gives a tétal.pressure.drop_across th¢ cyclones qf 6.0 inches. The
second bank of.cyclones willnbe 80% éfficient for flyash removal -
~and 97.293% for catalyst/absorbent. .The.overall efficiency of the
-cyclone bénks.will fhus 5é 97% for-the flyash and 95,9696% fo:'the
catalyst/abéorbentu |

| The electrqstatic'piecipitator (ESP) for the main flue gas is
hot'coﬁsidered a part of this‘design since mbst plants either have
one or will have fo_ﬁave one regardless of the installation of this
process. The ESP will provide aﬁ efficiency.ofAQS% for both the
' fiyash‘aﬁd catalyst/absorbent. The large ambunt of iron on the
catalyst .should give‘resistivities similar to the flyash. With the
ESP in thé system the overail efficiencies become 99.85% for the
flyash and 99.998% for fhevcatalyst/absorbeﬁt; |

The cyclones on the regenerator‘are operated at 1250°F. These

are high efficiency cyclones made of 316 SS and 1ined with castable
insulation to preVent high erosion ra£es. Flanders (1974) discussed
cyclones of this_deSign which had removal efficiencies of 99.996% on
Si/Al cataiyst/absérbent with an average size of 60 microns. The
_units discussed hadvprimary and secondary cyclones which developed

a pressure drop of 30 inches of H,0. The units handled a gas flow

2



from a fluid bed catalytic cracking regenerator, which was 2.93 times

the rate required in the present regenerator. The‘specifications
for the‘éyélone bénk requifed for the regenerator will be similar
to these. The,cataly;t/ébsorbent rémoval'effiqiehcy is taken as
99,933%. The flyash removal effiéienéy i§ taken at 90%.> The
catalys;/abSOrbgnf will primarily be‘collected in the first bank
of cycioﬁés while the second bank will collect the flyash and the
reﬁainder of the catalysf/absorbent.

An 4e1ectrdstatic precipitator is addéd.before the H2804 plant
to remove 95% of the flyash remaining after the cycloneé. ThiS
unit is sized by scaling up from theETVA data reported by Benson
(1974).‘ Since the_precipitator operates at 750°F, it is classed
;s a "hbt"lprecipitatof. The.material of construction to be used

is 316 SS.

e. Blowers and motors.

| 'The.centrifugal blowers used for the regenerator air supply
.and the pﬁeumatic conveying.lines are capéble of moving gas up to
pressure differentials grgatef than 1000 inches H20-but are operated
at the required level. (See'Table"v—IS).' This high pressure
capability is obviously more than is requifed'under normal conditions
but may be needed if solids plug up in any part of the system.

The_mdtors used were all 3-pﬁase, enclosed—fan—éooled electric

motors operating at a nominal 1,800 rpm.

f. Catalyst storage tank.

A carbon-steel storage tank with manholes and ladders is provided

221
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for stdrage for the‘cafalyst/absorbent. The size is 1100 gallons;
‘8257 fts. This would give a 90-day supply at a net consumption of

143 1bs/hr.

g. Regenerator géé cooler.

After the regenerator cyclones a SS-U-tube exchanger is used
to cool the flue gas from 1250°F to 752°F. Theﬂl—inéh tubes had
‘boiler feedwater flowing in them;the total surfacerarea provided was-
3225_ft2; An overall U'of 10 BTU/hr £t2 °F was used for the design.
This is a conservative design sincg finned tubes could be used to P

decrease the tubihg length.

h. Pumps and motofs.

The pumps réquired'to circulate the regenérator bed coolantland
the regénerétor‘gas coolant will be the same as'those‘qsed to cir-
culate wéter to and:from fhe economizer. Confrél valves will be
- used to.fégulate‘the flow to each bed.  Only the'controi valves are
considered as a process cost.

i. Piping and Dﬁctwork.,

Solids conveyance in'fhe process. is by means of-fluidized trans-
.port. The gas used to'aécomplish the fluidization is taken from a
'gas stream at approximately‘the same-temperaturé as the solids.
The flﬁid density in the transport lines rénges from 3.05 to 0.0063
.lb/fts. The piping and ductwork reqﬂired are.designed for a trans-
port velocity of 50 ft/sec. This. velocity was selected to achieve

the smallest cross-section possible without having excessive erosion
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(Flanders, 1974). All bends should be 90° to minimize solids attri-
tion (Flanders, 1974). The lengths of piping selected were esti-
mated to bé reasonable for the design presented. The details are

~given in the Cost Summary, Table v-18. The transport reference was
"~ Zenz (1960). '
J. H2504 plant.

The sulfuric acid plant design was taken from Sittig (1971).

The plant is an integrated contact. plant with 3-stage contacting.
" The overall conversion efficiency for the unit was 96.8%. The pro-

" duct cén range from 93% HZSO4 to various grades of oleum. Total

production from this plant is 210 Tpd as 100% HZSO4. The regenerator

exit gas, the feed to the H SO4 plant, has 9,1% SO, in it. The

2 2
tail gas from the HZSO4 plant can be mixed with the air to the

furnace so. that the remaining 802 can be recovered. Facilities are

_ provided for 307days storage and for shipping of the acid.

E. Economic Analysis.

1. Genéral discussion.
| In order to estimate the economic feasibility of the proposed
'process‘a cost m0d¢1 was developed for both the fiied capital invest-
ment (FCI) and the-dperating cost (0C). This model inciudes all of
the added equipmenf required by the removal process. The FCI and OC
for the sto4 plant were obtained directly from Sittig (1971).

.The basic reference for constructing the cost mddel was Peters

(1968). The FCI was separated into direct costs and indirect costs.

Table v-19 shows the breakdown of the items within each group. The



TABLE V-18. REMOVAL PROCESS —— - EQUIPMENT SUMMARY.
: . L . : . OCTOBER 1973 _
. EQUIPMENT DESCRIPTION SIZE UNIT COST UNIT DATED COST § PURCHASE COST $ REFERENCE
1. Contactor ] . .
Steel (carbon) 2@3/16in x 32.6 ft x 50 ft 88,935 1bs 0.13$/1b 11,562 (1) 1/67 10,877 Peters, 1988, p. 654
T 2@3/16 in x 83.6 ft x 50 ft - 081 /12 (cost » .
. . . .2 2 : cost 15,234 "11/62 21,994 Dinning, 1963, p. 186
tnsulation (MgO/CaSiO5) 3 inx 11,620 ft 11,620 ft*. 338/$t2 (labor) . )
2. Regenerator
Steel (stainless, 316) - .
Shell 1/4in x 13.65 ft x 17.1 ft x 66 ft 69,789 tbs } 1.196 $/1b
Plates ~1/8inx 13.65 ft'x 143 ft x 19 ft 19,278 Ibs . 106.525 (1)1/67 105,615 " Peters, 1968, p. 654
Steel (carboﬁ) 3/8inx8ftx17.11t . . : N :
3/8in x 13.65 ft x 66 ft 24,930 Ibs 0.23 $/_lb2 5.734 (1) 1/67 -
tnsulation 3in MgO/CaSiO5 4,539 12 981 S/L” (cost) 5951 1962 8,591
.33 $/ft< (labor)
3. Gasifier 7.772 x 105 cfm @_2000 °F 957 TPD equix 1,900 $/TPD 2.218 x 106 (1} 1969 1,584,000 Niessen, 1870, p. VII, 93-111
_ Incinerator - ’
606, 919 cfm : )
{scale factor 0.80) 6 2221 1974:
4. Cyclone (contactor) 2 Cyclone Banks identical g?gg;"::o cfm $119.000 752,760 1970 866,760 Benson, 1974; .
_ Popper, 1970, p. 99
* Insulation + Struct. Estimated at 15% 130,014 :
. : 358,700 cim _ o To7a,
5. Cyclone (regenerator) (ss} (scale factor 0.80) . 1224 x 105¢im  "85407, 000 172,107 1973 172.107 anders, 1974;
High Efficiency @ 1250 °F . Popper, 1970, p. 99
: {ss construction) (scale factor 0.80) 4. 606.919 cfm ] "
6. ESP (regenerator) (ss) 95% Efficient ® 750 °F 8.676 x 10" cfm $1.231,000 536f610 1972 562,032 Benson, 1974; Oglesby, 197?
8. Fans and Blowers . . N ]
Reg. Air Blower #3 Centrifugal @ 300 °F 5.44 x 10% cfm - 70,000 - 1/67 92,196 Peters, 1968, p. 470
Reg. Solids Blower #2 Centrifugal @ 77 °F 1.92 x ‘IO3 cfm _——— 9,000 1/67 11,854 Peters, 1968, p. 470

vee



TABLE V-18 {continued)

OCTOBER 1973

Piping = 34,449 (P}
Major Equip. = 3,580,081

Pur. Eq.

= $3,775,129 (E)

EQUIPMENT . DESCRIPTION SIZE'UNIT. COST UNIT . DATED COST § PURCHASE COST $ REFERENCE
Cont. Solids Blower 1° Centrifugal @ 300 °F 8.156 x 103 cfm —— 21,000 1/67 27,659 Peters, 1968, p. 470

8. Motors for Fans and élo\}vers {3-phased, enclosed fan cooled)
Reg. Air Blower Motor #3  Ap = 1,50 psi, E¢ =70, _ Em =945 538 bhp - —-———— 30,000 1/67 .
Reg. Solids Blower Motor  Ap = 1.49 psi, E¢ = 70, E, = .86 21bhp [ 650 1/67 52,225 Peters, 1968, p. 474,460
Cont. Solids Blower Motor ~ Ap = 4.64 psi, E¢ = 70, Em = 92 256 bhp - 9,000 1/67

9. Heat Exchange Area in Reg. Sch. 40, 316 ss, 1.66in 0.D. pipe 10@165.3 ft2 ———— 14,500 1/67 19,099 Peters, 1968, p. 571, 560 .

0.25 in fins, 10 fins/in ’ Lo

Control Valves 10 gate, 316 ss $600 6,000 1/67 7.903 Peters, 1968, p. 452
Carbon Stee!Piping "Sch. 40, -1.66 in 0.D. pipe 1'040'fi ) $0.40/%t 416 1/67 548" Peters, 1968, p. 436

10. Flue Gas Cooler from Reg. 3225 112 (1250 °F > 752 °F) (ss) . ———— $50,000 50,000 1/67 65,857 Peters, 1968, p. 569

3 : :
8257 ft

11, Catalyst Storage Tank Carbon Steel, 90 day 1104 gal, ——— 1440 1/67 1,897 Pet?rs' 1968, p. 477

12. Piping and Duct - . _ )
Piping 0.D.=107ft . Sch40 294 ft $40/ft 11,760 1/67 Peters, 1968, p. 436
Duct Work 2.28 ft x 2.28 ft x 1/8in x 400 ft 18,718 lbs $.18/1b 3,369 1/67 22,601 Peters, 1968, p. 654
Duct work 426ftx4.26ftx 1/8inx 100 ft 8.820 1bs $.23/1b 2029 1/67 Peters, 1968, p. 654
Remainder {Estimated at 50% other) 11,300

TOTAL: Insulation = 160,599 ().
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TABLE V-19. PROCESS FIXED CAPITAL INVESTMENT (FCI).

‘DIRECT COSTS

METHOD CALCULATED

OCTOBER 1973 COST

Purchased Equipment (IE) Ite_mi'zed Equipment Costs ._$3,775,129 Tota! ($) Percent of Total
Instatlation {Labor, Found., Const.) 40% (E) 1,510,052
Instrumentation ‘ 13% (E) 490,767
Instrumentation Installation and Accessories A ) - 8% (E) 302,010
Pipe Costs (P) ltemized Pipe Costs 34,449
Pipe Labor Installation 46% (P) 15,846
Pipe Insulation Materia_l and Labor _ 25% (P) ) - 8,612
Electrical Installation ‘ 7.5% (FCI) 1,265,603
Building and Service ’ 5% (FCI)- 843,735
Insulation Major Equipment (I} Itemized Insulation Costs 160,599
Startup Expense 8% (FC1) 1,349,977

' 9,756,779 9756 x 10° 57.8%
INDIRECT COSTS
Engineering and Supervision 35% (E) --1,321,295
Construction Expenses 34% (E) 1,283,544
Contractor'’s Fee 3.75% (FCl) ‘ 632,802
Contingencies - 8% (FCI) 1,349,977
Wbrking Capital “15% (FCI) 2,531,206 :

7,118,824 7.118 x 108 42.2%

SUMMARY

FCl=

4.36 (E) +3.24 (P} + 1.89 (1)

Removal FCl = $16.87 x 10°

_ _ 6
HpSO,  FCI=_1.67x 108
Total FCl = $18.54 X 108

9¢¢



itemsrweré estimaﬁed as a function of the total purchased equipment
cost (E), piping and duct éosts (P); insulation costs (1),
énd FCI. The piping and insuiations costs were caléulated from fhe
amount required instead of as a percentage of E. The cost model
~ used for the removal process is | ,

| FCI = 4.36(E) + 3.24(P) + 1.89(I)  v-20
The operating costs_wefe divided into direct cos£s and fixed
. costs., .Téble v-20 shows the breakdown of the ‘items for each group.
Only the maintenance and_fixed costs are estimated as a percentage
of FCi. fhe royalties are calculated as a percentage of the total
operating cost. The fixed operating costs are taken as 14.67% of
FCI. ,This assuﬁes depreciétion over a 15 year period as suggested
" by Buchard (19?2). It is assumed that all of the capital will be
borrowed for the removal process at an average interest of 5% over

the 15 years.

2. Cost Basis.

227

The costs required for the model are non-installed equipment costs.

In some cases only the installed equipment costs were available. The

equipment 6ostvwés estimated by dividing these costs by 1.4, which

“assumes a 40% installation charge. Those costs which were treated

this way have a superscript I in the datéd-COst-column of Table v-18.

The equipment cost sources are giveh in this table. In order to
standardize-alifcosts the Chemical Engineering plant cost index was
"used. All costs were updated to October 1973. The CE plant index

for the pertinentfyéars is given in Table v-21.



TABLE V-20. REMOVAL PROCESS OPERATING COSTS.

DIRECT COSTS . : METHOD CALCULATED ' : . 3 OCTOBER 1973 COSTS TOTAL COSTS
' Lost heat value (.008Y4) (8.77x10% BTU/hr) @ 38¢/MMBTU- 245046  S/yr. $/yr. Mitls/kwhr
Energy Loss Charge ‘ from pressure loss across 2nd cyclone @ 1¢/kwhr 201,400 ) :
Catalyst Make-up ' 143.21b/hr @ 30¢/1b B 376,330
Operating Labor and Supervisiovn . $50,000/ yr shift pos. 4 equiv. 200,000 ‘
‘ Utilities . 848 bhp + 20% add.+ ESP @ .00026 kw/actfm 68.237
Maintenance : 8% FCl ' - : 1,349,978
Royalties ' 4% (Total Operatiﬁg Costs) . S ' 237,979
Laboratory Charges . A ' 10% (Lébor and: Supervision) . ) ) 20,000
Plant Overhead 50% (Labor and Maintenance) ) 774,989
3,473,959 S/yr 3.473x 108 0.452
FIXED COSTS
Depreciation (15 years} - - 6.67% FCI ‘ o 1,125,543
Taxes and-Property ' 2% FCi . . . ' 337,494
Insurance - B ' 1% FCI : - 168,747
Interest 5% FCI : | 843,735
A 2,475,519 Skr 2.476 x 108 0.322

$5.949 x 108/yr. 0.774 mills/kwhr

(Increasing cat.
make-up by factor
of 10 gives total
cost of 1.23
mills/kwhr

8¢¢
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Table v-21. CE Plant cost index.

Year 1957 - 1962 1967 1968 1969

Index 100 _  101.5 109.1 - 113.7 119.0
Year 1970 1971 1972 1973

Index 125.7 132.2  137.2 143.7

The items éosted from Peters (1968) weresgenéfally obtained from
correlations of equipment cost versus size. The items obtained else-
‘where were genérally only listed in one size. The scaling factors
for spécific equipment,typeg'suggested by Popper (1970) Wgre used

to obtain the cost of specific size equipment.

‘3. Process Cosfs.

The total purchase equipment cost for the process comes to $3.78 x
106. Thejthree host costly items are the gasifier, the contactor
‘cyclones, and the electfostatic precipitator on the regenerator effluent
gas stream. These items account fof.$3.l4 X 106'or 83% of the total.
‘The gasifier alone represénts'42% of the‘cost. The gasifier cost,
- stated abee, isvbésed on a 957 Tpd municipal incinerator plant.
The cost data presented by Niessen (1970) for the municipal incinera-
-fqr furnace includes the costs for a érane, primary chamber, secdqdary
' chamber, FD fans, associated ducting, ésh remofal sysfem,-gas cooling
.by water spray, stack, piping; insfrUmentation and controls. The
gasifiér unit obviously does hot require aii of this equipment; but
.since.a furfher,breakdown of furnace coéts was not found this cbst
was used, giving a conservative value. Niessen (1970) reports that
above 360,Tpd the furnace cost will average ar0uﬁd $1,900/Tpd. More

accurate cost data on the gasifier would probably result in a lower
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cost.

The total FCI for the removal process:is‘$l6.87 X 106. Direct
costs represent 57.8% of the total. The two largest costs are the
purchased equipment, $3.78 k‘106, and the wofking capital, $2,53 x
106. Since in equation v—éd E is multiplied by 4,36 to give its
contributién to FCI, it is by far the most sensitive item in the
analysié.

The operating costs listed in Tébie v-20 show 58.4% as direct
prOCeés costs. The energy loss is that due to the net heat lost
by the frocess and the eﬁergy néeded to overcome the added 3-inch
pressure drép iﬁ the secon& bank of éyclones. The fuel charge for
the heat requirement is 38¢/106 BTU. The eleétrical charge for
the power is 1¢/kwh.v | |

Catalyst‘costs‘are about 30¢/1b, Harnsberger (1974). The high
charge for maintenance (8% FCI) is used since there may be material -
erosion,problems in the solid transport lines. The overall operating
cost is O.774Imills/kwh. With a catélyst attrition raté Qf 10 times
that used”in Table v-20 the operating cost woul& be 1!23 mills/kwh.

The proéess costs for the H SO4 plant were taken directly from

2
sittig (1971). This report gives both FCI and operating costs for

the H2804 plant. For a 210 Tpd plant the FCI is $1.55 x 106. Stor-

age and shipping facilities were éstimated from EPA (May, 1973) to:

be $1.23 x-lOs; This gives the total investment of $1.67 x 106.

The operating cost for the plant is $101/hr. With a 20% increase for

. distribution and marketing costs the H2804 cost would be $121/hr

(0.138 mills/kwh). If the H,S0, were sold at $25/Ton, a credit of
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‘ $219/hrvwbu1d be realized. This credit cofresponds to about 0.25

mills/kwh.

The total process costs with and without H2504 credit are given
in Table v-21.
Table v-21. Process costs for 1000-Mw coal-fired power plant.
Removal Process H,S0, Plant Credit Total Process
FCI ($/Kw) . 16.87 o167 ——— 18.54

oC (mills/ kwh) ~ = 0.77 0.14 ©20.25  0.66

Even if the. acid were not sold the operating cost would be only’

“around 0.90 mills/kwh.
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CHAPTER VT

Discussion and Recommendations

A. "Process Evaluation.

1. Descripfibn of the process.

A dry process opefating at relatively high temperatures (1000°F)
has been‘developed for the simultaneous removal of NO and SO2 from
'power plant'stack gases, A.catalyst/absorbent consisting of 20%
ferric oxide supported on alumina contacts the flue gas under re-

. ducing conditions in a dispersed—phasevreactor. Reactions occur
which effect the'absorpfioﬁ_of SO2 as either ferrous sulfide or

sulfate"and,the reduction of NO to either N or'NH3 (Section.IV.E.)a

2
In the high temperature (1250°F) fluidized bed regenerator, the
catalyst/absorbent is reoxidized by air to ferric oxide and produces

- an effluent gas containing about 9% SO,, which is a suitable feed

23
for a HZSO4 plant. The flow sheet for the process is shown in
' Figure.v-z.

The‘removal_reactions for both SOé and NO require a net reduc-
ing flue gas. A éoal gasificatioh unit produces the reqﬁired amount
of CO énd H2 (Section_V,C;), while moﬁt (81%)»of the coal is burned
under_oxidizing conditions ih the fﬁrnacé. Since the rich CO/HZ'

' stream'is added'priqr ﬁo the-superﬁeater section, the heat generated
in the coal gasifier is recovered in the convection pass of the

"boiler. The CO/H2 concentration in the effluent stack gas is con-

trolled by maintaining an excess of ferric oxide in the catalyst/
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absorbent recycle stream.
A process flow sheet applicable to a 1000-Mw coal-fired power

plant and designed to remove 90% of the NO .and SO, in the flue gas

2
is' presented in Chapter.V. Since the proceés equipment and reactant
Jtraﬁsport techniﬁues are similar in scale and throughput to thbse
in fluidized bed catalytic cracking units, the technology required
'_fbr_implementing this process is consideréd to be established. The
“economic analysis of fﬁe process‘is based on October 1973 dollars.
The procéss requires a fixed capital investment of $18.5/kw and has
operating costs of 0.91 mills/kw-hr. The investment cost includes

$1.67/kw for the H SO4 plant. With a $25/Ton credit for the con-

2
~centrated HZSO4’ the operating cost would be reduced to 0.66 mills/
kw-hr.
2. Comparison with other processes.

Princiotta (1974j has eyaluated the six leading processes for
S0, r¢m0v51. All of these p;ocesées; excépt the ldw—sﬁlfur fuel
‘alternative, involve cooling the flue gas and contacting it wifh an
aqueous.stream. The investment and operating costs for these pro-
cesses are presehted in Table vi-1. The costs for the proposed
process are reported at 100% load factor and fixed operating charges
‘at 14.67% of the capital costs per yéar, whereas the basis in Table
iv-i is an 80% load facfor and an 18% rate for fixed charages. The
operating cost for the proposed process on this basis is still 0.91
.mills/kw—hr, The decrease in direct éharges is almost compensated

for by the increase in fixed costs. The capital investment charge
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TABLE iv-1.

COMPARISONS OF SO

CONTROL PROCESS SYSTEMS FOR COAL-FIRED POWER PLANTS (Princiotta, 1974)

2
Approx._invest. Appro? (annual)
Reactant Thromaway costs(2) for coal- costs, (P) mills/kw-hr
input or . fired boilers No credit for With credit for S0, removal
Tequirements recovery $/kw_ S recovery S recovery ef%1c1ency,%
cQui fired power plant ' N. A. N. A, 200 8.9(c) N. A. N. A.
Low-sulfur fuel increment N. A. N. A. N. A. 2.0 - 4.0 N. A. N. A.
(coal and 0il) ) . . _ o '
wct lime/limestone/ Lime (100- Throwaﬁay 35 - 52 1.5 - 2.4 N. A 80 - 90
Cu (0H), slurry scrubbing 120% Stoich.);| CaSo0,/
2 X 3
- . limestone . CaSO4
(120 -150%
N VStoich.) ‘ i
Magnesium oxide scrubbing MgO alkali; Recovery 36 - 66 1.6 - 3.0 1.4 - 2.8 90
: carbon and fuel of conc.
for regenera- H3S04
~ tion and drying or elem.
_ C sulfur ,
Monsanto c¢atalytic Catalyst V,05 Recovery 43 - 67 1.6 - 2.7 1.5 - 2.6 85 -.90
oxidation (add-on) . (periodic re- of dilute :
- placement) and sto4
fuel for heat
Wwellman-Lord process Sodium make-up ~ Recovery 40 - 68 1.5 - 3.2 T1.2 - 2.8 90
(soluble sodium and heat for - of conc.
scrubbing with regeneration HpS804 or
regeneration) sul fur
_pouble alkali process Sodium make-up Throwaway 26 - 47 1.2 - 2.2 N. A. 90
plus lime/lime- CaSOB/ o
stone (100-130% CaSO4
Stoich:)

{a) tenerally, where a cost range is indicated, the lower end refers to a new unit (1000 Mw);the h1gh end refers to a 200 Mw retrofit unlt
Costs include particulate removal and are in 1973 dollars. .

(b) Assumptions: Costs calculated at 80% load factor, fixed charges per year ~18% of cap1ta1 costs.

{¢) Includes environmental controls.to minimize land and water pollution.

vee
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femaihs uhchanged;

If the maxiﬁum.refrofiﬁ factor of 1,25 is applied'to the
éapital charge cosf, as suggested by Burchard (1972).for existing
installations, the cost would be $23.1/kw including the H,S0, plant.
‘Based on both efficient reméyal of pollutants and on the process
'econoﬁics;.the process definitely shows thenfial for practical

application.

" 3.. Reasons for economy.
The strikingly lower costs predicted for this process are due
. to several advantages inherent to the design which has been developed.

These are enumerated below.

a. Equipment size and complexity.

The contacting zoné iﬁ the probosed process is_at 10006F and
has a gés velﬁcity.around 50 ft/sec. A residence tiﬁe around'l
second is required. The wet scrubbing procesées cited by Princiotta
-(1974) operate around 130°F with maximumvéas velocities of 8 - 13
ft/sec (Néﬁnen, 1974; YEPA, 1973). | Thé flue gas residence
..time in the scrubbers. is around 1.5 - 2.5 Se;onds. In spite of the‘
'high temperature, énd thevresulting high specific volume of the flue
gas, the shorter re§idence time results in:similar volumes for the
high temperature contactor and scrubbers for a given flow rate. Mdre
explicitly, the higher contactor temperature results in a specific
gAS'volume increase of 2.47. Therefore, the contactor volume needs

to be increased by this amount over the scrubber volume to achieve
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'_ﬁhe same residence time. Since thé required gas resideﬁce time in
.éhe scrubbér is between 1.5 to 2,5 times that in the contactor, the
contactor volumi?'needs to be increased by oniy 1 to 1.6 times that
of the.écrubber.. The faster allowable gas velocities in the con-
tactorvresult in its_cross—section being befween 3.8 to 6.3 ;imes
smaller than that in a scrubber fér[fhe'Samé gas volume. This means
'1éss duct'expaﬁsion and gas distribufion equipment at the contactor
‘entrance. It élso allows for a mofe'compact'design since at power
plant sites vertical distance in one unit is less expensive than

_ hqrizohtal area in severéi ﬁnits. "The higher temperaturés also
result in more rapid diffusion and kinétic rates in the contactor
than En the scrubbers. The faster rates are-refleéted in shorter
required residence times.

Othér cOnsideratiohs wﬁich combine with a-émailer required
cross-section to give a relatively ldw capital investment for
the procéss are rélated to the process simplicity. In this process
" no large-holding tanks are required for reaction or settling of
‘reactants; All of the blowers are operated at 300°F or-below with
negligible solids .in the gasvstreams passiﬁg_through them. The
contactor has no complicated internal structure. The contactor
-can be made of carbon steel.. The regenerator and the solids re-
cycle line temperatures are within the‘service‘range for normal

stainless steels.

b. Improved thermal efficiency.
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With the fluengas.exiting the power plant stack very closé

to stoichidmetric.composition, the-thérﬁal-efficiency of the plant
~will bé improved by about 0.82% relative tb operation with 20%

excess éir. The'fuel requifementstfor removing the‘SO2 and NC

are estimated to be roughly this same amount (Section V.D.3.). If

there are no thermal losses in the process, there are indications
1that a slight increase in_thermal.oufput over normal operating con-

ditions may acthally reSuit. Finally, the fuel required for reheat-

ing the stack gés, necessafy for plume buoyancy in wet-scrubbing

processes, is of course avoided in this case.

c. Make-up cost.

. The size distribufion-of the catalyst/absorbentv(average size
75 micfons) has been selected to allow highly efficient (99.998%)
‘collectibn'in.a series of low;pressure—drop.cyclones and an electro-
‘étatic preéipitatdr-in the main gas stream; The high—efficiency

éyclones in the regenerator collect 99.933% of the inlet solids.

The net result is first, a low catalyst/absorbent make-up requirement.

Second, no solids‘disposal.problem is created since the catalyst/

absorbent is regenerated and almost totally recycled.

B. Potential Process Problems.

1., Ammonia emissions. .

The catalytic reduction of NO forms both Nz'and NH,., although

‘it would be‘deéiréble to produce only N2. Since the latter was not

found poésible,.the process. 1is expected to emit 300 - 400 ppm NH3.

+
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3

.will react with.H280 or HNO3 present in the air to form ammonium

"NH,, is ﬁot reactive in the photochemical smog cycle. ‘However, it
salts; Thesevwill be in the form of aerosols which limit visibility.
NH, emissions will not increase the aerosol problem, however, since
the H2804 or HNO3 would already be present as aerosols. In fact,

~the addition of NH, to the atmosphere will teénd to neutralize the

3
acid aerosols present, making them less objectionable.'

The only NH -emissions standard which has been established is

3
that for the San Francisco Bay Area. For large industrial stacks

the limit is 2500 ppm (BAAPCD, 1972). Since the proposed emissions
are only 13% of this standard, the ammonia emission is considered

 acceptable at present.

2. Accuracy of process.design.

The prediction Qf dispersed-phase béhavior from-fixed—bea data
is paséd §n a modél correlating the gas pﬁase mass transfer rgtes for
the two cases. As discussed in sgction’V.B.l‘ii., the prediction
of these rates at low Reyholds numbers is not well established.

.At worst, thé rates might be about one-tenth of thoseIQSed in the |
deéignv ~ (Kunmi, 1969). The dispersed-phase kinefics were esti-
mated ffom the'fixed—béd data. Due.to‘the uncertainties in fhe experi-
mental work; a range was given for the reaction rate constant. If
the mihimum reaction time required were 0.01 second, instead of
. 0.001 second as stated in section V.B.i.b., the reaction rate in the

_ disperéed—phase contactor wou1d be'qne-tenth of that discussed. A

decrease in both the mass transfer rate and the reaction rate by a
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'factor'of-IO.wouldfstill'result in the reaction rate controlling.
Hence, the overall rate would be decreased by 10. The effect on

‘the design would be to require 10 times the solids density within the
éontactor to effectvthe same removal. Stréams to and from the regen-
erator would not be affécted, If the solids density in the contactor
were increased by 10 and the amount of solids lost from the process
were increased byvlo; then the operafing costs would increase

to about 1?31‘mills/kw—hr. 1f thé sizé of.the solids blower, motor,
and duétﬁork were increased to provideAtﬁe same solids density

with this added»ldad;vthe capital investment would increase to
ajmaximum of.$20.5/Kw. ‘ Thus, the uncertanty in the éxperi-

mental data has little potential effect on the process economics.

3. Flyash separation'from“éatalyst/abéorbent.
'The.separationlbf flyash from the catalyst/absorbent is important

for the process. In the design the following collection efficiencies

were used:
Flyash : Cat/Abs
Contactor cyclone 97% : 99.9696%
Main flue gas ESP 95% - 95%
Regenerator (by elution) 10% 94%
Regenerator cyclones 90% 99.933%
Regenerator ESP 95% ' 95%

The difference in these efficiencies wili provide adequate separation
of the flyash and éatalyst/abSorbent. This assumes that the flyash
particles will break up while cycling around the process. If thi$
ddes not occur, 1arge'partié1es of flyash will build up in the system

until the attrition rate equals the rate of flyash collection. Un-
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fortunateiy there are no available data té;pfeaict the attrition
éharadtéfisfiéé of flyééh. If thé flyash built up to 10 times the
preseﬁt level assdmed for'thé contactor, the ratio of flyash to
catalyst/abéorbent would rise to about 0.60. The effect on the
economics would probébly be'something less than‘the efféct ofAin—
creasing the recycle of catalyst/absofbent by a factor of 10. The
latter effect was . shown earlier to be quite small in comparison with

‘other process economics.

C. Recommendations.

.' The‘nekt step iﬁ the process development Qould be to determiné
the reaction kinetics in a dispersed-phase contactor; This contactor
would probably be a fluidized bed at first, moving later to a unit
‘with highly dispersed solids. = The dispérsed—fhase-contaétors will
not only give some idea of the gas phase mass transfer limitations
éxpectgd{ but also Will.allow the réactionsito.pr6ceed in a bed with
a more uniform solids composition. The éxperimeﬁtal'data showed
'qualitatiQe:évidence-that'under this uﬁifbrm_condition.less ferrous
sulfate and ammonia would form.

At several points in the experimental work; the nuﬁber df”samples
takeﬂ wés limited by the batch gas sampling technique used. In the
dispérsed contactor tests, continuoﬁs moﬁitoré on atvleast SOz,and
NO shoﬂld'be used. Sensitivity shégld also be improved in thg gas
monitoring'system to alloQ analysis of all reactanf gaées at levels

below 100 ppm.
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The addition of silica to the alpmina-matrix has been suggested "
t6 &ecrease catalyst atfrition. Tésts;aré neédeh to confirm that
this ddes nét decrease the.sélids aétivitylfor NO and SO, removal.
Any new catalyst‘matrix developed shquld also be tested for attrition.
The most reasonable way would be to compareé the new catalyst's
attrition rate with that of a known éommercial'catalyst whose plant-

. scale atffition raté is known. Zenz“(1974)_discusses the technique N
for such tests. Samples of flyash tésted in such an apparatus may

: give an~e$timate‘of flyash attrition relative to catalyst/absorbent
attrition which could be used tO‘establiéh better the level of flyash
in the contactor,'

The activity'ofﬂthe cétalyst/ab;orbent as a function of time
.nqeds also to be tested. In fhese tests the solids should be cycled
between removal and regeneration stéps._The effect of flyash on- the
cétalyst activity needs to be determined.

Theée suggested studies should produce sufficient data to obtain
design values with sﬁbstantially narrower ranges for the process
variables. The process effectiveness and costs could then be stated

 with more -certainty. -
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NOMENCLATURE o
a radius of FeS/Fe 3 interface in particle during regeneration.
Cag bulk gas co:ncentration‘ at a particular time.
Ca;go | bulk gas céncentrati‘on at inlgt conditié'ns.
Cas . gas concentration at .externz‘a.l surface'lof particle.
dp particle diameter.
D gas phase diffusivity.
'De ‘ ' effeétive diffusivity in particles.
.Dke - ef'fecti've Knudsen d‘i.ffusivity in particles.
D12e effective gaé phase bulk diffusivity.
E total equipment cost.
Fao reactan£ flowrate. ‘ '
FCI “fixed capitél investfnent.
AFT l?he.rmodynamic free energy Qf reactioﬁ at temiaeratur'e T.
hS - Thiele modulus for a s‘phere. |
AHT thermodynamic heat of re'actio-n.at temperature T.
I .insulation costs. |
jD ‘mass transfer j-factor.
km. overall mass transfer coefficient.
kr overall kinetic rate coefficient.
K1 overall r_ear:tion coefficient for removal reactions.
K2 overall reaction coefficient for regeneration regctions.
Ibmph = pound moles per hour.
Na - moles of reactant.
NH3 selectivity (%) = percent reduced nitrogen compounds formed

from NO in the form of NH3
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(2.5[NO] + 3[50,] + 2[0,]1)/[H,] + [CO])

i]

( [NO] + 3[s0,] }2[051>/([H2] +[co])

piping costs.

‘catalyst/absorbent radius.

reaction rate.

particle Reyholds number.

Schmidt nurﬁber .

specific external éurface area .of parti‘cles.
total specific surface area of particles.
residence time of solid in regenerator.
temperatui‘é . v /

tons .per hour.

a\}érage-i_nt_erStitial veiocity past particles.
reactor volu'me |

specific volume of pa’rticlesb.

molar amount of FeS in particles.
fra,ctional.conversign of reactant a.
amount of solid in contactor.

particie porésity.

vol@me f_rac»t.ion of particle Wh‘iC‘h is FeS.
kinetic effectiveness factor.

r_es_i&ence time of gas in contactor.

bulk solids density. :

particle density.
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‘molar density of FeS in solids.

gas concentrations..
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~ APPENDIX A-2
. Overall Reaction Rate Analysis

A. Kinetic R"é)fe:.
(Levenspiel, 1962)

1. Assumpfions: First-order reaction kinetics.
Effectiveness factor can .acc.ount for effect of
intraparticle. diffusion.
- 2. Rate per ub'ni'f volume of catalyst/absorbent (p. 446):

(1/sz)(dNa/dt) = - k_rn ca_s

.whel;e: Vp = specific volume (cm3/g).
z = améunt of catalyst (g).
: Na = moles of reactant. A (g mol‘es)'.
t = time (sec;').
k= reaction rate constant (sec-1).
n = éffectiveness factor (dimensionless_).
Cas: gas concentration at exterior surface of

solid (g moles/cm?3).
3. Since the reactor volume is a more useful quantification than
the amount of catalyst, z, the relationship: V = z/pB is used to

eliminate z. Where: V = reactor volume (ci’n3). 3
‘ ‘ pB=501ids density in the contactor (g/cm”).
Therefof‘e: (1/V)(dNa/dt) z - pBVpkrn-Cas | (AZ,'“
B. External Mass Transfer:

(Levenspiel, 1962)

The value of Cas in the above eqﬁation may differ from Cag’ bulk

concentration since there may be gas-film resistance. The relationship

given on p. 445 (Levenspiel):
' ' (-1/Sex)(dNa/dt) =

k.m(cag-cas) (A2-2)
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assumes: Linear concentration gradients.
No interaction of diffusing species.

external particle surface area (cmz/g).

In this expression: Sex

k
m

mass transfer coefficient (cm/sec).

C. Overall Rate:
(Levenspiel, 1962)

Since the kinetics and mass transfer rates are ih.series they can
be combined as follows: _

kinetic: [1/(vap Bkrn)] (dNa/dt) = - Cas
mass t?ansfer: [1/(Sekaz)] (dNa/dt) = - (Cag-Cas)

overall: r
a

(aN, /at) [1/(VV p sk + 1 /(8 k_2)] = - Cog

where: fa overall rate (g moles /c‘:m3- sec).

~ -Substituting the relationship for V to eliminate z, the expression becomes:

ry = (1/V) (@N,/d0) [V e pkon) + 1/0p S R )] = -
r= (&/y)_(dNa/dt) - (1/Vpkrn + 1/seka)cang (A2-3)
| o -
| . K, = “/Vpkr”* 1/sexk,.m). .
Then: r_ = (1/V) (dN_/dt) = - KyppCog - (A2-4)

D. Packed-Bed Reactor Equation:
' (Levenspiel, 1962)

1. Levenspiel presents the analysis of a differential section of a

. packed-bed reactor é.s: F dX = (-r )dv
. ' , T ao a a

Where: <Fao = inlet rate of reactant (g moles/sec).

n-.

X

a fractional conversion of reactant (dimensionless).

Ca can be eliminated in equation (A2-4) by the. relationship:
C__=C (1-X )
. ag ago a
where: Cago = inlet gas concentration (g moles/cm3).
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C (1,-Xa)pédv. A : (A2-5)

Then: F__dX =K,
: . ao a 1 "ago

2. The above equation is now integrated over the entire reactor volume.

. an i -» PBK'IC-agO av
(1-X) ~ F '
0 a 0 ao
= awnl ago -
1-X = expl - = KipB]

ao
Since the residence time 6 = C V/F
v e ago ao

ag/cago = exp[_—KiepB] : L (A2-6)
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 APPENDIX A-3
Regenefation-Rate Analysis
A, | The main xl'egeneratio_n reaction is:
FeS + 7/4 0, ———> 1/2Fe,0, + S0,
Guha (1972) presented r;m equation répresenting _th‘e oxidation of
FeSZV._ | |
The deve'l'opmevnt_ here is analogous to his work.
. Aséumptions: First-order reactioﬂ. '
- Mass trépsfer resistance in bulk fluid is
negligible.
| 2. Rate of particle' oxidation can be given as:
(-1/41ra2) (dWm/dt)-: (7/4) (1-€') sz cago . (A3-1)
Where:” a = radius of particle at FeS/Fe2Q3 interface. {cm).

Wr'n= molallamou'rit of FeS. (g moles FeS)

t = time (sec).
1-€' = volume FeS/volﬁme particle (cmSFeS/cm3partic1e).
K2 = overal-l.réaction coefficient (cm/sec)..
ago - )2 b.ulk' cgncentratlon (g moles/cm”).

The factor 7/4 is the stoichiometric coefficient. With a redefinition of

K2 this could be incorporated into K,.

3. The molal amount of FeS, Wm,' can be expressed as a volume times
a density:
’ 3 2 |
| dw__/dt = d(4/3wa"p sm)/dt = 4ma’ P mda/dt:
where: P smv = molal density of FeS (g moles /cm3).

Equation (A3-1) can thus be expanded as:
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b g da/dt = (7/4) (1-¢") K, Cogo-

Separating variables: _ v
- el Ty
da = - 7/4 (1-¢") (‘1/psm) K, Cago)dt. |
Integrating from the outer surface a = r, t = 0 to the center a = 0,

t = t, where r is the particle radius.
..'. = (-7 /¢ - 'v . ‘ | -
| a-T ( 7/4) (1-¢€") (Kz/p ) cagot. | (A3-2)
A . : . 3 3,3 . 37
4. The percent solid reacted is 100[(r”-a")/r”]=100[1-(a/7)"].
Combining with (A3-2); |
o ' | | 3.3
- _et )
.% solid reacted = 1.0.0{1-[r-7/4(1 € )(Kz/p sm)cagot] /r}

[

(A3-3)

5. The required time for a given .% 'solid reacted is then:

| t.= ;[1-(14-%1s.§1id rea;cted/100)1/3] /[7/4(1—6')(K2/p Cm)c:ago]

(A3-4)
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APPENDIX A-4
" Design Bé,'ses - 1000-Mw Power Plant
1.. Furnace- Pulverized c.oa-l',' t-a'ng"e'nt.ially- fired.
"a., Coal Anaiys’isiv_ wgt fraction
Carbon (C) o 0.7220
Hydrogen (H) 0.0476
Oxygen (O) 0.0615
1N‘i'trogen (N) ‘ 10.0149
Sulfur (S)° 0.0300
Water H,0 0.0347
Ash | 0.0893 (Steam, 1963)
b. 'i‘en percent excess air at 60% relative humidity.
c. Power plant efficiency 38.9%. '(Ro_bi'r‘1sovn, 1970).
~d. Twenty percent fuel N converted to NO
- e. Thermally formed NO is 20% of total NO.
f. As'_h.— 15% bottoms and 85% flyash.
2. Gasifier- chain éfate stoker.
a. Coal analysis: sare as in furnace.
b. Stoichiometric air for conversion of all carbon to CO and sulfur

to SO,; 60% relative humidity in inlet air.
c. Twenty percent fuel N converted to NO."
d. No NO is formed thermally.

e. Ash - 85% bottoms and 15% flyash.

3. - Total flue gas.
a. Ninety-five percent of the excess O2 removed when CO/H2 added.

b. Inlet temperature to superheaters 1260°C (2300°F).
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Contactor.

é. Ninety p'erce'ht removal of éxc;es's (CO + HZ)’ SOZ’ NO.
b. Eighty-five percent of SO, removed as s 2.
c. Fifteen percent of SO, removed as SO4—2.

d. Removal reactions occur at 1000°F .,

e. Twenty-five perceht of solids stream leaving contact sent to
regenerator; 75% is recycled.: '

f. Ten pefcenf excess F-e203 in solids feed to contactor from
regenerator. '
g. Composition and properties of cétalyst/absorbe'r_lt:

: Y 5 2 _ 3.
20% Fe,O4, 80% (Al,04 + 5i0O,), S = 200 m _/g, vp = 0.67cm” /g.
- Regenerator.

a. All inlet iron converted to Fe,O0,.
b. ‘Regenera‘tibn reactions occur at 1250°F .

. Solids Collecfors.

a. Contactor Cyclones and Electrostatic Precipitator for main -

flue gas.
tCollection Eff._iciency (%)
Cyclones  ESP  Overall
Flyash =97 95 . - 99.85
Cat./Abs. ~ 99.9696 95 99.9980

(Solids collected in ESP are sent to the regenerator
- while those collected in the cyclones are sent to the
contactor (75%) or to the regenerator (25%).
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b. Regenerator Cyclones. -

Collection Efficiency (%)

Primary ' Sécondary Overall
Flyash o 0 ‘ 9 90
Cat. /Abs. . 99.933 100 100

(Solids collected in the primary cyclones are sent to
the contactor while those collected in the secondary
cyclones are sent to ash disposal)

c. Regenerator ESP. This unit collects 95% of the inlet flyash.
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11.

12.

13.

14,
15.

16.

~ APPENDIX A-5

Heat effects in the removal and regeneration reactions.

REACTIONS
2 NO + 2 CO - N2'+ 2.co,

2NO + 2 H, » N, + 2 H,0

2 NO + 3 H,0 5 CO - 2 NH, + 5 CO,,

NO + 5/2 H, -~ NH, + H,O0

FeO + SO_ + 3 CO - FeS + 3CO

2 ‘ , 2
FeO+SOZ+3H2 —»FeS+3HZO

FeO + H,S - FeS + H,0

Fe,O, +‘co—;2Feo+co

Fe203+H2-—> 2FeO+HZO

FeO+SOZ+— O ->FeSO4

CO+HZO—>H2+CO2 -

co+io0,-co

2 2

L1 -
H, +3 O, -~ H,0

2FeS+ 17/2 o, ~ Fe203 + zso

2FeO 43 O, ~ Fe203

2 FeSO - Fe203 + SO2 + SO3

. AHZ25°C (kcal)

-89.23

.-79.40

-230.10 -

-90.40
-90.90
| _61.36
-11.94
4+ 1.57
+11.40
_85.40
- 9.83
-67.64
. -57.80
2293.30
-69.21

 +78.8
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LEGAL NOTICE

This report was prepared as an account of work sponsored by the
United States Government. Neither the United States nor the United
States Atomic Energy Commission, nor any of their employees, nor
any of their contractors, subcontractors, or their employees, makes
any warranty, express or implied, or assumes any legal liability or
responsibility for the accuracy, completeness or usefulness of any
information, apparatus, product or process disclosed, or represents
that its use would not infringe privately owned rights.
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