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Reactive Absorption of Hydrogen Sulfide by a Polyglycol 
Ether Solution of Sulfur Dioxide 

by 
Richard l\1arshall Hix 

Abstract 

The absorption of hydrogen sulfide (H2S) by a polyglycol ether solution of 

sulfur dioxide (S02) is but one step in a process under development to recover 

sulfur from sour-gas streams. The process makes use of the catalyzed, irreversible, 

second-order liquid-phase reaction between H2S and so2, forming sulfur and water 

as products, to improve absorption rates in the primary absorber and to make it 

unnecessary to strip H2S from ninety percent of the total solvent flow. As part of 

this development, tray efficiencies for both physical absorption of H2S and S02 

and efficiencies for absorption with chemical reaction of H2S are needed to design 

the absorbers in the process. 

Tray efficiencies were determined for physical absorption of H2S and so2 

on a single sieve tray at atmospheric pressure. These efficiencies were well-

predicted by correlations available in the literature. The efficiency correlations 

were used to predict the high-pressure tray efficiencies needed to design the pri-

mary absorber. Absorption rates were measured for absorption of H2S followed by 

chemical reaction. The H2S absorption rate, relative to strictly physical absorption, 

is increased by three-fold or higher, and depends on so2 concentration, plate 

inventory, and reaction-rate constant. This system is a cas~ of absorption with 

irreversible, second-order chemical reaction by a solution containing a volatile dis-

solved reactant. A penetration-model analysis indicated that the reaction is too 

slow to cause an enhancement of the liquid-phase mass-transfer coefficient. From 

this finding it was concluded that the tray efficiency for reactive absorption 

would be equal to that for physical absorption. The increased absorption rate is 

due to the reaction's occurring in the bulk solvent and causing a reduction in the 
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bulk concentration of H2S. The lower concentration of H2S in the bulk solvent 

gives rise to a greater driving force for mass transfer. Second-order reaction-rate 

constants were determined from the reactive-absorption measurements. These rate 

constants compared favorably to those measured by others. The reaction-rate 

constants and tray efficiencies determined here were used to design the high-pres

sure primary absorber in the sulfur-recovery process. 
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NOMENCLATURE 

a. 
1 

- interfacial area per unit volume of liquid, cm2 jcm3 

A - concentration ratio C A/C Ae' dimensionless 

A a 
. f 2 - active area o tray; m 

(A/R). - fitted parameters from eqn 5-3 
1 

B - concentration ratio CB/CBo' dimensionless 

C - coefficient in eqn 3·13 and defined in eqn 3-15, dimensionless 

C A • liquid-phase concentration of A, mo1ejcm3 

CB - liquid-phase concentration of B, mole/cm3 

D - eddy diffusivity, m2 
js e 

DL - molecular diffusivity in liquid, cm2 
js 

D • molecular diffusivity in vapor, cm2 
js 

v 

E - Activation energy, kcaljmole 
a 

E - Murphree vapor tray efficiency, dimensionless mv 

E • overall column efficiency, dimensionless oc 

E - point efficiency, dimensionless ov 

f - fractional approach to flooding, U /U f a a 

f 
2 

- fugacity of solute (component 2), kPa 

F - F-factor (eqn 3-18) through active area of tray, m/s(kg;m3)112 
va 

hL - height of clear liquid holdup on tray, em 

h - weir height, em 
w 

H A - Henry's law coefficient for component A, kPa cm3 /mole 

HL - hold-up of clear liquid on tray, cm3 

-Henry's law coefficient for solute (2) in solvent (1), kPa/m.f. 

H~.I - Henry's law coefficient at 298 °K, kPa/m.f. 

~Hsoln - Heat of solution, J/mole 

- firs.t-order rate constant, s 
-1 
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k
2 

- second-order reaction-rate constant, cm3 /(mole-s), or liter /mole-s 

k
2

Ph0 -fitted parameter of eqn 6-14, liter/mot-s 

k
3 

- third-order reaction-rate constant, liter2 /mote2-s 

k - gas-phase mass-transfer coefficient, mole/kPa-cm2-s (=k /(RT)) g v 

kL - liquid-phase mass-transfer coefficient, cm/s 

• kL - liquid-phase mass-transfer coefficient for reactive absorption, cm/s 

k - gas-phase mass-transfer coefficient, cm/s 
v 

Kc - equilibrium constant for catalyst;H
2

S complex (eqn6-9), liter /mole 

KL - overall liquid-phase mass-transfer coefficient, cm/s 

K - capacity parameter (eqn 3-16), m/s 
s 

L • molar flow rate of Liquid, mole/s 

m - slope of the equilibrium line (m=H
2 1 

/P), dimensionless 
• 

M - parameter, (k 1 DLA)/k~ or (k2CBoDLA)/k~ for film, theory; 

- or, (11'/4)8 for penetration theory, dimensionless 

- number of liquid mass-transfer units 

- number of mass-transfer units based on overall gas-phase driving force 

N 
v 

- number of gas-phase mass-transfer units 

- partial pressure of component A in the bulk gas, kPa 

- total pressure, kPa 

Pe - Peclet number, dimensionless 

- liquid flow rate per unit length of overflow weir, m3 /m-s 

- concentration ratio CB/C Ae' dimensionless 

- amount of gas physically absorbed per unit interfacial area, molejcm2 

- amount of gas reactively absorbed per unit interfacial area, mole/cm2 

- volumetric liquid flow rate, cm3 /s 

r - diffusivity ratio, DLB/DLA' dimensionless 

- reaction rate of component A per unit volume, mole/cm3 
-s 
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r - ratio of weir width to average width of liquid flow path, dimensionless 
w 

R -gas constant, 8.314 J/(mole .°K) 

R' - rate of absorption per unit interfacial area, mole/cm2 -s 

t - contact time (penetration model), s 

tL - average liquid residence time, s 

tv - average vapor residence time, s 

T - temperature, °K, T0 =298.15 °K 

U a - gas velocity through active area of tray, m/s 

U af - gas velocity through active area at flooding, m/s 

V - molar gas flow rate, mole/s 

x - distance into liquid from interface, em 

x. - liquid mole fraction (l•solvent, 2=solute), m.f. 
1 

y. - vapor mole fraction, m.f. 
1 

• y - vapor composition in equilibrium with liquid exiting tray, m.f. 

Z - v'[k2 c8 / DLA] x, dimensionless 

. ZL - length of liquid flow path, m 

Greek Symbols 

"1 A - kgA H A/{DLA v'[k2 C8/ DLA ]}, dimensionless 

18 · kgB H8 /{DLB v'[k2 C8 /DLA]}' dimensionless 

5 - film thickness, em 

f"J - parameter defined by eqn 3-9, dimensionless 

'•' - ratio of slopes of equilibrium line to operating line, mY /L, dimensionless 

II - stoichiometric coefficient, moles B per moles A, dimensionless 

- liquid density, kg;m3 

- vapor density, kg;m3 

Vll 



T - CSTR-Tray Liquid residence time (HL/QL)' s 

t/J - enhancement factor for reactive absorption mass transfer 

,~. - enhancement factor for absorption with instantaneous reaction 
'*'a 

,Pe G relative effective froth density, dimensionless 

Concentration Subscripts 

A G component A 

B - component B 

e G in equilibrium with bulk gas-phase composition 

G at gas-liquid interface 

o - in bulk liquid solution as C Ao' or total concen. as [H2S]
0 

in - at tray inlet 

out - at tray outlet 

loc - at local position on tr.ay 

Vlll 
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1. INTRODUCTION 

1.1 Background 

Hydrogen sulfide, as a highly undesirable contaminant, is present in a 

variety of gas streams such as natural gas, coal gas, and refinery gases. It occurs 

in natural gas in concentrations that range from several parts per million (ppm) to 

many percent. When coal is gasified, most of the total sulfur. content is converted 

to hydrogen sulfide (H2S) or, to a lesser extent, carbonyl sulfide (COS). The H2S 

concentration in the coal gas depends on the amount of sulfur initially present in 

the coal and on the nature of the coal-gasification process used. Gas-phase concen

trations are typically several thousand ppm H2S. At the refinery, hydrodesulfuri

zation of petroleum feedstocks produces gas streams of several percent H 2S. 

Because of both environmental restrictions and process requirements, hydrogen 

sulfide must be removed from these gas streams. Hydrogen sulfide is a poison for 

many catalysts which may be present in downstream process equipment; it is toxic, 

corrosive in wet or hot environments, and quite unpleasant smelling. 

The required degree of H2S removal depends on use of the gas. Natural gas 

of "pipeline quality" generally must contain no more than 4 ppm H2S, whereas 

hydrotreater recycle gases may contain several thousand ppm H2S. In some cases, 

selective absorption of H2S is desirable. In other cases, co-absorption of C02 and 

light hydrocarbons allows these components to be recovered as separate products. 

To meet this wide range of processing requirements, the U. C. Berkeley Sulfur 

Recovery Process (UCBSRP) is being developed as a less-costly alternative to con

ventional sulfur-recovery technology. 

1.2 Conventional Sulfur-Recovery Technology 

An example of conventional sulfur-recovery technology, shown by block

flow diagram in Figure 1.1, consists of an amine absorber and stripper, a Claus 



sulfur-recovery unit, and a suitable tail-gas process. First, H2S is absorbed from 

the H2S-containing gas stream by an amine solvent. The resulting H2S-rich solvent 

is then stripped of most of its H2S, cooled and recycled back to the absorber. The 

H2S-rich gas stream from the amine stripper is sent to a Claus plant which relies 

on the high-temperature, gas-phase Claus reaction, equation 1-1, to convert the H2S 

to gaseous sulfur. 

(l-1) 

The S02 required for the reaction is obtained by burning a portion of the H2S in a 

lean amount of air such that only one third of the H2S is oxidized to so2. Be

cause the gas-phase Claus reaction is equilibrium-limited, the conversion of H2S to 

sulfur must be performed in stages to achieve high conversions. Sulfur condensa

tion and gas reheat are necessary between the stages. Typically, one thermal 

converter and three catalytic converters are required to achieve a 96% conversion 

of the H2s- to liquid sulfur. The remaining 4% leaves the Claus process in the gas 

stream as a combination of H2S, so2, and sulfur vapor. 

The unrecovered sulfur compounds must be removed in a tail-gas unit 

before the gas stream is released to the air. There are three basic types of tail-gas 

processes available: those that reduce all the sulfur compounds to H2S for subse

quent recovery and recycle back to the Claus unit, those that oxidize all the sulfur 

compounds to so2 which is a recovered and recycled back to the Claus plant, and 

those that reduce the total sulfur content to H2S for subsequent oxidation to sulfur 

in a non-Claus reaction. The SCOT process is an example of the first type: all 

sulfur compounds in the tail-gas stream from the Claus plant are reduced catalyti

cally to H2S. The H2S is absorbed by an amine solvent, and the H2S-rich gas 

stream which results from stripping the solvent is sent back to the front end of the 

Claus unit. The Wellman-Lord process, an example of the second type, oxidizes 
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the H2S and sulfur in the tail gas to S02 which is absorbed by an alkali metal 

sulfite-bisulfite solution. The solution is stripped to concentrate so2 into a gas 

stream that is recycled back to the Claus plant. An example of the third type of 

tail-gas process is the Beavon-Stretford process. In this process the total sulfur 

content is reduced catalytically to H2S by the Beavon process, and the H2S is then 

absorbed by a aqueous solution of sodium carbonate and vanadate in the Stretford 

process. The sulfide in solution is oxidized to elemental sulfur by the vanadate 

ion. In the same vessel, air is used to regenerate the vanadate ion. A fairly low 

quality sulfur precipitate is recovered from the aqueous solution. More detailed 

descriptions of these processes and others can be found in Kohl and Riesenfeld 

( 1985). 

The disadvantages of the conventional technology are several. If the proc

ess gas must meet a yery strict H2S specification, the amine stripper becomes very 

energy-intensive. Amines are chemic.al solvents for H2S, and it generally requires 

more energy to strip out a chemically-bound gas than stripping from a physical 

solvent requires. The gas-phase Claus reaction is equilibrium-limited; therefore 

staging is required in the Cla.us process to achieve large conversions of H 2S. 

Tail-gas processes are often very complicated and are capital and energy-intensive. 

1.3 The U.C. Berkeley Sulfur-Recovery Process 

The goal in developing the U.C. Berkeley Sulfur Recovery Process is to 

design a single integrated process which has the flexibility to process a variety of 

gas streams, and either to co-absorb certain other gases, or to remove H2S selective

ly. The UCBSRP consists of five basic steps. First, H2S is absorbed by a polar 

organic solvent. Diethylene glycol methyl ether was used in this study. Second, by 

mixing the H2S-rich solvent with a slight excess of so2 dissolved in the same 

solvent, all the H2S can be reacted away to form sulfur by the following irreversi

ble liquid-phase reaction: 
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(1-2) 

Third, the dissolved sulfur formed by the reaction is crystallized and separated 

from the solvent. Fourth, the water of reaction and any residual dissolved gases 

must be stripped from the solvent. And finally, a portion of the recovered, mar

ketable sulfur product is burned in air to produce so2, which is reabsorbed by the 

cool, lean solvent from the solvent stripper to provide the so2-rich solvent stream 

used in step two. The heat of combustion is recovered in a waste-heat boiler and 

provides an energy credit for the process. 

The key to this process is the irreversible liquid-phase Claus reaction, equa

tion 1-2. This reaction, even when carried out at temperatures below 100°C, pro- . 

ceeds rapidly to completion in the presence of an appropriate homogeneous liq~id

phase catalyst (3-pyridyl carbinol was used in this study). By this reaction the 

large H2S stripping costs associated with most conventional technologies are a void

ed, and the cooled H2S-free solvent from the crystallizer can be recycled back to 

the top of the primary absorber without further processing. Because the solvent 

that is fed to the primary absorber is free of H2S, the treated gas can easily meet a 

1 -ppm-or-less outlet specification. 

Figure 1.2 shows the UCBSRP configuration for high H2S selectivity. Sour 

gas enters the primary absorber where cool, H2S-free solvent absorbs H2S from the 

gas stream. The H2S-rich solvent leaving the primary absorber is split into two 

streams. Approximately 90% of the solvent flow is sent to the so2-rich 

reactor /Crystallizer while the remaining portion of solvent flows to the H2S-rich 

settler/surge tank. An excess amount of the process solvent rich in so2 is mixed 

with the H2S-rich feed prior to the reactor/crystallizer so that this unit operates 

so2 rich. The feed pipe to the reactor /crystallizer, therefore, acts as a plug-flow 

reactor. Reaction continues in the reactor/crystallizer which is operated at very 
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near the pressure of the primary absorber and at temperature low enough to cause 

precipitation of solid sulfur. The reactor /crystallizer operates as a con tin uousl y

stirred-tank reactor (CSTR) in which crystallization is occurring. Since the excess 

amount of S02 completely depletes any H2S present in the solvent, the clarified 

H2S-free solvent from the reactor/crystallizer requires no further processing and 

can be pumped back to the primary absorber. The maximum amount of so2 that 

can be fed to the primary absorber in this solvent stream is set by the solubility 

limit of sulfur in the absorber (see reaction 1-2). 

High H2S selectivity is achieved because other absorbed gases such C02, H2 

and light hydrocarbons are not removed from this chemically-regenerated solvent 

stream which accounts for about 90% of the solvent flow in the primary absorber. 

The concentrations of these gases in the solvent recycle stream reach equilibrium 

with their gas-phase concentrations in the sour-gas feed, so very little net absorp

tion occurs. Only the small amounts of these gases that are dissolved in the solvent 

passing to the H 2S-rich settler /surge tank are actually removed from the gas 

stream. 

A sulfu.r slurry leaves the bottom of the so2-rich reactor/crystallizer and 

mixes with the remainder of the H2S-rich solvent from the primary absorber in 

ratios that maintain an H2S-rich solution in the settler /solvent surge tank. The 

solid sulfur from the settler is separated from the solvent and washed with water 

in a pusher-type centrifuge. Water and solid sulfur are separated by heating to 

above the melting point of sulfur and decanting the molten sulfur phase from the 

water phase. Clarified solvent from the H2S-rich settler/surge tank is easily 

stripped of H2S and the water of reaction in the solvent stripper, which is operat

ed at near atmospheric pressure. The water from the top of the solvent stripper is 

cleaned of its H2S content in the sour-water stripper and is used as wash water in 

the primary and S02 absorbers and in the centrifuge. The lean solvent from the 
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bottom of the solvent stripper is cooled by exchange with the stripper feed and 

then used to reabsorb S02 in the S02 scrubber. The lean solvent is also used in the 

middle section of the primary absorber to capture any so2 which might desorb 

from the solvent on the top trays of the main (lower) section of the primary ab-

sorber. The so2 for the S02 scrubber is produced by burning one-third of the 

product sulfur in the furnace. Residual C02 and H2S from the solvent stripper 

and all flash gas also are sent to the furnace. The heat of combustion is recovered 

in a waste-heat boiler which produces high-pressure steam. 

1.4 Previous Work 

Adequate process design and evaluation of the UCBSRP require studies of 

gas solubilities in a variety of promising solvents, reaction kinetics in different 

catalysts, absorber tray efficiencies, cry~tallization kinetics, and corrosion rates. 

Sciamanna (1986) performed a solvent survey and measured gas and sulfur solubili-
< 

ties in several polyglycol ether solvents. Neumann (1986) carried out a catalyst 

survey, determined the order of the catalyzed reaction, measured reaction-rate 

constants in several catalyst/solvent combinations, and developed a process simula-

tion for evaluating the many process configurations that were considered. Crean 

( 1987) studied the reaction kinetics further and investigated corrosion rates of mild 

and stainless steel in hot, wet, H2S-rich and SOrrich solvents saturated with sulfur 

at elevated temperatures. Lynn, et a/., (1987) compared the UCBSRP with a con-

ventional sulfur-recovery process for treating a recycle gas from a crude oil resid-

uum hydrotreater. The conventional technology used a SCOT tail-gas unit. They 

found that the direct fixed capital for the UCBSRP would be approximately 61% 

of that for the conventional technology and that the utility costs of the UCBSRP 

would be less than the credit for the high-pressure steam that would be produced 

in the so2 furnace. For the conventional technology the utility costs would be 
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much more than the credit for steam produced. Colson (1989) synthesized and 

evaluated a process for producing hydrogen from coal. The UCBSRP was used in 

this process to remove both H2S and C02 from the syngas stream. Stevens ( 1989) 

measured low-temperature sulfur solubilities in two different solvents and de

veloped a model which accurately predicts the crystal-size distribution and crystal

lization kinetics of sulfur formed in a bench-scale reactor/crystallizer. His crystal

lizer produced 99.8% pure sulfur crystals with a mass-average particle size of over 

200 microns. 

l.S Scope of this Work 

It is the mass-transfer characteristics in the two absorbers that are the 

subject of this work. Design of both the primary absorber and the so2 absorber· 

requires knowing the tray ~fficiencies and gas solubilities in the solvent. Absorp

tion in the so2 absorber is by physical solubility only; however, the main solvent 

feed to the primary absorber contains a small amount of so2 that reacts with the 

H2S being absorbed on the upper trays until all the S02 is depleted. Chemical 

reaction in the liquid. phase can enhance the rate of mass transfer of a gas that is 

being absorbed. The effect that the simultaneous chemical reaction has on H2S 

absorption rates, and thereby tray efficiencies, is studied both by modelling and by 

experimentation in this work: On the lower trays, all the dissolved so2 has been 

depleted and H2S absorption is strictly by physical means; therefore, physical

absorption tray efficiencies are required for this section. 

Sieve-tray efficiencies for physical absorption of H2S and S02 were deter

mined with the aid of the gas-solubility data of Sciamanna (1986). Absorption 

rates with chemical reaction were measured and compared to those for physical 

absorption. Tray-efficiency correlations from the literature were used to correlate 

the experimental data and to predict the high-pressure tray efficiencies that are 

necessary for designing the high-pressure primary absorber. The primary-absorber 
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design routine incorporates tray efficiencies, reaction on the trays, and heat and 

mass balances to design a multiple-section column. 
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List of Figures for Chapter 1 

1-1 Conventional Sulfur-Recovery Technology 

1-2 UCBSRP Configuration for High H2S Selectivity 
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2. REACTIVE-ABSORPTION THEORY 

2.1 Introduction 

The U. C. Berkeley Sulfur Recovery Process uses a solution of sulfur diox-

ide in a polyglycol ether solvent to absorb hydrogen sulfide from a sour-gas stream. 

The absorbed H2S can then react with the sulfur dioxide. The reaction 

(2-1) 

is irreversible and second-order overall (firstaorder in each of the reactants). 

If the reaction is fast enough, an enhancement to the liquid-phase mass-transfer 

coefficient can .result because the reaction depletes the concentration of the dis-

'· 

solving gas (H2S) in the liquid diffusion film at the gas-liquid interface. This 

depletion leads to a greater mass-transfer driving force at the interface than would 

occur for absorption without reaction. The increased driving force provides an 

increased mass-transfer coefficient. The improvement in absorption is generally 

characterized by an enhancement factor, ~. which is equal to the ratio of the liq-

uid-phase mass-transfer coefficient for reactive absorption to that for physical 

absorption. 

(2-3) 

The rate of absorption per unit interfacial area is found by 

(2-4) 

where kL is the liquid-phase mass-transfer coefficient for physical absorption and 
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C Ai and C Ao are the liquid-phase concentrations of A at the gas-liquid interface 

and in the bulk liquid respectively. 

Much work has been done in the area of predicting enhancement factors for 

gas absorption under various reaction regimes and reaction orders by using differ

ent mass-transfer models for gas-liquid contacting. The texts on mass transfer with 

chemical reaction by Dankwerts (1970), Astarita (1967), and Astarita, et al. (1983) 

are excellent, in-depth sources to consult on the subject of gas absorption with 

liquid-phase chemical reaction. Most of the cases that have been treated in the 

literature assume negligible gas-phase mass-transfer resistance (to the gas being 

absorbed) and a nonvolatile dissolved reactant (in the case of a second-order reac

tion). However, very little work has been devoted to studying absorption accompa

nied by reaction with a volatile dissolved reactant. For the case of reactive ab

sorption of H2S by solutions of so2, the sulfur dioxide is volatile and its desorp

tion from the solvent may have an effect on the degree of mass-transfer enhance

ment. The magnitude of this effect and the conditions under-wh-ich it will be 

important are of interest. 

2.2 Mass-Transfer Models 

Several mass-transfer models have been proposed to describe the mechanism 

of gas absorption and transport into an agitated liquid. Only two of the models, 

the film and the penetration models, will be discussed here. A comparison of these 

two models and seve.ral others is given elsewhere (Dankwerts, 1970; Glasscock and 

Rochelle, 1989). The earliest of these models is the film model (Whitman, 1923) 

which proposes that the gas diffuses through a stagnant liquid film of thickness 8 

before the gas passes into a well-mixed bulk liquid of uniform concentration. This 

steady-state model is very simplistic, but easily solved, and it often gives good 

results. For physical absorption the liquid-phase mass-transfer coefficient is given 

by the ratio of the liquid-phase molecular diffusivity to the film thickness 
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The penetration model (Higbie, 1935) is an unsteadyastate model in which 

mass transfer occurs by the gas diffusing into small packets of stagnant liquid 

which are brought to the surface from the bulk solution by turbulence. All the 

packets are assumed to have the same residence time, t, at the surface. During this 

time the gas is transported into the liquid by molecular diffusion before turbu· 

lence mixes the packet back into the bulk liquid. The concentration of the dis

solved gas at the gasaliquid interface is assumed to be in equilibrium with the gas 

composition at the interface. The initial concentrations of all species in the packet 

of liquid are at their bulk concentrations, and the contact time before remixing 

into the bulk is short enough that the concentrations deep in the packet remain at 

their bulk values. Therefore, the depth of the packet of liquid is considered to be 

semi-infinite. The analytical solution of the penetration model for physical ab· 

sorption (Dankwerts, 1970) gives the average liquid-phase mass-transfer coefficient 

as 

(2-2) 

The penetration model, although still very simple, is more realistic than the film 

model. Glasscock and Rochelle (1989) point out that the experimentally deter

mined dependency of the mass-transfer coefficient on molecular diffusivity (diffu

sivity to the 0.5 to 0.75 power) is more closely predicted by the penetration model 

(diffusivity to the one-half power) than by the film model (diffusivity to the first 

power). 

2.3 Enhancement with a Nonvolatile Reactant 

Before analyzing the effects on mass transfer of having a volatile dissolved 

reactant and a significant gas-phase mass-transfer resistance, a few general results 
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for first-order, pseudo-first-order, and second-order reactions with a nonvolatile 

reactant will be presented (Dankwerts, 1970). In this discussion the gas-phase 

mass-transfer resistance to absorption of the gas is assumed to be negligible. These 

results will aid in analyzing the results of the volatile-reactant case. For a gas 

(component A) which is absorbed and undergoes an irreversible, first-order (or 

pseudo-first-order) reaction the rate is 

(2-7) 

where k 1 is the first-order rate constant (or pseudo-first-order rate constant) and 

CA is the local concentration of component A. If the bulk concentration of dis

solved A is zero, the film-model prediction for mass-transfer enhancement is 

~ • v'M/[tanh\IM] (2-8) 

where M=k 1 DLA/k~A' The parameter M is a measure of the amount of gas which 

reacts in the diffusion film relative to the amount of unreacted gas which diffuses 

into the bulk liquid. When v'M >> 1 (i.e .. for fast reactions occurring predominate

ly in the film) the enhancement is equal to v'M. This result is the same as that 

obtained from the penetration model for fast, irreversible, first-order and pseudo

first-order reactions, with M defined for the penetration model as M=(11/4)k 1 t. 

For an irreversible, second-order reaction between an absorbed gas (compo

nent A) and a nonvolatile dissolved reactant (component B) 

A + 11B ---> P (2-9) 

the local rate of reaction is 

(2-10) 

For the case of an instantaneous reaction and equal diffusivities, both the film and the 
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penetration models predict that the enhancement factor will be given by 

~a ~ 1 + r q I v (r=l) 

where r=DLB/ DLA and q=CB0 /C Ae· The concentration of B in the bulk liquid is 

CBo• and the concentration of A at the interface is C Ae and is in equilibrium with 

the bulk-gas partial pressure of A. For an instantaneous reaction, components A 

and B cannot coexist, and the instantaneous-reaction enhancement ~a is established 

by the rate of molecular diffusion of A into the liquid toward the reaction zone 

with B. Component B is fed to the reaction zone from the opposite direction by 

molecular diffusion of B from deep in the liquid. 

Although equation 2-11 holds for the film model when the diffusivities are 

not equal, for, the penetration model the relationship when the diffusivities are 

unequal can be approximated (Dankwerts, .1970) by 

~a ~(I + r q /v)/-/r ( rf: 1) (2-12) 

For the case when the reaction is not instantaneous, there is no analytical 

solution, and approximations or numerical solutions must be used. For the film 

model the well-known approximation by van Krevelen and Hoftijzer ( 1948) should 

be consulted, but since the present study is concerned with the penetration theory, 

only the approximation by Brian, eta/. (1961) for the penetration-model solution 

will be given 

(2-13) 

When ~a is large and~ is much less !han ~a• equation 2-13 reduces to the solution for 

a first-order reaction, equation 2-8. Under these conditions, very little of the dis

solved reactant is depleted and the reaction can be considered as pseudo-first-order 
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where k 1 =k2C80. However, as VM becomes very large, the enhancement approach

es asymptotically the enhancement for an instantaneous, irreversible, second-order 

reaction, ~a· 

Equation 2-13 is accurate to within about 8% when r is equal to one. The 

accuracy improves as r increases above one and suffers as r decreases below one. 

However, better accuracy is desired for comparing enhancement factors for the 

case of a volatile dissolved reactant to the case for a nonvolatile reactant. To 

achieve greater accuracy, the partial differential equations which describe the 

penetration model for gas absorption with irreversible, second-order reaction will 

be solved numerically. 

2.4 Past Work on Reactive-Absorption with Volatile Reactants 

Pangarkar (1974) and later Shaikh and Varma ( 1984) used similar film

model analyses to study the effect of a volatile dissolved reactan't on mass-transfer 

enhancement factors for absorption with irreversible, second-order chemical reac

tion. In both studies, a linear concentration profile for the dissolved reactant (B) 

in the film was assumed. The resulting differential equation, for the absorbed gas 

(A), which describes steady-state absorption and chemical reaction was converted 

to a Bessel's equation and solved. The enhancement factor was then calculated in a 

straightforward manner. Shaikh and Varma concluded from their analysis that 

the volatility can be very detrimental to mass-transfer enhancement, but its effect 

becomes less significant in both the slow- and the instantaneous-reaction regimes. 

Hikita, et a/. (1979) used a different approach to solve the nonlinear differ

ential equations derived from the film model. Their method was to assume a 

linear concentration profile of the dissolved gas (A) in the film and then to linear

ize the resulting differential equation. This equation was then easily solved 

analytically to provide the information necessary for determining the enhancement 
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factor by a set of easy-to-use algebraic equations. This approximate solution was 

checked by solving the nonlinear differential equations by a numerical technique. 

A comparison of the results showed a maximum deviation from the numerical 

solution of only 7%. The approximate solution overpredicted enhancement factors 

at low M and under predicted enhancements at high M. The results, which follow, 

of this study's numerical solution to the penetration-model analysis of gas absorp-

tion and chemical reaction with a volatile reactant will be compared to the approx-

imate solution of Hikita, et al. 

2.5 Numerical Solution to Penetration Theory 

A. Method 

For an irreversible, second-order reaction between an absorbed gas (A) and 

a dissolved reactant (B) as in equations 2-9 and 2-10, the differential equations 

based on the penetration model for diffusion and reaction in a semi-infinite stag-
' < 

nant liquid are written in dimensionless form for each component. 

where 

a2A 

az2 

a2a 
r q 

az2 

A • CA/CAe 

B ·Ca!Cao 

-

- q 

r • DLa/DLA 

q ... Cao/CAe 

a A 

a8 

a a 

ae 

z = v'I k2 Cao/DLA 1 x 

fJ = k2 Cao t 

-

.. 
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AB 

vAB 

(2-14) 

(2-15) 



"t 

M = (r/4) 8 (penetration theory) 

The initial conditions are 

at 8 = 0, A = 0 for 0 ~ Z ~ oo 
(2-16) 

B • 1 for 0 ~ Z ~ oo 

For the case of a nonvolatile dissolved reactant and the absence of gas-phase mass-

transfer resistance to the gas being absorbed, the boundary conditions are 

for 8 > 0, 

A • I and aa;az = 0 at Z = 0, 
(2-17) 

A= 0 and B .. I at Z = oo 

The interfacial liquid-phase concentration of A is assumed to be in equilibrium 

with its bulk gas-phase concentration (C Ai=C Ae) at all times greater than zero. 

When component B is nonvolatile, the concentration gradient (aCa/ax) at the inter-

face is zero. 

If component B is volatile and the gas-phase mass-transfer resistances for 

both components are not negligible, the boundary conditions must be modified so 
' 

that the mass flux of each component in the gas phase is equal to its liquid-phase 

flux measured right at the gas-liquid interface. The gas-phase mass flux was 
' 

determined by diffusion through a gas-phase film at the interface ( Flux= k8(p
0

-pi) ). 

The liquid-phase mass flux at the interface was determined by Fick's law 

( Flux • -DL(ac;ax)x=o ). The interfacial liquid-phase concentration of both compo

nents A and B are assumed to be in equilibrium with their interfacial gas-phase 

concentrations for all times greater than zero. The dimensionless equations which 

describe these conditions are 

for 8 > 0, 

(2-18) 
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where A·= CA·/CA 1 1 e 

B· = CB·/CB 1 1 0 

Be= CBe/CBo 

1A .. kgA HA/{ DLA v'£ k2 CBo/DLA 1} 

1B .. kgB HB/{ DLB y'[ k2 CBo/ DLA 1 } 

(2-19) 

The subscript 'i' indicates the concentration at the interface, 'o' indicates bulk 

concentrations, and 'e' indicates the liquid concentration that would be in equilib-

rium with the bulk gas composition according to Henry's Law (PAo = HA CAe). 

The solution of equations 2-14 and 2-15 followed the procedure used by 

Brian eta/. (1961) in which they converted these equations into implicit finite-

difference equations of the Crank-Nicholson form, linearized them, and then 

solved the equations numerically. A few modifications were needed to handle the 

different boundary conditions that were used in this study. These modifications 

required that the solution at each time step be found by adjusting the interfacial 

c?ncentrations Ai and Bi until equations 2-18 and 2-19 were satisfied. The finite

difference equations and a detailed description of their solution on a personal 

computer are given in Appendix A. 

The goal in solving for A and B as functions of 8 and Z is to determine the 

enhancement factor at various values for r, q, 1A• 1B• Be, and 8. Generally the 

enhancement factor is defined, as in equation 2-3, as the ratio of the liquid-phase 

mass-transfer coefficient for reactive absorption to the liquid-phase mass-transfer 

coefficient for physical absorption. The mass-transfer coefficients are based on 

the average rate of absorption for a given contact time. A numerically equivalent 

procedure would be to calculate q, by the ratio of the total amount of component A 

that has been reactively absorbed since time zero (Qrxn) to the amount that would 
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be physically absorbed during that same contact time (Qphys> 

(2-20) 

There is an analytical solution to Qphys for the case of negligible gas-phase mass

transfer resistance; however, if the gas-phase resistance is not negligible, Qphys 

must be solved for numerically. The partial differential equations which describe 

physical absorption of component A for the penetration model were made dimen-

sionless by using the same dimensionless variables as were used for reactive absorp-

tion (equation 2-3). 

a2A 8A 
--- --- 0 
az2 ae 

(2-21) 

The same initial conditions and boundary conditions (equations 2-16 and 2-17) that 

were used in the reactive-absorption case for component A apply here. Equadon 

2-21 was written as an implicit finite-difference equation and solved numerically 

by the procedure which is discussed in detail in Apvendix A. 

Once the concentration profiles for component A are solved as functions of 

contact time for the reactive absorption and physical absorption cases, Qrxn and 

Qphys can be calculated by integrating their respective instantaneous absorption 

rates over the contact time. The instantaneous absorption rate is determined by 

Fick's Law for diffusion at the interface. For both cases the amount of gas ab-

sorbed was calculated by using the dimensionless mass-transfer driving force at the 

liquid interface, (8A/8Z)z=o· 

Q• ___ c_A_e ____ J 9 
a A 

vl k2 Caol DLA 1 o az 
d9 (2-22) 

Z=O 

The integrations were performed numerically by using Simpson's Rule. 
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B. Results 

The results of the penetration-model solution for gas absorption accompa

nied by an irreversible, second-order reaction with a nonvolatile dissolved reactant 

are shown in Figure 2-1, which depicts the relationship between enhancement and 

v'M for different cases of tPa· Also shown as a dashed line is the solution for the 

case of a pseudo-first-order reaction. When the reaction is slow or the contact time 

is very short, i.e. v'M<<l, very little reaction occurs in the diffusion layer and the 

mass-transfer enhancement is negligible. If the reaction is faster and/or the con

tact time is longer ( v'M> 1), the portion of reaction which occurs in the diffusion 

layer before the liquid mixes back into the bulk liquid becomes significant, and 

the mass-transfer is enhanced. As long as v'M remains below approximately ¢a/3, 

the enhancement factor falls along the solution for a pseudo-first-order reaction. 

Above this point, the reaction begins to deplete the concentration of dissolved 

reactant in the diffusion layer (at very large values of v'M); the mass-transfer 

enhancement then levels off and approaches the asymptotic limit for an instanta

neous, irreversible, second-order reaction, tPa· In this plateau region the rate of 

absorption is controlled by diffusion of A into a stagnant liquid, since B is absent 

from the liquid near the interface. 

When dissolved reactant B is both volatile and absent from the gas phase 

(Be=O), the mass-transfer enhancement is adversely affected. As is shown in Figure 

2-2, the enhancement falls off from that for the nonvolatile case as the volatility 

parameter, 18• increases. Increases in 1s can result from reduced gas-phase mass

transfer resistance (larger kgs>• reduced solubility of the dissolved reactant (larger 

H8 ), or lower liquid-phase molecular diffusivity of B (lower DLa>· Less gas~phase 

mass-transfer resistance and reduced ·reactant solubility both facilitate the desorp

tion of the dissolved reactant from the liquid. As B is lost from the liquid near 
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the interface, the local reaction rate is reduced, less A is consumed by reaction, 

and a corresponding drop in the enhancement results. A lower diffusivity of B 

will further reduce the enhancement by hindering the resupply of dissolved react

ant from the bulk liquid towards the interfacial region. The units of both the 

numerator and the denominator of 18 are cm/s. The numerator might thus be 

considered as a velocity of reactant desorption and the denominator as a velocity 

of reactant resupply. 

Figure 2-3 shows the relationship between volatility and enhancement at 

various values of q,a and M. For equal diffusivities (r=-1), q,a is dependent on only 

q, the ratio of the concentration of dissolved B in the bulk to the concentration of 

A that would be in equilibrium with the bulk-gas composition. For larger q,a• there 

is proportionally more B near the interface to desorb, and therefore the volatility 

is more detrimental to enhancement. As Shaikh and Varma (1984) found, the 

enhancement is less sensitive to reactant volatility at ·both very low and very high 

~alues of .;M. By the penetration model, M is a function of reaction-rate constant 

and contact time. At low v'M. either the reaction is too slow to cause any appre

ciable reduction in A no matter what the concentration of B, or the contact time is 

too short to allow much B to desorb. At very high .;M, the reaction may be so' 

fast that very little B can diffuse to the interface to desorb before being consumed 

by reaction, or the contact time is very long and gives ample opportunity for B to 

diffuse from the bulk liquid toward the interface to resupply any loss due to 

desorption. 

Figure 2-4 shows the effect on enhancement of the presence of B in the 

bulk gas. The dimensionless parameter Be in the figure is the ratio of the concen

tration of B that would be in equilibrium with the bulk-gas composition to the 

concentration of B dissolved in the bulk liquid. When no B is present in the bulk 

gas (Be=O), the enhancement is adversely affected for the reasons discussed above. 
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As the amount of B in the bulk gas increases, the enhancement, although reduced 

in comparison to the nonvolatile case at lower v'M. eventually exceeds the eno 

hancement for nonvolatile B at higher v'M. The reason for the improved enhance~ 

ment can be understood by comparing the concentration profiles (Figures 2-5a and 

2~5b) at various values of 8, the dimensionless contact time (8=11'M/4). At early 

contact times (8=3, v'M=1.5), the concentration profile of B at the interface is such 

that B can desorb. Less B in the liquid near the interface prevents the full mass

transfer-enhancing effect caused by reaction, and the enhancement is reduced. At 

the longer contact times (8=50, 150, and 750, or v'M•6.3, 10.9, 24.3), the slope in the 

concentration profile of B at the interface has changed signs, and the driving force 

for mass-transfer is such that B (as well as A) is absorbed by the liquid. This 

replenishment of B from the bulk gas keeps the local concentration of B higher at 

the interface than would be the case if B were nonvolatile and were only resup

plied by diffusion from the bulk liquid. A higher local concentration of B in the 

liquid at the interface maintains higher local reaction rates and improves--the 

enhancement. As Be approaches 1.0, the enhancement approaches that obtained for 

a pseudo-first-or~er reaction (<P=v'M for v'M>5). For Be greater than one, the 

enhancement would exceed that for a pseudo-first-order reaction. 

The effect of gas-side mass-transfer resistance to absorption of A on en

hancement is shown in Figure 2-6. The cases shown are for a nonvolatile dissolved 

reactant ha=-0). The dashed enhancement curves (see eqn. 2-20) are based on 

physical absorption of A with the same gas-side mass-transfer resistance to absorp

tion of A as for reactive absorption. The dotted-dashed curves are based on physi

cal absorption without gas-side resistance to absorption of A. As expected, the 

enhancement is hindered as the gas-phase massotransfer resistance increases (small

er 1A) from the case of no resistance (1A ,..oo). At low values of M the enhance

ment curves for the same values of 1A are quite different, but as the contact time 
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increases (larger M) the curves approach each other. At very long contact times, 

full enhancement, compared to reactive absorption with no resistance (solid curve), 

may be achieved. 

The minimum enhancement factor for the dashed curves is unity because 

the rates of reactive absorption and physical absorption are calculated using the 

same gas-side resistance, and therefore the amount of A reactively absorbed can 

never be less than the amount that would be physically absorbed. For the dotted

dashed curves the amount of A that is reactively absorbed in the presence of sig

nificant gas-side resistance is compared to the amount of A that would be physical

ly absorbed if there were no gas-side resistance. In this case, at early contact 

times, the gas-side resistance prevents the rate of reactive absorption from being as 

great as that for physical absorption, and the enhancement factors which result 

will be less than one. 

If the gas-side mass-transfer resistance to absorption of A is appreciable, the resist

ance will prevent the concentration of A at the interface from achieving equilibrium with 

the gas (A=l) as would be achieved instantly for the case of no gas-side resistance. 

Because the interfacial concentration is initially much lower than the equilibrium concen

tration (A<<l), the rate of absorption is much less than that for the case of no gas-side 

resistance at the same contact time. The mass-transfer enhancement is, therefore, much 

lower compared to the enhancement for no gas-side resistance. The low enhancement 

which results from this situation, however, is eventually recovered at long contact 

times. 

In nonsteady-state absorption the rate of absorption always decreases with 

time as the concentration of the absorbing gas in the liquid near the interface 

increases since the concentration gradient of A in the liquid is reduced. The lower 

concentration gradient provides an increase in the liquid-side resistance to diffu

sion of A into the liquid. With a decreasing rate of absorption of A caused by an 
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increasing liquid-side resistance, the gas-side resistance to absorption of A becomes 

less significant and the interfacial concentration of A slowly increases towards 

equilibrium with the bulk gas. As the contact time increases, the rate of absorp

tion for the case with an initially significant gas-side resistance approaches the 

rate of absorption without any gas-side resistance. Eventually, most of the dis

solved B near the interface has been depleted by reaction with A. The rate of 

absorption of A then becomes controlled by the rates of molecular diffusion of A 

and B toward the reaction zone, with A diffusing from the surface and B diffus

ing from deep in the liquid. When this situation occurs, the enhancement has 

reached its maximum value, if1a· Because the initial rate of absorption of A is 

higher· when there is no gas-side ·~esistance to absorption of A, if1a is reached sooner. 

In Figure 2-7 the solution of Hikita, et a/., (1979) is compared to the results 

of the present study for a case in which the ratio of the diffusivities, r, is equal to 

one. The agreement is quite good (within 6%) over the range shown. The curve 

generated for the nonvolatile-reactant case by the present study lies above the 

Hikita curve over most of its range. In Figure 2-1 the curves of the present study 

lie slightly above the curve, obtained from equation 2-8, for a pseudo-first-order 

reaction. It is concluded that the present study is slightly over-predicting en

hancement factors at lower values of M The good agreement between the present 

study and that of Hikita, eta/., and the ease of computation of their solution 

indicate that the Hikita solution should be used when the ratio of the diffusivities 

(r) is very near one. 

If the ratio of the diffusivities is not near one, the two solutions would 

diverge since the mass-transfer rates of the two models are based on different 

dependencies on diffusivity. Figure 2-8 shows the divergence between the two 

models when r is equal to 0.5 and q is equal to 10. The solid lines represent the 

penetration-model solution by this study. By equation 2-12, the limiting enhance-
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ment, 4>a• is approximately 8.5. The dashed line represents the solution of Hikita 

for the film model, and for the same r and q the limiting enhancement is 6.0 by 

equation 2-11. It can be seen that the film model solution greatly underestimates 

the enhancements that are predicted by the penetration model for the same values 

of r and q. If, however, the film-model is solved for the case where 4>a is the same 

as that for the penetration model, much better agreement between the two models 

at the higher values of .jM is achieved (dotted-dashed line). If gas-side mass

transfer resistance to the absorbed gas is important, or if concentration profiles of 

A and B are desired at any contact time, the penetration model solution by the 

present study should be used. 

C. Enhancement of H 2s absorption by solutions of S02 

To determine the mass-transfer enhancement fo·r H2s absorption by solu

tions of so2 in the primary absorber of the UCBSRP, it is necessary to estimate 

the values of r, q, M, 1A• !a_,_ and Be. The pressure of the primary absorber will be 

about 2500 kPa, and the temperature will average about 40°C. The value of r can 

be estimated by using the Wilke-Chang correlation for molecular diffusivity in 

liquids, (Sherwood, et a/., 1975). To estimate q, concentrations on the trays must be 

estimated. It is on the upper trays of the lower section of the primary absorber 

where most of the reactive absorption of H2S occurs. On these trays the concentra

tion of dissolved so2 in the solvent is at its highest, approximately 0.00035 m.f.; 

and the concentration of H2S in the gas is at its lowest, approximately I 0 ppm. 

The value of q is, therefore, maximized here. On these upper trays the concentra

tion of so2 in the gas will also be at its highest and will be nearly in equilibrium 

with its liquid-phase concentration. The contact time of the gas with the liquid on 

a sieve tray of the primary absorber will be used as the exposure time of the liquid 

to the gas for the penetration model, although this exposure time is probably great

ly overestimated. Gas solubilities were calculated by the correlations of Sciamanna 

27 



(1986). The gas-phase mass-transfer coefficients and gas contact time were esti

mated by the correlations of Chan and Fair ( 1984), and an assumed value of the 

interfacial area per unit volume of 3 cm2 /cm3 was used. The second-order reac

tion-rate constant was estimated to be 100 liters/mole-s. Table 2.1 lists the estimat

ed values of the parameters which affect enhancement. 

The results of the penetration-model solution for the conditions of Table 2.1 

is shown in Figure 2-9. At the estimated value of M equal to 0.3, the predicted 

enhancement is less than three percent and will be neglected. Because the value of 

q is very high compared to the small value of M, the reaction occurs in the pseudo

first-order regime. The effect of gas-side mass-transfer resistance and the volatili

ty of so2 does not have any effect on mass-transfer enhancement of H2S absorp

tion at such small values of M. 
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Table 2.1: Parameters Affecting Enhancement of H 2S Absorption 

Press. = 2500 kPa 

A ""'H2S B = so2 

DLA = 1.43£-5 cm2 /s DLB = 1.18£-5 cm2;s 

HA = 1.35£+3 kPa cm3 /mol Ha = 1.10£+2 kPa cm3 ;mol 

kg A ... 9.3E-7 mol/kPa-cm2-s kgB = 8.3E-7 mol/kPa-cm2-s 

PA ""'2.5E-2 kPa Bo = 2.9E-6 mol/cm3 

tv ... 0.44 s 

Dimensionless Parameters 

r • 0.83 q = 18 

II = 0.5 1Pa !:::! 34 

"fA ·= 62 "~a .= 5.4 

M • 0.3 Be ,.. 0.99 
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Figure 2- 3: Effect of Volatility on Enhancement 

at Various rtJa 
3.0 I I I I I I I I I I I I I I I I I I I I 

2.5 

2.0 

1.5 

'P a= 1 + r q ; ( r= 1 ) 

'YA= co 

1 8= 100 

1.0 I I I I I I I I I I I I I I I I I I I I 

0.5 1.0 10.0 

v'M 



' \ 

' \ 0 . 
0 

' \ II 
or- \ CDGJ 

' 10 •ci 
' . " \ 
'0 

' ' \ 
' 

' ' ' \ 
0 ' c: • ' ' ' \ 

0 L.. ~ 

0 II ' ' \ 0 . 
~ +J Q) . 0 u I'D ' ' \ -""C 0 

' ' \ c LL. 
0 +J \ \ ~ c: 
Q) Q) \ \ ? CD E ' \ \ '+- Q) 

0 ' (J ' \ \ 
+J c: ' (J c 
Q) ..c: Q) 

'+- c en '+- c w w u 
Q) 

:;:; . . 0 
~ 0 

I > c 0 0 0 
N ~ 0 0 0 . 

~ c - - ...... 
Q) II II II L.. 
:::::J 0 ~< m 
~ s. ~ 

L... L() . 
0 0 0 

L() -N ...... 

34 



w 
VI 

Figure 2-Sa: Effect of ContactTime. 8. on 
Concentration Profiles of Component 8 

1.0 

. 0.8 

0.6 

B 
0.4 

0.2+ 

I 
0.0 

0 
,...._ 

• ••• • • • • • • • • • • • • ~-,:..·: -~· r ~- r....., ·~ r "\K. • ~ • ~ • ~ • ~ • ~ •....., •.,.. •-..... •-..... •-..:. • ~ •.,......... ................ . . ..,.. ' . / ..,. 
• • • • • 

. 

/ 

I 

I / 

I I 
I I 

/ 

/ 

/ 

25 50 

z 

rp = 6 a 
Be= 0.5 

·---- 8 = 3 
-.-8 =50 
- -8 = 150 
-8 = 750 

75 100 



Figure 2-Sb: Concentration Profiles of Component 
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3. TRAY-EFFICIENCY THEORY 

3.1 Introduction 

When designing an absorber, one needs to know the average tray efficiency 

to calculate the number of trays required to achieve a desired separation. Chemi

cal engineers work with several types of efficiencies: overall column efficiency, 

the Murphree liquid and vapor tray efficiencies, and the point efficiency, Point 

efficiency is the efficiency of mass transfer at a location on the tray with an area 

small enough that the liquid contacting the gas at that location can be assumed to 

have uniform composition. Point efficiencies are extremely difficult to measure, 

but there are procedures, as will be discussed in section 3.2, for estimating thei'r 

values. Point efficiencies are very useful because they can be used to calculate 

efficiencies for the entire tray. The Murphree tray efficiencies are efficiencies 

for the whole tray and are based on either the liquid-phase or gas-phase composi

tions .. In general, tray efficiency is a complex function of gas and liquid flow, 

tray geometry, gas solubility, and fluid properties such as viscosity and density; 

however, the Murphree tray efficiency is fairly easy to measure as it requires only 

measuring the bulk compositions of the gas and liquid. By knowing the tray effi

ciency, the overall column efficiency can be calculated. Dividing the number of 

equilibrium stages required to meet an exit-gas specification by the overall column 

efficiency gives the number of actual trays that is necessary to achieve this separa

tion. 

If equipment, manpower, money, and time are available, one may choose to 

measure the tray and column efficiencies and then use the results to design a 

column. Often, it is more cost- and time-effective to estimate the efficiencies by 

procedures that have been shown to be reliable for the system and conditions of 

interest. In this study, Murphree vapor sieve-tray efficiencies will be measured for 

physical absorption of H2S and so2 by diethylene glycol methyl ether (DGM) at 
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nearaatmospheric pressure and moderate temperatures. Because the absorption 

apparatus cannot withstand very high pressures, a trayaefficiency model which 

accurately predicts the measured low-pressure efficiencies will be used to estimate 

tray efficiencies necessary for designing the high-pressure primary absorber of the 

UCBSRP. 

3.2 TrayeEffic:ienc:y Models 

One of the most readily available and widely used procedures for estimating 

tray efficiencies is the procedure developed in the late 1950's by the American 

Institute of Chemical Engineers (AIChE). A concise summary of the AIChE tray 

design method is given in King ( 1980). This procedure uses mass-transfer c.orrela-

tions first to predict the point efficiency and then to convert the point efficiency 

to a Murphree tray efficiency. The basic procedure, wi~hout· presenting the AIChE 

correlations, is g_iven below. 

Point efficiency, Eov• is defined as 

• Eov • ( Yin • Y ) I ( Yin • Y ) (3-la) 

• where Y • m xloc (3-1 b) 

The inlet and outlet gas compositions to and from the element of solvent are Yin 

and y respectively; y• is the gas composition that would be in equilibrium with 

xloc• the uniform composition of the solvent at the location of interest. The slope 

of the equilibrium line is m. A more useful equation for estimating the point 

efficiency has been derived by analyzing the mass;.transfer process by using the 

addition-ofaresistances theory along with the assumption that the gas moves 

upward, in plug flow, through a well-mixed liquid. The results of the derivation 

are 
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E0 v = 1 - exp( -N0 v } 

where N0 v is the number of mass-transfer units based on the overall gas-phase 

mass-transfer driving force. The overall number of transfer units is related to 

number of transfer units based on the mass-transfer driving forces of the ind.ivid-

ual phases by 

where 

~ • ( m V )/L 

(3-3) 

(3-4) 

(3-5) 

(3-6) 

If the individual gas- and liquid-phase mass-transfer coefficients, kvai and 

kLai, and their respective contact times, tv and tL, are known or can be estimated 

reasonably by correlations, the number of gas- and liquid-phase ~~ss-transfer 

units, Nv and NL, can be determined. The interfacial area per unit volume, ai, is 

assumed to be the same for each phase. To calculate N0 v by equation 3-3, one 

needs to know ~. the ratio of the slope of the equilibrium line, m, to the slope of 

the operating line, L/V. The point efficiency is then calculated by equation 3-2. 

It still remains to convert the point efficiency to a Murphree tray efficiency. 

Murphree vapor tray efficiency, Emv• as defined by equations 3-7a and b 

below, is a measure of how close the change in gas composition across a tray 

approaches the composition change that would occur if the gas were to leave the 

tray in equilibrium with the liquid exiting the tray. The gas streams above and 

below the tray are assumed to be perfectly mixed. 

• ( Yin - Yout ) I ( Yin • Y ) (3-7a) 

where • Y = m Xout (3-7b) 
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• The equilibrium backpressure of the absorbed gas, y , for the Murphree 

vapor tray efficiency is based on the concentration of dissolved gas in the solvent 

at the tray outlet, xout• whereas the point efficiency is based on local solvent 

concentration, xloc• which may be changing as the solvent flows across the tray. 

By using an eddy-diffusion model for crosscurrent flow to describe liquid mixing 

on the tray, and by _assuming that the inlet gas is perfectly mixed, the two effi~ 

ciencies can be related to each other through ~ and the dimensionless Peclet 

number, Pe, (King, 1980). 

I - e·(1J+Pe) e'l - 1 .. + (3-8) 
('7+Pe)[l + (1J+Pe)/'1] '7 [1 + 11/(17+Pe)] 

where 
Pe 

'7 • ([ 1 + 4 >. E0 v/Pe] 1/2- 1 ) 
2 

(3-9) 

and 
2 

Pe • ZL I ( De tL ) (3-10) 

The length of the· liquid flow path, ZL, is the distance between the inlet and outlet 

weirs on the tray. The eddy diffusivity, De, must be measured experimentally or 

be calculated from correlations. 

Two limiting regimes are encountered. For complete mixing of the solvent 

on the tray, corresponding to Pe equal to zero, Emv is equal to Eov· When the 

solvent flows across the tray in plug flow, corresponding toPe equal to infinity, 

the maximum improvement of Emv over E
0

v is obtained, and equation 3-8 reduces 

to 

(3-11) 

The accuracy of this efficiency-prediction procedure depends on how good 
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the mass-transfer correlations are for the system of interest. Chan and Fair (1984) 

have outlined much of the recent work done to improve the original correlations 

that were presented in the AIChE report. By using the best correlations from the 

literature in addition to developing their own mass-transfer correlation for kvai, 

they were able to improve greatly the accuracy of their efficiency predictions over 

the predictions by the AIChE model. Their model was tested on a data sample of 

143 binary-system distillation tray efficiencies collected on a variety of commer-

cial-scale sieve trays at pressures that ranged from about 13 kPa to 2800 kPa. The 

average absolute deviation for the Chan and Fair model was 6.3% as compared to 

22.9% for the AIChE model. The correlations that are recommended by Chan and Fair are present 

tions are given in the nomenclature at the end of this chapter. 

The average liquid residence time 

requires a value for the height of clear liquid hold-up on the tray, hL, 

where 
~e • exp{ -12.55 K~·91 } 

C = 0.0327 + 0.0286 exp{ -1.378 hw } 

Ks = Ua [ Pv I ( PL - Pv ) ]1/2 

The liquid-phase mass-transfer coefficient (s- 1) is obtained by 

where 

(3-12) 

(3-13) 

(3-14) 

( 3-15) 

( 3-16) 

(3-1 7) 

(3-18) 

Fva is the active area F-factor, and DL is the liquid-phase molecular diffusivity. 

The gas velocity, Ua, is based on the active area of the tray, and ~e is the effective 
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relative froth density, which is equal to the liquid hold-up height divided by the 

average froth height. 

The average gas-phase contact time, tv• is based on the gas rising in pi ug 

flow through a froth 

(3-19) 

To develop their correlation for kvai (s- 1), Chan and Fair backed out values 

for kvai from their data bank of tray efficiencies, and then used computer rou

tines to fit various combinations of variables to the data. The expected theoretical 

dependence of kvai on these variables was used in deciding which combinations to 

try. The best fit gave the following relationship in terms of the gas-phase molecu

lar diffusivity, Dv• the fractional approach of the gas velocity to flooding, f, and 

the height of clear liquid on the tray. 

(3-20) 

where 

(3-21) 

Because the Chan and Fair kvai correlation was fit to the mass-transfer 

coefficients that were calculated from the same data bank that was used to com

pare their model to the AIChE model, it is no surprise that their model would 

perform better than the AIChE model. However, because the data bank contained 

efficiencies for such a wide variety of systems, operating conditions, and tray 

designs, it is felt that the Chan and Fair model is superior. 

For the present study the gas and liquid molecular diffusivities will be 

estimated by the Wilke-Chang equation for DL and the equation of Fuller, Schet

tler and Giddings for Dv, (Sherwood, et a/., 1975). The point efficiency can now 

be calculated by equation 3-2 after obtaining N
0

v from equation 3-3. To convert 
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E0 v to Emv by equation 3-8, Chan and Fair recommend the following correlation 

for De, which is needed to calculate the Peclet number. 

(3-22) 

In interpreting the work presented below, the accuracy of the Chan and Fair model for pre 

will be checked by determining the Murphree vapor tray efficiencies for these 

systems. To calculate Emv by equation 3-7a, one needs to know the inlet and 

outlet gas compositions, Yin and y out respectively, the concentration of gas dis

solved in the solvent leaving the tray, xout• and the equilibrium relationship, m, 

for the gas solubility in the solvent. The gas and liquid compositions were deter-

mined during operation of the absorber apparatus described in Chapter 4. The 

equilibrium relationships have been expressed as Henry's Law correlations for H2S 

and S02 in DGM by Sciamanna (1986). These correlations will be discussed in 

Chapter 5. 

3.3 Tray Efficiency for Absorption with Chemical Reaction 

If absorption with chemical reaction is occurring, the liquid-phase mass-

transfer coefficient may increase relative to the coefficient for strictly physical 

absorption due to the reaction depleting the concentration of the absorbed gas near 

the gas-liquid interface. To obtain this enhancement, a significant portion of the 

reaction must occur in the liquid diffusion film near the gas-liquid interface 

rather than in the bulk solvent. This case corresponds to the square root of the 

Hatta number, M = k2 CBo DL/kL, being of the order one or larger (Dankwerts, 

1970). When this is the case, kLai should be multiplied by an enhancement factor, 

4> ~ I, to obtain the liquid-phase mass-transfer coefficient for reactive absorption, 

• kL ai, which is then used in equation 3-5 to obtain NL. 

(3-23) 
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To find 4>, an appropriate mass-transfer model, such as the film model, Higbie 

penetration model or the Dankwerts surface-renewal model, must be chosen. The 

reaction regime (slow, fast, or instantaneous), the order of the reaction, and the 

reaction equilibrium (reversible or irreversible) must be determined. Then, as 

discussed in Chapter 2, a value for the enhancement factor may be obtained from 

one of the well-known solutions to the ~ifferential equations that describe absorp-

tion with chemical reaction under these models. 

If the tray is well-mixed (Pe • 0) the calculation of Emv is straightforward. 

However, a more rigorous treatment (Pohorecki, 1983 a, b, c) is required when the 

enhancement factor is a function of one or more of the reactant concentrations 

and these concentrations vary along the liquid-flow path on the tray. In this case 

the point efficie'ncy will vary with concentration across the tray and will compli-

cate the calculation of Emv· Pohorecki used the film model to analyze the effect 

of slow and fast irreversible first-order and pseudo-first-order reactions on the 

Murphree vapor tray efficiency. A numerical solution of the differential equation 

that describes diffusion and reaction in crosscurrent flow provided the concentra-

tion profile of the bulk concentration of the dissolved reactant with position across 

the tray. This solution provided a profile of point efficiency with position on the 

tray which was integrated across the tray to give Emv· 

One of the assumptions Pohorecki made which greatly simplified the point 

* efficiency equation was that the equilibrium backpressure of the absorbed gas (y ) 

was zero. This is a good assumption for very fast reactions in which most of the 

absorbed gas reacts in the film and never makes it to the bulk solvent. For slow 

reactions very little reaction occurs in the diffusion film. Most of the absorbed 

• gas passes into the bulk liquid where; it reacts, and y should properly reflect the 

actual concentration of absorbed gas in the bulk liquid. This presents a problem if 

one desires to determine tmv since it would require an in situ method of measuring 
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the concentration of dissolved gas right at the tray outlet in order to calculate y *. 

However, in the case of slow reactions, because very little reaction is occurring in 

the liquid film near the interface, no mass-transfer enhancemen't is expected, and 

the tray efficiency for absorption with slow reaction should be equal to the tray 

efficiency for physical absorption. If the presence of a catalyst or of the dissolved 

reactant or product affects the solubility of the absorbed gas, the new gas solubili

ty must be used in calculating the tray efficiency. 

3.4 Reaction in the Bulk Liquid on the Tray 

In well-mixed flow absorber operating at steady-state, as for example a 

sieve-tray absorber, the concentrations of dissolved gas and reactants are uniform 

throughout the bulk liquid on the tray and remain constant over time. The ab

sorber can then be modeled as a continuously-stirred-tank reactor (CSTR). The 

design equation for a sieve tray acting as a CSTR/absorber requires the flow of 

dissolved component A in the liquid being fed to the tray plus the rate of absorp

tion of A from the gas to be equal to the flow of dissolved, unreacted A that 

leaves the tray plus the rate at which A is consumed by reaction while the liquid is 

on the tray. For reaction 2-9 with rate expression 2-10, the design equation is 

(3-24) 

where QL is the volumetric flow of liquid to and from the tray and HL is the 

hold-up (volume) of liquid on the tray. By rearranging and introducing r as the 

residence time (QL/HL) of the liquid in the tray, the equation becomes 

(3-25) 

For a very slow reaction, of course, the enhancement factor is "equal to one, 

and the reaction term on the right-hand side of the design equation is negligible. 
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For this case the reaction has no effect on the rate of absorption (lfai), and both 

the rate of absorption and the tray efficiency will be the same as for strictly 

physical absorption of the gas. 

A slow reaction is one for which the reaction term is not negligible ale 

though the enhancement factor is still equal to one. For the enhancement factor to 

be one while substantial reaction is occurring in the bulk solution, the condition 

that the rate of reaction in the film is much less than the rate of absorption must 

be satisfied (Dankwerts, 1970). On a per unit interfaci:tl area basis this requires 

that 

(3-36) 

Within the film, the reaction rate varies with depth, but the maximum concentra-

tions of A and B (C Ai and c80 respectively) set the maximum reaction rate in the 

film (r A ·k2C AiCa0 ) for comparison purposes. The film· thickness, 6, is DLA/kL, 

so the condition becomes 

(3-27) 

Because the reaction in the bulk liquid is substantial, C Ao is small compared to 

C Ai• and the condition for negligible reaction in the film becomes 

(3-28) 

When the condition of equation 3-28 is met, the tray efficiency will remain 

unchanged from the efficiency for physical absorption even though the rate of 

reaction in the bulk liquid on the tray is appreciable. The rate of absorption, 

however, will be greatly improved because the reaction reduces the concentration 

of component A in the bulk solution (C Ao> thus improving the driving force for 

mass transfer. When operating within this regime, the reaction rate constant, k2, 
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can be calculated from equation 3-25 if the rate of absorption and the concentra-

tions of A and B are known. 

In analyzing the case of H2s absorption by solutions of so2 on the sieve 

tray of the apparatus, for the reaction to be too slow to cause an enhancement of 

the liquid-phase mass-transfer coefficient, the parameter M, equal to (k 1 DL)/k[ 

by the film model, should be much less than one. For a second-order rate constant 

of 100 liter/(mole-s) and an so2 concentration of 0.001 m.f., the pseudo-first-order 

rate constant, k 1 =k2[S02]0 ut• would be about 1 s· 1. The diffusivity of H2S in the 

solvent is of the order of 10·5 cm2;s. The liquid-phase mass-transfer coefficient, 

kLai, was found in section 6.2 to be about 0.3 s· 1. Interfacial areas per unit 

voiume, ai, on sieve trays generally range from 2 to 5 cm· 1 (Sharma and Gupta, 

1967). Using a value of 3 cm·1 for ai gives kL equal to 0.1 cm/s. Therefore, the 

estimated value of M is 0.00 1. This value is small enough that the reaction should 

occur predominately in the bulk solution and the enhancement factor, ~. should be 

equal to one as was thought. The reaction, then, occurs predominately in the bulk 

liquid. 

For a fast reaction (for which eqn. 3-38 is not satisfied) a substantial 

amount of the absorbed gas reacts in the diffusion film, thus the enhancement 

factor is greater than one. When this is the case, the concentration of A in the 

bulk liquid, C Ao• approaches zero, and the rate of absorption should be related to 

the more easily measured change in concentration of B across the tray. 

(3-29) 

If there is substantial gas-phase mass-transfer resistance, the absorption term 

must be modified to include the overall mass-transfer coefficient, KL, and equa

tion 3-25 becomes 

(3-30) 
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where 

and by Henry's law 

KL = [1/(<P kL) + 1/(H kg)f 1 

CAe .. PA/HA 
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4. APPARATUS 

4.1 Introduction 

Murphree vapor tray efficiencies for physical absorption of H 2S and S02 

were determined using the gas-absorption apparatus shown schematically in Figure 

4-1. The experiments for reactive absorption of H 2S into so2-rich solutions of 

DGM used the same apparatus. The apparatus consists of a single 0.1 0-meter ( 4-

inch) sieve tray with 4% free area placed in a circulating gas stream. Solvent is 

fed to the tray continuously, on a once-through basis. With this apparatus H2S and 

S02 gas feed rates, gas- and liquid-phase compositions and temperatures, and total 

gas and liquid flows can be measured to determine absorption rates and tray effi

ciencies. The description which follows is for operation when H 2s is reactively 

absorbed. For physical absorption ~he solvent feed would be free of dissolved gas. 

4.2 Apparatus Description and Operation 

Gas flow through the apparatus is driven by a 4-stage centrifugal blower 

enclosed in a water-cooled box pressurized with nitrogen (N2) to slightly· above 

system pressure. A small amount of N2 flows from. the box, through the blower

shaft seal, and into the blower and gas loop to provide positive shaft sealing 

against H 2S leakage from the blower. The N2 also acts to pressurize the apparatus 

system to 122 kPa (3.0 psig), which is set by a small bleed stream of gas from the 

gas loop to a water column of the desired head. The gas stream flows from the 

blower to the sieve tray where the gas bubbles up through the solvent which flows 

across the tray. From the tray the gas stream passes through a heat exchanger 

which, if necessary, is used to remove the heat added to the gas stream by the 

blower. The temperature increases resulting from both the heat of solution and the 

exothermic reaction are negligible. After leaving the cooler, the gas flows through 

a globe valve for manually controlling the gas flow. Next in line is a 12.7-mm (0.5-
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inch) orifice meter for measuring the gas flow before the gas returns to the blower 

to complete the gas loop. Gas sampling ports are placed above and below the tray. 

The rate of absorption is set by the feed rate of 99.9% pure H2S that is metered 

into the gas stream at a point downstream from the heat exchanger. The balance 

of the gas stream is predominately nitrogen. 

Sulfur dioxide-rich solvent is fed to the tray continuously, on a onceothrough 

basis. The solvent flows from a constantahead feed tank, through a calibrated 

rotameter for measuring solvent flow, through a heat exchanger for heating 

the solvent to the desired tray temperature, and onto the tray where H2S is ab

sorbed and reacted with the so2 dissolved in the solvent. After flowing over the 

weir and into the tray downcomer, the solvent flows over a gooseneck which cone 

trois the solvent level in the downcomer. From the gooseneck the solvent flows 

into a spent solvent holding tank. At any time during a run, liquid samples can be 

withdrawn through septums in the tray inlet or o'utlet for analysis. To prepare 

the solvent for reuse in a subsequent run, the water of reaction and any dissolved 

gases are removed by stripping the solvent at ll0°C with nitrogen in a IS-tray 

glass Oldershaw column. The sulfur produced by the reaction can be removed by 

crystallization and settling. Complete tray specifications are given in Table 4.1. 

The stainless-steel tray was connected to 2-foot lengths of 4-inch-diameter 

glass pipe above and below the tray. Stainless-steel reducing flanges connected the 

glass sections to 2-inch schedule 80 polypropylene pipe. The polyproplyene pipe 

interconnected the heat exchanger, globe valve, and orifice meter, all of which 

were made of stainless steel. Flexible Neoprene hose joined the polypropylene pipe 

to the blower box and connected the blower box to the blower inside. The solvent 

tanks were made of polypropylene. All the solvent piping was stainless-steel tub

ing. 

At start-up the gas was circulated to bring the equipment up to temperature. 
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As the equipment was warming, the desired concentration of so2 in the solvent 

feed was prepared by dissolving the required weight of so2 in 500 ml of solvent 

and then adding this concentrated solution to the much larger volume of solvent in 

the feed tank. The final concentration was determined by titrating the feed sol

vent for so2. Once the apparatus was warmed up and the total pressure inside 

reached the desired level, solvent was allowed to flow to the tray. The temperature 

of the solvent on the tray reached its setpoint after about ten minutes. After 

starting the solvent flow to the tray, H2S gas was metered into the gas loop. The 

H2S feed rate was either set to a fixed flow to set the rate of absorption or adjusto 

ed to achieve a desired steady-state H2S concentration in the gas below the tray. 

The flow of H2S was determined by bubblin.g the H2S gas through a soapy solu

tion and then timing the rate of bubble rise in a volume-calibrated glass tube. 

This method was necessary because the feed-gas rotameter calibration was not 

sufficiently accurate at low H2S flows. A small, continuous gas-sample stream, 

selected from above or below the tray, was sent to the gas analyzer. After about 

45 minutes, steady-state was achieved as indicated by steady gas-phase concentra

tions and temperatures. Another twenty minutes was allowed before a solvent 

sample was withdrawn from the tray-outlet septum and analyzed and the final gas

phase concentrations and tray temperature were recorded. The apparatus was then 

shut down. 

4.3 Chemical Analysis 

A. Gas-Phase Analysis 

The gas-phase concentration of so2 in the sample stream was analyzed by a 

pulsed fluorescent so2 analyzer. For the H2S analysis, a catalytic H2S converter, 

which was placed upstream of the S02 analyzer, first oxidized the H2S to S02. 

Then total so2 was measured, and H2S concentration was obtained by subtracting 

the so2 concentration measured when H2S was not converted. A switch on the 
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H2s converter directed the gas-sample stream to the catalytic converter or bypassed 

the converter as required. The specifications of these instruments are given in 

Table 4.2. Because the H2S converter requires an oxygen source, the sample stream, 

which has a nitrogen background, was mixed with air ahead of the converter. 

Oxygen, however, quenches S02 fluorescence and reduces the analyzer output 

signal, so the gas mixture to be analyzed should have nearly the same concentra

tion of oxygen as was in the gases that were used to calibrate the analyzer. The 

so2 analyzer was calibrated with analyzed gases of 400 ppm and 3500 ppm so2 in 

air. By mixing the gas-sample stream from the apparatus with air in a ratio of at 

least three parts air to one part sample gas. a mixture was achieved which gave an 

analyzer response equal to a gas that had a true air background. For physical 

absorption of so2 the so2 analyzer was calibrated with analyzed standards of so2 

in a nitrogen background. This allowed the gas samples to be analyzed directly by 

the so2 analyzer without the need to premix the sample stream with air. 

B. Liquid-Phase Analysis 

The accuracy of the Murphree vapor tray-efficiency calculations is strongly 

dependent on the accuracy of the measurement of the concentration of gas dis

solved in the solvent leaving the sieve tray. Various methods for determining tray

outlet concentrations of so2 in DGM were investigated. These included analysis 

by UV-spectrophotometry, gas chromatography, acid-base titration, and iodometric 

titration. UV -spectrophotometry was ruled out because impurities in the solvent 

absorb light of the same wavelength as so2 and H2S. Gas chromatography was 

eliminated because of the very small so2 and H2s peaks relative to the solvent 

peak; they were generally less than 1% by area of the solvent peak. Acid-base 

titrations gave indistinct endpoints at very low concentrations of dissolved gas in 

the solvent samples. 

lodometric titrations were the most accurate of all the methods tested. In 
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these titrations a 10-ml solvent sample was withdrawn from the sampling septum 

with a syringe and then injected into an acidic aqueous solution containing a 

known amount of potassium dichromate in excess of the so2. The dichromate 

oxidized all the so2 to sulfate. Then excess potassium iodide was added to the 

solution to react with the remaining dichromate to give triiodide ion. The triioo 

dide was titrated back to iodide with a standardized thiosulfate solution. Starch 

solution was added as an indicator, and a very sharp endpoint was signaled by the 

disappearance of the dark blue iodine-starch color. The amount of thiosulfate 

solution that was required to titrate to the endpoint was equivalent to the amount 

of dichromate that remained unreacted by the so2. Since the initial amount of 

dichromate was known, the amount of dichromate that was consumed by the so2 

could be calculated. The advantage of this method was the very vivid endpoint· 

color change. One disadvantage was the slow oxidation of DGM, but this· could be 

corrected for by running a titration on the SOrfree ·solvent feed to the apparatus. 

The results of this "blank" titration would then be subtracted from the results of 

outlet solvent titration. 

The H2S physical-absorption experiments required analyzing for dissolved H2S. 

The analysis by using dichromate as the oxidizing agent gave inconsistent results. 

However, iodimetric titrations gave very good results when the H2S solution was 

injected into an aqueous solution of excess iodine, which converts the sulfide to 

sulfur, followed by back titration with thiosulfate. 

The concentration of the catalyst, 3-pyridyl carbinol (3-PC), in the solvent 

was analyzed by gas chromatography. Because of the very small 3-PC peak relative 

to DGM, 3-PC was calibrated against an internal standard of normal heptane. 

Heptane was added to the solvent sample to make a solution with 0.5 weight per

cent heptane. The gas chromatograph was calibrated with 0.5 wt % heptane solu

tions of DGM with various known concentrations of 3-PC. This provided a re-
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sponse curve which related the concentration of 3-PC to the area ratios of the 3-PC 

peaks to the heptane peaks. A solution of unknown 3-PC concentration could then 

be analyzed after adding 0.5 wt % heptane to it. 

4.4 Liquid Hold-up 

Liquid hold-up on the sieve tray is defined as the volume of clear liquid above 

the tray during operation. It is a necessary parameter for calculating overall mass

transfer coefficients and reaction rates on the tray. To measure the hold-up, two 

valves were placed on the tray. One valve was placed at the solvent inlet to stop 

solvent flow to the tray. The other was placed at the bottom of the tray downcom

~r to drain any solvent in the downcomer and level-control gooseneck to a flask. 

With a steady flow of solvent and gas to the tray, the two valves were simultane

ously turned to close the inlet valve and to open the drain valve. This allowed all 

solvent in the downcomer and gooseneck to flow into the collection flask. The 

solvent on the tray at the time the valves were turned eventually passed over the 

weir, down the downcomer, and out the drain valve. The total amount of solvent 

collected was weighed. From this weight of solvent was subtracted the weight of 

the solvent that was in the downcomer and 'gooseneck up to the gooseneck overflow 

before draining. The weight of the small amount of solvent that remained on the 

tray after draining was added to the result. The adjusted weight of solvent was 

converted to a volume which should be a good estimate of the hold-up of clear 

liquid on the tray during operation. The weight of the solvent that remained on 

the tray after draining was measured by soaking up this solvent with a paper towel 

and noting the increased weight of the wet towel. The weight of solvent in the 

downcomer and gooseneck before draining was estimated by filling the downcomer 

with solvent until its level reached the level set by the gooseneck overflow. The 

solvent was then drained and its weight measured. 
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Liquid hold-up was measured over the projected tray operating conditions of 

the tray-efficiency experiments. The hold-up on the apparatus sieve tray was 

measured at various liquid and gas flows, weir heights, and temperatures. Liquid 

flow, Qv was varied from 2.25 cm3 /s to 6.97 cm3 /s, a 210% increase. Gas flow was 

varied from 3.33 x 10-3 m3 /sec (STP) (0.464 m3 ;m2-s) to 3.83 x 10-3 m3 /sec (0.534 

m3 ;m2·s), a 15% increase. Two flow regimes were encountered. The spray regime, 

in which the liquid is sprayed off the tray by the gas, occurred at only the lowest 

solvent flow tested. The froth regime, in which the gas bubbles up through the 

liquid on the tray without causing violent spraying, occurred at the higher liquid 

flows. This is the regime of main interest. 

Within the froth regime at a given gas flow, increasing the liquid flow from 

2.77 cm3 js to 3.75 cm3 /s had very little effect on the liquid hold-up, but further 

increases in liquid flow resulted in measurable increases in hold-up. At a fixed 

liquid flow, increasing the gas flow had such slight effect in decreasing hold-up 

(about 2%) that this effect was neglected. Liquid hold-up was found to be- fairly 

insensitive to temperature over a 10°C change. Weir height, hw, had the greatest 

effect on liquid hold-up, Hv The hold-up results for 40°C, 122 kPa, 3.33 x 10·3 

m3 /sec nitrogen (STP) (0.464 m3 jm2-s) are given in Table 4.4. These were the 

operating conditions for the majority of the absorption experiments. 
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Sieve Tray 

Analyze~s 

TABLE 4.1: Tray Specifications 

Diameter 
Active Area 
Hole Area 
Percent Free Area 
Number of Holes 
Hole Diameter 
Pitch (triangular) 
Weir Length 
Liquid Flow Path 
Weir Height (adjustable) 

1.02 x 10· 1 m 
7.17 x 10-3 m2 
2.85 x 10·4 m2 

4.0% 
36 
3.18 x 10·3 m 
1.45 x 10·2 m 
7.62 x 10-2m 
6.67 x 10°2 m 
1.91 em 
2.54 em 

TABLE 4.2: Equipment Specifications 

Pulsed Fluorescent S02 Analyzer - Model 40 
Thermo Electron Corp. 
Hopkinton, MA 

Ranges 

Accuracy 
Span Precision 

0 - 50 ppm, 0 - 100 ppm 
0 - 500 ppm, 0 - 1000 ppm 
0- 5000 ppm 
derived from the calibration gas 
± 0.5% 

Hydrogen Sulfide Converter - Model 340 
Thermo Electron Corp. 

Calibration Gases 
Matheson Gas Products 

Certified Standards 

Accuracy 

400 ppm 
3500 ppm 
± 2 % of analyzed concentration 

Gas Chromatograph 

Blower 

Hewlet-Packard - Model 5890 with Model 3392A Integrator 

Thermal Conductivity Detector 
HP-17 Capillary Column (intermediate polarity) 

4-stage Centrifugal - Model Z4 
B.V.C. Ltd. 
Leatherhead, Surrey, England 
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Solvent 

Catalyst 

TABLE 4.3: Physical Properties 

Dowanol DM (diethylene glycol methyl ether) 
Dow Chemical U.S.A. 

Structural Formula 
Molecular Weight 
Boiling Point 
Specific Gravity 
Viscosity 
Specific Heat 
Surface Tension 

3oPyridyl Carbinol 
Aldrich Chemical Co., Inc. 

Structural Formula 
Molecular Weight 
Boiling Point 
Specific Gravity 

CH30(C2H40)2H 
120.1 
194°C 
1.021 @ 25/25°C 
3.5 centipoise @ 25°C 
0.54 cal/gm°C@ 25°C 
34.8 dyne/em @ 25°C 

C5H4NCH20H 
109.13 
154°C/28 m'm Hg 
1.124 @ 20/4°C 

Table 4.4: Variation of Liquid Hold-up with 
Weir Height and Liq~id Flow 

QL hw HL STD. DEY. 

cm3;s em cm3 cm3 

3.25 1.91 61.7 1.5 

3.25 2.54 78.6 1.4 

4.55 2.54 83.6 1.9 

6.97 2.54 92.6 2.1 
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S. GAS SOLUBILITY 

5.1 Past Studies 

To calculate a Murphree vapor tray efficiency, the solubility of the ab-

sorbed gas in the solvent must be known. Sciamanna (1986) measured gas solubli-

ties for H 2S, C02, propane, and n-butane in five different polyglycol ether 'sol

vents. He found that the solubility of these gases in the solvents obeyed Henry's 

Law, which requires a linear dependence of liquid-phase composition on gas-phase 

composition. Henry's Law is generally applicable to dilute solutions of gases in 

liquids. Sciamanna fit his data to the Henry's Law correlation of equation 5-l. 

The fit provided values for the Henry's Law constant of the solute (1) in the 

solvent (2) at 298°K, Ht1• and the heat of solution, AHsoln. The values of these 

constants for the four solute gases in DGM are given in Table 5.1. 

H2 1 ... H~ 1 exp{ ( AHsoln / R )( 1 /T - I jT0 ) } 
' ' . 

(5-1) 

where T 0 = 298.15°K, and the gas constant R = 8.314 J/(mole K). 

Sciamanna noted several solubility trends. He found that H2S solubility is a 

strong function of the number of ether linkages in the solvent molecule, that the 

physical solubility of the gases increases as the number of solvent molecules per 

unit mass increases, that hydrogen bonding between solvent molecules decreases 

physical solubility of the gas (H2S was the least sensitive to this effect), and that 

the solubility of hydrocarbon gases is improved by increasing the size of alkyl 

functional groups on the solvent molecule. To achieve high H2S selectivity, Scia-

manna recommended choosing a solvent with large molecules that have many ether 

linkages and terminal hydroxyl groups. 

For sulfur dioxide solubilities Sciamanna correlated the data of Demyano-

vich (1984). Sciamanna had technical difficulties with using S02 in his equilibri-

urn apparatus and hence. used the extensive solubility data already collected by 
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Demyanovich in the solvents of interest. The Demyanovich data covered a concen-

tration range from 0.05 m.f. to 0.27 m.f. S02 and a temperature range from about 

45°C to 100°C. Sciamanna found a concentration dependence on so2 solubilty and 

derived a modified form of the Krichevsky-Ilinskaya equation to account for this 

dependence. 

In ( f 2 I x2 ) • In H2,1 + ( A/RT ) ( xt - I ) (5-2) 

with ( A/R ) ,. ( A/R )0 + ( T ~ T0 ) ( A/R ) l (5-3) 

where 
• fugacity of solute (S02), kPa. 

- Henry's Law coefficient at infinite dilution, kPa/m.f. 

- solvent (DGM) concentration in liquid, m.f. 

- solute concentration in liquid, m.f. 

( A/R )i • fitted parameters. 

By holding temperature constant and varying composition, a plot of ln(f 2;x2) vs. 

( xt • 1 )/T yielded vaiJ,les for ln(H2,1) and ( A/R ) at the chosen temp~rature from 

the plot slope and the intercept respectively. At a particular temperature, H2 1 is 
' 

the Henry's Law coefficient that is found by extrapolating the gas solubility to 

infinite dilution. To find the temperature dependence of H2 1 and ( A/R ), this 
' 

plotting procedure was repeated at even temperature increments. The two-parame-

ter Antoine equations were used to calculate the gas solubility at even temperature 

increments from 25°C to 100°C. The parameters for these equations were provided 

by Demyanovich for S02 vapor pressure above the solvent at each S02 concentra-

tion that he tested Then, in a similar fashion, a plot of ( A/R ) vs. ( T - T 0 ) 

provided values for ( A/R )1 and ( A/R )0 , and a plot of ln(H2,1) vs. ( 1/T- I/T0 )/R 

gave values for ~Hsoln and H~ 1. These values are given in Table 5.2 as the data 
' 

of Demyanovich. 
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5.2 Present Study 

Accurate gas-solubility data are critical for determining tray efficiencies; 

however, certain experiments of this study cast doubt on the validity of the 

so2;DGM Henry's Law coefficients that were derived from the correlation of the 

Demyanovich data. It appeared that the Henry's Law coefficients were too low, 

representing a much higher so2 solubility than was being seen in the absorber. To 

verify the S02 solubility relationship of equation 5o2, the Sciamanna correlation 

was confirmed to be an accurate representation of the Demyanovich data. Next, to 

verify the accuracy of the Henry's Law coefficients, equilibrium data were meas

ured for the so2;DGM/ Air system at 122 kPa over~ a temperature range of 23°C to 

50°C and a concentration range of 0.001 m.f. to 0.005 m.f. so2 dissolved in DGM. 

Two methods were used to measure the equilibrium data. In the first 

method, the absorber apparatus was used to collect these data. The absorber pres

sure was set to 122 kPa. A solution of so2 dissolved in DGM was heated to the 

desired temperature and fed to the absorber sieve tray. A gas stream of air was 

continuously circulated through the tray. Once steady state was reached, the 

concentration of s~2 in the circulating gas stream was assumed to be in equilibri

um with the S02 disso~ved in the solvent on the tray. Solvent samples were with

drawn from the tray and the concentration of so2 in DGM was measured. A 

continuous gas-sample stream was sent to the so2 analyzer to measure the equilib

rium concentration of so2 in parts-per-million (ppm) in the gas stream. 

The second equilibrium apparatus consisted of· a temperature-controlled 

500-ml round-bottom flask which contained a 400-ml sample of SOrrich DGM. 

The liquid sample was continuously stirred and maintained at a set temperature. A 

gas sample containing so2 in air was pumped from the gas space above the liquid, 

through the so2 analyzer, and back to the flask where the gas was made to bubble 

up through the liquid sample. The system pressure, which remained near atmos-
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pheric pressure, was measured by a manometer. After a steady liquid temperature 

and gas-phase 502 concentration were reached, a 10-ml sample of solvent was 

withdrawn with a syringe and analyzed for 502. 

Over the very low range of so2 concentrations used in the present study, 

no concentration dependence on so2 solubility in DGM was determined so that 

H2,1 could be calculated directly from equation 5-4. This finding is supported by 

equation 5-2 in which the concentration term at very low solute concentrations is 

negligible compared to the solubility term. The data collected by both procedures 

agreed with each other but differed from the data of Demyanovich. 

(5-4) 

The Henry's Law coefficients determined in this study were correlated by 

equation 5-1 to find the A_enry's Law constant at 298°K, Hl1, and the heat of 

solution, ~Hsoln. In Figure 5-l the natural log of the Henry's Law coefficie.nt 

(H2, 1) is plotted against -( 1/T - l/T0 )/R. The negative slope of the plot gives 

~Hsoln and the intercept is H~ 1. The data collected in this study by both , 

methods is plotted as the data of Hix and is compared to the 5ciamanna correlation 

of Demyanovich's data. The Henry's Law coefficient at 298°K and the heat of 

solution for this study were determined to be 44.88 kPa/m.f. and -38.05 kJ /mole 

respectively, and for the 5ciamanna correlation of the Demyanovich data they 

were reported as 31.15 kPa/m.f. and -37.13 kJ/mole respectively. Although the 

heats of solution agree within three percent, the Henry's Law coefficients of this 

study are about 50% higher than those determined from the Demyanovich data. A 

higher Henry's Law constant represents lower gas solubility. 

The reason for this discrepancy in equilibrium data is not clear. No fault 

could be found in Demyanovich's method of collecting his data, and several possi-

ble causes of errors to the-data of this study were investigated and ruled out. 

67 



Fortunately, a search through the raw data of Sciamanna uncovered three sets of 

data for the so2;DGM system with which he had used to test his equilibrium 

apparatus. Because of difficulties in using S02 in his apparatus and because of 

the extensive so2-solvent data previously collected by Demyanovich, Sciamanna 

chose not to investigate further the so2-solvent systems. He never reduced his 

raw S02 data for the Henry's Law correlations, but instead correlated Demyano

vich's data. Each set of Sciamanna's so2-solubility data was collected at equal 

temperature increments over a temperature range of 15°C to 95°C and a concentra

tion range of 0.01 to 0.10 m.f. S02 in DGM. Only Sciamanna's first set of data was 

correlated well by equation 5-3, however all three sets fit equation 5-2 and gave 

consistent values of H2,1. The problems that Sciamanna had with so2 swelling the 

seals and valve scats in his apparatus may have begun to affect the results for the 

latter two data sets. A fit of the first data set yielded a Henry's Law coefficient 

at 298°K of 49.70 kPa/m.f. and a heat of solution of -33.24 kJ/mole. This correla

tion is also plotted in Figure 5-l as the data of Sciamanna, although only data up 

to 50°C arc shown. 

The Henry's Law coefficient at 298°K from this study is 10% lower than that 

from the Sciamanna data, and the heats of solution differ by 14%. However in 

Figure 5-l, one can sec very good agreement between the Hix and Sciamanna data 

in the range of 30° to 50°C. The different heats of solution may be due to this 

study's narrow temperature range of data collection (23°C to 50°C), which is 

smaller than the range Sciamanna used. The smaller range would likely result in a 

less accurate slope of the straight line fitted through this study's data in Figure 

5-l. The negative slope of the line is the heat of solution. Although more work 

should be done to confirm the so2;DGM gas-solubility relationship, the Henry's 

Law constant at 298°K and the heat of solution which were established by this 

study will be used to calculate the Murphree vapor tray efficiencies. 
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Table 5.1: Constants for Henry's Law Equation • 
(Solubilities in Diethylene Glycol Methyl Ether, DGM) 

H2,l = H~.l exp{ ( ~Hsoln I R )( liT - 11T0 ) } 

- Henry's Law constant, kPalm.f. 
- DGM = 1, solute gas = 2. 
- m.f. = mole fraction 

H~l 
' 

- Henry's Law constant at 298°K. 

- 298.15 °K 

H~.l AHsoln 

Solute (kPalm.f.) (kJimole) 

-16.16 ± 1.0% Hydrogen Sulfide 
Carbon Dioxide 
Propane 
n-Butane 

843.4 
6476. 
5755. 
2120. 

• Data of Sciamanna, 1986 

-10.40 ± 2.5% 
- 9.44 ± .02% 
-13.92 ± .08% 

Table 5.2: Sulfur Dioxide Solubility in DGM 

In ( f 2 I x2 ) .. In H2,1 + ( AIRT) ( xy- 1 ) 

( AIR ) • ( AIR )0 + ( T - T0 ) ( AIR ) I 

H~l 
' 

Data Source (kPalm.f.) 

31.15 

(kJimole) 

Demyanovich 
(correlation) 

Hix 

Sciamanna 

44.88 

·49.70 

-37.13 -590.5 

-38.05 

-33.24 -419.2 
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6. GAS ABSORPTION 

6.1 Physical Absorption 

A. Tray Efficiencies for Sulfur Dioxide 

Murphree vapor tray efficiencies, Emv• for physical absorption of S02 by 

DGM were determined at 40°C and 122 kPa. With the gas and liquid flows held 

constant at 8.57 mole/min and 1.62 mole/min respectively, the inlet gas-phase 

concentration of so2 was varied from about 300 ppm to about 5000 ppm. Tray 

efficiencies at these conditions were determined for two different weir heights, 

1.91 em and 2.54 em. The average tray efficiency for the 7 runs at each weir 

height was 0.50 ± 0.14 in both cases; however, the expected trend is that Emv in

creases with weir height. 

That Emv should increase with weir height is arrived at by analyzing the 

effect of changing weir height on point efficiency, Eov· .. As the weir height in

creases, so does the liquid holdup on the tray. The average gas and liquid contact 

times (equations 3-12 and 3-19) are proportional to the liquid holdup, and penetra

tion theory predicts that the mass-transfer coefficients are inversely proportional 

to the square root of the contact times. 

(6-1) 

(6-2) 

By equations 3-3 through 3-5, the number of transfer units in each phase, Nv and 

N L• and the overall number of transfer units, Nov• should be proportional to the 

square root of the liquid holdup. Data from Table 4.3 show that the holdup in

creases by 27o/o when the weir height is increased from 1.91 em to 2.54 em for a 

liquid flow of 1.62 mole/min (3.25 cm 3 /s). A 27o/o increase in holdup will result in 

a 13o/o increase in Nov• and at point efficiency, E
0

v, near 0.50, a 13o/o increase in 
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N
0

v provides a 9% increase in Eov· Although this increase in tray efficiency was 

not seen, one cannot say that the increase did not occur since the tray efficiencies 

are known only to within about 30% of their measured values. 

Liquid flow was varied to study its effect on tray efficiency. While hold

ing the gas flow constant at 8.57 mole/min (0.427 m3 ;m2-s) and while maintaining 

the inlet gas concentration near 3000 ppm so2, tray efficiencies were determined 

at liquid flows that were increased from 1.15 mole/min to 4.01 mole/min. The 

weir hei~ht was kept at 2.54 em. Figure 6-1 shows that Emv is fairly constant with 

liquid flow over the range that was studied. The average efficiency is 0.60 ± 0.14. 

Because holdup increases with liquig flow, a rise in the tray ,efficiency was ex

pected. By following the same reasoning as was presented above for the case of 

raising the weir height, a 5% increase in Emv is predicted for the measured 18% 

increase in holdup over the full range of solvent flows in the figure. As before, 

the uncertainty in the tr,ay efficiency measurements would probably_ hide a 5% 

increase in the efficiency value. 

Tray efficiencies were determined for physical absorption of S02 at various 

inlet gas concentrations. The liquid and gas flows were constant at 3.55 mole/min 

(6.97 cm3 /s) and 8.57 mole/min (0.427 m3 ;m2-s) respectively. The weir height was 

2.54 em. The average efficiency for these data, which are shown in Figure 6-2, is 

0.59 ± 0.11. A slight trend of increasing Emv with Yin can be seen, but this was 

probably due to systematic error caused by so2-analyzer miscalibration during 

those runs. 

B. Tray Efficiencies for Hydrogen Sulfide 

Tray efficiencies for physical absorption of H2S by DGM were determined 

at 30°C and 40°C and at a total pressure of 122 kPa. The weir height was 2.54 em, 

and the liquid and gas flow rates were 3.55 mole/min and 8.57 mole/min respec-
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tively. The 40°C data is plotted in Figure 6-2 for comparison to the S02 tray effio 

ciencies that were measured at the same conditions. The H2S tray efficiencies 

average 0.16 ± 0.09 and are quite a bit lower than the so2 efficiencies. The lower 

tray efficiency for H2S is expected because of the much lower solubility of H2S in 

DGM. Sulfur dioxide is more than ten times as soluble in DGM as is H2S. The gas 

solubility comes into play in equation 3o3 as A, the ratio of the slope of the equio 

librium line to the slope of the operating line. The slope of the equilibrium line, 

m, increases with decreasing gas solubility. For gas absorption under liquid-phase 

control (which is the case for this system) A /NL >> 1/Nv. When this is the case, 

N
0

v ~ N L/A. Therefore, if m increases due to lower gas solubility, A must increase in 

proportion and N
0

v must decrease, which results in a lower value calculated for 

Eov· 

The H2S physical-abso,rption experiments were repeated at 30°C. These 

tray-efficiency data are plotted with the data taken at 40°C in Figure 6-3. Th.e 

average tray efficiency at 30°C is 0.18 ± 0.08. The slightly higher efficiency is 

expected because of the increased H2S solubility in DGM at the lower temperature, 

although the increase in tray efficiency is less that the uncertainty of the efficien

cy measurements. The line that is shown in the figure is a first-order fit through 

both sets of data. 

6.2 Tray-Efficiency-Model Predictions 

To compare the tray-efficiency predictions of the model of Chan and Fair 

(1984) to the efficiencies that were measured in this study, it is necessary to calcu

late the ratio Emv!E
0

v by equation 3-8 and thereby transform a point efficiency 

prediction into a tray efficiency prediction. This requires a value for the Peclet 

number for the sieve tray that was used in the apparatus. Because the eddy diffu

sivity correlation that was recommended by Chan and Fair (equation 3-22) gave a 
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negative value for De at the operating conditions of the small sieve tray in the 

apparatus, the correlation recommended by the AIChE tray-efficiency study, as 

. given in King (1980), was used instead. The AIChE correlation, converted to SI 

units and multiplied by 1.25 for sieve trays, is 

De= 1.25 [ 0.00378 + 0.0171 Ua + 3.68 rw qL + 0.00180 hw 12 (6-3) 

The parameter r w is the ratio of the weir width to the. average width of the liquid

flow path. The tray specifications of Table 4.1 give the length of the liquid flow 

path, ZL, and equation 3-12 provides the average liquid contact time, tL. At the 

average operating conditions of the tray, the Peclet number, Pe, calculated from 

equation 3-10 is approximately 0.01. This low Pe indicates that the liquid on the 

tray is very well mixed, as should be expected for a small diameter tray with a low 

liquid flow. For such a low Pe, equation 3-8 indicates a less-than-one percent 

improvement in Emv over E0 v; therefore, the predicted point efficiencies will be 

used for tray efficiencies. Table 6.1 compares the measured tray efficiencies for 

H 2S and so2 at various operating conditions to the predictions of the model. The 

average absolute error of the tray-efficiency predictions is 9%. This very good 

agreement with the measured efficiencies provides encouragement for using the 

Chan and Fair model to provide high-pressure tray efficiencies. 

Mass-transfer coefficients can be extracted from the physical absorption 

data. Since E0 v is equal to Emv for the sieve tray in this apparatus, N 0 v for H2S 

and for so2 absorption can be calculated from equation 3-2 by using the average 

of the measured Murphree vapor tray efficiencies for each system at 40°C. The 

mass-transfer coefficient for H 2S in a phase must be related to the mass-transfer 

coefficient for S02 in the same phase. Penetration theory predicts (equations 6-1 

and 6-2) that the ratio of the mass-transfer coefficient for H2S to that for so2 in 
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a phase is equal to the ratio of the square roots of the molecular diffusivities of 

H2S to so2 in that same phase. After substituting equations 3-4 and 3-5 into 

equation 3-~. the resulting equation can be written for H2S and for so2 and solved 

for the mass-transfer coefficients. The results of these calculations give kLai 

equal to 0.337 s·l for H2S and 0.307 s·l for S02. These values are 24% higher than 

the values that are predicted by the Chan and Fair correlations. For the gas-phase 

mass-transfer coefficients, kvai• the results are 28.2 s- 1 and 25.0 s· 1 for H2S and 

so2 respectively. These values are 65% lower than the gas-phase mass-transfer 

coefficients that are predicted by the correlations. The results for kvai are not 

very accurate since the mass-transfer resistance lies predominantly in the liquid 

phase. When this is the case, the value of kvai has very little effect on the tray 

efficiency, and so accurate results cannot be expected when calculating kvai from 

tray-efficiency data. 

6.3 Absorption with Chemical Reaction 

A. Calculations 

Hydro~en sulfide absorption rates were also measured for the case when 

H2S is absorbed and undergoes chemical reaction with so2 dissolved in the solvent. 

All the reactive-absorption experiments were with excess so2 (from about 2 to 7 

times the stoichiometric equivalent). The volatility of so2 was not important in 

these experiments because of the circulating gas stream in the apparatus. At 

steady-state, the partial pressure of so2 in the gas stream was in equilibrium with 

the solution on the tray and no net desorption of so2 would occur. A homogene

ous catalyst, 3-pyridyl carbinol (3-PC), was dissolved in the solvent, DGM, to in-

crease the reaction rate. The catalyzed, irreversible, liquid-phase reaction between 

H2S and S02 w~s found to be first-order in both reactants by Neumann ( 1986) and 

Crean ( 1987). Both Neumann and Crean found that the following rate expression 

76 



fit their kinetic data. 

(6-4) 

(6-5) 

The second-order rate constant, k2, is a function of temperature and catalyst 

concentration. Neumann found that the catalyst activity was associated predomi-

nately with the nitrogen in the pyridine ring and, to a lesser extent, with the 

hydroxyl groups on the catalyst and solvent molecules. Both studies showed a 

linear dependence of k2 on 3-PC concentration. 

In the present study the rate expression of equation 6-5 will be used in 
;, 

conjunction with 'the reactive-absorption rate data to calculate second-order rate 

constants at various catalyst concentrations, temperatures, and H2S feed rates. To 

- accomplish this task, it is necessary to model the sieve tray as a continuously-

stirred-tank reactor (CSTR). This is a good assumption because, as shown above, 

the low Peclet number for the tray indicates that the tray is well-mixed and will 

have a uniform liquid composition throughout equal to the exit composition. For 

this type of reactor, the rate of reaction is set by the concentrations in the bulk 

solution in the reactor, or in this case, on the tray. The liquid hold-up on the sieve 

tray will be used as the reactor volume. If the solvent feed to the tray contains no 

dissolved H2S, as was the case for all the reactive-absorption experiments, the rate 

of H2S absorption must equal the rate at which dissolved H2S leaves the tray in 

the exiting solvent plus the rate at which H2S is consumed by reaction on the tray. 

The resulting design equation for the for the CSTR-tray is 

where QL is the volumetric flow of solvent to the tray. 
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Use of this equation requires knowledge of the concentrations of dissolved 

reactants on the tray. Because concentrations could not be measured in situ, the 

concentration of H2S on the tray was calculated from the tray efficiency for H2S. 

It has been shown that the reaction is too slow to cause enhancement of the liquid

phase mass-transfer coefficient. When this is the case, the tray efficiency for 

physical absorption of H2S should also apply to the case when slow liquid-phase 

reaction of the absorbed gas is occurring. The concentration of H2S which is 

dissolved in the solvent on the tray can then be backed out from the equation for 

tray efficiency by using the measured physical-absorption Emv· Equations 3-7a 

and 3a 7b are combined and solved for xout to give 

If the amount of so2 in the solvent feed to the tray is known, the concentr].tion of 

S02 leaving the tray can be determined by mass balance. Since the rate of H2S 

absorption, tray hold-up, and solvent 'flow to the tray are measured quantities, 

equation 6-6 can be solved for the reaction-rate constant. 

If the reaction were, in fact, fast enough to cause appreciable enhancement 

of the liquid-phase mass-transfer coefficient, the actual tray efficiency would be 

higher than the physical-absorption tray efficiency. This would lead to rate con

stants that are too high when calculated by using the lower assumed tray efficien

cy since a greater portion of the absorption rate would be attributed to reaction 

rather than the improved tray efficiency. 

The effect, if any, of dissolved constituents, other than H2S, on the solubili

ty of H2S in DGM needs to be considered since gas solubility is important in the 

calculation of H2S concentration on the tray. Whether dissolved so2 would reduce 

the solubility of H2S would be hard to check since these two gases react slowly 

with each other even in the absence of catalyst. It is known that both H2S and 

78 



so2 interact with the ether linkages of the solvent molecules and that these inter

actions strongly affect the gas solubility. Competition for these ether-linkage sites 

could affect the gas solubilities, but this is not expected when both gases are as 

dilute as is the case here. However, it does appear that the catalyst lowers the 

• equilibrium backpressure, y • of H2S over DGM. This effect was discovered by 

finding negative physical-absorption tray efficiencies for H2S in DGM with 0.03M 

3-PC present. After the last reactive-absorption experiment was completed, three 

H2S physical-absorption experiments were attempted. Each experiment gave a 

negative tray efficiency as the result of a negative denominator in the equation 

for Murphree vapor tray efficiency (equation 3-7a). The negative denominator 

resulted because the steady-state irilet gas-phase concentration of H2s. Yin• was less 

• than the equilibrium concentration, y • that was predicted by Henry's Law for the 

solvent with an H2S concentration equal to the measured xout· The tray inlet and 

outlet gas-phase concentrations of H2S were much less that the values measured 

previously at the same H2S feed rate when the catalyst was not present. The most 

plausible explanation for the low measured values for Yin and Yout is that the 

catalyst was forming a complex with dissolved H2S, thus reducing the concentra-

tion of physically dissolved H2S in solution. The equilibrium backpressure of H2S 

results only from physically dissolved (i.e., uncomplexed) H2S. The proper value of 

xout for use in equation 3-7b is the physically dissolved H2S concentration not the 

total H2S concentration ·(physically dissolved and complexed) as measured by titra-

tion or calculated by mass balance. 

A separate experiment was done to check whether so2 and 3-PC form a 

strong complex. In this experiment 3-PC was injected into the equilibrium flask 

(described in section 5.2) containing S02 dissolved in DGM and the reduction in 

so2 backpressure was noted. A very slight depression of only one percent in the 
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so2 equilibrium backpressure was found for a catalyst concentration of 0.03 M. 

This suggests that so2 and the catalyst do not form a complex strong enough to 

require its consideration in the reaction rate expression. 

Although the concentration of physically dissolved H 2S in solution could 

not be measured directly, it can be calculated by assuming that the physical abo 

sorption tray efficiency remains unchanged from the average value of 0.16 that 

was measured at 40°C before any catalyst was added to the solvent. With this 

assumption, the concentration of physically dissolved H2S, xout• can be calculated 

from equation 6-7. If xout is known, the equilibrium constant, Kc, for the follow

ing equilibrium reaction can be calculated. The complex is represented by C. 

Component balances give 

and 
[H2S]0 • [H2S] + [C] 

[3PC]
0 

.. [3PC] + [C] 

(6-8) 

The subscript 'o' indicates the total concentrations. Eq,uations 6-9 through 6oll are 

solved algebraically for Kc 

K • ·C 
(6-12) 

The initial concentrations of H2S and 3-PC are known, and the concentration of 

physically dissolved H2S, [H2S], is the calculated xout converted to moles/liter. 

The equilibrium constant was calculated for the three physical-absorption 

experiments which had given negative tray efficiencies. The total catalyst concen-

tration in each was 0.030M 3-PC, and the total H2S concentration ranged from 6.1 
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x 10·4 M to 1.9 x 10-3 M. a three-fold increase. The average value for Kc was 21.5 

liter/mole with a standard deviation of 1.2 (6% of the average). For this value of 

Kc and for the total concentrations of H2S and catalyst given above, approximate

ly 40% of the H2S is complexed with 3-PC whereas only about 2% of the 3-PC is 

complexed since 3-PC is in great excess. 

For calculating the rate constant, the correct H 2S concentration to use in 

equation 6-6 is that of physically dissolved H2S. This concentration is calculated 

from equation 6-7 by using the assumed Emv· The total concentration of H2S that 

has not reacted yet with S02, [ H2S ]
0

, is found by using equation 6-12. Then the 

total H2S concentration is used with mass balances to calculate the rate of reaction 

and the concentration of unreacted S02 on the tray, [ S02 lout· Equation 6-6 is 

then solved for k2. 

B. Reactive-Absorption Results 

1. Verification of Reaction-Rate Constant 

Reactive-absorption rate data were collected at various temperatures, cata

lyst concentrations, and H2S feed rates. The concentration of dissolved so2 in the 

so 1 vent feed to the tray was approximate 1 y 0. 0 0 1 m. f. for a 11 the reactive

absorption experiments. The liquid and gas flows for all the runs were constant at 

3.55 mole/min (6.97 cm3 /s) and 8.57 mole/min (0.427 m3 ;m2-s) respectively, and the 

weir height was always 2.54 em. At each catalyst concentration and temperature 

combination, two absorption runs were done for an H2S feed rate of approximately 

13.0 standard cubic centimeters per minute and two runs were performed with the 

H2S feed rate set to achieve an tray-inlet gas concentration of approximately 1900 

ppm. For each run the second-order rate constant was calculated by the procedure 

described above. The first set of reactive-absorption experiments, at a catalyst 

concentration of 0.015 M 3-PC and a tray temperature of 40°C, returned an aver-
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age second-order rate constant of 11.2 liter/(mole-s). This value compares fairly 

well to the rate constant of 32 liter/(mole-s) that was measured at the same cata

lyst concentration by Neumann (1986), who used an adiabatic batch reactor. 

Extrapolating Crean's data to 0.015 M 3-PC gives a second-order rate constant of 

20 liter /(mole-s). Crean's measurements were taken using a stop-flow apparatus 

connected to a UV -spectrophotometer. Both Neumann and Crean reported rate 

constants based on consumption of so2• whereas the rate constants reported in the 

present study are based on the rate of H2S consumed by reaction. The rate 

constants reported above are all on an H2S basis for comparison. This fair 

agreement among data collected by very different techniques suggests that the 

method of calculating reaction-rate constants from the reactive-absorption data is 

valid. 

2. Effect of 3-PC Concentration on Reaction-Rate Constant 

Figure 6-4 shows the effect of catalyst concentration on the rate constant at 

40°C. The second-order rate constants range from about 10 liter/(mole-s) at 0.015-

M 3-PC to about 80 liter /(mole-s) at 0.030M 3-PC. The extent of reaction on the 

tray ranges from about 50% at the lowest measured rates in the figure to about 

80% at the highest rates. The large error bars are the result of the uncertainty in 

the assumed tray efficiency. 

The relationship between rate constant and catalyst concentration is fairly 

linear as was found by Crean and Neumann; however, the negative intercept does 

not agree with the intercept through the origin which Crean's data gave. Crean 

also found a linear dependence of k2 on catalyst concentration, whereas this study 

found a higher order dependency. 

where the third-order rate constant, k3, does not vary with catalyst concentration. 
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One possible mechanism that would fit this rate expression, although not con

firmed, is that H2S and 3-PC react rapidly and are in equilibrium with the com

plex they form as in equation 6-8. The H2S-catalyst complex then reacts with S02 

in the rate-limiting step to form a second complex which reacts very rapidly with a 

physically dissolved H2S molecule to form sulfur and water. Crean's data are, at 

least, consistent with this mechanism. However, in this study, the third-order rate 

constant appears to be a function of catalyst concentration squared, thus making 

the second-order rate constant a function of catalyst concentration cubed. Crean's 

data were taken at excess H2S concentrations and low so2 and 3oPC concentrao 

tions, and this study used excess 3-PC and so2 concentrations and low H2s concen

trations. It may be that the mechanism changes, depending on the relative concen

trations of the reactants and catalyst, and that this is why the two sets of data 

show different behaviors. Some of the ,unpublished kinetic data that Neumann has 

collected on this reaction suggest this may be true; however, the cubic dependence 

of the second-order rate constant on the catalyst concentration would require an 

unlikely mechanism for this dependence to be valid. It is evident that an exten

sive, in depth study of the reaction will be necessary to discover the true mecha

nism of this very complicated reaction. Even though a proven reaction mechanism 

has not been found, the rate expression of equation 6-5 fits the data fairly well 

and is simple enough to use easily in numerical calculations. 

3. Effect of Reaction on H 2s Absorption 

Figure 6-5 shows the relationship between H2S absorption rate and reaction

rate constant at an assumed tray efficiency of 0.16. The data shown were taken at 

a tray-inlet gas-phase concentration of H2S of 1900 ppm. The concentration of 

3-PC was varied to adjust the rate of reaction and, thereby, the rate of absorption. 

The measured absorption rates were then used to calculate values of k2. Even 

83 



though the reaction is too slow to cause any enhancement in the liquid-phase mass

transfer coefficient, the reaction does provide significant improvement in the 

absorption rate of H2S. It accomplishes this by lowering the bulk liquid-phase 

concentration of H2S, which results in a greater overall mass-transfer driving force 

between the gas and the bulk liquid. This same effect could be achieved in physic 

cal absorption by increasing the liquid flow rate to the level that is necessary to 

achieve the same low concentration of H2s in the bulk liquid. For example, to 

achieve the same rate of absorption without reaction that was measured for reacc 

tive absorption with a rate constant near 10 liter /(molecs). the liquid flow would 

have to be increased by a factor of 2.4. The curve in the figure is the operating 

solution to a single sieve tray modeled as a CSTR and given the same feed condic 

tions, liquid holdcup, and tray efficiency as the sieve tray in the apparatus. The 

complex between H2S and 3-PC was also considered in the model. The two dashed 

curves represent the uncertainty in the assumed tray efficiency and provide upper 

and lower bounds for k2 at a given absorption rate,. 

The effect of temperature on the second-order rate constant was investigat

ed. Rate constants were measured for reactive absorption of H2S at 30°, 40°, and 

50°C with 0.015 M 3-PC in the solvent. Because physicaldabsorption tray efficien

cies for H2S were not measured at 50°C, an assumed value of 0.15 was used for 

calculating the reaction rate constants at this temperature. The efficiency of 0.15 

was arrived at by using the predictions of the tray efficiency model to extrapolate 

the measured efficiencies at 30°C and 40°C to 50°C. 

The rate constants should follow the Arrhenius expression for temperature 

dependence 
(6-14) 

Figure 6-6 shows a semilog plot of the rate constant vs. the reciprocal of the 

product of the gas constant and the absolute temperature. The activation energy, 
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Ea, is found from the slope of the plot and is equal to 22 kcal/mole. 

6.4 Summary 

The tray-efficiency model of Chan and Fair adequately predicts, to within 

about 10%, the measured physical-absorption tray efficiencies for H2S and so2 at 

low pressure (122 kPa). These correlations will be used to predict tray efficiencies 

at the high pressures that will be used in designing the primary absorber of the 

UCBSRP. 

A second-order rate expression (first-order in both the reactants) and a 

CSTR-model for the sieve tray were used to calculate second-order rate constants 

from the reactive-absorption data for. H2S absorption on a sieve tray. The method 

gave rate constants that were close to values that were determined with an 

adiabatic batch reactor by Neumann (1986). The rate constant increases steeply 

with catalyst concentration, and a rate constant of 100 liter/(mole-s) should be 

easily achievable at a low catalyst concentration (near 0.03 M). The reaction is too 

slow to cause enhancement of the liquid-phase mass-transfer coefficient; neverthe

less, a substantial improvement ·in H2s absorption rate occurs because the reaction 

lowers the bulk concentration of dissolved H2S. This is the same effect as seen in 

physical absorption when the liquid flow rate is increased. Although the rate data 

that were collected in this study do not fit the proposed rate expression as well as 

the data of Neumann and Crean, the expression should be adequate for modeling 

and design of the primary absorber. 

Extensive work is necessary to discover the true reaction mechanism and 

rate expression. Equilibrium studies are needed to adequately determine the effect 

of the catalyst concentration on H2S solubility in the solvent. Further work on 

so2 solubility in DGM is required to determine the accuracy of the solubility data 

of Demyanovich. 
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Table 6.1: Comparison of Experimentally-Determined 
Tray Efficiencies to Predided Efficiencies 

( V=8.60 mole/min, P=122 kPa ) 

Temp. Liq. Flow weir ht. measured predicted error 
oc mole/min em Emv Emv 

so2 

40 1.62 1.91 0.50 0.48 c 4.0% 

40 1.62 2.54 0.50 0.54 8.0% 

40 3.55 2.54 0.59 0.54 - 8.5% 

H2S 

30 3.55 2.54 0.18 0.20 11.1% 

40 3.55 2.54 0.16 0.18 12.5% 

50 3.55 2.54 not 0.17 
determined 
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Figure 6-3: Effect of Temperature and Inlet Gas 

0.50 

0.40 -t-

0.30 

0.20 ~r-

0.10 -t-

0.00 
1000 

Concentration on H2S Tray Efficiency 

P = 122 kPa 

hw=2.54 em 

L/V=.414 

V = 8.6 mole/min 

r 

• . ....... 

~ ., 

~n~-

I 
! 

1500 

L 

.. ·----~ 
I" 

. u 

2000 

Yin ppm 

. 

o - 30°C 

• - 40°C 

in DGM 
. 

... 

T 
t---e-----1 

1 

2500 3000 



Figure 6-4: Effect of Catalyst Concentration 
on Reaction-Rate Constant 
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Figure 6-5: Effect of H2S Absorption Rate and 
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7. ABSORBER DESIGN 

7.1 Introduction 

The size and solvent flows of the primary absorber of the UCBSRP (Figure 

7ol) are of importance in determining the economic feasibility of the UCBSRP. To 

aid in the analysis of the proposed process, the number of trays and the solvent 

flows in the primary absorber which are necessary to achieve a one-part-per-mil

lion-or-less H 2S specification in the treated gas has been determined. The composi

tion, flow, temperature, and pressure of the sour gas used for the design basis is 

given in Table 7.1. Neumann (1986) used this same gas as the design basis for his 

process simulation of the UCBSRP in treating the coal-derived gas fuel for a 120 

megawatt gas-turbine power plant. The process solvent was diethylene glycol 

methyl ether (DGM), and the homogeneous catalyst was 3opyridyl carbinol (3-PC). 

The primary absorber contains three trayed sections - - lower, middle, and 

upper. Within the lower section (trays 9 through 28) almost all the-H2S is physical

ly absorbed from the sour gas by the process solvent. On the upper trays of this 

section a portion of the absorbed H 2S reacts chemically with dissolved so2 to 

produce sulfur and water. Approximately ninety percent of the total solvent flow 

in the column is fed to the top tray of the lower section, having been recycled 

from the so2-rich reactor/crystallizer (see Chapter 1). This solvent feed contains 

dissolved 502 for the reaction with H 2S in the column but contains no H 25 since 

that will have been reacted away. The concentration of 502 in this stream is set 

so that the sulfur produced by reaction does not exceed the solubility limit at the 

temperature in the column. The remaining ten percent of the total solvent flow is 

fed to the top tray of the middle, so2-absorption, section of the primary absorber 

(trays 6 through 8) and serves to scrub desorbed so2 from the gas stream. The 

solvent feed to this section contains neither H2S nor so2. The upper, water-wash, 
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section (trays 1 through 5) uses water to recover solvent vapor from the exiting gas 

stream. 

A tray column was chosen rather than a packed column because, near the 

top of the lower section, it is advantageous to have the large liquid volume that 

trays provide, to promote reactive absorption of H 2S. The water-wash section 

should also employ trays because the very low flow of water would not adequately 

wet the packing in a packed section. The middle section, which requires only a 

few theoretical stages, would use trays for the convenience of uniformity of de

sign. 

7.2 Design Method 

The column design was determined by running a computer simulation of the 

proposed design to determine whether the proposed number of trays ·and solvent 

flows were adequate for the desired degree of H2S removal. The number of stages 

in each column section and the liquid feeds to those sections were then adjusted 

until the outlet specifications f~r the treated gas were met. The simulation was 

written in FORTRAN and solved on a personal computer. The solution consisted 

of a main program which was iterated on until the mass, heat, and equilibrium 

relationships for each component on each stage were satisfied, a reaction subrou

tine which was used to converge the reactant and product flows before each main 

program iteration, thermodynamic subroutines which were used to determine the 

equilibrium constants and vapor and liquid enthalpies, and a subroutine which was 

used to calculate the composition of the solvent recycle for the main solvent feed. 

In the main program, mass and heat balances and equilibrium relationships 

were written at each stage for each component. Because the stages were not equi

librium stages, the equilibrium relationships were written in terms of Murphree 

vapor tray efficiencies. The reaction was accounted for in the mass balance equa

tions on each stage as constant sidedraws for reactants or feeds for products. The 
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thermodynamic properties were determined by subroutines developed by Neumann 

(1986). The balance equations and the equilibrium relationships were solved by the 

Newton simultaneous-convergence method (King, 1980) to provide new guesses for 

the component liquid and vapor flows and stage temperatures for the next itera

tion. Before each iteration of the main program, the reaction terms were solved 

outside the main program by a subroutine which converged the component flows of 

the reactants and products (H2S, S02, H20, and S only); all other components were 

treated as inerts. In this subroutine each tray was treated as a continuously

stirred-tank reactor (CSTR). The heat balances on each stage were neglected in 

this subroutine, but the temperature profile from the main program was used to 

determine the vapor /liquid equilibrium constants, which are functions of tempera

ture. The converged flows of the reactants and products were then sent to the 

main program to provide better guesses for thes~ flows and for the reaction terms 

for the next iteration. This sequence was repeated until the component flows and 

stage temperatures in the main program converged within the desired tolerances. 

This technique was developed by Neumann (1986) for his process simulation of the 

UCBSRP because of convergence problems. Once the heat. mass. and equilibrium 

equations of the main program were solved, the solvent-recycle subroutine was 

called to determine the composition and flow of the main solvent feed that is 

recycled back to the primary absorber from the so2-rich reactor /crystallizer. This 

reactor /crystallizer was operated at a set concentration of dissolved so2. The 

computer code and a more detailed description of the solution are given in Appen

dix B. 

Pressure, component tray efficiencies, and reaction-rate constant were 

assumed to be the same on every tray. The column diameter was determined by 

the column design method in Peters and Timmerhaus (1980) for a superficial vapor 

velocity set to 80% of the maximum allowable velocity in a column with 0.61-m 
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(24-inch) tray spacing. The active (bubbling) area of the tray was considered to be 

90 percent of the total column area. The weir height was set at 10 em. The 

volume of clear liquid on the tray (hold-up) was calculated by the product of the 

active area and the height of clear liquid on the tray (equation 3-13). This volume 

was used as the CSTR volume for the reaction calculations. The volume of solvent 

in the downcomers was neglected. The design specifications for the trays are 

given in Table 7.2. 

Once the tray specifications were determined, the tray efficiencies were 

calculated, as discussed in Chapter 3~ by the method of Chan and Fair ( 1984). A 

conservative estimate of eighty percent of the predicted efficiencies at the average 

temperature of the lower column section was used. The Murphree vapor tray effi-

ciencies used in the absorber design are given in Table 7.3. 

7.3 Results 

The outlet specifications for the treated gas were set at a maximum of 

ppm H2S, 1 ppm so2, and 0.1 ppm solvent vapor. The low specification for solvent 

vapor was required because of the high cost of solvent losses in the treated gas. At 

the gas flow used for the design basis, 1 ppm solvent in the treated gas represents a 

$40,000 yearly loss. 

The solvent flow was initially set to achieve an absorption factor (L/mV) 

for H2S of approximately 1.5 on the bottom tray of the absorber. As the absorp

tion factor increases, the number of trays needed to achieve a given extent of 

absorption decreases. For absorption factors less than one, the solvent becomes 

saturated with the gas, and no number of trays will allow complete removal of that 

gas. An absorption factor equal to one would require an infinite number of trays 

to achieve complete physical absorption of the gas. 

The solvent flow to the so2-absorption section of the absorber was set at 10 
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percent of the total of both solvent feeds. The very low flow of water to the top 

section of the absorber requires five trays to meet the outlet specification for 

solvent in the treated gas. A higher flow of water to the top section would reduce 

the number of trays in this section but at the added expense of stripping this water 

from the solvent in the solvent stripper (see Figure 1-2). All the liquid feed 

temperatures were 30°C. Based on the results of the reactive-absorption experi~. 

ments, the reaction-rate constant was assumed to be 100 liters/mole-s. The concena 

tration of dissolved S02 in the main feed from the SOrrich reactor/crystallizer 

was set at 0.00035 mole fraction. At the solvent flow to the column, this amount 

of S02 is equivalent to less than ten percent of the H2S in the sourcgas feed. 

For the conditions stated above, the absorber solution is given in Table 7.4 

(case 1). Five actual trays are required in the top section of the absorber, 3 in the 

middle section, and 12 in the bottom section. The absorption factor (L/mV) for 

H2S was 1.5 o~ the bottom tray, while the average absorption factor in the lower 

section was 1.8. The absorption factor increased up the column because the tray 

temperatures decreased with increased height up the column and m, the slope of 

the equilibrium line, decreases as temperature decreases. The temperature differG 

ence between the top tray of the column and the bottom was not extreme since the 

heat capacity of the solvent (65 cal/mole-K) is over seven times greater than that 

of the gas stream (7.6 cal/mole-K). Very little latent heat is transferred between 

the two phases in this design. 

A second case (Table 7.4, case 2) was run to determine the number of trays 

that would be required to meet the specifications for the treated gas in the absence 

of reaction but using the same solvent flows as in case l. For the second case, the 

number of trays in top two sections remained unchanged while the number of trays 

in the bottom section had to be increased by 8 trays for a total of 20 trays in the 

lower section to achieve the same degree of H2S removal. If no so2 were present 
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in the feed to the lower section , the so2-absorption section could be eliminated, so 

the net increase in total number of trays would be only five. Although the de

crease in number of trays for the primary absorber that results from the UCBSRP 

flow configuration (case I) is not large, a second (and more important) benefit of 

case I is that the reaction in the reactor/crystallizer makes it unnecessary to strip 

H2S to a very low level from the solvent recycle, which represents ninety percent 

of the total solvent flow to the absorber. 

A third case (Table 7.4, case 3) was investigated in which the same number 

of total trays was used as in case 2. but the reactionGrate constant of case I was 

'used. The same flows to the water-wash and SOrabsorption sections and the same 

concentration of so2 in the main solvent feed to the lower section as in the pre~i

ous two cases were used. The lowest solvent flow to the main absorber section that 

could meet the treated gas spe~ification was determined for this configuration. A 

38% reduction in solvent recycle flow was achieved for a 35% reduction in total 

solvent flow. A tremendous advantage is gained by reduced solvent pumping costs. 

The lower flow of solvent that leaves the bottom of the absorber ·is much richer in 

H2S, therefore a smaller reactor/crystallizer may be used. 

For case 3 the tray efficiencies were adjusted downward slightly because of 

the change in liquid flow and composition. As discussed in Chapter 3, these 

parameters affect tray efficiency. The average absorption factor for H2S in the 

lower column section was I.I, compared to 1.8 for both cases I and 2. A sample 

absorber-design output showing the internal flows and temperatures for case 3 is 

given in Table 7.5, and Figure 7-1 reflects the feed locations of this design. 

The selectivity for H2S of the absorber configuration is quite good. The 

removal of H2S was 99.99%, whereas the highest removal of any of the other con

stituents in the sour gas was 3.2% for C02. The next highest removal was 0.2% for 

CH 4. The selectivity arises from the saturation of the recycle solvent with respect 
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to the gases other than H2S and S02 and from the relatively low solubility of these 

other gases in the solvent (DGM). 
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Table 7.1: Sour Gas Characteristics 

Composition: (mole fraction) 

N2 = 0.4130 

H2 • 0.2729 

C02 • 0.1902 

co = 0.1133 

H20 = 0.00290 

H2S = 0.00614 

CH4 = 0.00 145 

Flow = 2.488 kmole/s 

T = 368°K 

P = 2500 kPa 

Table 7.2: Tray Specifications 

Diameter," m 3.50 Weir Length, m 

Active Area, m2 8.66 Flow Length, m 

Hole Fraction 0.08 Weir Height, em 

Tray Spacing, m 0.61 Hold-up, m3 

Table 7.3: Component Tray Efficiencies 

Temp. • 304°K Press. = 2500 kPa 

Emv Emv 

DGM .72 N2 .01 

H20 .79 CH4 .04 

H2S .69 H2 .01 

so2 .76 co .02 

C02 .33 
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Table 7.4: Absorber Design Results 

(for treating gas of Table 7.1) 

Solvent Flow case 1 case 2 case 3 
(kmole/s) 
303°K 

waterowash 0.02 0.02 0.02 

S02oabsorption 0.20 0.20 0.20 

main section 1.83 1.83 1.13 

Rllte Constant 100 0 100 
(liter /mol-s) 

No. Trays 

water-wash 5 5 5 

SOrabsorption 3 3 3 

main section 12 20 20 

Total 20 28 28 

Treated Gas 

H2S .5 ppm .8 ppm .8 ppm 

502 .6 ppm .6 ppm .6 ppm 

DGM .05 ppm .05 ppm .07 ppm 
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Table 7.5: Primary-Absorber Design Results for case 3 

PRESSURE= 2500.00 kPa, RXN RATE CONST. = .100E+03 l/(GMOLE*SEC), TRAY VOL. = 970.0 LITERS 

SOLV H20 H2S S02 S(DIS) ,C02 N2 CH4 H2 CO 
EMV .70 .78 .66 .75 .00 .29 .01 .03 .01 .01 
m(18) .327E·04 .390E·02 .439E+OO .288E·01 .OOOE+OO .310E+01 .188E+03 .396E+02 .178E+03 .894E~02 

***** LIQUID FEEDS ***** 
STAGE ' I TEMP I TOTAL FU~ 1<·--------------------------------------

KELVIN GMOLE/SEC SOLV H20 H2S 502 
1 303.00 .200E+02 .OOOE+OO .100E+01 .OOOE+OO .OOOE~OO 
6 303.00 .200E+03 .913E+OO .860E·01 .OOOE+OO .OOOE+OO 
9 303.00 .113E+.04 .756E+OO .190E+OO .OOOE+OO .350E·03 

***** LIQUID STAGE FLOWS ***** 
STAGE , I TEMP I TOTAL FLOW 1<---------------------------------------

KELVIN GMOLE/SEC SOLV H20 H2S S02 
1 303.78 .201E+02 .190E·04 .997E+OO .334E·07 .324£·06 
2 303.78 .200E+02 .818E·04 .997E+OO .334E·07 .326E·06 
3 303.79 .200E+02 .290E·03 .997E+OO .336E·07 .328E·06 
4 303.84 .195E+0.2 .999E·03 .996E+OO .342E·07 .334£·06 
5 304.08 .175E+02 .371E·02 .993£+00 .366E-07 .359£·06 
6 305.27 .232E+03 .786E~OO .148E+OO .158E·05 .101E·04 
7 304.75 .233E+03 .784E+OO .148£~00 .200E·05 .313£·04 
8 304.23 .233E+03 .783E+OO .149£+00 .219E·05 .773E·04 
9 303.73 .138E+04 .755E+OO .178E+OO .156E·05 .299£·03 

10 303.85 .138E+04 .754E+OO .177E~OO .356E·05 .295£·03 
11 303.91 .138E+04 .754£+00 .177E+OO .765E·05 .289£·03 
12 303.95 .138E+04 .753E+OO .177E+OO .163E·04 .276E·03 
13 303.99 .138E+04 .753E+OO .177E+OO .352E·04 .251E·03 
14 304.05 .138E+04 .753E+OO .177E+OO .769E·04 .208E·03 
15 304.14 .138E+04 .753E+OO .177E+OO .170E·03 .144E·03 
16 304.23 .138E+04 .753E+OO .178E+OO .367E·03 .741E·04 
17 304.32 .138E+04 .753E+OO .178E+OO .715E·03 .264E·04 
18 304.39 .138E+04 .752E+OO .178E+OO .121E·02 .651E·05' 
19 304.46 .138E+04 .752E+OO .177E+OO .183E·02 .117E·OS 
20 304.55 .138E+04 .751E+OO .177E+OO .255E·02 .158E·06 
21 304.64 .139E+04 .751E+OO .177E+OO .339E·02 .167E·07 
22 304.75 .139E+04 .750E+OO .177E+OO .435E·02 .141E·08 
23 304.89 .139E+04 .749E+OO .177E+OO .546E·02 .971E·10 
24 305.10 .139E+04 .748E+OO .177E+OO .672E·02 .550£·11 
25 305.48 .139E+04 .747E+OO .177E+OO .813E·02 .262E·12 
26 306.48 .139E+04 .746E+OO .177E+OO .962E·02 .117E·13 
27 309.70 .139E+04 .746E+OO .178E+OO ·.109E·01 .118£·14 
28 321.46 .138E+04 .752E+OO .182E+OO .105E·01 .467E·15 

LIQ. MOLE FRACT. ·······································>! 
S(DIS) C02 N2 CH4 H2 CO 

.OOOE+OO .000£+00 .OOOE+OO .OOOE+OO .OOOE+OO .OOOE+OO 

.lOOE-03 .OOOE+OO .OOOE+OO .OOOE+OO .OOOE+OO .OOOE+OO 

.300E·03 .503E·01 .125E·02 .278E·04 .952E·03 .809E·03 

I 

LIQ. MOLE FRACT. 
S(DIS) 

.695E·09 

.140E·08 

.212E-08 

.292E-08 

.424E·08 

.258E-03 

.258E·03 

.258E-Ol 

.292E·03 

.293E·03 

.295E-03 

.299E·03 

.307E·03 

.322E·03 

.345E·03 

.370E·03 

.388E·03 

.395E·03 

.397E·03 

.397E·03 

.396E-03 

.396E-03 

.396E·03 

.395E·03 

.394E·03 

.394E·03 

.394E·03 

.397E-03 

C02 
.264E·02 
.264E-02 
.266E-02 
.269E·02 
.283E·02 
.574E·01 
.623E·01 
.632E-01 
.599£-01 
.623E-01 
.633E-01 
.636E-01 
.637E-01 
.637E·01 
.637E·01 
.636E·01 
.635E·01 
.634E·01 
.633E·01 
.633E·01 
.631£·01 
.630E·01 
.629£-01 
.627E-01 
.623E-01 
.616E-01 
.593E·01 
.519E·01 

--------------------------------------->1 
N2 CH4 H2 CO 

-.124E-03 .906E·06 .101E-03 .496E-04 
.124E-03 .907E-06 .101E-03 .496E·04 
.124E·03 .911E-06 .101E-03 .497E-04 
.124E-03 .923E·06 .101E-Ol .498E-04 
.121E·03 .963E-06 .990E-04 .491E-04 
.346E·02 .419E·04 .241E·02 .190E·02 
.237E·02 .384E·04 .166E·02 .139E·02 
.230E-02 .382E·04 .160E·02 .133E-02 
.313E-02 .400E·04 .217E-02 .163E-02 
.• 256E·02 .386E-04 .178E·02 .148E·02 
.235E·02 .378E-04 .163E-02 .138E·02 
.227E·02 .373E-04 .157E·02 .132E-02 
.224E-02 .371E-04 .155E-02 .130E-02 
.223E-02 .371E-04 .155E·02 .129E-02 
.223E-02 .370E·04 .155E·02 .129E-02 
.224E-02 .370E·04 .156E·02 .129E·02 
.225E·02 .371E·04 .157E·02 .130E-02 
.226E-02 .371E·04 .157E·02 .130E·02 
.227E·02 .371E·04 .158E·02 .131E·02 
.228E·02 .371E·04 .159E·02 .131E·02 
.230E·02 .372E·04 .160E·02 .132E-02 
.231E·02 .372E·04 .161E-02 .133E·02 
.232E·02 .372E·04 .162E·02 .133E·02 
.233E·02 .372E·04 .163E·02 .134E·02 
.234E·02 .371E·04 .164E·02 .135E·02 
.232E·02 .368E·04 .163E·02 .134E·02 
.216E-'02 .352E·04 .154E·02 .126E·02 
.128E·02 .287E·04 .982E·03 .835E-03 
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Table 7.5: Continued 

***** VAPOR STAGE FLOWS ***** 
STAGE ' I TEMP I TOTAL FL~ I<······································· 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 
11 
12 
13 
14 
15 
16 
17 
18 
19 
20 
21 
22 
23 
24 
25 
26 
27 
28 

INLET 

KELVIN GMOLE/SEC SOLV H20 H2S S02 
303.78 .245E+04 .671E·07 .170E·02 .781E·06 .614E·06 
303.78 .245E+04 .222E·06 .170E·02 .781E·06 .617E·06 
303.79 .245E+04 .735E·06 • 169E·02 .781E·06 .617E·06 
303.84 .245E+04 .243E·05 .165E·02 .782E·06 .617E·06 
304.08 .245E+04 .802E·05 • 148E·02 .782E·06 .617E·06 
305.27 .245E+04 .264E·04 .612E·03 .782E·06 .618E·06 
304.75 .247E+04 .257E·04 .599£·03 .970E·06 • 159E·05 
304.23 .247E+04 .249E·04 .603E·03 • 118E·05 .368E·05 
303.73 .247E+04 .239£·04 .671E·03 .167E·05 .827E·05 
303.85 .248E+04 .240E·04 .674E·03 .362E·05 .818E·05 
303.91 .248E+04 .241E·04 .675E·03 .764E·05 .795E·05 
303.95 .249£+04 .241E·04 .676E·03 .160E·04 .748E·05 
303.99 .249£+04 .242E·04 .678E·03 .333E·04 .663E·05 
304.05 .249E+04 .243E·04 .681E·03 .683E·04 .529E·05 
304.14 .249£+04 .244E·04 .684E·03 • 136E·03 .350E·05 
304.23 .249£+04 .245E·04 .688E·03 .255E·03 .174E·05 
304.32 .249£+04 .246E·04 .691E·03 .440E·03 .603E·06 
304.39 .249£+04 .246E·04 .693E·03 .685E·03 .147E·06 
304.46 .249£+04 .247E·04 .695E·03 .983E·03 .261E·07 
304.55 .249£+04 .248E·04 .698E·03 .133E·02 .353E·08 
304.64 .249£+04 .249E·04 .701E·03 .173E·02 .373E·09 
304.75 .249E+04 .251E·04 .705E·03 .220E·02 .316E·10 
304.89 .249£+04 .253E·04 .711E·03 .274E·02 .218E·11 
305.10 .249£+04 .258E·04 .723E·03 .335E·02 .124E·12 
305.48 .250E+04 .269£·04 .754E·03 .406E·02 .603E·14 
306.48 .250E+04 .292E·04 .845E·03 .484E·02 .289£·15 
309.70 .250E+04 .342E·04 .112E·02 .568E·02 .385E·16 
321.46 .250E+04 .397E·04 .190E·02 .• 637E·02 .221E·16 
368.00 .249£+04 .OOOE+OO .290E·02 .614E·02 .OOOE+OO 

VAP. MOLE FRACT. ·······································>I 
S(DIS) C02 N2 CH4 H2 CO 

.448E·30 .187E+OO .419E+OO .147E·02 .277E+OO .115E+OO 

.OOOE+OO .187E+OO .419E+OO .147E·02 .277E+OO .115E+OO 

.OOOE+OO .187E+OO .419E+OO .147E·02 .277E+OO .115E+OO 

.OOOE+OO .187E+OO .419E+OO .147E·02 .277E+OO .115E+OO 

.OOOE+OO .187E+OO .419E+OO .147E·02 .277E+OO .115E+OO 

.OOOE+OO .187E+OO .419E+OO .147E·02 .277E+OO .115E+OO 

.OOOE+OO .191E+OO .417E+OO .146E·02 .275E+OO .114E+OO 

.OOOE+OO .192E+OO .417E+OO .146E·02 .275E+OO .114E+OO 

.OOOE+OO .192E+OO .417E+OO .146E·02 .275E+OO .114E+OO 

.OOOE+OO .195E+OO .415E+OO .146E·02 .274E+OO .114E+OO 

.OOOE+OO .196E+OO .414E+OO .146E·02 .274E+OO .114E+OO 

.OOOE+OO .197E+OO .414E+OO .146E·02 .274E+OO .114E+OO 

.OOOE+OO .197E+OO .414E+OO .146E·02 .273E+OO .114E+OO 

.OOOE+OO .197E+OO .414E+OO .146E·02 .273E+OO .114E+OO 

.OOOE+OO ,197E+OO .414E+OO .146E·02 .273E+OO .114E+OO 

.OOOE+OO .197E+OO .414E+OO .146E·02 .273E+OO .114E+OO 

.OOOE+OO .197E+OO .414E+OO .146E·02 .273E+OO .114E+OO 

.OOOE+OO .197E+OO .414E+OO .145E·02 .273E+OO .114E+OO 

.OOOE+OO .197E+OO .414E+OO .145E·02 .273E+OO .114E+OO 

.OOOE+OO .196E+OO .413E+OO .145E·02 .273E+OO .114E+OO 

.OOOE+OO .196E+OO .413E+OO .145E·02 .273E+OO .113E+OO 

.OOOE+OO .196E+OO .413E+OO .145E·02 .273E+OO .113E+OO 

.OOOE+OO .196E+OO .413E+OO .145E·02 .273E+OO .113E+OO 

.OOOE+OO .196E+OO .413E+OO .145E·02 .273E+OO .113E+OO 

.OOOE+OO .196E+OO .412E+OO .145E·02 .272E+OO .113E+OO 

.OOOE+OO .195E+OO .412E+OO .145E·02 .272E+OO .113E+OO 

.OOOE+OO .195E+OO .412E+OO .145E·02 .272E+OO .113E+OO 

.OOOE+OO .194E+OO .412E+OO .145E·02 .272E+OO .113E+OO 

.OOOE+OO .190E+OO .413E+OO .145E·02 .273E+OO .113E+OO 

YOUT(H2S) = .8 ppm; YOUT(S02) = .6 ppm; YOUT(SOLV) = .07 ppm. 

EXTENT OF H2S RXN = 5.1 PERCENT; EXTENT OF S02 RXN = 99.6 PERCENT 

DGM ABSORPTION FACTOR, L/mV, AT STAGE 1 = .258E+03; S02 ABS. FACT. AT STAGE :6 = .325E+01 

H2S ABSORPTION FACTOR AT STAGE 9 = .129E+01; AT BOTTOM= .894E+OO 

DISSOLVED SULFUR DID'NT EXCEED LIMIT OF .491E·03 m.f. ON STAGE 27 



Figure 7-1: Primary Absorber of UCBSRP 
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Appendix 

The three appendices to this report (see Table of Contents) are available upon 
request from: 

Professor Scott Lynn 
Department of Chemical Engineering 
University of California 
Berkeley, CA 94720-9989 
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