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DISCLAIMER

This document was prepared as an account of work sponsored by the United States
Government. While this document is believed to contain correct information, neither the
United States Government nor any agency thereof, nor the Regents of the University of
California, nor any of their employees, makes any warranty, express or implied, or
assumes any legal responsibility for the accuracy, completeness, or usefulness of any
information, apparatus, product, or process disclosed, or represents that its use would not
infringe privately owned rights. Reference herein to any specific commercial product,
process, or service by its trade name, trademark, manufacturer, or otherwise, does not
necessarily constitute or imply its endorsement, recommendation, or favoring by the
United States Government or any agency thereof, or the Regents of the University of
California. The views and opinions of authors expressed herein do not nccessarily state or
reflect those of the United States Government or any agency thereof or the Regents of the
University of California.
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AN ECONOMIC STUDY OF SULFATE. REMOVAL FROM BRINES WITH
BACTERIA BASED ON A HYPOTHETICAL DESIGN

Ronald H. Charron and Charles R. Wilke

~ Lawrence Radiation Laboratory
University of California -
Berkeley, California

August 17, 1966

ABSTRACT .
A practical application of the ability of a strain of Desulfovibrio

to reduce sulfates to sulfide in concentrated brines is proposed.’ Using
kinetic data from previous studies on the salt-tolerant strain, a continuous
process for removal of;sulfates from a ten per cent brine is designed, and
the economics of the process.are determined. 4 ;omparison is made with the
economics of a conventional process which remoVeé sﬁlfétes~by precipitation
with barium chloride. The’résults indicate that the bacterial process may
be more economical for removing sulfates from brines of ten per cent NaCl
or less, especially when large volumes are handled. '

| A proposal is made for adapting the bacterial reduction process to
reclaiming sulfur from seawater, using a cheapbcarbon Source such as:Sewagé,.

and utilizing the sulfate-free-efflueht as feed for ,a seawater conversion

plant.



Cost estimates are made based on the proposed design. These are
compared with cost estimates for a plant removing sulfate from saturated ‘i}-
(26.7%) brine by precipitation with barium chloride. Since the bacteria
are not able to grow well in saturated bfine, the additional cost of pro- 4
ducing saturated brine from 10 per cent Brine'by evaporétion is congidered. '
Costs of the two processes for removing sulfates from brines of 10 per cent
- and less‘ére estimated and compared. -
| A further‘épplication of bacterial reduction of sulfate in re-

covering sulfur from seawater is hypothesized.

14
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II. PRODUCTION OF SULFATE-FREE TEN PER CENT
BRINE BY BACTERIAL SULFATE REDUCTION

A. Description of the Sulfate-Reducing Bacteria

In this study, the term sulfate-reducing'baétéria refers to the

Gram-negative, obligately-anaerobic vibrio of the gen&s Desulfovibrio.

'Though several species have been identified it is sufficient in this study

to refer merely to the genus or to sulfate-reducing bécteria in general.
The particular organism studied by Leban and Wilke,2 and Edwards,} from

which kinetic data for this work is taken, was isolated from mud at the

o bottom of.salferns of the Leslie Salt Co. on San Francisco Bay.

Desulfovibrios carry out sulfate reduction as an integral part of

an energy-yielding"respiratory'mechaﬁism analogous to oxidative bhosphory—

Jlation in aerobic metabolism. A mole of sulfate, as terminal electron

acceptor, accepts 8 electrons as it is reduced to sulfide, thereby ‘
oxidizing the hydrogen-donaﬁihg substrate, which may be gaseous hydrbgen
or any one of a large number'of’organic compounds. Oxidation of organic
compounds is characteristically incomplete, invariably reSulting in the
formation of acetate. For example, the oxidation of lactic acid follows
the relation ' '
CH .
R P e | o=
2 HCOH + 80, -~ 2 CO, + 2 CH, COOH + 5. + 2 H.O
] T 2 3 _ ' 2
COCH ' ‘
The cell obtains the carbon for growth from assimilatory reactions. A
more complete description of the organism and its isolation, cultivation,

and metabolism is given by Leban and Wilke.
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B. Growth and Kinetic Experiments

Barly experiments2 on the salt-tolerant Desulfovibrio were cticlcd ‘)
out on a batch basis, the bacteria being allowed to grow in botties frow
which the air was excluded,‘and samples taken over a,pariod of aevéral aays
to determine. cell concentratipn, sulfide concentration, ahd lactate con- .
centration. Media used for the'majority of the experiments contained lactic
acid as a carbon source. ' o

| Later work3 involved kinetic experiments with s pontinuous_cultivator.
The growth.medium used was Medium M, described in Appendix E. The fermen-
tation vessel consiSted of a,2.5-iiter enclosed glass cylinder. fTemperature
control_was accomplished by flowing water through a jacket. Stirring was
. achieved by & magnetiq mixer. Sulfide concentration was controlled by '

metering H2s and N2 through the fermentationibrothi' Nutrient medium'was
introduced at a controlled rate with a peristaltic pump and overflowing

broth was collected in a waste bottle. A schematic description of the
»apparatus is shown in Fig} 1. .Kinetic.dafa ffom this apparatus are used

in this study and shown in Figs. 3 and b,

Most experimentS'performed on' the salt-tolerant strain were with |
media containing 10 per cent NaCl and lactic acia. The bacteria grew welil
in 10 per cent salt but more slowly in 16 per cent salt. It can be ex-
pected that growth would be even less faverable in saturated.salt solutibns,
but quantitative information is laéking. The experimanﬁs showed that the -
addition 6f yeast extract to the growth medium improved growth rates. Uae
of this data for design of an industrial-scale fermentation where yeast

extract is not added is therefore not strictly valid unless it is assumed

that the raw material used as nutrient {molasses) contains some‘of the

growth factors evidently present in the yeast extract.

¥ <

.b/.
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" Therefore the present study must be regarded as a preliminary
assessment to determine whether or not further study of this method for
sulfate removal would be justified. For a more accurate assessment, ki-
netic and yield data should be obtained with substrate and process

conditions corresponding more closely to the proposed process.

C. Process Description

1. Design Basis

In order to determine the pconomlc fea51b111ty of bacterial sulfate
reductlon, the costs involved in remov1ng the sulfate from a given quantity
of sulfate-contalnlng rock salt by this method is compared with the costs
of remoﬁing the sulfate from the same quantity of rock salt by precipitation
of barium sulfate from barium chloride. The initial comparison is made
between a plant which produces a 10 per.éent sodium' chloride brine with"
bacterial sulfate removal and a plant producing saturated brine (26.7 per
‘cent sodiﬁm'chloride)‘with bafiUm‘éhloride-precipitafion. A comparison is
then made between the costs for the same barium chloride plant:and th
costs for a bacterlal sulfate reduction plant produ01ng saturated brlne
~concentrated from 10 per cent by evaporation. '

The reason for deslgn on the basis of 10 per cent brlne in the
case.of bacterial sulfate removal is that the laboratory studies on which

the désign is based involved the growth of Desulfovibrio in a 10 per cent

sodium chloride medium,e’3 It is felt that an extrapolation of the kihetic

data from a 10 per cent environment to 26.7 per cent would not be warranted

but that useful conclusions could still be drawn from the design of a plant
processing 10 per cent brine, providing the same quanfity of sulfate were
processed as that in'the bafium chloride process. o

‘The plan® size chosen for this study is based on a daily chlorine
production of 50 fons. With a consumption of 1.7 tons of'sodium chloride

'per-tonaof chlorine, the amount of rock salt proqused is 85 ths'per_day.

. - ;VT;»"‘ (



e

& <

_"(..

Losses”df salt in the purification step are assumed negligible. 'This
plant capacity is probably about the average for the caustic-chlorine

industry, althbhgh the recent trend is to build plants‘in excess of 100

tons per day.

. No attempt is made in proposing the plant de51gn to choose the

most favorable plant location and it is assumed that the cost factors

‘due to location average out to a negligible value. The rock salt used by

"the plant comes from Kingman, Kansas, and a logical choice for'plant site

would perhaps be in this area. This particular rdck salt was chosen for

~ the study because the relatively high sulfate content woﬁld dictate the

neéd for purification in application to the chldrihe—caustic process.
Advantages of sulfate removal by bacteria would ldgically be more likely
in treatmént of brines of high sulfate cohtént, since larger quantities
of expensive barium chloride would be required pér unit.of rock salt

proceéséd. The compositionvof ﬁhe rbck salt of interest is shown in’

~.Table l.u

In’theidesign, the fdlloﬁing further assumpfions are made:

(a) The land‘necessafy for the plant is already owned and available.

(b) Facilities for utilities such as steam and cooling water are
available for use, having been built to‘sefve a hypotheticél
chlorine—caustic complex or other nearby chemical plant.

~(c)  storage and handling facilities for the roqk salt have been

built. | | | | S

(d) Administrative offices, laboratdries, cafeteria, clinic, etc.,
and attendant personnel are in existence as part of the-com-l |
plex as a whole.

(e) Capital is company-owned.

©
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Table 1. Composition of rogk salt from
Kingman, Kansas

Constituent » % by weight

NaCl - : 97.51
‘CaSOA -. . | 1.51
MgCl2 o -.0.10
Fe205 : | o 0.11

Insolubles ' o iO.EO

. Per cent by weight SOE = 1.46%

be‘



2. General Process Description

The process can be divided into several steps, as’ 1llu7Lrabed in
Fig. 2. '

a. Feed preparation. First, the sulfate-containing rock salt must be dis-

solved in water along with a suitable carbon substrate and other nutrients

for growth of sulfate-reducing bacteria.

b. Anaerobic fermentation. This is the main step of the prbcess.

- Desulfovibrio is allowed to grow in a continuous cultivator under strictly

anaerobic conditions. - Cellular materlal is formed at the expense of the
caroon substrate ‘while the energy for cellular activity is obtalned by re-

duction of the sulfate in the brine to sulfide.

c. Removal of H 8. The sulfide formed from the sulfate is bartially evolved

as HES in the fermentor, but the remainder stays in solution. This sulfide

must-be‘remo&éd;'preferably‘as.H S, from the brine stream and suitably

2
disposed of. '

d. Removal of organics. Unmetabolized organic material and additional

organic matter produced in the ahaerobic fermentation must also be removed

from the brine before it can be used.

e. Clarification. Finally, the brine_stream is freed of all particulate

matter and is decolorized, emerging as a clear,'sulfate—free effluent.

3. BSelection and Design of Process Steps

In this section, the development of theifinal process is described,
as alternative methods of carryingsouﬁ each process step are discussed ahd 
the design of the major processing‘equipment is carfied out. Design cal-
culations for minor and auxiliary equlpment for the process are shown in

Appendix A. ’ o N
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a. Feed preparation. The initial design for preparing feed solution for

the fermentation involved three large agitafed tanks for dissoiving rock
salt and mixing in nutrients batchwise, each tank discharging its contents
alternately after one hour of mixing into a large holding tank. Thin Az-
éign proved éQstly in ferms of capital iavestment and labor requirements

and a more economical continuous system was designed. The continuous system
is a variatibn of the method for producing saturated brine from rock salt v
for the caustic-chlorine industry, namely, the téchnique of passing'waﬁer

through a bed of rock salt 5o that it emerges completely saturated in

‘sodiumvchloride. "Rock salt from a large pile or storage bin is fed con-

tinuously to a belt conveyor which transfers the salt at a rate of 7,090

pounds per hour to the top of a 20-foot concrete saturation tower. The

" tower is thus kept full of rock salt while 19,000 pounds per hour of pro-

cess water'fldws upward through'the'salt'bed and overflows at the top fully
saturated with godium chloride. The saturated brine flows by gravity to
a 2,000-gallon blending tank where it is diluted continuously with 42,800
pounds per hour of process water to a concentration of about 10 per cent

sodium chloride. The necessary nutrient, molasses, and the minerals,

“phosphoric acid;.ammonium chloride and sodium sulfide, are pumped at con-

stant flow rate from storage tanks and mixed with the brine in the blender
to form a continuous stream Qf nutrient medium for fhe microbial sulfate
reduction. This method eliminates the need for controlled feedingbof rock .
salt to a dissolving tank that would require a higher residence time than
a blending tank which handles fluids only. | i
'The storage tanks for molasses and phoéphoric acid are designed for
one month's.supply, while the mineral storageitank'holds appfoximately one
day's supply: 'Mineral solution is made up daily in a batch mixer. The '
feed blender is aesigned for an average residence time of fifteen minutes.
Calculations on ‘the design of the feed preparation équipmeht including
conveyor, saturation tower, blending tank, storage tanks andvaésociated

pumps are shown in Appendix A.
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b. Anaerobic fermentation. Klnctlc data by Leban. et al 5 ‘and Pdwards end

Wilke,b are used to de51gn a fermentor for carrying out sulfdte reduction
by bacteria. ‘A sulfate-removal efficiency of 99 per cent is chosen because
it corresponds to a sulfate concentration in the fermentor. (and efflucnt®

' concentration) of 0.2 mM/l, for which data from a continuous laboratory
experiment are avéilable,'as shown in Figs. 3 and 4. These data, however,
most likely do not demonstrate the true dependence of specific growth rate
on sulfate concentration. In designing the fermentation system, sulfate
concentration is assumed to be the limiting growth factor, while it appears
that the curve of Fig. 3 does not pass through the origin as it should

for true sulfate limitation. Unfortunately, these are the only kinetic

data available for design purposes, since, as Leban and Wilke2 have pointed

out, very little quantitative data on sulfate reduction by bacteria has
been published in contrast to the considerable research done on physiology,

morphology and ecology of genﬁs Desulfovibrio. InveStigatiQn of sulfate-

: limited growth kinétics is necessary if the economic advantagés of sulfate
removal from brines or other solutions are to be exploited. The data
further suffer from the fact that the laboratory: medlum for growth con-
‘tained yeast extract which was shown to be an 1mportan factor in the

"grOWth rate of Desulfovibrio. Further research would demand the inveéti-.

gation of growth'ﬁnder cdnditions expected in,a‘large-scale,application;

For instance, the utilization of bacteria for recovering sulfur
from seawater would require knowledge of -growth kinetic; in seawater with
nutrients such és molasses oOr even raw seﬁage as carbon sources. Use of
yeast extract to furnish growth factors on a industrial scale would be
prohibitive becaﬁsé of high cost. It is -possible that these unknown
growth factors may be present in molassés or raw séwage, however.

Use of tﬁé.data from Figs. 3 and 4 will give only an approximate
design flgure for a fermentor, but if the cost of the fermentor is not the
dominating factor in the economics of the prOCcss,‘conclus1ons may still

- be drawn concerning the feasibility of the method.

%
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The following fermentor designs were considered for carrying out

'sulfatevreduction:

(a) Single-stage, stirred tank.
- (b) Two-stage, stirred tank.
(c) Single- stage, stirred tank with centrlfuge recycle
» 0f these three alternatives, the single- tage stirred tank wlth
centrifuge reéycle shows the most promise on the basis. of econOmy. Approxi-

mate installed cost of each alternative design is given in Table 2. The

contributing factor to high cost in the first two designs is thé tremendously '

large volume--on the order of 1 million gallons--necessary to carry out
the leWIfermentation process.. With such large volumes, adequate mixing
is a definite problem. _ ' v _ ‘
By centrlfugatlon of the effluent from the fermentor, the cells are
concentrated in a slurry and-returned to the fermentor. -A high steady-

state concentration of cells is maintained in the fermentor in this manner,

' thereby'reduCing the required volume by a factor of about 200.

The deéign calculations for the single-stage and two-stage stirred

. tank fermentors are shown in Appendix A. ‘Design of the single-stage

-bfermentor w1th centrifuge recycle is carrled out as follows:

(1) D631gn of fermentor:
Design criteria:

 Initial sulfate s_ = 18.3 mM/1 (millimoles per liter)

]

Effluent sulfate s O:é”mMyl (99 per cent reduction)

1
Dry weight of cells

10_12 g/cell

Wet‘weight'of cells

i

2.5 x 10712 g/cel1

Volume of cells 2.5 X 10732 ml/cell (density 1 g/cc)

It

v”/
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"
Table. 2. vInstalled costs of various fermentor designs 4
Design Type Tnstalled Cost, February 1966
. Single-stage stirred tank $153,000 _
Two-stage stirred tank 123,000
Single-stage stirred tank,
centrifuge recycle 5l ,000
A
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The maximum practical concentration of dense culture obitained in
the fermentor is assumed to be 10 per cent cells by volume.

10% by - volume =.0.1 ml cells /ml solution

x, = (0.1ml cells/m1)/(2.5 x 1o*lgml cells/cell) = b % 10 cells/ml

This represents a concentration 150 tlmes the normal ma ximusi concentration

obtained 1n a batch culture.
A continuous centrifuge is used to concentrate the effluent and the

thickened slurry is recycled back to the fermentation vessel. Assuming

 the returned slurry is 50 per cent cells by volume, (see following section :

on design of the centrlluge) the concentration factor, c, will have a

~value of 5.

Referring to Fig. 5(c), a cell balance over the entire system

yields at steady-state:

F . o - : :
7 Xp = HX) _(l>
1
where F = volumetric flow rate, gal/day
Vl = volume of fermentor, gal '
Xy = cell concentration in effluent streém, celis/ml

i = specific growth rate of the cells, day—l

A sulfate balance over the entire system gives:

E fog-s ] L) : (2)
_Vl o1 Xy dtﬁ 1 » | E
i dsl - . . R o ‘
where | 7= == | = specific rate of sulfate reduction,
1 , ,

mM/ (cell) (day).
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Fig. 5. Alternative designs of a continuous culti_ira,tor for bacterial

_sulfate ‘reduction.
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Fils ~-s
o

¢ l - . :
Then, V. = ' : , (3)
1 1 dsl . -
xlvdt Sl
for sy = 0.2 mM/1
' 1 :
u = 0.13% day from Fig. 3

1 95y -10 | |
3 |=0.125 x 107 mM/ (cell) (day) from Fig. 4

1 |
? _ (18.3-0.2)(187,000)
1 (0.125 x 1079 x 107
. Vlv= 6770 gallons

“From Eq. (1) ',

-

mH
1
»
|._J
————
ﬁl <
]
L S—
=

+

5 = (u?x 1010)(52%%%65)(0;13) =:1.88_x 108-¢ells/m1 :

o]
It

A cell,baiaﬁée on the centrifuge yieids:

xl(l + e)F = cx,eF + Fx,

where ¢ is the fraction of feed recycled to the fermentor and ¢ 1is the

concentration factor, héving a value of 5 as previously mentioned.
1%

Xl c-1

S1i; - >>xt
. blnce Xq . Xe .

|-

€. =

Q
)

1 e
57 = 025

m
il
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The recycle rate eF will then be:

= (0.25) (7800 gal/hr) = 1950 gal/hr = 32.5 gpm »,
‘The concentration in the recycle stream cxl, is: ;

= 54 x lOlO cells/ml) = 2 x‘loll cells/ml

The reduction in ferdentor volume from the case of'absingle-stirred-
tank fermentor is more than 200- fold. The investment cost including the
centrifuge is lower than for the other de51gns, as shown in Table 2.

(2) De81gn of centrifuge: '

The design of & continuous centrifuge from theoretical principles
alone is not generally possible in the present.state of knowledge. The
-scale-up method of Ambler15 may be useful when pilot-plant or laboratory"
data are available but in most cases full-scale test runs by the manu-
'facturer are neceseary for determining whether a given separation can be
accomplished»by centrifﬁgation. This is especially true invthe case of ” /:_
the disc-type centrifuge with nozzle discharge, where such variables as |
the nozzle diameter are determlned by trial-and-error in full scale equip-
ment. Nozzle-discharge centrifuges such as manuiactured by Delaval find
.use in the separation of yeast "eream" from the Termentation broth-in the
manufacture of bakef‘s yeast. These ceetrifuges can handle large volumeés
of slurry and can concentrate solids up to 50 per cent by weight, 2 and are
therefore sultable for the purposes of thls de51gn ' '

3

Perryevand Flood” have given a few design criteria from which
an approvriately-sized disc centrifuge may be chosen and.its cost esti--
mated. Cost data taken from Flood are plotted end shown in Appendix F.

v The'centfifuge should be-able to hendle 165 gpm or more of liquid
throughput- and discharge up to 1.6 tons of dry solids per hour. According:
to Perry and Flogd, a nozzle—discharge centfifuge-with a 30-inch bowl would "
be required for these conditions. This tyﬁe’of centrifuge,typically draws

15 to L0 v hr/ton. With 4 tons/hr of solids (wet basis) the power required &



is 100 kw hr or 135 hp, which is typical of examples.given by Perry;. The

presence of hydrogen sulfide requires the use of stainless steel for all

‘wetted parts.

Since this design has nof been based on expérimental‘work with
centrifugés,'there is no . guerantee that it will work. Neither has the
assumption that the kinetics will remain the same for dense cultures as in
usual cultﬁres.been tested expefimentéllyu At best, it is an adaptation
of -a design that has found some use, though not extensive, in the fermen-
tation industry. It is proposed in this study because of the economic

advantages it offers. Its successful ekﬁloitation in industry requires

more research into kinetics of dense cultures and centrifugation of bac-

terial cells.

¢. Removal of H2§. Sﬁlfides in solution are highly corrosive’ to metals

- and even concrete and as such are much less tolerable than the sulfates

from which they briginated. There are several methods which can be used
forbremovaliof sulfides: ‘1 ' '
(1) Oxidation of-sulfides to sulfur with Cl,

(2) Formation of insoluble sulfide, e.g., FeS
(3) Stripping H,S with air
L)

(

.The first two methods are simple and inexpensive-when the level of

Steam-stripping HQS

sulfides is low. . But they introduce new contaminants to the brine stream

and since precipitates are formed, further processing is required. It is

not likely that sulfur or a usable sulfur product can be recovered econom-

| ically from the first two methods since the precipitates will be mixed with
cells and cellulgr debris from the fermentation and_activéted-sludge DYro-

cess (which is discussed in the next section dealing with removal of organics).

If the pH is 7.0 or less, a majority of the sulfide can be stripped out'.as
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HQS', Stripping with air is a widely-used techniqué and is effective in

HQS removal. The major drawback in this case is that the H2

luted by a large volume of air, making recovery of the gas forioossible

S gas is di-

sulfur manufacture difficult. Release of the H Jo-=containing air to wv
7 ammouphcxo 16 o be avoided, gince 1t presents an air-pollution problen.

© Steamn- strlpplng has the advantage of producing an effluent gas
rich in HES making it directly amenable to sulfur recovery and ellmlnablng
the pollutiodn problem. A full dlscuss1on of various alternatlves for dis-
posal of the HS is given in Section D of this chapter.

_ For this study, we will postulate thatAHes 1s not to be discharged
to the alr, keeping the process as clean as possible. This dictates that
a steam strippervshould be'incorporated into the process. The procedure
involved in the de51gn of the strlpper follows:

(1) Calculation of sulfides in gas and llquld effluents from the

fermentor

Formation of gas in the fermentatlon generally follows the stoichi-

" ometry

6H1206 + SOM -2 CO2 +.2CH5COOH + EHQO + S

‘Thus, for every mole of HES formed, two moles of 002 are also Tormed.
The flow rate of rock salt is 85 tons per day or 7090 lb/hr. With
sulfate at 1.46 per cent, and with a 99 per cent conversion of sulfate to -

sulfide, the amount of H,S potentially produced is calculated as (0.0146)

(7090) (0.99) (34/96) = 36-§b Hgs/hr. The amount of CO, formed will be (2)
(36)( uu/au = 93 1b/hr. o ' -
Both the H S and CO2
accordlng to thelr respective SOlubllltleS Figures 6_and T give the
~solubilities of HES and 002 in NaCl brines as a function of temperature.

The broken curves are extrapolations or interpolations which should be

will dleolve to a certain extent in the brine,

[ G
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. Fig. 6. Solubility of H,S in wa’ter and NaCl brineé.55"52 NC = g-equiv.
of NaCl per liter. O = volume of HQS at STP per volume of sclution.
Partial pressure of H-2_S = 1 atm. :
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Fig. 7. Solubility of CO. in water and NaCl brines.55’5- MC = moles
' NaCl per liter. O = volume of CO, at STP per volume of solution.
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Partial pressure of CO2 = 1 atm. . :
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reasonably accurate. These curves .show that the presencevbf NaCl lowers
i the solubllities of the gases. '

An HES material balance on the fermentor illustrated in Fig. &
bF » may be written as:
* | le +_ylG = 1.06

mole fraction H.S in liquid

wnerg xl.ﬁ 5
Ny ='mole fraction HES_in effluent gas
L = total liquid molar flow rate, lb-moles/hr
G = total gas molar flow rate, lb-moles/hr

Similarly forvcoe,
xeL‘+ yeG f 2.12 “
H 8 and CO, in the gas are in equilibrium with the liquid ac¢ordingf'

to Henry's law: _
: H x

17l
Y1°7D
CHx
Y2 TP
where Hl’ H2 = Henry's law constants for.HQS and CO2

P = total pressure
An additional equation can be written:
Since the gaseous species are very dilute in-the liquid, L can be closely

estimated as the total molar flow of water and NaCl.

- gbﬁm lb-meles/hr
. | - water 61,900 - o 3uLO-
‘ NaCl - 6,910 118

- . . . .

L = 3560 lb-moles/hr
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Fig. 8. Distribution of HQS and CO2 in liquidAand'gas effluents from the. :
"anaerobic fermentor. )
Y




o7-

As estimated from Fig. 6 at 30°C, 1 atm partiai pressure,
i ' o’ - .
1=

is . calculated as follows:

1.48 1 HQS/l H,0. For dilute solutions, i Henry's law:constant

'T Since Hi = pl/xl
: | w30 _ 1atm . _
, 1 (L.48 1,H25/1 Hgo)/tée.n l.HQS/g-mqle)(55.5 g-moles/1 0
30 - |

q

i

N 840 atm/mole fraction

From aBS = 0.4 : -

HBS = 2700 atm/mole fraction

We have written five equations,.and now there are five unknowns,

X1 Y95 %55 Ypo G, which can be solved for.

‘ L
Thus, 'yl = 0.191
v, = 0.809
<k
x, =2.28 x 10
X =2 99 x'lo“u
AQ,_ .
L, = 0.81 lb-moles/hr = 27.6 1b/hr
L, = 1.06 1b moles/hr = 4g.7 1b/hr
Gy o= 8.4 1b/nr
G, = k6.3 1v/ar

(2) Design of steam-stripping column:
Heving established the concentrations ofIHas and C02 in the brine\

from the fermentgr, a suitable steam-stripping column for removal of the

remaining gases can be designed.
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Consider the column illustrated in Fig. 9. Overall material

balances for HES and’CO2 are: » | - _ ' E
L(gi - xi) = GEyf (1) ;
L(xg -Vx;)»= GEYg (2) |

also, ¥y + ¥, * ¥y =1 (3)

and  ¥g - % (&)

The subscripts 1, 2, S refer to H S, CO aﬁd éteam, respectively.

2 2
Gy 1s the total molar flow of gas in the column effluent.
The following assumptions are made about the operation of the
column: v

(a) The steam flow rate Gg is constant throughout the column.
(b) The column operates isothermally at 212°F and the total
. pressure in the column is constant at 1 atm (pressure drop
is negiigible). ' \ ' -
(c)  The brine molar-flowlrate, L, is constant.

Writing material balances for H.S and CO 'on‘the‘nth pléte in_the'cblumn,

2 2
n , n+l . - P
¥y . Y1 ol s n+l (5)
Cs 1 n_on. l.-‘ n+l  n+l|i S ] 2
Yy T ¥y A0V TV
( 0 _ yn+l - ' .
2 _ 2 - n _n+l w
Gg N n o on 1 n+l  n+l ol L[;Q B XQA] (9)
RS- T SR R | | R
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{7 L Feed Gg Exit goses
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W
. . . : i MUB-12232 _
- Fig: 9. Material balances on the n ‘plate of a bubble-plate steam

- o . stripper.
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Q

recalling thaet x, and x, < < 1, Equations (5) and (§) dcscrjbé the

1 2 .
operating line of the column on a McCabe-Thiele type diagram. The equili- B
brium relationships for the n' plate are represented by Henry's law at I atm: |
n+l . n ' _ . i v
yl = Hlxl . . . \7/ .
n o »
y2+l = H2x2 ‘ v e
The Henry's law constants are obtained from Figs. 6 and 7. For.
H,S, at 100°C and 1 atm partial'pressure,'
100 .
al = 0'975
100 R -
H = 1/(0.975)/(22.4)(55.5)
Hl‘ = 1280 atm/mole fraction
similarly, '
OéJ_OO - 0.215
2 o
100 . '
Hy O = 1/(0.215)/(22.4)(55.5)
Hy =579 atm/mole fraction
The liguid molar flow rate is 3560‘lb—moles/hr. The steam rate GS is
specified at 5 lb-moles/hr. This value was obtained by roughly doubling
the minimum steam flow rate of 2.11 lb-moles/hr calculated from a McCabe-
Thiele diagram (Fig. 10) for the binary system H,S-H,0 at 100°C. A 95
per cent removal of HQS is specified and at a steam flow rate of 5 1lb-~
moles/hr, about 3.5 theoretical plates are fequired, assuming the 002 has
‘no effect on the stripping. ' . ' .
A more rigorous deéign'taking into account the 002 as well as the H.& 7
requires the use of Egs. (1) through (S). For a ternsry system, the c¢oncen- "

tration of only one of the gases in the brine effluent can be specified.



 estimated by neglecting the CO

oL

'l |
55, X, = (0.05)

(2.28 % 10'1*) = 0.114 x 10 . The mole fraction of €O, in the effluent

In this case, specifying 95 per cent removal of H

Jrine is then assumed to be a certain value. Using Igs. (5) through (8),

olate-to-plate calculations are made starting with the bottom plate.

After n caleculations, if it appears that the calculated values. of xn+l

énd yn+l will hOt coincide with the feed and effluent values of xF and yE
obtained from the overdll material balance, the aséumed value of yé>is
Judged incorrect and a new value assigned, followed by new plate-to-plate
célculations. Of course, when the steam flow;rate-has been specified,
thé coincidence of values from plate-to-plate calculations and values from
the Qverall material balance‘may not occur at an integral number of plateé.
Application ofvthe.trial-and~error procedure described above re-
sulted in the conclusion that esséntially>all of the 002 is removed in £h¢

top section of the column. For 95 per céent removal of H.S, somewhere be-

| _ o 2
tween 3 and 4 equilibrium plates (ideal) are required at the specified
steam flow. rate of 90 lb/hr. Essentially the same number of plates vas’

5 and constructing: Fig. 10 for a binary

system.

To be on the conservative side, 3.5 ideal equilibrium plates are

" specified for the stripper.

' Thevfollowing final concentrationé'of H.S and:C_O2 are obtained in

2
the effluent liquid and gas streams: '
In the brine stream,

L s

1 e

x] = 0.114 x 10 3 __ e
1 o

x2 =

In the ges stream,
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¥, =0.113 GE = 26.2 1b/hr
yg = 0.156 cg = 46.7 1b/hr
E
Jg = 0.731

Total molar gas flow, G 6.83%3 1b¥moles/hr

E

(3) Calculation of overall column efficiency:
There are numerous correlations for obtaining the éfficiency of a bubble-
plate tower in the absence of expefimentally-determined efficiencies. The
most rigorous of these i1s that propooed 1n the A.I.Ch.E. Bubble-Tray

Design Manual (1958) " Calculations accordlng to this method, shown in

"Appendix A, give a column efficiency of 0.20k. Thus the'réquired number

of equilibrium plates will be: 3. 5/0.294 = 12 plates.
Appropriate column dinensions would be about 20 feet high by 3
eet wide, allowing 1- .foot spacing between plates and about L feet for
entrance sections. - At the operating temperature of the column, wet H2
is highly corr051ve, precludlng the use of carbon steel as a material of

construction. ‘A 5-T-mil coating of baked-on phenolic for the inside sur-

‘faces of the column, including the plates and bUbble capé, is adequate for

preventing corrosion. 6 The total area to be covered is 470 sq ft. At a

3 or §1.70 per sq ft, the cost,of the coating is $800 in 1955,

1956 price .
13

or $900vin 1966, applying the CE Plant Coét.Index. From Chilton's data,
the cost of a carbon-steel bubble-cap tower 3 ft.in'diameﬁer is $280 per
vlate, or a total of §3360 in 1947. Updating via the CE Index, the
January 1966 installed cost of the carbon-steel towér and plates is §5600.
The total installed.cost_Qf_thévtower,isigherefdre des00.

Of course, there is no way of teliing,ih advance whether the pre-
sence of microbial cells in the feed streaﬁ will effect the_opération of the
column. A periodic cleaning of the column will‘probably be.hecessary to
remove accumulated cellular debris. At 212°F, the column may well be self-
cleaning, however. Certalnly no bacterial ‘growth will occur at that

Ten ra ture.
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(4) Design of steam condenser:

The exit gas from the strioping tower consists of 73.1 per cent
water vapor. ‘This quantity can be reduced by simply condensing the water
vapor and oubcoollng to lower the vapor pressure of the water. The con- e
densation and cooling can be carried out by heat exchaﬁge with the incoming - .
brine feed. Cooling and conden51ng causes the pressure to drop to 5 psia,
so that the gases must be removed by a compressor.v The exit gaS'has the
composition: - 37% S, 50.8% CO,, and 1212% H,0. at about 86°F.. Cooling
still further will remove more HQO. The. design calculations for the con- -
denser are given in Appendix A. TFor a heat-transfer area of 5.1 sq ft,
the 1966 cost is §470. '

(5) Other auxiliary equipment:

In addition to a condenser and compressor, a pump for the feea to
the column is requlred, as is a heat exchanger for recovering heat from the
tower botfoms for preheating the incoming brine. In addition,jfurther
heating is required to make up for heat losses and inefficiency of the
economizer, Steam is used for this purpose, exchénging\heat with the brine-
in a heat exchanger. Direct—steam-iﬁjection has the disadvantage of

vdilutihg thé brine stream by about 1 per tent, since 770 lb/hr of steah
are reguired. Calculations for fhe desigﬁ of this auxiliary eguipnment
'appear in Appendix A. The feed econdmizer requires 2700 sq ft.of heat-
transfer area and has a 1966 cost of §13%,800. The steam-heater requires
4% sq ft and costs §780.

A flow diagram of the HQS stripping unit is shown in Fig. 11.

" d&. Oxidation of organic material. The removal of organic matter suspended

or dissolved in water 1s a problem common to the sanitary engineer. Aerobic
biological oxida}ion,‘éometimesin conjunction with anaerobic digestion, has
been used in sewage treatment and is finding some. use in the treatment bf . -
industrial waStes. The most widely-used method of biological oxidation

is the activated-sludge process. ‘In this process, the organic-containing 5 e
stream - is brdught into a large vessel, either open or closed and usually

made of concrete, where it is aerated v1gorouﬁ1y by passlng alr throu"’




~,
b

i . &

»

_55_

212°F
Wet gases -
—
,i__'
Steam l
—
770 lb/hr — 1.8 26.2 Ib/hr
250°F 2™ |
— CO, 48.7 Ib/hr
= —
,___,{ : F_
. ' - ‘ .
| Steam
ean ) .
) VAR D Brine feed
90 tb/hr ' -
1 atm 69 000 Ib/hr
212°F 86°F
- . Condensate
' 200°F 88°F ‘ '
100°F
v .
Sulfide - free »brine
69 000 Ib/hr
MUB 12034

Fig. 11.  Flow diagram for H,S stripping tower.
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diffusers at the bottom of the vessel. The usual residence time in the
aerator is G-8 hours. At the high seration rate the growth of zerobic "

bacteria, fungi, and protozoa is stimulated at the expense of the excess

LS

organic material, and the mass of cells, including non-viable anzerobic
organisms, forms a floc which ig then allowed to settle in & large settliag

tank. Part of the settled solids, the so-called activated slud ge, ig re-

cycled to the aeration tank to keep the population densitJ of m 1croorgan;ouof
at a high level. The unrecycled solids are allowed to dry on dewatering

beds and incinerated or sold as fertilizer. About 90-9% per cent of E.0.D.
(Biological Oxygen Demand) is removed byfthe activated-sludge process.5-
The Chemical Oxygen Demand (c;o.D.) of Medium'M‘(Appéndix E) éfter

anaerobic growth of Desulfovibrio has occurred has been determined by the

chromate method5 to be 15.6 g 02/1; This is adequate for the support of
an activated sludge and 1t is assumed fhat'the C.O.D, level of spent‘mOlas—
ses medium willvbe equally favorable. An attempt was made to determine

. wvhether an activated sludge would develop ‘in a 10 per cent salt solution
.>bontaln1ng Engose -127 in shake cultures 1noculated with soil. -After
several days considerable growth had occurred but only a few species of
microorganisms devloped, including yeasts, and no flocculation occurred.
‘The resulﬁs are not surpriéing, howéver; a satisfactory sludge could
probably be developed fromba raw-sevage 1noculum

For the design study, a conventional actlvated sludge system is

incorporated. The aeration tank has 'a residence time of 7 .7 nours (60,000
gal), and the final settling tank a residence of 3.2‘hours (25,000 gal).
Concrete is the material of construction. Invesiment costs are estimated

9

from published sources” which convenlently give installed costs of several

types Of sewage treatment systems plotted against the design flow rate

L

( 1illion gallons*per day). Though there is considevable scatter in th
athered data used to develop these cost curves, they probably give a much .
more reliable estimate than could be gotten from calculating the amount

and. costs of concrete, steel,'labor, etc., needed to build an activated- .ot
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~sludge unit. Rowan et al.lo'have published information on operating and

maintenance costs for activated-sludge plants. For a brine flow rate of
7800 gal/hr, the design flow rate for the activated-sludge plant is 0.2
MGD (million gallone per day). The investment cost, not including engi-
neering, legal and administrative costs, is ﬂlO0,000 in 1959 dollars.9

.The operating and maintenance costs for a plant of this size are $87OO

per year, not including capital maintenance (depreciation) -costs.

Other methods of.removql of organic material involve chemical
oxidation or wet combustion. The first method is not feasible oh'a large
scale because of the high cost of oxidizing agenst sochkas potassium per- ‘if
manganate. ' o

Air-oxidation of organic materials is carried out in the Zimmermann
process,ll where a feed stream such as concentrated seﬁage eludge‘is con-

tacted with air in a high temperature, high-pressure reactor and’ the organics

‘actually burn like fuel and are reduced to'a non-active ash. This latter

method is generally not applicable to relatively small flow rétes such as

in this design, or streams of less than 25 g/l C.0.D. ‘Investment costs are

' ~ high because of the need for high-pressure, high—temperaﬁure-equipmeht.

e. Brine clarification. If the activated-sludge plant is operating as it

should be, the greater bulk of the cellilar material and other solids will

settle out rapidly as a floc in the settling basin. Neverthéless, a certain

‘amount of solids will be present in the overflow, as well as some dlssolved

organlc matérial which was not oxidized by the microorganisms to 002 and
cellular material. An efficient way of removing particulates and dlspOSing

of organic:matter in low conCentrations'ig to pass the liquid through a

: sand fllter. Better results may be obtained by addlng an adsorbent such

as carbon. to the bed. In addltlon to removal of solid particles, dlssolvedvf

‘organlcs are removed by a layer of microbial growth which develops on the

upper part of the sand bed, and by adsorptlon by the carbon.. For a bed

with no adsorbent virtually complete removal of solids is p0381ble, with

50 per cent reduction of dissolved organlcs and 20 per cent color removal. u7;r



Very often a sand-type filter is enclosed in a veSsel and operated
under pressure to obtain a desired throughput-of ligquid. Such a pressure
filter is prOposed'for this design study. ViTO'fecilitate the periodic
cleaning of the filter, two units are installed in purallel, each of which
can handle the total brine flow rete. Altypicai design criteria5
sand filter is 4 gpm/sq ft. With a brine flow rate of 130 gpm, 32.5 sq‘ft'

of bed area are required. The bed is 6 feet deep, consisting of 2 feet of

for a

fine sand, 1 foot of coarse sand, 2 feet of crushed anthracite, ahd 1 foot
of crushed rock. The installed cost of pressure filters varies from about
$17 to §40 per gallon of water per minute,lz- An.average of about §§28 per

gpm is chosen.

L, Process Flow Diagram

The process is best described by a dlagram show1ng the major ‘pieces
of equipment and glVlng quantitative information on the flow rates of the
process streams, as in Fig. 12. ' - ' )

5. Material Balances -)

Table 3 gives the overall material balance for the sulfate re-

duction process. Table 4 lists flow rates and percentages of components
in the inlet and product brine streams. Impurities from the molasses are
not significantly high in the product stream. Flow rates for the materials

in the brine stream are calculated as follows:
a. Rock salt: 85 tons per‘day design capacipy
b. NaCl: (0.975)(85)(200)/2k = 6900 pounds/hour

~¢. Water for a 10 per cent brine: (6900)(%) = 62,000 pounds/hour

d. Molasses: As a carbon .source, molasses is widely used in the fermentation
industry because it is relatively cheap.and contains a fairly hlgh percentage i
. of fermentable sugars. The typical composition’ of molassesl8 is given in
Appendix D. o 4
"~ The - amount of glucose necessary to reduce a glven amount of suifate

to sulfide is governed by the . follow1ng relatlon



&t

/7
; Storage tanks . ‘
Rock solt ) Process .
o :!cor;:e "_"iro(;;o.?:/m woler  NH,Ci 341b/hr by
L . 100 ..,/,‘,l !No,s 1Sib/he HyPO4
- Mix tank
| pe .
Q—Q'r)__rgl_oiouu
Saturator Soturated brine 130 tb/hr 15 ib/nr 4251b/ne
. 26 500 t(b/nr p_"z ) P-3. P-6 -
Process woter —
61 900 1b/hr P-4 42 800 1b/nhe
R Feed
Stripping blender Hy5 to sulfur recovery
fower ) 8.4 tb/hr
el B H2S to
Steam E:Sflh =l suifur re/qavuy Densa- culture -
770 ib/hr Y = 26.21b/hr oncarobic fermentor
. ) =
Steam
—o Continuous
¥ 90 1b/hr] . ' centrifuge
Ne- P10
Stack gas \JE-Z ) .
Activoled-siudge
aerotor
Air o 10% sulfate-free brine . L N
' Pressure 7. 69 000 1b/hr
Settler
Waste sotide
370 (b/nhe
MUB 12247
. Gva cent :
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Table 5. Overall material balance--bacterial-reduction process

Materials . - Input Output

- 1b/hr ) ~ 1lv/nr

Brine solids (see Table 4) - 7,490 ¢ L 6,960
Process water ” 62,000 62,000

Reaction produéts

_ | o )

.HQS- , - . ‘ 36

: ’ . Car

. CO2 . | : o »90
R0 o - &

Dry sludge - . o ' . 370

69,500 69,500
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Table 4. Flow rates and percentages of components in the brine stream

) Input Output
Component = .. Flow Wet.% © Flow . Vgt.%
: o 1b/hr solids l " lbv/hr solids
NaCl | 6910 .ok 6910 99.09
caso, | 104 1.4 1.07 0.02
Na, S0, Lo.b - 0.54 : 0.41. 0.01
MgCl, . 7.1 0.09 7.1 0.10
Fe203- 7.8 - 0.10 7.8 0.12
. Insolubles = 1h.2° 0.19 ' 0 o
i, C1 | 3L.0 0.45 1.7 0.0%
HEPO, 15.0 1 0.20 0.8 0.01
NayS*9HLO0. . 1500 - 0.20 ‘ 0 0
Sugars . SR - 264 3.52 ' 3.3 0.05
510, . 2.1 0.03 0 o
KQO : © o 1h.9 .ojzo 2 .14.9 _ ._0.22v
Ca0 ' 6.k 0.09 6.4 - 0.09
MgO | 0.k 0.01 0.4 0.01
P05 | . 0.8 0.01 0.8 0.01
HSO0, 6.8 0.09 0.7 0.01
cl, o 1.7 0.02 1.7 0.03
Organics - ka5 0.57 0.5 0.01
| ' o 1.3 0.02

Acetic acid 0

7490 . 100.00 6960 . 100.00
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6H1206 + SO —>‘ECO2‘+ 20H§COOH + QHQQ f'S

One mole of glucose is necessary to convert one mole of sulfate to sulfide

via the respiratory system of Desulfovibrio. The bacteria derive their

energy from the above reaction butlneed'additional glucose for growth and -
production of new cells. This additional amount of. glucosé necessary is
estimated at 30 per cent by calculating the ratio of carbon source to sul-
fate in Medium M (Appendix E) used in 1abofatory experimente. Amouﬁtvof
sulfate in rock salt: 1.46 per cent (see Table 1) '

Percentage of conversion: 99 per cent

e. Glucose flow rate: (0.0146)(7090)(-99)(180/96)(1-3) = 250 pounds per

hour. . Molasses contains 59 per cent fermentable sugars (glucose eQuivalent).

f. Molesses flow rate: 250/0.59 = 425 pounde:per hour.

g. Minerals'end impurities. -In addition to a’carbon source, the organisms

need a source of nitrogen and phosphate for protelns, nucleic ac1ds and

other cell materials. _Also, since the organlsms are strict anaerobes,

they grow best in a feducing environment. The addition of-sulflde t0o the
growth mediom keeps the redox potential at a low enough Value to encoﬁrage'f
‘growth.  Other elements such as:iron, pot8551um, and magnesium are requlred in
trace amounts and are present in suff1c1ent quantities as rock oalt and
molasses impurities. The required flow rates of ammonlum,chlorlde; phos-
phoric acld, and sodium sulfide are calculated from their respective con-
centrations in Medium M. .

The use of molasses as a carbon source 1nvar1ably increases the
impurity content of the brine and it is dlfflcult to estimate how much of
these 1mpur1t1t1es are metabolized. The sugars used as-energy source by -
the bacteria are-converted to acetic acid, which acts as carbon source,
along with unmetabolized glucose, in the activated-sludge system. - - N

The rate of production of acetic acid is: - - _ )

2)(250/1.3)(60/180) = 128 pounds per hour.
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If it is assumed that one pound of glucose goes into one pound
of cells, since the concentration df cells in the centrifuge effluent is
1.88 x 108 cells/ml and the cells weigh lO_lekg/cell,'the amount}of glu-
§bse going into cells will be: | , ”

(1.88 x 10°)(10712)(7800) (1000/45k) = 12.2 pounds per hour.

The unused glucose is thus: : '

250 - (250/1.3) - 12. 2 = 46 pounds per hour. Ninety-five. per cent
of this is removed in activated sludge and aésuming absorption reduces it
another 80 per cent, the glucose in the final brine will be:

(46)(0.05)(0.20) =.0.5 pounds per hour.

Using the same figures for acetic acid, its;flow rate will be:

(128)(0.05)(0.20) = 1.3 pounds per hour.

The amount of NHuCl and H POM remaining in the brine is estimated

3

by assuhihg 95 per cent removal by bacterial processes.. The‘Né28'9HéO is

assumed to be completely converted to H28 or oxidized to sulfur in aeration.

6. Design Specifications

_a. Materials of construction. Despite the corrosive nature of brines,

cast iron and carbon steel are generaliy satisfactory for ambient tempera-
tures and these materials are used for most pumps and piping. Céthodic
protection is useful for prolonging thg J%fetime]of iron and steel equipment.;”
The mixing.and storage tanks for ammonium chloride and sodium sulfide with
assoclated piping and pumps 1is made of stéinlessvsteél because of the cors
rosive nature of these materials. Thevstbragentank for 75 per cent phos- .
phoric acid is lined with rubber while pumps and piping are staiﬁlesé'steel;”
The molasses stofage tank and feed blending tank are of carbon steel. The
hydrogen sulfide formed in the anaerdbic fermentation dictates thevuse of
stainless steel for the fermentation vessei and continuous.centringe.

The concrete use& for the rock salt saturator and activatedésludge system
combines lo@ cost with corrosion resistance. Standard carbon-steel desigh '
is used for the pressure anthrafilt filters. The carbon-steel shell and

plates of the steém—strippef are coated with phenolic to arrest corrosion

from the wet HQS gas.
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b. Process control. Since the process is a continuous one, a certain amount

.0f control instrumentation is necessary. The following represent the major

process controls:

(a)

(b)

(e)
(a)

(&)

- (£)

(gj

" ¢. Eguipment list and specifications Table 5 lists the major pieces of o

Control of rock salt level in saturator by on-off control of
conveyor.
Control of process water flow rate to saturator and blending

vessel. This may be done by installing a controliing throttle

~ valve in the inlet line to the saturator and the inlet line

to the blender. - ‘

Control of flow rates of nutrients by use of positive-dis- . -
placement pumps. ' ; |

Level control on the feed blender by throttling the outlet -
stream. ’

Level control on the fermentation vessel by throttllng the -

fermentor oulet stream.

'Control of pH in the fermentor by feedback control of correcting

reagent flow rate. o
Control of recycle rate to the fermentor by throttllng bypass
to centrifuge effluent '

equipment in the design of a process for removal of sulfate from 10 per. cent

brine by reduction with bacteria and givés the January 1966 1nstalled cost

of each. This list does not include the actlvated sludge plant and a sul—'

fur-conversion plant (dlscussed in sectlon D).

Tables 6(a) through 6(o) outline -the specifications for each piece _i

of equipment and show the source and date of cost data.
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Table 5. List of major equipment for the process of sulfate removal'from.v.

10 per cent brine by bacterial reduction

- Equipment , ' : Installed Cost, January 1946
CE Plant Cost Index = 109.0%

Rock salt conveyor . | o 4 ﬁ‘ 3,100
Brine saturator f' - 1,200
Mineral dissolving tank ' | : L "“h,SOO

. Mineral solution transfer pump (P-1) ; . 1,540
Mineral solution storage tank ‘ T 2,860 -

- Mineral solution metering pump (P-2) : - 2,800 -
Phosphoric acid metering pump (P-3) o 2,000

| Ten per cent brine blender S - | - 5,850
Process water pump (P-k) . 1,670 !
Molasses storage tank - _ . _ 7,850 )
Molasses transfer pump (P-5) . : ' 930
Molasses feed pump (P-6) B : | 670 -
Phosphoric acid storage tank - . 1,740 -

v‘Phosthric acid transfer pump (P-7) S 8% :
‘Ten per cent brine feed pump (P-8) ‘ 1,670

 Agitated anaerobic fermenmtor - o . 18,000

| Continuous centrifuge ‘ o . 36,000
Anthrafilt pressure filters (2) 10,360 -
Pressure filter pump (P-9) g - 2,080
HQS'stripping tower ' L ‘ 6,500

~ Tower condenser (E-1) : o © k70

 Tower feed economizer (E-2) . R | 13,800
Tower feed heater.(E-E) o : o . 1,300
Tower feea pump YP-lO) o 1,750v
waer gas compressor (P-11) 3 o (O

Toﬁél installed equipment cost I ' #130,200
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Table 6. Equipment specifications for the process of sulfate removal from
- 10 per cent bripe by bacterial reduction

e e -
’ (a) Pumps

“o. Pump Type Cap. Hp  Material of  Installed cost,
. S ' (gpm) - construction year, source
Mineral solution centrif. . 1 ss. . - “doe0
transfer pump ' 1947, 13
Mineral solution - recipr. 1018 ; -SS » 1§1700|
metering pump S ‘ ' : C 1947, 13
Phosphoric acid recipr. L2 1/2 ss H1200
metering pump , , _ S 1947, 13
Process water - centrif. 125 5 cT - §1000 ~
pwmp . | C A9k, 13
Molasses transfer  rotary 83 5 - Ccs . 50
pump v . , v ' - 195k, 1k
Molasses feed rotary 3% 1 ' o1 #5700
pump : - s 195k, b
Phosphoric acid - centrif. 33 1 ss . #7120 .
transfer pump o . SR - _ 'v ) 195k, ST
10% brine feed centrif. 127 5 - cr #1000

pump | " L T 1947, 13
Pressure filter centrif. 130 10 CI . i jﬁlQBO

pump : - : ST, 13
Stripping -tower centrif. - 130 5.% - CI . 41050

feed pump . ‘ 1947, 13

4

i

€
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Table 6. (continued)

(b) Storage'tenks~

"Tank " Type . Cap. . . Material of - Installed cost,

- (gal) construction year, source
Molasses storege vertical 25;500 -~ carbon steel .ﬂh700
cylinder . ‘ o 19kT, 13
Phosphoric acid vertical 1,000  rubber-lined §1400
storage ' cylinder ‘ steel - " 1954, 13
Mineral solution vertical 500 . - stainless ) 32700 .

storage v . cylinder steel S 1958, 13

(¢) Rock salt'conveyof

Purpose: To convey rock salt from storage bin to top of saturator.

Type: Continuous belt -

- Length: L5 feet
‘Belt width: 1l inches

Capacity: 7090 pounds per hour

Materials of constructlon. Steel welded frame, steel pulleys and 1dlers,
' L rubber- covered duck belt.

Auxiliaries: Steel discharge chute

Drive motor: 1 hﬁ -

Total purchase cost: 5 2,540 (1957)

Installation cost: 13 8375 (1966)

‘Total installed cost: #3%,100 (1966)

(4) Rock salt saturator

Inside dimensions: 20' X 6' x 6'

Wall thickness: "6 inches .

Material of construction: Poured concrete walls; Reinforced cOnérete_
o floor. ‘
Installed cost}lu 4760 (1954 )
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Table 6. (continued)

(e) Mineral dissolving tank »
Purpose: Preparation of solutions of NH),C1 and-Na2S 4 , y
Type: Vertlcal, cyllndrlcal, Wlth open top, top-mounted agitator ..

Capacity: 350 gallons

Material of construction: Stainless steél
Agitator power: 2 hp ‘
Installed costi™> &2, 00 (19u7)

o

(f) lO per cent brlne blendlng tank

. Purpose: Blending of saturated brlne, water and nutrlents"
Type: Vertical, cylindrical, totally enclosed, agltator mounted through
top. ,‘ ' _ ' | '
Capacity: 2,000 gallons o , , S | - : ,
Material of_constructidnf Carbon steel o '
Agitatof power: lQ‘hp
Installed cost:™ $3,500 (19&7

(g) Anaeroblc fermentatlon vessel

Type of vessel: Vertlcal, cyllndrlcal totally enclosed, agltator mounted 1.
through top, vented to stack ' ' '

Capacity: 6,770 gallons 7

Matérial‘of construction: :Stainless steel

Agitator power: 35 hp

Operatihg temperature: - 30°C -

Operating pressure:'.Atomospheric_

Installed cost:l” $11,000 (1947)
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Table 6. (continued)

(h) Continuous centrifuge

Purpose: - Concentrate_lo'per cent cells effluent from fermentor to 50

per cent and recycle to fermentor.

Type: Nozzle-discharge disc centrifuge

Bowl diameter: 30 inches

Ligquid throughput: 165 gpm

Solids throughput: 1.6 tons per hour
Materials of construction: Stainless steel

Drive power: 135 hp, 3,600 rpm

“Purchase cost of'motor:_17 43,100 (1963)
" Purchase cost of centrifuge:l6 g26,000 (1955)

Total installed cost: (106% of total purchase cost)l3”4536,000 (1966)

(1) Activated-sludge system .-

Design flow rate: 0.2 million gallons pef da&
Efficiency: 95 per cent B.0.D. removal o
Aeration Tank: v
Volume: 60,000 gallons o
"~ Iype.of constructibn: Enclosed; cifcuiér,:cbncréte-basin, tbp'
level with ground. Fitted with air
distribuﬁiontpipes along bottom and gas
vents on ‘top | ,
Aeration rate: 1 scfm/gal of volume
Settling tank: o o '.
' Volume: 25,000 gallons -

Typé4oT;constfuCtioni' Circular concrete basin with conical bot--

tom. Equipped with mechanical sludge rake

. _ : and sludge pumps.
Total installed cost:” #100,000 (1959) .
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Table 6./ (continued)

(j) Anthrafilt pressure filters

Number required: 2

Description: Vertical cylindricéi tanks, totdlly enciosed, containing a
| filter bed consisting of 2 feet of fine sand, 1 foot of

coarse sand, 2 féet of crushed anthracite, and l f0ot bf '

_ crushed rock ' a

Design flow rate: 130 gpm

Filtration area: . 32.5 éq ft

Vessel dimensions: 9 Tt high, 6.45 ft diameter

Material of constfuétiqn: carbon steel

Installed cost (each):12 $3,6OO (1950), at'ﬂE?.?»per gpm

(k) H.S stripping tower

2

Purpose: Removal of H,S from brinevstream

Type: Bubble-cap plates, steam stripping .

Number of plates: 12

Dlmen51ons 20 ft high, 3 ft diameter

Operating condltlons 212°F, atm. . o | ' 3

Materials of construction: carbon- steel shell and plates, with 5- 7—m11
baked-on phenollc lining : _

Tnstalled cost of tower: 13 843, 360 (1947) | L _ o Q ;

Tnstalled c¢ost, phenolic lining: 13 470 sq £t at §1.70/sq Tt = §800 (1956) ;

Total installed cost: §6,500 (1966)

(l) Stripping tower condenser

Purpose Condensatlon of water vapor in exlt gas from stripper l

‘Type: Horizontal shell-and-tube o . .

Requlred heat-transfer area: 5.1 sq ft

Operating conditions: "5 psia shell 51de, 15- 20 p51a in tubes,9O F on tubes

P
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Table 6. (continued)

Materials of construction: carbon-steel shell, 3/L" OD X 16BWG copper tubés
Purchase cost:t> #4350 (1958) . o
Installed cost: (1.25 x purchase cost) $4ho (1958)

(m) Tower feed economizer

Purposef Recover heaﬁ fo; incoming brine frdm hot tower bottoms

- Type: Shell—and-ﬁube heat exchanger

Required heat-transfer area: 2700 sq ft
Materials of construction: Steel shell, steel tubes
Installed co‘st:l5 $8,300 (1947)

(n) Tower feed steam-heater

Purpose: ' Bring feed up to tower operating temperature of 212°F

- Type: Shell—anthube, steam condénsing on shell side

Required heat-transfer area: L3 sq ft

Steam consumption: 770 lb/hr at 250°F

Materials of construction: Steel shell, steel tubes
Installed,cost:li 4780 (1947)

(o) Tower exit gas compressor

Purpose: Removal of low-pressure gases in condenser, discharging at 1 atm* ?'
‘ ' to sulfur-recovery plant ' -

Type:. Reciprocating, single-stage

Cépacity; 39 cu ft/min

Drive horsepower: .2 hp "

Operatihg conditions: suction pressure: - 5 psia

- discharge pressure: 15 psia

~gases handled: H,S: 26.2 1b/hr-

COy: 6.7 1o/nr -

ﬁgd: 4.6 1b/nr
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Table 6. (continued)

Materials of construction: Stainless steel

Installed COst:13 FL00 (1947)
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‘D. Disposal of H S

1. Releasing HQS to the Atmosphere

a. . Air pollution regulations. There are no nationwide regulations on

emission of odorous gases such as HQS. In Los Angeles and neighboring
counties, the permissible limit on sulfur compounds in stack gases is 0.2
per cent (as SOQ). In New York State, emissions are limited to'a certain
percentage of emission potential. In some areas were there are no regu;
lations on emission, the concentration of gases such as HQS or Sog'at

ground level can not exceéed a specified level over a given period of time.

This latter regulation can present a problem in design, since it is dif-

ficult to predict in advance whether the tolerable grqund-levél concentra -
tion of a pollgtant will be exceeded, given a certain emission rate and
stack concentration. '

- Many industries are imposing their oWn control limits in the‘in—
terest of maiﬁtaining_a clean public image or even for pure huménitarian

reasons. . In some cases, economic gains are realized by the recovery of a

‘potential'pollutant. Everyone will agree, though, that the wanton emission

~of polluting gases and particulates is harmful to all concerned, and there

is developing a willingness on the part of industry to play an active role

in the control of environmental pollution.

b. Air-stripping in a packed tower. An alternative method of reﬁoving the

HES from the brine other than steam-stripping is to flow the brine counter-
current to air in a packed tower. Piester ~~ has determined mass-transfer
coefficients for desorption of HQS from brine with air in a tower packed
with l-inch Raschig rings. Using Piester's data, the design of a packed

tower to remove 95 per cent of the'HQS_frOm the brine. in this. study was

carried out. An L/G ratio similar to Piester's was used and the flooding

velocity of IOOO.,lb/hr'.ft2 was_determined using Leva's correlation (Fig.
18.51 of Perry7)L Operating at hélf the flooding Velocity,vthe following
tower variables were deterﬁinéd: '
| _Air flow rate: 5560 1b/hr
Tower diameter: 3.77 £t (45 in.)
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Height of packing: 36 Tt

The installed cost of a phenolic-lined tower with packing, pump
and blower is approximately #20,000 in January 1956, compared with
$24,500 for the steam-stripping equipment. The operating costs for the

packed tower can be expected to be lower than for steam-stripping.

c. Stripping in activated-sludge aerator. At the typical aeration rate

1l cu ft of air per gallon:of aerator volume;LL9 a . total of 290,000 1b/Hr

@]
H

air is bubbled through thé aerator. It is conceivable that this volume

e}
[

e]

T alr would be sufficient to strip out HQS from the brine. Three equations

can be written describing the desorption of HES from the aerator:

*

v -y N e

= = e 77 (mass-transfer efficiency)

¥ 'yé

L<X1-X2) = G(yg—yl) - (material balance)
*

y = Hx, (HQS;HEO_equilibrium)

- * ,
where y = mole fraction H.S in gas in equilibrium with the liquid
. o q -

y, = mole fraction HéS in entering air (0.0)

Yy = mole fraction Hgs in leaving air

N..= numnber of gas-phase mass-transfer units

I = liquid molar flow rate (3560 1b moles/hr)

G = gas molar flow rate (10,000 1b moles/hr)

*

X, = mole fraction H

1 ,S.in entering brine (2.28 x 10~

b
!

5 = moie fraction HES in aerator brine

These eguations assume complete mixing in the aerator. N may

oG
. be determined from
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where N, = mass-transfer units.in'the'gas,film

mass-transfer units in the liquid film

=
I

=
i

slope of the equilibrium curve = Henry's law cohstaat at

1 atm = 840 | '

NG and Ny may be estimated by assumihg the aerator to be one equilibrium

" plate and using the correlations of the A.I.Ch.E. Bubble-Tray Design
Manual - which. are used for calculating the efficiency of the steam~stripper

in Appendix A. The calculated values are

‘NG = 14.9
N, = 1050
NOG= o.haz

: ( o | | .
Only three quantities are unknown: Yy , Vps X5
~ Solution of the equations yield :

-7

X, = 2.76 x 10

2

which indicates essentially all of the H S is removed by the air. . Carbon

2 , .
dioxide and other gases would presumably be'stripped out at the same time.

If the sole objective were to remove the HQS from the brine stream,
then it would not be necessary to install an external stripper to do the
job. | o i
If air-stripping were. employed the H S would be too dllute to re-
cover and would have to be emitted to the atmosphere . Includlng the H S
~evolved in the fermentor, the H2S concentratlon in the air from the aerator'
would be O 0l per cent or 100 ppm. Thls is well under the allowable 0.2
per cent. Nevertheless, H S at this concentratlon is hlghly dangerous.

Hydrogen sulfide is more lethal than carbon monox1de, but its. strong odor .

-

promotes a feellng of false safety.
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2. Recovery of Sulfur

" The chlef advantage of steam stripping is that the H S is made
available in a concentrated gas stream which can be processed for its sul-
fur content. The pollutlon problem is substantially reduced by this
operation. | :

In the petroleum industry it is becoming commonfpractice to remove
the.HQS from flue gases by a method such as the Girbotol process with pos-'

sible subsequent conversion of H.S to sulfur by a modified Claus process.

A_typicel flow diagram for produiing elemental su;fur from HQSiis given in
Fig. 13. 1In the Claus process, about one-third of the hydrogen sulfide
gas feed is burned in a special furnace with air to sulfur dioxide. Heat
is recovered in a wastekheat boiler as steam. The sulfur dioxide and re- -
' maining two-thirds of the hydrogen sulfide feed is passed ﬁhrough a

single or multi-stage converter'containing a catalyst such as -activated

bauxite. The reactions with regard to HéS conversion are:

HyS + 5/20 - so + HO

2H2S + SO2 - 35 + 2 HQO

Elemental sulfur is produced as a gas which is then scrubbed and
condensed with recycled cooled‘sulfur, and either pumped to. tank cars or -
allowed to solidify in storage. Yields of sulfur are generally 85-95 per‘. :
cent, depending on the number of catalyst beds. 35,36 o

In this design, the amount of H s produced from the rock salt
containing 1.46 per cent sulfate, and w1th 99 per cent reduction and 95
25 recovery, is calculated as (o.01u6)(709o)(0.95)(0.99 Y(34/96)
34,2 1b Hes/hr; 'This represents a plant capacity of (34.2)(2k)(32/3k4)
(0.90) /2240 = 0.31 long tons of sulfur per day, assuming a 90 per cent
conversion of H.§ to elemental sulfur (1 long ton = 2240 1v). .

5

Parker, Kohl and’ Fox,36 Hays .and Barber,37 and Reed and Updegraff 8

per cent H

have published data on the economics of sulfur production from HQS.A Their
data for investment and operating costs for the period 1950-54 are plotted .
in Figs. 14 and 15. ' ' : '
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Fig. 13. General flow diagram of‘a plant for processing'H

S to elemental
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Referrlng to Fig. lh the capital investment for the perlod 1950—

54 for a plant capacity of 0.31 LT/day of sulfur is only o5, OOO The
total operating cost for a plant of this size, however, is qulte high--
being>approximately $l70 per long £on of sulfur produced--according to

Fig. 15. These figures'are only approximate, of course, since they are
obtained from an extrapolation_of curves which themselves are based on
scattered data. Nevertheless, the definite upward trend of operating costs
for low-capacity plants is very evident in Fig. 15. Assuming the Operating
costs for 1966 to be the same as those for 1950-54 (they will most likely
be higher), with a 1966 price of sulfur of §27.00 per long ton, the break-
even plant capacity will be at about 4 LT/day.21 It appears,dthen, that .

the recovery of sulfur from H.S produced'by the bacterial sulfate reduction

process will hardly be economfcal for the design capacity of this study.
Assuming 5 LT/day of sulfur were being produced 5.9 LT/day of H S (90 per :
cent conversion) would be- required from 16.8 LT/day of sulfate (99 per cent -
conversion) which would be equivalent to processing 1150 LT/day of rock
salt (1.46‘per cent;of SOE). This wouldffurnish enough sodium chloride for'l
760 tons per day of chlorine--a capacity far beyond any plant in existence
today. . ‘ '

But the purpose of theé plant is to dispose of H S, not necessarlly _
to make a prOIlt The expense of converting the HQS from the steam- strlpper
to sulfur is to be carried as an operating cost for the bacterial sulfate- ;

removal process and is ‘discussed in section E under manufacturing costs.

3. Other Alternatives

One altefnative to converting the Hgs to sulfur is to produce SO

27
The market for SO2 is small compared to sulfur, however, and little economic.

data on SO, conversion has appeared in the literature. The advantage of

2

sulfur over S0, is its ease of handling and storage.

2 : ,
Another alternative would be to produce sulfuric acid--one step

further than SOQ. Small quantities of sulfuric acid are of little value,

however.
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E. Investment and Manufacturing Costs

No economic study of this type is complete without a discussion
of the methods used to-estimate the capital and manufacturing cost. This
particular section deals with the cost eetimatevfor sulfate removal by
bacteria producing 10 per cent brine. ; ,

Cost estlmates vary in detail and accuracy from the order-of-
magﬁitude estimate to the firm or contractor's estimate, and in the design
of a hew chemical facility it is not unusual for several cost estimates to
be made before the plant is built, proViding‘the economics-are.favorable.
The feasibility of a proposed project is determined by a predesign cost
estimate or study estihate which'generally_is accurate. to within * 30 per
cent. Perry7 has ocutlined the required information neéessary to make such
an estimate. The methods of cost estimation are discussed in detail by
Aries and Newton,lu Chilton,13 Perry,7 Peters,19 and Zimmefman and Lavine.

The methods for obtaining‘a predesign cpst estimate have not changed.
substantially since 1947-48 when Lang first proposed the factor-ﬁethod_for 3
fixed-capital investment. In the absehce of previeus experience and infor- |
matibn.on the design of a particular project,'it.is usdally necessary to .
estimate a‘particular'cost item by assuming a eertain percentage of the
equipment cost to be attributed to that item. The equipmené“cost is esti-

mated from published data or prlvate eources. Selection of the proper

percentage or factor willidepend on the type of plant, the obJectlves of

the design and other circumstances demandlng the best judgment of the
estimator. The term '"guesstimation' often used to describe a predesign

cost estimate, though harsh, nevertheless has a certain amount of truth in 1t.

1. Investment Cost Estimates R

a. .Installed equlpment Much of existiﬁg.cost data for process equipment

appeared in" the llterature before 1950. ;More information began to appear
in the latter part of the 1950's, with Weaver'seo excellent review in

Industrial and Engineering Chemistry on chemical cost and profitability

estimation from 1955 to'1958, and with the'inauguration in 1958 of the CE:

Pl

!
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: . | . o 1% .
Cost File as a standard feature of Chemical Engineering. Chilton's 2 book

is a compilation of most of the articles on costs that have appeared in

Chemical Engineering from 1947 to 1959. ' ' .

Unfortunately, new data have not yet replaced much of the early
cost data and the latter in many cases must still be relied upon. Out—of—v : .
date cost data must be'erught up to date in order for any estimate to be '
meaningful. Cost indexes such as the Engineering News-Record Construction
Cost Index (EN-R Index) and . the Mérshall and Stevens .Index of Comparative
' BEquipment Costs (M & S Index) are widely used for updating costs.. A new
index, the Chemical Engineering Plant Cost Index (CE Index) shows the most
promise of providing reliable up-to-date cost estimaﬁes for the chemical
iﬁdustryr '
Since ﬁuch of the equipment cost data for this study is in terms
of installed equipment cost, an appropridte index for updating has been
devised from the CE Plant Cost Index, making use of the weight factors for
equipment and machinery costs and erection and installation labor costs.45
Calculation of this modified index and its value for several years is
shown in Appendix G. The‘values do not differ greatly from the overall CE
index. ‘ ' _
' It is interesting tojcomparé thekresults obtained from use of the
EN-R, M & 8, and CE indexes. Using the EN-R index, costs will have risen
by a factor of 2.5 from 1947 to 1966, while the M & S index predicts a
rise of 1.61 and the CE index a rise of 1.67. Surely,‘use of the EN-R
index’in updating costs for the chemical industry is open to serious doubt.
Table 5 shows that the total updated installed equipmeht cost
amounts to ﬂlBO,EOO. This cost does not include the cost of equipment for
the activated-sludge system dnd sulfur-recovery plant, which are complete
entities in themSelves, and which are not included in the following B

estimation of piping, instruméhtation, and other capital items.

Lt s
EERED -
T
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b. Piping. This is perhaps the most difficult capital cost to estimate
and it is a significant. cost in most cases. The most accurate estimate,
of course, comes from detailed piping layouts and specifications, but in
the absence of these, piping costs are estimated as a percentage of equip-

ment cost. Chilton15 suggests the following ranges ofvpercehtage of

-installed process equipment cost for piping:

Low: Solids-processing plants = 7 to 10%
Average: Mixed-processing plants = 10 to 30%
High: Fluids-processing plants =.30 to 60%

For the case of sulfate removal by bacteria, we are using 30 per cent of

installed equipment cost.

Piping = (0.3)(§130,200) = $39,000

c. Insulation.  Ariés énd Newtonlu suggeét‘using 8 per cent of the ﬁur-
chased equipment cost. If insﬁallation coéts are-assumed to be MB per
cent of purchased equipment costs;lu then . insulation cost is 5.5 per cent
of installed equipment cost. .

Insulation = (o,o55)($15o,2oo) =;§7,200'

d. ‘Instrumentation. For an average chemical plant having some automatic

controls, ihstrumentation cost is 5'to lOTper cent of installed equipment

13

cost. Choosing 10 per cent,

Instrumentation = (0.1)(4§130,200) = 13,000

"e. Electrical installations. Costs for électrical installations include

labor and materials for substations, feeders and major wiring. Aries and
1\Tewt;onllF use lO‘per cent of purchased equipment cost, which amounts to 7
pef cent of installed equipment cost.  _ .

Flectrical installations = (0.07)(§130,200) = $9,100

f. Buildings and services. The cost for ‘buildings and services is assumed.

t0 be the same for both the bacterial reduction process and barium chloride -

process, which is consideréd‘in Chaptér IV. The cost is estimate& as 35

S
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per cent of the installed equipment cost for the barlum chloride process,
from Chilton's 15 figures of 20 to 60 per cent for mixed outdoor and indcor

- construction.

Buildings and services = (0.35) (481,800) = §32,700

g. Yard improvéments. We have assumed ‘that land for the plant is avail-

able; however, some expenditures for clearing,vgrading, installatioh of
sewers, utility lines, fencing, roads, etc. will be necessary. According

19

to Peters, yard improvements cost between 10 to 15 per cent of purchased
equipment cost. Using 10 per cent, the cost will be 7 per cent of the
total installed cost. ' ' v

Yard improvements = (0.07)($130,200) = §9,100

h. *Total physical plant cost.. The sum of items a. through g. gives the
physical plant cost for bacterial reduction of sulfate--a total of ﬁQhOéBOOf
The activated-sludgeksystem is a comﬁlete plant including piping and:other
auxiliaries, with a physiéal plant cost of §104,000. The total physical
plant cost is thus §34l,300. ' '

i. Engineering and construction. For_a'project requiring only straight-

forward engineering and an average labor/materials ratio, engineering and
construction costs are 20 to 35 per cent of the total physieal cost. 5
Using 20 per cent,

Engineering and constructioﬁ'= (0.2)(§344,300) = §69,000.

J.- Total direct plant cost. The sum ofjthe total physical plant cost and

the cost for engineering and construction is the direct plant cost for
sulfate removal by bacteria. This'amounﬁs‘to ﬂhl},BOO. An additional
capital expense 1s for recovery of sulfur from HES producgd in the process.
A plant adequate for this purpose has been shown to have a plant cost of

- 836, 000. The sum of direct plant costs for sulfate removal and sulfur re-

covery gives a total direct plant cost of ﬂhh9 300.
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19

k. Contractor's fee. Peters suggests 4 to 10 per cent of the direct

plant cost for the fee. A value of 4 per cent is chosen here.. The con-
tractor's fee for the sulfur-recovery plant is assumed to be included in

its direct plant cost. :
' Contractor's fee = (0.04)(§413,300) = §16,500

1. Contingency. This factor is usually included in a capital investment
estimate to compensate for unpredictable events and errors in cost esti-
mation. Because of the speculative nature of the de51gn, a fairly high

contlngency of 25 per cent of the total dlrect plant cost is. used 13,k

Contingency = (0.25) guug 300) = §112,000

m. Fixed capital investment. The sum of the total direct plant cost, con; .

tractor’ s fee and contlngency gives the fixed capltal 1nvestment for the

complete process of removal of sulfate from 10 per cent brlne by bacteria.’

" To the nearest_ﬂl,OOO,vthls sum is $§578,000.

.2. Manufacturing Cost Estlmates

» . Manufacturing costs are those costs incurred in the day-to -day’ ’
operation of the plant by virtue of the consumption of raw materials, labor,l
utilities and from other expenses. The direct, manufacturlng cost of the_ )
activated-sludge plant which includes all costs other than plant overhead,
deprec1at10n, and taxes and insurance has been estlmated from .the lltera-
ture, as discussed earlier. The fixed manufacturlng cost for the sulfur
recovery plant, which includes all costs, is found from extrapolation of

Fig. 15.. A1l other costs are computed and itemized below.

a. ‘Raw Materials. The yearly coét of raw materials is estimated from the

required'flow rates and the price of each material as listed in'the Oil ' 2;

Paint and Drug Reporter el. _The prices are not adjusted'for freight Tablelll -

7 summarizes the raw materlals COSts for the bacterial sulfate-reductlon

process.



Tr2le 7. Costs of raw materials for removal of sulfate by bacteria in 10
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per cent brine

Raw material

o1

 Flow rate Cost/unit’ Cost/year
1b/hr
NHu01f’granu1ar" 3l §o0.06 /1v §17,600
H,PO,, 75 per cent 15 0.056/1b 7,200
Na S 9H,O, flake 15 0.065/1b 8,400
Molasses, blackstrap Los. 0.12 /gal‘ 36,700
| $70,COO
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b. Labor. Since the entire plant runs continuously, there is no need for
a large labor force and one operator is most likely sufficient for running

" the plant. This cost will not include any labor associated with operatiocn

. of the activated-sludge unit and the sulfur-recovery plant'. Labor is

estimated as follows:

Men/shift - Man hr/day Cost/man hr Cost/day Cost/year
1 o2k §3.50 g8k.00 430,200

¢c. Supervision. At the most, one supervisor is all that would be necessaryj
working 8 hours per day and 40 hours per week. The supervisor's salary is

estimated at 8,000 per year.

d. Maintenance. Maintenance requirements vary widely wiﬁh each piece of
equipment énd are dependent on the nature of the process. If meintenance
requirements are not known for each piece of equipmenf, the usual approach
to estimating is’to,assume the yearly cost is a certain percentage of the
fixed capital investment. Acéording to‘Pgrry,7 L per cent per year of the
fixed capital investment is & minimum foffnew inétallations, but the esti-
mate can go as hiéh as 20 pér Centl9_for corrdsive service. For this
study, it is assumed'that maintenance labor and materials can be estimated
at 2 per cent each of the fixed capitai investment less the investment for
activated-sludge .and sulfur-recovery, and that maintenance overhead costs
ére 1 per centvofvthe adjusted fixed capifal investment, for a total of
5 per cent.22 The adjusted fixed capital investment is computed as’folldws:
7 Tofal fixed capital investment = §578,000. | ‘
Pixed capital investment of_sulfur—recovery plant = .
©(1.25)(§36,000): = §45,000.
Fixed capital investment of actiﬁéted-sludge plant =
 (2.2)(#204,000) (1.29) = §161,000.
Adjusted fixed capital investment = §578,000 -§5,000 -§161,000
= §372,000. L - | -
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Maintenance labor = (0.02)(§372,000) = - §  7uk

Maintenance materials = (0.02)(§372,000) =  74ko | T
Maintenance overhead = (0.01)(§372,000) = 3720 - S
Total maintenance cost = o @18;600 | . : .‘ Cs

~e. Plant supplies. These include itemsesuch_as gaskets, charts, lubricants, .
ete.; used by plant personnel in the normal operation of equipmenﬁ. It is
approximated as 15'per cent of annual maintenanée‘costs.lu .

Plant suppiies ;v(o.15)(ﬁ18,eoo)‘= §e,800

£ Utilities. ' The utilities required for the contlnuous removal of sul- :
¢ate from brines with bacterla are process water, electrlc povwer, and ’

" steam. The amount of process water required comes from the materlal balance.;.
' Table 8 lists the users of electric power (not including activated-sludge
and sulfur-recovery). The continuous centrifuge consumes 64’per cent of

the total power, making it-a 51gn1f1cant factor in yearly COotS The

H S stripping tower consumes 860 lb/hr of steam in removing 25 6 lb/hr of

2
.H S from the_brlne stream.

Utility ' N " Consumption. - . Cost unit7‘ Cost/year-

Process water T430 gal/hr - §0.20/1000 gal fi12,800 } .
Pover 3770 kw hr/day ~ 0.01/kw hr- 13,500 F
Steam 860 1b/hr - 0.40/1000 1b 3,000 ’
Total cost of utilities | | - $29,300

g. Totel direct manufacﬁuring cost. Sﬁmmfng the above items gives the

direct manufacturing cost for the bacterial sulfate removal as $§158,900.
From the literatufe,9 the direct manufacturing cost'(operating and main-
teéance) for the activated-sludge unit is found to be §8,700 per year. ‘
The total direct manufacturing cost is thus #4158, 9OO + §8,700 = §167,600.

h. Plant overhead. Plant overhead normally 1ncludes costs for general -

plant upkeep and overhead payroll overhead, medical, restauranus, salvage,

..laooratorles, storage facilities and packaglng 19 Since most of these

I :
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Table 8. Electric power requlremenus for the removal of oalfatb by
bacteria in 10 per cent brine

User . - Hp Kw mim/my
Mineral mix tank agitator 2 1.5 1.5
Mineral metéring pump 1 0.75 ' - 18
Rock salt conveyor 1 0.75 18
‘Phosphoric acid pump 0.5 0.375 9
Blending tank agitator -0 7.5 180
Process water pump - 5 3,075 90 .
Molasses feed pump 1 0.75 ' 18
10% brine feed pump . 5 3.75 - : 90
Anaerobic  fermentor agitator . 35 26.2 . . . 630
Centrifuge o 135 100 2,400
Pressure filter pump 10 7.5 , 180
Stripper feed pump 5.5 4.12 99
Stripper gas_compreésor _ X 2 1.5 . 36 .

Total power ' k - : 3,770
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items are assumed already available and considering the small number of
‘ X

- . Y kR [
versonnel needed to run the plant; overhead will nol be large. Poters 4 !
recommends using 50 to 70 per cent of operating labor, supervision, ant .

) &

maintenance labor. We will choose 50 per cent.

Operating labor:  §30,200
Supervision: 8,000
Maintenance labor: 7,5k0
Total: 0 §ks,6k0
Plant overhead = (0.5)(§45,640) = §22,800

i. Indirect manufacturing cost. Plant overhead is the only cost of im-

portance under this heading, amounting to g422,800.

j. Depreciation. The operating costs for the sulfur-recovery plant in-

_cludés depreciation charges. TFor the remainder_of the plant, including
the activated-sludge uﬁit,.dépreciationfis estimated as lOvper ceﬁt oI the
fixed capitai investment. This gives the plant a lifetime of 10 years
assuming straightéline depreciation; The fixed cépital investmenﬁ less the
sulfur regp&ery plant is §578,000 -g§45,000 = §533,000.

Depreciation = (0.1)(§533,000) ='$55,5qo.

N

k. Taxes and insurance. Generally, 2 to 3 per cent of the fixed capital

investment is used for estimating taxes and insurance on property and

- 22 . . - e s . . S s
. equipment. In this case the capital investment does not include that
for sulfur recovery, as for depreciation. As 2 per cent, ' ' o
(0.02) (§533,000) = $10,700

|l

Taxes and insurance:

Fived manufacturing cost.. The sum of depreciation and taxes and in-

ance is the Tixed menufacturing cost, emounting to $64,000.

wiacturing cost-~sulfate removal. . Addition of direct manufacturing . ¥

-*

N - ! . . . o
costs, indirect manufacturing cost, and fixed manufacturing cost gives the
manuiacturing cost for removal of sulfate by bacteria from 10 per cent

jt=p

brire. The yearly cost is §25k,400.
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. lanufacturing cost--sulfur recovery. A description of the operation

and economics of the Claus Process for sulpur recovery vas ﬁiV@n i
section D of tﬂlo cnapter. From Fig. 15, the total operating cost lor 5
plant of O,Bl‘long tons per day capacity is.ﬂlYO per long;ton of sulfur
for the period 1950-195k. Updafing this cost to 1966 is not straight-

forward as is the case for investment cost, since some important factors

in operating cost, such as utilities and raw materials, mdy remain constant
or even decrease in cost, 'while other items such as maintenance and depre-
clation vary with capital 1nveSument which generally increases year- to—

year. Lebor costs, generally 1ndependent of capital investment, have

been increasing as well.. For a plant of small capacity, as in this study,

investment-dependent costs, such as deprecilation, taxes, maintenan ce, and

costs for labor, supervision and overhead, are dominant over utilities

cocsts, which are independent of plant size on a per-pound-of-product basis.
The economic breakdown given by Kohl and Fox3 shows that utilities costs
represent only 4.6 per cent of the total operating cost for a 20-long-ton-

per-dsy plant, while these costs amount to 21 per cent for a plant pro-

ducing 32C long tons per day.
S/ >

Tnerefore, for a small plant prodﬁcing a mere 0.31 long tons of
sulfur per day, operating costs over the years will follow investment costs
reasonably closely, and the CE Plant Cost Iadex can be applied to upda ing

perating costs. The index for 1952 is 81.3, and has a value of lO) 6

for Janvary 1966. - Yearlj manuf facturing cost for sulfur removal in

Jenuery 1966 is calculated as: (§170/long ton)(0.31 long tons /day 560

uM/ /year) 10; 6/81.3) = §26,200.

o. Credit for sudfur. Part-of the operating costs for HQS disposal via

conversion to sulfur is recovered in the value of the sulfur produced. The
L . Ly ) 21 »

Merch 1966 price of crude sulfur is ﬁE?.OO per long ton; neglecting

istribution, packaging, ahd'other costs, the yearly revenue from sale of

the sulfur will be:

(0.31)(27.00) (360) = §3200.
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p. Total manufacturing cost. Adding the manufacturing costs for sulfate

“removal and sulfur recovery, and allowing for sulfur credit, the total
manufacturing cost for removing sulfates from 10 per cent brine with bac-

teria is $277,00Q, to the nearest §1000.

Gg. Cost per pound of rock salt. At a consumption rate of 7090 lb/hr of

rock salt, the cost for removal of sulfate will be: $277,000/(7090)(2M)
(360) = $0.0045/10 rock salt. o :

r. Accuracy of cost estimate. The accuracy of the estimates of capital’

iﬁvestment'and manufacturing cost are judged to be about #25 per cent.

4. Summary of Investment and Manufacturing Costs.

Tables 9 and 10 provide summaries of investment.and manufacturing

costs for the removal of sulfate from 10 per cent brine with bacteria.
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Teble 9. Estimated capital-investment statement for producing 10 ver cent
sulfate-free brine by bacterial reduction

Basis: Capacity = 85 tons rock salt/day

Operating time - continuous, %60 days/year

CE Plant Cost Index:™ 105.6

Inétalled equipment
Piping

Insulation
Instrumentation
Electrical installations
Buildings_andvservices

Yard improvements .

PHYSICAL PLANT COST - BACTERIAL

REDUCTION

PHYSICAL PLANT COST - ACTIVATED -

SLUDGE
Engineering énd construction
DIRECT PLANT COST - SULFATE
REMOVAL
DIRECT PLANT COST - SULFUR
 RECOVERY
Contractor's Fee
Contingendy

FIXED CAPITAL INVESTMENT

o

g 16,300

$130,200
39,000
7,200
" 13,000
9,100
32,700
9,100

4 69,000

112,000

"$2uo,3ob

104,000

© §413,300

36,000

578,000 |

Probable accuracy of estimate: *25
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Table 10. Estimated manufacturing-cost statement for producing 1C per cent
sulfate-free brine by bacterial reducticn ' v r

Basis: Capacity = 85 tons rock salt/day

 Operating time - continuous, 360 days/year

Raw materials v ' ' §70,000
labor - - 30,200 ¢
:Supervision o 8,000
Maintenance o . © - 18,600
Plant supplies . | 2,800
tilities - 29,300
DIRECT MANUFACTURING COST. - o
BACTERIAL REDUCTION 3 ' §158, 900
DIRECT MANUFACTURING COST - | -
ACTIVATED SLUDGE | - 8,700
Plant overhead ) - §e2,800 S
 INDIRECT MANUFACTURING COST -  § 22,800
Depreciation , o $55;3QO | |
- Taxes and insurance . . o © 10,700 -
FIXED MANUFACTURING COST . , o § 74,000
MANUFACTURING COST - o
SULFATE REMOVAL o - §254,400
MANUFACTURING COST - R
SULFUR RECOVERY o o 26,200
' CREDIT FOR SULFUR | - 3,200
TOTAL MANUFACTURING COST - ' - §277,000
| COST PER POUND OF ROCK SALT -~ §0.00455

Probable accuracy of estimate: #25% _ .
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III. PRODUCTION OF SULFATE-FREE SATURATED BRINE
BY BACTERIAL SULFATE REDUCTION

A. DProcess Description

1. Design Basis

Saturated brine is. the desired raw material in the chlorine-caustic
industry. Unfortunately, sulfate-reducing bacteria do not grow well in

aturated brine since they must expend a good deal of energy keeping water

[47]

within their cells and NaCl out. Direct removal of sulfates from saturated
brines by bacteria is pfobably'not feasible. _'

' In the ménufécture of chlorine and caustic soda'by dia@hragm cells, .
é slurry of NaCl is recovered from the caustic evaporators and is recycled
1o the process input. An'undersaturﬁted brine can thus be used for initiel
Teed; althoggh a 10 per cent -brine ic still too dilute and would.require.
concentration. In the mercury-cell proceéé, which is rapidly overtaking
the ciaphragm-cell process, a dilute brine stream is reéovefed and recycled,

o that solid rock salt is necessary as initial feed. IT zulfate were o

O
O]

renoved by bacteria from a 10 per cent brine it would be necessary to re-
move water before it could be used in either of the above processes, the
riercury-cell process requiring considerably.more water removal than the
iiaphragm—cell process. lb

Tt would be of some interest to determine ﬁhat additional investment

and operating costs would be required to concentrate a 10 per cent brine,

from which the sulfate has been removed, to a saturated condition. The

simplest approach to removal of the water is by evaporation.

The design flow rate of rock salt is again 85 tons per day, equiv-

N

clent t¢ producing 50 tons per day of chlorine. The process assumptions

for the. discussion of Chapter II hold heére as well.
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2. Design of Evaporator

Design criteria:

Inlet stream water content = 9/1 = .9 1b H,0/7b NaCl = Lo
o . . o

Outlet stream water content = 100/36.2 = 2.76 1o H,0 *
per 1b NaCl : ‘ ' ’ I

Water removal rate = (0.975)(7090)(9.00-2.76) = 43,000 1b/ar |

Available steam: 50 psig, 298°F, A = 912 Btu/lb .

Availsble cooling water: TO°F |
Pressure, temperature in condenser: b in. Hg,1125°F..

. In the deéign of an evaporator fdr removing substantial quantities.
of liquid, it is desirable to find the opfimum number of effects. The
method developed by Reihhold and Connell&Buvis‘useful for obtaining a fapidli;
estimate of this Optimum.number. The prdéedure is. as follows: . |

It Cl represents the cost of a siﬁgle-effect evaporator for evep-
orating a given guantity of ligquid, the non-capitalized cost of an N-effect
evaporator; Vl’ with a payout‘fimevof'A‘yearsvfor the same evaporation is |

approximated by

0TSy,
v, = CyN ./A

Operating costs, including labor; cooling water, power and mainte-

nance can be represented by

where h = annual operation time in hours

W = water evaporated, 1b/hr

.Cé = steam cost, §/1b . SO . S _—
S = steam economy, 1b water/lb steam ' ' *
V, = operating costs other than steam : - S -

Expressing the steam economy as a geometric series,
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where s. and s, are limits of the range of steam economy for a single-

effect.evaporator. The total annual cost is then

. C (1-s,)hWC

. y . 71.0.75 2 D
V = Vl 4 V2 = KfN + (1‘ N);; + VO

pl +-82 -

The optimum cost will occur when dv/dN = O. Performing the differentiatioﬁ'f
with VO assumed constant, Reinhold and Connelly obtain what théy,call the - ’
cost Tactor, P = (AhWC2)/(Cl), as.a function of N and then ploﬁ_the‘relation
for different values of 4 and Sy This plot is shown in Fig.§l6; it gives
tne optimum N for a given calculated P. o

In order to determine the single-effect cost, Cl, the %equired heat--
transTeér area must be calculated. A heat balance -on the évapQrator shown .
in Fig. 17 satisfies the relation: | '

Q = UAAT
where — Q = total heat transferred, Btu/hr

U = overall heat-transfer coefficient, Btu/hr ft2 °F

A= heat-transfer area |

AT = temperature difference for hgat transfer,'°F . ‘

The temperature of the boiling liquid is higher than the saturation \
temperature of 125°F because of the dissolved salt. Boiling-point risé for..
salt solutions may be estimated from Figs; 11.19 of Perfy.7 Cdndensed. |

D s used tb.préheét the inéoming feed to én estimated température of
100°F. The heat load § will be ' ' '

Q= (69,000)(0.88)(135-100) + (43,000)(1017) = 45,600,000 Bou/nr.
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. Pig. 16. vVariation_of optimum number of effects with cost factor,

according to Reinhecld and Connelly.54
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Cooling wafter

Vapor
43 000 Ib/hr
- 125°F
| x=1017 Btu/hr
, 120°F
Steam | s 100%F 0% brine
50 000 ib/hr NI F JE LoagY 80°F 69 000 ib/hr

cI87F | Btu/lb .

A=912 Biu/lb

Saturated _, o

brine Z%?ﬁmﬁ' o . - N
26 000 Ib/hr o Condensate '

MUB-12239

Fig. '17. Heat and material balances on a single-effect evaporator.

]
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- Steam requirement = 45,600,000/912 = 50,000 1b/hr.
Steam economy = 43,000/50,000 = 0.85.

The overall heat-transfer coefficient is estimated from Fig. 12.20 .

of Perry7 which gives heat-transfer coefficients in sall evaporatlors aw u -
o o S i 2 , ’ A
function of boiling temperature. A value of V = 500 Btu/nr'ft °F is thus | .

obtained. Then,

A = Q/UAT = u5;6oo,ooo/(500)(298,135) = 560 sq ft.

Perry7 has.given cost data for various types of evaporators és'a
function of total-heat-transfer‘surface.' Fof a Monel body, 90/10 Cu-Ni
tubes, forced—ciréulation'eVaporator, ﬁhe-installed cost for 560 sq ft of

" gurface including foundation, steelwork, evaporator assembly,’pumps,_inf )
sffumentation and auxiliary equipment is,él.= §55,000" in 1960( or Cl =
56,000 in February, 1966. ' '

Eor

Values of other parameters are:

8200 hours’

Annual operation (h) =
Steam cdst7 (02)‘ = ﬁo-uo/lQOQflb
Payout time {A) = 2 years

P =

ABWCS (5 (8200) (43,000) (0.00040) = 5.0
e 56,000 | '

From Fig. 16, the optimum number of evébbgétors,_N =3 for all ?alues of é]
and s, shown. ' ) 2 - .
- In the design of the triple-effect evaporator, the following assump- :
tions‘are made in order té determine the temperature in each effect: | .
{1) Heat—trénsfer‘area is the same for each effect N
(2) v ="500 Btu/hr ‘£t° °F for each-effect ' .
(5) Amount of vapor evaporated is the same_fbr each effect.

Then, the amount of.vapor from each effedt is 43,000/% = 14,500>lb/hr.
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Concentration in effect #3

il

12.8% by weight

Concentration in effect 72 = 17.5% -
Concentration in effect #lj= 26.7%
Boiling point rise7 in-effect.#3«='§9F
Boiling point rise in effect #2 = 6°F
Boiling point rise in effect #1 = 18°F
Total BPR o 27°F

- Total available AT = 298-125-27 1LE°F _
.V*-r-frb' o= = A_ ¢ = U= . = = .': OF,
Therefore, 1if AL AE Aj and Vl V2 V5’ Tl‘ T2 T5 Mg
Knowing the AT's, the temperature of the boiling liguid and vapor for each
effect can be calculated. ‘
The steam,,COoiing water and heat-transfer areas required can now

be celculated from heat and material balances. The symbols used in the

calculations refer to Fig.'lB;
Data ' '
| ("b>“ = 0.88 Btu/1.°F
o)y = 0.85 Btu/1b°F | XL3”¥11021_Btu/lb‘ 'xvﬂ = 1023 Btu/Iv
v(cp)Ti = 0.83% Bﬁu/lbaF KL2,= 989 Bfu/lb XVZ :‘993.B£u/lb_
) | XLl = Gh§ Btu/ib xvl = 985 Bpg/lb

Heat balance on effect no. 3:

993V, = (69,000)(0.88)(128-100) +v1021v3-

Heat balance on effect no. 2: :

958V ;-(69,ooofv5)(0.86)(182-128) + 9_89V2
Heat balance on effect no. 1: '

9128 =5(69,ooo-v5—v2)‘
Overall material balance:

Vl +V, o+ V5,=.h5,OOO
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C.oolinq “water
. - 240.000 1b/hr

V, =13 900 Ib/hr  V, 316 200 lb/hr  V3=12 900 1b/hr
125°F

Steam
240 b/hr

120°F

100°F 7 10 %, brine
TF N\ 80°F 69 000 Ib/he

Saturcted brine
26 Q00 b/hr

MUB-12240

Fig. 18. Heat and material balances on antriple-effect evaporator.
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Solution of the above simultaneous equations yields:

) Vs = 12,900 1o/hr
: Vé = 16,200 1b/hr
- vy = 13.900 1b/hr

S = 16,900 1b/hr

Steam cconomy = 143,000/16,900 = 2.5k.

Cooling water requirement is calculated as follows:
Cooling water temperature = 70°F ‘
Vapor condensed = 12,900 1o/hr -

Latent heat = 102% Btu/lb
w(1)(125-70) = (12,900)(1023) :
W = 240,000 1b/hr. | |

Steam requirement for singleestage Jjet ejector:
Required pressure = 100 mm Hg abs. (4 in. Hg) v
Assuning a capacity (air-vapor mixture) of 30 1b/hr,

.steam c_onsumptionl2 at 100 ﬁsig is 240 1b/hr.

Heat-transfer areas are calculated. from:

Q = UAAT
Q= (912)(26,900)5 U, = 670 Btw/ () (sq £6)(°F); T, = ho°F
By = 476 sq Tt | "” ‘ }”
Q = (958)(13,900); U, = 5% Btu/ (ar) (sq ¢5)<0F>;. Té - hooT
By = 460 sq £t . R )
Qz = (995)(16,200{, Uy = 5oo.Btu/(hr)(sq'ft)(°3);‘ T, = Lo°F
A5 = 660 sg ft

- o .

. Total®area = 1600 sq ft
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. For more accurate calculatlons, the new values of U and A are ugcd
to recalculate T's, V's and still other A's. The iteration may be carvied
out until calculated values remain constant. The above calcuistions arc

assumed sufficiently accurate for this study, however.

3. Process Flow Diagram

Flgure 19 1llustrateo the process of sulfate removal by bacteria

with evaporation to produce a saturated brlne

b, Evaporauor Spe01f1catlono

Sbec1flcatlong for the design of the trlple -effect evaporator are

~given in Table 11.

- B.  Investment and Manufacturing Costs

'

',,J

Investment Cost Estimates
Only the more important features:o$~the?cost estimate need be dis-
cussed nce the same percentage factors employed in the process 1nvo¢v1ny

no evdnoratlon apply here as-well.

a. Tnstailed equipment. In addition to the installed equipment eoet of -

@l}O,EOO for the 10 -per cent brine process, the following costs are added:
Ttem - _ Installed Cost

February, 1956

- Triple-effect eveporator g3k, 000
.Condensate collettion tank 2,860

" Cooling water pump (P-12) o ,_"1,550

Hotwell pump. (P-13) 1,550
Evaporation equipment cost . #1%9,9%0
Sulfate removal equipment cost - . = §130,200
Total equipment cost ‘ $270,l60_
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Storoge tonks
Rock salt
storege

Rock salt Process ’
5 7090 tb/hr woter  NHaCl 341b/nr

100 Ib/ne || | Na2 S 5 Lo/he HaP0, BT

Conveyor

cells

Mix tank
¢—QP'-5 Molasse
: classes
Scmuutorv : ; 150 to/hr {15 Ib/hr 2 Y ]
. Saturoted brine . . - - 251b he A
: 26 500 Ib/hr p-2 F]p_3 P-5
Process waoter : - o .
61 900 (b/hr P-4 42 800 (b/hr
St.' . Fead -
ripping blender H,S to sulfur recovery
poii—y 2
r'owe' 8.4 1b/he
) HaS to ] ’
Steam E_:’Ck — ] sulfur racovery -6
770 ib/hr \D 26.21b/hr Dense=culture
= Recycled snaerobic fermentor
— yeled)
4
Lo

Continudus
cantrifuge

Stock gos
Activated-siudge 1 Triplo-ettect evaporator

aerotor

240 000 tb/hr
P-12

10 % brine

PP

Pressure
fitters

Stéom

Sattier t6 900 b/ hr

30 100 tb/hr

} o . Sulfole-free
B :Condenlate receiver saturated brine

26 000 Ib/hr

Waste solids
370 .ib/hr

MU B 12247

diagfam for produc%ion of sulfate-free»saturated

rig. 19. Process flow
Lrine by bacterial reéduction.
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b. Buildings and services. The eame cost of $52,7OO used for the 10‘per'

cent brine process and barium chloride process is again assumed.

Table 11.. Specifications for a triple-effect evaporator

T

Purpose: - : : . To concentrate 10 per eent_brine to

'_ saﬁuration ;
Type: . v ' Fofced-circulatidn, three effECts
vRequired heat-transfer area: : 1600 sq ft total -
Materials of construction: Monel body, 90/10 Cu-Ni tubes
Aﬁxiliary equipment: | . Founqatlon, steelwork, pumps, barométrie

condenser, hotwell, feed preheater,

steamjetrejector.-

Steam economy: : _ 2.54
Tnstalled cost: ' ~ $130,000. (1950)
&. tabor. The addition of-an evaporafion step to the process doesfnot 

necessitate an increase in the operating and supervisory manpower, since
the continuous natuvre of the operation makes'it amenable tp automatic control.

. Utilities. Evaporation normallj requlres a large. amount of steam and

eoolinn'water. In this case, 16,900 lb/hr of steam for evaporatlon and 2&0

Lb/hr for the jet ejectors are needea.g Fbr condensation of vapors from the
third effect, 240,000 lb/hr of cooling-tower water are required. ColxectLon .
of Ponden aﬁe from the first‘two:effecfs alloWS'a reduction Of process water:
.“eoulremenub from 61 9OO lb/hr ior the 10 per cent process to 51, 800 lb/hr.
Adaltlonal power® needed for evaporation is shown below. The summary below
clearly shows that steam costs'are_a'mej6;§factor in the manufacturing cost N

of the evaeporation process. _ .
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User ; 0 Hp Kw . " Kw hr/day
Evaporator pump 3 2.25 5k
| Fvaporator pump 6 R R 108
Cooling water pump 75 5.62 139
Hotwell pump ' 7.5 5.62[ v 1%5
Total for evaporation v - o b=
Total-for sulfate removal : : 3770
Grénd total v o '*ybf., ~L2oo

Utility ' - Consumption Cost/unit’ ~ Cost/year

steam 18,000 1b/hr - §0.k0/1000 1b  #62,300

Tower water. 29,000 gal/hr . 0.02/1000 gal 5,000
‘Process water 3,810 gal/ur 0.20/1000 gal 6,600
Electric power 4,200 kw hr/day © 0.01/kw hr 15,100
Total cost of utilities : | | | #89,000

3. Summary of Capital Investment and Manufacturing Costs

v Tables 12 and 13 summarize the costs for removing sulfates from iO
' per cent brine with bacteria with additionél evaporation to saturate the

brine. The costs are considerably higher with evaporation than without.
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Teble 12. Estimated capital-investment statement for producing sulfate- .
free saturated brine by bacterial reduction and evaporation -

Basis: Capacity - 85 tons rock salt/day : : - .
Operating time ~ continuous, 360 days/year o
CE Plant Cost Index:l 1105.6 -

Installed equipment | _ ﬁQ?O,EOO_
. Piping R 81,000
. Trnsulation L ' - _" A 1&,800
Instrumentatioh : . 27,000 .
Electrical installations = o 18,900
Buildings and services : » ~<l' 52,700.
Yard improvements o . ‘_ : . 26,200

VPHYSICAL:PLANT.COST'— BACTERIAL

REDUCTION - 171,000
PHYSICAL PLANT COST - ACTIVATED
SLUDGE - . 104,000
Engineering ahd construction : $115;OOO
DIRECT PLANT COST - SULFATE - T
REMOVAL - - | S $1690,000
DIRECT PLANT COST - SULFUR RECOVERY . = .- 35,000
Coﬂtractor's fee o $;22}OOO : o
Ccntingency ' - il8l,OCO '
FIXED CAPITAL INVESTMENT . $4929,000
- e
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Table 1%5. Esti atea manufacturing-cost uqicmenu for producing sulfate-
turated brine by bacterial reduction and eveporation.

~Basis:  Capacity - 85 tons rock galu/day

Operaulng time - continuous, 360 days/yéar

Rew materials 470,000
Labor . ' 30,200
Supervision ‘ : 8 OOO‘
Maiﬁtenance S _ : 5:100
Plant supplies ‘ o © 5,400
Ut<"~¥ncs 89,000
DIRECT MANUFACTJRLWU COST - |
BACTERIAL REDUCTION §38,700
DIRECT MANUFACTURING COST -
ACTIVATED SLUDGE : | e 8,700
Plant overhead. ' g426,300 o
INDIRECT MANUFACTURING COST . 26,300
Depreciation . | ' §87,L00 B '
Taxee and insurance ‘ 17;500 L
PIXED MANUFACTURING COST C ¢10k,900 ﬂ
MANUFACTURING COST - SULFATE REMOVAL S | 8378,600
MAKUFACTURING COST - SULFUR RECOVERY : - 26,200
CREDIT FOR SULFUR - o R | 3,200
TOTAL MANUFACTURING COST B o {402,000

COST PER POUND OF ROCK & ALT : £0.00661
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IV. PRCODUCTION OF SULFATE-FREE SATURATED BRINE -
BY BARIUM CHLORIDE PRECIPITATION '

A. Process Description

1. Design B051s

The design capacity of the plant is 85 uonv cf rock salt per day,
supplying NaCl for a )O-ton—per-day chlorine plaht. Plant operation is
continuous, 360 days per year. Plant location is assumed not important,

though a logical choice of location is near the source of rock salt. The

sumptions concerning land for the nlant utilities, storage and handling,-

auxiliary buildings, and capltal are tnc same as outlined in Chapter II.

‘2. General Process . Description

A process for barium chloride precipitation_of the sulfate from

brine may be divided into several unit operatloqa. These are illustrated

a. Erine saturation. Sulfate-containing rock salt is contacted with water
~ to produce a saturated brine. '

b. BaCl, preparation. Barium chloride in solid form is dissolved in water
Lo B . - :

to provide a reagent solution for precipitation of barium sulfate.

¢. Precipitation of BaSO) Sdturated brlne and barium chloride solution

are mixed in a vessel and BaSOu is allowed to prec1p1tabe from the brin

fo?
t
6]

50 iltration. Slurried BaSOa is passed_through'a filtration unit

L
to clerify the brine.

)
!’rl

L

280, drying. Wet ”dSO is dried and packed for sale.

5. Seizction and Design of Process Steps

bt

cipitation of barium sulfate from brines is glVen. For routine design

T
0]

re

calculations for some of the process equlpment the reader may refer to

nyoenaly C.

lere a description and design of the. maJor proces51nb units for the =




.-9l-_‘
Rock salt | BaClo
and water _ - and waier

¥7
Brine _ “ BeClyp
satuvciion , prcparci!on
9‘
A
g
v 50304 i
orecipitation
'vQ :

; - j R

| BaSOg4 . ~ BaSOg4

; filtration - 1 drying
Suifate-free - Dry BaSO,

saturaied brine : ' '
i o ‘ o MUD 9241

Pig. 20. Schematic aeccrlptlon of a process for remov1ng vulfateo from
brine by barium chlorlab bre01p1Lat¢on
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a. ILiterature on BaSO# precipitation. There is little information in the

1iterature on processes for removing sulfates from brine, mainly because
@reéipitation with barium chloride or other barium salt is a straightfor-
ward process long practiced. ZEquipment for carrying out barium sulfate
precipitation does not seem to merit description in the literature and the
process has not been described in detail. ‘

Hengererej has_proposed'using theibed.pf rock salt for treatment
of brines by adding suitable precipitating agents such as barium chloride
in solid form to the rock salt or int roducing them inte the process water.
The water i1s allowed to.flow through the bed by gravity. Precipitated
impurities are removed by the lower portion of tﬁe salt bed which acﬁs as
a filter. This method i1s gquite eéonomiéal but removes less sulfate than.
the bacterial reduction method and less sulfate than that theoretically
possible consideringbthe.low solubility of barium sulfate. Hirschzh rec-

commends the use of caleium chloride and a calcium sulfate "seed" to pre-
| cipitate calecium sulfate from the brine, but reports only 67 per cent sul-’
fate removal.

Most other approaches are-the quife logical one of mixing the
sulfcte- contalnLng stream with a prec1p tatlng agent such as barlum cnlorlde
for a certain period of tlme, and then removing the precipitated barium
sulfate. The process proposed in this study is the author's own version

of this rationale

b. Brine saturation. Saturated brine 1s made up in tne same manner as in
the bacterial sulfate reduction Drocess, v1z., by passing water upwards
through a bed of rock salt contained in a 20-foot concrete tower. The
brine overflows at the top saturated with NaCl. The bed is maintained at

a constant level by a controlled conveyor.
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c. BaCl, preparation. The guantity of BaCl, needed is such that a

ck MO

saturated solution can be made up batchwise twice a day and transferred
to a sto age tank. To dissolve 2810 pounds of BaC’ in 960 gallons of
water, a lEOO -gallon tank is adequate. To hold 1 1/2 days' supply of

BaCl solution, a 3000-gallon storage tank is required.

2

d. Barium sulfate precipitator. The design of this vessel is on a somewhaﬁ:
arbitrary basis. 'A.literature search on’barium sulfate precipitation did ‘
not turn up any useful kinefic equation which could be used in the design- -
of a suitable pre01p1tator A correlatién developed by O'Rourke and: |
Juhnsonf\5 shows excellent agreement with data for precipitation.of bariunm
sulfate from very dilute solutions. Their experiments show that the pre-
cipitatﬁon is a surprisingly slow procecs in solutions oficoncentration on -
the order of 1 mN/l About 1.5 hours elapoe beiore prec1n1tatlon is complete
They also found that temperature has very little effect on the rate of
precipitation. The concentration of sulfate in the saturated brine is about,i
50 mv/1, so that the kinetics probably will not follow the O'Rourke-Johnson -
model which was developed from experiments on solutions of less than 1 mM/l.
In discussing his process for the purificatioh of alkali metal
helides, Hay26 suggeste that after addition of-barium chloride to precipi-
tate sulfates the solution should be boiied for-1 to 10 hours to obtain
complete precipitation. In the gravimetric. determination of sulfute in
analytical chemistry, a l-hour period ofjdigestion below the boiling point
is recommended in order to promote formation. of large particles and to
prevent CO—pfeCLpltatloﬂ of sodium chlorlde 21 |
in the absence of usable kinetic daua, the prec1p¢tat10n vessel is
designed on an estimated basis of 1 hour's residence time with the slurry
mainteined at 90fC with‘steam in a surrouhding Jacket. With a flow rate
of 26,200 pound per hour of brine which hés a density of 9.94 pounds per
gallon, and with a flow of 84.5 gallons per hour of saturated barium

chloride solutlon, the requlred volume 1s about 2800 gallons. Glass-lined

P
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steel 1s chosen for corrosion-resistance because it is actually cheaper :

. . : 1’ -
than a stainless-steel or stainless-clad jacketed vessel. 5 , :
Calculations of the reguirements for steam and heat-transfer area S s

for the Jjacket are shown in Appendix C.

e.. TFeed preheater. C(onsiderable savings on steam is possible by prehesting

the incoming feed with the hot effluent from the precipitator. Since both
- streams are allke and both are liquid, a double-pipe exchanger ié chosen
rather than the shell-and-tube type. Stainless steel is used because of
the hot brine being handled. Calculation of required heat-transfer area
is shown in Appendix c.

. Barium sulfate filter, Selection of -a solids-liguid separator 1s a, more

difficult problem than selection of most other pieces of process equipment.
To riake a proper choice, detaileéd information on the process variables are
usually requifed. Laborafory'or pillot-plant tests on the material in&olved
are essential Tor determining the best agproach. ' _ _
v However, it is,possiblé to make & reasonably good choice of the type;
of equipment to use bychnsideration of the propefties'of the material being
filtered and the process conditions prevailing. For example,_Smith28 sug-
gcsts-tha%'in dewatering less than 300 pouads per‘hour of solids, continuous

filvration or centrifugation probably are not economiéal, If complete

araetion is desired and recovery of the solids also desired, filtration
would be better than settling. If the recovered solids are to be further
processad, washing should be incorporated into the separation process.

29 . .. - e . » .
al. 9 indicate that for filtering suspensions of low solids

concentration (less than 1 per cent by weight), pressure filtefs suCh as
the plate-and-frame type should be considered.

In this‘design, the production of barium sulfate is 250 pounds per
hour. £s concentration in the brine strgém is 0.92 per cent by weight. . o

It is assumed that the bariunm sulfate is tQ.be recovered and then dried in
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a subsequent process step. These conditions indicate that a thorough-

‘waghing plate-and~frame filter press is a logical choice for zolids

removal.

In designing the filter press,_constantfflow—rafé Siltraction at
400 péig i asgumed. Colewletions in Appendilx C sliow thet & filter area
of 1000 sg ft is required.' IT a continuous flow of filtrate is to be

maintained with a single filter press, it would be necessary o have

[

storage tanks before and after the press and to-have a filter area larger

than 1000 sq ft. If two presses were uged alternately for a calculated

- filling time of 2l hours each, the tanks could be eliminated but each

filter would have to have 1000 sq It of area and would stand idle for quite

J
3

a few hours after it had been washed and emptied of cake. A more econo-

mical approach is to employ ¥ filters in parallel, each with 500 sg ft of"

area, with filtration carried out in two presses while the third is put

- through a 6-hour wash and cleaning step. The filling time in each press

is 12 hours., The diagram below shows that at any given time, 2 filters
afe in operation while one is being washed, emptied and reset.. The double ‘
bar represents the filling step while the single bar represents the washing {

and emptying step.

T - l | '! Filter #1

— e | e
k__;_;:> : . - : | v :  £5___~ﬁ Filter:#s
i ! 3 i ' H i i | |

O e 12 18 2k 30 %6 Le L8 | sl

| Time,1hours  ' |
Charts devloped by D..L. Sperry and Co?BOvindiééte that for 500 fté-of_
filter area, a Bé—inch press with 4O piates is most economical.

-
e




g. Barium sulfate dryer. If the barium sulfate is to be recovered and

<

sold, it must first be dried. The product will be crude barium sulfate,

which sells for $30 per fon.ot

D&

Fiiter cakes may be dried in several ways but & common and of- .
flcient method 1s by use of & rotary,drum dryer. .Forfthis.stﬁdy, it is : -
a$sumed that the filter cake is charged manually +to a screw-type feeder
which brealts up the cake and feeds it to'a'direct-type rotary dryer.
Solids travel countercurrent to é stream of steam-heated air and are dis-

charged directly into drums for shipping.

For estimating the required size, air flow rate, steam and power

i

otary dryer, the empirical methods given by Perry' areé satisfactory.

Hy
O
€]

Costs are estimated from one of the articles appearing in Chilton'
13 I . . . '
book. 2 Calculations of the above design reguirements are glven in Appen lk
. .
(W2
4, Process Flow Diagram

"Tlow sheet 1llustrat1ng the process Tor removal of sulfateo from

brine with BaCi2 is shown in rlg 21..

VMaterial Balances

The overall méterial balance for the barium chloridevprocess is
shown in Table 14, Table 15 gives the flow rates and percentagés of com-
3on95ts in - the inlet and effluent brine streams. The barium chloride
added for pre cipitation. of sulfate prescnts an adaeq 1mpur1ty, thougn

the effluent brine otream.

A~ be¢ore, the basis fTor: deol“n is a 50 ton& -per-day chlorine planu,,~
snicn regulres 85 tons per day or 7090 pounds per hour of rock salt

Sulfate represents l.%o per cent by welght of the rock salt. rp’ns repre-

sents a sulfate-removal rate (100 per cent removal) of (0.01k6; (170, 000 /24

103 1o SOi per hour. If a 5 per cent excess. of barium chloridb is used fo '2..';'
srecipitation, the required amount is (103)(208/96 (1.09) =235 1 BaCl, '
per;hour. The amount of barium sulfate thus produced is (239) 259/208)/ ; U

105 = 250 ooundo per hour.
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3.
Table 1. Overall material balance - barium chloride process ;;
Materials | o . Input ' Output
- 1b/hr 1b/hr
Rock salt o 7,090 7,060
Process water 19,770 - 19,710
Barium chloride 235 12 ’
. » I
Cake moisture S - . 60 :
ry barium sulfate ‘ ' : 250
27,090 27,090




Table 15.

_99_

Flow rates and percentages of components in the brin

stream - barium chloride process

-~

@

- Input Oubput

Component Flow Wgt. % Flow vgt. %

1b/hr Solids 1b/hr - Solids
NaCl 6910 .39 6943 98.37
Caso, 107 1.46 nil 0
Ne,,S0, 40.k 0.55 nil 0

- MgCl, 7.1 - 0.10 7.1 0.10

Fey0y | 7.8 0.11 7.8 0.11
Insolubles - 1.2 0.19 nil 0
BaCl, 235 . 3.20 12 0.17
CaCl,. 88 1.25

7321 100.00 7058

.100.00
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The solubility of sodium chloride in water at 25°C is 36.2 grems
pef 100 grams 'of.*.\rate:r',-53 The process water requlremen* is thus (7090)
(-975)(100/36.2) = 19,100 pounds per hour. Since saturated salt solution
has a density of 9.9% pounds per gallon, the brine stream Tlow rate is
26EO gallons per hour. ' i '

35 ~of 35 grams per 100

Since barium chloride has a -solubility
grems of water at 25°C, the amount of water necessary for its solution is
(235 100/35 = o7O pounds per houyr. With a denSIty of 10. 7 pounds per |
gallon, the volumetric flow rate of saturated barium chlorlde 1s
(235 + 670)/10.7 = 84.5 gallons per hour.

The. SOlubLllty of baelum sulfate . is ext;omely small, on the order
of 2.5 x 10 -t grams per 100 grama of water, there¢ore, essentlally all of

the sulfate is aasumed removed fa@m the brlne strean.

5. ye51gn-Spec1¢1catlons -

a. Materials of coastruction. Because of corrosion problems with hot

brines, the precipitation tank is constructed of glass-lined steel while
the heat exchanger is of stainless-steel pibeQ The'slurry pump is also.
stainless Steel A1l other equlpment and piping is of carbon steel or

cast iron exccom the saturatlon tower whlch is concrete

b. Process contro+. " The follow;ng are the major controls assumed neces-
sary for operation of the process: '
(a) Control of rock sélf‘level in the saturator

b) Control of process wagter flow rate

(o)
(c) Control of saturated BaCl, solution flow rate'
(d)iLevel control in thevprecipluauor

" (e) Flow control of filter effluent

-
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17(h) provide the essential specifications for each piece of cgui

-101

~¢. Iguipment lﬂqt and speciflications. A list of major process equipment

and thelr Janua ry 1960 costs is shown in Table 1§. Tables 17(a) th
give the sources and dates of cost data.

B. Investment and Manufacturing Costs

1. Investment Cost Estimates -

The methods employed in determining capital and manufacturing costs
for the barium chloride process are the same as for the bacterial reduction
process, i.e., by use of percentages and factors of equipment cost, ca* tal

investment or other known cost.

a. Installed equipment. Costs for equipment are obtained from the litera-

ture. The\method of updating costs has been described in Chapter I,

B hnl )
2CTL0on 1‘4-1.

[¢8]

Se

-

b. Piping. Chilton’s15 suggestion of BO per cent of installed equipment

23

cost for a fluids-processing plant is used.
Piping = (0.%)(§92,200) = §27,600

s ' v . . 1
c¢.. Insulation.  As before, 5.5 per cent of installed equipment™  cost is

assuned.

Tnsulation = (0.055)(§92,100) = §5,100
ol Tnstrumentation. For an average amount of instrumentation,‘lo per cent

. i

cf installed equipmen 1t cost is assumed.
nstrumentation = (0.10)(§92,100) = §9,200

-

-

L s o 1L .
¢. ¥lectrical installations. Aries and Newton - suggest an estimate of

[ per cent of installed cquipment cost.

Blectrical insteliations = (0.07)($92,100) = ¢6,k00

. fsulldings and services. he need for buildings for this proce s is not

large. Most of the equipment will be indoors, but the brine saturator and

rage facilities need very little protection. TFrom the values of 20 to



Table 16. List of major equipment for the process of sulfate removal
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by barium chloride precipitation

Equipment

Rock salt conveyor

Process water pump (P-1)

Brine saturator

mix Tank
transfer pump - (P=R)

holding tank

©

Bariun chloride metering pump (P-3)

[}

Feed preheater
Berium sulfate precipitation tank .

ate slurry pump (P-L)

Vash water pump  (P-5)

S e 1.
LOLne surge  Ttank

Totel installed eguipment cost
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Table 17. Equipment specifications for the process of sulfate precipi-
- ‘tation from saturated brine with barium chloride

(a) Pumps
. Cap. .. Material Installed
Pamp Type (gpm)-  Hp of cost, year,
' o Construction _source
Process water  centrif. Ll 10 CI g1210
pump. - i - S | ‘ 195k, 1k .
Bariun chloride centrif. . 106 11/2 cr g ko
transfer pump’ _ : 1947, 13
Bariws chloride recipr. 2 1/2 - ¢S 4 500
metering puup - . . ' - ' _ 1947, 13
ariun sulfate  centrif. L 13 CI ' §1.300
cedurry pump , 16k7, 1%
Wash water pump centrif. 11 b1/z2. - cI 41000

14T, 13

(b) Barium chloride mix tank

Purpose: preparétion of saturated barium chloride solution
Type: verticail, cylindrical, open top, top-mounted agitator
Capacity: 1200 gallons

Material of construction: carbon steel

Agitator power: -3 hp |

Tnstelled cost:™ 2800 (1947)

() Bariun chloride holding tank

Purpose:, Stofage of saturated bariwm chloride solution
Tyoe: Vertical, cylindrical, totally enclosed
Capacity: 3000 gallons '
Material of construction: Carbon steel

Installed gost:l5 43,200 (1938)
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. ) - Table 17.' Yéontinued)

&

(d\ Feed prpheater . , ' 3
Purpose: Preheat incoming brlne Wluh effluent from préciiitator. ' .
Type: Double-pipe nest exchanger : ‘ I ",
Required heat~transfer area: U450 square‘feet
Design pressure: 150 ?sié
Material of construction: Both tubes of stainless steel - _ o
Tnetalled cost:>  $10,000 (1947)

(e¢) Barium sulfate precipitation tank-
Purpose: Blendlng of brine utream w;uL barium chloride to precipitaté
barium sulfate a '
Type: Totally enclOSed,_cylindrical,fjacketed vessel, with<agitator'
mounted through top
Capacity: 2800 gallons : .
OpEratlng temperature: 90 to 100%C ”
Agizator power: 5 hp :
Jacket heat-transfer area: 215 Square feet :
Materials of construction: Tnterier of vessel is ‘glas é‘lined steel.
‘ Jacket and exterior is carbon steel.
Instalied cost 15 ge6, OOO ( 958
(£y Barlum sulfate fiitgrs (3 identical)
Purpcse: Remcvai of preciﬁitaued.bariumbsuifate from brine stream.
Filter type: Plate-and-Irame pteseuru type, hydraulic closing, thorough
' .washing : .

Filtration arca: 500 Square feet
Platé size: 52'ihchesi
Number of plates: 4o .- : _ ‘ - : .”;
Operating pressure: 100 psig ) _ o )
-4uLar1als of ccnstruCtioni Cast iron plates and frames, steel frgméWork , P

and piping

. 7

rchase cost:” - §3,700 (1950)
. B - L. _ l
Insteiiation cost: 35 per cent of purchase cost

Instelled cost: $5,000 (1960)
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Table 17. (continﬁed)

(g) Brine surge tank

Purpose: To maintain a constant flow of purified brine for subseguent
' processing : ‘ '

Type: Totally—enclosed cylindrical tank, vented to atmosphere
Capacity: 660 gallons -
Material of construction: Carbon steel i

Purchase cost:” @700 (1960)

—

Instslled cost: $9CO (1960)

nstallation cost: 30 per cent of purchase cost

: (ﬁ)'Bariﬁm sulfate dryer

- Purpose: To dry filter cake to a low molsture content

Tyre of dryer: Directi rotary

Capacity: 250 pounds dry solids'per hour
Air Tflow rate: 240 pounds per hour per sq ft

Steawm reguirements: 150 pounds per hour

-

Dimensions: 16 feet long, 3. feet in diameter

otal power requirement: 6.8 hp

=

O

perating temperature range: . 110 to 250°F

Material of construction: Insulated_steél shell, steel framework
Auxiliary equipment:  Feeder, drives, fan, heater |

? 46,700 (195k) |
Tnstallation cost: 38 per cent of purchase cost

Instelled cost: §9,200 (1954) -

- . 1
Purchase cost:

15
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&0 per cent of installed equipment cost for mixed outdoor and indoor

13

»

construction given by Chilton,”™ 35 per cent is chosen. It has already
been assumed that buildings and services costs for the bacterial reduction ‘

process will be the same as for this case.

Buildings and services = (O. 35)($92 lOO) 832,700 L — ,
g. Yard mp:ovementb. Seven per cent of installed equipmént cost is used .

Yard improvements =’(0.07)($92,100) = §6,400

h. Total physical cost. The sum of the items a. through g. répresents'the

-totcl o”ys al planticost and amounts tol$l79,500.

ineering and construction. Twenty per cent of the total physical

cost”” should be adequate.

Engineering and constractlon = (0.20)(§179,500) = $35,900

j. Direct plant cost. When engineeringﬂand construction costs are added

o

10 the total physical plant cost, the direct plant cost is obtained. In
this case it is §215,400. V

k. 'Cont;ac cr's fee. This item is estimated to be 4 per cent of the direct -

19

plant cost.
Contractor's fee = (o’.oh)(gelb 000) = 8,600

1. Contingency. The 25 per cent of direct Llant cost assumed for contingneey
is somewhat highef than the average suggeSQed by Aries and Newton.
Contingency = (O.25>( {215 ,4C0) = #55 800

n

. foed capital 1nves+ment The Tixed capl el 1nvestment is the sum OT

~the wotal phyledL COSU, dlrect plonb CObt contractor's. fee and conLlnvency

The £ixed capital investment for the process of sulfate removal from bilnes

oy Z.Cl, precipitation is thus $278,OOOL: : - : 'i '.:Jﬁ
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2. Manufacturing Cost Estimates
. /

a. Raw materials. Cost of barlum chlorlae is & mudor 1tcm in the total

manufacturing cost of the barium chlorlde process.

-

e , L2l
Material .. Flow rate Cost/unit

5020 1o/day 4176/ton . ‘ $178,ooo

b. Lebor requirement and cost. An operator will definitely be necessary

for handling the ILLtratlon syauem. With a washing and cleaning time of
© hours one man should have time to run the rotary dryer and make up a -
batch of barium chloride solution. One man, then, is assumed sufficient
to operate the plant at any one time. Iabor'cpst is thus the same as for

the bacterial reductioﬁ pfocess, i.e., ﬂBO,EOO per year.

c. Supervisicn: As in the bacterial reduction process, supervision for

-8 nours per day, 40 nours per week is assumed sufficient, at an annual cost

oT - SS 000.

d. DMaintenance. A breakdown of 2 per cent annually of fixed capital in-
vegtment for maintenance l sbor, 2 per cent for materials and 1 per cent for

Te2 '
overhead is again assumed.

Meintenance labor = (0.02)(#278,000) = j) 600
materials = (0.02)(§278,000) = 3,600
‘overhead = (o.01)($187,ooo),= 42 800

Total maintenance cost : ' g1k ,000

e. Plant supplies. Estimate at 15 per. cent of maintenance.

Supplies = (0.15)(§14,000) = §2,100

- e e =
i

T. Utirities. Steam, process water, and electric power are the utilities

- reguired in this process. Steam is required in the Jjacket of the precipi-

wator at a flow rate of 400 pounds per hour and for heating air in the dryer:

t a rate of 150 pounds per hour. Process wauer fLOWD to the saturator at

2 rate of 19,100 pounds per hour. Ia &ddit o“, *o,lOOFpOuAQS per day of
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vater arce required for pr cnasutldn of barium ch¢orlde solution, and 21,400
pounds per day are used for wash%ng filter cake. The electric power re-

quirements are listed in Teble 18.

Utility . . Consumption . Cost/uni t‘ _ Cost/vear
Steam 550 1b/hr - #0.04/2000 b #1,900
orocess water 2480 gal/nr  $0.20/1000 gal ~§k,100
Electric power 637 kw hL/Quy ﬁo.Ol/kw_hr'f g - §2,300
Total cost of utilities _ 3 48,300

g. Direct manufacturing cost. Addition’'of items a. through f. gives the

direct manufacturing cost associgted with operation of the process. The

totel is §2L0,600,

. N Lo . e e e §
h. Plant uveréela. From Peters' 9 recommended range of 50 to 70 per cent
of operating labor, supervision and maintenance- labor, a value of 52 per

cent 1s chosen, to include overha@d for packagxng the barium sulfate.

Operating labor: 350,200.
Supervision: : 8,000
Maintenance labor; 5;600
Total: - . ﬁh" 800

Pleat overhead = (0. 59 ) (43,800) = §e2, 800

i.  Indirect ﬁanufacturing cost. Tﬁe only indirect cost is plant overhead.

j. Depreciation. Assuming that the plant has a 10-year lifetime, with

¢ :‘

traignt-line depreciation, cost is 10 per cent of fixed c¢apital invest-
! : i . .

annually.

Depreciation = (0.10) (§278,000) = $27,800

ment

ct

k. Taxes and ¢nuurance. Two peér cent of fixed~capital investment is
92 ‘ :

assuned. .

xed manufacturing ctost.  Fixed costs are those which must be paid out

regardless of _whether the plant is Operatlng or not. De reciation and taxes

and insurance are fixed costs, amounting to $%3,400.
i . .
| :

&



~109-

Table 18. Electric power requirements for the removal of oh];dtC ime
saturated Dr*uc Wth barium chlioride

- User Hp Kw Kw hr/day
Process water pump 10 7.5 180
Reek salt»cbnveyor 1 0.75 18
Barium chlqridé tank égitatbr ' 3 2.25 14
g;riun chloride metering pump 0.5 0.38 9
Precipitation tank agitator 5 5.75 S0
Bariun sulfate slurry pump 10 7.5 180
Wosh water pumy 5.5 4.0 24
Bariuw sulfate dryer 6.8 5.1 12

637 kv hr/day




m. Barium sulfate credit. If the removal of sulfates from the brine .stream

i

~1s carried out separately from other purification steps as it is in this
design, the byproduct barium sulfate 1s amenable to recovery and the credit
in its sale may be used 1o partially defray manufacturing costs. . The

Ty o

arium sulfate recovered will be contaminated with insolubles frcm the

o

o'
3

rine strean, and residual salts not removed by washing. As such, the

@
b

selling price of #30 per ton for off-color, crude southern barytes is
assuwied.

(250 1b/nr) (2k nx/day) (360 day/yr
v 2000 1b/ton

. rN= - ) i :
Sales revenue = )\ﬁpO/ﬁon) = §3%2,400 per year

A major expense in the sale of a produét is the packaging cost. Assuming

the dbarium Sulfate.is packaged in 200-pound fiberboard.drums, the packaging

0

ost'(materials only) is 0.5¢ per pound of product, or §1.00 per drum. It
is assumed that packaging does not reguire additional labor, since at the
rate of 250 pounds per hour, a simple automatic weighing system is easily

incorporated.

d
- Miscellaneous sales expense depends on the product, but an esti-
mate of 2 to 4% of sales revenue may-be»u;;ed.7 : -
. Sales expense =‘(0.0B)($32,&OO) = $§ 1,000

Sales revenue: : 32,400
Packaging cost: : 10,800
Sales expense: S 1,000
Net barium sulfate credit §20,600

n. Total manufacturing cost. Summing direct, indirect, and fixed manu-

zcturing costs, and allowing credit for barium sulfate recovery, the total

manufacturing cost comes to $276,000 annually.




It

o. Cost per pound of rock salt. If rock. salt is consumed at a rate of

7090 1b/hr, the cost of removing tne sulfate from it will be
275,000/ (7090) (24 ) (360) = $0.0045L per pound.

p.. “Accuracy of cost estimates. As it was for the bacterial reduction pro-

cess, the probable accuracy of cost estimates for the barium chloride process

[

L 25 per cent.

3. Summary of Capital Investment and Manufacturing -Costs

Summaries of the above discussion of capital and operating costs

are provided in Tables 19 and 20.
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Table 19. Estimated ca pltaL investment statemenu for producing culfaLe-
free saturated brine by barium chloride precipitation

Basis: Capacity - 85 tons rock salt oer day

Operating time - contlnuous, 500 days per year

CE Plant Cost Index l 105

Installed equlbmbnt S : ﬁ92,i00
Piping : 27,600
Tnsulation - 5100,
Instrunentation - _. ' ) 9,200
Electrical 1nstallutloﬁs 6,400
Buildings qnd services: ' 32,700
Yard irprovements - . A 6,400

TOTAL PHYSICAL CoST o $179,500
Engineerlng and construction ' $55,9OO -

DIRECT PLANT COST . . #e1s,ko0
Contractor's fee o : § 8,600 '
Contingency : 55;800 ’ ‘

FIXED CAPITAL ‘INVESTMENT : R | $12_78,ooo

Probable accuracy .of estimate: #25%

-




C211%-

Table 20. Estimated manufacturing-cost statement for producing sulfate-
free saturated brine by barium chloride precipitation:

Basis: Capacity - 85 tons rock salt per day

Operating time - continuous, 360 days per year

Raw materials 178,000

Lebor . | 30,200

Supervision o A 8,000

Mzintenance . 2 1k 000

Plant supplies 2,100

Utilities o 8,300
DIRECT MANUFACTURING COST  #2L0,600

~ Plant overhead o 420 800 - .

INDIRECT MANUFACTURING COST - § 22,800

Depreciation e » - 8 27,800 |

Taxes and.iﬁsﬁrahCe_ ‘ : ' 5,600 ‘
FIXED MANUFACTURTNG COST | § 33,k00 |
BARTUM SULFATE CREDIT | 20,600
TOTAL MANUFACTURING COST |  #276,000

COST PER POUND OF ROCK SALT ' ' A $0. 00451

Probable accuracy of estimate: = 25%
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V. DISCUSSION O; RESULT
The Tixed capital -investment for a plant t0 remove sulfutes Tyom - °
& 10 per cent brine with bvacteria (§578,000) is moré than double the cupital

investment for removal with barium chloride (pu78 000).  fompaving the

flow diagrams, Figs. 12 and 21, this 1s not surprising, since conalderably;: %,
more equi, rent 1s necessary 1o carry out the former process. T an evapo-.
ration steo is added to the bacterial nrocess in order to proddce a satura%ed
brine, the investment cost increases to “929,000 ij _
Comparison of Tables 10 and 20?1ndlcaue5) hbwever that he oact@rr¢l
process compares guite favorably with the barlum cnloride proceSa in uerma{
of manufécturi'gcosﬂé;which represent a more conclusive criteria in makihg
& choic: among alternative processes. The estimated costs,'$2%7,000.for
the former process, and S276,QOO for the latter, are almdét,identical;
though oomewhﬁ*'fortditously so to be sure. On the other hand, if the 10 .
per cent brine is evapordtcd to saLuratlon, operating cos of the bacturn 21

reduction process rise to $402 000. _ K  S . fﬂ ' . %

Cost improvements guite possibly can be made on the process of

147]

ulfate removal by bacteria. TFor exampie, if the anaerobic reduction of
sulfates is allowed £o proceed in the lower depths of large earthen basins
over the course of several days' residence time rather than in'e dense-
cell cultivator, savings in investment énd Operating costs may}be realized.
On the other hand, it may be expensive to cover the basins iﬁ order %o .
collect evolving»HES.l Also, poor mixing may result .in 1ncomplete sulfate
reduction. Another area in which costs can be” reduced is in SUrrpplnc

HéS from the>brine. IT air pollution weére of no concern, the HES could
'merely be'stripped wiﬁh_air from the aerauor and no ‘attempt to' recover it
~zed be made. An earlier cost estimate showed that the manufacturlng cost
is £252,000 1f H.S is not recovered, vlvrng a saving of 9 per bént. ther .
important savings could be made if the bacberla could be made 1o grow '

. -

elfficiently on a cheap carbon source sudh as sewage sludge or wood pulp
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The proposed design for precipitation of barium sulféte may not be

. the most economical in terms of capital investment. = Nevertheless, a look

at Table 20 shows the direct manufacturing cost to be dominated by raw .
materials and labor wvhich will remain essentially the same fegérdless of
design. Indirect costs and fixed charges related to the capital investment
are not large compared to the direct costs. It is felt, therefore, that
the proposed design will give an adéquaté estimation of the economics of
sulfate removel with barium cHloride. ‘

t should be kept in mind that a direct comparison -of the two pro-

')
(1
w
4]
¢
w
} 2
ur
o
O
ct
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[¢]
[
H

ectly valid based on the information presented in Tables
10, 1Y and 20. The reason for this, of course, is that the bacterial
orocass in this study removes sulfate from & 10 per cent brine, while the
torium chloride process removes the same amousit of Sulféte from a saturated
brine. i |

Nevertheless, some important conclusions can still be made. TFirst,
it is apparent that it is not economical to produce a sulfate-free saturated-
brine by initially removing the sulfate with bacteria in a 10 per cent
brine and then evaporating'the excess water. Evaporating costs are.high,

#s yellected in the utilities and depreciation charges of Table 13. A

corcllary of this first conclusion is that in removal of sulfate from

saturated brine, barium chloride precipitation is more economical, simply
oecause the bacteria will not grow well undér th0se conditions. But on the
other nand, an advantage is enjoyed by the bacterial reduction process in
removal of sulfates from more dilute brines of 10 per cent or less salt.

This last point can be illusfrated by the following argument: SuppoOse
we wished'to remove the sulfate rrom a 10 per cent brine by precipitating |
with barium chloride. Instead of handling about 27,000 1b/hr of brine

when it is saturated, 69,000 1b/hr of 10 per cent brine would have to be

L5

B

handled. Assuming the six-tenths factor method ™ of cost estimating to be
reasonably valid, the investment cost for the plant will be approximately

~
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,000)(59,000/27,000) = §h95,000. Manufacturing costs directly

&

proporiional to fixed-capital investment such ss maintenance, supplies,
~overhead, depreciation, and taxes and insurance would increase by ﬂﬂl,@@@,
in gdaition to an increase in utilities cost. Manufacturing Costs-upuld'
thus be about §320,000, about 16 per cent higher than for the bacterial -
reduction process. ' '

v Using the six-tenths factor methbd, investment costs for sulfsate
.remova: Trom a 3 per cent brine for both'processes may be estimated. By
estimating the increase in manufacturing cost due to investment-dependent
chetrzes such as depreciation and maintenance, the manufacturing costs may
also be épproximatéd. Results are shown. in Fig. 22. 1In all cases, 85 tons
per day of rock salt is being processed and the same amdunt_of sulfate is

!

removed. The manufacturing costs curve does not take into account the in-

o

reasing growth rate of the bacteria with decreasing salt concentration on

<

the one hand, and the decreasing growth raté with decreasing sulfate con-
centration on the other. The calculatibhs for neither process’ take into
account the e¢ffect of inVestmenL costs on utilities. The calculations on
which Fig. 22 is based are’approximations at best, but serve to show the
trend of costs with percentage of NaCl in brine and indicaie that sulfate-
removel oy bacteria from'undersaﬁurated brines compares quite favorably

with the older method of precipitation with barium chloride.
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VI. SULFUR FROM SEAWATER
_ - The oceans have long been recognized as ‘an - unlimited potential ‘
source of a wide variety of chemicals. Other than Na and.Cl , the tevle o .
velow shows théﬁ the most abundant ionic constitUentﬁ in ocean water are

Mg® " and SOQ-.' , ' : | ' T

~ ~~ Grams per liter

"~ Ions - . of ocean water
\ c1 S 19.68
Br~ 7 o p 0.07 -
sou; : - | C2.Th
C05~ ' ' 0.08.
‘Na*t o 10.89
o | o 0.40
Nﬁ++ v : 1.33
g , - .
ca™ ¥ 0.4%
Total - - 35.62

The oceans are the major source of magnesium and bromine at pre-
sent and have the very obvious potential of being an important supplier of
suliur to bolster the world's shrinking supply of Frasch-process sulfur.
A preliminary litérature survey haS'indicated that “the sea has yet to be
expléited‘for its sulfur to any significant extent, presumably because

prevailing methods of sulfate removal such as treatment with barium salts,
or the direct reduction of sulfate to sulfide by chemical means,'are not
. economically attractive. _ ‘ ’ C
With the concentration of sulfate in seawater at 28.6 m M/1, com-
pared to 18.3 m M/1 in the 10 per cent brine of this design study, a

nhalophilic strain of Desulfovibrio would grow quite well, converting most Lo

of the sulfate’to sulfide, providing a suitable carbon source were supplied..
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British workers, Butlin, Seliwyn and Wakerley, have suor fully grown

. . . : S . o : L3 Hr_ .
ovibrio in raw sewage sliudge 1o which sulfute was added. The

object of their investigations was to determine whether sufficient gquan-

09

of sulfide could bve produced, with raw sevage as nutrient, for the-

tossible conversion of HES to sulfur. They did not mention the possibility
ot supplementing a,sulfafﬁ—containing Taw materjal.such as seawater with

raw sewage, rather than adding the sulfate in solid 1orm %o the sewage.
‘1 thelir studies, they enriched the sewage with Cas0), to as high as 0.3k
i .

#/%. and obtained 1.2-1.9% w/v sulfide as H.S in 28 days' ferme ntdtlon and

2
-4 . )
% in 7 cays.

oz .
The studies by Leban, Wilke, and ]l.‘dwards‘”j show that a halophilic

strain of Desulfovibrio will grow well with concentrations of sulfate on

the order of 10 m M/l with subsequent reduction of most of the sulfate to-

suiiide. It is propos ed then, that a process for reduCLng Sulfateb in sea-

-

vater to sulfide by microbial action, with an 1nexpen51ve nutrient such as
raw sewage, and with the ultimate aim of converting the sulfide to sulfur
by conventionai means, would warrant some study.

A Tlow diagram Tor a hypothetical process for recoverihg sulfur from

seawater is shown in Flg. 25, Ac“umnnb the plant is located close to a
large scewage treatment facility, a concentrated sewage sludge from the pri-

mary scttling tanks is readily available for nutrient for the sulfate-

n)

educling bacteria. ©Seavater is pumped directly from the ocean and mixed

with the sewage sludge. The anaerobic suifate reduction is allowed to

oroceed in a 1arge enclosed basin with a residence time of a day or more.

A proposed de81gﬂ for a suitable fermentation vessel is shown in-Fig; ok.

This design incorporates minnb sections at thc Lntrance and. exlt oj the
vessel with flow channeLs constituting the major volume., There may be

prOOLem:‘with the solides settling out in the channel, in which case it

would be nece ry to pLov1de more complete mixing throughout the vessel.

Zydrozen Sdlxlde and obnervgases (methane is likely to be formed by methane

bacteria) evolved from the iiquid are collected by manifold pipes for

'




-120-~

Sulfur producy

Raw sewage Seawater
( TR
| |
<7 N .
1 Sewage :
Primary sludge §{ Anaerobic Sulfur
sewage 7 % suliate conversion|
treatment o reduction
ifcondary, Gas " HsS and
and tertiary .
stripper
ireatment . f other gases
Treo?ed effluent Sotilor Sulfate-free
E, seawater
€7 .
Sand
filter
Solids l
Sea-water
conversion
plant

o

Fresh water

MUB-12244

Hypothetical process for recovering sulfur from seawater.
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Fig. 24. Proposed aesign of a large vessel for bacterial sulfate

removal from seawater.
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subsequent treating. Sulfide-enriched seawater is passed through a stripper
to remove the dissolved HQS. The stripping may be accomplished with steamn,
as described earlier in Chapter II, section C, if the amount of other gases

such as CO, and CHQ is not too large. 1In that case, the gases from the

stiripper miy be used_difectly as raw maﬁerial for production of sulfur by
the Claus or other procéss.

' Solidsgvinclﬁding bacteria to some extent, are settled out of the
effluent Trom the stripper. The bulk of the solids may be dried and in-
cinerated or sold as fertiiizer, while a portion is recycled to the anaer-
bbic digester to help maintain a stable bacterialvpopulatiOn.'

| The sulfaﬁe-dépleﬁed seawater is returned to the sea, or alternatively
may be further processed to provide fresh water as shown in Fig. 23, or
may oe qsed‘for bther purposes. In the case of seawater cOnVersion, a real
advantage‘ié_géined in having a sulfate-free féed stream, thereby avoiding :
the problem bfrfoulipg eyaporatoré and heat exchange equipment with CaSOu-

~ The main economic advantage of this process is that the raw materials,
seavater and sewage, are both available in large quantities at'eésentially
zero cost. Operation of the anaerobic digestion system is expected to be
low.in cost, andAproviding the plant has a_fairly large sulfur capacity,

- say SO‘longvtoﬁs per déy br more, it is conceivable that sulfur may be pro-
duced at a profit'from this process. With sulfate-free seawater available,

_the operating costs of an adjacent scawater conversion plant may be reduced

~as well.

Shortly after the above proposal for recovery'bf sulfur from sea-
water with concomitant'foulihg—abaﬁémént for desalination plants was written,

a.news brief appeared in a recent issue of Chemical Engineering5o which

expressed the same ideas presented gbove, but based on a different process

for removal of sillfates. The news brief reads:

»
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‘Great Salt Lake may yié]d its miﬁeral riches at
lower cost, thanks to a new desulfation process de-
veloped by the U. S. Bureau of Mines. Economical
desulfation of the brine will facilitate recovery of
the potassium and magnesium salts present in'high con-
centrations in the lake. The Bureau's Salt Lake City
Metallurgy Research Centef, which developed the new
process, says there is even a good chance for future
recovery ofnlithium.values present at much lowef con-
centrations. - The process also shows promise as a
scaie—control method in water desalting plants.

The process is based on precipitation'bf the
sulfate as barium~$ulfate. Economics depend on recOvery‘
.and_recycling'of the barium and on production of salable
byproducts. _ _

~Sulfate-bearing brine is contacted with a cation-
exchange resin in the barium form, simultaneously pre-
cipitating the sulfate as bariﬁm sulfate and éonverting
the resin - to the sodium form.‘bThe barium sulfaté ié'
recovered and roasted with carbon to form barium sulfide,
which is dissolved to yield a strong solution of Ba(QH)2
and Ba(Hs)2 that is in turn used to regenerate the spent

_resin, completing the cycle. Effluent liquor from re-~
generétion is a solution of NaOH and NaHS that éan be
fprther and ecohomically treated to yield soda asﬁ and

sulfur.

On the bdsis of this study, it would appear that the bacterial re-
duction process perosed,may be competitive with this new development.
Neveftheless, the feasibility of recovering sulfur ffom seawater or rock
salt or any other sulfate-containing raw material, can bnly_be détermined
Trom a detéiled economic study based on data obtained on the actual behavior .

of sulfate reducers under the proposed conditions of operation.
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VII. SUMMARY AND CONCLUSIONS
This work 1s a continuation of the study of the sulfate-reducing

bacleria, Desulfovibrio, particularly a salt-tolerant strain isolated

from salterns of San Francisco Bay. The previous investigétors, Lebar,
v Wilke, and Edwards, have given a complete description of the isolation
and ecology of this microorganism and have provided kinetic data on its
-growth in batch and continuous culture.g’5 The ultimate object of the re-
search was, in addition to contributing to the general understanding of

sulfaﬁe-reducers, to obtain a basis from which the economic importance of

sulfate reduction by bacteria could be evaluated.

A possible economic utilization of sulfate-reducing bacteria is in

the removal of salfates from salt brines. A plant design and economic
study was carried out for a process to remove sulfate from a 10 per cent
“rock salt brine which was presumed to be a raw material in the manufacture
~ of chilorine and caustic soda. The plant capacity was based on a 50-ton-
per-day chlorine plant. To obtain a basis for comparison of relative
eCoﬁomic advantages, a plant for removal of the sulfate from a saturated
rock salt brine stream by precipitation with barium chloride was designed,
and Operating costs were determiﬂed. The latter proceés is the common |
technique for removal of sulfates from industrial process stfeams. The
additional expense of concentrating the 10 per cent brine by evaporation
was determined by design and cost estimate procedures_for.the purpose of
compariéon on the basis of a saturated brine product. Sulfate-reducers
are not expected to grow vefy well in saturated brine (26.7%), although
it was possible_to‘acclimatizevthem to salt concentrations up to 16 per
cent;2 | _ R 4 “
IMbortant features of the bacterial reductidn process include a
dense-culture anaerobic fermentation system utilizing a continuous centrif
fuge for'recyc1ing cells, and an activated-sludge system for removal

of organic matter from the prOcess stream. Both of these unit operations



-125-

deserve more research than has been carried out in the past, parﬁicularly
in application to biochemical engineering practice. In éddition, a steam-
‘© : strippérvis employed for removing HQS from the.briné stream, and a Claus
process facility converts the H2S to sulfur, thus eliminating the-air
pollution problem. |

The principal operations in the barium chloride process involve
precipitation and digestion of barium sulfate in a steam-heated vessel
with subsequent filtration and drying of the solids; The evaporator de-
signed for.concentrating‘lo per cent brine was found to require an optimum
number of three effects, according to the method of Reinhold and Connelly M

The results of the cos t estimates gave the follow1ng indications:

1: Removal'of a given quantity of sulfate from a 10 per cent
brine stream by bacterial reduction is economically com-~
parable to removal of the same quantity of sulfate from -

saturated brine by barium chloride pfecipitation.

2. The costs required for concentrating a 10 per cent brine
to saturation (26.7 per cent) make the bafium chloride
-pfocesé more economical than the bacterial process in
» prbducing sulfate-free saturated brine. The bacteria are i
not expected to grow well in brines more concentrated than

- about 16%.

3. 7For brines of 10 per cant or less salt, removal of a given
quantity of sulfate with bacteria is more economical - than
removal with barium chloride.

Microbial sulfate reduction shows some promise aé a means for con-

' verting sulfates . in seawater to H2Sx which can then be processed by conventiohal

K

L . pathways to sulfur. The Oceans have yet to be chéllenged for their sulfur
content 1n spite of the abundant supply and the fact that anaeroblc sulfate

reductlon by bacteria takes place quite naturallv in ocean water. -

i
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The procéss_proposed in this study employs an extremely cheap growth nu-
tfieht, namely sewage sludge. 1In addition to obtaining sulfur from

: HQS produced in the process, the sulfate-free seawater obtained may be
used to advantage in a seawater conversion plant.

Further research under the design operating conditions is neces-

sary in ordér to assess more accurately the feasibility of éulfate removal

and sulfur recovery via anaerobic sulfate reduction by Desulfovibrio.
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' APPENDICES

- A. Design Calculations- Bacterial Reduction Process

The design of the agitated anaerobic fermentor, éontinﬁous cen-
trifuge, activated-sludge system and the sand and anthréfiltifilters has
‘been discussed in the text. Below, the design of the remaining major

pieces of equipment'is presenfed.

1. Rock Salt Conveyor , 1

Since the saturation tower is 20 to 25 feet high, a conveyor at

30° to the horizontal would be about 45 feet in length.

Design capacity: 8000 1bs/nr

Density of rock salt: l9Ovlb/ft5

Void fraction: 0.6h |

Volume per pound = 1/(190)(0.36)-; 0.0136 ft5/1b

Designingkfor a belt width of 1k inéhesQ and a bed depth of

2 inches, the average belt speed will bé:

Average belt speed = (8000)(0.0146) (14k)/(2)(14)(60) = 10 ft/min

Power requirement: 1 hp is judged adequaté

2. Rock Salt Saturation Tower

Rogers, in“his Manual of Industrial Chemistry, describes thefpfe—

‘paration of saturated brine for the Chloriﬁe-caustic‘industry as follows:

If the starting material is solid rock salt, the
brine is prepared in a satﬁrator, a tall, sgquare concrete
tank about 6 ft square x 20 to 25 ft high. The tank is
kept full of 'salt. Water is intréduced from the bottom

~of the tank, and the flow is so regulated that as it forces
its wéy Op it becomes sautrated and flows from the outlef at
theitop'as saturated brine. Salt is constantly added to
keep thé tank full, and the mud that accumulated in the sat-
urator may be flushed out at intervals through the butlet
opening at the bottom. | ‘

b3
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The tank is designed for an inside height of 20 ft and is 6 ft
square on the inside. Walls and floor are 6 inches thick. Wall area is

(20)(6)(4) = 480 sq Tt, while the floor area 18 (7)(7) = 49 sq ft.

3. Mineral Dissolving Tank

A batch is made up once a day, requiring 2&00 1b of water. The
minimum volume necessary is thus 2L00/8.35 = 288 gal A volume of 5501
gal is adequate, and using a rule of thumb of 5 hp/lOOO gal for m1x1ng,
about 2 hp for the agitator will be needed.

4. Brine Blending Tank

. A residence time of 15 minutes is specified. At a volumetric flow
rate of T400 gal/hr, the required volume is (T400)(15)/60 = 2000 gal. A
lO hp agitator is adequate for this volume, assuming 5 hp/lOOO gal.

5. Process Water Pump
' The pump capacity 1s 7400 gal/hr or 125 gpm. Calculations showed

that the pressure drop due to the bed of rock salt is negllglble Assuming

an average head of 25 ft, including frlctlon losses, the theoretical power

requirement is:

A centrifugal pump with this power requirement has an efficiency
of 16 per cent, according to Braca and Happel in an article appearing in

Chilton's boo'k.J_‘3 Therefore,_the actual power_requiremeht is.O.8/O.l6 =5 hp.

- 6. Molasses Storage Tank - .
- Molasses is required at the rate of 10,200 lb/day Specifying one:

“month's storage, (30 days) the storage capacity must be (10,200)(30)/12 .
= 25,500 gal. Density of molasses is 12 lb/gal._ '
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. Phosphoric Acid Storage Tank

The requirement for this nutrient is 15 1b/hr. To hold a 30 days'
supply, the necessary capacity is (15)(24)(30)/(1.58)(8.35) = 820 gal.
' PO, is 1.58.

The‘specific gravity of 79 per cent H3

8. Brine Feed Pump

The same design conditions apply as for the process water pump,

giving a power requirement of 5 hp.

9. Pressure Filter Pump

Assuming an operating pressufebof 50 psi, the head will be approxi-

mately (50)(34)/15 = 115 ft. Flow rate is 130 gpm. Minimum power is:

(115) (130) (62.4) (1.067)
W. = v = 3.5 h
Yo (®0) (7.48)(550). = 22 ™
The brine specific gravity is 1.067.
The efficiency of a centrifugal pump with the above pover require-

ments is 37 per cént, The actual power requirement is thus 3.5/0.57 = 10 hp‘ 

10. Mineral Solution Storage Tank

A.storage'capacity of 5 shifts or 40 hours is assumed. The volume

necessafy is_thgn (288 gal/day) (HO_hr)/(Eh hr/day) = 500>gal.

1l. Single-Stage, Stirred Tank Fermentor

This design was one of the rejectedvalternatives discussed in

Chapter II, section C-3. The design is carried out as .follows:

A cell balance on the fermentor in Fig. 5(a) gives:

dx _ -Dx + ux

a‘Tt— .
where u = specific growth rate; dayf;
D = dilution rate, %, day_l
= cell concentration, cells/l
F = flow rate, gallons per day

i

volume, gallons



At éteady state,

Since u = f(s) (Fig. 3), where s is the concentration of sulfate
in the fermentor and is known, the fermentor volume V can be calculated -

directly from the above equation. Specifically, when

s = 0.2 mM/1

4 = 0.13 days

F = 187,000 gallons per day

Vv = 187,000/0.13 = 1,440,000 gallons .

This tremendous volume presents a problem ih obtaining sufficient

mixing and requires a high investment cost (see Table 2).

12. Two-Stage, Stirred Tank Fermentor

Design criteria:

7800 . gallons/hour = 187,000 gallons/day

5, = 5.0m M/1
s, = 0.2 m M/1
s, = 18.3 m M/1 .
A cell balance on first stage of Fig. 5(b) at steady-state gives:
F o_ ’ .
vy 1 | -

A sulfate balance at steady-state results in:

L 1 ds)
0 =D [5-31 (“ EE) X

!
for sy = 5.0 m M/1
ey - 0.29 day * (Fig. 3)
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v, = 187,000/0.29 = 645,000 gallons |

i

< = £0:29)(18.3-5.0) _ ; 1 o 10M i ce11s/1

L (o.euxlo’lo)

A cell balance on the second stage at'steadyfstate yields:
_ , I . .

-0 = Dg(xl-x2) + uexa

FooH* S
D2 TV, T X -x » ' (2)
Yo XpTXg - :

~ A sulfate balance at steady-state results in:

R e R

Substituting Eq. (2). into Eq. (3),

Ho(8y-5,) M(l gg)

X | %p 4t
' X5 at
for 5, = 0.2 mM/1
. N B
by = 0.13 day (Fig. 3)
L 95 . 0.125 x 107% M/cell-day (Fig. 4)
Xp o At B |
x5 = §0'15)(5'O'?i§) +1.61 x 10 = 2.11 x 10™cells/1 . Y
0.125 x 107 - | .
| 11 11y | - -
v, = (187,000)(2.11 x 10" "-1.61 x 10 .) - 340,000 gallons .

(0.13)(2.11 x 10°0)
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V4V, = 985,000 gallons

The total volume required is less than in the case of a single-

‘stage fermentor, but the difference in cost is hot significant. Again,

3

mixing requirements remain an uncertainty.

13. Stripping Tower Condenser

Steam-containing gases from the stripper enter the condenser and
are cooled by the incoming brine stream passing through the tubes. to about
88°F. Hesbenters at a partial pressure of 1.85 psié, CO2 is at 2.5M‘psia,
and the partial pressure of water vapor at 88°F is 0.615 psia. The total
pressure is then 5.01 psia. o | | -

Water vapor enters at 212°F at 90 1b/hr. Brine is at 86°F at a
flow rate of 69,000 1b/hr. The amount of water vapor leaving the condenser

is 4.6 1b/hr, Neglecting sensible heat of the gases,

‘Heat duty Q = (90-4.6)(970) + (1)(90-k.6)(212-87)
. Q = 94,400 Btu/hr
Q = (69,000)(0.88)AT
AT = 1.5°F; leaving brine is at about 88°F.

The film coefficient for condensation is affected by the presence

of non-condensibles. The film heat-transfer coefficient may be estimated

by the correlation developed by Othmer:Bl‘

log f = log.AT [1.21%-0.002k2T] +[%%§3% - 1]'x

- [1og (¢ + 0.505) - 1.551-0.009T]

2

where film coefficient, Btu/hr.ft °F
temp. drop, steam to film = 125°F
steam temp. = 212°F '

¢ = % non-condensibles = 11.2 + 15.6 = 26.8%

a B oa

i
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therefore,

log £ = 2.26

f = 182 Btu/hr £t °F S :
For calculating the ligquid-side coefficient,7 ' ‘ R
0.8 1 - ' .
BD _ 0.023| X ot 3 | -
k = " k |- .

Cp = 0.88 Btu/1v°F
p =1.5 cp = 3.63 1b/ft hr
k' = 0.35 Btu/hr £4° (°F/ft) .
. For brine flowing through l-inch tubes at 5 fps,
D =1/12 ft
v =5 ft/sec = 18,000 ft/hr
p = (1.067)(62.4) = 70.51b/ft5

Performing’the_calculations,
h =.738 Btu/hr £t° °F
1 1 1 1

ST TR T I8 T 78

C dije

= overall coefficient = 146 Btu/hr £t2 °F
UAAT '
= (94,400)/(1k6)(125)

= 5.1 ftg = required heat-transfer area.

> » O C
i

. ‘ )
1k, Tower Feed Economizer.

The economizer is a heat exchanger which allows the heat ffom the
tower bottoms to be transferred to the feed brine stream. Both streams
‘flow at a rate of 69,000 1b/hr. Entering feed brine is at 889F, and ~ _ A
specifying a AT at both ends of the exchanger of 126F5 the feed will )
emerge at 200°F, since the bottoms brine is at 212°F. With cp = 0.88 . -

Btu/1b °F,
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Q = (69'000)(0 88) (200- 88)
t Q =6.8x- 100 Btu/hr
- Q= UAAT
- AT = 12°F |
. U = 250 Btu/hr £t° °F, estimated from Table § of Peters,® for

aqueous solutions on both sides of:éxchanger.
(6.8 x 106)/(250 12)

2700 ft2 = requlred heat -transfer area.

Tower Feed Heater

.FJ
U

Since the economizer cannot possibly exchanée all the heat from
the bottoms brine to thé feed, additional'heat will be requi;ed to elevate.
the feed from 200°F to 212°F; the operating temperature of the stripper.
The heating‘may bé done by condensing steam in a shell-and-tube heat"ex—
changer,,us1ng 30 psia steam at 250°F.

Q = (69,000) (0. 88)(12) = 730, 000 Btu/hr

-Steam requirement, S:

= 945 Btu/1b _
S = 730,000/945 = 770 1b/hr
Q= uAAT
U = 400 Btu/hr ft °F estimated from Table 15 1 of Foust et al. s

1250 200) - (250-212)

Amlm 5.500 = 43°F
%25 212%

A = (7%0,000)/(400) (43) = 43 ft2 = required heat-transfer area.

16. Tower Feed Pump ‘ .
 The height of the tower is about 25 ft including the base. With

an estimated pressure drop of 10 ft in piping and exchangers, the total: head

is about 35 ft.

T

»./



-156 -

_ (39)(69,000) _

Efficiency15 = 22%

Required hp = 1.22/0.22 = 5.5 hp.

17. Tower Exit Gés Compressof
Conditions 6f,6pération:
Intake pressufe = 5.01 ﬁsia
= 90°F

i

Intake temperature
Discharge pressure = 15 psia
Gas molar flow rate = 2.03 1b moles/hr

For isothermal compression, the theoretical hp requirement is given_by:b

p

, . e ; py
hp 3.03 x -10 plqlln 5

]

1

where = py = intake pressure = 720 lb/ft2

I

P, delivery pressure = 2160 lb/fﬁ2

ql cubic feet of gas per min at intake conditioms.

‘Assuming an ideal gas,

a, - (2ol (3 () 59,0 con

2160

hp = (3.0 x 107)(720)(39.1)1n S35°

il

hp = 1.12

Isothermal efficiencies are generally19 50-60%. Using 60%
Actual hp = 1.12/0.6 = 2

\:(

Sab
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18. Calculation of Stripping Tower Efficiency .
N According to the method developed by the AIChE, two equations arc

recommended for calculating the number of gas and liquid film-transfer

“units for bubble-cap plates:

=
]

(0.776 + 0.116W'— 0.290F + o.oé:nL)/(Sc')o‘5

(1.065 X 104DL)O'5(0.26F +0.15)t,

=
I

~where . W = weir height, in.

F = F factor (v(pG)O'5) based on the bubbling area of the plate
L = liquid flow rate, gal/(min)(ft width)
Sc = gas-phase Schmidt number

D = liquid diffusivity, fto/hr

L , v
ti = liquid contact time, sec., calculated as by = 37.4 ZcZL/L o
ZL = length of liquid travel between inlet and outlet weirs (ft)
Z, = liquid holdup on plate, ihB/ine, which is correlated by the
equation ‘ '

Zg = 1.65 + O;l9w»-o.65F'+ 0.02L

" The gas-phase Séhmidt'humber,, u/pDAB, is calculated from the

0.0125 cp (water vapor at 100°C, 1 atm)

u:
_ 4o, -3 -
o, = 7.2 x- 10" 'g/em” (from steam table)
DAB = 0.15 cmg/séc (estimated for the binary systeh HQS—HQO by
" the Chapman-Enskog correlation) . .
Ng, = (1.25 X 10'“)/(7.2,x 10’“)(0.15) = 1.16

The bubble-caps and trays have the following dimensions:

W= 2 4dn
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Diameter of column = 3 ft (specified)

Tray bubbling area = 66% of total area =’(O.66)ﬂ | o
(1.5)2‘= b6 £t° : . : E
1 = average colunin width = 66% of tray width = : ~ i
(0.66)(3) = 2 ft
Z, = 75% of tray width = (0.75)(3) = 2.25 ft
Frbm an average gas molar'flow rate of 5.91 lb_molés/hr,
u, = 0.151 ft/sec
0.5
' = ’ = 0.0%2
F vug(pg)' = 0.03
with a brine flow rate of 7800 gal/hr,
L = (7800)/(60)(2) = 65 gpm/ft
N, = (0.776 + 0.116(2) + 0.290(0.032) + 0.0217(65))/(1.16)0"‘j
N, = 2.22 ” _
' z, = (0.19)(2) + (0.65)(0.032) + (0.02)(65) + 1.65
Z, =335 in3/in2 ' , |
t, = (37.4)(2.25)(5.35)/(65) = 4.35 sec ¥
D, = 1.61 x 1077 cme/sec 25°c‘(H20-H28 system from Table 1k-51 :
. of Perry)7 ' .
Assuming %& = constant, ‘ _
. 5.2 L -5 2 ' .
D; = L.0 x 1077 'em™/sec = 15.5 x 1077 £t“/hr at 100°C
Np = (100)(1.55 x 10"“)0‘5(0.26(0.032) + 0.15) (4.35)
N, = o.8§v

1 1

A
o —~ = + =
nf} EOG5 NG NL
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gas-phase point efficiency

where E

LN : . O G

. X = ratio of slope of equilibrium curve (y/x) to slope of
g operating line (L/G) |

S L/G (bottom) = (3.56 x 10°)/(5.0) = 0.7 x 10°

1/G (top) = (3.56 x 107)/(6.833) = 0.52 x 10°

Average L/G = 0.62 x 107
y/x = H/P

(1.28 x 10°)/(1.0) = 1.28 x 10°

i}

y/x
Aavg) = 1.28/0.62 = 2.08

These calculations are based on the operating and equilibrium lines for

HES only.
1 1298 s oo = 0.87
- 1n(1-EOG) T 2.22 T 0.86 7 e T

ln(l-EOG)v= 50,5u8

Eog

]

-1+ o.7o6:

0.294

i

EOG(an)

"B. Design Calculations - Evaporator Auxiliaries

1. ‘Evaporator Pumps

a. Pump for effects 3-2. ' From the temperatures in-effects 3 and 2,
= 1.94 psia ‘

P35
By = 6787 psia | . |
_ The flow rate of,brine between the two effects is 56,100 1b/hr. The
. specific gravity is 1.08. ‘ '
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Pumping head = (6.87-1.94) ( ol ): 10 ft of brine

(15) 1.08 , . v o

-

. (10)(56,100 : : - : ' .

Pump output = 56009 (550 _ | i ‘
Efficiency15 = 1O per cent f v e
Required hp = 2.8 = 3 hp - S .

b. Pump for effects 2-1

P, = 6.87 psia
py = 21.2 psia
Flow rate = 39,900 1b/hr

Specific gravity = 1.10
Pumping head = (21'%£§587) (1?&0) = 30 £t of brine
' L _.(30)(39,900) _ |
Pump output,_~(56oo)(éso), = 0.61 hp.
Effiéiencle =’lO>per cent

Required hp = 6 hp

2. Cooling Water Pump ' . S o
Flow rate of water = 480 gpm
.Estimated head = 20 ft

“Pump output = 28 #?O 6%53) = 2.4 np
13 |

Efficiéncy = 32 per cent
"~ Required hp = 7.5 hp

=

3. Hotwell Pump

Flow rate of water = 520 gpm
Estimated head = 20 1%

_ (20)(520) (62.4) _
qump output = 160V (7.18) (550) = 2.6 hp
" Efficiency >

Reguired hp = 7.5 hp

= 33 per cent L ' PN
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1.

is 16,050 lb/day, while BaCl,

~1k1-

C. Design Calculations - Barium Chloride Process

Barium Chloride Mix Tank

Saturated barium chloride is made up‘twice a day. Water required

required'is 5620 lb/day. At a density of

10.7 lb/bal the volumetric flow rate is (l6,050+5620)/10.7 = 2120 gal/day.

A 1200-gal tank is adequate for making each batch.

sufficient.

2.

U =

The requlred heat-transfer area is calculated as:

Feed Preheater

A== (

Conditions cf cold brine:

Flow rate = 2550 gal/hr

Inlet temperature = 25°C

Outlet temperature = 80°C

0.83 Btu/lb °F

Conditions of hot brine:

Heat, capacity':

' Flow rate = 2640 gal/hr

Inlet temperature = 90°C
Cutlet temperature = 35°C

A 3 hp agitator is

The heat.transferred from the hot brine to the cold brine'is

Q = FC_AT. = UAAT

AT = 55°C = 99°F

AT = 10°C = 18°F

F

C 0.83 Btu/lb

P

i

2)0 Btu/hr ft2°F, estimated from Table 6 of Peters,

'solutlons on both’ 51des of exchanger

"( '5oo><0 8
(i8

250

(2600 gel/hr)(L.135(8.35 1b/gai)

?)(991> = 450 sq ft.

=n2u,5oo.1b/hr_i

19 .

7 for aqueous
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5. Barium Sulfate Precipitation Tank

Brine stream flow rate = 2&,500 1b/hr _ ~
Inlet température = 80°C , S
Outlet temperature = 90°C g | f’
‘Heat capacity = 0.83% Btu/lb °F ‘ o B #
‘The steam requirement, FS, is calculated frbm:
FSAHV = FCPAE _
AH_ = 970 Btu/lb at 100°C, atm pressure
T, = geu,5oo;§8.8§)§1824; 40O 1b/hr
, Using an overall kettle heat-transfer: coefficient of U ; 100 Btu/hr
ft2 °F estimated from Table 11-15 of Perry,7 the jacket heat-transfer area
-is calculated from
FSAHV =‘UAAEm |
A= %%%%%é%%%lj = 216 sq ft
The agitator power reguirement één be estimated using the power-
number correlation given in Perry.7 From this method,
P = KD
. ' a .
whefe P =,agitator hp
K = correlation coefficient = 0.32 for a propellor-type agitétbr
with 3 blades, square pitch |
N = agitator rpm = 1150
”Da = prOpellor diameter = 1 £t
Thus, P = (0.52)(1150)5(1)5 = 5 hp .
This method 1is good.ﬁhéh Such.ﬁhings as propelior‘size and shape and the
agitator speed axe spécified, but the rule-Qf—thumb aﬁproach and common "
engineering sense are'stili indispensable for quick estimates without f T

specific information.
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k. Barium Sulfate Slurry Pump

Operating pressure = 120 psi = 270 ff H,O

Capacity = 44 gpm
Slurry density = 1.2 g/cc

W

2

(270) (W) (62.4) (1.2)

Pump effiCiency13-= 28%

= 3.7/0.28 = 13 hp

i

'5; Wash Water Pump ’
 Operating Pressure = 100 psi ‘= 230 ft O

o = TTeONTEB) (550) - T 2T

Capacity (1 hour at 1/4 fiitrate raté) =

W ~ (230)(11) (62.4
~ (60)(8. 550

Pump_efficienpy13>= 20%

= 0.92. hp

= 0.92/0.2 = 4.5 hp

4. Darium Sulfate Filter Presses

Mode of operation: The slurry is pumped through at a

constant’

rate uhtil a.pressure,of 100 psi is reached, at which point the slurry is

dlverted to another. filter press.

Assuming laminar flow through the filter cake, the equatlon of

Carman-Kozeny applies:

o o MV _ .
- 180111%1— -
e’

since vs = flﬁid.velocity V/A =

volumetric flow

filtration area’
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< .

, 180L (1-6)2 m
or, A = APG X 5 2
e € D -
The volumetric flow rate is a constant in this case, while filtration .
pressure, AP, will ihcrease as filtration progresses. Setting the upper -
limit for AP at 100 psi, the filtration area, A required to maintain the .,

-volumetric flow rate at a given value may be calculated.
| AP‘= filtrafion pressure = 100 ﬁsi = lh,%OO lbf/ft_2
L = cake thickness = 1 inch = 0.083 ft
¢ = cake porosity = 0.5 (assumed)’ ,
V- = volumetric flow rate = 2640 gal/hr = 0.098 ft3/sec
wo= filtrate viscosity = 2.5 cp = 16.8 x lO_uvlb/ft sec
D_ = particle diameter = 10u = 5.28 x 10_6 ft (observed’

o .
- microscopically)
g, = ”ravitation_constant = 32,2 ft—lbm/lb sec”
(180) (8.3 x 107°)  _(0.5)° (16.8 x 104 (0. 9@)

(144 x 10 )(32.2) (0.5)5 - (3. 28 x 10 6)2

A = 1000 sq ft '
A 52-inch metal filter press with MO plates haska filtering area
of 496 sq ft, according to the data furnlshed by Sperry. 50

W1th l-inch chambers, the total capacity of each press is 20.65

)
Cf

cu.
| Since e = 0.5,
(0. 5)(20 65) = 10.33 cu ft solids per fill.
Density of Baso, = (k.5)(62.4) = 281 /1t
‘Weight of solids per fill = (281)(10.33) = 2900 1b.
Flow rate of BaS0, = 250 lb/hr |
lllngvtlme of filter press 2900/250 12 hr.
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Fos _pfocedure presented in Chapter 20 of Perry.

'ﬂiu5_

7. Barium Sulfate Dryer

Solids flow rate = 250 1b BaSOu/hr.

Cake void fraction = 0.5. _ .

. Assuming v01ds to be filled w1th water, 1here will be 1 cu ft
H O/cu £t BaSOu in the wet cake.

Spec1flc gravity of BaSO) = k.5, . :

Thus the initial cake moisture content = /4.5 = 0.22 1b~Heo/1b '
BaS0) , or 18 2 per cent by weight. ‘ ' '

~ Assuming that the air used for drying hasg a dry—bulb temperature

of 80 F and a wet-bulb temperature of 60° F, from psychrometrlc charts the
1nlet moisture content w1ll be 0. 0067 1o H O/lb dry air.

Further assuming that the air is heated to 250°F with steam and

'then cools adlabatlcally as it plcks up moisture to 70 per cent relative
humidity, the outlet moisture ‘content of the air will be O: 039M lb H O/lb

' dry air, according to psychrometric charts.

Moisture pickup = 0.039% - 0.0067 = O. 0327 1o H O/lb dry air
Water imput = (0.22)(250) = 55 1b H O/hr
Requiréd air fiow = 55/0.0327 = 1680 1b dry air/hr_
‘ v;nlet air conditions: ' |
~ 250°F dry bulb ,
AT

v 1= 190°F
_ 60°F wet bulb
Outlet air conditions:
- 110°F dry bulb
) AT, = 11°F

99°F wet bulb
_ 190 - 11
1im - In 190/11

Design calculations for a rotary dryer can be made following the

7

AT = 63°F

The followihg equations are

from that source.
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172
Y = Ar - F
where Nt ='ho. of heat-transfer units ;
T, = inlet ééé temperature, 250°F | B | 'v. L : &:
.Té = outlet gas temperature, 110°F. - o :: _ ‘, - !!
A&lm‘= log-mean-temperature driVing force, 63°F
N, = 22%;&&9 = 2.2

Since, according to Perry, rotary dryers are most economically operated
when Nt is between 1.5 and 2.5, the above design conditions seem appropriate.
The total heat transferred from the air to the water is expressed by

'Q£ Ua V(AT

)lm

where Q total heat transferred, Btu/hr

t
Ua = volumetric heat-transfer coefficient, Btu/(hr)
(cu £t dryer volume)(°F)
v o

Ay

dryer volume,'cu ft

loc-mean-temperature driving force = 63°F

Neglectlng heating of the SOlldS and sensible heating of the water, " f

. !
the. heat transferred can also be expressed as.

Q. = WA
= moisture-removal rate = 55 1b/hr (assuming 100% removal)

latent heat of vaporization = 1049 Btu/lb (80°F)

where

>, ij‘c-f—

therefore,

(55)(1049) = 57,700 Btu/hr

Qetz
For a conservative design estimate, Perfy7 recommends
. 0.16 : . . ,

D | ' | :
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Assuming the dryer diameter, D, to be 3 ft, the air mass velocity,

G, is calculated as

G = (1680) (&) /(m) (3)2 = 240 1b/hr fte,

and Ua (10)(2&0)0'16/3 = 8 Btu/hr ft3 °F,

The dryer volume can be estimated from

Q
- t. _ 20,700 _
V—mm—m—-llucuft.

For a diameter of 3 ft, the length, L, will be

L= (L) (W)/ () (3)% = 16 £,

The L/D ratio is 5.3, which is between the recommended range of

4 to 10 given by Perry.7

For the purpose of cost estimation the peripheral area
= (16)(m) (3) = 150 sq ft.
The thermal efficiency of a steam-heated air dryer is 30 to 55
7

per cent, according to Perry.' Using an efficiency of 40 per cent, the

steam requirement when the latent heat of steam is 945 Btu/lb is:

(55) (1046)

5 =) = 150 1b/hr

steam requirement =

Electric power to rotate the dryer and operate the blower and
feeder can be estimated from the relation:,7
Power = 0.75 D2

Power = 0.75(3)2 = 6.8 hp

8. Brine Surge Tank

Brine from the filters flows at a rate of U4 gpm. A tank with a

15-minute residemce time to damp out fluctuations in flow would require a

volume of (44)(15) = 660 gallons.
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D. Composition of Molasses

For the purpose of this study, blackstrap molasses is considered

to have the following composition:l

Substance : Per Cent by weight
Water _ 20

8102

KQO

Ca0
MgO

(@]
)

o O H W

O O O O MMOFE O OO g

P205
SO5

Cl

Other minerals

=

[®)]

Sugars 62.
Nitrogenous substances
Gums

Free acids

W N

Combined acids

knl

E. Composition of Medium M

This medium was used for some of the growth experiments conducted

2,5

on the halophilic Desulfovibrio, and is used in this study as a basis

for estimating the required amount of nutrients for the bacterial sulfate-

reduction process. Weights given are grams required for 1 liter of medium.
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Component ' Weight (grams)
Lactic acid (100% basis) . 7.66
't) _ KH_PO), - 0.340
. CaCl2 . : 0.111
MgSO,,* TH,O | 0.123
NHuCl | 0.535
Yeast extract : 2.5
Sodium chloride 100.0
FeSO0), * TH,0 0.007
Na,8- 9H,0 0.2k0
e

Y
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G. Installed EQdiEment Cost Index

Most- of the equipment cost data obtained for this study was in

terms of installed qut.' To obtain an index that would allow updating

i
of installed costs, the Chemical Eigineering Plant Cost Index was modified

. as follows: the CE Index is made up of four major components each of which

. L ) . . . '
is welghted. 2 Two of the components and their weight factors are:
Eguipment, machinery and supports 615
Erection and installation labor ' ' 22%

- An index made up of these two compénents would have weight factbrs of .

61/ (6L + 22) :Lo.735'for‘equipment and 22/(61 + 22) = 0.265 for installation.
Therefore, the instélled quipment index (Ie) = 0.735 equipment '
index + 0.265 installation index. For example, in February 1966, the
equipment index is 105.5 while the installation index is 110.9;u5 then, _
I, = (0:735)(105.5) + (0;265)(110;9) = 105.5. The installed equipment cost

index for several years is given below.

Year & . Index

1966 (Feb.) 0 105.0
1963 | - 102.3
1960 : 10e.2
I T '_ Lo
1957 | - 98.5
1950 85.%
150 e

1947 L . 63.3
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. . This report was prepared as an account of Government
s sponsored work. Neither the United States, nor the Com-
mission, nor any person acting on behalf of the Commission:
A. Makes any warranty or representation, expressed or
implied, with respect to the accuracy, completeness,
or usefulness of the information contained in this
report, or that the use of any information, appa-
ratus, method, or process disclosed in this report
may not infringe privately owned rights; or

B. Assumes any liabilities with respect to the use of,
or for damages resulting from the use of any infor-
mation, apparatus, method, or process disclosed in
this report.

As used in the above, "person acting on behalf of the
Commission" includes any employee or contractor of the Com-
mission, or employee of such contractor, to the extent that
such employee or contractor of the Commission, or employee
of such contractor prepares, disseminates, or provides access
to, any information pursuant to his employment or contract
with the Commission, or his employment with such contractor.








