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ABSTRACT OF THE DISSERTATION

Catalysis for C1 Chemistry:

Oxidative Coupling of Methane using Nanofiber Catalysts
and

Discovery of Catalysts for Atmospheric Reduction of CO> to Methanol

by

Bahman Zohour

Doctor of Philosophy in Chemical Engineering

University of California, Los Angeles, 2017

Professor Selim M. Senkan, Chair

The goal of this research is to explore novel catalytic material and systems for effective
conversion of Cy feed. Catalysis of C1 chemistry is of critical importance for the clean production
of fuels and chemicals and future energy sustainability. Herein, two processes were studied: In the
first section, a comprehensive study of oxidative coupling of methane (OCM) using novel
nanofiber catalysts of mixed metal oxides was undertaken and in the second section, direct
catalytic conversion of carbon dioxide (CO.) to methanol was studied, which resulted in discovery

of a superior catalytic system for CO2 hydrogenation to methanol.



Section 1: Utilization of natural gas as an alternate chemical feedstock to petroleum has
been a highly desirable but difficult goal in industrial catalysis. Accordingly, there has been a
substantial interest in the oxidative coupling of methane (OCM), which allows for the direct
catalytic conversion of methane into economically valuable Ca+ hydrocarbons. OCM is a complex
reaction process involving heterogeneous catalysis intricately coupled with gas phase reactions;
hence, despite decades’ worth of research, it has yet to be commercialized. The lack of progress in
OCM is primarily due to the following reasons: 1. The absence of a highly active and robust
catalyst that can operate at lower temperatures; and 2. Our inadequate understanding of the
underlying detailed chemical kinetics mechanism (DCKM) of the OCM process, which impedes
the undertaking of quantitative simulations of novel reactor configurations and/or operating
strategies. To address these issues, we undertook the following program of studies: 1. Further
improved the synthesis of novel nanofiber catalysts by electrospinning, building on the early
discovery that La>Os-CeO> nanofibers were highly active and robust OCM catalysts; 2. Applied
our novel microprobe sampling system to OCM reactors for the acquisition of spatially resolved
species concentration and temperatures profiles within the catalytic zone. Our novel sampling
approach led to the important discovery that H. is produced very early in the OCM catalytic zone,
an observation that was completely missed in all prior studies. The application of our novel
microprobe system to a dual-bed OCM reactor also demonstrated the feasibility to significantly
improve Co+ product yields to 21% (from 16% for single bed) which we plan to further improve
by considering more sequential beds; 3. Outlined development and validation of new generation
of DCKM for the OCM process using the high-information content of spatial concentration
profiles obtained in part 2. Most importantly, to improve the current DCKM literature by

considering surface reactions that result in early Hz formation. Validated DCKM represent highly



valuable numerical tools that allow for the prediction of the OCM performance of different reactor
configurations operating under a broad range of conditions, e.g. high pressures, porous wall
reactors etc. Consequently, this new generation of comprehensive DCKM based on the sampling
profiles, detailed in this report, will be of considerable use in improving the yields of useful
products in the OCM process; 4. Explore novel conditions that include oxygen-feed distributed
packed bed OCM reactors and coupled catalytic and non-thermal plasma OCM reactors, again to
further push the yields for useful Co+ products. The details of the proposed approach for
implementing such reactor configurations and development of a new generation of DCKM for the

OCM process is outlined in the future work, Chapter 4, of section 1 of the report.

Section 2: Direct catalytic conversion of carbon dioxide to liquid fuels and basic chemicals,
such as methanol, using solar-derived hydrogen at or near ambient pressure is a highly desirable
goal in heterogeneous catalysis. When realized, this technology will pave the way for a sustainable
society together with decentralized power generation. Here we report a novel class of holmium
(Ho) containing multi-metal oxide Cu catalysts discovered through the application of high-
throughput methods. In particular, ternary systems of Cu-GaOx-HoOy > Cu-CeOx-HoOy ~ Cu-
LaOx-HoOy supported on y-Al203 exhibited superior methanol production (10x) with less CO
formation than previously reported catalysts at atmospheric pressure. Holmium was shown to be
highly dispersed as few-atom clusters, suggesting that the formation of tri-metallic sites could be

the key for the promotion of methanol synthesis by Ho.
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SUBJECT 1. OXIDATIVE COUPLING OF METHANE (OCM)



CHAPTER 1.1. Introduction

The Oxidative Coupling of Methane (OCM) as a high potential route for direct methane
conversion into ethylene, which is a valuable intermediate for the chemical industry, is of
particular importance. In the oxidative coupling reaction, CH4 and O react over a heterogeneous
catalyst at elevated temperatures to form the desired products (ethylene, ethane, C;). The sections
below will describe our pursued research motives and provide a review of previous research

performed and challenges of the process.

1.1. Natural Gas

The known reserves for methane, major component of natural gas (NG), are enormous and
rival those of liquid petroleum. Therefore, recently, natural gas has received great attention as
alternative feedstock to petroleum for chemical synthesis. Besides its abundance resources, natural
gas has several other advantages such as easy purification, source independent conversion, and no
need for further hydrogen when converted to higher hydrocarbons which makes it a great
unconventional feedstock for chemical synthesis industry. However, utilization of methane as an
alternate chemical feedstock to petroleum has been an extremely difficult task in industrial

catalysis [1].

1.1.1. Natural Gas Resources
Natural gas is a fossil fuel formed when layers of buried plants, gases, and animals are
exposed to intense heat and pressure over thousands of years. The energy that the plants originally
obtained from the sun is stored in the form of chemical bonds in natural gas. Natural gas is a
nonrenewable resource because it cannot be replenished on a human time frame. Natural gas is a

hydrocarbon gas mixture consisting primarily of methane, but commonly includes varying



amounts of other higher alkanes such as ethane and to a lesser percentage of carbon dioxide,
nitrogen, and hydrogen sulfide. Natural gas is an energy source often used for heating, cooking,
and electricity generation. It is also used as fuel for vehicles and as a chemical feedstock in the

manufacture of plastics and other commercially important organic chemicals.

However, during drilling and process, some volumes of gas cannot be efficiently captured
and returned to the system for processing. Moreover, due to the uneconomical liquefaction and
unsafe transportation processes of natural gas and its powerful greenhouse effects (Methane (CHa),
the main component of natural gas, is more than 20 times as potent per kilogram as COz), methane
is largely flared at the wells. Therefore, considering high efficiency of complete combustion of
methane during flaring process, flaring methane produces fewer net greenhouse gas emissions than

would result from just releasing the natural gas.

Traditionally, natural gas reserves were tied to the oil reserves which are mainly located at
specific geographical regions, namely in Middle East and north-eastern part of Europe. However,
recently, largely due to the shell gas technology, there is an abundance of natural gas globally and

specially in U.S.

As shown in Figure 1.1-1 in the year 2013 U.S. and Russia are among the top two
producers of natural gas in the world. This is considering the fact that Russia has one of the

largest oil and natural gas reserves in the world.
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Figure 1.1-1. Natural gas production trend

Shale gas refers to natural gas that is trapped within shale formations. Shales are fine-
grained sedimentary rocks that can be rich resources of petroleum and natural gas. Over the past
decade, the combination of horizontal drilling and hydraulic fracturing has allowed access to large
volumes of shale gas that were previously uneconomical to produce. The production of natural gas
from shale formations has rejuvenated the natural gas industry in the United States. The report,
compiled by the Energy Information Administration (EIA), estimates that there are 2,543 trillion
cubic feet (Tcf) of technically recoverable natural gas in the United States. This includes
undiscovered, unproved, and unconventional natural gas. According to Figure 1.1-2 (on left) Shale
gas production has been rising since the year and is expected to continue its fast-increasing rate.
As shown in Figure 1.1-2 (on right) shale gas production will be the driving force behind increased
natural gas production, increasing from 5.0 trillion cubic feet in 2010 to 13.6 trillion cubic feet in

2035, accounting for nearly half of all domestic natural gas production.
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Figure 1.1-2. Shale gas Production in the U.S.

Thanks to improved technologies that are allowing energy producers to access significant
and growing supplies of domestic natural gas from shale formations and other unconventional
reservoirs, Over the past several years a truly game-changing event has occurred in the natural gas
industry in the U.S. and worldwide. In short, shale gas is reshaping the U.S. chemical industry.
However, the benefits of developing the abundant and clean natural gas energy resource in
America should be realized. Subsequently, we have to be smart in utilizing the natural gas

resources and take advantage of this remarkable opportunity in the best ways possible.

1.1.2. Utilizing Natural Gas
Recently, due to unstable petroleum market, and steadily growing concerns and
requirements to environment protection, there is a need to develop alternative routes to the key
raw materials, namely olefins, aromatics, synthesis gas and acetylene, Figure 1.1-3. Although
many of these routes have been investigated, the commercial viability of these alternatives remains
often a challenge [2]. Nevertheless, an alternative resource with high potential is methane, the
major component of abundant fossil resources such as natural gas and methane hydrates given its

abundance and versatility, theoretically a large number of important species may be produced via



careful construction of carbon units [2] . However, in spite of all the favorable factors and

advantages of natural gas, it is still a widely underutilized feedstock.

VALUE-ADDED CHEMICALS

Figure 1.1-3. The chemical value chain in terms of feedstocks

Generally speaking, there are two possible ways of natural gas (mainly consisting of
methane) transformation into value-added products (VAP) such as VA-chemicals, and synthetic

transportation fuels [3]:

a) Indirect, i.e. via synthesis gas (CO + Hz mixture)

b) Direct, e.g. via one-step transformation to olefins (ethylene, etc.), oxygenates and

aromatics.

Both of the above routes can lead to the final VAP of the same type, i.e. bulk and fine
chemicals, synthetic fuels, polymers, plastics. However, at present, the syngas route is only
practically implemented in natural gas processing technology [3]. Synthesis gas, as an intermediate
product of indirect natural gas feedstock processing, requires subsequent processing and
conversion to chemicals or fuels via Fischer-Tropsch (F-T) or hydrogenation processes. Indirect

routes are extremely energy intensive due to the highly endothermic nature of the reforming step



and require a great deal of capital investment. Even more concerning, due to the resulting by-
products, this method lacks to conform some of the environmental rules and regulations, which
could result in making this method obsolete in the near future. Therefore, considerable interest
exist in towards the development of alternative direct routes (preferably in one step) of methane

conversion into VAP. Figure 1.1-4 [1] indicates some of the potential routes for direct methane

upgrade.
Approach Potential products Major pertaining challenge(s)
partial oxidation methanol low value increases
formaldehyde the ‘selectivity challenge’
formic acid
methyl bisulphate
oxidative carbonylation acetic acid competing with the current industrial process
oxidative coupling ethane overcoming the conversion vs. selectivity ceiling
ethylene
propylene
aromatisation or benzene thermodynamic limitations
alkylation toluene
xylenes

Figure 1.1-4. Potential direct routes for methane conversion

Among all these potential routes of direct methane upgrade, the favorable thermodynamic
and current industrial prevalence of oxidation processes ensures that these routes offer the greatest
potential. Even though, there are some significant challenges with the direct oxidation of methane
route, the diversity and applicability of the potential oxygenated products of this route is such that
this route is a highly desirable and sought-after process which is of high potential industrial
interest. Furthermore, olefins, as one of the major chemical building blocks, are typically of much
greater value than alternative Ci-oxygentaed derivatives. Therefore, direct methane oxidation
routes (i.e. oxidative coupling of methane) which have potential to directly produce C»+ products
such as ethylene (the intermediate chemical in production of plastics and fuels) are in significant

importance.



1.2. Ethylene and Its Applications

Ethylene as the primary target product of the OCM reaction and because of its worldwide
use as an intermediate in production of plastics and potentially fuels, represents a particularly

significant opportunity.

Ethylene (IUPAC name: ethene) is a hydrocarbon with the formula C2H4 or H.C=CHoa. It
is a colorless flammable gas with a faint "sweet and musky" odor when pure. It is the simplest
alkene (a hydrocarbon with carbon-carbon double bonds), and the second simplest unsaturated
hydrocarbon after acetylene (Cz2Hz). Ethylene (C2Ha), is the world’s most widely-produced organic
compound, with over 143 million metric tons produced in 2013 [4]. Ethylene is the monomer of
polyethylene, the world’s most popular plastic, and as shown in Figure 1.1-5 it is also used to
produce other important industrial chemicals, such as polyvinylchloride, ethylene glycol, ethylene
oxide, and styrene, and polystyrene. These wide range of uses makes ethylene a high-demand
commaodity, justifying its massive production scale. Specifically, the polymerization of ethylene
accounts for the majority of end ethylene usage, followed by oxidation to ethylene glycol, an
antifreeze compound, and halogenation to yield gasoline antiknock compounds; these three
processes account for 90% of the world’s ethylene consumption [5] .In addition, ethylene can be
oligomerized into liquid hydrocarbons, thereby enabling the efficient utilization of natural gas in
remote parts of the world. Other more niche uses for ethylene include its use as a plant ripening
chemical. In this context, ethylene is typically formed via the catalytic decomposition of ethanol
and controllably released in “gassing rooms” to hasten plant ripening and blooming. Due to the
major uses of ethylene - most of which involve polymerization - it is crucial to achieve extremely

high ethylene purities.
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Figure 1.1-5. Commercial product chain of ethylene

After the drop in ethylene prices due to the global financial crisis in 2009, both the price
and worldwide demand for ethylene have been steadily increasing. As shown in the graph of
Figure 1.1-6 the global price of ethylene currently hovers around the average of 1300 USD/metric
ton, a significant increase from the 500 USD/metric ton price in 2009, though still lower than the
peak price of 1800 USD/metric ton in 2008. It is also interesting that at the writing of this

prospectus, a significant change in the world energy picture is unfolding, which will likely to

favorably impact the economics of using natural gas as a chemical feed stock.
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Figure 1.1-6. Historical price of ethylene
Global markets for ethylene are primarily concentrated in the polymer production sector.
Figure 1.1-7 shows the distribution for the world consumption of ethylene. As seen in Figure 1.1-7
in 2008 Europe and the U.S. consumed about 40% of the worldwide ethylene. Since Within Europe
and U.S., demand for polyethylene and PVC, both derivatives of ethylene, have been increasing
as well. Predictions for the ethylene market suggest the price will continue to steadily increase

over the next few years, as demand increases.
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Figure 1.1-7. Global ethylene market distribution
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Currently, the bulk of the worldwide production of ethylene is based on thermal cracking
with steam [6]. The process is called pyrolysis or steam cracking in which naphtha is put through
a high-temperature (~850 °C), non-catalytic process that breaks high-order hydrocarbons into
smaller ones. A process diagram of cracking and separation of the various hydrocarbons involved

is highly endothermic and can be split into four main sections as shown in Figure 1.1-8 [6].
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Figure 1.1-8. Ethylene Production Overview
This process is extremely energy intensive and produces large amounts of by-products (CO, COy).
Therefore, enhancing the direct methane conversion methods (i.e. OCM), as an effective and

economically more feasible way of ethylene (and other C>) production, is highly desirable.

1.3. Oxidative Coupling of Methane (OCM)

All indirect NG conversion routes utilize the high temperature, endothermic and costly
stream reforming as a first step, where synthesis gas (H2/CO mixtures) is produced. This is
followed by the synthesis of useful products via various catalytic processes [1]. Direct methods
for the conversion of methane to the desired products avoid the expensive syngas steps; however,

they remain uneconomical due in part to low C+ yields. The Oxidative Coupling of Methane
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(OCM) as one of the cleanest and economically more viable ways of upgrading methane is a high
potential route for direct methane conversion and is in particular importance. In the oxidative
coupling reaction, CHs and O react over a heterogeneous catalyst at elevated temperatures to form
the desired products. OCM is a complex surface catalysis and gas phase reaction process to
transform methane into ethane, ethylene (as shown in Equation (1.1-1) and Equation (1.1-2)), and

higher molecular weight hydrocarbons (Ca+).

2CH4 + 1/2 02 > CoHs + H20 AH 208 = -184.0 kd.mol*  Equation (1.1-1)

CHs + 1/2 02 >1/2 CoHs + H20 AH 298 = -140.1 kJ.mol™* Equation (1.1-2)

Prior research on OCM catalysis which typically involved quasi-spherically shaped
nanoparticles mostly lead to deactivation and low product yield [7]. It has been suggested that
there seems to be a Co+ yield limit in a single pass fixed-bed OCM reactor [7]. Therefore, the
development of scalable methods enabling new reactor design, or synthesis of new catalytic
materials with high energy surfaces that exhibit high activity and selectivity and maintain their
high performance in reactive environment is highly desirable. In this section a brief research
background and process challenges of OCM are discussed. Furthermore, our research motivations
and goals are discussed indicating the strategy for overcoming some of the process challenges and

elucidating new insights to further improve the OCM reaction yields.

1.3.1. Process Description and Challenges
Oxidative Coupling of Methane (OCM) as an effective method in the processing of natural
gas offers great industrial potential. Development of an effective OCM catalytic processing system
will lead to a direct process to direct transform of methane into ethane, ethylene (as shown in

Equation (1.1-1) and Equation (1.1-2)), and higher molecular weight hydrocarbons (C+), which
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are considered higher-valued olefins. Consequently, the OCM reaction has been investigated for

many years in laboratories around the world.

The major feed gas components of the OCM reaction are CH4 and O. Due to safety
considerations and thermal control of the OCM reaction CHys is provided in excess. Typically the
feed to the OCM reaction contains CH4/O, molar ratio of 3-12 with or without diluents at moderate
pressures (generally atmospheric pressure). As seen from major reactions of OCM described in
Equations (1.1-1) and (1.1-2), OCM is a highly exothermic reaction. Therefore, there is no
thermodynamic limitations for OCM reaction. However, the reaction is typically conducted at high
temperature of 900-1200 K. As shown in Equation (1.1-3), this is mainly due to the high activation
energy of methane. Methane is a very stable molecule and dissociation of one hydrogen from

methane molecule (CHs-H) to form methyl radial requires about 440 kJ/mol.

CHs > CHz*+H AH~440 kJ.mol* Equation (1.1-3)
CoHg = CoHse + H AH~410 kJ.mol* Equation (1.1-4)
CaHs = CHae + CHae AH~376 kJ.mol* Equation (1.1-5)
CaHs = CoHae + H AH~450 kJ.mol* Equation (1.1-6)
CsHs > CH,=CHCH2+H  AH~410 kJ.mol* Equation (1.1-7)

This has been marked as one of the major challenges of OCM reaction. As seen in Equations (1.1-
3)-(1.1-7) the required activation energy for methane activation is significantly higher than most
of the major products formed in the OCM reaction, which, in the absence of a selective catalyst,
leads to non-selective and sequential oxidation of desired products. Therefore, high temperatures
of OCM reaction over an active catalyst creates a tradeoff between conversion and products

selectivity.
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Furthermore, complexity in the OCM reaction process is originated from the nature of
OCM reaction which contains a coupled homogenous gas phase and catalytic surface reaction
network. As shown in Figure 1.1-9 [8] , in the case of OCM reaction, catalytic and gas phase

reactions extensively interact with each other to form products and by-products.

» gas phase reactions

---------- -p catalytic reactions P C,Hs' k
CoHg A CH,
/ '
CH, CH2' -
— O !
----- > \\ :
T L 28
O, HO,' " CO+ CO,+ H0 — CoH3y’

Figure 1.1-9. Global OCM reaction steps, indicating the homogeneous and/or
heterogeneous characteristics

The OCM reaction is proposed to be initiated via the activation of methane on the surface
of the metal oxide catalysts to generate methyl radicals, and the recombination of methyl radicals
either on the catalyst surface or in the gas phase lead to the C> products [9] . Although studies done
by Lunsford and Luo et al. have demonstrated and confirmed the formation of gas-phase methyl
radicals (CHse) under OCM conditions [10], [11], which leads to a general agreement about the
overall route for OCM, the particular reactive surface intermediate responsible for the initial C-H
bond activation remains uncertain [10], [12]. More detailed studies conducted by isotope labeling
experiments, kinetic studies, and DFT simulations done by Palmer et al. [12] suggest that O>
dissociatively adsorbs over the catalyst’s oxide surface generating activated forms of surface
oxygen (07, O3, and/or the peroxide O,%), which are mainly responsible for methane activation

over the surface catalysts.
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Based on the above studies, Figure 1.1-10 [13] shows the basic OCM mechanism, which

best describes the complex nature of the OCM reaction on the catalytic solid surface.

0,
N\
*_ﬂz

Figure 1.1-10. Basic mechanism for the reaction network of the OCM at oxides

Therefore, in general (Figure 1.1-10), CHj4 is activated on the catalyst surface by the active
atomic oxygen center leading to the formation of CHze radicals and surface [OH] [3], [14], [15],
[11]. The CHse radicals desorb then diffuse away from the catalyst surface and recombine in the
gas phase producing C2He followed by dehydrogenation to form C2Hs. Some Cs hydrocarbons also
form by addition of CHs* to CoH4. Regeneration of the active sites is also well accepted to occur
through the formation and desorption of H.O. The vacated active sites are then rapidly repopulated
by O2 chemisorption. . These events are summarized by the following elementary reaction set

Equation (1.1-8)-(1.1-11) :

0. + 2[*] = 2[0] Equation (1.1-8)
CHas + [O] > CH3 + [OH] Equation (1.1-9)
CHz+ CH3z > C2He Equation (1.1-10)
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[OH] + [OH] = [O] + [*] + H20 Equation (1.1-11)

where [*] represents a vacant catalytic surface site for oxygen chemisorption. It is likely that a
dynamic equilibrium exists between gaseous O, and the various forms of surface oxygen, e.g.

chemisorbed and lattice oxygen.

However, undesirable surface and gas phase combustion reactions also lead to CO and CO>
(COy). As mentioned earlier at elevated temperatures of the OCM process the intrusion of the
homogenous gas phase free radical (i.e. combustion) reactions are detrimental for Co+ products.
Therefore, the development of novel catalysts and reactors and operating conditions that can
operate at low temperatures with high methane conversion, crucial for maintaining high product

yields in OCM reaction, marks another major challenge in OCM reaction.

1.3.2. Research Background

The formation of C,- hydrocarbons, namely ethane was first documented in the PhD thesis
of Nersessyan [16]. In the related publication [17] it was reported that methane oxidation over
solid oxides (silica, alumina) is accompanied by the scape of free radicals into the gas phase [3] .
This is an important fact and one of the main topics investigated in the OCM process kinetics
analysis. The first publication in which the formation of higher hydrocarbons was broadly
announced were the USA patent [18] and the paper by Fang and Yeh [19]. Whereas, in the former
methane was transformed into ethane, ethylene, benzene, and some other condensation products
over solid catalyst capable of supplying lattice oxygen to perform the process, in the latter the

steady-state catalytic OCM reaction (over Th oxide) was reported for the first time [3].
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However, the real “OCM boom” was initiated by the pioneering work of Keller and Bhasin
[20]. This was followed by many other original works of Baerns and Hinsen [21], and Ito and
Lunsford [22] . Recently, statistical analysis of the past 30 years of catalytic data on oxidative
coupling of methane reaction [7] showed that these pioneering works along with many other novel
experimental researches, created a huge body of data on OCM catalysts and their performance

which resulted in more than 2700 research articles and about 140 patents.

Different catalyst compositions and numerous catalyst preparation techniques, namely,
thermal decomposition, precipitation, impregnation, sol-gel, and spray pyrolysis, had been
considered for synthesis of OCM catalysts. Figure 1.1-11 [7] summarizes the most significant
elemental compositions of OCM catalysts with significant yields. All the tested materials are
powder catalysts of single or mixed metal oxides and they have been tested in a fixed-bed reactor
with co-feed mode under atmospheric pressure at feed gas temperatures from 943 to 1223 K.
Typically, the feed to the OCM process has much less than stoichiometric oxygen (CHa is in
excess). For the processes in Figure 1.1-11 P(cHs/P(02 = 1.7-9.0, and contact times are from 0.2 to
5.5 S. However, in most cases, the reproducibility and stability of the catalytic materials have not

been reported.
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Figure 1.1-11. Elemental compositions of OCM catalysts with
significant C, yields reported in the literature

As expected, single oxides, since the catalytic performance of single-oxide catalysts is
influenced by their solid—state properties, which in turn are affected by the synthesis techniques
applied for their preparation, do not exhibit high activities for OCM reaction. However, as seen in
Figure 1.1-11, all the above catalysts with significant yields are mixed metal oxides (with or
without supports). Therefore, it is well understood that various promoters and dopants
considerably improve the catalytic performance of single-oxide catalysts for the OCM reaction.
Alkaline-earth metals (Sr, Ba, Mg, Ca), lanthanide metals (La, Nd, Sm), and some other metals
located in 11, V, VI groups of the periodic table (Ga, Bi, Mo, W, Mn, and Re) [7] have been
reported to exhibit the best activity as the host metal oxides for the OCM reaction. It has been also
purposed that in multicomponent materials based on strongly basic oxides (Mg, La) dopants such
as (Cs, Na, Sr, Ba, W, Cl, Ce, Mn) will show positive effects on both selectivity and catalyst

activity and their synergetic effects on the host metal oxide should be considered [23] .
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While many experiments have been focused on optimizing the combination of the catalytic
materials and enhancing the chemistry side of the reaction, many works have been focused on the
reaction engineering, design, and process optimization to overcome the yield limits of the OCM

process.

Simon et al. have considered pellets of lanthanum oxide at 1073-1173 K inside catalytic
jet-stirred reactor [24]. However, this type of reactor showed low yields of Y (C>+) about 5% with
about 30% S (C»+) selectivity. Different co-feeds, dilution of feed gas, and various oxidant
substitutions such as CO2 instead of molecular oxygen were also considered to reduce or to prevent
the sequential gas phase reactions [25], [26], [27], [28]. However, they all concluded unsuccessful

in increasing the C»+ yields.

Alongside of the experimental researches, many computational studies have been
deliberated for the OCM reaction system as well. At the molecular level, these studies were
primarily based on the use of density functional theory (DFT) geared towards understanding the
effects of dopants on the energy of surface oxygen atoms [12] and surface oxygen vacancies [29].
In addition, chemical kinetics and reactor models were also developed to better describe the OCM

process [30], [31].

In the work of Palmer et al. a La,Oz (001) surface, which is the most stable surface of
lanthanum oxide, was simulated and it was exposed to oxygen atoms, Figure 1.1-12. The periodic
DFT studies of methane activation over La2Os lead to the identification of plausible surface

intermediates and the catalytic cycle of the OCM process.
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Figure 1.1-12. Periodic DFT study of methane activation over La;0Os
Furthermore, some simulation studies have primarily focused on kinetics modeling, and
have been proven useful in establishing and improving the OCM mechanism and reactor modeling.
One of the initial fixed-bed OCM reactor simulations was done by Hoebink et al. in which a two-
dimensional heterogeneous model was used to successfully model the OCM reactor [30]. The
concentration and temperature profiles were simulated along the fixed-bed reactor and the model

predicted a 60% C. selectivity at about 15% methane conversion [30].

Recently, Panagiotis et al. successfully simulated a catalytic fixed-bed OCM reactor
accounting for the gas-phase reaction, the fundamental catalytic surface chemistry (including
effects of pellet size and packing factor), and the interactions between the two [31]. In this study
the concentration profiles at pellet and reactor scale were obtained for all species considered in the

mechanism, leading to the simplified flow diagram shown in Figure 1.1-13 [31].
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at the end of the catalyst bed for the reaction conditions

Even though most OCM experiments were conducted in fixed-bed catalytic reactor,
simulation of unconventional reactors such as membrane reactors were also performed [32], [33].
These simulations have shown that theoretically implementing such reactor designs, could result
in Co+ yields as high as 40% with a selectivity in C products of more than 60% [33]. Simulation
of fluidized bed OCM reactors with stage wise oxygen feed were shown to achieve 22% Co- yields
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[34]. However, neither of these results have been demonstrated in laboratory experiments,
indicating the complexity and importance of other decisive factors in the OCM reaction.
Development of a systematic procedure to further pursue these simulation studies will be discussed
in further detail in the proposed future work section of this report (section 4.3), as the basis for

future simulations accompanied by the experimental OCM research conducted in our laboratory.

In summary, in spite of decades long research, oxidative coupling of methane (OCM) as a
high potential route for direct methane conversion and highly sought-after processes in industrial
chemistry, remains at the research stage. It has been suggested that C». yields of at least 30% will

be necessary to render the OCM process industrially a viable technology [35].

1.4. Research Objectives

The objectives of the proposed research program were to develop fundamental chemical
kinetic and reactor engineering insights on the catalytic oxidative coupling of methane (OCM)
process to push the Co+ product yields towards 30%-+. These objectives were explored by

undertaking a comprehensive program of studies for the OCM process as outlined below:

1. The synthesis of novel nanofiber catalysts by electrospinning, building on the early
discovery from our laboratory that La»>Os-based nanofibers were highly active and robust

OCM catalysts.

2. Single bed and multi-packed bed OCM experiments were performed using our novel
microprobe sampling system for the acquisition of spatially resolved species concentration
and temperatures profiles within the catalytic zone. We were also able to undertake
experiments under novel conditions that include oxygen-feed distributed packed bed

reactors. The dual-bed OCM reactor configuration significantly improve Cz+ product yields
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to 21% (from 16% for single bed). We also plan to implement coupled catalytic and non-

thermal plasma OCM reactors, to further push the yields for useful C+ products.

Undertake studies to outline development and validation of new generation of DCKM for
the OCM process using the high-information content spatial concentration profiles
obtained in this experimental program. Once developed, the DCKM will be combined with
the transport models describing the reactors for the simulation of species concentration
profiles in the OCM reactors. Sensitivity and reaction path analyses will be performed to
identify the most influential reaction in DCKM to refine their kinetic parameters. These
refinements will be performed using computational quantum chemical calculations as part

of future works.
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CHAPTER 1.2. Experimental Set-Up
In this section, the synthesis of Fiber catalysts using electrospinning technigue, reaction
set-up, novel reactor design, and novel sampling technique applied to the oxidative coupling of

methane reaction are discussed in detail.

In general, experiments were performed using a fixed-bed tubular reactor system. The 6mm
diameter quartz tubular reactor was packed with nanofiber fabric catalysts that were prepared by
electrospinning a viscous polymeric solution into which metal precursor/s were dissolved [36].
The experiments were performed at 1 atm. The flow rate of the reactant gases (CH4 and O2) was
maintained (60-180 cm®/min at STP (sccm)) using electronic mass flow controllers (MFC, MKS
Billerica, MA) at different CH4/O- feed ratio (molar feed ratio 3-7). The reaction temperature was
varied according to the feed ratio to accomplish ignition at specific reaction conditions (T ~ 450-
800 °C). Gas analysis was accomplished by on line gas chromatography (Varian 4900 Mini GC,
with molecular sieve 5A and Poraplot U columns). The sections of this chapter will discuss each

performed synthesis method and experimental design in further detail.

2.1. Catalyst System and Synthesis

Our initial screening of the potential catalytic systems for the OCM reaction revealed that
40-70 nm diameter nanofibers of La,O3 doped with CeO, (La,03-CeO.) were superior catalytic
materials for the OCM reaction compared to traditional nanoparticles [36]. Moreover,
electrospinning, as a promising scalable technique for production of highly uniform catalytic
nanostructures, was employed for synthesis of nanofibers. In this section, electrospinning
technique and its practice for synthesis of La;Os-CeO. nanofibers of different diameter are

discussed in further details.
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2.1.1. Electrospinning Principle and Challenges

There are numerous methods for fiber synthesis. However, electrospinning is a simple and
relatively inexpensive mean of producing nanofibers by solidification of a polymer solution
stretched by high electric field. There is a high interest in the electrospinning process and
continuous nanofiber production in today’s industry. Nanofiber’s applications in advanced
clothing, biomedical scaffolds, rechargeable batteries, and other areas are being explored and
developed. Nonetheless, practice of electrospinning in heterogeneous catalysis and catalyst

synthesis is a relatively new emerging field.

Electrospinning is a complex, multi-physics process involving electro-hydrodynamics,
mass and heat diffusion and transfer, and solidification. Considering the fact that the polymer jet
is continuously under the influence of high electrical field and mass, heat, and hydrodynamics are
most likely coupled during the process, it is very difficult to accurately model the electrospinning
process. Despite of these convolutions and challenges, the electrospinning process can be
subdivided into several stages which include, jet initiation, steady-state jet motion, jet instabilities,
and nanofiber deposition [37] . In electrospinning solvent evaporation from jet surface may lead
to inhomogeneity in the radial direction in dilute polymer jets and solvent evaporation can be very
fast in ultrafine jets typical for electrospinning in the order of 50 ms to 2 s. Rapid solvent
evaporation accompanied by jet stretching due to electric forces and jet instabilities is ultimately

responsible for final solidified nanofibers [37].

Some of the important variables that need to be considered in synthesis of catalyst fibers
via electrospinning method are summarized in Figure 1.2-1. Many of these parameters could
significantly affect the end result of the electrospinning process and/or diameter of the fibers
produces.
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Figure 1.2-1. Summary of pertinent variables associated with electrospinning

The amount and type of polymer used has a strong effect on the fiber morphology. The
more polymer usually will result in longer and thicker fibers due to increased entanglement in the
solution. The type of solvent is also one of the major components effecting the electrospinning
process and the catalyst performance. It is important to note that water is always needed as a
component in the solvent to allow for complete dissolution of the metal salts. A good substitute
for water could be formic acid, however, unfortunately, it catalyzes some sort of reactions when
metal salts are present in the solution. However, due to the water’s extremely high surface tension
a multicomponent solvent system may be required to achieve uniform fibers. Moreover, since
evaporation of the solvent plays a key role in producing well-defined uniform fibers,

electrospinning needs to be done in a chamber with very low relative humidity level.

2.1.2. La,03-CeO> Fiber Catalysts Synthesis
Nanofibers will be prepared by electrospinning. In a typical experiment,
polyvinylpyrrolidone (PVP; 1.3 MDa) is mixed with a solvent containing water and ethanol. To

this solution, one or more metal salts are added [e.g. La(NO3)3-6H20, Ce(NO3)3-6H.0]. Water is
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necessary to allow for the mutual solubility of PVP and a metal salt while ethanol is used primarily
to lower the surface tension of the solution, allowing it to be electrospun into fibers. Adjustments
in the PVP concentration and metal-to-polymer ratio are made to give a desired fiber morphology
and metal throughput rate. Typical values used may be 4 wt% PVP with a metal-to-polymer ratio
of 0.15. Water is usually present in the solution at 30-50 wt%, with the one or more of the alcohols
making up most of the remaining solvent mixture. The solution is then vigorously mixed via vortex
to form a uniform viscous liquid. After 2-3 hours of mixing solution is set to rest on the side of the

vial to get rid of the air bubbles formed inside the liquid.

As shown in Figure 1.2-2, the electrospinning setup is contained inside a partially
ventilated chamber. The solution is loaded into a syringe. Connected to the syringe is a Teflon
tube, which, on its other side, is connected to a metal needle. This needle is then connected to the
high voltage power supply. Aluminum foil is wrapped tightly around the collector and the fluid in
the syringe is pumped to the needle. The syringe pump is programmed to then pump the fluid at a
fixed rate which usually depends on the viscosity of the polymer solution (more polymer generates
more viscous solution), commonly 1.0-2.0 mL/hr. In order to prevent the fibers from randomly
flying everywhere in the chamber, a base plate was employed. Base plate is a simple metallic piece
(preferably slightly bended) which sits on the high voltage needle. This base plate is about 1/4 of
the size of the collector plate. The general purpose of using the base plate is to align and concentrate
the electrical filed between the needle and the collector plate. Using the base plate enhances the
electrospinning yield preventing the fibers to fly all over the chamber. The base plate will guide
more fibers to be collected onto the collector plate. The power supply is then set to deliver 30-50

kV and spinning ensues for 5-20 hours.
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Figure 1.2-2. Electrospinning setup used in the synthesis of nanofibers of metal
The material collected on the aluminum foil is placed inside an oven for calcination. The
electrospun material was calcined at 625 °C in a furnace to form metal oxide nanofiber fabrics.

Figure 1.2-3 demonstrates a summary of the electrospinning process and some of the equipments

associated with electrospinning.
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Figure 1.2-3. Summary of the catalysts preparation via electrospinning process
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SEM images of fibers after calcination Figure 1.2-4 confirmed that the nanofibers had diameters

of 70-100 nm. The fabric also had a low BET area of about 20 m?/g, suggesting that the nanofibers

were dense and did not possess internal porosity.
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Figure 1.2-4. SEM image of fibers (diameter 70-120 nm; image magnification 30,000)

2.2. Set-up and Testing

In this section system control set-up, testing conditions, and analysis process are discussed.
Furthermore, the establishment of novel sampling technique and reactor design are presented in

this section.

2.2.1. Feed Gas Control System

Different pressurized reagent gases (e.g. methane, ethylene, ethane, hydrogen, oxygen) or
inert gases (e.g. helium, argon, nitrogen) are delivered to the reactor system via mass flow
controllers (MFCs from MKS, Andover, MA) as shown in Figure 1.2-5. There are 10 MFCs
available for controlling the gas flow: MFCs 1-4 control the output of the gas mixture into the
reactor system, and MFCs 5-10, control the gas input from the cylinders. An additional MFC (the
white-colored box in Figure 1.2-5) is used to maintain the pressure of the gas output (typically at

20 psig). The CPA software operates this flow system. CPA program is used to set the gas flow
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rates and subsequently specify the mixture ratio and rate of the feed gases. Practically, up to six
different feed gases can be fed through MFCs no. 5-10, which then pass through a mixing zone in
a tube. The gaseous mixture is then fed to the reactor system via MFCs no. 1-4. In order to achieve
accurate flow rates for each MFC for a specific feed gas or gaseous mixture, the MFCs are

calibrated using a bubble flow meter.

2.2.2. Gas Chromatography System

The effluent from the reactor setup was analyzed using gas chromatography (GC). The
micro-GC (Varian, CP-4900, Middelburg, The Netherlands) is the instrument used in our work to
analyze reaction products. Two GC columns are attached to the system. Column A is a molecular
sieve 13X (10 m) that allows the separation of smaller molecules: Hz, Oz, N2, CHz and CO. Larger
gas molecules are blocked by a backflushing system to prevent column pore blockage. Column B
is a Porapak U column (PPU, 10m) that handles the larger gas molecules. The gas is introduced to
the micro-GC system using a 500um x 30cm fused silica capillary connected from the reactor to
the pump. The temperature and pressure of the GC columns are adjustable, from 30 °C to 180 °C
and from 7 to 21 psig. For analysis of the gas products, the micro-GC is equipped with a thermal
conductivity detector (TCD). When the detector encounters a gas other than helium, it measures

that gas’ thermal conductivity and compares it to the thermal conductivity of helium (the reference
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gas). The signals produced by the TCD represent retention times and peak areas which are then
used in quantitative and qualitative analysis. All of the parameters of the micro-GC can be adjusted

and the integrated peaks can be analyzed by Varian Star Workstation software.

2.2.3. Single-bed Reactor
Single bed experiments (fiber testing, Concentration and Temperature profiles of single

bed) were performed using a fixed bed tubular reactor system as shown in Figure 1.2-6 .

Figure 1.2-6. Fiber catalysts packed inside quartz tube

The reactor was packed with nanofiber fabric catalysts that were prepared by electrospinning a
viscous solution of 0.60 g polyvinylpyrrolidone (PVP, 1.3 MDa), 9.5 g water-ethanol (~1:1 wt
ratio) into which a total metal precursors of single and mixed metal oxides of different ratios were
dissolved. 5-20 mg of this fabric was loosely packed into a 6 mm diameter quartz tube and
sandwiched between 20 mg quartz wool plugs Figure 1.2-6.The bulk density and void fraction of
the bed were determined to be about 0.15-0.3 g/cm® and ~0.94, for bed length of 5-10 mm,

respectively.

2.2.3.1. Performance Analysis Set-up
For the initial fiber performance analysis and screening experiments, a library of potential
OCM catalytic materials were synthesized and systematically tested. The fibers were packed inside

quartz tube reactor as shown in Figure 1.2-6. The feed gas flow rate and composition were set
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using MFCs. As shown Figure 1.2-7 the quartz reactors were placed inside a cylindrical tubular
furnace to preheat the feed gases and the furnace temperature is controlled to reach the desired

ignition temperature.

Figure 1.2-7. Thermolyne Tube Furnace with quartz reactors inside

Total gas flow rates of 80-320 cm®/min at STP, and feed temperatures of 300-650 °C, depending
on the experiment were examined. Gas compositions were maintained between 75-87.5 mol% CH4
and 12.5-25 mol% O.. In these experiments, the GC line were directly placed at the reactor exit

for direct sampling followed by the gas analysis. The experiments were performed at 1 atm.

2.2.3.2. Axial Temperature Profiles

To obtain the axial temperature profiles, we examine feed gas flow rates of 80-320
cm?®min, catalyst weights of 5-20 mg and feed temperatures of 300-620 °C (corresponding to the
ignition temperatures). Gas compositions were maintained between 75-87.5 mol% CHs and 12.5-
25 mol% O». Reaction products were sampled by a small glass lined tubing (water trap) and
analyzed by on-line gas chromatography. A 0.25 mm diameter thermocouple is inserted tightly
into a quartz capillary and placed inside the tube near the catalytic zone. The position of this
thermocouple is changed incrementally using a micro-translation device (Figure 1.2-8) to quantify

the axial temperature profiles during OCM catalysis for the various flow rates, feed temperatures
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and feed compositions examined. The catalyst weight of 20 mg was used for experiments in which
a temperature profile was measured since this weight gives sufficient depth (~1.4 cm) to the reactor
to allow for precise determination of the temperature profiles along the catalyst bed. End of the
reactor performance analyses were performed in separate experiments with essentially identical
setups as described in section 2.2.3.1, without the use of a thermocouple probe since it was found

to cause minor disturbances in the catalyst.

2.2.3.3. Spatial Reactor Profiles

The complete set-up is as shown in Figure 1.2-8 . Twenty mg of this fabric was loosely
packed into a 6 mm diameter quartz tube and sandwiched between two 20 mg quartz wool plugs.
The bulk density and void fraction of the bed were determined to be about 0.3 g/cm® and 0.94,
respectively. The reactor was placed inside a cylindrical tubular furnace to preheat the feed gases.
The total flow of reactant gases was maintained at 160 cm®/min at STP in all the experiments using
electronic mass flow controllers (MFC, MKS Billerica, MA). This flow rate corresponds to a

nominal space time of about 66 ms. The experiments were performed at 1 atm.
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Figure 1.2-8. The reactor system used to acquire spatial temperature and concentration profiles

Gas sampling was accomplished by centrally inserting a conically tapered and closed end
quartz capillary tube (800 pum OD x 400 um ID, Friedrick and Dimock, NJ) into the packed bed
followed by gas analysis by on line gas chromatography. The capillary had dual 80 pm orifices
laser drilled at 90° on its side to withdraw gases from within the bed (see insert Fig. 1.2-8). The
location of the sampling orifice and the overall length of the probe was designed such that the
capillary tip remained well outside packed bed at any sampling position to avoid gas bypass. The
capillary probe withdrew gas samples at a rate less than 5 cm3/min at STP, thus minimally
disturbing the flow within the reactor (160 cm®min at STP). Temperature measurements were
performed by placing a thin (250 um diameter) K-type thermocouple inside the capillary probe in
the absence of gas withdrawal. The tip of the thermocouple was positioned at the sampling orifice.
Temperature and concentration profiles were obtained by moving the capillary (with and without

the thermocouple) in the axial direction using a micro-positioning device (Velmex, Bloomfield,
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NY). Positional accuracy associated with the placement of the capillary probe within the reactor
is estimated to be + 0.25 mm. Consequently, a similar uncertainty should also exist between the

temperature and concentration profiles.

2.2.4. Dual-bed Reactor

Experiments were performed using a dual-fixed-bed tubular reactor system as shown in
Figure 1.2-9. The reactor was sequentially packed with La>0O3-CeO2 nanofiber fabric catalysts that
were prepared by electrospinning a viscous solution of 0.60 g polyvinylpyrrolidone (PVP, 1.3
MDa), 9.5 g water-ethanol (~1:1 wt ratio) into which a total of 0.35 g metal precursor, as
La(NO3)3-6H20 and Ce(NOz3)3-6H.0 were dissolved having a La/Ce weight ratio of 3 (identical

fibers used for the single-bed experiment).
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Figure 1.2-9. The dual-bed reactor system and the complement set-up used to acquire spatial
temperature and concentration profiles
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As shown in the bottom section of Figure 1.2-9, two sections each with 20 mg of fabric
catalysts was loosely packed into a 6 mm diameter quartz tube (~10mm bed depth) and sandwiched
between two 20 mg quartz wool plugs (~5 mm bed depth). Inter-bed spacing was about 15 mm
long. The dual-bed reactor was placed inside a cylindrical tubular furnace to preheat the feed gases.
In all experiments, the flow rate of the reactant gases to the first bed was maintained at 120 cm3/min
at STP (sccm) using electronic mass flow controllers (MFC, MKS Billerica, MA). This flow rate
corresponds to a nominal space time of about 60 ms per bed. The inter-stage O2 was introduced at
the middle of the inter-space, i.e. at about ~27-28 mm, using a quartz capillary feed tube (800 um,
Friedrick and Dimock, Millville, NJ) at a rate of 12-15 sccm. The experiments were performed at

1 atm.

Gas sampling was accomplished by centrally inserting a conically tapered and closed end
quartz capillary tube into the packed beds followed by gas analysis by on line gas chromatography.
The sampling capillary had four perpendicularly oriented 80 pm diameter orifices laser drilled on
its side to withdraw gases from within the bed (see Figure 1.2-9). The location of the sampling
orifice and the overall length of the probe were designed such that the capillary tip remained well
outside both packed beds at any sampling position to avoid gas bypass within the beds. The
sampling capillary probe withdrew gases at a rate less than 5 sccm, thus minimally perturbing the
flow within the reactor (total flow ~120-135 sccm). This sampling rate corresponds to an average
gas velocity of 50-100 cm/sec within the capillary (depends on the temperature), enabling the rapid
removal of the gas samples from within the reactor. The fact that the measured concentration
profiles remained flat, i.e. did not change with axial position within the quartz wool, the inter-stage
section and reactor exits further supports the notion that reactions inside the sampling capillary

were unimportant in our experiments. Temperature measurements were performed by placing a
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thin (250 um diameter) K-type thermocouple inside the sampling capillary probe in the absence of
gas withdrawal. The tip of the thermocouple was positioned at the sampling orifice. The possible
presence of radial-temperature gradients was also explored by simultaneously placing multiple
thermocouples at the same axial position but at different radial positions during the reaction. These
measurements indicated maximum radial temperature differences in the 10-20 °C range at peak
reactor temperatures of 800-1000 °C. Consequently, the treatment of the reactor as quasi 1-
dimensional appears to be a reasonable assumption. Capillary sampling lines outside the reaction
furnace as well as GC injection system were heated to about 100 °C, in order to prevent water
condensation in the transfer lines. Water subsequently was condensed out using an ice-bath before
GC analysis. Temperature and concentration profiles were obtained by moving the capillary (with
and without the thermocouple) in the axial direction using a micro-positioning device (Velmex,
Bloomfield, NY). Positional accuracy associated with the placement of the capillary probe within
the reactor is estimated to be £ 0.25 mm. Similar uncertainty would also be expected to exist

between the temperature and concentration profiles here as well.
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CHAPTER 1.3. Results and Discussions

Most of the results and discussions indicated in this section are adapted from our
Laboratory work published in the following papers: “Oxidative Coupling of Methane by Nanofiber
Catalysts” [36], “Oxidative coupling of methane with La2Os-CeO. nanofiber fabrics: A reaction
engineering study” [38], “New insights into the oxidative coupling of methane from spatially
resolved concentration and temperature profiles” [39], and “Spatial Concentration and
Temperature Profiles in Dual-Packed-Bed Catalytic Reactors: Oxidative Coupling of Methane”

[40] .

3.1. Characterization and Performance Analysis of Nanofibers

Our initial search for screening of the potentially high performance OCM catalysts lead to
the discovery of La>O3 nanofiber catalyst system doped with CeO> [36]. This finding confirmed
the past results reported in literature stating that the Rare-earth-metal (REM) oxides are among the

most active catalysts for OCM [41], [42], [7].

3.1.1. La,0O3-CeO2 Nanofiber Catalyst System

Initially, the performance of our La,O3-CeO, fabrics were compared to analogous powders
reported in the literature, synthesized using co-precipitation [43], in terms of structure, selectivity,
conversion, upstream gas temperature, gas throughput, and robustness of catalytic system under
reaction conditions. Since nanofibers are produced as fabrics, they exhibit catalytic properties
similar to monoliths are thus particularly suitable for high-throughput exothermic reaction
schemes, such as. As evident from Figure 1.3-1 [38], the La203-CeO- nanofibers clearly exhibit
significant differences from co-precipitated powders. First and foremost, nanofibers show

remarkable uniformity in diameter (~70 nm) and dispersion, with a BET surface area of 20 m?/g.
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This surface area is close to the geometric external surface area of 70 nm diameter solid fibers,
thus suggesting that the fibers were non-porous, i.e. dense. Second, the fibers appear individually
well exposed with little clustering, concomitant with the large and uniform inter-fiber space. These
features provide rapid access to and from the active sites, which should be advantageous in
improving the selectivity for labile products in partial oxidation reactions. In contrast, co-
precipitated La-Ce powders (Figure 1.3-1-right) exhibit a high degree of agglomeration in which
a significant fraction of La>O3-CeO> remain inaccessible or are accessible only through crystal
cracks or pores, concomitant with pore diffusion limitations and associated problems. The BET

area of the powder was 10 m?/g, suggesting low porosity.

Figure 1.3-1. SEM Images of A-Left: co- spun La,0s- CeO; fibers (dlameter ~70 nm, BET area 26
m?/g); B-Right: co-precipitated La,O3-CeO, powders (BET area 10 m?/g). Note: both images are
at the same magnification of x13,000

The La»,03-CeO; fabrics at La/Ce ratio of about 15 were synthesized and tested. The feed
gas flows at 120 cm®/min with 8 mg of catalyst packed into the reactor, corresponding to a gas
throughput of 9.0x10° cm®/g-hr or a contact time of 5-10 ms. The CH4/O; ratio is 7. For the
experiments with the co-precipitated La,03-CeO: catalysts of Dedov et al., the gas throughput is
4.4-4.8x10* cm3/g-hr with a CH4/O; ratio that ranges between 5-7. As shown in Figure 1.3-2 [36],

both the nanofiber fabrics and the co-precipitated powders exhibit very similar results for Ca+
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selectivity, COx selectivity and CH4 conversion. However, the fabrics are found to achieve this
degree of performance at temperatures as low as 470 °C, or about 250-350 °C lower than the
temperatures shown by Dedov et al. for their powders. Additionally, our fibers are able to achieve
this performance at gas throughputs about 20-fold higher. Since pre-heating a reactor feed can
incur significant energy costs, the methane activation temperatures accomplished by this work so
far represent a significant step towards making OCM a viable process. Lower temperatures also
help ameliorate materials issues, as even the highest quality steels may have durability problems
at OCM temperatures previously reported in the literature. Furthermore, the ability to process such
large volume rates of gas feed could improve process economics even further by allowing for the

use of small reactors.
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Figure 1.3-2. OCM performance of La;0s;-CeQO; catalytic system compared to
analogous powders synthesized by Dedov et al.

In Figure 1.3-3, the XRD data for La>O3-CeO- nanofibers and powders (also La/Ce weight

ratio of 15), both pre- and post OCM test conditions are presented (A,B and C,D), along with those
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for individual La203 (E) and CeO: (F) fibers and powders. Several interesting features are revealed.
First, both the La,Os fibers (Figure 1.3-3, E) and powders exhibit virtually identical mixed cubic
(222 and 440 reflections) and hexagonal (100, 101, 102 reflections) structures [44]. Similarly, the
same cubic (111, 200, 220) CeO: phases were present in both fibers and powder [45]. However,
the XRD spectrum of binary La>O3-CeO> nanofibers was remarkably less crystalline than La,O3
and CeO: fibers (Figure 1.3-3, B). This can possibly be attributed to incorporation of La*® ions
into the cubic lattice of CeO> and partial reduction of ceria which is further discussed in next
paragraph. Significant shortening and broadening of the La>Os-CeO2 nanofiber peaks are also

shown, indicating smaller mean crystallite dimensions compared to single metal oxide nanofibers.
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Figure 1.3-3. XRD of various La;O3 and CeO- nanofibers compared to co-precipitated
powders

Furthermore, La2O3 nanofiber catalyst system doped with CeO, was further explored for
La/Ce metal ratio. At total feed gas flow rate of 120 cm3/min with 8mg of catalyst and CH4/O>
feed ratio of 4, As shown in Figure 1.3-4, the best result was obtained for 90-75% La doped with

10-25% Ce at ~70% selectivity. Even though pure La>Oz fibers exhibit relatively close
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performance to that of the doped system at optimized La/Ce ratio, it requires higher feed gas
temperature to reach ignition of the reaction. These clearly indicate some synergetic effect of using

a binary system of La-Ce.

From results of the XRD (Figure 1.3-3) and Co+ selectivity curve (Figure 1.3-4) of the
doped and undoped La nanofiber catalyst system, it is hypothesized that interaction of lanthanum
with cerium on the surface may lead to the formation of Ce>O3. This shows that on one hand La
promotes formation of Ce* and on the other hand extra La prevents Ce from being deep reduced.
The charge transfer from lanthanum to ceria on the surface is facilitated and confirms the proposal
of existing redox equilibrium (La?*+Ce*" « La%+Ce3") at some lanthanum-cerium ratios.
Reduction of Ce** to Ce®* is associated with formation of lattice oxygen vacancies in ceria and
increase of oxygen storage capacity at the surface. This is critically important in enhancing the
dissociation of methane and combination of bonds at active sites [12]. Furthermore, this confirms
the simulation study of Palmer et al. that doping strontium into the La,Os surface via Sr?*/La"
exchange generates a surface oxygen site characteristic of an O- species (as noted earlier in section
1.3.1, possible candidate for methane activation), which may account for the enhanced OCM
reactivity of doped La>Os catalysts when compared to the unpromoted system [12]. More dispersed
Ce on the surface confirms the fact that more Ce are in contact with Lanthanum which helps in
promotion of converting more Ce** to Ce3* and which plays an important part in increasing the
oxygen storage capacity of cerium and reactivity of the catalyst. As we increase the Ce
concentration it is possible that more Ce on the surface is creating Ce cluster or more Ce are
concentrated at the core of fiber which leads to less interaction of Ce with La on the surface and
leads to less amount of Ce** conversion and therefore lower catalyst activity/selectivity. This is in

agreement with the feature we see from Figure 1.3-4 and the reason for higher ignition temperature
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of pure LaxOs nanofiber catalysts. Further ensuing this hypothesis calls for supplementary
characterization of the La-Ce nanofiber system by XPS (X-ray photoelectron spectroscopy), AES
(Auger electron spectroscopy), TEM (Transmission electron microscopy) and other
characterization methods to enable examination of the cross-section of the fibers to better explain

these features.
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Figure 1.3-4. C,. Selectivity Curve for La;O3-CeO;
nanofiber catalyst system by addition of Ce as dopant

3.1.2. Operating Conditions of La>0s-CeO2 Nanofiber

In this section, the effects of changes in various operating conditions were explored on the
performance of an oxidative coupling of methane (OCM) atmospheric pressure fixed bed reactor
comprising La,03-CeO- nanofiber fabric catalysts at La/Ce weight ratio of 3 (refer to section 2.2.3
for synthesis of fiber). Additionally, in situ reactor temperature profiles were measured. Reactor
temperature profiles as well as reactor exit conversion and product selectivities are presented as a

function of feed temperature, feed flow rate and composition.

3.1.2.1. Feed Temperature Hysteresis

In Figure 1.3-5, the axial temperature profiles are presented for a CH4/O> feed ratio of 5

and at a feed gas flow rate of F = 160 standard cubic centimeters per minute (sccm) with mes: = 20
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mg of catalyst packed into the bed at various feed gas temperatures Tt. Filled symbols represent
the temperature profiles measured when the furnace temperature was stepwise heated up, while
empty symbols were obtained during the stepwise cooling process. The temperature profile
measurements were acquired while the reactant gases were flowing. Once the steady state
temperature was reached (~30 min during heating and ~60 min during cooling), the temperature
profile was measured by axially moving the thermocouple. After data acquisition, the furnace
temperature was readjusted to its new set point. As seen in Figure 1.3-5, the difference between
the peak temperature in the catalytic zone and feed temperature Tt ranges between ~300-400 °C.
This difference is at its largest at the lowest feed temperature Tt = 390 °C. However, the location
of the peak shifts downstream only during the cooling experiments, i.e. at values for T¢ that are

lower than the ignition temperature Tig.

1000 °
CHJ/O,=5 T: (C)
00 | F =160 sccm —e— 430
My = 20 Mg Heating { —— 550
00 —=— 620
Coal - 430
6 ing
< 700
|_i-

0 10 20 30
Axial Distance (mm)

Figure 1.3-5. Reactor temperature T as a function of axial distance

In Figure 1.3-6, the accompanying reactor exit CH4 conversions and Co+ selectivities are

presented while Figure 1.3-7 shows the Oz conversions and C2He/C2Hj ratios, both as a function
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of feed gas temperature T (where the arrows indicate the increasing or decreasing path for Tr). As
seen in Figure 1.3-5 and Figure 1.3-6, the onset of catalyst ignition was at 450 °C when increasing
Ts, with a Ca+ selectivity of 55% at 28% CH4 conversion. Oxygen was completely consumed and
the C2He/C2H4 ratio was about 1 at the ignition point. For T > Tig, the catalyst performance remains
limited by the complete O> conversion, yielding no change in the location of the peak bed
temperature. As evident from Figure 1.3-5 and Figure 1.3-6, a hysteresis window was noted. On
the decreasing T path, the La,O3-CeO2 nanofiber fabrics’ high Ca+ selectivity of 52-59% extended
down to about 300 °C. Both the CH4 and O conversions steadily decreased and the CoHe/C2H4
ratio increased with decreasing Tt below the ignition temperature. These results suggest that the
catalyst peak temperature should also decrease and its spatial location should shift downstream
with decreasing Tr. These features were indeed observed in the spatial temperature profiles

presented in Figure 1.3-5.
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Figure 1.3-7. Ethane-to-ethylene product ratio and percent O, conversion as
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3.1.2.2. Effect of Feed Flow rate and CH4/O> Ratio

In Figure 1.3-8, the effects of feed gas flow rate on the spatial temperature profiles are
presented at a CH4/O> ratio of 5 and feed gas temperature of 570 °C. As evident from this figure,
increasing feed gas flow rate dramatically increases the reactor temperature while slightly shifting
the location of the maximum temperature. For example, at 80 sccm flow, the peak temperature is
825 °C at ~12 mm within the bed. In contrast, at 200 sccm, the peak temperature reached 960 °C
at ~11 mm. These results clearly indicate that the rate of the OCM process under the experimental
conditions investigated is also affected by mass transfer limitations [46]. For example, increased
flow rates increase mass transfer coefficients and thus transport rates to the catalyst surface,
thereby increasing the rates of the OCM reaction. The observation of the shift in peak temperature
slightly upstream with increasing gas flow rate can readily be accounted for by the increased
thermal conduction caused by the increased temperature gradient in the hot spot. An increase in
the temperature gradient before the catalytic zone provides evidence of both this and of radiation

originating from the catalyst. Additionally, there is competition between the increases in the
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reaction rate from enhanced mass transfer, which would create a temperature rise earlier in the
reactor, with axial convection pushing the reaction downstream. The overall net effect from these

three factors appears to lead to the location of the temperature peak being relatively unchanged.
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Figure 1.3-8. Reactor temperature T as a function of axial distance in the catalytic zone
for various flow rates

As expected, the effect of CH4/Oz ratio on reactor temperature is also significant within the
experimental conditions investigated (Figure 1.3-9). As evident from Figure 1.3-9, decreasing the
CHa/O: ratio from 7 to 4 increases the peak reactor temperature from 850 °C to 980 °C, while
shifting the peak location from 12 mm to 10.8 mm. The increase in reactor temperature is the
expected consequence of decreased methane dilution in the feed gas based on the overall OCM as

well as combustion reaction stoichiometries.
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Figure 1.3-9. Reactor temperature T as a function of axial distance in the catalytic
zone for various feed CH./O- ratios

In Figure 1.3-10 and Figure 1.3-11, CH4 and O: conversions, C+ selectivities and
C2He/C2Hg ratios are presented as a function of feed gas flow rate and CH4/O- ratio at a feed gas
temperature of Tr =570 °C. An inspection of Figure 1.3-10 reveals several interesting trends. First,
increasing gas flow rates and decreasing CH4/O> ratios have an adverse effect on Ca+ selectivity,
which reaches as high as 70% at a CH4/O, feed ratio of 7 and feed flow rate of F = 160 sccm. The
only exception to this trend is seen at the CH4/O: ratio of 7 at low gas flow rates, which can be
attributed to greater mass transfer limitations. Additionally, the depth of the catalyst bed could be
a significant factor in creating low C». selectivities for low flow rates for the high CH4/O- ratio. In
a previous work when using an 8 mg La»03-CeO; bed, a Tt hysteresis plot similar to that of Figure
1.3-6 here was constructed. It was found that for a CH4/O, feed ratio of 4 that C»+ selectivites

reached their highest at the quench temperature of Tf =230 °C. In Fig. 5 at the quench temperature,
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the Co+ selectivity is at one of its lowest observed values. A key difference between these two
experiments is the bed depth, which could help explain why C»+ selectivities are sacrificed at very
low flow rates at CH4/O2 = 7. Over our OCM catalyst, we have previously shown that O>
conversion nearly halts about one-third of the distance through a deep 20 mg La,0O3-CeO- bed,
well before the metal oxide bed ends. This would not necessarily happen within a shallow 5 mg
bed. Hence, gasses from an OCM reactor with a deep bed are exposed to additional catalyst at low
temperatures, which may provide a thermodynamic driving force for adsorption that could lead to
the destruction of C»+ products. At the highest CH4/O. feed ratio of 7 examined here, this is more
likely to happen as the total amount of energy created is at its lowest, entailing the effluent gas that
contacts the remaining catalyst will be colder and more apt to see its C2+ products experience a
driving force for adsorption. The low flow rates seen in Figure 1.3-10 could provide the contact

time necessary for the adsorption to occur.

Second, methane conversions consistently increase with decreasing CH4/O; ratio as a
consequence of increased bed temperature by decreased methane dilution, reaching as high as 33%
at a CH4/O; feed ratio of 4 and the lowest feed rate examined of F = 80 sccm. Third, the effect of
gas flow rates on methane conversions is complex. Methane conversion decreases with increasing
gas flow rate for CH4/O; ratios of 4 and 5, but the reverse trend is observed for 7. For the CH4/O-
ratios of 4 and 5 decreases in CHs conversions with increase in gas flow rate can readily be
accounted for by the decreases in contact/reaction times since under these conditions the catalyst
is at a sufficiently high temperature. Also, COx selectivities tend to naturally be higher at larger
flow rates due to transport and mechanistic reasons. Since pathways that produce COx consume
more Oy, less Oz is available to convert CHa, thus resulting in a decrease the CH4 conversion. From

Figure 1.3-11, the variation in oxygen conversion with respect to flow rate is far less dramatic than
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for methane conversion, supporting the rationale behind rising COx selectivities with flow rates
being the driving factor for falling CH4 conversions as opposed to the contact time. For the CH4/O:
ratio of 7 at 80 sccm, the catalyst temperature evidently is not hot enough resulting in increase in
methane conversion slightly with increase in gas flow rate. This result is also consistent with the

increased selectivity observed with increased gas flow rates noted above.

Third, Oz conversions uniformly increased with increasing gas flow and leveled off at
higher flow rates for all CH4/O- ratios (Figure 1.3-11). Interestingly, Oz conversions leveled off
earlier and to a slightly lower level at the CH4/O; ratio of 7. Fourth, CoHe/C2Hj4 ratios exhibited
trends that consistently decreased with increasing gas flow rates and decreasing CH4/O> ratios.
The C2He/C2H4 ratios were significantly higher (i.e. 1.3-1.6) at the CH4/O; ratio of 7. For the

CH4/O; ratio of 4, the CoHg/C2H4 ratio decreased from 1.15 at 80 sccm to 0.95 at 320 sccm.

As mentioned previously, possible reasons for the counterintuitive trends for selectivity in
Figure 1.3-10 are likely due to transport or mechanistic effects. Carbon dioxide, a side product
dealt with in abundance, has been documented as a catalyst poison and has strong binding affinity
for highly basic materials [47]. Higher flow rates may enhance the mass transfer of CO,, created
at or near the catalyst’s surface, away from the La>03-CeQ; fabric, potentially freeing up sites for
catalysis. The catalyst clearly becomes more active at some of the higher flow rates used; hence,
the desorption of CO., the heaviest of the major compounds seen, facilitated by larger mass transfer
coefficients at higher Reynolds numbers, could be a significant factor. An additional factor related
to mass transfer could be the degree of turbulence facilitating greater mixing of compounds and
transport of all species between the gas and catalyst, which could help explain the increasing level
of COy production for very large flow rates. A possible specific scenario related to rising

turbulence and mass transfer is the increased rate of adsorption of O onto the catalyst. It is known
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that larger O, feed concentrations drive selectivity away from Cz+ compounds and towards COx.
Greater mixing in the reactor could likewise increase local Oz concentrations near the catalyst and
thus result in a similar phenomenon in which the catalytic production of COx becomes favored.
This could also explain the larger C2Ha/C2He ratios with increasing flow rates as collisions of CoHe

with the catalyst would be enhanced.
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3.1.2.3. Effect of Bed Depth and Space Velocity

Experiments were also performed using reactor beds having different packing weights in
order to better assess the relative importance of transport limitations relative to surface reactions.
For this, three different packed bed weights of 5, 10 and 20 mg are investigated. In Figure 1.3-12
and Figure 1.3-13, CH4 and O conversions, C».+ selectivities and CoHe/C2Hs ratios are shown as a
function of space velocity, i.e. feed gas flow rate/catalyst weight, at CH4/O- ratio of 5 and at 570
°C feed gas temperature. An inspection of Figure 1.3-12 reveals several trends. First, both the Ca+
selectivities and methane conversions almost uniformly decreased with space velocity for all the
three beds considered. Second, methane conversions were similar (~24-29%) for all the beds at
similar space velocities. In contrast, C+ selectivities were dramatically different, with the smaller

packed bed reactor performing the best. For example, at the 15 sccm/mg space velocity, the Co+
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selectivities were 64%, 55% and 45%, for the 5, 10 and 20 mg catalyst bed reactors, respectively.
These results clearly indicate that deeper bed reactors may be detrimental in OCM as they lead to
the subsequent destruction of C»+ products once formed in the early part of the bed. Consequently,

shallow bed reactors are desirable to maximize C»+ selectivities.

From Figure 1.3-13, it can be seen that O. conversions in the shallower 5 mg bed were
consistently lower at 85-93% than others both of which exhibited near complete oxygen
conversions (>95%). These results are consistent with the higher Cz+ selectivity of the 5 mg bed
with its similar methane conversion (Figure 1.3-12) and the lower C». selectivities of deeper beds.
In other words, the 5 mg bed utilizes the reactants more efficiently towards OCM products while

the other, i.e. deeper, beds leads to the combustion of C»+ products.

The trends exhibited by the C2He/C2Ha ratios were all similar, decreasing with increasing
space velocity as a result of increasing reactor temperatures. However, unlike C»+ selectivities, the
deeper bed reactors were more beneficial for ethylene production. For example, at space velocity
of 20 sccm/mg, the C2He/C2Hj4 ratios were 1.3 and 1.05 for the 5 mg and 10 mg beds, respectively.
This appears to be due to increased rates of surface mediated ethane dehydrogenation through the
deeper catalyst bed. If gas phase dehydrogenation processes were responsible, then the C2He/CoHa
ratios would have been similar. Such a lag is expected since C2Ha is understood (from basic OCM
mechanism Equations (1.1-8)-(1.1-11)) to be produced by the sequential catalytic dehydrogenation

of CoHe.
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3.1.2.4. Time on Stream

In Figure 1.3-14, the time on stream performance of the La,O3-CeO; nanofiber fabric
catalyst is presented for over a 10 hr continuous operation. The experimental conditions were: feed
gas flow rate 80 sccm, 20 mg catalyst CH4/Oz ratio of 5, feed temperature 570 °C. As evident from
this Figure, the La,03-CeO, exhibits an excellent performance, showing no deterioration in

activity and selectivity, rendering it a promising practical OCM catalyst.
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3.2. Spatial Concentration and Temperature Profiles

We believe that in order to make further improvement in oxidative coupling of methane
(OCM) and other promising partial oxidation reactions, e.g. propylene epoxidation (PE) and partial
oxidation of methane (POM), progress has to be made to develop and validate a comprehensive
detailed chemical kinetic mechanisms (DCKM) for these processes. DCKMs comprise a
comprehensive description of chemical transformations in terms of irreducible chemical events or
elementary reactions for which independent rate coefficient parameters, frequently expressed in
the form k=AT"exp(-E/RT), are available from direct measurements or estimated from theoretical
considerations, e.g. density functional theory (DFT) or Kinetics descriptors. Once developed,
DCKM can be combined with transport models to simulate the behavior of reactors. Therefore,
DCKMs represent numerical tools of exceptional generality and broad utility that not only
correlate available data but also predict the behavior of complex reaction systems under a very
broad range of conditions, including conditions under which the acquisition of experimental data
may be impractical, e.g. on the catalyst surface. With the availability of DCKMs, we will then be
in a better position to identify improved OCM conditions, superior reactor configurations, and new
leads for catalytic materials that are needed to exceed the 25% limit for C2+ product yields.
However, validation of DCKMs requires experimental data of high information content because
of the presence of a large number of species participating in an even larger number of elementary
reactions. Therefore, end-of-reactor measurements of concentrations, as it has been done
commonly in the past, are inadequate for the validation of DCKM. Consequently, to remedy this
issue, we developed a highly versatile micro-probe sampling technique for the in-situ acquisition
of detailed species concentration profiles together with temperature profiles in catalytic reactors

packed with nanofiber fabric catalysts. Here, in this section, the spatially resolved comprehensive
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species concentrations and temperature profiles in a fixed-bed OCM reactor, for nanofibers of
La,0s-CeO, which proven to be superior catalytic materials for the OCM reaction, are reported. A
total of nine species were quantified: CH4, O2, C2Hs, C2H4, C3Hs/C3Hs (Cs), H2, H20, CO, and
CO.. With the exception of the concentration of H>O, which was calculated from oxygen atom
balances, all of the species were quantified directly from GC measurements. Furthermore, based
on our single-bed reactor findings, need for refinement of OCM mechanism is discussed and a

novel reactor design (dual-bed reactor with interstage cooling) is put into practice.

3.2.1. Single-bed
The single-bed experiments were conducted with total gas flow rate of 160 sccm (standard
cc/min) at three different CH4/O- feed ratios of 7, 9, and 11. The feed temperature was set to reach

ignition at each respective condition. Complete experimental set-up is as shown in Figure 1.2-8.

As seen in Figure 1.3-15, the experiment is done at CH4/O2 ratio of 7. The feed temperature
was at 600 °C and the peak reactor temperature, as shown by the temperature profile, reaches its

peak of ~810 °C at about 5 mm inside the catalyst bed (10 mm axial distance).

The species profiles in Figure 1.3-15 exhibit both confirmatory and new information. Most
importantly, significant levels of H2 were produced very early in the catalytic zone, that is, prompt
H>; a peak level of approximately 2.5 mol% was reached within 5 mm inside the catalyst bed (9
mm axial distance). This is an important discovery, an observation that was completely missed in
all prior studies. As discussed earlier in Section 1.3.1, there is no mention of hydrogen production
in the so far well-stablished OCM mechanism. This calls for further investigation and possible
refinement of the current OCM mechanism, which will be discussed in detail, as part of the future

work, in chapter 4 of this report. Prompt hydrogen formation, which is closely followed by
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formation of CO- (peak at ~5 %) and CO (peak at ~1.8 %), is within the relatively low temperature
zone of the reactor. Therefore, we suggest that hydrogen could be produced by surface reactions
similar to those reported in the catalytic partial oxidation of methane to synthesize gas on Pt and
Rh surfaces [48], [49]. Consequently, the following equations, Equation (1.3-1) - (1.3-7), may best
describe the H, formation and could be incorporated into the OCM reaction mechanism for further

investigation.

CHsz + [OH] = [CH20] + H2 Equation (1.3-1)
[CH20] > [*] + CO + H2 Equation (1.3-2)
CO +[0] =2 CO2 +[*] Equation (1.3-3)
CH3 + [O] - [CH30] - [CHO] + H2 Equation (1.3-4)
[CHO] +[0] = [*] + [H] + CO2 Equation (1.3-5)
[CHO] = [H] + CO Equation (1.3-6)
[H] +[H] = 2[*] + H2 Equation (1.3-7)

It is important to note that the measured concentration profiles for CoHe (~3.5 %) and H20
are consistent with the well-established OCM basic mechanism (discussed in Section 1.3.1).
Moreover, as observed in Figure 1.3-15, the formation of CoHs (peak at ~2.5 %) exhibits
significant lag relative to that of CoHs. This further confirms the basic OCM mechanism in which

C2Ha is understood to be produced by the oxidative or catalytic dehydrogenation of CoHe.

Figure 1.3-15 also shows the early formation and rapid rise in the concentration of H.O
(peak at ~13 %) concomitant with a decrease in the concentration of Oa. It is well recognized that
the steady-state rate of the OCM reaction is controlled not by the activation of CH4 and the
formation of C2He but by the reactions that lead to the formation of H>O (e.g., Equation (1.1-11)).

This is because of the requirement to close the catalytic cycle [3], [14]. The data presented in here
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are in agreement with this argument, for which sharp changes in species mole fraction profiles

cease only after O is largely consumed, that is, at an axial distance of approximately 10-11 mm.

16 <——— Catalyst ——>

900
14 F
T S S S S B e m | 850
12 —o—CH4/5
= 02
® 800
© 10 } O |——H20
[} [ ]
o 5 ——C02
% 8 } 750 ‘§ ——C2H6
£ é_ —8—C2H4
@ 6 - e
'S 700 2 e
g ——C0
»n 4 F ——C3
650 w——Temp

0 5 10 15 20 25
Axial distance, mm

Figure 1.3-15. Spatial temperature and species mole percent profiles for a feed CH4/O>
ratio of 7

As seen in Figure 1.3-16, the experiment is done at CH4/O2 ratio of 9. The feed temperature
was at 640 °C to reach ignition. The peak reactor temperature, as shown by the temperature profile,

reaches its peak of ~800 °C at about 5 mm inside the catalyst bed (10 mm axial distance).

Prompt H> formation was also noted in this case, although at a slightly lower peak level of
approximately 2.2 %. The production of CO, decreased and reached only 3.5 %, whereas C2He
production increased to a peak level of approximately 3.5 %. Similar to the system with CH4/O2=7,

C2H4 formation lagged behind C>He formation and increased to a peak level of approximately 2.1
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%. The integral CHs conversions and Co+ selectivities were approximately 19 and 72%,

respectively, shown in Figure 1.3-18. Water formation leveled off at approximately at ~11-12 %.
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Figure 1.3-16. Spatial temperature and species mole percent profiles for a feed CH4/O>
ratio of 9
As seen in Figure 1.3-17, the experiment is done at CH4/O; ratio of 11. The feed
temperature was at 730 °C to reach ignition. The temperature profile followed a similar trend to
that of the previous ones. The peak reactor temperature at this ratio, as shown by the temperature

profile, reaches its peak of ~840 °C at about 5 mm inside the catalyst bed (10 mm axial distance).

Contrary to the Temperature profile, the species profiles exhibited new trends at this feed
ratio. Most importantly, CoHs was formed very early in the catalyst bed, and significantly, CoHs
production surpassed H production, which is in stark contrast to the experiments for lower CH4/O>

ratios discussed above. Possible reason for the lag in Hy formation and the lower levels of H>
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(Hydrogen levels peaked at ~1.9%) in this experiment could be attributed to the presence of lower
levels of molecular oxygen, which is due to the higher CH4/O. feed ratio adapted in this
experiment. As suggested by Lunsford et al. certain level of molecular oxygen is needed to
maintain the high level of catalytic OCM activity [10]. Even though the exact role of O2 is unclear,
possibly dissociatively adsorbs over oxide catalyst surface to generate active oxygen species (O,
03, and/or the peroxide 0,%) [50], [51] [52], it is crucial in methane activation and other relevant
surface reactions [12]. Consequently at low levels of O, as the case here, much less H: is produced,
which seem to be in agreement with our hypothesis that Hz is perhaps produced by surface

reactions, Equations (1.3-1)-(1.3-7).

Ethane also became the most abundant product (peak at ~4 %), surpassing CO. (peak at ~3
%). However, ethylene levels remained surprisingly similar to those of previous experiments and
exhibited a peak concentration of only 2.2%, although the temperatures were significantly higher.
As seen in Figure 1.3-17, CoHas production abruptly ceased at 6 mm into the catalyst bed (10 mm
axial distance), at which point O2 was entirely consumed and the temperature peaked at 840 °C.
This result is consistent with the generally accepted mechanism that oxidative dehydrogenation of
C2Hs is the primary path for CoH4 formation in OCM experiments. Similar observations were made
in experiments in which lower CH4/O- ratios were studied (Figure 1.3-15 and Figure 1.3-16).
Maximum water concentration of approximately 10% was also reached at 6 mm into the catalyst
bed. As shown in Figure 1.3-18, exit CH4 conversions were lowest at approximately 17%, whereas
Co+ selectivities were the highest at 77% among the three CH4/O2 ratios investigated, which is

expected.
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3.2.2. Dual Catalytic OCM Bed

The superior performance of our La-Ce nanofiber catalysts under OCM conditions and the
results of our diligent sampling technique which provided us with some never-seen-before inside
the reactor insights, motivated us to further improve and apprehend the system. Furthermore, due
to complex nature of the OCM process, we realized that the catalyst design alone may not be
sufficient to result in the breakthrough needed for the commercialization of the OCM process,
namely to prevail the 25% C». yield limit associated with the OCM process [53]. Consequently, a
combined effort, both in catalyst development and in novel reactor systems and operating schemes

are needed to advance the field.

In this regards, early reactor simulations that used global OCM reaction kinetics were
particularly encouraging, as they suggested the feasibility for attaining yields for C.+ products as
high as +50 % if the O2 feed was distributed along the reactor, that is, by using membrane-type
reactors [33], [54], [55]. Although these predictions may not be realistic, as the global reaction
models used are well recognized to be of limited predictive value, they nevertheless create
optimism regarding the future of the OCM process. More realistic and accurate predictions of the

attainable yields can be accomplished by using detailed chemical kinetic mechanism (DCKM).

Therefore, considering our system’s exclusive properties, we developed a novel reactor
design for dual-bed OCM reactor with interstage O> injection and inter-cooling stage to further
enhance the OCM reaction’s Co+ yields. Furthermore, applying our novel sampling technique,
information-rich spatial profiles were acquired, which provide new quantitative insight into the
close coupling formation of C2+ products and Oz levels in OCM reactors. These information are

expected to be extremely valuable for the improvement and validation of predictive models.
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The dual-bed experiments were conducted with total gas flow rate of 120 sccm (standard
cc/min) at overall CH4/O> feed ratios of 4 (DB1), Figure 1.3-20, and 4.4 (DB2), Figure 1.3-21. For
assessment of the system improvement, a single-bed experiment with overall CH4/O; feed ratios
of 4 (SB1), Figure 1.3-19, and spatial profiles for CH4 conversions and C». selectivities (Figure
1.3-22) were also conducted. The feed temperature was set to reach ignition at each respective

condition. Complete experimental set-up is as shown in Figure 1.2-9.

The spatial concentration and temperature profiles for the single-bed experiment (SB1)
with a CH4/O- ratio of 4 were acquired at a furnace temperature (Tf) of 600 °C. As seen in Figure
1.3-19, the maximum bed temperature reached approximately 1015 °C at ~10 mm (i.e., 5 mm
within the catalyst zone), concomitant with the near-complete consumption of O and
approximately 30% CH4 maximum conversion and 55% Ca+ selectivity (see also Figure 1.3-22).
These values represent a Co+ yield of approximately 16%. SB1 at CH4/O> feed ratio of 4 essentially
exhibits the same features as of the single bed experiment with CH4/O, feed ratio of 7. Close
examination of the profiles at the upstream part of the catalyst bed reveals significant levels of Ha
production early in the catalytic zone, that is, prompt Ho; a peak level is reached at approximately
3.7 mol% within 3 mm inside the catalyst bed (8 mm axial distance). Within this zone, the reactor
temperature is still relatively low at 650-725 °C; thus, as explained earlier, we expect that H;
formation is due to surface-catalyzed reactions, Equations (1.3-1)-(1.3-7). Hydrogen formation
precedes H,O formation (peak 19%) and is closely followed up by CO; (9.31%) and CO (~3%)
and then by C2Hs (3.6 %). The measured concentration profiles for CoHs and H.O are consistent
with the well-established elementary reactions leading to their formation, Equations (1.1-8)-(1.1-
11). As expected, CoHa4 formation exhibits significant lag relative to CoHs formation, which is in

agreement with our understating of basic OCM mechanism, stating that Ethylene is produced by
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the oxidative or catalytic dehydrogenation of C2Hs. Ethylene levels peaked at 3.1% at 4 mm into
the catalyst bed. It is important to note that once O is completely consumed (~4 mm inside catalyst
bed), H.O and other major species level off and thereon no sharp changes are observed in the

species profiles.
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Figure 1.3-19. Spatial temperature and species mole percent profiles for the single-bed
reactor system (SB1) with overall feed CH4/O; ratio of 4
The spatial concentration and temperature profiles for the dual-bed operation (DB1) for the
OCM reaction at the overall CH4/O> ratio of 4 as presented in Figure 1.3-20 reveal several
important features. First, the feed CH4/O> ratio of 9 used in the first catalyst bed necessitated the
use of a higher Ts of approximately 750 °C for ignition. As seen in Figure 1.3-20, the bed
temperatures rapidly increased within the catalytic zones and reached maximum bed temperatures
of 920 °C in the first bed and 866 °C in the second bed, both at approximately 5 mm within the
catalyst zones, which corresponds to complete conversion of Oz. This trend of temperature profile

is similar to the SB1 and initial single-bed experiments presented in Figure 1.3-19, Figure 1.3-15,
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and Figure 1.3-16 and yet gives us additional insight into the effects of temperature on Ca+ yields
in OCM. For example, the peak temperatures in each bed for the dual-bed experiments are
significantly lower than those in the single-bed experiment (SB1). This was the consequence of
the split introduction of oxygen and heat removal realized within the interstage zone, which
collectively decreased the maximum temperature attained in the OCM reactors, in spite of the
higher ignition temperature. As seen in Figure 1.3-22, a C»+ selectivity of 70% and an ultimate Co+
yield of 21% was achieved in the DB1 experiment; the latter is a value significantly higher than
the 16% yield observed in the single-bed experiment at the same overall CH4/O ratio of 4 (SB1).
This clearly demonstrates that distributing the oxygen feed with interstage cooling is a good
strategy to increase CHa4 conversion, whereas adverse effects on the selectivity of Co+ products are

minimized.

Second, although the mixing of the secondary O> feed with the reactor gases at the point
of Oz injection was not instantaneous, as evidenced by the presence of a steep axial oxygen
concentration profile, a uniform composition was achieved within the interbed zone close to the
upstream quartz-wool packing of the second reactor. Third, the concentrations of all the species
decreased upon O introduction (i.e., dilution), but remained virtually unchanged along the
interbed zone and within the quartz-wool packing. Furthermore, the temperature in the interbed
zone remained at approximately 755 °C, close to the furnace temperature. These measurements
clearly indicate both the absence of any gas-phase reactions in the interstage zone and the inert
nature of the quartz wool. This is a surprising result, as packets of high O2 concentrations would
be expected to cause gas-phase combustion at the indicated interbed temperatures especially if H2
is present. The OCM reaction commenced once the gases entered the second catalytic bed at

approximately 40 mm.
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As seen in Figure 1.3-20, CO exhibited peak concentrations of 1.2% at 9 mm in the first
bed and of 2.2% at 43 mm in the second bed, which ultimately leveled off at 2.0% at the reactor
exit. Hydrogen levels were 2.3 and 3.6% at the exits of beds 1 and 2, respectively. Carbon dioxide
and water levels reached 3.4 and 11.5% in bed 1, respectively, and became 7 and 25.5% at the exit

of the dual-bed reactor, respectively.

Hydrocarbon products generally increased monotonically within the catalytic zones with
increasing methane conversions and ceased to change once O, was consumed. At the exit of the
first bed, the following levels were reached: CoHs 3.7%, C2Hs 2.23%, and CsHe 0.25%, whereas
CHa conversion was 17%. Under these conditions, Cz+ selectivities corresponded to 76.6%, which
represents a yield of 13%. However, at the exit of the second bed the species concentrations
became: CoHs 4.4%, CoHs 4.1%, and CsHe 0.41%, whereas CHa4 conversion increased to
approximately 30%, with a small reduction in the C.. selectivities and, hence, a 21% yield at the

end of the dual-bed reactor, see also Figure 1.3-22.

Temperature and species concentration profiles within the second catalytic zone were
qualitatively similar to those within the first bed, and the reactions ceased immediately after the
exhaustion of O». This is an interesting result because unlike the first reactor, the feed to the second
catalyst bed possessed significant levels of Hz, CO, CO, and H20, together with C+ products.
Considering the fact that with complete consumption of oxygen in the second bed, H2 and H20
production levels are consistent with our expectations from the OCM reaction and there is no sign
of H20 consumption in the second bed. Therefore, as apparent from the species concentration
profiles in the second bed, even in the presence of an excess amount of steam produced in the first
bed, La,O3—-CeO> does not promote the steam reforming of methane reaction. Moreover, the excess

amounts of carbon dioxide and water fed to the second bed did not cause any apparent deactivation
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of the OCM catalyst. Moreover, Analysis of the experimental data of Figure 1.3-19 and Figure
1.3-20 also indicate that the catalytic water gas shift (WGS) reaction, as shown in Equation (1.3-

8) can be ruled out.
H,O + CO « CO2 + H2 Equation (1.3-8)

(Yo, X Yy,

For example, the mole fraction ratios )/(YH 0% Yeo) were in the 0.4-0.6 range
2

within the 5 mm in the catalyst beds in all the experiments. These values are significantly lower
than those of the WGS reaction equilibrium constants that are in the 1.5-2.0 range under the

prevailing conditions in the reactor beds.
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Figure 1.3-20. Spatial temperature and species mole percent profiles for the dual-bed reactor system (DB1)
with initial feed CH4/O; ratio of 9 and overall CH4/O; ratio of 4
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The profiles for the DB2 experiment at the overall CH4/O- ratio of 4.4 as presented in
Figure 1.3-21 are in harmony with the DB1 experiment at CH4/O2=4.0 (Figure 1.3-20), which
thereby gives us confidence regarding the validity of our measurements. In the DB2 experiment,
the initial feed CH4/Oz ratio of 11 used in the first catalyst bed necessitated the use of a higher Tf
of approximately 780 °C for ignition, and the maximum bed temperatures reached 930 and 910 °C
in the first and second beds, respectively. These values are significantly lower than the single-bed
temperature peak of 1015 °C (Figure 1.3-19). Again, the location of the maximum temperatures
corresponds to the complete conversion of Oz. Moreover, the interbed temperature remained

relatively constant at approximately 800 °C.

From Figure 1.3-21 it can be seen that CO exhibited a peak concentration of 1.0% at ~5
mm within the first bed, and ultimately reached 1.6% at the exit of the second catalyst bed.
Hydrogen levels were 2.2% and 3.5% at the exits of beds 1 and 2, respectively. Carbon dioxide
and water levels reached 2.8% and 10% in bed 1, respectively, and became 6% and 24.2% at the

exit of the second bed, respectively.

In the DB2 experiment, the hydrocarbon products also exhibited similar trends, which
generally increased within the catalytic zones with increasing methane and oxygen conversions
and which ceased to change after the complete conversion of O.. At the exit of the first bed, the
following levels were recorded: CoHe 3.52 %, CoHs 2.1 %, and CsHe 0.21 %, whereas CHs
conversion was 19%. Under these conditions, Co+ selectivities would be 74 %, which represents a
yield of 14 % (refer to Figure 1.3-22). At the second bed exit, the concentration levels became
C2Hs 4.1 %, C2H4 3.8 %, and CsHe 0.35 %, with a maximum CHa conversion of approximately

28%. These results correspond to a Co+ selectivity of 67% and represent a final yield of
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approximately 19 %. This value is slightly lower than the 21% yield obtained in the DB1

experiment yet higher than the 16% yield of the single-bed experiment.
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Figure 1.3-21. Spatial temperature and species mole percent profiles for the dual-bed reactor system (DB2)
with initial feed CH4/O- ratio of 11 and overall CH4/O; ratio of 4.4
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Figure 1.3-22. Spatial profiles for CH4 conversions and C.. selectivities for the single-bed
(SB1) and dual-bed (DB1, DB2) experiments

For ease of comparison, and to signify the system’s improvement using a dual-bed reactor
design, substantial results of the dual-bed experiment including SB1, DB1, and DB2 are

summarized here in Table 1.3-1.

Table 1.3-1. Double and single bed Reaction conditions and reactor exit values for conversions, selectivities
and yields

Furnace, | Overall | Peakl, | Feed 1 Exitl | Exitl | Exitl Inter- | Peak2, | Exit2 | Exit2 | Exit2
T°C CH,/O, | T°C CH,/O;, | CH,4 C2+ C2+ bed, T°C CH, C2+ C2+
conv. | sel. yield T°C conv | sel. yield
Single-Bed, 600 4 1015 4 30 55 16 - - - - -
SB1
Double-Bed, 750 4 920 9 17 77 13 755 866 30 70 21
DB1
Double-Bed, 780 4.4 930 11 19 74 14 800 910 28 67 19
DB2
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CHAPTER 1.4. Future Work

Up to this point we have developed a comprehensive understanding of characteristics and
operating conditions of our La-Ce nanofiber catalyst system under OCM conditions. Moreover,
with the latest advancements that we have made in our lab towards development of spatially
resolved concentration and temperature profiles for single-bed and our novel dual-bed OCM
reactor via novel sampling technique, we have gathered valuable insights regarding complex
nature of the OCM reaction. Most notably, the information rich data, now available to us by the
in-situ spatial concentration and temperature profiles, along the length of the packed-bed OCM

reactor, will be particularly useful for the development and validation of DCKM.

Therefore, motivated by significance of our work, we put forth the following plans for
future work, explained in this section, to further our understanding of the in-had La-Ce nanofiber
catalyst system and OCM reaction. Moreover, considering our main focus of improving C»- yield
of OCM, we discuss possible application of other novel methods such as catalytic nonthermal

plasma reactor (CNTP) in OCM reaction.
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4.1. Distribution of Oxygen Feed

As we have seen so far at high CH4/O- ratios (e.g. exit of first bed in dual-bed reactor),
high C.+ selectivities and low methane conversions are achieved and this is reversed once we
increase the Oz level in the feed. Therefore, the trade-off between Cz+ selectivity and methane
conversion in OCM seems to be inevitable. However, considering the success of our dual-bed
reactor design, which showed superior performance compared to the single-bed, namely increasing
the 16% vyield of a single-bed OCM reactor to about 21% in dual-bed, as our platform, we realize
that the distribution of feed oxygen along the catalytic OCM bed may have the potential to break

the Ca+ yield limitations.

In this regard, we propose to explore the effects of oxygen feed distribution on the OCM

yield in two different types of reactor design.

The first reactor configuration is simply adapted from the concept of a membrane reactor,
as shown in Figure 1.4-1. Oxygen is distributed throughout the length of the catalyst bed via a
small quartz capillary feed line with a large number of orifices. The orifices are laser drilled two
at each position, with 180° angle apart, and it is rotated 90° at each consecutive position to achieve
well distribution of O feed. There are a number of design issues that can be explored to maximize
the yields for C+ products. First, by varying the spacing between the orifices, the O2 concentration
(distribution) along the reactor can be adjusted to ultimately maximize the Cz+ yield. However,
initial experiments will be performed by using a uniform spacing of the orifices along the reactor
as shown in Figure 1.4-1. It should be noted that it is crucial to achieve rapid radial mixing of O>

feed along the reactor bed, although this may be a significant challenge as we scale up the reactor.
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O, injection pores

CHa4
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=

CHa
Figure 1.4-1. OCM reactor with distributed O, feed

We will also explore three sequential packed-beds, see Figure 1.4-2, with space between
each consecutive bed for Oz injection and inter-stage cooling. Here, the initial CH4/O> feed ratio
which splits for each stage has to be explored and optimized. Initial experiments will be performed
within the same heating furnace, thereby resulting in the establishment of the same inter-stage
cooling temperature. This, however, may not be desirable to maximize the ultimate C.. yield since
different ignition temperatures are needed for different CH4/O; feed ratios. For example, a high
ignition temperature needed for the first packed-bed reactor (due to its highest CH4/O> ratio) may
be excessive for the second and third reactors, where CH4 concentrations are lower. The higher
furnace temperatures promote gas phase combustion reactions in the subsequent reactors which
adversely affect the Co.+ yields. Consequently, it will be beneficial to independently control the
furnace temperature for each of the catalyst bed used. For example, since the initial CH4/O; ratio
will be higher, therefore it may be advantageous to use separate furnace for this portion to achieve
the high ignition temperature without promoting catalytic gas-phase reactions inside other beds

due to the elevated temperature required for ignition of the first bed.

CH,, O, Products

injection and intercooling stages
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Even though the sequential OCM catalytic bed with multiple oxygen injection zones may
seem very similar to a typical membrane reactor concept, it differentiates in one key aspect and
that is the presence of inter-cooling stage. Since high temperatures promote homogeneous gas
phase free radical reactions detrimental for C,+ products, the development of a reactor design with
multiple heat removal zones (intercooling stages) may help remedy this issue. Therefore, as seen
in the dual-bed reactor configuration, the interstage cooling, which enables the heat removal, is the
primary factor that attributes to increasing the C.+ yields primarily by maintaining the C»+ product
selectivity levels while stepwise injection of O within the catalyst beds increases CH4 conversion

inside the subsequent beds.

4.2. Non-thermal Plasma Application in OCM

As mentioned earlier in section 1.3.1, even though OCM is a thermodynamically favored
process, it is hindered by kinetics. A major challenge in this route is the high stability of methane
molecule which requires high levels of energy for activation (abstraction of one H from methane
to create CHse). Requirement of this high level of energy then leads to high temperatures and
consequent promotion of gas phase reaction which leads to low C»+ selectivity and thus low yields
of OCM. Therefore, herein, we propose to explore the application of catalytic nonthermal plasma
(CNTP) as a possible route to promote the activation of methane at low temperature and low

pressure.

There are various thermal and non-thermal plasma sources such as a dielectric barrier
discharge (DBD), corona, gliding arc, rotating arc, spark, microwave, glow discharge and pulsed
discharge with or without a catalyst. However, in general, the atmospheric plasma can be divided
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into two general classes, thermal plasma and nonthermal plasma, depending on the gas
temperature. In the thermal plasma, like plasma torch, all the charged species (electrons and ions)
and neutral species (atoms, molecules, radicals and excited species) are in thermal equilibrium,
with typical gas temperature ranges from 1,000 to 10,000 K. On the other hand, nonthermal plasma
sources, such as a dielectric barrier discharge (DBD) is not in thermal equilibrium state in which
the electron temperature is much higher (10,000 ~ 100,000 K, or 1 ~ 10 eV) while the gas remains

cold (300K).

Plasma and catalysts have their own advantages and disadvantages. Catalysts are highly
selective but are active only at high temperature since reactants (CHs4) must overcome the
activation barriers. On the other hand, plasma can be highly reactive even at room temperature
although it is nonselective and requires the high energy [56] . Hence, the hybridization of plasma
and a catalyst into one system can provide complementary or even synergistic results for the
activation at low temperature [57]. Previous studies have shown the positive effect of using a
plasma-—catalysis combination system on various reactions such as oxidation, dissociation,

reduction, and reforming [58], [59], [60].

The main advantage of nonthermal plasma process is its high chemical efficiency. As little
or no heat is produced, nearly all input energy is converted to energetic electrons which produce
methane activation through collision. The high energy electrons collide against neutral molecules
inside the DBD reactor, producing ions, radicals, and electronically/vibrationally excited species
almost independently of the reaction temperature. They are responsible for triggering low
temperature conversion. This is in contrast to thermal plasmas in which the heating itself leads to

higher thermal losses and thereby waste of energy.
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The nonthermal plasma contains energetic electrons and a variety of chemically active
species which can accelerate the OCM process. From the point of plasma chemistry, the
decomposition of hydrocarbons is mainly from electron-impact dissociation and ionization. Impact
ionization occurs when electrons are accelerated in a high local electric field. Thus, a higher
electric field leads to a higher electron energy, favoring the electron-impact reactions responsible
for the hydrocarbon activation. For CH4, the electron impact reactions induce vibrational excitation
[CH4 (v24, v13)], dissociation (CHs, CHz, CH, H, Ha, €) and ionization (CH4*, CHs*, H, 2¢) as
shown in equations (1.4-2) - (1.4-8). Therefore, if applied properly, plasma is expected to
significantly increase the Cz+ yield of OCM reaction.

The plasma catalysis technique can be classified as single-stage (Figure 1.4-3 a) and two-
stage (Figure 1.4-3 b) depending on the position of catalyst in the DBD reactor. Single-stage type
is constructed by packing catalysts within the plasma zone, and two-stage type is by placing
catalysts upstream or downstream to the plasma zone. However, in order to maximize an influence
of short-lived active radicals (~10 nsec, excited species, radicals and ions) on catalytic reactions,
it is desirable for plasma to take place near or on the catalyst surface [56]. Here, we aim to

investigate the use of both plasma configurations for OCM reactor.
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(a) Single-Stage

Feed gas Products

|:> non-thermal Plasma & catalyst |:>

(b) two-Stage

Feed gas Products

non-thermal Plasma |:> Catalyst |:>

Feed gas Products
I:> Catalyst I:> non-thermal Plasma I:>

Figure 1.4-3. Overview of Plasma-Catalysis hybrid system configurations

Our proposed reactor configuration for the OCM CNTP reactor configuration is as shown
in Figure 1.4-4; This is for the single-stage type. As expected in the CNTP application, the
operating conditions, including temperature, applied voltage, frequency, feed flow rates, CH4/O2
ratio, catalyst type and treatment, all need to be experimentally searched as variable parameters

for the best result under OCM conditions.

Clamshell
heater Ground
\ mesh

Frequency modulator/
Voltage Transformer

DBD /

Center electrode

|Ground

Figure 1.4-4. Proposed DBD reactor set-up for OCM
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4.3. Kinetic Modeling

In this program, we will develop and validate a new generation of DCKM for the OCM
process using the high-information content spatial concentration profiles obtained in the
experimental program. At this stage, our primary focus will be on further understanding the La>Oz-
CeO catalytic system and gaining valuable insights on the mechanism of the OCM process and
the effects of operating conditions on C»- yields. The proposed numerical simulation studies will

include the following four parts:

I. Homogenous gas-phase reactions
Il. Heterogeneous surface reactions
I11. Coupled surface and gas phase reactions for

reactor modeling and development of a
detailed chemical kinetic mechanism DCKM

IVV. Homogeneous gas- phase under Plasma

The homogenous gas-phase mechanism is well-known and has been confirmed by vast
amounts of experimental data [61]. Table 1.4-1 (no. 1"-454") shows a part of this comprehensive

mechanism [61].

Table 1.4-1. Elementary gas-phase reactions for homogeneous oxidation of methane

no. gas-phase reactions A (mol, em?®; 5) n E (cal'mol~1)
i CH;* + 0, — HCHO + OH- 3.0 x 10% —4.69 36 600
X 2CHz + (M) — CoHs + (M) 3.61 x 108 0 0

3 HCHO + H — CHO* + H; 1.3 % 108 162 2100
& HCHO + OH- — CHO- + H,0 34 %107 118 0

5 CHO' + (M)— CO+H-+ (M) 1.9 x 10 -1 17 000
6 CHO* + 0; = CO + HO; 2.6 x 101 0 410

7 CO+ HO, — CO, + OH. 1.5 % 108 0 23 600
8 CyHs + CHyr — CyHs* + CHy 1.5% 1077 6 5800
9 CHs' + (M) —~ CGHy + H- + (M) 82 x 108 0 40 000
10 C,Hy + 0, — CH, + HO» 84 x 101 0 3900
11 CyHz+ + Oy — CHO+ + HCHO 45 % 10 —139 1000
1 CoHyr + (M) — CoHy + He+ (M) 2% 104 0 39 800
13 HO,» + CO— CO, + OH- 1015 0 23 600
454 C0O; + CHy.—HCHO + CO 23 x 101 0 0
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The heterogeneous reactions of methane in the OCM process have also been explored and
described previously in section 1.3 [24], [31]. As noted earlier it has generally been accepted that
oxygen is dissociatively adsorbed over the oxide surface to form active atomic oxygen centers

according to the following reaction, Equation (4-1):
0, +s==—0,(s)+s==20(s) Equation (1.4-1)

In which s represents a surface site (O atom on the surface of the La>Os crystal) [24]. Then the
methane molecule loses one of its hydrogen atoms to the surface O atom forming CHse which then
diffuses back to the gas phase. A set of 24 elementary reactions for the surface kinetics of the OCM
process is shown in the Table 1.4-2 part (a) [24], [31] . The combination of these surface reactions
(set of 24 part(a)) and the gas-phase reactions described above in Table 1.4-1 have been used in
the past for kinetic modeling of OCM process. Most recently Y. Simon et al. concluded the
following mechanism schematics for the OCM reaction using these set of surface and gas-phase
reactions, shown in Figure 1.4-5 [24]. More recently, a similar schematic was constructed in the
work of Marin et al. as shown earlier in Figure 1.1-13 [31]. Although the proposed mechanisms
correctly predicted some of the features of the OCM process, they were not in quantitative

agreement with the available experimental data.
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[ +HO,

] H., OH., HO,.

Figure 1.4-5. Mechanism of the oxidative coupling of methane over La;Os;
*dark arrow: homogenous gas-phase reactions- light arrow: surface reactions

As noted earlier, our experimental studies of spatially resolved concentration profiles of
single-bed and dual-bed OCM clearly demonstrated the early formation of H, in the OCM process,
even before C, products. Formation of Hx which has significant mechanistic implications was
missing in all the prior OCM modeling work, including the most current kinetic studies mentioned
above. Consequently, we will develop a new generation of DCKM for the OCM process by

including the participation of relevant surface elementary reactions of hydrogen. A preliminary set
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of surface reactions we propose to be included in OCM are shown in Table 1.4-2 (25-31, part (b)).

These equations will be added to the set of 24 surface elementary steps, making it 31 total.

Table 1.4-2. Catalytic elementary reactions considered in OCM

p—

no. Surface reactions
1 O,+s - 0,(s)
2 0,5) =2 0,+s
3 0,(s)+ s = 20(s)
4 20(s) = O4(s) *s
5 CH, + O(s) = CH; + OH
6 CH; + O(s) = CH, + OH(s)
7 CH, + O(s) & CH + OH(s)
8 CH=+0O(s) > C + OH(s)
[S':l 9 C+0(s)=2>CO+s
= 10 C,H; + O(s) = C,H; + OH(s)
o 11 C,H; + O(s) = C,H; + OH(s)
“_ ) |2 C,H; + O(s) 2 C,H, + OH(s)
- 13 C;H, + O(s) 2 C;H; + OH(s)
- 14 CO,+s > CO,()
= 15 CO,(s) > CO, +s
=~ 16 CO+0O(s)=2 CO, +5s
17 CH; + O(s) = CH;0(s)
18 CH;0O(s) + O(s) = CH,O + OH(s) + s
19 CH,0 + O(s) & CO + OH(s)
20 C,H; + O(s) 2 C,H,0(s)
271 C,H.O(s) + O(s) > CH,CHO + OH(s) +s
22 OH(s) + OH(s) > H,0 + O(s) * s
23 H,0 + O(s) = OH+* + OH(s)
|24 OH+* + O(s) = O+ + OH(s)
- [ |zs CH, + OH(s) & CH,0() + H,
5 26 CH,O(s)=> (s)+ CO+ H,
2 27 CO +0(s) > CO, ()
-1 |28 CH3 + O(s) & CH30(s) = CHO(s) + H2
< 29 CHO(s) =~ O(s) 2 (s) = H(s) = CO2
n""-f 30 CHO(s) = H(s) +CO
el H(s) + H(s) = 2(s)+ H;
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The above mentioned set of gas-phase reactions coupled with the revised surface kinetics
(i.e. involving prompt H> formation) represents the new generation of DCKM that will be the
starting point in our reactor simulations. The DCKM will then be combined with the transport
models describing packed-bed reactors for the simulation of species concentration profiles in the
OCM reactors (both catalytic and coupled catalytic-non-thermal plasma). In all our reactor
simulations, we will use experimentally acquired temperature profiles to solve the multi-
component convection, diffusion and reaction equations. This approach accomplishes two major
objectives: First, the energy and component balance equations are decoupled, and second heat
losses are realistically accounted for. Reactor simulations will be performed using commercial

software, such as Surface ChemkinPro.

Model predictions will be compared to these experimental data to assess the validity of the
detailed chemical kinetic mechanism (DCKM). Sensitivity analysis will be performed to identify
important elementary reactions for further studies and refinement, e.g. DFT studies. The
schematics of our approach for development of a comprehensive DCKM, applicable to a broad

range of reactions conditions, is shown in Figure 1.4-6.
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Figure 1.4-6. Overview of our approach for development of
a comprehensive DCKM
The proposed approach will provide validated DCKMs for OCM reaction over a broad
range of reaction conditions. With the availability of DCKM, we will be in a better position to
identify improved reaction conditions, superior reactor configurations, and find new leads for
catalytic materials that are needed to exceed the current product yield limits of OCM and possibly

other applicable partial oxidation reactions.

Furthermore, we will be conducting a kinetic modeling study for OCM reactor under
plasma condition. For this, additional sets of gas-phase plasma reactions for gas phase ionization,
mainly described by Equations (1.4-2)-(1.4-8), will be identified, developed, and added to the

existing gas-phase methane oxidation reactions.
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CHs +e > CHs" CH3s* CH,™ CH' H»

CH4™ + CHs > CHs" + CHge

CHs"+ CHg = CoH7" = CoHs™ + Ho
CH2™ + CHs = C2Hs™ + H2

CHz™ + CHs4 > CoHz" + H2 + H'
CzHs" + CHs = CsHs™ + Ho

C2Hs" + CHs > CsH7" + H2
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Equation (1.4-2)
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Equation (1.4-4)
Equation (1.4-5)
Equation (1.4-6)
Equation (1.4-7)

Equation (1.4-8)



SUBJECT 2. ATMOSPHERIC REDUCTION OF CO2 TO METHANOL
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CHAPTER 2.1. Introduction

For the past centuries, the concentration of carbon dioxide (CO3) in the atmosphere has risen
drastically. Undoubtedly, this increase in CO. emissions contributes to the climate change and
health hazards. Hence, development of efficient systems and processes for capture, storage and
utilization of atmospheric CO> is of great importance. As an economical, safe, and renewable
carbon source, CO; turns out to be an attractive C1 building block for basic chemicals and fuels.

Therefore, it would be highly desirable to develop alternative fuels from CO feed.

Methanol as an excellent fuel alternative and basic building block of many chemicals, creates
a great opportunity for development of processes to utilize CO; as a chemical feedstock. Catalytic
reduction of carbon dioxide (CO>), the primary product of the combustion of fossil fuels and an
increasing atmospheric greenhouse gas, to methanol (CH3OH) represents an important step

towards the creation of a sustainable society.

1.1. Methanol: A Valuable Product of CO, Hydrogenation

Methanol has been proposed both as a chemical feedstock as well as a convenient liquid
medium of energy storage [62], [63], [64], [65]. Although the CO> reduction process requires
molecular hydrogen, it can easily be obtained by the electrolysis of water using electricity obtained

from photovoltaic cells and/or wind turbines [66], [67], [68], [69].

Once produced, methanol can be transformed into a wide range of useful chemicals, such as
dimethyl ether (DME), ethylene, gasoline, diesel and others using established technologies [62],
[63], [64]. In addition, methanol can also directly be used in combustion engines, with minimal
changes to the internal combustion engines, and fuel cells thereby allowing the generation of

electricity over 24/7 and enabling energy sustainability.
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At present methanol is produced exclusively from syngas (CO/CO2/H2) obtained from the
reforming of fossil fuels in centralized facilities, over Cu-ZnO catalysts promoted by Al>Os at 50-
100 bar pressure and 200-300 °C temperature [70], [71], [72], [73], [74], [75], [76]. This catalyst

is also active for the water gas shift reaction (WGSR) [77], [78], [79], [80].

1.2. Recent Advances in Catalytic CO, Hydrogenation to Methanol

Due to the practical importance of direct CO2 hydrogenation, catalysts for methanol synthesis
have been studied extensively and optimized for use with syngas at high pressures. Most catalysts
investigated to date for the CO hydrogenation reaction were based on the Cu-ZnO-Al>Oz system
modified by metals such as Zr, Ga, Si, Al, B, Cr, V, Ti, etc [77], [78], [79], [80]. Although high
methanol yields have been reported at 360 bar pressure, [81], [82] the Cu-ZnO-Al>03 system could
not efficiently be used for neat CO> reduction at low pressures, [82], [83] calling for the discovery
and optimization of new and more active catalysts for methanol synthesis. Recently, Ni-Ga/SiO;
system prepared by standard impregnation technique was reported to give methanol yields that
were comparable to the traditional Cu-ZnO-Al.O3 catalysts prepared by co-precipitation at
atmospheric pressure [83]. In another recent work, also at 1 atm, CeOx deposited on Cu(111) and
Cu-CeOx co-deposited on TiO2(110) surfaces (by chemical vapor deposition) produced
significantly more CH3OH than the Cu-ZnO(0001) surfaces [84]. A hybrid oxide catalyst
comprising MnOx nanoparticles supported on mesoporous-CosO4 was also recently reported to
exhibit significant CH3OH production at a higher pressure of 4 bar, together with CO and

hydrocarbon products [85].

Methanol formation from carbon dioxide and hydrogen proceeds via the following reaction:
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CO2 + 3H2 < CH30H + H20 AH; = -52 kJ/mol (2.1-1)

Which is often accompanied by the reverse water gas reaction (RWGS):

CO; + Hz > CO + H20 AHr=42kJmol  (2.1-2)

In the presence of acidic surfaces, e.g. H-ZSMS5 or y-Al;O3, the CH3OH produced is readily

converted to DME by dehydration, which is also a desirable product: [70], [71], [86]

2CH30H «> CH30CH3 + H20 AH; = -15 kJ/mol (2.1-3)

Here we report the discovery of a series of superior and novel holmium-containing catalytic
materials for the low pressure reduction of CO to CH3OH and DME. Using impregnation and
high throughput (HT) catalyst screening technologies developed in our laboratories, [87], [88] we
systematically investigated the oxides of single, binary and ternary combinations of 27 metals
(total metal atom loading of 20 wt %) with several support materials in over 3000 experiments.
Our studies led to the discovery of y-Al203 supported Cu-GaOx-HoOy as well as Cu-CeOx-HoOy
and Cu-LaOx-HoOy systems, which exhibit superior methanol production and less CO formation
than all other materials reported in the literature. The observed higher activity and selectivity of

the Cu-Ga-Ho system could to be related to the formation of tri-metallic active sites.
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CHAPTER 2.2. Experimental Set-Up

In this section the synthesis, screening and analysis methods for the testing and discovery

of multi-metallic catalysts for the direct reduction of CO; are discussed.

In general, the catalysts were prepared using co-impregnation method using mixture of
metal salt solutions on different support materials. Catalyst screenings were performed using our
sophisticated high throughput (HT) array channel micro-reactor system and the performance
analysis of the catalysts were carried out using a Varian micro-GC 490 (gas chromatography)

system.

2.1. Catalysts Preparation

Catalysts were prepared by impregnating powders of y-AlO3, CeOz, SiOz, TiO2 and Y-ZrO>
with single, binary and ternary mixtures of aqueous (nitrate) salt solutions of 27 metals: Li, Na,
Rb, Cs, Mg, Ca and Sr, Ga, V, Cr, Mn, Co, Ni, Cu, Zn, Zr, Ru, Ir, Ag, Au, La, Ce, Pr, Dy, Ho, Er
and Yb. Systematic consideration of different metal ratios and loadings necessitated the
preparation of about 3000 distinct catalytic materials. For example, the tri-metallic Cu-GaOx-
HoOy/y-Al>O3 catalysts were prepared as follows: A predetermined amount of y-Al>Os support
(Alfa Aesar, surface area of ~150 m?/g) was soaked in an aqueous solution of Cu(NO3)2.2.5H20,
Ga(NO3)3.6H2.0 and Ho(NO3)3.5H.O (Alfa Aesar) at concentrations previously determined to
yield the desired metal loadings. The mixture is then dried at 120 °C while stirring and followed
by calcining in air at 450 °C for 6 h. In addition, the recently reported hybrid MnOyx/m-Co0304

catalyst (#16) was acquired and tested [85].
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2.2. Catalysts Screening and Analysis

Catalyst screenings were performed using our high throughput (HT) array channel micro-
reactor system, which is shown in Figure 2.2-1, details of which will be further described in the
next section [87], [88]. The system allows parallel screening of up to 80 catalytic materials. High-
throughput screening is one of the most efficient methodologies by which catalytic materials with
useful properties may be discovered. The technique, compared to the traditional, one-by-one
approach, not only accelerates the discovery process by as much as a thousand times but also
reduces costs. High-throughput screening in catalysis research is sometimes referred as
“combinatorial chemistry”. The HT system is controlled by a computer program (Catalysis
Performance Analysis or CPA) and is used for the screening and discover of all catalytic materials

considered in this Section (section 2) of the dissertation.

2.2.1. Components of The High Throughput screening system
The high throughput system is as shown in Figure 2.2-1. It is consisted of four different
parts:
1. Micro-reactor system assembled on top of a x-y-z motion system.
2. Heating system, which includes heating cartridges and Eurotherm PID controllers.
3. Feed Gas system, which includes several MKS flow meters, pressure regulator and mixing tube.
4. Analysis Instruments, which includes residual gas analyzer (RGA) mass spec (MS) and micro-

GC 490 systems.

91



I e J' ” Sl .'a:- At -’

Figure 2.2-1. High Throughput Screening System

Components of the micro-reactor are as shown in Figure 2.2-2: A. Each reactor bank with
20 parallel channels (4 banks, total 80 channels); B. Capillary sampling probe; C. Mass
spectrometer or Gas Chromatograph; D. Wells containing individual catalyst pellets or powders;
E. Temperature controlled heating block with a preheat zone which is not shown; F. Insulation.
The top right insert shows the reactant gas (G) flowing over the catalyst bed in the well (D) which
results in minimal pressure drop. Each micro-reactor in the bank (H) are isolated by the cover plate
I. The capillary probe (B) is also shown inserted into the channel for sampling. In array micro-
reactors, reactant gases flow over the flat surfaces of compacted powders (20 mg of y-Al.Oz-based
and 6 mg of SiO-based) of catalytic materials that are placed into the wells in each reactor channel.
Consequently, the majority of the gases exit the reactor while only a small fraction (~10%)

participate in the catalytic reaction process [88]. This arrangement results in the establishment of
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identical flow rates or contact times in every channel, which enables the rapid comparison of the
catalytic performances of up to 80 catalysts in a single experiment.

The experiments were carried out in the following manner: First, the catalysts were reduced
under Hz/He (50/50) flow at a temperature in the range of 230-350 °C for 2 h. Catalysts were then
cooled to the desired reaction temperature while still under Ho/He flow, and the gas flow is
switched to the reactants. The experiments were performed at 260, 280 and 300 °C, at 1 atm
pressure and at gas hourly space velocity (GHSV) of about 200,000 h™*. The feed gas consisted of
25 vol% CO (Matheson, 99.9% purity) and 75 vol% H> (Matheson, 99.99%). Gas sampling was
accomplished by withdrawing reactor exit gases using a passivated 200 micron ID capillary
sampling probe that was sequentially positioned into each reactor channel, followed by on-line gas
analysis either by mass spectrometry (MS, Stanford Research Systems, RGA-200) or by gas
chromatography (Micro-GC Varian, CP-4900). GC had dual Porapak U (10 m) and molecular
sieve 13X (10 m) modules each equipped with individual thermal conductivity detectors (TCD).
With MS the screening of the entire 80 catalyst library typically takes 30 min or less depending on
the sampling capillary dwell time inside and outside the reactor channels and the mass range and
scan rate of the MS [87], [88]. Consequently, MS was used for initial screening to rapidly identify
promising leads. The leads were then studied in greater detail by gas chromatography in smaller
sets of 10 to 20 catalysts to better compare them under similar time-on-stream conditions. In the
present work, each GC analysis took about 2.5 min for completion including a 30 s sampling time.
The following products were detected and quantified: CH3OH, CH3OCHs (DME), CO, CHa, Css
and Css. However, only CH3OH, CH3OCH3s (DME) are CO reported in Figure 2.3-1 to prevent

clutter.
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Figure 2.2-2. High Throughput micro-reactor System

Since the system has a fixed position capillary probe - the probe leads to a detector for
analysis, as shown in Figure 2.2-2 - that has to be inserted precisely into each channel within a
certain length (1-5 mm), a robotic x-y-z system (Newmark Systems Irvine, CA) is used to control
the movement of the reactor. This motion can be operated through the master CPA program, so
that the micro-reactor can be directed to move from one position to another position precisely. The
CPA can also move the micro-reactor to a position convenient for loading the reactor arrays into
the reactor block, the “loading position”. When non-operational, the reactor can be moved to a

“home position”. The motion system must be calibrated once prior to use.

The Gas feed section and the micro-GC analysis systems are identical to the units described
previously in section 1 of this dissertation. For more details please refer to Section 1 parts 2.2.1.

Feed Gas Control System and 2.2.2. Gas Chromatography System.
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CHAPTER 2.3. Results and Discussions
3.1. Initial Screening of Binary Catalytic Systems

Initial screening experiments led to the determination of a number of binary systems that
exhibit catalytic activity for CH3sOH synthesis mostly over the y-Al>O3 support. These binaries, in
decreasing order of CH3OH production at 260 °C were: Cu-Ga [75], [89] > Cu-La [90] ~ Cu-Ce
[84] > Cu-Ho ~ Cu-Zr [76] > Ga-Ni/SiO, [83] ~ Cu-Zn [71], [73], [72] ~ Ga-Ho ~ Cu-Mg > Zn-
Ir, which are consistent with the literature. The validity of our experimental approach is supported
by the observation that the relative performances of our as-prepared Cu-Zn/Al>Oz and Ga-Ni/SiO»
catalysts are similar to one another, which is identical to results reported by Studt et al. who used

co-precipitation to synthesize the traditional Cu-Zn-Al>O3 catalysts [83].

3.2. Ternary Catalytic Systems

The higher performing binaries were then used as the basis to explore the ternary systems at
different loadings and temperatures. In Figure 2.3-1, the reactor exit mole percentages for CH3OH
(x10%), DME (x10% and CO (x0.5x10%) are presented for our best performing Ho-containing ternary
catalysts together with select binary systems for comparison. The values presented in Figure 2.3-
1 correspond to the average of three different sets of experiments that were within 10% of each
other. It should be noted that CO, conversions, thus product mole fractions were small because of
high gas velocities used (GHSV~200,000 h'). This way catalysts remained isothermal, which
enabled the undertaking of rigorous comparisons of their intrinsic activities. The leads reported
here clearly must be studied in greater detail to better understand their structure, activities,

selectivities, reaction mechanisms and optimize their performances.
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From Figure 2.3-1a it can be seen that our HT experiments produced the following rank order
for CH3OH production for some of the previously reported catalysts at 260 °C: Cu-Gaz03 (#3)
[75], [89] > Cu-La203 (#9) [90] > Cu-CeO2 (#11) [84] > Cu-Zn-(Zr-Al203)(#7) [76], [91] > Cu-
ZrO, (#6) [76] > Ga-Ni/SiO; (#13) [83] ~ MnOx/m-Cos04 hybrid(#16) [85] ~ Cu-ZnO2 /Al,Os
(#1) [71], [73], [72]. Unlike its reported high performance at 4 bar, the methanol production of the
hybrid MnOx/m-Co304 catalyst (#16) [85] was surprisingly poor at 1 atm, only on par with the as-
prepared Cu-Zn/Al>O3 (#1) ~ Ga-Ni/SiO2 (#13) systems (see Figure 2.3-1a); nevertheless, it was
a very active catalyst producing very high levels of CO and CH4 along with some C2H4 and higher

hydrocarbons (Cs+).

3.3. Superior Catalytic Systems

As evident from Figure 2.3-1, our y-Al>O3 supported ternary Cu-GaOx-HoOy catalyst (#4, Cu-
Ga-Ho at 8-8-4 metal wt%) together with the Cu-LaOx-HoOy (#10, Cu-La-Ho at 10-5-5 metal
wt%) and Cu-CeOx-HoOy (#12, Cu-Ce-Ho at 10-5-5 metal wt %) systems significantly outperform
the previously reported systems. For example, at 260 °C (Figure 2.3-1a), the Cu-GaOx-HoOy
catalyst (#4) produced CH3OH at 1.14x10%, which is about a factor of 10 higher than the Cu-
Zn/Al,03 system (#1) of 0.112x10%, while producing similar levels of CO. It is also important
to note that our catalyst #4 also produced significant levels of DME. In fact, if we were to add the
yields for DME (2x0.42x10=0.84x10*) and CH3OH (1.14x10™*) (#4), at 260 °C, the performance
of our #4 catalyst would be a factor of 17 higher than the Cu-Zn/Al>O3 (#1) and the Ni-Ga/SiO-
(#13) catalysts. These results correspond to a CHsOH+DME selectivity of 48% for the Cu-GaOx-
HoOy (#4) catalyst at 260 °C. The turnover frequency (TOF) of our Cu-GaOx-HoOy catalyst (#4)
was estimated to be about 1.6x10* st at 260 °C (Figure 1a) for the combined CH3OH and DME;

this was calculated by assuming ~7 nm diameter spherical Cu metal clusters (~20,000 Cu atoms)
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and ~3,000 surface atoms exposed for reaction and 10% reactant gas utilization [88]. Similar
considerations for the Cu-Zn/Al,Os catalyst (#1) lead to a TOF value of 0.45x10°s™, which is in

harmony with the values reported in literature [83], [85].

As seen in Figure 2.3-1, holmium also had a dramatic promotional effect on some of the
reported binary CH3OH catalyst systems. For example, both CH3OH and DME production
increased significantly by the Ho-doping of the Cu-Zn/Al.O3 (#1) by more than a factor of two
(#2) at 300 °C. For the case of the Cu-CeO2(#11), Ho-doping was also influential, increasing
CH3OH levels by about a factor of two (#12) at 260 °C. However, Ho did not promote CH3zOH
formation in the Ga-Ni/Al.Oz system (#15), while it significantly increased CO and CHs (not

included in Figure 2.3-1) production.

Increasing the temperature from 260 °C to 280 °C significantly increased CH3OH production
for our Cu-GaOx-HoOy (#4) catalyst. However, increasing the temperature further from 280 °C to
300 °C resulted in a smaller increase in CH3OH formation. This is not surprising in view of the
equilibrium considerations of this exothermic reaction (1) [92]. On the other hand, increasing
temperature increased CO production substantially, clearly calling for the need to develop low

temperature catalysts for the synthesis of CH3OH from CO..

We observed rapid decreases in CH3sOH production within few hours with the Cu-Zn/Al;03
(#1) catalyst. None of the y-Al2O3 supported Cu-GaOx-HoOy (#4), Cu-LaOx-HoOy (#10) or Cu-
CeOx-HoOy (#12) exhibited any significant deactivation or change in methanol selectivity during
~10 h of continuous runs and/or after repeated reduction-reaction cycles. The time-on-stream

performance of the Cu-GaOx-HoOy (#4) catalyst presented in Figure 2.3-2 at 260 °C shows that
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the combined selectivities for CH3OH and DME remained at about 48% for the for the entire 10 h

testing period.
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Figure 2.3-1. Reactor exit CH;OH, DME and CO mole % levels for the high-performing Ho-
containing catalysts discovered together with some previously reported catalytic systems under
atmospheric pressure at (a) 260 °C, (b) 280 °C and (c) and 300 °C
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In the Cu-Zn/Al>Oz system (#1), the metallic copper clusters are accepted to be the sites for
methanol synthesis, while ZnO has been proposed to act both as a physical promoter (i.e. assist in
the formation of a larger number of surface Cu sites) and for the Cu-ZnO synergy [72]. The same
Cu-ZnO sites are also believed to be catalysts for the RWGS reaction. It is also widely accepted
that CH3OH production from CO: over Cu-ZnO catalysts occur via the formation of surface

formates HCOO-M — HCOOH-M — CH302-M — CH20-M — CH30-M — CH30H-M [92].

Cu-GaO,-HoO, (#4)

1 atm, 260 °C, H,/CO,=3

) GHSV= 200,000 h!
S 08

Q © CH,OHx 10
o < DME x 10*

S 06 3
= % COx05.10
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Figure 2.3-2. Time-on-stream behavior of the Cu-GaOx-HoOy (#4) catalyst shows
no significant performance change over a 10 h testing period
As for the Ni-Ga/SiO; system (#13), the Ga-rich sites were reported to facilitate methanol
synthesis, while the nickel-rich sites were suggested to be responsible for the RWGS and
methanation reactions [83]. Consequently, the superior performance of our Cu-GaOx-HoOy system

(#4), which contains both Cu and Ga sites, can be due, in part, to their mutual physical and
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chemical promotion (#3). The remarkable effect of Ho in promoting methanol synthesis could be
attributed to the formation of very small clusters that are highly dispersed. As discussed in the
characterization section below, STEM images of the #4 catalyst, as shown in Figure 2.3-3, showed
the presence of few atom (1-3 atom) Ho clusters. Some of these clusters also appear to be
positioned along the Cu and Ga cluster interfaces or on the surfaces of their alloys, creating tri-
metallic sites that could be the key for the promotion of methanol synthesis by Ho. This picture is
also supported by the experimentally observed rank order of activity of the CH3OH catalysts, i.e.

Cu-Ga-Ho (#4) > Cu-Ga (#3) > Cu-Ho > Ga-Ho.

3.4. Characterization Studies for the Cu-Ga-Ho System

We characterized our reduced Cu-GaOx-HoOy system (#4, Cu-Ga-Ho at 8-8-4 metal wt %
loading and 5.3/4.8/1 atom ratio) using BET analysis (Micromeritics ASAP 2020 using N3),
scanning transmission electron microscopy (STEM, JEOL, JEM-ARM200CFEG UHR, with
EDS), X-ray diffraction (XRD) (Bruker Xflash 5010) and X-ray photoelectron (XPS)
(ThermoScientific K-Alpha) spectroscopy in order to develop insights on its structure and surface
chemistry. BET analysis indicated a surface area of 142 m?/g for the catalyst, consistent with the
alumina support. The XRD spectra (see supporting information) only showed the features of the
Al>O3z support, suggesting the presence of amorphous Cu, Ga and Ho moieties or their nano-size
crystallites. This is also confirmed by the high resolution TEM studies (Figure 2.3-3). HR-TEM
image of the reduced catalyst #4 (Cu-Ga-Ho at 8-8-4 wt % metal loading and atom ratios of
5.2/4.8/1) is provided in Figure 2.3-3a and Figure 2.3-3b. Element mapping images obtained from
STEMV/EDS indicate the presence of 5-7 nm Ga (2.3-3e) and Cu (Figure 2.3-3f) clusters in close
proximity to one another, which also suggest the possibility of some alloy formation. On the other

hand, the Ho map did not show the presence of larger particles (Figure 2.3-3c). The high angular
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annual dark field (HAADF) Z-contrast (~z2) image indicated that the heavy Ho (z=165) is highly

dispersed and exists only as few-atom (1-3 atom) clusters (Figure 2.3-3d).

Ex-situ XPS studies of the reduced #4 catalyst indicated the presence of both Cu® and CuO,
while only Ga>,O3 and Ho203 were observed at the surface (see Supplementary Materials). Some
oxidation of Cu was observed because of exposure to the atmosphere during sample transfer to the
XPS system. Consequently Cu-Ga,03-H0203 could be the correct representation of the #4 catalyst.
It is interesting to note that the surface concentration of Ga was higher, while those for Cu and Ho
were lower than their nominal/bulk values for the Cu-Ga,Os-H0203 (#4) catalyst. Further
characterizations as well as detailed kinetic and quantum modeling studies are underway to better
understand the nature of the active site(s) and to explain the mechanism of action of our novel Cu-

Gax03-H0203 system in promoting CH3OH synthesis from CO> and Ha.
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Figure 2.3-3. HR-TEM image of the reduced catalyst #4 (Cu-Ga-Ho at 8-8-4 wt % metal loading and atom
ratios of 5.2/4.8/1) (Fig 2.3-3a and b) and STEM-EDS images of the element maps of Ho (Fig 2.3-3c and
d) Ga (Fig 2.3-3e) and Cu (Fig 2.3-3f) over y-Al.O3
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CHAPTER 2.4. Future Work

Development of sustainable technologies for the synthesis of Carbon-Neutral Liquid Fuels
(CNLF) that can easily be stored, transported, and later converted into other chemicals and energy
is of immense practical significance for the future of our civilization. Methanol (CH3OH), energy
density of 4.6 kwWh/L, and ammonia (NHs), energy density of 4.3 KWh/L are examples of CNLFs.
Both can be synthesized from air, water and renewable energy sources such as photovoltaics and

wind, as such could provide an ultimate route towards carbon-neutral economy.

Our High throughput system is capable of screening large number of catalytic systems in a
short time. Therefore, it can be effectively used to screening and discovery of novel catalytic

systems for complex processes such as methanol synthesis, ammonia synthesis, etc.

Therefore, as future work, | propose to undertake the following “discovery coupled with

scientific feedback” research program to develop new generations of high performing catalysts for

the low pressure synthesis of CHsOH and NHz (a subset of CNLF):

(1) High-throughput (HT) synthesis and screening of new class of catalytic material for the
reduction reactions of CO2 and N2 to be used in packed bed reactor (PBRs). Although many kinds
of metal-based catalysts have been examined for the synthesis of methanol and ammonia, Cu and
Fe remain the main active catalyst components for the reduction of CO, and Na, respectively.
Recently, our group made advances in the catalytic synthesis of both methanol and ammonia
synthesis under atmospheric pressure. Using our novel HT screening system (parallel testing of
80 different catalysts), we discovered superior Holmium (Ho)-containing Cu-Ga-Ho/Al>Oz and
Cu-La-Ho/Al;O3 catalysts for the reduction of CO: into CH3OH. The Cu-Ga-Ho catalyst system
exhibited 10-17x higher activity at significantly higher selectivity than the traditional Cu-Zn-

Al>O3 catalysts under the experimental conditions. Similarly, we discovered tungsten oxide
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(WO3) supported Co-Ni system that exhibited similar activity for ammonia synthesis at
atmospheric pressure in comparison to the commercial Ru-based catalysts, tested at 4 atm. Neither
of these catalytic systems have been optimized yet. One of my future goals will be to further
investigate and improve these new discoveries. The promotional effect of Ho on some of the
reported binary methanol synthesis catalysts is of great interest and needs to be further
investigated. Ho also plays an effective role in improving selectivity by suppressing amount of
CO, which could be the result of the undesired water-gas shift reaction. The zeolite like pore
structure of WO3 support and its reduced form of hydrogen tungsten bronzes (HWO3), an electron-
proton mixed conductor with high conductivity and chemical reactivity, also present a great

potential for new class of catalytic materials for the reduction reactions.

(2) 1'will be collaborating with staff in the Department of Material Science and Engineering to
perform characterization studies of select catalytic materials using XRD, SEM, EDX, TEM, XPS,
BET, AES, TPR to better understand the physical and chemical structures of these catalytic
systems to better establish active sites for catalysis, plausible surface moieties and elementary
reactions and their kinetic parameters. Based on current studies, the rate-determining step for CO>
reduction process on Cu surface is the formation and hydrogenation of formate (HCOO"). The rate-
determining step of ammonia synthesis is cleavage of the N=N bond, because the bond energy is
extremely large (945 kJ mol™?). Therefore, understanding and controlled synthesis of the surface
active sites, surface moieties and electronic nature of appropriate promoters are key to establishing

the reaction mechanism and enhancing the efficiency of these processes.

(3) Built on the past literature and in conjunction with our studies in part (2) and detailed in
situ studies (XRD, FTIR, and NMR), that will enable me to better understand the nature of surface

moieties, a preliminary elementary reaction mechanism will be developed. This reaction
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mechanism together with transport models, e.g. ChemkinPro, will be used to validate and optimize

the experiments in a PBR reactor.

(4) lalso plan to undertake computational studies (i.e. DFT studies) of select catalytic systems.
DFT studies will help develop better insights for the refinement of reaction mechanisms and their
associated kinetic parameters. These quantum chemical calculations together with catalyst
characterizations of part (2) and (3) will help us better understand role of Ho and WOz support for

synthesis and optimization of novel catalytic systems.

Based on the above mentioned newly discovered catalysts, novel reactor and process designs
will also be considered to further increase yield of these reduction reactions. The yield and
selectivity of the reduction reactions are usually low when using a single-stage PBR. Therefore,
utilizing advanced modeling tools (such as CFD modeling as in Comsol) and established reaction
mechanism in part (3) we can explore novel reactor systems. Innovative and cost-effective reactors
such as membrane or electrochemical-based reactors will be considered and studied. Discovery of
new class of catalytic materials, which are highly active and robust, could allow for the fabrication
of effective membrane reactors, electrodes, and/or solid state cells. Using my knowledge of
modern process design tools, such as HYSYS, | plan to perform relevant process simulations for

the analysis and assessment of plant operations and costs analysis.
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New Insights into the Oxidative Coupling of Methane from
Spatially Resolved Concentration and Temperature Profiles

Bahman Zohour, Daniel Noon, and Selim Senkan*?

Oxidative coupling of methane (OCM) is a high-temperature
process involving the transformation of methane into ethane
and ethylene, which are valuable intermediates for the chemi-
cal processing industry”’ Despite decades of long research
that has resulted in thousands of papers and hundreds of pat-
ents, OCM still remains at the research stage. Although many
OCM catalysts have been reported,” there appears to be an
upper limit for the yield of C,, products of approximately 25%
per reactor pass, for which the kinetic reasons are largely un-
known. It has been recognized that to make progress in the
OCM an improved quantitative understanding of the underly-
ing detailed chemical kinetic mechanisms (DCKMs) of the cou-
pled surface and gas-phase reactions must be developed and
validated over the very broad range of conditions encountered
in the process.?® DCKMs comprise a comprehensive descrip-
tion of chemical transformations in terms of irreducible chemi-
cal events or elementary reactions for which independent rate
coefficient parameters, frequently expressed in the form k=
AT"exp(—E/RT), are either available from direct measurements
or estimated from theoretical considerations.**” DCKMs are
then combined with models describing the transport phenom-
ena for the realistic simulation of the performance of the OCM
reactors.”>” With the availability of DCKMs, we will then be in
a better position to identify improved OCM conditions, superi-
or reactor configurations, and new leads for catalytic materials
that are needed to exceed the 25% limit for C,, product
yields.®!

Validation of DCKMs requires experimental data of high in-
formation content because of the presence of a large number
of species participating in an even larger number of elementa-
ry reactions. Although DCKMs for OCM have been reported in
the past,®® they were all validated by using integral reactor
data, that is, reactor exit conditions. However, this is not a par-
ticularly demanding test for mechanism validation. In fact, dif-
ferent DCKMs can readily predict similar OCM reactor exit con-
centrations, as estimated kinetic parameters are used for many
of the elementary reactions. Therefore, the performance of
more comprehensive validation tests such as the prediction of
the absolute concentration profiles of all the major and minor
species within the catalytic packed-bed reactors is necessary
for the development of truly predictive DCKMs for the OCM
process. However, we are not aware of such information-rich
data sets in the open OCM literature.

[a] B. Zohour, D. Noon, Prof. Dr. S. Senkan
Department of Chemical and Biomolecular Engineering
University of California
Los Angeles CA 90095 (USA)
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Herein, we report, for the first time, the spatially resolved
comprehensive species concentrations and temperature pro-
files in a fixed-bed OCM reactor by using microprobe sampling.
Although microprobe sampling techniques have long been
used in high-temperature flame-combustion research to obtain
spatial temperature and concentration profiles,®'? their adap-
tation to and use in heterogeneous catalysis is relatively
recent. One of the earliest applications of microprobe sampling
to catalysis was in the determination of the concentration pro-
files of species in the catalytic partial oxidation of methane to
produce CO and H, in a Pt- and Rh-coated «-Al,O; foam """

Experiments were performed by using a fixed-bed tubular
reactor system, as shown in Figure 1. The reactor was packed
with La,0,-CeO, nanofiber fabric catalysts that were prepared
by electrospinning a viscous solution of polyvinylpyrrolidone
(PVP; 1.3 MDa, 0.60 g), water/ethanol (= 1:1 wt ratio, 9.5 g) in
which the metal precursors, as La(NO;);6H,0 and Ce-
(NO,);6H,0 (La/Ce weight ratio=3, 0.35 g), were dissolved."¥
The electrospun material was calcined at 625 C in a furnace to
form metal oxide nanofiber fabrics. SEM images confirmed that
the nanofibers had an average diameter of approximately
90 nm. The fabric also had a low BET area of approximately
20 m?’g ', which suggested that the nanofibers were dense
and did not possess internal porosity. This fabric (20 mg) was
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Figure 1. The reactor system used to acquire spatial temperature and con-
centration profiles. The reactor comprised a 6 mm diameter quartz tube
packed with La,0,-CeO, nanofiber fabric catalyst (20 mg), which was sand-
wiched between quartz wool plugs (20 mg, right image). Gas samples were
withdrawn from within the packed bed by using an 800 um closed-end ca-
pillary with an approximately 80 um side sampling orifice (left image) that
was centrally inserted into the reactor. Gas analysis was accomplished by
on-line gas chromatography (GC). Spatial profiles were generated by sliding
the capillary within the packed bed by using a microtranslation device. Tem-
perature profiles were measured by a 250 um diameter K-type thermocou-
ple (TC) that was inserted into the capillary after the concentration profile
measurements. The tip of the thermocouple was placed at the same loca-
tion of the sampling orifice.
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loosely packed into a 6 mm diameter quartz tube and sand-
wiched between quartz wool plugs (20 mg, Figure 1). The bulk
density and void fraction of the bed were determined to be
approximately 0.3 gcm™® and 0.94, respectively. The reactor
was placed inside a cylindrical tubular furnace, which preheat-
ed the feed gases and the catalyst bed. The total flow of reac-
tant gases was maintained at 160 cm®min ' at standard tem-
perature and pressure (STP) in all of the experiments by using
electronic mass flow controllers (MFCs; MKS Billerica, MA). This
flow rate corresponded to a nominal space time of approxi-
mately 60 ms. The experiments were performed at 101.3 kPa.

Gas sampling was accomplished by centrally inserting a coni-
cally tapered and closed-end quartz capillary tube (800 um;
Friedrick and Dimock, Millville, NJ) into the packed bed fol-
lowed by gas analysis by on-line gas chromatography (Varian
4900 Mini GC, with 5 A molecular sieves and Poraplot U col-
umns). The capillary had an 80 um diameter orifice laser drilled
on its sidel"*' to withdraw gases from within the bed (see
inset in Figure 1). The location of the sampling orifice and the
overall length of the probe were designed such that the capil-
lary tip always remained outside the packed bed at any sam-
pling position to avoid gas bypass. The capillary probe with-
drew gas samples at a rate less than 5 cm®min ' at STP; thus,
the flow within the reactor (160 cm®*min ' at STP) was mini-
mally perturbed. Temperature measurements were performed
by placing a thin (250 um diameter) K-type thermocouple
inside the capillary probe in the absence of gas withdrawal.
The tip of the thermocouple was positioned at the sampling
orifice. Capillary sampling lines as well as the GC injection
system were heated to approximately 100 °C to prevent water
condensation in the transfer lines. The temperature and con-
centration profiles were obtained by moving the capillary
(with and without the thermocouple) in the axial direction by
using a micropositioning device (Velmex, Bloomfield, NY). Posi-
tional accuracy associated with the placement of the capillary
probe within the reactor was estimated to be +0.25 mm. Simi-
lar uncertainty would be expected to exist between the tem-
perature and concentration profiles as well.

In Figures 2, 3, and 4, the spatially resolved temperature and
species mole percent profiles are presented for CH,/0,=7, 9,
and 11, respectively, without the use of a diluent gas. A total
of nine species were quantified: CH,, O, CHs CHa CiHg/C3Hg
(C3), Hy, H,0, CO, and CO,. With the exception of the concen-
tration of H,O, which was calculated from oxygen atom balan-
ces, all of the species were quantified directly from GC meas-
urements by using a multipoint GC calibration process per-
formed before the OCM experiments. In Figure 5, the spatially
resolved CH, conversions and C,, (CyHg+ CH,+C5) selectivi-
ties are also presented. As is evident from these figures, the
spatial concentration and temperature profiles measured in
the early parts of the catalytic bed provide information-rich
data on the kinetics and mechanism of the OCM. In contrast,
profiles are essentially featureless and contain very limited in-
formation towards the reactor exit.

In all of the figures, the location of the catalyst bed is indi-
cated by vertical dashed lines; the catalyst packing starts at ap-
proximately 4 mm and ends at approximately 18 mm, which
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Figure 2. Spatial temperature and species mole percent profiles for a feed
CH,/0, ratio of 7. Total gas flow rate was 160 cm*min~", which corresponded
to a nominal space time of approximately 60 ms. Furnace temperature was
600 C. CH,/5 (M), O, (o), CHg (&), CGH, (m), G (%), H,0 (4), H, (0), CO, (&),
CO (x), T( ).
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Figure 3. Spatial temperature and species mole percent profiles for a feed
CH,/O, ratio of 9. Total gas flow rate was 160 cm®min”", which corresponded
to a nominal space time of approximately 60 ms. Furnace temperature was
640 "C. CHy/g (1), O (@), CoHg (&), C:H, (m), Cy (%), HO (+), H; (0), CO; (o),
CO (%), T( )

corresponds to a bed depth of 14 mm. The feed temperature
used (furnace temperature) for each CH,/O, ratio was different
because of the different ignition temperatures that were exhib-
ited. As expected, the feed temperature for ignition increased
from 600 °C for CH,/O,=7 (Figure 2) to 640 C for CH,/0,=9
(Figure 3) and to 730°C for CH,/O,=11 (Figure 4). However,
the peak reactor temperatures were relatively close to one an-
other at 810, 790, and 840 C for CH,/O,=7, 9, and 11, respec-
tively. The temperature profiles as shown in these figures are
direct thermocouple measurements. The possible presence of
radial-temperature gradients was also explored by simultane-
ously placing multiple thermocouples at the same axial posi-
tion but at different radial positions during the reaction. These
measurements indicated maximum radial temperature differen-
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Figure 4. Spatial temperature and species mole percent profiles for a feed
CH./O, ratio of 11. Total gas flow rate was 160 cm®min ', which correspond-
ed to a nominal space time of approximately 60 ms. Furnace temperature
was 730 C. CHy/g (0], O, (@), GHe (&), CH, (m), G5 (*), H0 (+), H, (0), CO,
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Figure 5. Spatial profiles for CH, conversions and G, selectivities for the dif-
ferent CH,/O, ratio experiments. Total gas flow rate was 160 cm*min ',
which corresponded to a nominal space time of approximately 60 ms. S,
CH/O,=7 (m); S, CH,/O,=9 (e); S, CH,/0, =11 (4); C, CH/O,=7 (0); C,
CH/0,=9 (0); C, CH/0,=11 (&).

ces in the 10-20"C range at peak reactor temperatures of ap-
proximately 800 °C. Consequently, the treatment of the reactor
as quasi-1D appears to be a reasonable assumption.

At CH,/O,=7 (Figure 2), the temperature sharply increased
to its maximum of approximately 800 "C at 6 mm into the cata-
lyst bed (i.e., at 10 mm axial distance on the plot), which corre-
sponds to a temperature increase of approximately 200°C, and
it then decreased towards the exit of the reactor. Given that
the reactor was not adiabatic, this temperature profile was ex-
pected and could be used directly in reactor simulations to de-

© 2013 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim

couple the energy balance equation from mole balance
equations.®

The species profiles in Figure 2 exhibit both confirmatory
and new information. First, the integral OCM performance was
23% CH, conversion and 68 % selectivity for C,, products (see
also Figure 5), an expected result. However, close examination
of the profiles at the upstream part of the catalyst reveals intri-
guing new information. Most importantly, significant levels of
H, were produced very early in the catalytic zone, that is,
prompt H,; a peak level of approximately 2.5 mol% was
reached within 5 mm inside the catalyst bed (9 mm axial dis-
tance). Within this zone, the reactor temperature was still rela-
tively low at 625-675"C; thus, H, formation is expected to be
due to surface-catalyzed reactions. Hydrogen formation is
closely followed up by CO, (peak at ~5%) and CO (~1.8%)
formation and then by CHg formation (a23.5%). Hydrogen
could be produced by surface reactions similar to those report-
ed in the catalytic partial oxidation of methane to synthesize
gas on Pt and Rh surfaces.">'® However, in our experiments
the temperatures were lower and CO, was formed in larger
amounts than CO. Alternately, the catalytic water gas shift
(WGS) reaction, that is, H,0+ CO=CO,+H,, could be another
potential route for hydrogen production. Analysis of the exper-
imental data in Figure 2 indicates that the mole fraction ratio
Yeo XY/ (Yi,0XYco) was in the 0.5-0.6 range within 5 mm into
the catalyst bed. These values are significantly lower than the
WGS equilibrium constant of 1.5-2 at the prevailing tempera-
tures; this indicates that La,0;-CeO, is not a good WGS cata-
lyst. These and other plausible surface reactions leading to H,
formation should be incorporated into current DCKMs to
broaden their range of applicability and to increase their utility
to predict OCM performance over a wide range of operating
conditions,*&"

The measured concentration profiles for C,H, and H,O are
consistent with the well-established elementary reactions lead-
ing to their formation. Surface oxygen species [O] are widely
accepted to be responsible for CH, activation, which leads to
the formation of CH; radicals and surface [OH].**7” The CH,
radicals then diffuse away from the catalyst surface and recom-
bine in the gas phase to produce C,H,. Regeneration of the
active sites is also well accepted to occur through the forma-
tion and desorption of H,0.** The vacated active sites are
then rapidly repopulated by O, chemisorption. These events
are summarized by the following elementary reaction set
[Egs. (1)-)]:

O, +2[*] —2[0] (1)
CH, + [0] — CH; + [OH] (2)
CH; + CHy — G,H, (3)
[OH] + [OH] — [O] + [*] + H,O (4)

in which [*] represents a vacant catalytic surface site for
oxygen chemisorption. It is likely that a dynamic equilibrium
exists between gaseous O, and the various forms of surface
oxygen, for example, chemisorbed and lattice oxygen. Unde-
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sired catalytic and gas-phase reactions of CH; with O, and [O]
can also lead to the formation of CO, and CO (CO,).** C,H, is
then produced by the oxidative or catalytic dehydrogenation
of C;Hg. As a consequence, the formation of C,H, exhibits sig-
nificant lag relative to that of C,H,, which is clearly observed in
Figure 2. Ethylene levels peaked at 2.5% at 8 mm (12 mm axial
distance) into the catalyst bed. Once formed, both C,Hg and
C,H, can also interact with [O] and create additional paths for
the formation of CO,**! Figure 2 also shows the early forma-
tion and rapid rise in the concentration of H,0O concomitant
with a decrease in the concentration of O,. It is well recognized
that the steady-state rate of the OCM reaction is controlled not
by the activation of CH, and the formation of C;Hs but by the
reactions that lead to the formation of H,O (e.g., reaction 4).
This is because of the requirement to close the catalytic
cycle!*® The data presented in Figure 2 are in harmony with
this argument, for which sharp changes in species mole frac-
tion profiles cease only after O, is largely consumed, that is, at
an axial distance of approximately 10-11 mm. Peak H,O con-
centrations reached in this system (CH,/O,=7) were approxi-
mately 13%. Notably, in spite of the presence of an excess
amount of CH,, some O, slipped through the reactor. This is
likely caused by the sharp decrease in the temperature, as
seen in Figure 2.

In Figure 3, the spatial profiles are presented for CH,/O,=09.
Prompt H, formation was also noted in this case, albeit at
a slightly lower peak level of approximately 2.2 %. The produc-
tion of CO, decreased and reached only 3.5%, whereas C,H,
production increased to a peak level of approximately 3.5%.
As before, C,H, formation lagged behind C,Hg; formation and
increased to a peak level of approximately 2.1%. The integral
CH, conversions and C,, selectivities were approximately 19
and 72%, respectively (Figure 5). Water formation leveled off at
approximately 11-12%. Oxygen slippage was less in this
system than in the system with CH,/O,=7.

The spatial profiles obtained at the highest ratio, CH,/O,=
11, exhibited new trends, as shown in Figure 4. Most impor-
tantly, C,Hg was formed very early in the catalyst bed, and sig-
nificantly, C,H, production surpassed H, production, which is in
stark contrast to the experiments for lower CH,/O, ratios dis-
cussed above (i.e., Figure 2). Hydrogen levels peaked at ap-
proximately 1.9%. Ethane also became the most abundant
product (peak at ~4 %), surpassing CO, (peak at ~3%). How-
ever, ethylene levels remained surprisingly similar to those of
previous experiments and exhibited a peak concentration of
only 2.2%, although the temperatures were significantly
higher. As seen in Figure 4, C;H, production abruptly ceased at
6 mm into the catalyst bed (10 mm axial distance), at which
point O, was entirely consumed and the temperature peaked
at 840 °C. This result is consistent with the generally accepted
mechanism that oxidative dehydrogenation of C,Hg is the pri-
mary path for C,H, formation in OCM experiments. Similar ob-
servations were made in experiments in which lower CH,/O,
ratios were studied (Figures 2 and 3). Maximum water concen-
tration of approximately 10% was also reached at 6 mm into
the catalyst bed. Exit CH, conversions were lowest at approxi-

© 2013 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim

mately 17 %, whereas C,, selectivities were the highest at 77 %
among the three CH,/O, ratios investigated.

In conclusion, comprehensive spatial species and tempera-
ture profiles were reported for the first time in an oxidative
coupling of methane (OCM) fixed-bed reactor. Profiles present-
ed at different CH,/O, ratios provided information-rich data
necessary for the refinement and rigorous validation of de-
tailed chemical kinetic mechanisms for this important process.
The measurements revealed new insights into the kinetics and
mechanism of the OCM reaction. In particular, the formation of
significant levels of prompt H, deserve further investigation, as
catalytic H, formation has not been addressed fully in the
OCM literature. Such reactions should be incorporated in
future detailed chemical kinetic mechanisms to broaden their
range of applicability and to increase their utility in predicting
OCM performance over a wide range of operating conditions.
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Spatial Concentration and Temperature Profiles in Dual-
Packed-Bed Catalytic Reactors: Oxidative Coupling of

Methane

Bahman Zohour, Daniel Noon, and Selim Senkan*™

Oxidative coupling of methane (OCM) is a complex surface cat-
alysis and gas-phase reaction process to transform methane
into ethane, ethylene and higher molecular weight hydrocar-
bons (C,.). However, the C,, product yields in single-pass
fixed-bed reactors have been limited by the intrusion of gas-
phase combustion reactions. To remedy this problem, a dual-
bed OCM reactor configuration was explored in which the O,
feed was distributed between two sequential packed bed reac-
tors with interstage cooling using La,0,-CeO, nanofiber fabric
catalysts. At the overall CH,/O, feed ratio of 4.0, the dual-bed
reactor configuration with split O, introduction resulted in the
ultimate C,, product yield of 21%, which is significantly higher
than the 16% observed in the single-bed OCM reactor. In addi-
tion, spatially resolved species concentration and temperature
profiles along the entire length of the dual-bed reactor were
also acquired by using in situ microprobe sampling.

Oxidative coupling of methane (OCM) is a complex surface cat-
alysis and gas-phase reaction process to convert natural gas
into ethane and ethylene, which are valuable intermediates for
the chemical industry."? In spite of decades-long research and
many OCM catalysts reported,”’ no commercially viable cata-
lyst has been developed. There appears to be an upper limit of
C,, vyield of approximately 25% per reactor pass, which has
been attributed to the intrusion of gas-phase combustion reac-
tions at high temperatures.”” Therefore, catalyst design alone
may not be sufficient to result in the breakthrough needed for
the commercialization of the OCM process. Consequently,
a combined effort, both in catalyst development and in novel
reactor systems and operating schemes are needed to advance
the field."”

Early reactor simulations that used global OCM reaction ki-
netics were particularly encouraging, as they suggested the
feasibility for attaining yields for C,, products as high as
+50% if the O, feed was distributed along the reactor, that is,
by using membrane-type reactors.”” Although these predic-
tions may not be realistic, as the global reaction models used
are well recognized to be of limited predictive value, they nev-
ertheless create optimism regarding the future of the OCM
process. More realistic and accurate predictions of the attaina-
ble yields can be accomplished by using detailed chemical ki-
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Department of Chemical and Biomolecular Engineering
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netic mechanisms (DCKM). DCKM comprise a comprehensive
description of chemical transformations in terms of irreducible
chemical events or elementary reactions. DCKM, in conjunction
with transport models, are crucial not only to correlate avail-
able experimental data but also to predict performance well
outside the ranges of parameters investigated, including condi-
tions under which the acquisition of the experimental data
may be infeasible, for example, higher pressures and tempera-
tures. However, the development and validation of DCKM re-
quire experimental data of high information content because
of the presence of a large number of species participating in
an even larger number of elementary reactions.

Recently, we reported spatial temperature and species con-
centration profiles in a packed-bed OCM reactor acquired by
microprobe sampling.” This information-rich data, in addition
to being particularly useful for DCKM work, revealed the early,
that is, prompt, formation of H, in the OCM process, even
before the formation of C,H,. This discovery suggested that
the existing DCKM for the OCM processes™'? clearly must be
revised to render them useful for predictive purposes. Our pre-
vious work® also demonstrated a significant weakness of
using traditional integral reactor data, that is, reactor exit
measurements, to develop reaction mechanisms.

Herein, we report for the first time spatially resolved species
concentration and temperature profiles in a dual fixed-bed
OCM reactor with interstage O, injection by using microprobe
sampling® and demonstrate that the yields of C,, products in
the OCM can significantly be increased by distributed O, feed,
as noted earlier®” The information-rich spatial profiles also
provide new quantitative insight into the close coupling of the
formation of C,, products and O, levels in OCM reactors and,
as such, should be valuable for the improvement and valida-
tion of predictive models.

Experimental Section

Experiments were performed by using a dual fixed-bed tubular re-
actor system, as shown in Figure 1. The reactor was sequentially
packed with La,0,—CeO, nanofiber fabric catalysts that were pre-
pared by electrospinning a viscous solution of polyvinylpyrrolidone
(PVP, 0.60 g, 1.3 MDa), water/ethanol (~1:1 w/w, 9.5 g) into which
the metal precursor (0.35g), as La(NO3);-6 H,0 and Ce(NOs);6H,0,
were dissolved having a La/Ce weight ratio of 3. The electrospun
material was calcined at 625 C in a furnace to form metal-oxide
nanofiber fabrics. SEM images confirmed that the nanofibers had
an average diameter of approximately 90 nm. The fabric also had
a low BET area of approximately 20 m?g ', which suggested that
the nanofibers were dense and did not possess internal porosity.

ChemCatChem 2014, 6, 2815~ 2820

113



CHEMCATCHEM
COMMUNICATIONS

Mec [ en,
A
80 micron CH,+0O, Feed 1, 120 sccm

""" side orifice

| ec‘ || o Feedn

| O, Feed 2, 12-15 sccm

c ‘ Cafalyst ~Quartz  Catalyst

Readout Sliding Bed 2 wool Bed 1
I 7 J caplliary " Y

k sampling

- robe Tube furnace
R Y

v (] ‘l AW .\\\\\\\I

Micro-translator

Tube furnace

Figure 1. The reactor system used to acquire spatial temperature and concentration pro-
files. The reactor is a 6 mm diameter quartz tube packed with two 20 mg La,0,-CeO,
nanofiber fabric catalyst beds (10 mm deep). Each bed is sandwiched between 20 mg
quartz-wool plugs (5 mm deep), with an interbed spacing of 15 mm. The reactants are
fed to the first reactor at a rate of 120 mLs ' STP. A second O, feed is introduced to the
middle of the interbed through a capillary tube at a rate of 12-15mLs ' STP. Gas sam-
ples were withdrawn from within the packed bed by using an 800 pm closed-end capilla-
ry tube with four approximately 80 pm side sampling orifices that was centrally inserted
into the reactor bed. Gas analysis was accomplished by on-line gas chromatography.
Spatial profiles were generated by sliding the capillary within the packed bed by using

a microtranslation device. Temperature profiles were measured by a 250 um diameter K-
type thermocouple (TC) that was inserted into the capillary in separate experiments. The
tip of the thermocouple was placed at the same location of the sampling orifice. Close-
up images of the packed reactor (bottom) and the capillary sampling probe (top) are
also shown.

As shown in Figure 2, two sections each with 20 mg of this fabric
was loosely packed into a 6 mm diameter quartz tube (=10 mm
bed depth) and sandwiched between two 20 mg quartz wool
plugs (=5 mm bed depth). The interbed spacing was approxi-
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Figure 2. Spatial temperature and species mole percent profiles for a feed CH,/O, ratio
of 4. Total gas flow rate was 120 cm®*min ', which corresponds to a nominal space time
of approximately 70 ms (SB1).
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mately 15 mm long. The bulk density and void fraction
of the catalytic beds were determined to be approxi-
mately 0.3 gcm 2 and 0.94, respectively. The dual-bed re-
actor was placed inside a cylindrical tubular furnace to
preheat the feed gases. In all experiments, the flow rate
of the reactant gases to the first bed was maintained at
120 cm®’min~' at STP (mLmin~") by using electronic
mass flow controllers (MFC, MKS Billerica, MA). This flow
rate corresponds to a nominal space time of approxi-
mately 60 ms per bed. The interstage O, was introduced
at the middle of the interspace, that is, at approximately
27-28 mm by using a quartz capillary feed tube
(800 um, Friedrick and Dimock, Millville, NJ) at a rate of
12-15mLmin~" (see Figure2). The experiments were
performed at 101.3 kPa.

Gas sampling was accomplished by centrally inserting
a conically tapered and closed end quartz capillary tube
into the packed beds followed by gas analysis by on-line
gas chromatography (Varian 4900 Mini GC, with molecu-
lar sieve 5A and Poraplot U columns). The sampling ca-
pillary had four perpendicularly oriented 80 um diameter
orifices laser drilled on its side"*'¥ to withdraw gases
from within the bed (see inset in Figure 1). The location
of the sampling orifice and the overall length of the
probe were designed such that the capillary tip re-
mained well outside both packed beds at any sampling
position to avoid gas bypass within the beds. The sam-
pling capillary probe withdrew gases at a rate less than
5mLmin~', which thus minimally perturbed the flow
within the reactor (total flow ~120-135 mLmin'). This
sampling rate corresponded to an average gas velocity
of 50-100 cms™' within the capillary (depending on the
temperature), which enabled the rapid removal of the
gas samples from within the reactor. The fact that the
measured concentration profiles remained flat, that is,
did not change with axial position within the quartz
wool, the interstage section, and reactor exits further

supports the notion that reactions inside the sampling capillary
were unimportant in our experiments. Temperature measurements
were performed by placing a thin (250 um diameter) K-type ther-
mocouple inside the sampling capillary probe in the absence of

gas withdrawal. The tip of the thermocouple was posi-
tioned at the sampling orifice. The possible presence of
radial-temperature gradients was also explored by simul-
taneously placing multiple thermocouples at the same
axial position but at different radial positions during the
reaction. These measurements indicated maximum radial
temperature differences in the 10-20 C range at peak
reactor temperatures of 800-1000 C. Consequently,
treatment of the reactor as quasi 1D appears to be a rea-
sonable assumption.® Capillary sampling lines outside
the reaction furnace as well as GC injection system were
heated to approximately 100 C to prevent water con-
densation in the transfer lines. Water subsequently was
condensed out by using an ice bath before GC analysis.
Temperature and concentration profiles were obtained
by moving the capillary (with and without the thermo-
couple) in the axial direction by using a micropositioning
device (Velmex, Bloomfield, NY). Positional accuracy asso-
ciated with the placement of the capillary probe within
the reactor was estimated to be 40.25 mm. Similar un-
certainty would also be expected to exist between the
temperature and concentration profiles.
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Results and Discussion

To demonstrate the improvements provided by the "
split introduction of O, on the yields of C,, products, 12
two sets of experiments were performed. First, =
a single-bed experiment (SB1) was performed in §10
which methane and oxygen were fed at a CH,/O, i, 8
ratio of 4.0 at 120 mLmin~' (=60 ms space time). In 2
the first dual-bed experiment (DB1), the first reactor § 6
feed was at 120 mLmin~' having a CH,/O, ratio of (%
9.0, followed by 12 mLmin~' O, addition into the in- 4
terstage zone, which thereby maintained the overall 2
CH,/0O, ratio of 4.0.

An additional dual-bed experiment was also per- 0

formed at the overall CH,/O, ratio of 4.4 (DB2 experi-
ment) to assess the impact of the CH,/O, ratio on re-
actor performance. In this case, the feed flow rate to
the first reactor feed was kept at 120 mLmin~" with
a CH,/0, ratio of 11.0, followed by the introduction
of 15 mLmin~' O, to the interstage zone. Notably, in
the dual-bed experiments (DB1, DB2) both of the cat-
alyst beds were kept inside one tubular furnace
(Figure 1).

In Figure 2, the spatially resolved temperature and 2
species mole percent profiles are presented for the §10
single-bed reactor experiments (SB1). In Figures 3 8
and 4, the same profiles are presented for the dual- 28
bed reactor experiments DB1 and DB2, respectively. ?; 6
A total of nine species were quantified: CH,, O,, CyH,, §

»

C,H, CiHg/CiH, (Cy), Hy, H,O, CO, and CO,. With the 4
exception of H,O concentration, which was calculat-
ed from oxygen atom balances, all the species were
quantified directly from GC measurements by using 0
multipoint GC calibration process performed before
the OCM experiments. In Figure 5, the CH, conver-
sion and C,, (C,Hg+C,H,+ C) selectivity profiles are
presented for the SB1, DB1, and DB2 experiments.
Methane conversions and C,, selectivities were de-
termined from Equations (1) and (2):

[(CH4)in_ (CH4)oul]

CH, conversion [%] = [(CH] > 100 (1)
C,. selectivity [%] =
[2 (CoHs + CoHy) + 3 (GHg)] 100 (2)

[2 (GHg + CoH,) + 3 (GHg) + CO, + COJ

In all the figures, the locations of the various sections of the
reactor system are indicated by vertical dashed lines; the first
La,0,-CeO, nanofiber fabric catalyst packing starts at approxi-
mately 5 mm and ends at approximately 15 mm, which corre-
sponds to a bed depth of approximately 10 mm. The first
5 mm in the graphs correspond to the quartz-wool packing.
The first bed is followed by another 5 mm of quartz packing,
followed by 15 mm of interspace (no packing). The quartz
packing for the second bed starts at approximately 35 mm fol-
lowed by approximately another 10 mm La,0,-CeO, nanofiber

© 2014 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim

Inter-bed
O; feed

Quartz Catalyst Quartz
wool Bed#  wool

T
R > SR

Quarz  Catalyst Quartz

wool _Bed#2 wool ggn

Dual Bed
CHJ/O;=40

< - - < - ]

900

—a—CHJ10

——0,

[o<]
(2]
o

—a—C;H;

—&—CyH,

®
8

Temperature (°C)

—x—C;x2
——H,0/2
—e—H;

~
[54]
o

—e—CO;

—»—CO

—T

700

Axial Distance (mm)

Figure 3. Spatial temperature and species mole percent profiles for the dual-bed reactor
system (DB1). Feed to first reactor was 120 cm®s ™" STP at CH,/O,=9. Interbed O, flow
rate was 12 cm®s ' STP, which rendered overall CH,/O,=4.0.

Inter-bed
Q; feed

Quartz Catalyst Quartz
wool

Quartz Catalyst Quarz

Bed #1 _ wool Bed #2  wool

wool 950
[e- - >ie———c - | P PR Dual Bed
3 H i ' : : CHJO,=44
: : H 900
: P —
i ' i 5| —=—cHv1o
L i ] b 850%-| ——0;
| : -
_____________ e 5| —a—CH.
= ®
S| —=—CH,
a
800 g ——Cyx2
[ ——H.012
—e—H:
750 | _o _co.
——CO
—_—T
700

20 30
Axial Distance (mm)

40

Figure 4. Spatial temperature and species mole percent profiles for the dual-bed reactor
system (DB2). Feed to first reactor was 120 cm®*s ' STP at a CH,/O,=11. Interbed O, flow
rate was 15 cm®s ' STP, which rendered overall CH,/0,=4.4.

Quartz Catalyst Quartz Inter-bed Quartz Catalyst Quartz
wool Bed#1  wool O, feed wool Bed #2  wool
T T " T T T
—_ [ - -3¢~ - > T
380 77 T T 7
8 | ] Overall
FRCH . CHJ/O;
2 H Ratio
i
o 60
g Dual Bed
Q50 | .54 4
g -.o-4.0
—~=40
-
L
230 | Single Bed
S 20
2
@
P10 b
<
0
0 10 20 30 40 50

Axial Distance (mm)

Figure 5. Spatial profiles for CH, conversions and C,, selectivities for the
single-bed (SB1) and dual-bed (DB1, DB2) experiments.

ChemCatChem 2014, 6, 2815- 2820

115



CAT

fabric catalyst and 5 mm of quartz-wool packing. The secon-
dary O, injection point was at approximately 25 mm, as indi-
cated by an arrow pointing down. Other than the interspace
concentration profiles, the location of the O, injection point
had no discernible effect on the performance of the second re-
actor.

The spatial concentration and temperature profiles for the
single-bed experiment (SB1) with a CH,/O, ratio of 4 were ac-
quired at a furnace temperature (Ty) of 600 C, which was suffi-
cient to achieve ignition. As seen in Figure 2, the maximum
bed temperature reached approximately 1015 °C at approxi-
mately 10 mm (i.e., 5 mm within the catalyst zone), concomi-
tant with the near-complete consumption of O, and approxi-
mately 30% CH, maximum conversion and 55% C, , selectivity
(see also Figure 5). These values represent a C,, yield of ap-
proximately 16 %.

Close examination of the profiles at the upstream part of
the catalyst bed reveals significant levels of H, production
early in the catalytic zone, that is, prompt H,; a peak level is
reached at approximately 3.7 mol% within 3 mm inside the
catalyst bed (8 mm axial distance). Within this zone, the reactor
temperature is still relatively low at 650-725 "C; thus, H, forma-
tion is expected to be due to surface-catalyzed reactions. Hy-
drogen formation precedes H,O formation (peak 19%) and is
closely followed up by CO, (9.31%) and CO (~3%) and then
by C,H; (3.6%).

The measured concentration profiles for C,Hs and H,0O are
consistent with the well-established elementary reactions lead-
ing to their formation. Surface oxygen species [O] are widely
accepted to be responsible for CH, activation leading to the
formation of CH, radicals and surface [OH]."*'® The CH, radi-
cals then diffuse away from the catalyst surface and recombine
in the gas phase to produce C;Hs. Regeneration of the active
sites is also well accepted to occur through the formation and
desorption of H,0.""" The vacated active sites are then rapid-
ly repopulated by O, chemisorption. These events are summar-
ized by the following elementary reaction set [Egs. (3)-(6)]

0, +2[*] — 2[0] (3)
CH, + [O] — CH; + [OH] (4)
CH; + CHy — G Hg (5)
[OH] + [OH] — [0] + [*] + H,0 (6)

in which [*] represents a vacant catalytic surface site for
oxygen chemisorption. It is known that a dynamic equilibrium
exists between gaseous O, and the various forms of surface
oxygen, for example, chemisorbed and lattice oxygen. The
early formation of H,, which is also accompanied by H,O, CO,,
and CO, could be attributed to surface reactions similar to
those reported in the catalytic partial oxidation (CPO) of meth-
ane to synthesis gas on Pt and Rh surfaces,"”® or by reactions
such as the following [Egs. (7)-(13)]:

CH; + [OH] — [CH,O] + H, (7)

© 2014 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim

[CH,0] — [*]+ CO +H, (8)
CO + [0] — CO; + [*] (9)
CH; + [0O] — [CH;0] — [CHO] + H, (10)
[CHO] + [O] — [*] + [H] + CO, (11)
[CHO] — [H] + CO (12)
[H + [H] — 2[*] + H, (13)

Undesired gas-phase reactions of CH; with O,, O, and OH
can also lead to CO, and CO (CO,) formation, but at higher
temperatures. Ethylene is then produced by the oxidative or
catalytic dehydrogenation of C,H, As a consequence, C,H, for-
mation exhibits significant lag relative to C,Hg formation,
which is clearly observed in Figure 2. Ethylene levels peaked at
3.1% at 4 mm into the catalyst bed. Once formed, both C,H,
and C,H, can also interact with [O] and result in the formation
of CO, as a result of both gas-phase and surface reactions.!*'"
Figure 2 also shows the early formation and rapid rise of H,0O
concomitant with a decrease in the O, concentration. It is well
recognized that the steady-state rate of the OCM reaction is
controlled not by the activation of CH, and C,H, formation,
but by the reactions that lead to the formation of H,O [e.g.,
Eq. (6)]. This is because of the requirement to close the catalyt-
ic cycle."" The data presented in Figure 2 are in harmony
with this argument, for which sharp changes in species mole
fraction profiles cease only after O, is completely consumed
and H,0 formation level off.

The spatial concentration and temperature profiles for the
dual-bed operation (DB1) for the OCM reaction at the overall
CH,/0O, ratio of 4 as presented in Figure 3 reveal several impor-
tant features. First, the feed CH,/O, ratio of 9 used in the first
catalyst bed necessitated the use of a higher T, of approxi-
mately 750 'C for ignition. As seen in Figure 3, the bed temper-
atures rapidly increased within the catalytic zones and reached
maximum bed temperatures of 920 C in the first bed and
866 C in the second bed, both at approximately 5 mm within
the catalyst zones, which corresponds to complete conversion
of O.. This trend of temperature profile is similar to the SB1 ex-
periment presented in Figure 2 and yet gives us additional in-
sight into the effects of temperature on C;, yields in OCM. For
example, the peak temperatures in each bed for the dual-bed
experiments are significantly lower than those in the single-
bed experiment. This was the consequence of the split intro-
duction of oxygen and heat removal realized within the inter-
stage zone, which collectively decreased the maximum tem-
perature attained in the OCM reactors, in spite of the higher
ignition temperature. As seen in Figure 5, a C,, selectivity of
70% and an ultimate C,, vyield of 21% was achieved in the
DB1 experiment; the latter is a value significantly higher than
the 16% vyield observed in the single-bed experiment at the
same overall CH,/O, ratio of 4. This clearly demonstrates that
distributing the oxygen feed with interstage cooling is a good
strategy to increase CH, conversion, whereas adverse effects
on the selectivity of C,, products are minimized. These com-
parative results are also presented in Table 1.
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Table 1. Reaction conditions and reactor exit values for conversions, selectivities, and yields."

bed. Therefore, as apparent from
the species concentration pro-

T, Overall T, Feed1 Exitl Exit1  Exit1 Tonwbsd: Toaskz EXIt2 Exit2  Exit2 files in the second bed, even in
CH,/0, CHJ/O, CH, C,, sel. Gy, CH, Cay 56l 'G5 the presence of an excess
1 i 0y 0y i 0y 0y 0y i 0
['C] ratio ['C] ratio conv. [%] [%] yield [%] [C] ['C] conwv. [%] [%] yield [%] amount of steam produced in
SB1 600 4 1015 4 30 55 16 - - - - - the first bed, La,0;-CeO, does
DB1 750 4 920 9 17 77 13 755 866 30 70 21

not promote the steam reform-

DB2 780 4.4 930 11 19 74 14 800 910 28 67 19 P

[a]l 1 and 2 refer to catalyst beds.

ing of methane reaction. More-
over, the excess amounts of

Second, although the mixing of the secondary O, feed with
the reactor gases was not instantaneous, as evidenced by the
presence of a steep axial oxygen concentration profile, a uni-
form composition was achieved within the interbed zone close
to the upstream quartz-wool packing of the second reactor.
Third, the concentrations of all the species decreased upon O,
introduction (i.e., dilution), but remained virtually unchanged
along the interbed zone and within the quartz-wool packing.
Furthermore, the temperature in the interbed zone remained
at approximately 755°C, close to the furnace temperature.
These measurements clearly indicate both the absence of any
gas-phase reactions and the inert nature of the quartz wool.
This is a surprising result, as packets of high O, concentrations
would be expected to cause gas-phase combustion at the indi-
cated interbed temperatures especially if H, is present. The
OCM reaction commenced once the gases entered the second
catalytic bed at approximately 40 mm.

As seen in Figure 3, CO exhibited peak concentrations of
1.2% at 9 mm in the first bed and of 2.2% at 43 mm in the
second bed, which ultimately leveled off at 2.0% at the reactor
exit. Hydrogen levels were 2.3 and 3.6% at the exits of beds 1
and 2, respectively. Carbon dioxide and water levels reached
3.4 and 11.5% in bed 1, respectively, and became 7 and 25.5%
at the exit of the dual-bed reactor, respectively.

Hydrocarbon products generally increased monotonically
within the catalytic zones with increasing methane conversions
and ceased to change if O, was consumed. At the exit of the
first bed, the following levels were reached: C,Hs 3.7%, CH,
2.23%, and C;Hg 0.25%, whereas CH, conversion was 17 %.
Under these conditions, C,, selectivities corresponded to
76.6%, which represents a yield of 13%. However, at the exit
of the second bed the species concentrations became: C,Hg
4.4%, CH, 4.1 %, and C3Hg 0.41%, whereas CH, conversion in-
creased to approximately 30%, with a small reduction in the
C,, selectivities and, hence, a 21% yield at the end of the
dual-bed reactor.

Temperature and species concentration profiles within the
second catalytic zone were qualitatively similar to those within
the first bed, and the reactions ceased immediately after the
exhaustion of O,. This is an interesting result because unlike
the first reactor, the feed to the second catalyst bed possessed
significant levels of H,, CO, CO,, and H,O, together with C,,
products. Considering the fact that with complete consump-
tion of oxygen in the second bed, H, and H,O production
levels are consistent with our expectations from the OCM reac-
tion and there is no sign of H,O consumption in the second

© 2014 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim

carbon dioxide and water fed to
the second bed did not cause
any apparent deactivation of the OCM catalyst.

Analysis of the experimental data of Figures 2 and 3 also in-
dicate that the catalytic water gas shift (WGS) reaction, that is,
H,O +CO=CO,+H,, can be ruled out. For example, the mole
fraction ratios YcoxXYu/(Yi,0XYco) were in the 0.4-0.6 range
within the 5 mm in the catalyst beds in all the experiments.
These values are significantly lower than those of the WGS re-
action equilibrium constants that are in the 1.5-2.0 range
under the prevailing conditions in the reactor beds.

The profiles for the DB2 experiment at the overall CH,/O,
ratio of 4.4 as presented in Figure 4 are in harmony with the
DB1 experiment at CH,/O,=4.0 (Figure 3), which thereby gives
us confidence regarding the validity of our measurements. In
the DB2 experiment, the feed CH,/O, ratio of 11 used in the
first catalyst bed necessitated the use of a higher T; of approxi-
mately 780 C for ignition, and the maximum bed tempera-
tures reached 930 and 910 C in the first and second beds, re-
spectively. These values are significantly lower than the single-
bed temperature peak of 1015 C (Figure 2). Again, the location
of the maximum temperatures corresponds to the complete
conversion of O,. Moreover, the interbed temperature re-
mained relatively constant at approximately 800 C.

From Figure 4 it can be seen that CO exhibited a peak con-
centration of 1.0% at 5 mm within the first bed, and ultimately
reached 1.6 % at the exit of the second catalyst bed. Hydrogen
levels were 2.2 and 3.5% at the exits of beds 1 and 2, respec-
tively. Carbon dioxide and water levels reached 2.8 and 10% in
bed 1, respectively, and became 6 and 24.2 % at the exit of the
second bed, respectively.

In the DB2 experiment, the hydrocarbon products also ex-
hibited similar trends, which generally increased within the cat-
alytic zones with increasing methane and oxygen conversions
and which ceased to change after the complete conversion of
0,. At the exit of the first bed, the following levels were re-
corded: C,Hg 3.52%, C,H, 2.1%, and C3H4 0.21 %, whereas CH,
conversion was 19%. Under these conditions, C,, selectivities
would be 74%, which represents a yield of 14%. At the
second bed exit, the concentration levels became C,H, 4.1%,
C,H, 3.8%, and C3Hg 0.35%, with a maximum CH, conversion
of approximately 28 %. These results correspond to a G, , selec-
tivity of 67 % and represent a final yield of approximately 19 %.
This value is slightly lower than the 21% yield obtained in the
DB1 experiment yet higher than the 16% yield of the single-
bed experiment (see Table 1).
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Conclusions

The microprobe sampling technique as applied to dual-
packed-bed catalytic reactors for the oxidative coupling of
methane (OCM) demonstrated that distributing the O, feed
can significantly increase the yields of the C,, products. By
using La,0s-CeO, nanofiber fabric catalyst beds, the C,, prod-
ucts were obtained in an ultimate yield of 21% in a double-
bed OCM reactor with split O, introduction, which is signifi-
cantly higher than the 16% yield observed in the single-bed
experiment at the same overall CH,/O, ratio of 4. The dual-bed
configuration with interstage cooling increases the yield of the
C,, products primarily by increasing CH, conversion and by
maintaining the C,, product selectivity levels.
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1. Introduction

The direct utilization of methane, the main component of nat-
ural gas (NG), as an alternate chemical feedstock to petroleum, has
been a highly desirable but difficult goal in industrial catalysis
(Alvarez-Galvan et al., 2011). Many direct and indirect methods
have been studied for CH4 conversion into more useful products,
including olefins (e.g. CoH4, CsHg), higher molecular weight hy-
drocarbons and liquids (e.g. benzene and gasoline), as discussed in
a recent review (Alvarez-Galvan et al, 2011). The production of
ethylene from NG represents a particularly significant opportunity
because of its massive worldwide use as an intermediate in the
production of plastics, such as polyethylene and polyvinyl chloride.
In addition, ethylene can be oligomerized into liquid hydrocarbons,
such as alpha olefins, thereby enabling the efficient utilization of
NG in remote parts of the world. At present, ethylene is primarily
produced by the steam cracking of naphtha, a petroleum product.
All indirect NG conversion routes utilize the high temperature,
endothermic and costly steam reforming as a first step, where
synthesis gas (Hz/CO mixtures) is produced. This is followed by the
synthesis of useful products via various catalytic processes
(Alvarez-Galvan et al., 2011). Although direct methods avoid use of

http://dx.doi.org/10.1016/j.jngse.2014.04.004
1875-5100/© 2014 Elsevier B.V. All rights reserved.

costly syngas steps, they remain uneconomical due in part to low
Gy, yields, high temperatures and low throughputs. High temper-
atures are particularly detrimental since they result in catalyst
deactivation and create materials problems for reactors.

In the oxidative coupling of methane (OCM), CHy is directly
converted to CoHg, GGHy and H,0 in the presence of O, and a
suitable catalyst (Alvarez-Galvan et al., 2011). The first step involves
the abstraction of H from CHy4 by the catalyst to form methyl rad-
icals (CHse) (Zavyalova et al,, 2011; Lunsford, 1995). The coupling of
two CHse then creates CzHg, followed by its dehydrogenation to
CyHy4. Some C3 hydrocarbons also form by addition of CHze to CoHy
(Conway et al, 1991). However, undesirable surface and gas phase
combustion reactions also lead to CO and CO, (COy). Since high
temperatures promote homogeneous gas phase free radical re-
actions detrimental for Cp,. products, the development of new
catalysts that can operate at low temperatures is crucial for the
economic viability of OCM. We recently reported promising results
in OCM using catalytic nanofiber fabrics of La;03—Ce0Q, (Noon et al.,
2013). This material was found to be advantageous over analogous
powders previously reported in the literature (Dedov et al., 2003,
2005; Makhlin et al., 2009), especially in terms of the feed gas
temperature required to activate methane (Noon et al, 2013). The
Ce0, is well recognized to promote LapO3 with regard to the OCM
reaction (Dedov et al., 2003, 2005; Makhlin et al., 2009).

There are two prevailing OCM mechanisms in relation to La;03
surfaces: the idea that a lattice oxygen is responsible for activation
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of the C—H bond on CHg either through a Mars—van Krevelen
mechanism or through the dissociative adsorption of CHs, where
the fragments CH3 and H bind to the surface oxide (Mleczko and
Baerns, 1995; Li and Metiu, 2012; Hu et al., 2011); the dissociative
adsorption of O first onto the catalyst’s oxide covered surface,
forming a peroxy-type species that is responsible for subsequently
activating the C—H bond (Palmer et al., 2002a, 2002b). Most of the
remaining reactions occur in the gas phase, though it is suggested
that CO; can be created by oxidation of an adsorbed methyl group
in addition to through multiple gas phase routes. The difficulty in
OCM is in isolating the products CaHg and CHg, which are sus-
ceptible to further oxidation, ultimately to COy.

The critical overall steps accepted to occur in the OCM mecha-
nism, leading up to the formation of C;Hg, are summarized in Eqs.

(1)—(4):

02 +2[*] — 2[0] (1)
CHy + [0] — CH3 + [OH] (2)
CH3 + CH3 — CHg — CpHy — CO, 3)
[OH] + [OH] — [O] + [*] + H20 (4)

where [*] is a vacant catalytic surface site. The direct oxidation of
CH4 to CO5 as well as the oxidative dehydrogenation of C;Hg to CoHy
are also well accepted pathways in the OCM process. Additionally,
there may be surface occupation by CO; as in Eq. (5):

COz + [ — [COy] (5)

which may block active sites from participating in OCM (Arndt
et al,, 2011; Xu et al,, 1992; Istadi and Amin, 2006; Papa et al.,
2011). The coupling of methyl radicals in Eq. (3) occurs in the gas
phase while the formation of C;H4 and CO, may either be catalytic
or in the gas phase. The remaining reactions listed occur on the
catalyst. In a highly exothermic catalytic reaction such as OCM,
mass transfer limitations can be critical in determining reactor
performance. This will be particularly important for the case of the
limiting reactant O3 in the current studies. At high temperatures,
adsorption, surface reaction and desorption rates exceed mass
diffusion rates (Mleczko and Baerns, 1995), rendering the latter as
the rate determining process. Since mass transfer rates increase
with increasing Reynolds number, the reactor bed temperatures
would be expected to increase with increasing gas flow. However,
the overall performance of the OCM reactors will be determined as
a result of the competition between increased rates of reaction and
shortened residence times with increased flow through the reactor.

Here, we report a follow-up study detailing some of the OCM
reaction engineering aspects of the La203—CeQ3 catalyst developed
in our laboratories. Reactor temperature profiles as well as reactor
exit conversion and product selectivities are presented as a func-
tion of feed temperature, feed flow rate and composition.

2. Materials and methods
2.1. Electrospinning

Nanofibers are prepared by electrospinning (Tan et al.,, 2007). In
a typical preparation, polyvinylpyrrolidone (PVP; 1.3 MDa) is mixed
with a solvent containing water and ethanol (~1:2 weight ratio).
To this solution, La(NQO3)3-6H,0 and Ce(NOs3)3-6H,0 are added.
Water is necessary to allow for the mutual solubility of PVP and the
metal salts while ethanol is used primarily to lower the surface
tension of the solution, allowing it to be electrospun into fibers. The

final solution is 6 wt% PVP with a metal-to-polymer weight ratio of
0.20.

The electrospinning setup in Fig. 1 features a syringe loaded
with the spinning solution being pumped through a metal needle
under 30 kV, causing streams to jet out towards the grounded
collector, which has aluminum foil wrapped tightly around it. The
syringe pump is programmed to then pump the fluid at a fixed rate
of 1.0 mL/h. The material collected on the aluminum foil comprises
nanofibers of PVP and the embedded La and Ce metal salts. After a
sufficient amount of material is collected, the foil then is placed
inside an oven for air calcination at 625 °C. This temperature allows
for the fiber sample to be calcined without melting the foil. The La/
Ce weight ratio of the material studied in this work is 3/1.

2.2. Catalytic performance testing

The nanofiber catalyst is packed in a 4 mm ID quartz tube,
sandwiched between two quartz wool plugs and placed inside a
temperature controlled tube furnace (Thermolyne® 21100). The
reactor pressure is 1 atm. Inlet gas flow rates are regulated by
electronic mass flow controllers (MKS, Burlington, MA). In this
work, flow rates of 80—320 standard cubic centimeters per minute
(sccm), catalyst weights of 5—20 mg (0.94 void fraction) and feed
temperatures of 300—620 °C are examined. The inlet is a binary gas
of CH4 and Oz with 75—87.5 mol% CHa. Reaction products are
sampled by a 300 micron ID capillary tubing and analyzed by on-
line gas chromatography (Varian 4900 Micro-GC, with Molecular
sieve X and Porapak U columns).

2.3. Temperature profiles

In separate experiments, a 0.25 mm diameter thermocouple (K-
Type, Omega Engineering, CT) is placed inside the catalytic zone to
measure the axial temperature profiles. The thermocouple is
inserted tightly into a quartz capillary, the combination of which is
placed on a micro-translation device that allows for precise incre-
mental changes in the axial position of the thermocouple along the
reactor (Zohour et al.,, 2013). In these experiments, 20 mg catalyst
loading is used to form a bed depth of ~1.4 cm to improve the
spatial resolution of the axial temperature profiles.

3. Results and discussion
3.1. Nanofibers

Shown in Fig. 2 is an SEM image of the calcined La203—Ce0O2
nanofiber fabric. First and foremost, the fibers show considerable
uniformity in diameter (~ 70 nm) and dispersion. BET area is about
25 m?/g, suggesting the nanofibers are dense and do not possess
internal porosity. Second, the fibers appear individually well

Power
supply

Syringe
Jet

Collector

Syringe pump

Fig. 1. Electrospinning setup used in the synthesis of L1,03—CeO; nanofibers.
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Fig. 2. SEM image of electrospun and subsequently calcined Lay03—CeOx fibers
(diameter ~70 nm; magnification 13,000; working distance 6.7 mm; 4.0 kV).

exposed with little clustering, concomitant with the large and
uniform interfiber space and a void fraction of 0.94. Although these
features provide rapid access to and from active sites, which should
be advantageous in improving the selectivity for labile products in
partial oxidation reactions, they also promote homogeneous gas
phase reactions. In contrast, co-precipitated La;03—CeO5 particles
exhibit a high degree of agglomeration in which a significant
fraction of Lap03—CeQ; remain inaccessible or are accessible only
through pores, concomitant with pore diffusion limitations and
associated problems. Previously we demonstrated that La;03—CeO;
nanofiber fabric catalysts exhibit lower ignition temperatures and
broader operating windows than the corresponding powder cata-
lysts (Noon et al., 2013).

3.2. Feed temperature hysteresis

Before results are presented, it should be pointed out that the
major Cz products observed over Lap03—CeO; catalysts are CoHg
and CyHg, with the CyHg/CoHy ratio being in the 1-2 range. In
addition, some C3Hg is also formed constituting 5—8% of the G,
products. Furthermore, some C4 products were also consistently
detected under OCM conditions, though in significantly lower
amounts compared to the other products. The major undesirable
products were CO and CO.

In Fig. 3, the axial temperature profiles are presented for a CHy/
0; feed ratio of 5 and at a feed gas flow rate of F = 160 sccm with
Mear = 20 mg of catalyst packed into the bed at various feed gas
temperatures Tr. Filled symbols represent the temperature profiles
measured when the furnace temperature was stepwise heated up,
while empty symbols were obtained during the stepwise cooling
process. The temperature profile measurements were acquired
while the reactant gases were flowing. The embedded thermo-
couple was used to monitor the establishment of the steady state
bed temperature. Once the steady state temperature was reached
(~30 min during heating and ~60 min during cooling), the tem-
perature profile was measured by axially moving the thermo-
couple. After data acquisition, the furnace temperature was
readjusted to its new set point. As seen in Fig. 3, the difference
between the peak temperature in the catalytic zone and feed
temperature Tg ranges between ~ 300 and 400 °C. This difference is
atits largest at the lowest feed temperature Tr = 390 °C. However
the locations of the peaks were noted to shift downstream during
the cooling experiments, i.e. at values for Tt that are lower than the
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Fig. 3. Reactor temperature T as a function of axial distance within and near the
catalytic zone while increasing and decreasing the feed temperature Ty [480 (@), 550
(A), 620 (m), 430 (O), 390 (A) °C|] with the following fixed: CH4/O, feed ratio of 5,
catalyst weight of mgy = 20 mg, flow rate of F = 160 sccm.

ignition temperature Tig. This could also be due to insufficient
cooling period (60 min) to attain steady state during the cooling
process.

In Fig. 4, the accompanying reactor exit CH4 conversions and Gy,
selectivities are presented while Fig. 5 shows the O conversions
and C;Hg/CaHg4 ratios, both as a function of feed gas temperature Tf.
As seen in Figs. 3 and 4, the onset of catalyst ignition was at 450 °C
when increasing Ty, with a Cz, selectivity of 55% at 28% CHa con-
version. Oxygen was completely consumed and the C;Hg/CH4 ratio
was about 1 at the ignition point. For T > Tjg, the catalyst perfor-
mance is limited by the exhaustion of Oy, with no change in the
location of the peak bed temperature. As evident from Figs. 3 and 4,
a hysteresis window was noted. On the decreasing Ty path, the high
Cy selectivity of 52—59% extended down to about 300 °C. Both the
CH4 and O, conversions steadily decreased and the C;Hg/CaHy ratio
increased with decreasing Trbelow the ignition temperature. These
results are consistent with the lower catalyst peak temperature
with decreasing Tg (Fig. 3).

3.3. Effect of feed flow rate and CH4/O> ratio

In Fig. 6, the effects of feed gas flow rate on the spatial tem-
perature profiles are presented at a CH,4/O5 ratio of 5 and feed gas
temperature of 570 °C. As evident from this figure, increasing feed
gas flow rate dramatically increases the reactor temperature, while
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Fig. 4. C;, selectivity (A ) and CH, conversion (A) as a function of feed temperature Ty,
where the arrows indicate the increasing or decreasing path for Ty, with: CH,/O, feed
ratio of 5, catalyst weight of mc,, = 20 mg, flow rate of F = 160 sccm.
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Fig. 5. Ethane-to-ethylene product ratio (left ordinate, a ) and percent 0, conversion
(right ordinate, A) as a function of feed temperature Ty, where the arrows indicate the
increasing or decreasing path for Ty, with: CH4/O, feed ratio of 5, catalyst weight of
Mear = 20 mg, flow rate of F = 160 sccm.

only slightly shifting the location of the maximum temperature, For
example, at 80 sccm flow, the peak temperature is 825 °C at
~ 12 mm within the bed. In contrast, at 200 sccm, the peak tem-
perature reached 960 °C at ~ 11 mm. These results indicate that the
rate of the OCM process in the experiments was significantly under
the mass transfer limited conditions (Dalle Nogare et al., 2011). That
is, the increased flow rates increased mass transfer coefficients and
thus transport rates to the catalyst surface, thereby increasing the
rates of the OCM reaction and thus heat generation rates. Increases
in temperature results in the establishment of steeper temperature
gradients which then lead to increased heat conduction both to
upstream and downstream of the hot spot. On the other hand, in-
creases in gas flow rates would decrease the residence times as well
as convectively pushing the hot gases downstream. As a conse-
quence of the complex combination of these conduction, convec-
tion and reaction processes, the peak temperatures can shift either
upstream or downstream. Clearly, performing a detailed modeling
work involving both the chemical kinetics and transport phe-
nomena of the OCM process is called for.

Another possible contributor to the observed shifts in peak
temperature locations in the OCM reactors is heat conduction in
along thermocouple wires placed into the bed. Due to their higher
thermal conductivity, metal thermocouples can transfer heat more
efficiently than gases and the solid catalysts. As a result, thermo-
couples only provide spatially averaged readings, averaged along
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Fig. 6. Reactor temperature Ty as a function of axial distance in the catalytic zone for
various flow rates F = 80 (x), 120 (#), 160 ([I), 200 ( A) sccm, with the following
fixed: CH4/O5 feed ratio of 5, catalyst weight of m, = 20 mg, feed temperature of
Tg = 570 °C.

few bead or fiber diameters, especially when steep temperature
gradients are present. Ideally, thermocouples should be placed
perpendicular to gas flow, in order to accurately determine axial
temperature profiles. However, such an option is not readily
available for most catalytic reactor studies, including this work. In
our experiments thermocouples were placed from the downstream
side of the reactor.

In Fig. 7 the effect of CH4/O, ratio on reactor temperature is
shown. As can be seen, decreasing the CH4/O; ratio from 7 to 4
increases the peak reactor temperature from 850 °C to 980 °C,
while also resulting in a shift of the peak location from 12 mm to
10.8 mm. The increase in reactor bed temperature is the expected
consequence of decreased methane dilution in the feed gas based
on the overall OCM as well as combustion reaction stoichiometries.

In Figs. 8 and 9, CHy and O3 conversions, C;, selectivities and
CoHg/CoHy ratios are presented as a function of feed gas flow rate
and CH4/O3 ratio at a feed gas temperature of Ty = 570 °C. An in-
spection of Fig. 8 reveals several interesting trends. First, increasing
gas flow rates and decreasing CH4/O5 ratios have an adverse effect
on Cy, selectivity, which reaches as high as 70% at a CH4/O; feed
ratio of 7 and feed flow rate of F = 160 sccm. The only exception to
this trend is seen at the CH4/O2 ratio of 7 at low gas flow rates,
which can be attributed to greater mass transfer limitations.
Additionally, the depth of the catalyst bed could be a significant
factorin creating low Gy, selectivities for low flow rates for the high
CH4/0 ratio. In a previous work when using an 8 mg La,03—CeQ>
bed, a Ty hysteresis plot similar to that of Fig. 4 here was constructed
(Noon et al., 2013). It was found that for a CH4/Q3 feed ratio of 4 that
Gy, selectivities reached their highest at the quench temperature of
Tr= 230 °C. In Fig. 4 at the quench temperature, the Cy, selectivity
is at one of its lowest observed values. A key difference between
these two experiments is the bed depth, which clearly explains why
(a2, selectivities are sacrificed at very low flow rates at CH4/02 = 7.
Over our OCM catalyst, we have previously shown that Oz was
completely consumed at about one-third of the 20 mg La,03—Ce0O,
bed (Zohour et al., 2013). This would not necessarily occur within a
shallow 5 mg bed. That is, products of OCM with a deep bed are
being exposed to the catalyst at low temperatures, that could lead to
the destruction of Cz.. products.

Second, methane conversions consistently increase with
decreasing CH4/O5 ratio as a consequence of increased bed tem-
perature caused by decreased methane dilution, reaching as high as
33% at a CHy4/O5, feed ratio of 4 and the lowest feed rate examined of
F = 80 sccm. Third, the effect of gas flow rates on methane con-
versions is complex. Methane conversion decreases with increasing
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Fig. 7. Reactor temperature T, as a function of axial distance in the catalytic zone for
the various feed CH4/O; ratios of 4 (W), 5 (A), 7 ( @), with the following fixed: feed flow
rate of F = 160 sccm, catalyst weight of m,. = 20 mg, feed temperature of Tr = 570 °C.
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Fig. 8. 3, selectivity (@ A M) and CHs conversion (O A [0) as a function of flow rate
and the CH,4/O; feed ratios of 4 (M ), 5 (A A), 7 (@ ) with the following fixed:
catalyst weight of mc, = 20 mg, feed temperature of Ty = 570 °C.

gas flow rate for CH4/O7 ratios of 4 and 5, but the reverse trend is
observed for 7. For the CH4/O; ratios of 4 and 5 decreases in CHg
conversions with increase in gas flow rate can readily be accounted
for by the decreases in contact/reaction times since under these
conditions the catalyst is at a sufficiently high temperature. Also,
COy selectivities tend to be higher at larger flow rates due to higher
temperatures. Since pathways that produce COx consume more Os,
less CHy4 will be converted at the end. From Fig. 9, the variation in
oxygen conversion with respect to flow rate is less significant than
for methane conversion, consistent with the argument that
increasing COy selectivities with flow rates being the primary
reason for the decreasing CHy4 conversions as opposed to reduced
contact times. For the CH4/O; ratio of 7 at 80 sccm, the catalyst
temperature evidently is not hot enough resulting in increase in
methane conversion slightly with increase in gas flow rate. This
result is also in harmony with the results noted above.

Third, Oz conversions uniformly increased with increasing gas
flow and leveled off at higher flow rates for all CH4/O5 ratios (Fig. 9).
Interestingly, O, conversions leveled off earlier and to a slightly
lower level at the CHy4/O; ratio of 7. Fourth, C;Hg/CoHy ratios
exhibited trends that consistently decreased with increasing gas
flow rates and decreasing CH4/O> ratios, an expected result based
on increased reactor bed temperatures. The CoHg/C2Hy ratios were
significantly higher (i.e. 1.3—1.6) at the CH4/O, ratio of 7. For the
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Fig. 9. Ethane-to-ethylene product ratio (left ordinate, ® 4o W) and percent O, con-
version (right ordinate, © A [) as a function of feed flow rate and the CH4/O, feed
ratios of 4 (W O), 5 (a4 A), 7 (@ ), with the following fixed: catalyst weight of
Mey = 20 mg, feed temperature of Ty = 570 °C.

CH4/O2 ratio of 4, the CHg/CaH4 ratio decreased from 1.15 at
80 sccm to 0.95 at 320 sccm. Carbon dioxide, an abundant by-
product in OCM, has also been documented as a catalyst poison
and has strong binding affinity for highly basic materials (Papa
et al, 2011). Consequently, under certain conditions CO, could
limit the rates of the OCM reaction.

3.4. Effect of bed depth and space velocity

In order to better assess the importance of transport limitations
relative to surface reactions, the performances of three reactors
having 5, 10 and 20 mg catalyst loadings were investigated as a
function of space velocity (i.e. F/ng = [Feed gas flow rate (sccm)]/
[Catalyst weight (mg)]). In Figs. 10 and 11, CHg and O conversions,
and Cy, selectivities and C;Hg/CoHy ratios are presented respec-
tively, as a function of space velocity for each of these packed beds.
The CH4/0; ratio was kept at 5 and the feed gas temperature was
570 °C in all of this set of experiments. An inspection of Fig. 10
reveals several trends. First, both the C,, selectivities and
methane conversions decreased with space velocity for all the three
beds. Second, neither the methane conversion nor the Cz, selec-
tivity profiles overlapped, clearly indicating that mass transfer rates
were the limiting process in the OCM reaction. As seen in Fig. 10,
Cy, selectivities were dramatically different, with the smaller
packed bed reactor performing the best. For example, at the
15 sccm/mg space velocity, the Co, selectivities were 64%, 55% and
45%, for the 5, 10 and 20 mg catalyst bed reactors, respectively.
These results indicate that deeper bed reactors are detrimental in
OCM as they result in the subsequent destruction of C;, products
once formed in the early part of the bed. Consequently, shallow bed
reactors are desirable to maximize Cy, selectivities.

From Fig. 11, it can be seen that Oz conversions in the shorter
5 mg bed were consistently lower at 85—93% than others both of
which exhibited near complete oxygen consumption (>95%).
Evidently, the 5 mg bed utilizes the reactants more efficiently to-
wards OCM products while the other, i.e. deeper, beds lead to the
subsequent combustion of Cz, products. These results are consis-
tent with the higher Cy, selectivity of the 5 mg bed with its similar
methane conversion (Fig. 10) and the lower Cy, selectivities of
deeper beds.

The trends exhibited by the CoHg/CoHy ratios were all similar,
decreasing with increasing space velocity as a result of increasing
reactor temperatures. However unlike Cz selectivities, the deeper
bed reactors were more beneficial for ethylene production. For
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Fig. 10. C;, selectivity (@ a M) and CH,4 conversion (O A [O) as a function of space
velocity F/mc, and the catalyst weights of me, =5 (@ ©),10 (a A), 20 (W O) mg
with the following fixed: CH4/O5 feed ratio of 5, feed temperature of Tr = 570 °C.
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Fig. 11. Ethane-to-ethylene product ratio (left ordinate, ® A M) and percent O,
conversion (right ordinate, O A () as a function of space velocity F/mca and the
catalyst weights of me = 5(@ ©), 10 (a A), 20 (W O) mg with the following fixed:
CH4/O,, feed ratio of 5, feed temperature of Ty = 570 °C.

example, at space velocity of 20 sccm/mg, the CaHg/CzH4 ratios
were 1.3 and 1.05 for the 5 mg and 10 mg beds, respectively. This
appears to be due to increased rates of surface mediated ethane
dehydrogenation through the deeper catalyst bed. If gas phase
dehydrogenation processes were responsible, then the C;Hg/CoHg
ratios would have been expected to be similar. These results are
also consistent with a previous work in which concentration pro-
files in a similar reactor showed a delayed production of CoHy
relative to CoHg (Zohour et al.,, 2013). Such a lag is expected since
CyHg is understood to be produced by the sequential catalytic
dehydrogenation of C2Hg.

3.5. Time on stream

In Fig. 12, the time on stream performance of the Laz03—Ce02
nanofiber fabric catalyst is presented for over a 10 h continuous
operation. The experimental conditions were: feed gas flow rate
80 sccm, 20 mg catalyst CH4/O5 ratio of 5, feed temperature 570 °C.
As evident from Fig. 12, the Laz03—CeO3 exhibits an excellent per-
formance, showing no deterioration in activity and selectivity,
rendering it a promising practical OCM catalyst.
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Fig. 12. Time on stream showing C,, selectivity (4 ), CHs conversion (A) and O,
conversion (x) as a function of time with the following fixed: CH4/O; feed ratio of 5,
feed flow rate of F = 80 sccm, catalyst weight of mg, = 20 mg, feed temperature of
Ty =570 °C.

4. Conclusions

In conclusion, the reaction engineering aspects of a La;03—CeO;
nanofiber fabric catalyst have been evaluated using packed bed
reactors over a broad range of operating conditions. These studies
indicated that the rates of the OCM reaction is largely dominated by
mass transfer limitations, evidenced by the increases in the bed
temperature with increasing feed flow rates. Our studies also
revealed that short catalytic beds are preferred for increasing Cy,
selectivities in OCM reactors. C;, selectivities and yields of up to
70% and 18% respectively were also attained in this study.
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Catalyst

Anusorn Seubsai,*™ Bahman Zohour,"™ Daniel Noon,™ and Selim Senkan™

The discovery of the RuO,-CuO-NaCl/SiO, catalyst for the
direct gas-phase epoxidation of propylene to propylene oxide
created a potentially promising path towards developing
a high-performing catalyst of substantial commercial value and
opened a new challenge in catalysis research. In this work,
studies following up this discovery are presented to reveal crit-
ical insight into the catalytic mechanism on the trimetallic cat-
alyst. Small crystalline CuO particles, in close proximity of RuO,,
were determined from temperature-programmed reduction
and high-resolution transmission electron microscopy studies
to be the site for propylene oxide synthesis. In addition, the
presence of NaCl was confirmed to suppress the formation of
CO,.

Propylene oxide (PO) is widely used in the preparation of vari-
ous textiles and plastics!” with over 8 million pounds of propyl-
ene-derived PO produced annually? However, because some
of the current production methods result in environmentally
hazardous chlorinated byproducts that entail significant
costs,? the search for an alternative method to achieve a high
production rate of PO on an industrial scale has intensified. Al-
though the direct gas-phase epoxidation of propylene to PO
by molecular oxygen with the use of heterogeneous catalysts
under atmospheric pressure is still, in theory, the most promis-
ing route, it has proven to be the most challenging production
method thus far, as no breakthrough has yet been made.”!
Several research groups have been exploring a number of
alternatives, such as silver-based catalysts,™ gold particles on
titania with H, as a co-reactant,”’ titania-based catalysts,®
molten salts of metal nitrates,” O, and nitrous oxide as reac-
tants,” and copper-modified catalysts.”'® All of these methods
suffer from low PO selectivities,'*'? low propylene conver-
sions,” 1% short catalyst lifetimes,™ high pressure require-

ments,!"™ or costly co-reactants."*'® Consequently, no econom-
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ically viable catalysts are currently available for the direct gas-
phase epoxidation of propylene to PO by molecular oxygen.

Recently, we reported the discovery of RuO,-CuO,~NaCl/SiO,
catalysts for the direct gas-phase epoxidation of propylene to
PO that were prepared by the co-impregnation method."” It
was shown that the catalyst system delivered a promising
combination of PO selectivities (in the 40-50 % range) and pro-
pylene conversions (10-20%) between 240 and 270°C at at-
mospheric pressure. The best PO yield was obtained at a Ru/
Cu/Na ratio of 4:2:1 at 12.5 wt% total metal loading on SiO,.
Although the catalyst deactivated over time, as a result of the
loss of chlorine content, we found that adding a small amount
of a chlorocarbon (1-100 ppmv) such as chloroethane or
1,2-dichloroethane prevented deactivation by replenishing the
chlorine content of the catalyst."® The chlorinated additives
were found to play a critical role in maintaining high PO selec-
tivities for at least 10 h under the conditions owing to geomet-
ric/ensemble and electronic effects, as well as gas-phase kinetic
effects.

Herein, we report a critical key in understanding the mecha-
nism of the epoxidation of propylene to PO facilitated by the
SiO,-supported RuO,-CuO-NaCl catalyst by using oxygen as
the only co-reactant. The desired propylene epoxidation reac-
tion is shown in Equation (1).
CiHs + 4 0; — C3Hs0 (1)

However, the deep oxidation products CO, and H,O were
also formed with the use of the title catalyst. Other detected
trace byproducts included acetone (AT), acetaldehyde (AD),
acrolein (AC), and propanal.

In earlier studies, the copper oxide phase was denoted as
CuO,. However, recent XRD studies showed no evidence of
Cu,0, which indicated the sole presence of CuO in the RuO,-
CuO,-NaCl system. Given that the SiO,-supported RuO,-CuO-
NaCl catalyst has multiple phases and contains more than one
active metal, to understand the mechanism of propylene epox-
idation to PO, the key active site for the formation of PO must
first be identified. As reported earlier,"”! of the single catalyst
systems (RuO,/Si0,, CuO/Si0O,, and NaCl/SiO,), only CuO/SiO,
produced detectable amounts of PO under the testing condi-
tions, whereas the RuQ,/SiO, catalyst led to complete combus-
tion, and the NaCl/SiO, catalyst generally exhibited no activity.
This implied that the CuO site may also be the key site for PO
synthesis in our RuO,-CuO-NaCl system. To confirm this hy-
pothesis, various catalytic materials were prepared and tested.
The selectivity—conversion results of these catalysts are pre-
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Figure 1. XRD spectra of the various catalysts investigated in this study.

sented in Table 1, and their XRD patterns are shown in
Figure 1. The reference catalyst (ref.cat) in Table 1 was pre-
pared by using (NH,),RuCl; as the RuO, precursor. To avoid re-
sidual chloride in the catalytic materials after calcination,
Ru(NO)(NO3); (denoted as *RuQ,, which has chemical activity
similar to that of RuO,) was used as the source of Ru.

These results revealed several important aspects of this cata-
lytic system, including the following:

1) Na,O (catalyst #8) and NaCl (catalyst #9) on SiO, were inac-
tive for propylene reactions

2) The reference catalyst (refcat) prepared from the
(NH,),RuCl, precursor provided a higher yield of PO than
catalyst #1 prepared from the Ru(NO)(NQO;); precursor, be-
cause the excess amount of Cl (in the form of NaCl) pro-
moted the formation of PQI®

Importantly, Cl-free catalyst #2 exhibited very little reactivity
with no PO formation. Comparison of the XRD spectra of
catalysts #1 and #2 (Figure 1) also showed that the crystal-
line CuO phase (indicated by B) in catalyst #1 was absent in

3)

© 2014 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim

- X N X catalyst #2, which was I
Table 1. Product selectivities and propylene conversions for the different catalysts studied. I .
free. This is important evi-
Catalyst #  Catalyst supported on SiO,* Selectivity [%] C;H, conversion PO yield dence that suggests that
PO AC AT AD €O, [%] (%] CuO crystals are the key cata-
ref.cat. RuO, + CuO + NaCl 48 0 0 0 52 10.00 4.80 Iytic sites for the synthesis of
1 *Ru0, + CuO + NaCl 40 05 0 0 60 6.25 2.48 PO in this system
2 *RuO;+ CuO + Na,0 0o o 0 0 + 0.40 0 B )
3 *RuO, + CuO 28 0.3 0 0 7.7 5.88 1.65 4 Comparlson of the XRD spec
4 CuO + Nacl 0 0 0 0 e 0.05 0 tra of catalysts #1, #2, #4, and
5 CuO +Na,0 0o 0 0 0 M 0.07 0 #5 revealed that only cata-
6 *Ru0, + NaCl 1 0 0 0 % 539 0.04 lyst #2 did not show the crys-
7 *RuQ, + Na,O 0 0 0 0 + 0.38 0 .
8 Na,0 o o 0 o L 0.08 0 talline CuO . phase peak at
9 NaCl 0o o 0 0 e 0.06 0 200=39". This suggests that
in the absence of Cl ions but
[a] Precursor: RuO,= (NH,),RuCl, *RuO,=Ru(NO)(NO,);, CuO =Cu(NO,),-2.5H,0, NaCl=NaCl, Na,O=Na(NO,), . h f R C
weight ratio of Ru or *Ru/Cu/Na/Si0, =7.14:3.57:1.78:87.5. [b] In these very low C;H; conversion experiments, in the pr.esence o v . Y
CO, was the only product observed. Measurements were taken with no chlorinated hydrocarbon co-feed after and Na ions, the Na ions
2 h of startup if the catalyst performance remained in a pseudo-steady-state. block the formation of CuO
crystals

5) Comparison of the reactivity results in Table 1 for cata-
lysts #2, #5, and #7 revealed that Na,O strongly inhibited
the reaction. Na ions also appear to have reduced the parti-
cle size of RuO,, as seen by comparing the XRD spectrum
of catalyst #3 to the spectra of #1, #2, #6, and #7 at approx-
imately 26-28". However, because the *RuO, peaks become
broader, especially for catalyst #1, this appears also to im-
prove the PO selectivity

Comparison of catalysts #6 and #7 in Table 1 revealed that
NaCl is important not only to suppress the formation of
C0O,"™ but also to initiate the reaction. Catalyst #6 gave
higher conversions of propylene than catalyst #7, but the
product was primarily CO,

Comparison of catalysts #4 and #6 revealed that NaCl plays
a critical role only in the presence of both *RuO, and CuO.
This indicates that *RuQ, is also an active catalytic site but
for the complete combustion

Comparison of catalysts #1 and #6 revealed that these two
samples exhibited similar conversions of propylene but visi-
bly different PO selectivities, which clearly points to CuO as
an important site for the transformation of propylene into
PO after initial activation over *RuQ, crystals. This indicates
a cooperative effect between *RuO, and the CuO crystals.
In contrast, catalyst #3 indicates that even in the absence
of the Cl source, CuO and RuO, may cooperate and convert
propylene into PO, but with lower PO selectivity.

6)

7)

8)

In summary, for the SiO,-supported RuO,-CuO-NaCl cata-
lysts, crystalline CuO is implicated as the main catalytic site for
the formation of PO with promotion by crystalline RuO, and
CO, suppression by NaCl. To test this hypothesis, a series of ex-
periments were performed to study the effects of the NaCl
loading on the RuO,-CuO/SiO, catalysts. The catalysts were
prepared by using (NH,);RuCls, Cu(NO3),-2.5H,0, and Na(NOs)
as precursors, followed by impregnation on SiO,, drying, and
calcination as described earlier. It was also assumed, for calcu-
lation purposes, that all Na atoms would form crystalline NaCl
in the final materials as a result of the excess amount of the Cl
source. The performance test results of this series of catalysts
are shown in Figure 2.
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Figure 2. Results of the RuO,-Cu0O/SiO, catalysts at different Na loadings.
Precursor: RuO, = (NH,),RuCls, CuO =Cu(NO,),-2.5H,0, Na,0 = Na(NO,),
weight ratio Ru/Cu=7.14:3.57, SiO, and Na were varied. Measurements
were taken with no chlorinated hydrocarbon co-feed after 2 h of startup if
the catalyst performance remained in a pseudo-steady-state.

As seen in Figure 2, in the absence of Na loading, propylene
conversion was approximately 19% with a PO selectivity of
15%. Increasing the Na loading to 2% increased the PO selec-
tivity to a maximum of approximately 49%, whereas the con-
version of propylene decreased to approximately 9%. At
higher Na loadings, the PO selectivity started to decrease,
whereas the conversion of propylene remained relatively con-
stant at approximately 10 %.

At low Na loadings, the NaCl crystals are expected to be
well dispersed and small, and they could even be incorporated
into the solid structure. They also primarily occupy highly
acidic sites on the catalysts, which causes CO, suppression.
This initially results in lower conversions of propylene, but in-
creased PO selectivity owing to electronic effects.!'® After all of
the highly acidic sites are capped, however, the remaining Na
(as NaCl) forms larger NaCl crystals and/or aggregates. After
a certain point (~2% Na loading in our experiments, Figure 2),
the excess amount of NaCl leads to the formation of larger
crystals, which then separate from the RuO,-CuO clusters; this
lowers the PO selectivity, whereas the conversion of propylene
remains approximately the same. The XRD spectra of this
group of catalysts confirmed this explanation (see the Support-
ing Information).

A temperature-programmed reduction (TPR) experiment was
also performed to gain insight into the nature and interaction
of the surface sites, especially for *RuO, and CuO (see
Figure 3). The TPR profile of CuO/SiO, shows a single broad
peak at 423 'C, whereas that for catalyst #4 shows two peaks:
a main peak at 423 'C and a shoulder at approximately 330 C.
The peak at 423 C is due to the reduction of bulk CuO, and
the lower-temperature peak corresponds to the reduction of
the highly dispersed copper species (e.g., small 2D or 3D clus-
ters), including isolated Cu?* ions that interact with the SiO,
support’ As seen in Figure 3, all *RuO,-containing catalysts
exhibit two TPR peaks. The peak at the lower temperature (be-

© 2014 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim
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Figure 3. TPR profiles of all combinations of *RuO,, CuO, and NaCl on SiO,.
Each catalyst had a weight percent of Ru, Cu, and Na on SiO, of 7.19, 3.57,
and 1.79 %, respectively.

tween 230 and 250 C) corresponds to the complete reduction
of Ru** to Ru’ and the shoulder (~320 C) corresponds to the
ruthenium species interacting with the support.?” Mass spec-
trometric monitoring of the effluent gases during the TPR ex-
periments revealed no CO, or CH,?" This suggests that the
above explanations for the observed TPR shoulders are likely
correct.

A close inspection of the TPR profiles in Figure 3 revealed
that the maximum peak for catalysts #1 and #6 was shifted to-
wards lower temperatures relative to that of *Ru0,/SiO,, that
is, from 253 to 230 C. In contrast, the shoulder was shifted to-
wards higher temperatures, that is, from 310 C for the *RuO,/
SiO, catalyst to 370 and 350 C for catalyst #1 and #6, respec-
tively. These shifts may be due to a decrease in the size of the
*RuO, particle in the presence of Na. A similar trend was also
observed for the TPR profile of catalyst #3 relative to that of
*RuO,/SiO,. In this case, a combination of effects may be re-
sponsible for the observed TPR shifts. First, the particle size of
*RuO, in catalyst #3 is smaller than that in *RuO,/SiO, as a con-
sequence of the presence of CuQ."” Second, the observed
shifts can be due to the presence of strong interactions be-
tween *RuO, and the CuO crystals.

As mentioned above, the main TPR peaks were at 423 'C for
CuO in catalyst #4 and CuO/SiO,. However, such peaks were
absent in other CuO-containing catalysts such as catalysts #1
and #3. This is because both *Ru0O, and CuO were reduced si-
multaneously in catalysts #1 and #3 owing to a spillover effect
induced by the rapid reduction of RuO,. That is, at lower tem-
peratures the RuO, TPR peak becomes larger, which is caused
by a larger consumption of H,?? by the combined reduction
of RuO, and CuO, concomitant with the loss of the individual
CuO peak at higher temperatures. This phenomena was also
observed in the study of the Ru-Cu system for butane hydro-
genolysis.?” That study concluded that CuO was well spread
on the surface of RuO, and that RuO, and CuO were in very
close proximity. Our TPR results presented in Figure 3 are in

ChemCatChem 2014, 6, 1215-1219

129



CHEMCATCHEM
COMMUNICATIONS

harmony with this picture. A close inspection of the TPR profile
for catalyst #3 revealed the presence of a very small and broad
peak at approximately 500 'C. This could be due to some iso-
lated CuO clusters that remained on the SiO, surface that were
distant from the RuO, crystals in the absence of Na.

Shown in Figure 4 is a high-resolution transmission electron
microscopy (HR-TEM) image in support of the TPR experi-
ments. Although it is difficult to identify the small CuO crystals
(3-5 nm) on the surface of the RuO, crystals (~10x30 nm), the
use of a crystal plane unique (fast Fourier transform) to RuO,
and CuO can identify these components. The TEM images also

Figure 4. HR-TEM image of the SiO,-supported RuO,-CuO-NaCl catalyst. The
RuO, + CuO clusters are in close proximity. Fast Fourier transform of the HR-
TEM image was used to identify crystal planes unique to RuO,, CuO, and
Nacl.

confirmed that CuO and RuO, were distinct crystal structures
that were in close proximity. Notably, NaCl crystals were also
present as cubic structures (~30 nm) but are not shown in
this particular TEM image.

By taking into account all of the aforementioned findings,
a model for the RuO,-CuO-NaCl/SiO, catalyst and a plausible
mechanism for the epoxidation of propylene over this catalyst
system may be formulated. The proposed model and mecha-
nism are shown in Figure 5a,b. According to this mechanism,
an O, molecule first adsorbs (chemisorption) onto an active
center on the RuO, surface and dissociates into two surface O
atoms (O,). The O, migrates across the surface to a neighboring
CuO site, which is in close proximity, to form CuO—O. Gas-
phase propylene then interacts with CuO—O ultimately to form
PO through the formation of relevant intermediates such as an
oxametallocycle and other species.??

In conclusion, a mechanism for the direct epoxidation of
propylene by O, over a SiO,-supported RuO,-CuO-NaCl cata-

© 2014 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim
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Figure 5. a) Schematic structure of the RuO,-CuO-NaCl/SiO, catalyst. b) Pro-
posed mechanism for the epoxidation of propylene, showing the dissocia-
tive adsorption of O, onto the RuO, surface, surface migration of adsorbed
oxygen to CuO surface, and the formation of PO.

lyst, previously discovered in our laboratories, was developed.
The trimetallic catalyst at 12.5wt% total metal loading was
characterized by using powder XRD, HR-TEM, and TPR tech-
niques. These studies confirmed that this catalyst system con-
sists of distinct nanocrystals of RuO,, CuO, and NaCl. Further-
more, the crystalline RuO, and CuO particles are in close prox-
imity, and the CuO particles are generally smaller than the
RuO, particles with the result that the CuO particles are likely
to be positioned on the surface of the RuO, structures. In in-
vestigations of the effects of Na and Cl, Na,O showed itself to
be a strong inhibitor of PO synthesis, whereas NaCl played two
important roles: it reduced the RuO, crystal size, which favored
PO activity,"” and suppressed CO, combustion, which led to
higher PO selectivity. A critical finding ascertained from com-
paring the XRD patterns and the performance test results of
single and bimetallic subsets of the RuO,-~CuO-NaCl/SiO, cata-
lyst, along with chlorinated and unchlorinated variants, indicat-
ed that the active site of the catalyst is likely the CuO crystal. A
mechanism was therefore proposed in which RuO, adsorbs di-
atomic oxygen from the gas phase; then, the adsorbed oxygen
undergoes surface migration onto CuO, from which it is trans-
ferred to propylene to form PO. Further improvements of this
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catalyst thus could be made by precise arrangement of the
crystalline RuO,, CuO, and NaCl phases on the SiO, support.

Experimental Section

SiO,-supported mono-, bi-, and trimetallic heterogeneous catalysts
were prepared by co-impregnation. For the monometallic catalysts,
the metal salt aqueous solutions with aqueous solution mixtures
of Ru [(NH,4),RuCl, Aldrich or Ru(NO)(NO,);, Alfa Aesar, Ru 31.3%
min], Cu [Cu(NO,),-2.5H,0, Alfa Aesar, ACS, 98.0-102.0%], and Na
(NaNO,, Alfa Aesar, ACS, 99.0% or NaCl, Alfa Aesar ACS, 999%)"
were prepared to achieve a predetermined weight percent (by
metal atomic weight) loading on the SiO, support powder (SiO,,
Alfa Aesar, surface area 145 m?g'). Each metal salt solution was in-
troduced to SiO, and left to penetrate the support for 24 h in air.
The resulting materials were dried (120 C, until dry) and calcined
(500 °C, 12 h) in air.

These materials (~5.0 mg.) were investigated for their catalytic
performance by using previously developed high-throughput het-
erogeneous catalysis screening tools.”” The array channel reactor
was used to test 80 different catalysts in a single experiment by
using a computer-controlled system. All experiments were per-
formed under atmospheric pressure at a gas hourly space velocity
of 20000 h™" controlled by using mass flow controllers (MKS, And-
over, MA). The feed gas consisted of 1vol% propylene (C;Hy),
4 vol % O,, and balance He at a reactor temperature of 250 C. Data
analysis was conducted by an online Micro-Gas Chromatograph
(Varian, CP-4900) equipped with a thermal conductivity detector
(TCD), Porapak U (10m), and 5 A molecular sieves (10m). The de-
tected products were propylene oxide, acetone, acetaldehyde, CO,,
and acrolein. The propylene conversion, product selectivity, and
yield (calculated as selectivity of a product x propylene conversion)
of the products were determined on the basis of carbon balance.
The reproducibility of the experiments was within 4 10%.

Powder XRD patterns were obtained with an X-ray powder diffrac-
tometer (Panalytical X'Pert Pro) by using CuK, radiation, 45 kV, and
40 mA to identify different phases. TEM studies were performed by
using a FEl Titan 80-300 TEM. For high-resolution TEM imaging
a field emission gun operating at 300 kV was used.

TPR measurements were made by using an apparatus developed
in the laboratory.”® Each TPR run was performed by passing a H,-
He mixture (5% H,) over the catalyst (160 mg) placed in a quartz
reaction tube (0.8 cm in diameter and 45 cm long) positioned in
a furnace (Vulcan 3-550) at a total gas flow rate of 20 mLmin~". A
heating rate of 10 Cmin~' was set by using the furnace’s program-
mable temperature controller (PID). Hydrogen consumption was
monitored online by a quadruple mass spectrometer (QMS, RGA
200, Stanford Research System, Santa Clara, CA) from 100 to
600 C. Prior to the TPR measurements, the catalysts were treated
in situ by flowing He at 20 mLmin~' from RT to 200 C at a heating
rate of 10°Cmin~' and maintaining these conditions for an addi-
tional 1 h, after which it was cooled down to 100°C.
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ABSTRACT: The spatially resolved species concentration and temperature profiles in a catalytic fixed-bed propylene epoxidation
reactor were determined for RuO,—CuO—-NaCl/SiO, catalysts, using microprobe sampling and online gas chromatography.
Experiments were performed at fumace temperatures of 250 and 270 °C and feed gas compositions of 1 mol % C3Hg, 4 mol % O,, and
12/5 mol % C3H,, 3'/; mol % O,, both with 95 mol % He dilution. The pressure was atmospheric, and the gas hourly space velocity
(GHSV) was ~30000 h™". The spatial profiles indicated that propylene oxide (PO) and acetone production exhibited well-defined
induction periods. In contrast, acrolein (AC) formation was prompt and occurred early in the catalyst bed. These findings point to two
different mechanisms associated with the formation of PO/AT and AC, respectively. The absence of any measurable propanal in the
product mix suggests that C2 oxametallacycle propylene (C2OMMP) may be the preferred route for PO formation in this catalytic
system. The spatial profiles reported represent information-rich data that are of significant utility for the development and validation of
detailed chemical kinetic mechanisms for propylene partial oxidation in general and epoxidation in particular.

B INTRODUCTION

Propylene oxide (PO) is an important intermediate for the production
of a large variety of valuable consumer products such as polyurethane
foams, prop?'lcnc glycol, cosmetics, food emulsifiers, fumigants, and
insecticides.” Over eight million tons of PO are produced annually,
mostly via the chlorohydrin and peroxidation pmccsscs.l’z Recently, a
process using H,0, has also been commerdialized."” However, the
direct synthesis of PO from propylene and oxygen remains an
important goal in industrial catalysis. The technology, the economics,
and the environmental impacts of cumrent as well as alternate
propylene epoxidation processes were reviewed by Cavani and Teles
in 2009" and Nijhuis et al. in 2006.”

The direct epoxidation of propylene by oxygen involves the
following overall stoichiometry:

1
CH, + ~0, = CHO

However, besides PO, the partial oxidation of propylene can also
form a variety of byproducts, such as acetone (AT), acrolein
(AC), propionaldehyde (propanal, PA), acetaldehyde (AA), and
formaldehyde (FA), together with deep oxidation products of
CO and CO,. Earlier research on direct PO formation involved
the use of Ag-based catalysts in an attempt to produce the
commercial success of ethylene oxide (EQ) production.'**
Many other catalytic materials and techniques were also explored
for PO synthesis, including silica-supported Cu,” various single
and mixed metal oxides,”” Au-based catalysts with H,* or H,0”
as co-reactants, titania-based c;ll:llysls,m and molten salts of
metal nitrates,” in addition to the use of O_‘“ and nitrous oxide®
as reactants. PO synthesis by Ag, clusters deposited on thin
alumina films prepared via molecular beam techniques was also
performed.'? Recently, we reported the discovery of a new class
of silica-supported multimetallic RuO,—CuO—NaCl catalysts for
the direct epoxidation of propylene by O, under atmospheric
pressure.'® This trimetallic catalyst, prepared via co-impregnation,
© 2014 American Chemical Society
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exhibits PO selectivities of 40%—350% with propylene conversions
of 10%—20% at 240—270 °C and 1 atm."? It is important to note
that all the aforementioned prior research involved measurements
of reactor exit conditions, which provide data of limited infor-
mation content,

PO is believed to occur via the formation of an oxametallacycle
propylene intermediate (OMMP, where M represents a general surface
metal atom) similar to that proposed for ethylene e_'|:vo:<.ic1..‘nion_l"’'5
However, the presence of the methyl group in propylene results in the
formation of two distinct OMMP structures, which lead to different
products. For example, CI-OMMP formation (ie, surface O is
bonded to the =CH, ) can directly form PO by cyclization and, via C1
to C2 H atom transfer, PA. Similardy, C2-OMMP formation (i.e.,
surface O is bonded to the =CHCH,) can also produce PO and, via
C2to C1 H atom transfer, AT. These OMMP structures and plausible
subsequent reactions are shown below:
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Based on this representation, the relative amounts of PA and
AT produced can indicate the dominant OMMP structure
expected to be present in a given catalytic system. On the other
hand, the formation of AC requires O insertion into the methyl
group (C3) of propylene, which is an entirely different pathway,
and, as such, could involve a different surface metal atom M.
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It should be recognized that the products PO, AT, and PA can
16

also undergo subsequent isomerizations and related reactions.
Similarly, the formation of CH;CHO and HCHO could be taken
into account by the formation of a CIOMMOC2 structure, as
shown below:
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Propylene, as well as all partial oxidation products, can undergo
further oxidations, ultimately forming CO, and H,0.

As evident from the above discussion, propylene partial
oxidation involves a highly complex network of parallel and
sequential reactions. Consequently, to better control and
optimize the propylene epoxidation reaction, detailed chemical
kinetic mechanisms (DCKM) of the underlying surface reactions
(as well as possible gas-phase reactions) must be developed and
validated over a broad range of conditions. DCKM comprise a
comprehensive description of chemical transformations in terms
of irreducible chemical events or elementary reactions for which

independent rate coeflicient parameters, frequently expressed in
the form k = AT" exp|—E/(RT)], are either available from direct
measurements or estimated from theoretical considerations.'”
DCKM are then combined with transport models for the
simulation and optimization of propylene partial oxidation
reactors.'” However, the validation of DCKM require exper-
imental data of high information content, because of the presence
of a large number of species participating in an even larger
7 In this regard, reproducing
only the reactor exit concentrations will not be a particularly
demanding test for mechanism validation. On the other hand, the
prediction of the absolute concentration profiles, i.e., shapes, of all
the major and minor species within the c:ut:l]y'tu packed beds

. 1
number of elementary reactions.””

represents a more rigorous test for DCKM validation. It can be
argued that traditional experiments in which reactor exit
measurements at different gas flow rates and/or catalyst loadings
are performed can be used to obtain similar data. However,
traditional approaches rapidly become very tedious and
extremely time-consuming especially when data of high
information content are needed. Consequently, the development
and use of new experimental techniques that allow for the rapid
acquisition of spatial profiles in reactors is desirable. In an earlier
study, Wong et al'® proposed a DCKM for the catalytic partial
oxidation of propylene to AC and acrylic acid, together with
the formation of numerous byproducts. Although these authors

did not explicitly consider PO formation pathways in their

mechanism, their work represents a good starting point for the
development of DCKM for propylene epoxidation.

Here, we report, for the first time, the spatially resolved species
concentration and temperature profiles in a catalytic fixed-bed
propylene epoxidation reactor using microprobe sampling for
the RuO,—CuO—NaCl/SiO, catalyst discovered recently in our
laboratories.'* Although microprobe sampling techniques have
long been used in high-temperature flame combustion rescan.h
to obtain spatial temperature and concentration profiles,'” their
adaptation to and use in heterogeneous catalysis is relatively
recent. Earlier applications of microprobe sampling to catalysis
include the catalytic partial oxidation (CPO) of methane
producing CO and H,™ and the omdatwe coupling of methane
(OCM) to form C,Hy and C,H, ™

B EXPERIMENTAL SECTION

Experiments were performed using a fixed-bed tubular reactor
system, as shown in Figure 1. The silica-supported multimetallic

MFC, Helium
MFC., Propylens .
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GC o
c m
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Copiliany
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c —:- L] 1 2 —
, - i WA mi
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Figure 1. Schematic of the mass flow control system, heated quartz tube
reactor setup, capillary sampling probe and gas chromatography, and
temperature measurement system. Photographic images of the packed-
bed reactor, magnified capillary probe, 80 gm sampling orifice, and
inserted thermocouple are also shown.

RuQ,—CuO—Na(l catalyst was prepar ed via the co-impregnation
method described previously.'® Briefly, predetermined weights
of amorphous fumed silica powder (SiO,, Alfa Aesar, surface area
of 145 m*/ g bulk density of powder =~ 0.2 g/ cm?) were mixed
with an aqueous solution of ruthenium [ (NH,),RuCly, Aldrich],
copper [Cu(NO;),, Alfa Aesar, ACS, 98.0%—102.0%], and
sodium [ NaCl, Alfa Aesar, 99.99% (metals basis) |. The metal salt
solution was then allowed to impregnate the support for 24 h in
air. The resulting material was then heated at 165 “C until dried,
and calcined at 480 °C for 6 h in air. The catalyst used in the
experiments had a Ru:Cu:Na metal ratio of 4:2:1 (weight ratio,
or ~3:4:4 atomic ratio) at 12 S wt% total metal loading
maximized the PO sulu.tmty Fifty milligrams (50 mg) of this
catalyst was packed into a 6-mm-diameter quartz tube and
sandwiched between two quartz wool plugs, each weighing
10 mg (Figure 1). The bulk density and void fraction of the bed
were determined to be about 0.27 g/cm" and 0.90, respectively,
assuming nonporous SiO; nanoparticles having a solid density of
2.65 g,fcm3. The reactor was placed inside a cylindrical tubular
furnace, which also preheated the feed gases. Using electronic
mass flow controllers ( MFC, MKS Billerica, MA), the total flow
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of reactant gases was maintained at 100 cm®/min at STP in all of
the experiments.

Gas sampling was accomplished by centrally inserting a
conically tapered and closed-end quartz capillary tube (800 gm,
Friedrick and Dimock, Millville, NJ) into the packed bed,
followed by gas analysis using online gas chromatography
(Varian 4900 mini GC, with molecular sieve 5A and PoraPLOT
U columns). The capillary had several 80-ym-diameter orifices
laser-drilled on its side to withdraw gases from within the bed
(see inset in Figure 1). The location of the sampling orifice and
the overall length of the probe were designed such that the
capillary tip always remained well outside the packed bed at any
sampling position to avoid channeling and gas bypass. That 1s,
the probe body always remained inserted into the entire bed
length, including the quartz wool plugs. If the probe tip were
moved into the bed during measurements, channeling would
occur through the hole created. The capillary probe withdrew gas
samples at a rate of ~3 cm’/min at STP, thus minimally
perturbing the gas flow within the reactor, which was flowing at a
rate of 100 cm”/min at STP. At this sampling rate, the residence
time of the gases in the capillary probe can be estimated to be in
the range of 25—50 ms. Temperature measurements were
performed by placing a thin (250-gm-diameter) K-type
thermocouple inside the capillary probe in the absence of
gas withdrawal. The tip of the thermocouple was positioned at
the sampling orifice. Temperature and concentration profiles
were obtained by moving the capillary (with and without the
thermocouple) in the axial direction using a micropositioning device
(Velmex, Bloomfield, NY). Positional accuracy associated with
the placement of the capillary probe within the reactor is estimated to
be +£0.25 mm. Similar uncertainty also would be expected to exist
between the temperature and concentration profiles.

The experiments were carried out at two distinct furnace
temperatures of 250 and 270 “C under a pressure of 1 atm and at
a gas hourly space velocity (GHSV) of ~30 000 h™!, Two feed
gas compositions were explored: 1 mol% C;H, (Matheson,
99%), 4 mol% O, (Matheson, 99.9%), and 95 mol% He
(Matheson 99.99%); and 1*/; mol % C3Hg, 3'/5 mol % O, and
95 mol % He. These feed streams correspond to O,/ C3Hg ratios
of 4 and 2, respectively.

The propylene conversions and product selectivities were
calculated on the basis of carbon atom balances. GC calibrations
for propylene, oxygen, and CO, were performed using mass flow
controllers (MKS) and He as a carrier gas. Calibrations for PO,
AC, AT, and PA were performed by vaporizing known quantities
of the liquid in a heated, evacuated 2250 cm?® stainless steel tank
and using He as a carrier gas.'® All calibrations yielded linear five-
point curves with a correlation factor of at least R* = 0995, using
the peak area as the basis for GC calculations.

B RESULTS AND DISCUSSION

Before presenting the results, several properties of the RuO,—
CuO—NaCl/Si0O, catalyst should be noted. First, this catalyst is
well-documented to require ~1 h of activation;'* consequently,
the results reported here were obtained after this period. Second,
this catalyst is also known to exhibit deactivation after 6 h of
continuous operation, because of the loss of chlorine.”? Although
co-feeding chlorinated hxdrocarbon:. at a parts per million level
remedies this problcm,z' we did not implement this method.
Instead, experiments were performed during the initial 2—5 h age
period of the catalysts, after which the catalysts were replaced.
In Figures 2 and 3, the spatially resolved temperature and
species mole percent profiles are presented for the feed O,/C;Hg
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Figure 2. Species concentration profiles, including O, propylene
(C3Hg), CO,, propylene oxide (PO), acrolein (AC), acetone (AT), and
H,0 and temperature profile for a feed of 12/ mol % CyH,, 3'/; mol %
0Oy, and 95 mol % He at 250 “C.
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Figure 3. Species concentration profiles, including O,, propylene
(C3Hg), CO,, propylene oxide (PO), acrolein (AC), acetone (AT) and
H,0O and temperature profile for a feed of 12/3 mol % C sHe 375 mol %
O, and 95 mol % He at 270 °C.

ratio of 2 at furnace temperatures of 250 and 270 “C, respectively.
A total of seven species were quantified: O,, C;Hg, PO, AT, AC,
H,0, and CO,. Concentrations of other likely products (e.g., PA
and AA) were too low for detection using the GC system with
any appreciable accuracy. With the exception of the H,O
concentrations, which were calculated from oxygen atom
balances, all the species were quantified directly from GC
measurements, using a multipoint GC calibration process
performed before the experiments. In Figures 4 and 5, the
corresponding spatial profiles for the PO and CO, selectivities
and CyHg conversions are presented.
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Figure 4. Propylene oxide (PQO) selectivity, CO, selectivity, and
propylene (C3;H,) conversion profiles for a feed of 1%/; mol % C;H,,
3'/3 mol % O, and 95 mol % He at 250 °C.

In all the figures, the positions of the catalyst bed and quartz
wool packing are indicated by vertical dashed lines; the catalyst
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Figure 5. Propylene oxide (PO) selectivity, CO, selectivity, and
propylene (C;H) conversion profiles for a feed of 17/5 mol % C3H,,
3'/3 mol % O,, and 95 mol % He at 270 °C.

packing starts at ~1.5 cm and ends at ~3.0 cm, corresponding to
abed depth of 1.5 cm. As evident from Figures 2 and 3, the spatial
concentration and temperature profiles measured within the bed
provide information-rich data on the kinetics and mechanism of
the propylene and oxygen reaction. In contrast, the profiles at the
catalyst exit were essentially featureless and contain very limited
information.

As seen in Figure 2, the temperature increased to a maximum
of ~272 °C at 1.1 cm into the catalyst bed (i.e., at a distance of
2.6 cm along the reactor), corresponding to a temperature rise
of ~22 “C, then decreased toward the exit of the reactor. Since
the reactor was not adiabatic, this temperature profile is expected
for an exothermic reaction. The possible presence of radial
temperature gradients was also explored by placing multiple
thermocouples at different radial positions at the same axal
position. These studies indicated radial temperature differences
that were within measurement errors of 2—35 “C, which suggests
that the treatment of the reactor as being quasi one-dimensional
appears to be a reasonable assumption. The temperature decreases
observed in the later stages of the catalytic bed are indicative of the
increased importance of product adsorption on the title reaction. As
product concentrations increase in the gas phase, their desorption
rates from the catalyst surface should decrease, thereby decreasing
the overall rate of the reaction. Consequently, decreases in the heat
generation rate can no longer exceed heat losses into the furnace (at
250 °Q), resulting in a net decrease in reactor temperature at
increased propylene conversions.

An important issue that must also be considered in the
acquisition of accurate temperature profiles in reactors is the
thermal conduction along the thermocouple wires. Conduction
can result in temperature smoothing and profile shifts, especially
when large temperature gradients (e.g,, >100s “C/mm, as seen in
flames) exist. " However, in the current experiments, such effects
appear to be relatively insignificant.

The species profiles shown in Figure 2 at a feed temperature of
250 “C show both confirmatory and new features. First, the
integral (i.e., exit) reactor performance was ~10% C;Hg4
conversion and 42% PO and 58% CO, selectivities, consistent
with the O,/C;Hg ratio of 2 (see also Figure 4) and previous
experiments.” Second, the quartz wool packing had no catalytic
activity, with respect to either propylene or the products, as
all the concentration profiles remained flat prior to and after
the catalyst bed. Third, reactions outside the catalyst bed can also
be ruled out under the prevailing conditions. The fact that the
measured concentration profiles remained flat (ie., did not change
with axial position within the quartz wool and reactor exit) supports
the notion that reactions inside the sampling capillary were
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unimportant in our experiments. Fourth, the entire catalyst bed
depth was actively utilized in creating the integral results (ie., PO
levels monotonically increased with distance along the reactor until
the end of the catalyst bed). Finally, there was a sudden increase in the
AT concentration at 3.4 mm (ie., within the quartz wool packing),
which can be attributed to the detection limits of the GC. Evidently, at
the lower temperatures associated with the downstream quartz wool
section and beyond, the increased gas density was sufficient to bring
AT levels above the detection limits of the GC.

From Figure 2, it can be seen that PO formation started early
in the catalytic bed and steadily increased with distance along the
reactor, reaching a peak level of ~0.075%. On the other hand,
CO, formation rate was faster, ultimately reaching a peak level of
0.25% at the exit, concomitant with the formation of H,O
(peaking at 0.38%). The higher CO, formation rate is not
surprising,since 3 moles of CO, are produced per mole of C;
species combusted. The profiles presented in Figure 4 reveal that
PO selectivity also steadily increased and that for CO, decreased
with increasing residence time in the reactor. These results
clearly present useful trends that can be exploited for the design
and operation of packed-bed reactors to improve PO selectivities.
For example, increasing residence time can be beneficial in
improving PO selectivity under the prevailing conditions.

The corresponding spatial profiles along the reactor at 270 °C
feed temperature are shown in Figure 3. In this case, the
temperature peak of 301 “C occurred at a distance of 2.6 cm
along the reactor (i.e, 1.1 cm within the catalyst bed). Under
these conditions, propylene conversion expectedly increased to a
value of ~17.5%, as shown in Figure 5. This increase corresponds
to an apparent activation energy of ~11 kcal/mol. However, the
higher feed temperature of 270 “C had a significant detrimental
effect on PO formation, both with respect to concentration
(Figure 3) and selectivity (Figure 5). For example, the peak PO
levels were only 0.06%, while CO, levels increased to 0.65%. The
apparent activation energy for CO, formation corresponds to
~15 kcal/mol. Similarly, the PO selectivity only reached 20%
(Figure S5), in contrast to 80% for CO,. At 270 “C, the spatial
profile for PO selectivity also exhibited a weak increasing trend,
with respect to the distance along the reactor, in marked contrast
with the results at 250 “C (Figure 4).

As noted earlier, trace levels of AC and AT were also produced
in the current experiments, the profiles of which are shown in
Figures 2 and 3. AC clearly was more abundant than AT under
the conditions investigated. The absence of any measurable PA in
the product mix may suggest that C2OMMP is the major route
for PO formation, which also produces AT. However, the
subsequent destruction of PA cannot be ruled out without a
detailed chemical kinetic analysis. At a feed temperature of
250 “C (Figure 2), the peak levels of AT and AC were ~0.2 X
1073 % and ~0.1 X 1072 %, respectively. That is, AC levels were a
factor of ~3 higher. It is interesting to note an abrupt increase in
AT levels at the exit of the catalyst bed in Figure 2. This is related
to the insensitivity of the GC to the low concentrations of
AT early in the reactor. That is, sampling probe artifacts can be
ruled out, since at slightly higher concentrations (i.e., at 270 °C,
Figure 3), AT profiles exhibit the expected trends. Unlike PO,
increasing the feed temperature to 270 “C increased the AT and
AC peak levels to 0.4 X 107% % and 0.5 X 1072 %, respectively
(see Figure 3). Concentrations reported on Figures 2 and 3
suggest apparent activation energies of ~11 and ~30 kcal/mol
for AT and AC formation reactions, respectively. The higher-
temperature sensitivity of AC formation is also consistent with
the relatively weaker allyllic C—H bonds.
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In addition to their magnitudes, the shapes of the
concentration profiles presented in Figure 3 also provide new
insights on the kinetics and mechanisms of formation of AC, AT,
and PO. For example, AC formation can be seen to be prompt,
exhibiting its highest rate at the entrance to the catalytic bed. In
contrast, AT and PO exhibited a well-defined induction period.
These results are consistent with the two different mechanisms
associated with the formation of AC and PO/AT, respectively, as
discussed earlier.

In order to quantify the effects of feed gas composition on
species concentration profiles, experiments were also performed
at the O,/C;Hg ratio of 4 and at a feed temperature of 250 °C,
and these results are presented in Figure 6. The corresponding

25 = - - - 275
\Quartz ; ¢— Catalyst —. (Quortz ¢
:Woc\ i :'Hac‘ :
'
\ 7
20 | 210
. ¢ —— 022
g Conditions 265 g |—=—C3H6
a 1.5 [ 1mom Cshg & | —a— CO2x3
= 4 moms 0, £ |——Poxt0
° 85 mofs He 260 §
= 100 cm/min 5 |——ACx100
§ 10 F2sorc  oacesag E | —<—ATx1000
2 50 mg catalyst “foas 256
@ Ru-CU-NaCISIO; 4 ‘, ¥dcaaca sascy = :«2013
) I i .
os 5 A .’; Vo
A ! . 250
N TSy piie
0.0 BT o ARV i 245
0.0 10 20 30 40 50
Distance Along Reactor (cm)

Figure 6. Species concentration profiles, including O,, propylene
(C3Hg), CO,, propylene oxide (PO), acrolein (AC), acetone (AT), and
H,0, and temperature profile for a feed of 1 mol % C3Hg, 4 mol % O,,
and 95 mol % He at 250 °C.
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Figure 7. Propylene oxide (PO) selectivity, CO, selectivity, and
propylene (CyH,) conversion profiles for a feed of 1 mol % C;H,, 4 mol %
0,, and 95 mol % He at 250 °C.

profiles for propylene conversion and PO and CO, selectivities
are presented in Figure 7. The peak temperature was ~271 °C, a
21 °C temperature increase, where the peak is positioned at
a distance of ~2.5 cm along the reactor (ie, 1.0 cm within
the catalyst bed). From Figure 6, peak PO, CO,, and H,O levels
were 0.09%, 0.50%, and 0.63%, respectively. A comparison
of these results to Figure 2 indicate that increasing O, increases
the degree of propylene total combustion to CO,, relative to
epoxidation, which is an expected result. As seen in Figure 7,
although propylene conversions increased and exhibited a peak
level of ~25%, the maximum PO selectivity decreased to 38%,
with CO, selectivity increasing to 62%. The PO selectivity also
increased modestly with increasing residence time in the catalytic
bed, in sharp contrast to the experiments at the O,/C;Hj ratio
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of 2 (Figure 4). Significantly higher levels of AT and AC were
also produced at the O,/ C;3Hg ratio of 4, with peak concentrations
of ~0.3 x 1072% and ~0.2 x 107> %, respectively. These levels
are ~50% higher than those observed in Figure 2.

B CONCLUSIONS

Detailed species concentration and temperature profiles have
been obtained for the first time in a propylene epoxidation fixed-
bed reactor packed with RuO,—CuO—NaCl/SiO, catalysts.
These profiles reveal significant new insights on the catalytic
kinetics and mechanism of propylene epoxidation. In particular,
spatial profiles indicate that acrolein (AC) formation was prompt
and occurred early in the catalyst bed. In contrast, both acetone
(AT) and propylene oxide (PO) production exhibited well-
defined induction periods. These findings point to two different
mechanisms associated with the formation of AC and AT /PO,
respectively. The absence of any measurable propanal (PA) in
the product mix also suggests that C2OMMP may be the
preferred route for PO formation in this catalytic system. The
spatial profiles reported represent information-rich data that are
of significant utility for the development and validation of
detailed chemical kinetic mechanisms for propylene partial
oxidation in general and epoxidation in particular.
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Discovery of Superior Cu-GaO,-HoO, Catalysts for the
Reduction of Carbon Dioxide to Methanol at Atmospheric

Pressure

Bahman Zohour,” Iskender Yilgor,™ Mehmet A. Gulgun,'” Ozgur Birer,” Ugur Unal,™

Craig Leidholm,” and Selim Senkan*"®

Catalytic conversion of carbon dioxide to liquid fuels and basic
chemicals by using solar-derived hydrogen at, or near, ambient
pressure is a highly desirable goal in heterogeneous catalysis.
If realized, this technology could lead to a more sustainable so-
ciety together with decentralized power generation. A novel
class of holmium-containing multi-metal oxide Cu catalysts,
discovered through the application of high-throughput meth-
ods, is reported. In particular, ternary systems of Cu-GaO,-
HoO, > Cu-Ce0,-HoO, ~Cu-La0,-HoO, supported on y-ALO; ex-
hibited superior methanol production (10x) with less CO for-
mation than previously reported catalysts at 1 atm pressure.
Holmium was shown to be highly dispersed as few-atom clus-
ters, suggesting that the formation of trimetallic sites could be
the key for the promotion of methanol synthesis by Ho.

Efficient catalytic reduction of carbon dioxide, the primary
product of the combustion of fossil fuels and an increasing at-
mospheric greenhouse gas, to methanol represents an impor-
tant step towards the creation of a sustainable society. Metha-
nol has been proposed both as a chemical feedstock as well as
a convenient liquid medium of energy storage”™ Although
the CO, reduction process requires molecular hydrogen, it can
easily be obtained by the electrolysis of water by using elec-
tricity obtained from photovoltaic cells or wind turbines.®®
Once produced, methanol can be transformed into a wide
range of useful chemicals, such as dimethyl ether (DME), ethyl-
ene, gasoline, diesel, and others by using established tech-
nologies."™ In addition, methanol can also be used directly in
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combustion engines and fuel cells, thereby allowing the con-
tinuous generation of electricity and enabling energy sustaina-
bility.

Currently, methanol is produced exclusively from syngas
(CO/CO4/H,) obtained from the reforming of fossil fuels in cen-
tralized facilities, over Cu-ZnO catalysts promoted by Al,O; at
50-100 bar (1 bar=0.1 MPa) and 200-300 C.*' This catalyst
is also active for the water-gas-shift reaction."*'" Owing to
the practical importance of this technology, catalysts for meth-
anol synthesis have been studied extensively and optimized
for use with syngas at high pressures. Most catalysts investigat-
ed to date for the title reaction are based on the Cu-ZnO-Al,O,
system modified by metals such as Zr, Ga, Si, Al, B, Cr, V, Ti, and
others.” Although high methanol yields have been reported
at a pressure of 360 bar,"”"! Cu-ZnO-AlLO; system could not be
used efficiently for neat CO, reduction at low pressures.”? This
finding demonstrated the need for the discovery and optimiza-
tion of new and more active catalysts for methanol synthesis.
Recently, a Ni-Ga/SiO, system prepared by the standard im-
pregnation technique was reported to give methanol yields
that were comparable to the traditional Cu-ZnO-Al,0; catalysts
prepared by co-precipitation at atmospheric pressure.*? In an-
other recent report, also at 1 atm, CeQ, deposited on Cu(111)
and Cu-CeO, co-deposited on TiO,(110) surfaces (by chemical
vapor deposition) produced significantly more CH,;OH than the
Cu-ZnO(000 1) surfaces!”™ A hybrid oxide catalyst comprising
MnO, nanoparticles supported on mesoporous Co,0, was also
recently reported to exhibit significant CH;OH production at
a higher pressure of 4 bar, together with CO and hydrocarbon
products ¥

Methanol formation from carbon dioxide and hydrogen pro-

ceeds via the following reaction:
CO, +3H; — CH;0H + H,0  AH, = =52 kmol ™' (1)

This reaction is often accompanied by the reverse water-
gas-shift reaction (RWGS):
CO; +H; — CO +H,0 AH, = 42k)mol ™’ (2)

In the presence of acidic surfaces, for example, H-ZSMS5 or -
Al,O,, the CH;OH produced is readily converted to DME, which
is also a desirable product, by dehydration %2

2-CH;0H « CH;OCH; + H,O  AH, = —15 kK mol ' (3)

Herein, we report the discovery of a series of superior and
novel holmium-containing catalytic materials for the low-pres-
sure reduction of CO, to CH;OH and DME. By using impregna-
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tion and high-throughput (HT) catalyst-screening technologies
developed in our laboratories,'” ™ we systematically investigat-
ed the oxides of single, binary, and ternary combinations of 27
metals (total metal atom loading of 20 wt%) with several sup-
port materials in over 3000 experiments. Our studies led to the
discovery of y-Al,Os-supported Cu-GaO,-HoO, as well as Cu-
Ce0,-HoO, and Cu-La0,-HoO, systems, which exhibit superior
methanol production and less CO formation than other materi-
als reported in the literature. The observed higher activity and
selectivity of the Cu-Ga-Ho system could to be related to the
formation of trimetallic active sites.

Initial screening experiments led to the determination of
a number of binary systems that exhibited catalytic activity for
CH;0H synthesis mostly over the y-Al,O; support. These binary
systems, in decreasing order of CH;OH production at 260 C
were:  Cu-Ga'"?¥ > Cu-La®? - Cu-Ce™® = Cu-Ho - Cu-2r'" > Ga-
Ni/Si0,%) - Cu-Zn""*"*'¥ - Ga-Ho - Cu-Mg > Zn-Ir, which are con-
sistent with the literature. The validity of our experimental ap-
proach is supported by the observation that the relative per-
formances of our as-prepared Cu-Zn/Al,O; and Ga-Ni/SiO, cata-
lysts are similar to one another, a finding that is identical to re-
sults reported by Studt et al. who used co-precipitation to syn-
thesize the traditional Cu-Zn-Al,O; catalysts.”?! The higher-
performing binary systems were then used as the basis to ex-
plore the ternary systems at different loadings and tempera-
tures. In Figure 1, the reactor exit mole percentages for CH;OH
(% 10%), DME (x10%, and CO (x0.5x10% are presented for the
Ho-containing ternary catalysts with the best performance to-
gether with selected binary systems for comparison. The
values presented in Figure 1 correspond to the average of
three different sets of experiments that were within 10% of
each other. It should be noted that CO, conversions, thus
product mole fractions, were small because of the high gas ve-
locities used (GHSV=:200000 h~"). The high gas velocities al-
lowed the catalysts to remain isothermal, which enabled the
undertaking of rigorous comparisons of their intrinsic activities.
The results reported herein must be studied in greater detail
to better understand the catalyst structures, activities, selectivi-
ties, reaction mechanisms, and optimization of their perform-
ances.

From Figure 1a it can be seen that our HT experiments pro-
duced the following order for CH;OH production for some of
the previously reported catalysts at 260 C: Cu-Ga,0; (3)"“% =
Cu-La,0; (9" =>Cu-CeO, (11)%¥ > Cu-Zn-(Zr-ALO;) (7)"%3 >
Cu-ZrO, (6)" >Ga-Ni/Si0, (13)*? ~Mn0O,/m-Co;0, hybrid
(16)24 ~Cu-Zn0,/A1L,0, (1).11%123) Unlike the reported high per-
formance at 4 bar, the methanol production of the hybrid
MnO,/m-Co;0, catalyst (16)!*" was surprisingly poor at 1 atm,
only on par with the as-prepared Cu-Zn/Al,O; (1)~Ga-Ni/SiO,
(13) systems (see Figure 1a); nevertheless, 16 was a very active
catalyst producing very high levels of CO and CH, along with
some C,H, and higher hydrocarbons (C; ).

As evident from Figure 1, our y-AlOs-supported ternary Cu-
GaO,- HoOr catalyst (4, Cu-Ga-Ho at 8-8-4 metal wt%) together
with the Cu-LaO,HoO, (10, Cu-La-Ho at 10-5-5 metal wt%)
and Cu-CeO,-HoO, (12, Cu-Ce-Ho at 10-5-5 metal wt%) sys-
tems significantly outperform the previously reported systems.
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For example, at 260 C (Figure 1a), the Cu-GaO,-HoO, catalyst
(4) produced CH,OH at 1.14 x 10 *%, which is about a factor of
10 higher than the Cu-Zn/Al,O; system (1) of 0.112x10 “%,
while producing similar levels of CO. It is also important to
note that catalyst 4 also produced significant levels of DME. In
fact, if we were to combine the yields for DME (2x0.42x
10 =0.84%x10"* and CH;OH (1.14x10°%) (4), at 260 C, the
performance of catalyst 4 would be a factor of 17 higher than
that of catalyst 1 and 13. These results correspond to
a CH;OH + DME selectivity of 489% for the Cu-GaO,-HoO, (4)
catalyst at 260 C. The turnover frequency (TOF) of catalyst 4
was estimated to be approximately 1.6x10*s™' at 260 C (Fig-
ure 1a) for the combined production of CH;OH and DME; this
was calculated by assuming =7 nm diameter spherical Cu
metal clusters (= 20000 Cu atoms) and ==3000 surface atoms
exposed for reaction and 10% reactant gas utilization.”” Simi-
lar considerations for the Cu-Zn/Al,O; catalyst (1) result in
a TOF value of 0.45x%10 °s ', which is in agreement with the
values reported in literature,!*4

Holmium also had a dramatic promotional effect on some of
the reported binary CH3;OH catalyst systems. For example, both
CH;OH and DME production increased significantly by the Ho
doping of catalyst 1 by more than a factor of two (2) at 300 C.
For the case of the Cu-CeO, (11), Ho doping was also influen-
tial, increasing CH;OH levels by approximately a factor of two
(12) at 260 C. However, Ho did not promote CH;OH formation
in the Ga-Ni/AlO; system (15), although it significantly in-
creased CO and CH, (not included in Figure 1) production.

Increasing the temperature from 260 to 280 C significantly
increased CH;OH production for the Cu-GaO,-HoO, (4) catalyst.
However, increasing the temperature further from 280 to
300 C resulted in a smaller increase in CH;OH formation. This
result is not surprising in view of the equilibrium considera-
tions of this exothermic reaction [Eq (1)].”" On the other hand,
increasing the temperature increased the CO production sub-
stantially, clearly demonstrating the need to develop low-tem-
perature catalysts for the synthesis of CH;OH from CO..

Rapid decreases in CH,;OH production were observed within
few hours with the Cu-Zn/Al,0; (1) catalyst. None of the y-
Al,O;-supported Cu-GaO,-HoO, (4), Cu-LaO,-HoO, (10), or Cu-
CeO,-HoO, (12) exhibited any significant deactivation or
change in methanol selectivity during ~10 h of continuous
runs or after repeated reduction-reaction cycles. The time-on-
stream performance of the Cu-Ga0O,-HoO, (4) catalyst present-
ed in Figure 2 at 260 C shows that the combined selectivities
for CH;OH and DME remained at approximately 48% for the
entire 10 h testing period.

In the Cu-Zn/Al,O; system (1), the metallic copper clusters
are accepted to be the sites for methanol synthesis, whereas
Zn0O has been proposed to act both as a physical promoter
(i.e., to assist in the formation of a larger number of surface Cu
sites) and as a promoter for the Cu-ZnO synergy.""! The same
Cu-Zn0 sites are also believed to be catalysts for the RWGS re-
action. It is also widely accepted that CH,OH production from
CO, over Cu-ZnO catalysts occurs via the formation of surface
formates HCOO-M —HCOOH-M —CH;30,-M —CH;0-M —CH,0-
M —CH,OH-MBY

© 2016 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim
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Figure 1. Reactor exit CH,OH, DME, and CO mol% levels for the high-performing Ho-containing catalysts together with some previously reported catalytic
systems at a) 260 C, b) 280 C, and <) 300 C. Significant amounts of CH, were also produced with the Ni-containing catalysts (13, 14, 15) and for 16, but are
not presented for clarity. [n]* refers to catalytic materials reported recently in the literature at low pressures.

For the Ni-Ga/SiO, system (13), the Ga-rich sites have been
reported to facilitate methanol synthesis, whereas the Ni-rich
sites have been suggested to be responsible for the RWGS and
methanation reactions.”” Consequently, the superior per-
formance of the Cu-GaO,-HoO, system (4), which contains
both Cu and Ga sites, can be due, in part, to their mutual phys-
ical and chemical promotion (3). The remarkable effect of Ho
in the promotion of methanol synthesis could be attributed to
the formation of very small clusters that are highly dispersed.
As discussed in the characterization section below, STEM
images of catalyst 4 showed the presence of few-atom (1-
3 atom) Ho clusters. Some of these clusters also appear to be

ChemCatChem 2016, 8, 1464 - 1469 www.chemcatchem.org

positioned along the Cu and Ga cluster interfaces or on the
surfaces of their alloys, creating trimetallic sites that could be
the key for the promotion of methanol synthesis by Ho. This
representation is also supported by the experimentally ob-
served order of activity of the CH;OH catalysts, that is, Cu-Ga-
Ho (4) > Cu-Ga (3) > Cu-Ho > Ga-Ho.

The reduced Cu-GaO,-HoO, system was characterized (4, Cu-
Ga-Ho at 8-8-4 metal wt% loading and 5.3/4.8/1 atom ratio) by
using BET analysis (Micromeritics ASAP 2020 using N,), scan-
ning transmission electron microscopy (STEM, JEOL, JEM-
ARM200CFEG UHR, with EDS), X-ray diffraction (XRD) (Bruker
Xflash 5010), and X-ray photoelectron (XPS) (ThermoScientific

© 2016 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim
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Figure 2. Time-on-stream behavior of the Cu-GaO,-HoO, (4) catalyst shows
no significant performance change over a 10 h testing period

K-Alpha) spectroscopy to develop insights on its structure and
surface chemistry. BET analysis indicated a surface area of
142 m?’g ' for the catalyst, consistent with the alumina sup-
port. The XRD spectra (see the Supporting Information) only
showed the features of the Al,O; support, suggesting the pres-
ence of amorphous Cu, Ga, and Ho moieties or their nanosize
crystallites. This finding was also confirmed by the high-resolu-
tion TEM studies (Figure 3); HR-TEM images of the reduced cat-
alyst 4 (Cu-Ga-Ho at 8-8-4 wt% metal loading and atom ratios
of 5.2/4.8/1) is provided in Figures 3a and 3b. Element map-
ping images obtained from STEM/EDS indicate the presence of
5-7 nm Ga (Figure 3e) and Cu (Figure 3f) clusters in close
proximity to one another, which also suggests the possibility
of some alloy formation. On the other hand the Ho map did
not show the presence of larger particles (Figure 3¢). The high
angular annual dark field (HAADF) Z-contrast (~z% image indi-
cated that the heavy Ho (z=165) is highly dispersed and exists
only as few-atom (1-3 atom) clusters (Figure 3d).
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Ex situ XPS studies of the reduced catalyst 4 indicated the
presence of both Cu® and CuO, whereas only Ga,0, and Ho,0;
were observed at the surface (see the Supporting Information).
Some oxidation of Cu was observed because of exposure to
the atmosphere during sample transfer to the XPS system.
Consequently, Cu-Ga,0;-Ho,0; could be the correct represen-
tation of catalyst 4. It is interesting to note that the surface
concentration of Ga was higher, whereas those for Cu and Ho
were lower, than their nominal/bulk values for the Cu-Ga,Os;-
Ho,0; (4) catalyst. Further characterizations, as well as detailed
kinetic and quantum modeling studies, are underway to better
understand the nature of the active site(s) and to explain the
mechanism of action of the novel Cu-Ga,0;-Ho,0; system in
the promotion of CH;OH synthesis from CO, and H..

In summary, high-throughput impregnation synthesis and
reaction screening of the binary and ternary combinations of
27 metals and 5 supports for the hydrogenation of CO, to
CH;OH under atmospheric pressure led to the discovery of
a novel class of superior ternary catalytic materials containing
holmium, while reproducing the trends for the relative per-
formances of the already established binary catalytic systems
from the literature. The Cu-Ga,0;-Ho,0,/v-Al,0O; system exhibit-
ed the highest CH;OH production together with significant
levels of DME formation, and maintained its activity and selec-
tivity over a long period of time. Considering the significant
practical interest of these processes for a sustainable chemical
industry and society in general, the newly discovered catalytic
materials reported herein require further investigations to
better understand the nature of the active sites, optimize their
synthesis and operating conditions, including studies at higher
pressures, to increase CH,OH and DME yields.

c

——— 10 nm

BF(frame1)

Ga K c———— 10 nm CukK

Figure 3. a,b) HR-TEM images of the reduced catalyst 4 (Cu-Ga-Ho at 8-8-4 wt% metal loading and atom ratios of 5.2/4.8/1). ¢,d) STEM-EDS images of the ele

ment maps of Ho, e) Ga, and f) Cu over y-Al,O,
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Experimental Section

The catalysts were prepared by impregnation of powders of y-
AlL,O;, Ce0,, SiO,, TiO,, and Y-ZrO, with single, binary, and ternary
mixtures of aqueous (nitrate) salt solutions of 27 metals: Li, Na, Rb,
Cs, Mg, Ca and Sr, Ga, V, Cr, Mn, Co, Ni, Cu, Zn, Zr, Ru, Ir, Ag, Au, La,
Ce, Pr, Dy, Ho, Er, and Yb. Systematic consideration of different
metal ratios and loadings necessitated the preparation of approxi-
mately 3000 distinct catalytic materials. For example, the best-per-
forming trimetallic (Cu-GaO,-HoO,/y-Al,O;, 4) catalysts were pre-
pared as follows: A predetermined amount of y-Al,O; support (Alfa
Aesar, surface area of = 150 m*g™~') was soaked in an aqueous solu-
tion of Cu(NO;),-2.5H,0, Ga(NO;);6H,0, and Ho(NO;);:5H,O (Alfa
Aesar) at concentrations previously determined to yield the desired
metal loadings. The mixture was then dried at 120 C while stirring,
followed by calcining in air at 450 C for 6 h. In addition, the re-
cently reported hybrid MnO,/m-Co;0, catalyst (16) was acquired
and tested.”?"!

Catalyst screenings were performed by using a high-throughput
(HT) array channel microreactor system, which is shown in
Figure 4, details of which have been described previously.?*?" The
system allows parallel screening of up to 80 catalytic materials. In
array microreactors, reactant gases flow over the flat surfaces of
compacted powders (20 mg of y-Al,Os-based and 6 mg of SiO,-
based) of catalytic materials that are placed into the wells in each
reactor channel (see Figure 4 top right inset). Consequently, the
majority of the gases exit the reactor while only a small fraction
(~10%) participate in the catalytic reaction process.”” This ar-
rangement results in the establishment of identical flow rates or
contact times in every channel, which enables the rapid compari-
son of the catalytic performances of up to 80 catalysts in a single
experiment. The experiments were performed in the following
manner: Firstly, the catalysts were reduced under H,/He (50/50)
flow at a temperature in the range of 230-350 C for 2 h. Catalysts
were then cooled to the desired reaction temperature while still
under H,/He flow, and the gas flow was switched to the reactants.
The experiments were performed at 260, 280, and 300 C, at 1 atm
pressure and at gas hourly space velocity (GHSV) of approximately
200000 h™'. The feed gas consisted of 25vol% CO, (Matheson,

Figure 4. High-throughput microreactor catalyst screening system. A) Reac-
tor bank with 20 parallel channels (4 banks, total 80 channels) micro-ma-
chined over a ceramic plate; B) Capillary gas-sampling probe; C) Gas analysis
performed by mass spectrometer {(MS) or gas chromatograph (GC); D) Wells
for the placement of catalyst pellets or powders; E) Temperature-controlled
heating block with a preheat zone (not shown); F) Insulation. The top right
insert shows the schematic of the side view of a channel reactor: G} Reac-
tant and product gases flow through the channel, which is embedded into
the lower ceramic plate (H) and isolated by the cover plate (l). Gases flow
over the catalyst bed (D) resulting in minimal pressure drop. The capillary
probe (B) is also shown inserted into the channel for sampling.
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99.9% purity) and 75 vol% H, (Matheson, 99.99%). Gas sampling
was accomplished by withdrawing reactor exit gases by using
a passivated 200 micron ID capillary sampling probe that was se-
quentially positioned into each reactor channel, followed by on-
line gas analysis either by mass spectrometry (MS, Stanford Re-
search Systems, RGA-200) or by gas chromatography (Micro-GC
Varian, CP-4900). The GC had dual Porapak U (10 m) and molecular
sieve 13X (10 m) modules each equipped with individual thermal
conductivity detectors (TCD). Using MS analysis the screening of
the entire 80-catalyst library typically took 30 min or less depend-
ing on the sampling capillary dwell time inside and outside the re-
actor channels and the mass range and scan rate of the MS. /%27
Consequently, MS analysis was used for initial screening to rapidly
identify promising leads. The leads were then studied in greater
detail by gas chromatography in smaller sets of 10 to 20 catalysts
to better compare them under similar time-on-stream conditions.
In the present work, each GC analysis took approximately 2.5 min
for completion including a 30 s sampling time. The following prod-
ucts were detected and quantified: CH,;OH, CH;OCH; (DME), CO,
CH,, C;s, and C;s. However, only CH,;O0H, CH,0CH; (DME), and CO
were reported in Figure 1 for clarity.
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