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ABSTRACT OF THE THESIS

Modeling and Design of a Combined Electrified Steam Methane Reforming-Pressure Swing

Adsorption Process

by
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Master of Science in Chemical Engineering
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Professor Panagiotis D. Christofides, Chair

Steam methane reforming (SMR) is the most widely used hydrogen (H2) production method,

converting natural gas and steam into H2 and carbon dioxide (CO2). SMR is a well-studied pro-

cess widely used in industrial applications to produce hydrogen, where fossil fuels are burned to

provide heat for the endothermic reforming reactions, ultimately contributing to the production

of greenhouse gas emissions. To mitigate emissions stemming from heating, a proposed solution

involves utilizing an electrically-heated steam methane reformer process. Moreover, conventional

SMR uses a packed bed catalyst and is heated by surrounding furnace; however, an electrified SMR

employs a washcoated catalyst, is resistively-heated through the outer wall of the reactor, and loses

heat to the surroundings. To further the foundational research conducted on electrically-heated re-

formers, this thesis examines the gas-phase products from an electrified reformer at UCLA, mod-

els it on process simulators, and scales up the proposed Aspen Plus model for industrial hydrogen

production. The model simulates a plant with industrial level production rate and implements a
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reformer, two shift reactors, pressure swing adsorption (PSA) for separation, and a heat exchange

network. The PSA process is modeled on Aspen Adsorption software, and the overall modeling

process developed in Aspen Plus is discussed in detail. Lastly, a sensitivity analysis is performed

on the entire process to determine the most energy-efficient conditions.
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Chapter 1

Introduction

1.1 Background

Hydrogen (H2) gas has been widely recognized as an ideal energy carrier [21] that only

generates water as exhaust upon combustion or oxidation in a fuel cell. Over 95% of H2 is currently

produced through conventional steam methane reforming (SMR) or coal gasification processes

[24]. Depending on the carbon dioxide (CO2) emissions associated with each H2 manufacturing

process, H2 is given different color labels. H2 produced via reforming of natural gas and coal is

referred to as grey and brown hydrogen, respectively, highlighting the environmental drawbacks

of these production methods. If the accompanying CO2 is captured and sequestered, then it is

labeled as blue H2. In contrast, green hydrogen, produced from renewable electricity using clean

technologies such as water electrolysis, offers a sustainable alternative to the production of carbon-

free hydrogen. However, the scale of green hydrogen production remains limited due to challenges

with the scale-up of electrolyzed energy manufacturing plants. Therefore, alternative approaches

to reduce the emission of CO2 associated with the production of H2 are required. One available

strategy is to improve conventional hydrogen production methods through the electrification of the

steam methane reforming step.
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Steam methane reforming, the most common process for industrial-scale H2 production [4],

is a net endothermic chemical process that generates H2 from methane (CH4) and steam at high

temperatures. The byproducts, carbon monoxide (CO) and CO2, must then be separated in the H2

production plant. Consequently, a typical SMR-based industrial H2 production plant is comprised

of following units: the reforming reactor, the water-gas shift reactor, a condensation section, and a

gas purification unit (e.g., [23]).

For the reforming process, conventional SMR plants typically employ multiple reactor coils

packed with a nickel-based catalyst, which are heated by a furnace fueled by the combustion of

fossil fuels, typically natural gas. [18] indicated that 1.93 kg of methane is required to heat 1 kg

of inlet methane for reforming reactions. As a result, fossil fuel-based heating is unsustainable

due to significant CO2 emissions from hydrocarbon combustion [37]. Moreover, heat transfer via

radiation from burner flames in the furnace creates non-uniform heat gradients, leading to lower

energy utilization, decreased process yields, and lower methane conversion (as can be seen in

the simulation in [17]). To address these issues, traditional heating method can be replaced with

electrical resistive heating, also known as Joule-heating, since the heating efficiency for resistively-

heated reformers nears 100%. At UCLA, an electrically-heated experimental SMR setup was

constructed to aid in the development of modeling and control strategies [6–8] that are integral

to the scale-up of this novel reforming method. However, the steam methane reformer is only

the initial stage of an SMR plant. For designing an H2 production plant with high conversion

and hydrogen product purity, additional units must be designed and simulated. Specifically, shift

reactors are needed to achieve better conversion and higher production. While these units cannot

be practically implemented at experimental scales, they can be simulated using process simulation

software, such as Aspen.

After achieving nearly complete conversion of methane and CO during the reforming reac-

tions, the H2 effluent requires further purification via separation processes. Since steam can be

condensed at room temperature, the removal of other gases, particularly CO2, must be considered.
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Hence, methods for H2 purification need to be used. Specifically, common approaches for H2

purification involve pressure swing adsorption (PSA), membrane separation, metal hydride sepa-

ration, cryogenic distillation, and chemical absorption [9, 35]. With the development of membrane

technologies, H2-selective membranes and CO2-selective membrane have been utilized for the H2

[19]. However, disadvantages such as expensive cost [29], poor selectivity [19], and fragility [30]

make it hard to implement these new membrane concepts in an industrial scale production. For

metal hydride separation, many materials for different groups and subgroups have been developed

[16]. For example, [10] successfully separated H2/CO2 mixtures by applying AB5-type alloys.

However, some major disadvantages [16], involving poor reversibility, high cost, and slow kinetics

have to be dealt with before applying these metal hydride membrane materials to industrial prac-

tices. For the cryogenic distillation, H2 gas can be used for removing hydrocarbon species based

on the difference of volatility of each gas specie [9, 34]. However, the main impurity gas is CO2 in

this case, and method is not suitable. For chemical absorption, [35] mentioned that the large-scale

use of chemical absorbent for industrial applications. Additionally, many chemicals have been

discovered as proper candidates for the chemical absorption process. For example, [15] suggested

extraction of CO2 using amine absorbing processes. However, [35] also mentioned that the H2

purity is usually less than 90% since the selectivity of amine sorbents is low.

A widely used H2 purification technique in industry today is the pressure swing adsorption

process. PSA is a well-established technology for gas separation, applied in various fields such as

gas drying, air separation, and H2 purification (e.g., [13]). Similar to other adsorption separation

processes, PSA involves two basic steps [28]. The first step is adsorption, where preferred species

are absorbed by the adsorbent. The second step is regeneration or desorption, where the absorbed

species are removed from the adsorbent to regenerate the adsorbent. Notably, the regeneration step

in PSA relies on reducing the total system pressure to remove the absorbed species, which is a

fundamental feature of PSA [28]. In terms of separation technologies, PSA can be categorized

into single-bed and multi-bed systems based on the number of absorbers [36]. Single-bed PSA
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typically has a shorter cycle time and larger pressure drop, wheras multi-bed PSA is suitable for

continuous feed and product flow [36]. Considering the continuous feed flow of H2 production, a

multi-bed PSA is usually chosen for H2 purification to get high purity of H2. In particular, a 99%

purity is usually chosen as the standard of the final H2 product, since 99% purity can be regarded

as the qualified grade in the GB/T 3634.1 standard [40].

In this thesis, an Aspen model is built and calibrated for UCLA’s experimental electrically-

heated steam methane reformer using experimental data. Subsequently, this model is scaled up

to industrial production levels and conditions. The new Aspen Plus model includes a full plant

model with shift reactors and PSA for separation. In particular, the PSA process is modeled on

Aspen Adsorption software, and the modeling process is carried out in detail. Finally, a sensitivity

analysis is conducted for the entire process to estimate the most energy-efficient conditions.

1.2 Definition of Variables

• Ci: Concentration of species i [mol ·m−3]

• dp: Adsorbent particle diameter [m]

• ϵi: Inter-particle voidage [m3void ·m−3bed]

• IP1,i: Extended Langmuir isotherm coefficient [mol · g−1 for i = CH4, CO, CO2, and H2]

• IP2,i: Extended Langmuir isotherm coefficient [mol ·K−1 · g−1 for i = CH4, CO, CO2, and

H2]

• IP3,i: Extended Langmuir isotherm coefficient [Pa−1 for i = CH4, CO, CO2, and H2]

• IP4,i: Extended Langmuir isotherm coefficient [K for i = CH4, CO, CO2, and H2]

• Ki: Adsorption constant of gas species i [Pa−1 for i = CH4, H2, CO and unitless for i =

H2O]
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• Kj: Equilibrium constant for reaction j [Pa2 for j = 1 (SMR reaction), unitless for j = 2

(WGS reaction)]

• kj: Reaction rate constant of reaction j [mol ·Pa0.5 ·(kg−cat·s)−1 for j = 1 (SMR reaction),

mol · Pa−1 · kg − cat−1 · s−1 for j = 2 (WGS reaction)]

• µ: Dynamic viscosity [m · s−1]

• MTCi: Mass transfer coefficient of species i [for i = CH4, CO, CO2, and H2]

• ni: Dynamic adsorption amount of the species i [mol · g−1 for i = CH4, CO, CO2, and H2]

• n∗
i : Equilibrium adsorption of species i [mol · g−1 for i = CH4, CO, CO2, and H2]

• Pi: Partial pressure of gas species i [Pa]

• ρg: Density of the gas species i in the reactor [kg ·m−3]

• rj: Rate of reaction for reaction j [mol · kg−1 · s−1]

• R: Universal gas constant [J ·mol−1 ·K−1]

• T : Reactor temperature [K]

• vg: Fluid superficial velocity [m · s−1]
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Chapter 2

Modeling and Design of Electrified Steam

Methane Reforming Process with Aspen

2.1 Process overview

The objective of this thesis is to simulate the electrically-heated steam methane reforming-

based H2 production plant using process simulators to examine the impact of key process parame-

ters. H2 is produced by the reaction of methane and steam flow to the reactor, as shown in Eq. 2.1,

which presents the steam methane reforming reaction (Eq. 2.1a) and the water gas shift (WGS)

reaction (Eq. 2.1b):

Steam methane reforming: CH4 + H2O ⇀↽ 3H2 + CO, ∆H298 = 206.1 kJ ·mol−1 (2.1a)

Water gas shift: CO + H2O ⇀↽ CO2 + H2, ∆H298 = −41.15 kJ ·mol−1 (2.1b)

These reactions are incorporated into an Aspen Plus simulation and the overall H2 produc-
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tion plant is designed according to [33]. The initial step involves constructing a reformer unit

to achieve significant methane conversion. Given that the steam methane reforming reaction (Eq.

2.1a) requires a catalyst, the kinetic parameters of a Ni-based catalyst are utilized in the simulation.

Additionally, reformer temperatures that range from 700-900 ◦C are used, since the methane re-

forming reaction is highly-endothermic. This reformer unit was also implemented in experimental

setups and in an advanced control system (in particular, model predictive control) was successfully

designed and experimentally implemented [7, 8]. This experimental system is used to provide

data for building an Aspen reformer model, and it is subsequently scaled up via Aspen to test the

feasibility of the electrically heated reformer with respect to industrial hydrogen production levels.

The reformer section focuses on H2 production according to Eq. 2.1a, while the shift reactor

section aims to convert the CO products generated by the reformer section, as per Eq. 2.1b. The

WGS reaction is exothermic, so it is favored at lower temperatures compared to the net endothermic

reforming reactions. Hence, in order to convert the remaining CO into CO2 to create more H2, shift

reactions take place at lowered temperatures. In the shift reactor, different catalysts are employed

since the catalyst is mainly applied for facilitating the WGS reaction. The operational conditions

for these shift reactors are defined according to [5]. For the HT-WGS, 400 ◦C is chosen and the

Fe-Cr commercial catalyst is used. Based on [25], the rate equation in Table 2.1 (rHT-WGS
2 ) is used

to simulate the HT-WGS catalytic reaction rate with the Fe-Cr commercial catalyst. For the LT-

WGS, 200 ◦C is chosen and the CuO/ZnO/Al2O3 commercial catalyst is used. Based on [22], the

rate equation in Table 2.1 (rLT-WGS
2 ) is used to simulate the LT-WGS catalytic reaction rate with the

CuO/ZnO/Al2O3 commercial catalyst. After the shift reactor section, the product effluent gas is

purified. The main molecules that need to be removed from this stream are steam and CO2. Steam

removal is achieved through a condenser, as steam can be liquefied at lower temperatures. The gas

stream leaving the condenser is mainly composed of H2 and CO2. Subsequently, CO2 removal is

accomplished via the PSA process, from which the effluent yields high-quality H2 production with

99% purity.
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Table 2.1: Operational Parameters for Hydrogen Production Process.

Process Description

SMR

Plug flow reactor with Ni/ZrO2 washcoated catalyst.
Operating conditions: 540–900 ◦C, 16 bar
Length: 2 m
Diamter: 0.0241 m
No. Tubes: 350

rSMR
1 =

kSMR
1

P 2.5
H2

PCH4PH2O − P 3
H2
PCO/K

SMR
eq,1

(1 +KCOPCO +KH2PH2 +KCH4PCH4 +KH2OPH2O/PH2)
2

rWGS2 =
kWGS
2

PH2

PCOPH2O − PH2PCO2/K
WGS
eq,2

(1 +KCOPCO +KH2PH2 +KCH4PCH4 +KH2OPH2O/PH2)
2

HT-WGS
Plug flow fixed bed reactor contains a Fe2O3/Cr2O3/CuO based catalyst .
Operating conditions: 400 ◦C, 16 bar

rHT-WGS
2 = 105.854 exp

−1.11× 105 ± 2.63

RT
P 1.0
COP

−0.36
CO2

P−0.09
H2

(1− 1

K2

PCOPH2

PCOPH2O

)

LT-WGS
Plug flow fixed bed reactor contains a Cu/ZnO/Al2O3 based catalyst.
Operating conditions: 200 ◦C, 16 bar

rLT-WGS
2 = 1.329 exp

−34.983× 103

RT
P 0.854
CO P 1.99

H2O
P−1.926
H2

P−0.573
CO2

(1− 1

K2

PH2PCO2

PCOPH2O

)

2.2 Aspen PFR Reformer Model Comparison to Experimental

Results

We have built an experimental electrically-heated SMR setup at UCLA and the details of the

setup can be found in [6–8]. The experimental setup contains a tubular flow reactor with a ZrO2

support and Ni catalyst, and the heating is provided through a power supply connected to the both
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ends of the tubular reactor through electrodes. The electrons are flowing through a conductive

reactor shell (FeCrAlloy), which provides the heat necessary for the endothermic reforming reac-

tions to proceed. In a conventional SMR setup, multiple reactor tubes with packed catalyst beds

are placed in a furnace (powered by natural gas combustion) at a very high temperature, which

provides the heating of the reactor at the expense of significant energy loss to the environment.

However, in electrified reforming, since the heat is radiated from the outer shell of the reactor

tube, the reactor heat losses to the surroundings are smaller. In order to further reduce heat losses,

electrified reformers are enveloped with insulation materials. Thus, in traditional reforming, it is

desired that the reactor wall has a high heat transfer coefficient to receive more heat from the burn-

ers while in e-SMR setups, there is a need for a lower heat transfer coefficient of the reactor wall

to reduce heat loss to the surroundings.

In addition to different heating mechanisms of these two SMR systems, one other fundamental

difference is the catalyst filling in the reactor tube. Traditional SMR uses packed-bed reactor

concepts, whereas e-SMR uses a washcoated catalyst for more uniform heat gradients. However,

in Aspen Plus, the flow reactors are modeled assuming perfect mixing in the axial direction, and

a packed-bed. This is not an ideal representation of a washcoat catalyst structure of the e-SMR,

and using an Aspen model to represent the e-SMR process should be further justified. Hence,

we modeled our experimental system with Aspen Plus, as shown in Fig. 2.1, and compared the

simulation to our experimental results.

The Aspen reformer process faithfully models the experimental setup (2.1), using the same

dimensions, inlet flowrates for each gas (including Argon which is used as a tracer in the exper-

imental setup), catalyst weight, and temperatures. The experimental setup employs two K-type

thermocouples located on the reactor wall of the inlet section and outlet section, respectively. The

experimental temperatures were recorded from both thermocouples, and used as an input to the

RPLUG reactor to represent the tube inlet and outlet temperatures. The production rates are

described in standard cubic centimeters per minute (sccm).

9



Figure 2.1: Aspen Plus reformer model emulating the Joule-heated experimental setup.

The experimental SMR system at contains a series of mass flow controllers that modulate and

maintain the inlet flow streams of CH4, H2, and Ar (39.4/17.7/6.0 sccm). The dry gas inlet mixture

travels through a bubbler where it is mixed with water vapor in a 3:1 ratio of steam to carbon

(S/C). To generate the appropriate steam flowrate to achieve this ratio, a Watlow PI controller

regulates the energy input to the heating tape that surrounds the stainless steel bubbler casing.

The temperature setpoints of the gas bubbler to produce a 70 % steam inlet mixture, or 119.5

sccm, are 96 ◦C at 1 bar and 144 ◦C at 5 bar. The bubbler efficiencies are known to be around

94% so the temperature setpoint is slightly higher than the theoretical setpoint. After the dry gas

stream is mixed with water vapor at the desired S/C ratio, the stream is heated to 150 ◦C. The

mixture proceeds to the reformer built from a 5.4 mm diameter and 500 mm length Goodfellows

FeCrAlloy © tube where the gasses come into contact with Ni surface sites on a ZrO2 washcoat.

The Ni loading in the reformer is between 158.0 to 206.9 mg and 158.0 mg is used as the catalyst

weight for computational modeling. The reformer effluent flows through a stainless-steel shell

casing cooled by flowing ambient temperature water. The cooled, unreacted water vapor liquefies

and collects in condenser bottles. The remaining gas product mixture flows through an automated
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gas chromatogram (GC), and the mixture components are quantified before venting.

To validate the Aspen Plus PFR simulation model, steady-state data collection occurred at 1

bar and 5 bar system pressures over the outlet temperature range of 500 to 800 ◦C. A theoret-

ical heat flux profile is provided as an input to the Aspen PFR model to accurately describe the

energy consumption and generation of both the SMR and WGS reactions over the length of the

reactor. The heat flux parameters of the Aspen PFR reformer model were adjusted to mirror the

experimental thermocouple measurements at 34.25 cm and 13.5 cm from the reactor outlet.

The heat flux configurations with temperature and CH4 conversion results are provided in Fig.

2.2. Specifically, the heating profiles programmed in Aspen are shown in Fig. 2.2a and Fig. 2.2b.

The initial heat flux consumed by the SMR reactions is higher for the first 40% of the tube length,

where the endothermic reaction dominates. For the remainder of the tube length, the WGS reaction

dominates, providing exothermic heat to the reformer and lessening the energy flux requirement.

This behavior is the same for all reformer simulations, and the inlet heat flux requirements range

from 0.662 kW to 3.11 kW under the different system pressures. Given additional axial temper-

ature measurements, the programmed flux profile would gain accuracy and become increasingly

linear. The resulting temperature profiles, seen in Fig. 2.2c and Fig. 2.2d would become increas-

ingly linear as well.
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bar.
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Figure 2.2: Aspen plug flow reforming reactor simulation; heat flux configuration with temperature
and conversion results as a function of the reformer length.

Still, the programmed heating profiles provide a good estimate of the average energy require-

ments over the entire length of the reactor as evidenced by the general agreement between the

experimental and computational gas product molar flowrates in Fig. 2.3 and Fig. 2.4.
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Figure 2.3: Joule-heated experimental gas product stream comparison to the Aspen Plus SMR
reactor model at 1 bar. The error bars represent the standard deviations of steady-state GC mea-
surements.
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Figure 2.4: Joule-heated experimental gas product stream comparison to the Aspen Plus reformer
model at 5 bar. The error bars represent the standard deviations of steady-state GC measurements.

Further, the conversion profiles at both pressures, being aligned with the position-dependent

temperature measurements, reveals most methane conversion occurs in the first 50% of the reac-

tor length, with much less conversion occurring in the second 50%. The only exception to this

trend occurs for the 479.6 ◦C steady-state at 1 bar and the 463.3 ◦C steady-state at 5 bar. Tem-

perature control over the experimental reformer to ramp and maintain the outer wall temperature

of the tube is provided in detail in [6]. Experimental results were expected to follow the con-

version trends of the Aspen PFR computational model with changes in temperature and pressure.
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However, considering molecular dissociations into carbon atoms by CH4 thermal decomposition

[3], the Boudouard, and CO disproportionation ([12]) reactions at higher steady-state tempera-

tures, larger absolute errors between Aspen-predicted and experimentally-measured CO and CO2

flowrates were also anticipated (Fig. 3.3).
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Figure 2.5: Experimental heat energy and carbon balance losses at 1 bar and 5 bar for 463 to 750
◦C steady-state temperatures.

Rates of carbon formation tend to increase with temperature, and solid carbon formation

peaked at 5 bar and 747.5 ◦C. Experimental heat losses are documented in Fig. 3.3a which shows

the average external heat loss from the reformer’s outer wall into the surroundings. Additionally,

the fraction of the total energy that is not consumed by the internal reforming reactions is reported.

External heat losses range from 5.95 to 13.62 kW/m2 and increase with the steady-state temper-

ature of the reformer. The fractional heat losses, dependent on methane conversion, range from

90.7% to 94.4% and are minimized at 556.4 ◦C under 5 bar conditions. With over 90% of en-

ergy losses to ambient surroundings, this novel process stands to gain the most percentage points

in energy conversion efficiency from improvements to the thermal insulation layer encapsulating

the reformer. RMSE values were used to establish the performance of the 1 bar and 5 bar Aspen

PFR steady-state simulations. At 1 bar, the errors for CH4, H2, CO, and CO2 were 4.26, 22.97,
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5.38, and 5.41, respectively. It is thought that the hydrogen error was exacerbated by lower mass

transfer to Ni surface sites on the washcoat at lower pressures or by the inhibition active catalytic

sites from carbon formation. Further, GC measurement errors range from 1-5% and contribute to

the model error as well. The RMSE values for the 5 bar steady-state measurements and CH4, H2,

CO, and CO2 predictions were 3.34, 9.62, 7.12, and 2.48, respectively. Most notably, the gas prod-

uct trends align with the Aspen models, providing an experimental validation for high-pressure

process intensification.

Reformer conversion efficiencies were calculated using Eq. 2.2

effEnergy =
(ṅH2, Out − ṅH2, In) × HHV H2

ṅCH4, In × HHV CH4 + Average Power Input
× 100% (2.2)

where the reformer energy conversion efficiency is equal to the molar flowrate of hydrogen pro-

duced times the higher heating value (HHV) of hydrogen gas divided by the quantity that multiplies

the molar flowrate of inlet methane with its HHV and adds the average power input from the DC

power supply. This calculation is formulated as such to provide a ratio of the input energy in the

form of resistance heating and chemical energy stored in CH4 molecules to the output energy stored

in the chemical bonds of the H2 target product. The optimal energy conversion efficiencies for the

1 bar and 5 bar experiments were achieved at the 663.6 ◦C and 659.4 ◦C steady-state temperatures,

which are calculated using an arithmetic average of the top and bottom thermocouple values.

Fig. 2.6 shows a 20.2% energy conversion efficiency at 1 bar which increases to 22.7% around

the same temperature at 5 bar. In the Aspen simulation, optimal energy conversion efficiencies

occur at the 749.8 ◦C and 747.5 ◦C steady-state temperatures. The energy efficiency of the 1 bar

simulation at the aforementioned temperature is 83.2% which exceeds the optimal efficiency of the

5 bar simulation by 2.0%. Considering the Aspen model is not equipped to account for external

heat losses to the surroundings, the simulation energy efficiencies are about four times that of the

experiments at either system pressure. The average heat loss to the surrounding environment is
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Figure 2.6: Aspen Plus RPLUG electric reformer model (Fig. 2.1) and experimental energy
conversion efficiencies (Eq. 2.2) as a function of temperature and pressure.

provided in Fig. 3.3a. In the future, experimental energy losses can be minimized by providing

better thermal insulation to the reformer tube and to the upstream and downstream pipelines.

2.3 Scaling Up of the Experimental SMR: Design Parameters

In literature, e-SMR reforming experiments have been conducted using one hourly space

velocity while their accompanying computational models use an entirely different hourly space

velocity. Though changing space velocities may not induce mass transfer limitations of bulk CH4

to a packed bed catalyst in a flow reactor, changes to the hourly inlet flowrates to a reformer

volume with a washcoated catalyst can reduce the mass transfer of bulk CH4 to embedded Ni

active sites. Unlike the packed bed arrangement of a catalyst, a washcoat does not come into
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contact with all of the reactants at once in a single location. Instead, the reactants must travel in

the radial direction of the tube towards the Ni surface sites. Therefore, it is possible that some of

the reactant in the center of the tubes may never reach these surface sites. Thus, to continue this

exercise in process intensification for the Joule-heated reformer considered in this work, a gas-

hourly-space-velocity (GHSV) of 1000 hr-1 and a reformer radius-to-length ratio (R:L) of 0.006

were both maintained from the experimental setup. Preserving the initial R:L dimension ratio

of the experimental reformer ensures that the surface area to volume ratio scales with any set of

radial and axial dimensions. Following this methodology, a multitube reactor was employed in the

Aspen simulation. The lengths of the individual tubes were restricted to 2 m and Fig. 2.7 shows

the R:L ratio as a function of pressure for a 200, 250, 300, and 350 multitube configuration. For

the aforementioned numbers of tubes, the flow pressures needed to maintain a 0.006 R:L ratio are

30, 23, 19, and 16 bar, respectively. Moreover, the 2 m sizing of the reactor tubes only increases

the experimental length scale by one order of magnitude and aligns with the compacted, human-

size tube lengths proposed by [37]. Generally, the forward SMR reactions favor lower pressures

which improves overall hydrogen production, and the 350 tube configuration at 16 bar and 898 ◦C

conditions was chosen as the final design as it provides the optimal process energy efficiency at

77.1% assuming zero energy flux to the surroundings.
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Figure 2.7: Pressure vs. outer radius divided by length for 2 meter reformer tubes simulated in
Aspen Plus (inlet molar flowrate = 35 mol/s and GHSV = 1000 hr-1).
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2.4 SMR Flowsheet Overview

Figure 2.8: Optimized flowsheet of the overall SMR process comprised of an electric reformer,
two WGS reactors, heat integration, a cooling stage, and pressure swing adsorption.

The scaled-up version of the SMR simulation, referred to here and throughout the rest of this study,

incorporates the essential unit operations and adjusts the inlet parameters according to prior exper-

imental findings. The configuration of the reactors is mentioned in Table 2.1. At the beginning

of the flowsheet, pressurizing methane and steam is essential for operating at industrial because

of equipment sizing constrains. Increasing pressure also maintains the GHSV of 1000 hr−1 from

the experimental setup. The methane stream undergoes pressurization through a multistage com-

pressor, which consists of 3 stages with an equal pressure ratio of 2.51 and intercoolers that are

specified such that the ratio of outlet temperatures to inlet temperatures at every stage is 0.85. The

simulation gives better energy conversion and total system efficiencies at lower pressures; however,
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this would lead to impractical reformer tube diameters for the same space velocity. The multistage

compressor is followed by the mixing of methane with the preheated steam using a mixer. The

water stream is at a temperature of 191 ◦C which is essential for maintaining a steam-to-carbon

(S/C) ratio of 3 at the operating pressure. This mixed stream is fed into the steam methane reformer

and the outlet temperature for the reformer varies from 773 to 900 ◦C depending on the heat flux

values chosen for the reformer. It undergoes the steam methane reforming reaction (Eq. 2.1a)

only (Eq. 2.1b) with Ni-based catalyst, following the kinetics described by [39]. Subsequently, the

the stream is cooled and is fed into the high-temperature water gas shift reactor, HT-WGS in Fig.

(rHT-WGS
2 in Table 2.1). The stream undergoes catalytic reaction at 400 ◦C with the reaction rate.

Afterward, the cooled product stream of the HT-WGS reactor feeds into the low-temperature water

gas shift reactor, and undergoes the water gas shift reaction at 200 ◦C with reaction rate (rLT-WGS
2

in Table 2.1). The operating conditions of the shift reactors were fixed by assigning a constant

reactor temperature of 400 ◦C and 200 ◦C for the HT-WGS and LT-WGS reactors respectively

[26]. Thereafter, the product stream is brought to 25 ◦C and then flashed using a flash drum. The

condensed water is removed through the bottoms and the vapor containing hydrogen is sent to the

PSA section for recovery of hydrogen and to obtain a high purity product.
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Chapter 3

Pressure Swing Adsorption Simulation with

Aspen Adsorption

Pressure swing adsorption is the most common method of separating mixtures of gases at

lower costs. The continuous PSA process requires at least two columns packed with an adsorbent

material, which is supposed to selectively adsorb gases with impurities in the mixture, while the

separation target gas (such as H2) passes through. A gas mixture is pushed through a packed ad-

sorbent bed using high pressures in the adsorption column. After some time of adsorption through

the bed, the bed saturates and the tank must be depressurized to reuse the adsorption beds. This

causes an inherently dynamic process, where the bed is pressurized until the saturation of the bed,

and is depressurized until the bed can be used again. To make this process more efficient and con-

tinuous, at least two columns are used. When one is pressurized, the other one is depressurized and

vice versa. As a result, the gas mixture is continuously separated. A process diagram on Aspen

Adsorption simulator is shown in Fig. 3.1. The columns are designed with respect to industrial

pressure scales, cycle times, and gas flow velocities, which were inspired by available patents for

the process. Based on these parameters, we selected a suitable column diameter and bed length.

The inlet gas mixture to PSA columns is composed of different ratios of H2 and CO2, depending
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on the steam methane reforming process. An extensive temperature range is simulated to generate

gas composition results, and the gas composition range is used to design the PSA process.

Figure 3.1: Pressure swing adsorption process flow diagram.

The simplified Skarstrom cycle is considered in the PSA simulation process, of which the

steps are shown in Fig. 3.2 [32]. The first step in the cycle is to pressurize bed 1 by feeding in

a high pressure gas mixture that aims to separate (Fig. 3.2a). Meanwhile, some portion (usually

around 15%) of the gases in bed 1 flows into bed 2 to depressurize and regenerate the bed. Once

the pressure in the beds reaches the desired value, the process proceeds to the next step. In the

second step (Fig. 3.2b), the valve V-4 shown in Fig. 3.1 is opened to allow high purity hydrogen to

exit the bed as product flow. As the adsorption step progresses, an increasing amount of adsorbent

sites become saturated by the feed gases, resulting in a decreased separation ability of the bed.
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Therefore, we are using bed 2 for the adsorption process by step 3 (Fig. 3.2c) and step 4 (Fig.

3.2d), while bed 1 is regenerated.

(a) Step 1: Pressurize bed 1 & Depressurize
bed 2.

(b) Step 2: Bed 1 adsorption & Bed 2 co-
current depressurization.

(c) Step 3: Pressurize bed 2 & Depressurize
bed 1.

(d) Step 4: Bed 2 adsorption & Bed 1 co-
current depressurization.

Figure 3.2: Steps in pressure swing adsorption cycle.
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3.1 Adsorption Model

The simulation relies on principles of mass, momentum, and energy conservation, as well

as adsorption isotherms. Aspen Adsorption incorporates mathematical model from [38] to facil-

itate these aspects. For mass transfer, a plug flow assumption without diffusion is utilized with

convection, as described dynamically by Eq. 3.1.

Mass transfer conservation Equation:
∂Ci

∂t
+ ρp

1− ϵi
ϵi

∂ni

∂t
+ vg

∂Ci

∂z
= 0 (3.1)

The adsorption kinetics adhere to the linear driving force (LDF) model, characterized by a

constant mass transfer coefficient, as indicated in Eq. 3.2.

Linear Driving Forces:
∂ni

∂t
= MTCi(n

∗
i − ni) (3.2)

The Momentum balance considers a pressure drop along the adsorption bed by using the Ergun

equation, as described in Eq. 3.3.

Ergun Equation:
∂P

∂z
= −150(1− ϵi)

2

d2pϵ
3
i

µvg + 1.75ρg
1− ϵi
dpϵ3i

v2g (3.3)

Equilibrium adsorption is depicted using the Extended Langmuir 3 model (Eq. 3.4), an inte-

grated feature of Aspen adsorption.

Extended Langmuir 3 Isotherm: n∗
i =

(IP1i + IP2iTs)(IP3ie
IP4i/Ts)Pyi

1 + Σ(IP3ieIP4i/TsPyi)
(3.4)

Additionally, the simulation accounts for one spatial dimension.
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3.2 Simulation Parameters

The industrial size PSA unit capacities range from a few hundred Nm3/h to more than

400,000 Nm3/h according to [20]. In our study, a 43 mol/s gas mixture with varying mole

fractions (Table 3.1) is fed to the adsorption bed, assuming that a small-to-medium scale manufac-

turing facility produces the specified mixture mole fractions after the shift reactors.

Table 3.1: Feed Stream Mole Fraction

No. CH4 CO CO2 H2

1 0.19 6.63×10-4 0.11 0.7
2 0.16 8.42×10-4 0.12 0.72
3 0.13 1.06×10-3 0.13 0.74
4 0.10 1.31×10-3 0.14 0.76
5 0.06 1.70×10-3 0.15 0.78
6 0.03 2.62×10-3 0.162 0.81
7 4.37×10-3 3.70×10-3 0.17 0.82

The exact feed mole fraction to the PSA is obtained from the Aspen Plus simulation. How-

ever, it is also important to note that the capacity can be increased by scaling the proposed design

and employing more PSA columns in parallel. Moreover, given that the product stream of an SMR

system is primarily comprised of hydrogen and carbon dioxide with lower concentrations of CO

at high methane conversion temperatures, activated carbon is the favorable choice for an adsorbent

in the bed for better separation. On the other hand, CO2 has a large permanent quadrupole mo-

ment, therefore, it is very strongly and selectively adsorbed on a zeolite (an alternative adsorbent

choice). However, it is difficult to desorb CO2 from a zeolite adsorbent during the operation of

the PSA process. In [31], the isothermal desorption characteristics of CO2 from activated carbon

and 5A zeolite were compared. This study demonstrated that a smaller purge stream is required to

efficiently desorb CO2 from activated carbon than from the 5A zeolite. This indicates that despite

activated carbon having moderate CO2 capacities and selectivities compared to the zeolite, its ease

of desorption makes the activated carbon a preferred adsorbent for CO2 removal. Model param-

eters of the simulated adsorbent, shown in Table 3.2 is taken from [1]; Langmuir parameters and

26



the LDF coefficient in Table 3.3 are taken from [2].

Table 3.2: Parameters of activated carbon

Average pellet size, Rp [cm] 0.115
Pellet density, ρp [g/cm3] 0.85
Bulk density, ρb [g/cm3] 0.482

Bed porosity, ϵb 0.433

Table 3.3: Langmuir parameters of activated carbon

Component MTC IP1 IP2 IP3 IP4

CH4 0.195 2.386×10−2 -5.620×10−5 3.478×10−3 1159
CO 0.150 3.385×10−2 -9.072×10−5 2.311×10−4 1751
CO2 0.036 2.879×10−2 -7.000 ×10−5 1.000×10−2 1030
H2 0.700 1.693×10−2 -2.100×10−5 6.248×10−5 1229

To establish the bed configuration and operating conditions, including cycle time and Purge/Feed

ratio, simulating the PSA unit with various parameters is essential. Given that multiple factors

affect the unit’s performance—such as bed length, diameter, superficial velocity, cycle time, op-

erating pressure, and purge/feed ratio—making assumptions becomes necessary to ascertain these

parameters. In this thesis, for scenarios where the feed H2 mole fraction is 0.7, and considering

an operating pressure of 15 bar for the separation process, it is noted that Linde Industrial recom-

mends an operating pressure range for the unit between 10 and 40 bar [20]. Fig 3.3a shows the

CO2 and H2 holdup by the adsorbent in the bed at vary linear velocity. CO2 is more adsorbed at

low velocity, leading the higher H2 purity in product stream. However, H2 is also more adsorbed at

low velocity, resulting in lower product H2 recovery. Since linear velocity affects the performance

of adsorption, selecting an appropriate bed diameter can enhance the separation efficiency. For

the gas phase adsorption process, typical velocities range from 0.15 to 0.6 m/s [11]. Figure 3.3b

presents the simulation with varying linear velocity by changing the bed diameter. For the data

with a bed length of 2.3 m and a bed diameter of 0.4 m, the linear velocity is 0.4 m/s, which results

in over 90% H2 product recovery. However, this also leads to low H2 product purity. Therefore, in
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this thesis, a diameter of 0.5 is selected, as it provides the highest H2 recovery and 99% product

purity.
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Figure 3.3: Impact of Bed Configuration and Feed Linear Velocity on PSA Performance Metrics.

Furthermore, the cycle time for each bed is crucial for the performance of the PSA unit.

Operating the PSA unit with a cycle time shorter than the breakthrough time of the bed results

in higher product purity in the product stream. Conversely, operating the unit with a cycle time

longer than the breakthrough time, although it increases product recovery, also decreases purity.

Fig 3.4 shows the cycle time at 280s not only produce higher H2 recovery but also get 99% H2

purity. In conclusion, Table 3.4 presents the adsorption bed configuration and operating condition

of the PSA unit in this thesis.
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Figure 3.4: Effect of Cycle time on Product Recovery and Purity in PSA Systems.

Table 3.4: Parameters of adsorption bed

Length,L [m] 2.3
Bed diameter,D [m] 0.5
Adsorption time [s] 280

Feed flowrate [mol/s] 43

In order to run the simulation with a specific feed flowrate, it is necessary to have the appropri-

ate valve capacity (Cv) values, which control flowrates through adjusting valve parameters. Given

that the PSA simulation is a dynamic process, attempting to run the simulation with unsuitable Cv

values often results in lack of convergence of the simulation. To address this issue, developed code

tested a range of flowrate values to determine the appropriate Cv values for various pressures using
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mass balances.

Moreover, purge/feed ratio (P/F) is also a significant parameter that influence the performance

of the PSA unit. Fig 3.5 shows that simulations with a higher P/F ratio result in higher product

purity, although product recovery decreases. Increasing the purge flow rate indicates that more

hydrogen is sent to the other bed and is separated repeatedly, resulting in higher product purity.

However, since a larger proportion of the product flow is sent to the other bed, product recovery

decreases. In this thesis, a P/F ratio of 0.05 is selected for the simulation in the PSA unit, as it

maintains H2 product purity higher than 99% while also increasing recovery in the product stream.
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Figure 3.5: Effect of P/F ratio on Product Recovery and Purity in PSA Systems.

In the simulation, an initial bed state is assumed when the adsorption bed is entirely filled with
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feed gas. This implies that the initial condition for the mole fractions in the adsorption bed is as

shown in Table 3.1. Hence, conducting the simulation for approximately 2000 seconds is crucial
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Figure 3.6: PSA pressure as a function of hydrogen feed mole fraction.

to ensure that the unit attains a stable product flowrate and composition. Furthermore, to calculate

the recovery and purity of hydrogen in the product stream, trapezoidal integration is performed on

the total flowrate and hydrogen flowrate within the feed, product, and waste streams. This method

allows determining the total amount of hydrogen being produced by calculating the area under

the flowrate curves and provides averages for steady-state production estimations of the dynamic

PSA process. The aim of pressure swing adsorption in this work is to get 99% hydrogen purity in

the product stream. Fig. 3.6 illustrates the relationship between the required separation pressure

31



and the feed hydrogen mole fraction, ranging from 69% to 83%. This figure demonstrates that as

the proportion of hydrogen in the feed decreases, higher pressures are necessary to achieve a 99%

purity of hydrogen in the product gas mixture.

3.3 Simulation Results

PSA is a dynamic process that evolves over time (Fig. 3.7) making it challenging to assess

the performance of the unit solely based on data within 2000 seconds.
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Figure 3.7: Pressure swing adsorption separation performance for each outlet gas specie at the 11.7
bar pressure ceiling. The respective pressure changes in Bed 1 and Bed 2 for 99% H2 purity are
shown as well.

Therefore, commonly used metrics, such as purity and recovery, are used to evaluate the

effectiveness of this separation process. Additionally, integrating the PSA and steam methane re-

forming simulations poses a challenge due to the steady-state nature of the simulation in Aspen

Plus. Employing regression analysis on the PSA variables helps to address this inherent limitation

in steady-state simulations and also enhances the total efficiency of the overall plant simulation

process. Fig. 3.8a depicts the linear regression analysis illustrating the relationship between the

hydrogen mole fraction in the feed and the requisite pressure for achieving 99% hydrogen purity

in the product flow. The results demonstrate a decrease in the required pressure for the product gas

mixture separation with an increasing amount of hydrogen in the feed flow. The R2 value of this

linear regression model is 0.996, indicating the adequacy of linear regression for this purpose. Fig.
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3.8b presents the linear regression analysis illustrating the relationship between the requisite pres-

sure for achieving 99% hydrogen purity in product flow and the corresponding hydrogen recovery

in product flow at that specific pressure. Moreover, the analysis indicates that for varying feed

mole fractions, the H2 recovery remains approximately 90%. In the Aspen Plus industrial-scale

steam methane reforming process, the hydrogen mole fraction of the feed to the PSA system is

obtained from stream S-11. By performing a regression analysis of the H2 mole fraction and the

requisite pressure needed to achieve 99% hydrogen purity in the product flow, the necessary pres-

sure for S-11 is determined. Subsequently, correlating the required pressure for separation with the

H2 product recovery through regression analysis provides insight into the efficiency of this process

and is a useful tool for selecting the appropriate pressure given the desired hydrogen purity level.
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Chapter 4

Flowsheet Optimization

The optimization of the flowsheet consists of two parts. The first part includes replacing the

heaters and coolers with a dedicated network of heat exchangers to perform heat integration and

minimize the potential of any lost duty through heat recovery. Since the outlet temperature of the

reformer is significantly high, it can be used to preheat the pressurized steam feed. Similarly, a

network of heat exchangers lowers the temperature of the products before sending the gasses to the

shift reactors. The model fidelity of the exchangers in the Aspen Plus simulation is set to ’Shortcut’

and they are maintained at a hot/cold minimum approach of 50 ◦C with the flow direction set to

countercurrent. Through this method, a significant portion of the heat is recovered.

The second part of optimization involves making minor adjustments to the geometries of the

units and H2 production rates to achieve a flow rate of 43 mol/s with 70-83 % of H2 purity. To

speed up this process, a Python script has been developed to connect to the Aspen Plus simula-

tion using the Aspen Plus application programming interface (API). The API is typically accessed

through the ’win32com’ library, which allows Python to interact with COM (Component Object

Model) objects. This enables backend control over the Aspen Plus simulations, run tasks, and

extract data as desired in an efficient manner. This facilitates trying various scenarios with differ-

ent input and operational parameters without manually changing the simulation flowsheet. This
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proves to be a faster method than performing sensitivity analysis using the in-built Aspen tools,

as the Python script allows the varying of multiple input and operational parameters at the same

time and is much more modular. The data values from the Aspen simulation are extracted using

the “Variable Explorer” and once the correct node for the desired parameter is identified, it can be

modified using the script by calling onto that node. The above method is used to vary the config-

urations of the plug flow reactors, the number of tubes, length, and diameter to name a few, along

with the input stream parameters. As seen in Fig. 4.1, a parametric study is performed by varying

the pressure in the reformer system and comparing the SMR efficiencies and methane conversion

values for different fluxes (50-80 kW/m2).
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Figure 4.1: Parametric study on industrial-scale Aspen simulation containing a multi-tube reformer
with adiabatic outer walls. The sensitivity analysis explores the simulation response to a variable
reformer heat flux (40-80 kw/m2) and variable system pressure (1-30 bar). Dashed lines indicate
nonviable system configurations. Solid lines indicate practical system configurations.
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The efficiencies were calculated using Eq. 2.2 with the average power input being derived

from the total duty of the reformer for the energy conversion efficiency. For the total efficiency of

the entire system, duties of all three reactors along with the energy requirements for the pumps,

multistage compressor, cooler, and the PSA section were taken into account. The conversion

efficiency decreases with an increase in pressure, which can be attributed to the fact that there

is lower methane conversion, and consequently, lower hydrogen production at elevated pressure.

However, a higher pressure is necessary to maintain a suitable space velocity of 1000 GHSV,

a linear velocity of 1.156 m/s, and a viable sizing of the reformer. For each heat flux, as the

pressure of the system is modulated, the overall reformer duty is unchanged which indicates that

the reformer duty is only a function of the flux. The parameter values mentioned in Table 2.1

were obtained after performing the given analysis and taking into account economic and practical

operation limits.

Table 4.1: SMR Stream Composition

Stream no. 1 2 3 4 5 6 7 8 9
Temperature (◦C) 16 141 201 183 832 621 400 186 200

Pressure (bar) 1 16 16 16 16 16 16 16 16
Mass flows (kg/h) 486 486 1565 2051 2051 2051 2051 2051 2051

Mole flows (kmol/h) 42 42 87 128 185 185 185 185 185
CH4 29 29 0 29 0.4 0.4 0.4 0.4 0.4
H2O 0 0 87 87 52 52 37 37 31
H2 13 13 0 13 104 104 119 119 126
CO 0 0 0 0 22 22 7 7 0.6
CO2 0 0 0 0 6 6 21 21 28

Stream no. 10 11 12 13 14 15 16 17
Temperature (◦C) 25 25 25 25 25 25 25 136

Pressure (bar) 16 16 16 16 16 1 1 16
Mass flows (kg/h) 2051 1487 564 287 1201 1565 1297 1297

Mole flows (kmol/h) 185 154 31 121 33 87 72 72
CH4 0.4 0.4 0 0 0.4 0 0 0
H2O 31 0.3 31 0 0.3 87 72 72
H2 126 126 0 120 6 0 0 0
CO 0.6 0.6 0 0.3 0.3 0 0 0
CO2 28 28 0.3 0.8 27 0 0 0
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It was determined that the most optimal case would be a pressure of 16 bar and heat flux of 60

kW/m2 which results in an outlet temperature of 898 ◦C and a total efficiency of 77.1% under loss-

less energy conditions. This specific outlet temperature is selected from experimental observations

that show the washcoated-Ni/ZrO2 catalyst undergoes deactivation and sintering at temperatures

above 900 ◦C which imposes operational limits on such processes [27]. Additionally, e-SMR is a

novel process with undetermined industrial-scale energy losses. The experimental setup discussed

in Section 3.2 experiences approximately 90% heat loss to the lab environment (Fig. 3.3a), how-

ever, the setup is not optimized to be thermally insulating. The reality is that electrical reforming

avoids generating excess CO2 during heating and will gain overall process efficiency with the ad-

vent of thermally insular materials with geometries suited for multi-tube reformers. To that end,

assuming only electrical energy inputs from non-fossil fuels, the optimal SMR and PSA Aspen

model generates 4.85 kg CO2-eq/kg H2. The CO2 have the potential to decrease SMR emissions

by 46% when compared to today’s best available SMR technology without carbon capture which

produces 9.00 kg CO2-eq/kg H2 according to the [14].
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Chapter 5

Conclusion

The SMR process is the cornerstone of industrial H2 production. Despite its widespread

adoption, traditional SMR processes rely on fossil fuels for supplying heat energy, contributing

significantly to greenhouse gas emissions. Generally, this work focused on an electrically-heated

steam methane reformer process, and using experimental results from an electrically-heated steam

methane reformer at UCLA, the system was modeled with industrial process simulators. Aver-

age flux values were configured to match experimental reformer temperatures, space velocities,

and pressures to compare the ideal kinetic energy consumption of the reformer to experimental

energy data. Based on these outputs, an Aspen Plus model was constructed and tailored for an

industrial-scale hydrogen production process. Subsequently, Aspen Adsorption software was used

to model the PSA process that filters high-purity hydrogen. PSA simulation data was fit to curves

for fast separations calculations that permitted the integration of the PSA simulation into the entire

process model. Finally, a sensitivity analysis was performed to identify energy-efficient operating

conditions.
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